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Summary 

Concerns regarding the anthropogenic greenhouse gas emissions on climate 

change have drawn substantial research efforts to develop new technologies that can 

mitigate or, if possible, eliminate anthropogenic emissions of especially carbon dioxide 

into the atmosphere. Among the different mitigation strategies, the long-term proposed 

solution is to substitute technologies based on fossil fuels by technologies mainly based 

on renewable energy sources. As a short and mid-term solution, thereby buying us time 

to implement this major transition, Carbon Capture and Storage (CCS) technology is 

regarded as a promising route, which can contribute up to 20% to the reduction in total 

emissions. However, the primary challenge for large-scale exploitation of CCS is the 

large energy penalty involved, mainly related to CO2 capture, in currently available 

capture technologies. 

In recent years, many new technological approaches for CCS with reduced 

primary energy requirements have been proposed. Among the possible technological 

strategies, hydrogen production, as alternative carbon free energy carrier, integrated 

with CO2 capture in a single process is regarded as a promising technology in terms of 

process efficiency. Different systems have been investigated in this regard, with 

Chemical Looping Reforming (CLR) being considered as one of the most promising 

technologies. With CLR, natural gas is transformed into syngas through steam methane 

reforming, and the outlet stream is sent to Water Gas Shift (WGS) reactors and a 

Pressure Swing Adsorption (PSA) unit for pure H2 production. As an alternative, 

membrane reactors have recently emerged as a very promising technology for pure 

hydrogen production, as these reactors integrate the catalytic reactions, mostly 

reforming and water-gas shift reactions for hydrogen production and separation and 

purification through membranes in a single unit. This combination of process units 

brings a high degree of process intensification with additional benefits in terms of 

increased process efficiencies. 

In this PhD thesis, a novel hybrid reactor concept is proposed and developed, 

and it combines the advantages of chemical looping reforming technology and 
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membrane reactor technology for ultra-pure hydrogen production with integrated CO2 

capture from steam methane reforming. The so-called Membrane-Assisted Chemical 

Switching Reforming reactor (MA-CSR) employs a Ni-based oxygen carrier, which acts 

both as catalyst and heat/oxygen carrier to the endothermic reforming reaction, and is 

periodically exposed to fuel/steam and air streams. When air is fed to the reactor, the 

oxygen carrier is heated by the exothermic solids oxidation reaction. This heat is then 

utilized in the fuel stage, where the endothermic solids reduction and catalytic reactions 

produce syngas and regenerate the oxygen carrier. This process can be improved by 

using hydrogen perm-selective Pd-based membranes to directly recover pure hydrogen 

produced during steam methane reforming while simultaneously shifting steam 

reforming and water-gas shift reaction equilibria towards complete conversion at 

lower temperatures. The MA-CSR concept offers large benefits in design simplification, 

scale up and ease of operation at elevated pressures. The main aim of this study is to 

investigate the reactor behaviour and demonstrate the technical and economic 

feasibility of the novel concept of MA-CSR through dedicated experimental and 

modelling studies. 

The development of the proposed concept requires detailed knowledge of 

different aspects, including a fundamental study on the presence of and permeation 

through the membranes on the fluidization behaviour, membrane permeability, perm-

selectivity and stability, reactivity of the selected oxygen carrier, thermodynamics and 

techno-economic analysis of the entire MA-CSR process. By combining all knowledge 

from these different fields, the behaviour and performance of the novel hybrid system 

(MA-CSR) can be fully understood, designed and demonstrated to provide an 

experimental proof-of-concept. All these topics are addressed in this thesis. 

One of the objectives of this thesis is to gain more fundamental understanding 

of fluidization with the presence of membranes. The presence of (and extraction of gas 

through) the membranes influences the hydrodynamics of the fluidized bed by altering 

the bubble behaviour and the extent of gas back-mixing. Therefore, a hydrodynamic 

study has been carried out on the membrane-assisted fluidized bed and this is 

presented in Chapter 2. An advanced non-invasive experimental technique coupling 
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Particle Image Velocimetry (PIV) with Digital Image Analysis (DIA), combined with 

numerical simulations using a Two Fluid Model (TFM) approach closed by the kinetic 

theory of granular flow have been used to investigate the hydrodynamics of the 

fluidized bed membrane reactor. A pseudo 2D experimental setup with a multi-

chamber porous plate (membranes) mounted at the back plate was used to simulate 

vertically immersed membranes. This setup allowed for gas extraction at specific 

locations from the back of the column, thus facilitating studies on the effects of gas 

extraction, and their rate and location on the bubble properties; the study included the 

characterization of bubble properties by quantifying the average bubble size, number, 

velocity and shape over a range of particle sizes, fluidization velocities at different gas 

extraction rates and extraction locations. 

In addition, by combining pressure fluctuation measurements and PIV 

measurements it was possible to validate the use of pressure measurements as a tool 

to early detect the formation of densified zones (induced by high gas extraction) in the 

vicinity of the membranes at different gas extraction rates and extraction locations. 

Chapter 3 presents the full mechanism of the formation of densified zones and 

quantitatively characterize the extent of their formation. Results show that the peak in 

the standard deviation of the pressure fluctuations, normally employed to indicate the 

transition from freely bubbling to turbulent fluidization, in fluidized beds with gas 

extraction through flat vertical membranes indicates the onset of the formation of 

densified zones rather than the transition towards turbulent fluidization. 

The CSR reactor without membranes using a Ni-based oxygen carrier has been 

successfully demonstrated at lab-scale and this is presented in Chapter 4. The catalytic 

performance of the oxygen carrier was first confirmed by showing that equilibrium 

concentrations for steam methane reforming were achieved even with relatively short 

gas residence times. The CSR reactor behaviour was subsequently investigated by 

varying different operating conditions, such as temperature, oxygen carrier utilization 

and feed rate. The demonstration also included a proof-of-concept for hydrogen 

production operated under autothermal conditions. 
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All the knowledge gained from the previous investigations has been combined 

in Chapter 5, where the MA-CSR concept was experimentally demonstrated in a lab-

scale reactor. Experiments in the MA-CSR reactor have led to the production of pure 

hydrogen recovered from the membranes (with more than 26% recovery) and methane 

conversions above 50% at relatively low temperatures (~500 °C), while the solid 

oxygen carrier was dynamically switched between oxidation and reduction/reforming 

atmospheres. The analysis also showed that these results could be further improved by 

operating at higher pressures or by integrating more membranes. Even though the 

concept has been successfully demonstrated, further research is required to develop 

suitable membranes, as post-experiment membrane characterization has revealed 

defects in the membrane selective layers as a result of the frequent exposure to thermal 

cycles with dynamic oxidative/reducing atmospheres and exposure to higher oxygen 

concentrations. 

Finally, the potential of the MA-CSR reactor concept for industrial applications 

by means of a techno-economic evaluation and subsequent comparison of the system 

with conventional reforming processes has been carried out and this detailed analysis 

is presented in Chapter 6. Process simulation results show that the MA-CSR process can 

in principle achieve a similar equivalent H2 production efficiency as the conventional 

steam methane reforming process without CO2 capture (81%). Moreover, the MA-GSR 

concept can realize a higher H2 production efficiency than conventional plants when 

integrated with CO2 capture (20% higher), when the stability of the Pd-based 

membranes is further improved. 
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Abstract 

In this chapter, different reactor concepts for hydrogen production are briefly introduced 

and discussed in terms of fossil fuels use as primary energy source and the associated 

environmental effects. Particularly, the challenges related to the anthropogenic CO2 

emissions and different strategies proposed to limit the global temperature rise “well 

below 2 °C” are pointed out. The main motivations and research objectives are presented 

and the chapter is concluded with an overview of the outline of the thesis.         
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Introduction 

Energy and climate  
Over the last few decades, we have come to realize that there is more to life 

than material goods and services, that "some of the best things in life are free." Bernard 

L. Cohen [1] once said that “the pleasure we derive from breathing fresh air, drinking pure 

water, and enjoying the beauty that nature has provided is priceless and must not be 

sacrificed. Besides, losing those attributes will lead to an immense impact on our daily life, 

environment and economy. Thus, we have come to appreciate the importance of our 

environment.”  

Much has already been written about our energy consumption and its impact 

on our environment and the associated major challenges to curb climate change as a 

result of anthropogenic greenhouse gas emissions; in the following sections, some of 

the environmental problems in using fossil fuels (mainly coal, oil and gas) as a primary 

source of energy and the possible solutions will be discussed, leading to the formulation 

of the research questions addressed in this thesis. 

According to the International Energy Outlook report (IEO16) [2], the 

worldwide consumption of primary energy is presently about 5.67·1011GJ/year and this 

will increase by 48% over the coming three decades, especially driven by the large 

increase in energy demand by developing countries, increased growth of population 

and improved standard of living. Despite the anticipation that renewable energy 

(2.6%/year) and nuclear power (2.3%/year) become the fastest growing energy 

resources, our dependency on fossil fuels is expected to still account for 80% of the 

global energy sources in 2040 [2]. Figure 1.1 clearly shows that the demand for fossil 

fuel as energy source will steadily increase in the future, with natural gas being the 

fastest-growing fossil fuel resource, as global supplies of tight gas, shale gas, and 

coalbed methane are expected to increase. 

Fossil fuels are converted to secondary (final) energy especially by 

combustion. However, there are several environmental problems associated with 

combustion, such as emission of carbon dioxide, emission of unburnt or partially burnt 
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fuels and the emission of pollutants (NOx, SOx, among others). These are the main 

greenhouse gases that are believed to be causing climate changes (global warming). 

Based on the amount of emissions and longevity in the atmosphere, carbon dioxide is 

considered as the main contributor to the greenhouse effect compared to the other 

greenhouse gases. Nowadays, the CO2 concentration in the atmosphere is the highest 

ever measured and several of the effects of the associated climate change are already 

visible [3]. Besides, based on current policies and regulations governing fossil fuel use, 

global energy-related carbon dioxide emissions are projected to rise to 45 billion metric 

tons in 2040, a 46% increase from 2010 [2]. In addition, according to the IPCC-2013 

report, by the 22nd century the anthropogenic CO2 emissions will rise to 421-936 ppm, 

which may result in a further global temperature rise of 1 to 3.7 °C [4]. It is therefore 

imperative that CO2 emissions are reduced or, if possible, eliminated.  

 
Figure 1.1 Total world energy consumption by energy source [2] 

Different approaches have been proposed to reduce carbon dioxide emissions 

to the atmosphere (Figure 1.2). The long-term solution to CO2 reduction is the 

replacement of fossil fuel by sustainable renewable energy sources. However, as fossil 

fuels are still the most important sources of primary energy (Figure 1.1), the mid-term 

solution is the reduction of the CO2 emissions related to the use of fossil fuels as energy 

source. This can be attained by employing Carbon Capture and Storage systems to 

power plants and energy intensive processes. Carbon Capture and Storage (CCS) is one 
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of the promising strategic approaches if the long term global temperature rise is to be 

kept below 2 °C. Chapter 6 of the latest IPCC Report [4] calculates that achieving this 

aim without CCS would double climate change mitigation costs. Moreover, recent 

projections rely on CCS for 14% of cumulative emission reductions by 2060 in the 2 °C 

scenario and 18% in a “beyond 2 °C” scenario that is better aligned with the Paris COP 

agreement [5]. When excluding emission reductions from efficiency improvements to 

look only at low-carbon energy supply, the expected contribution of CCS is 30% [5].  

 
Figure 1.2 Graphical representation of different approaches for CO2 emission reduction (from International 

Energy Agency (IAE) 2010) 

In CCS, the emitted CO2 is first captured and then compressed and transported 

to a storage location or used as revenue for other products. A variation is called CCUS 

where the CO2 is reused as source of carbon after capture or storage. The storage 

location could be in geological formations like depleted oil and gas fields, as well as in 

aquifers [6], where it can be kept for centuries. The CO2 capture, considered to be the 

most costly step in any CCUS scenario, can be performed in different ways; the three 

most common ways of CO2 capture are [7, 8]: (a) post-combustion, which refers to the 

separation of CO2 from flue gases after a combustion process with air (mainly CO2/N2 

separation), (b) pre-combustion, which refers to the technology where H2 is separated 

from CO2 before its use as carbon-free fuel, and (c) oxy-fuel strategy, which involves the 
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separation of O2 from air and directly use O2 for combustion that results in exhaust 

stream mainly containing CO2 and H2O, which can be easily separated by condensation. 

However, these capture strategies with the current state-of-the-art technologies 

require energy intensive and costly gas separation steps that reduce the total efficiency 

of the process. For instance, pre-combustion capture can be applied to Integrated 

Gasification Combined Cycle (IGCC) power plants using coal as fuel, but this will result 

in an efficiency loss of 7-8% when standard solvent-based technologies are used [9, 10]. 

Spallina et al. [11] reported a decrease of about 13% in equivalent hydrogen production 

efficiency when a solvent-based pre-combustion capture is employed in the benchmark 

steam methane reforming technology. Ball et al. [12] also reported that the hydrogen 

production cost increases up to 15% when CO2 transport and storage is included in the 

hydrogen production using a coal gasification process plant. These studies show that, 

for the full exploitation of the CCS technology, more efforts are required to increase the 

efficiency of the separation steps.  

Chemical looping technologies  
Among different efficient CCS strategies proposed in the literature, Chemical 

Looping processes are regarded as very promising technologies, in which the 

separation of CO2 is integrated with power production processes in the oxyfuel CCS 

route (referred to as Chemical Looping combustion, CLC) and integrated with syngas 

production under the pre-combustion route (called Chemical Looping Reforming, CLR) 

[6]. 

 

Figure 1.3 Schematic illustration of chemical looping processes. 
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The main idea behind chemical looping technologies is dividing the 

combustion or reforming of a hydrocarbon or carbonaceous fuel into separate 

oxidation and reduction reactions by introducing a suitable supported metal oxide as 

oxygen carrier material that circulates between two reactors (Figure 1.3). The 

separation of oxygen from air (typical oxyfuel process) is employed by transferring 

oxygen from air onto the metal (gas/solid oxidation reaction) circumventing a costly 

air separation unit. The reaction between the transferred oxygen and the fuel is 

accomplished in a second reactor (reduction or fuel reactor) by releasing oxygen from 

the metal oxide in the reducing atmosphere. In CLC, the fuel is combusted while 

reducing the oxygen carrier producing a CO2/H2O mixture, as shown in Figure 1.3. The 

oxygen carrier is subsequently oxidized with air in the air reactor. The produced hot 

stream during this highly exothermic oxidation reaction can be fed to a gas turbine for 

electricity production. Likewise, the heat produced with combustion is converted to 

electricity. The circulation rate of the oxygen carrier (metal oxide) between the air and 

fuel reactor, and the residence time in each reactor, control the energy balance in both 

reactors. The effect of having the fuel conversion in these two reactors compared to 

conventional single stage systems is that the CO2 stream is not diluted with nitrogen, 

thus an almost pure CO2 stream is obtained after water condensation without 

employing any extra energy intensive and costly separation units. 

 The chemical looping reactor concept, as a technology for CO2 separation and 

a possible technology to increase the efficiency of combustion processes, was originally 

proposed by Richter and Knoche [13] and with subsequent significant contributions by 

Ishida and Jin [14]. Using this idea, Lyngfelt et al. [15] proposed the use of circulating 

fluidized bed reactors. In subsequent decades, the research had been mainly focused on 

the development of appropriate oxygen carriers [16-18] and the demonstration of the 

reactor concept at pilot scale [19-21]. However, this concept still needs a great deal of 

development before it can be deployed at very large scales. The CLC technology (for 

power production) was then further extended for fuel gas reforming, also referred as 

CLR [22-24]. The CLR process typically comprises a first stage of reaction producing a 

mixture of hydrogen and carbon monoxide (syngas) from a primary feed of fuel. Fuel 
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reforming is an endothermic reaction and is therefore carried out in the fuel reactor of 

the chemical looping technology. In this case the heat demanded by the endothermic 

reaction is supplied by the partial oxidation of the fuel gas with the oxygen contained in 

the oxygen carrier coming from the air reactor. Since the objective of reforming is to 

produce pure H2, the produced syngas is then followed by a water gas shift reaction unit 

to convert CO and H2O to CO2 and H2, and by final CO2/H2 separation using adsorption 

technologies. The separated CO2 is then available for storage, while the produced pure 

H2 stream can further be used for industrial applications such as ammonia and 

methanol synthesis, hydro-processing in refineries, metallurgical processes etc. 

In this respect, hydrogen offers the highest potential to be an attractive energy 

carrier for future energy systems (such as fuel cell applications). For the past few 

decades, environmentalists and several industrial organizations have promoted 

hydrogen fuel as the solution to the problems of air pollution and global warming. The 

key criteria for an ideal fuel nowadays are inexhaustibility, cleanliness and convenience 

[25]. Hydrogen possesses all these characteristics, and is being evaluated and promoted 

worldwide as an environmentally benign replacement of gasoline, heating oil, natural 

gas and other fuels in both transportation and non-transportation applications [25-28]. 

A number of reports are now available on several aspects of hydrogen [26, 27, 29-32]. 

However, hydrogen does not exist on Earth as a free gas, rather it has to be produced. 

Currently, two basic process technologies are widely used for hydrogen production: (a) 

natural gas reforming and (b) electrolysis of water. More than 90% of the hydrogen on 

the globe is produced from fossil fuels (48% from natural gas, 30% from petroleum, 

18% from coal) while around 4% from electrolysis [33, 34]. Based on the accessibility 

and maturity of the technology, the current benchmark technology for hydrogen 

production is the natural gas steam reforming (otherwise known as Steam-Methane-

Reforming, SMR), where a highly endothermic reforming reaction takes place in 

reformer tubes packed with nickel-based catalyst pellets [35, 36]. However, this 

process involves large CO2 emissions due to the burning of natural gas or an off-gas fuel 

inside a furnace in order to supply the energy required for the endothermic reforming 

reaction, along with some additional drawbacks related to the packed bed reactor 
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configuration, viz. high intra-particle mass transfer resistance and high temperature 

gradients [37, 38].  

Aiming at more cost effective and environmentally friendly processes for 

hydrogen production, nowadays more attention is given to the development of novel 

reactor concepts for efficient reforming [39, 40]. As explained, CLR is a promising 

technology for hydrogen production with integrated CO2 capture. In CLR, the natural 

gas is transformed into syngas through the steam methane reforming reaction after 

which the outlet stream of the CLR has to be sent to subsequent Water Gas Shift (WGS) 

reactors and a Pressure Swing Adsorption (PSA) unit if pure H2 is the desired end-

product [41, 42]. This technology provides an important improvement, as auto-thermal 

operation can be achieved with CLR as opposed to the high external heat demand 

required in traditional Steam Methane Reforming (SMR) reactors [40]. However, the 

three downstream steps can conceivably be integrated into one if hydrogen perm-

selective membranes are introduced into the reactor resulting in a thermodynamically 

favourable process [40, 43]. In this membrane reactor, chemical reaction and product 

separation take place in the same unit, thereby achieving a high level of process 

integration. With this process modification an ultra-pure H2 stream can be extracted via 

membranes leading to conditions beyond the thermodynamic equilibrium limitations 

of conventional reactors (based on the Le Chatelier’s principle), and thus accomplishes 

an enhancement in fuel conversion. Moreover, in the ideal case of complete recovery of 

hydrogen through membranes, a pure CO2 stream at the reactor outlet (after steam 

condensation) can be obtained. This high level of process intensification can lead to 

substantial benefits in terms of efficiency and economics [44]. 

High-pressure operation is, however, a prerequisite to exploit the maximum 

potential of the highly intensified membrane-assisted CLR process in achieving a 

competitive overall energy efficiency [11]. High pressure operation can result in several 

advantages over the common atmospheric CL operation, such as: 1) more 

homogeneous fluidization with better mass transfer rates [45][1][1], 2) high pressure 

CO2 stream for efficient compression, transport and storage which reduces the capital 

cost associated with compression of the product stream, and 3) a larger driving force 



 Introduction 
 

9 
 

across the membranes which reduces the surface area required for a given fuel 

throughput and allows for a higher permeate side pressure, requiring less hydrogen 

compression. However, due to the technical challenges related to the solids circulation 

between interconnected fluidized bed reactors and the separation of solids from a 

pressurized gas stream (cyclone), scaling up of pressurized CLR would be very difficult. 

In order to simplify process scaling-up and control for elevated pressure operation, it 

is proposed to carry out the membrane-assisted CLR process in a single dynamically 

operating fluidized bed reactor, which is developed and investigated in this thesis with 

the name Membrane-Assisted Gas Switching Reforming reactor (MA-GSR).  

Objectives and thesis outline 
The main objective of this study is to demonstrate the technical and economic 

feasibility of the novel MA-GSR reactor concept through dedicated experimental and 

modelling studies. The MA-GSR concept combines ultra-pure hydrogen production with 

integrated CO2 capture from steam methane reforming in a single process unit (Figure 

1.4). This system utilizes: (1) an oxygen carrier which acts as catalyst and heat carrier 

to the endothermic reforming reaction and is periodically exposed to fuel/steam and 

air streams. When air is fed to the reactor, the oxygen carrier is heated by the 

exothermic solids oxidation reaction to be utilized in the fuel stage where the 

endothermic reduction regenerates the oxygen carrier and catalytic reactions produce 

syngas. The periodic switching inherently avoids contact between CO2 and N2, thereby 

resulting in intrinsic CO2 separation. (2) Hydrogen perm-selective membranes (thin Pd-

based) immersed into the fluidized bed reactor to directly recover pure hydrogen 

generated during steam-methane reforming and water gas shift reactions. Thus, the 

MA-GSR offers: (a) excellent separation properties of the membranes, (b) advantages 

of fluidized bed reactors (excellent heat and mass transfer characteristics), (c) reduced 

total reactor volume and downstream process units and (d) lower temperature 

operation (reduces capital costs and heat losses). A schematic representation of the MA-

GSR reactor concept developed in this thesis is shown in Figure 1.4.   



 Introduction 
 

10 
 

 
Figure 1.4 Schematic representation of the MA-GSR concept  

for pure H2 production with integrated CO2 capture 

As the MA-GSR is a new concept, it is very important to identify and investigate 

all the key aspects of the technology. Some of the main factors that have a major impact 

on the reactor performance are the membrane permeability, the catalytic activity of the 

oxygen carrier and the operating conditions. Thus, study of the effect of gas extraction 

and presence of membranes inside the fluidized bed on its fluid dynamic behaviour is 

imperative as bubble size and velocities are directly related to the extent of mass 

transfer between the bubble and emulsion phases, and hence directly related to the 

reactor performance. Besides, the solids hold up in the close vicinity of the membranes 

inside the fluidized bed due to high gas extraction rates (high permeability of 

membranes) via the membranes should be investigated to understand the mechanism 

and extent of the so-called densified zone formation near the membranes (densified 

zones can have substantial detrimental effects on the reactor performance). Proof of 

concept under reactive conditions for the redox cycles and the transient gas switching 

reforming operation is the other key aspect that should be investigated to assess the 

overall performance of the reactor. All the knowledge gained in these investigations will 

help in a better reactor design. And finally, a techno-economic evaluation is the other 

feature that needs to be explored to assess the potential of the large scale MAGSR.  

Depleted Air
(N2, O2)

H2

CO2 + H2O

CH4 + H2OAir
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Therefore, in this thesis, the effects of the presence of the membranes and gas 

extraction through the membranes on the hydrodynamics of the fluidized bed 

membrane reactor have been investigated in detail by both numerical and experimental 

studies and is described in Chapter 2. Subsequently, Chapter 3 presents a new 

experimental method to identify the formation of densified zones that can be induced 

due to gas extraction via the membranes in membrane-assisted fluidized bed reactors 

by coupling pressure fluctuation measurements and Particle Image Velocimetry (PIV). 

The feasibility of the novel GSR reactor concept before the insertion of the membranes 

is also investigated particularly focussing on the performance of the selected oxygen 

carrier and is presented in Chapter 4. All the information presented in the previous 

chapters are combined and used as information for the final design and demonstration 

of the MA-GSR concept which is described in Chapter 5. In addition, the potential of a 

scaled-up MA-GSR concept with detailed heat integration is assessed with a techno-

economic evaluation of the system and the results have been compared with a 

conventional steam methane reforming plant and are presented in Chapter 6. Finally, 

Chapter 7 concludes the thesis with a summary of the main achievements obtained in 

the different investigations and also provides information on future prospects of the 

developed technology.    
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Abstract 

The new gas switching reactor concept utilizes hydrogen perm-selective membrane (Pd-

membrane) for H2 recovery. However, the presence of and extraction of gas through the 

membranes influences the hydrodynamics of the fluidized bed by altering the bubble 

behaviour and the extent of gas back mixing. Bubble properties such as size, number, 

velocity and shape strongly influence the performance of fluidized bed reactors as they 

play a major role in heat and mass transfer phenomena. In this chapter, the effects of gas 

extraction via vertical membranes on the bubble properties has been investigated both 

experimentally using a Digital Image Analysis (DIA) technique and numerically using the 

Two Fluid Model approach (TFM). The simulation studies were also extended to 

investigate reactive conditions. The results show that the gas extraction flow rate only 

slightly influences the bubble behaviour, whereas the gas extraction location significantly 

influences the bubble properties. These effects are discussed in detail in this chapter.   

 

 

 

On the effect of flat vertical membranes 
on fluidized bed hydrodynamics 
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Introduction 

The use of fluidized bed membrane reactors (FBMRs) has gained much 

attention in the last few decades due to a number of industrially important applications 

and several significant advantages over conventional reactors. FBMRs offer the 

advantages of excellent separation properties of membranes and allow the selective 

removal of a product or selective addition of a reactant, with which the thermodynamic 

equilibrium limitations of conventional reactors can be circumvented or with which 

higher product selectivities can be achieved, and combine these with the excellent heat 

and mass transfer characteristics of fluidized beds. These combined advantages have 

led to the development of highly energy efficient FBMR concepts [1].  

In the last few decades, FBMR technology has been extensively studied for the 

selective removal of products, and remains a very active research area. Adris et al. [2-

4] was the first to demonstrate selective removal of hydrogen in a fluidized bed reactor 

from steam methane reforming using palladium membranes. Since then, dozens of 

studies followed combining phenomenological models and experimental works (Grace 

et al. [5], Patil et al. [6], Chen et al. [7], Gallucci et al. [8], Fernandez et al. [9, 10], Medrano 

et al. [11]) have shown that membrane-assisted fluidized bed reactors can outperform 

fluidized bed reactors without membranes and other conventional reactors, i.e. 

increased CH4 conversion with higher product selectivity (H2 produced/CH4 reacted). 

Despite the demonstrated advantages, FBMR technology is still a relatively 

young field and substantial improvements in their performance can be achieved with 

better understanding of the effects of membrane insertion on the overall behaviour of 

the fluidized bed. In other words, detailed fundamental research in understanding the 

effect of the presence of membranes and the associated gas extraction is of high 

importance to exploit the full potential of this technology. Moreover, it is well known 

that solids mixing, heat and mass transfer phenomena, and separation performance of 

gas-solid fluidized bed membrane reactors strongly depend on the bubble properties 

and dynamics. The spatial distribution of bubbles, their shapes, sizes, numbers, and 

velocities play a key role in the bed hydrodynamics and thereby in the overall 
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performance of fluidized bed membrane reactors. Thus, a deeper understanding of 

bubble dynamics and the prediction of their properties in such a system is of great 

practical significance for their rational process design and scale-up. 

A number of recent studies have paid more attention to the fundamental 

aspects of FBMR hydrodynamics. De Jong et al. [12] demonstrated experimentally the 

effect of gas permeation through horizontally immersed membranes on both the solids 

and bubble phase properties. The results showed that the presence of horizontal 

membranes enhanced bubble breakage and resulted in a decrease in the average 

equivalent bubble size and an increase in the number of bubbles, which provides an 

improvement in the mass transfer rate between the bubble and emulsion phases. It was 

also reported that the largest effect was caused merely by the presence of the 

membrane tubes: both the solids flux and the average bubble size were decreased by a 

factor of three compared to a fluidized bed without inserts. The permeation rate was 

found to have a minor effect on the extent of solids circulation in the bed. Asegehegn et 

al. [13] and Julian et al. [14] also confirmed that only the presence of horizontally 

immersed tube banks in fluidized beds, without gas extraction, significantly influences 

the bubble properties and their behaviour. On the other hand, Medrano et al. [15] 

studied the hydrodynamics in the vicinity of horizontally inserted membranes in 

fluidized beds, and reported the formation of gas-pockets surrounding the membranes 

which need to be accounted for in the determination of the bubble properties to avoid 

overprediction of the average bubble size and to accurately predict the  performance of 

a fluidized bed membrane reactor. Deshmukh et al. [16-18] performed both numerical 

and experimental studies on the effects of gas permeation via membranes and also 

found a reduction in both bubble sizes and solids circulation rates.  

Fewer studies have looked at the hydrodynamic behaviour of fluidized beds 

with vertically inserted membranes. Dang et al. [19-21] studied the effect of gas 

permeation through vertical membranes placed on the side-walls of the bed for small-

scale fluidized bed reactors. Tan et al. [22] numerically studied the effect of gas 

permeation on the hydrodynamic characteristics of membrane-assisted micro fluidized 

beds. De Jong et al. [23] also experimentally demonstrated that gas extraction through 
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flat membranes (placed on the side-walls of the bed) induces a change in both solids 

circulation patterns and average bubble size. It was found that gas extraction through 

the wall-membranes resulted in a larger average bubble diameter. This results from the 

fact that gas extraction causes the formation of densified zones near the membranes, 

which forces moving bubbles towards the centre of the fluidized bed, thereby 

enhancing bubble coalescence. This results in bubbles that are vertically stretched and 

larger than in the case without gas extraction [23].  

In this chapter, both experimentally and numerically, the effects of the 

insertion of a number of vertical flat membranes covering larger areas of the bed walls 

are investigated and discussed, focusing on the bubble dynamics in the vicinity of the 

vertically inserted flat membranes in the wall under different experimental conditions, 

viz. gas extraction rates, gas extraction locations/area, particle sizes and fluidization 

velocities. The main aim of this chapter is to obtain a better understanding of the bubble 

formation in the membrane fluidized bed and how the hydrodynamics are influenced 

by the location of the membranes (area) and gas extraction through them.   

In the next sections a detailed description of the experimental setup and 

methods is presented followed by a description of the reactive multiphase flow 

simulations. Then, the experimental and numerical results of bubble properties as a 

function of the gas extraction rate and extraction configurations for a single particle size 

and fluidization velocity will be discussed. Subsequently, the effects of particle size and 

fluidization velocity on the bubble properties are also discussed. Finally, the chapter is 

concluded with the main conclusions of this study. 

Methods  

Experimental setup  
The experimental study was performed using a fluidized bed setup specifically 

designed to investigate the effects of extraction of gas through membranes on the 

fluidized bed hydrodynamics. A pseudo-2D fluidized bed column with specific 

dimensions of 300 mm width, 1500 mm height and 15 mm depth was used. A schematic 

diagram of the bed is shown in Figure 2.1. The front wall was made of transparent glass 
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to allow for visual observations and accessibility torecord images with a high-

resolution camera to determine the solids and bubble dynamics within the bed using 

digital image analysis. For the back wall, an anodized metal (to obtain a good contrast 

between the particles and the gas phase) was used where a multi-chamber porous plate 

was constructed and mounted at the bottom of the back plate in order to mimic vertical 

membrane insertion. Gas can be extracted in specific areas on the back of the column to 

investigate the effect of the location of the gas extraction through vertical membranes. 

The porous plates used to simulate membranes were 3 mm in thickness with a 

pore size of 5 μm (the lowest possible porosity to obtain high pressure drop and 

circumvent possible gas bypass). Fourteen individual porous plates were arranged in 

two rows (each 200 mm in height) and seven columns spanning the width of the bed. 

These plates were designed in such a way that individual porous plates can be easily 

controlled (closed or opened); hence, different membrane configurations could be 

conveniently investigated by closing or opening the appropriate easily accessible ports. 

The distributor at the bottom of the bed was made of porous metal with an average pore 

size of 20 μm and 3 mm thickness. Glass beads with a particle density of 2500 kg/m3 

(Geldart B classification) and mean particle sizes of 190 μm were used as the bed 

medium for the reference case in both experimental and simulation analysis. The 

minimum fluidization velocity for these particles was determined at 0.07 m/s (by the 

standard pressure drop method). The reference experimental results presented have 

been performed with a total gas feed of approximately 5Umf. Also experiments with 

glass beads with a particle size distribution of 180-212 μm and 400-600 μm (with an 

experimentally determined minimum fluidization velocity of 0.07 and 0.22 m/s, 

respectively) have been carried out using different fluidization velocities (3 to 6 Umf). 
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Figure 2.1 Process flow diagram of the experimental setup (a) and optical scheme (b) 

Air was used as the fluidizing gas and the flow rate was controlled by digital 

mass flow controllers (Bronkhorst), with a range up to 500 L/min. In order to reduce 

electrostatic forces between the wall and particles that may be generated during 

fluidization, the air was humidified to 50-70% relative humidity by passing the feed 

through a water tank which was mounted online with the gas feed. The two rows of 

porous plates representing the membranes (7 each) mounted at the bottom of the back 

plate were connected to two low-pressure mass flow controllers (Bronkhorst) and in 

turn connected to two vacuum pumps in parallel for gas extraction. 

Images of the flow dynamics were recorded by a commercial high resolution, 

progressive scan CCD camera (FlowSense EO 11M Camera from Dantec operated with 

Dynamic-Studio software), with a maximum resolution of 4032 x 2688 pixels and a 

frame rate of 1.6 Hz, which was placed in front of the bed. For flow dynamics 

visualization, the fluidized bed was illuminated by LED lamps which were also placed 

in front of the bed (placed in a proper position to avoid any reflection). A sufficiently 

long video sequence of double frame images were recorded (More than 1500 double 
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frame images), where a 1.5 ms time step between the two images of the double frame 

was used to provide representative dynamics of the bubble properties.   

Description of experiments 
In this study, three experimental campaigns have been performed. In the first 

campaign, the effects of the variation in the gas extraction rate on the bubble properties 

for the reference case were investigated. The total gas feed for fluidization was kept 

constant (5Umf), while the gas extraction rate through the vertical flat porous plates was 

altered between 0% and 40% of the total feed rate. All fourteen porous plates were used 

for gas extraction. Even though the main aim of this research is to investigate the effects 

of gas extraction via vertical membranes on the hydrodynamics, the selection of gas 

extraction rates should be related to the actual membrane permeation rates that are 

practicable in hydrogen perm-selective membrane reactors. As reported in a recent 

review paper by Gallucci et al. [1], a wide range of membrane fluxes have been 

presented in the literature. The highest membrane fluxes reported [24] resulted in an 

extraction gas velocity of 0.036 m/s (where this flux corresponds to a permeance of 

1.5·10-2 mol m-2s-1Pa-0.5) with a hydrogen feed of 26 bar and measured at 400 °C, which 

is about one order of magnitude higher than the highest extraction rate used in this 

campaign. If operated at higher temperatures (600 °C) and pressures (retentate side) 

the flux would increase even further. Accordingly, the selected experimental conditions 

in this study with gas extraction velocities of 0.026–0.053 m/s (20 to 40% gas 

extraction of the feed flow rate) are therefore in the same order of magnitude as 

predicted for current state-of-the-art hydrogen perm-selective membranes.    

 In the second experimental campaign, the effects of the extraction location 

(membrane configuration) and the total membrane surface area, on the bubble 

properties have been studied. For this campaign, an extraction rate of 30% of the inlet 

flow rate was selected, while the extraction location and the total number of active 

membrane plates were varied. The extraction location was varied from the largest area 

(all 7 membrane columns) to the smallest area (only a single membrane column at the 

centre). Different extraction locations and typical sample images of each arrangement 

for the reference case are shown in Figure 2.2.  
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Figure 2.2 a) Front view of the multi-chamber (all dimensions in mm), b) The area coverage of employed 

membranes (decreasing towards the centre); c) sample images for gas extraction via membrane columns: 

A0) no extraction, A1) through all (a-b-c-d-e-f-g), A2) through 5 (b-c-d-e-f), A3) through 3 (c-d-e), and A4) 

through 1 (d) 

In the third experimental campaign, the effects of particle sizes and fluidization 

velocities, while varying extraction rates and extraction locations, were carried out. An 

overview of the experiments completed in this study is shown in Table 2.1. In all the 

experimental series, the static bed height was kept identical to the total membrane 

height (40 cm).  
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Table 2.1 An overview of the experimental conditions investigated in this work, where 

Via_i represents the area coverage of active membranes (as depicted in Figure 2.2b)  

Experimental 
campaign 

Particle size 
distribution 
[µm] 

Extraction 
percentage 
[%] 

U/Umf [-] No. of active 
membrane 
plates [-] 

No. of 
images 

For the effects 
of gas 
extraction rate 

180-212 and 
400-600 

0 3 and 6 0 2000 
10 3 and 6 14 2000 
20 3 and 6 14 2000 
30 3 and 6 14 2000 

For the effects 
of gas 
extraction 
location 

180-212 and 
400-600 

0 3 and 6 0 2000 
30 3 and 6 14 (Via_7) 2000 
30 3 and 6 10 (Via_5) 2000 
30 3 and 6 6 (Via_3) 2000 
30 3 and 6 2 (Via_1) 2000 

 
Digital Image Analysis (DIA) technique  

Several measurement techniques have been applied to experimentally study 

the hydrodynamics in fluidized beds. These techniques have been commonly classified 

into two categories (intrusive and non-intrusive) based on the nature and position of 

the measuring sensors. The intrusive techniques such as resistance, inductance, 

impedance and thermal probes were extensively used; however, these probes alter the 

fluidization behaviour due to their intrusiveness [13]. Non-intrusive techniques offer 

better observations without interfering with the fluidization dynamics; these include 

electric capacity tomography, positron emission particle tracking, magnetic resonance 

tomography and particle image velocimetry [25-28]. However, these techniques suffer 

from poor spatial and temporal resolution and often do not provide details on both the 

bubble and emulsion phases [15]. 

In recent years the use of the DIA technique in fluidization studies has 

increased substantially for three main reasons: 1) the advancement of digital imaging 

devices, 2) the non-intrusive nature of the technique, and 3) its ability to provide 

detailed information about both the solids and bubble phase properties simultaneously. 

However, the main drawback of this method is that it can only be effectively used in 

pseudo-2D beds [29]. 
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Lim and Agarwal et al. [30-32] were the first to use a DIA technique to perform 

experimental investigations on bubble properties and solid tracer concentration 

profiles in a 2D bed. Hull et al. [33, 34] also used DIA to study bubble properties and 

tracer concentrations on beds with/without internals. Laverman et al. [29] used 

coupled PIV/DIA techniques to determine the time-averaged emulsion phase velocity 

profiles from the obtained instantaneous particle velocity profiles (PIV) and correct for 

the influence of particle raining through the roof of the bubbles. They studied the solids 

phase circulation patterns and bubble properties. Shen et al. [35] also employed DIA 

with a digital video camera and studied simultaneously the size and velocity of gas 

bubbles, and the axial and radial distribution of the bubble voidage. In mono-dispersed 

and binary mixtures, Goldschmidt et al. [36] used DIA techniques to measure the bed 

expansion and segregation dynamics in dense gas-fluidized beds. Busciglio et al. [37] 

also studied bubble hold-up and bed expansion in bubbling fluidized beds consisting of 

binary mixtures of particles using the DIA technique. Caicedo et al. [38] used the DIA 

technique to measure the bubble aspect ratio and shape factor in a 2D gas–solid 

fluidized bed. For further details about the DIA technique the interested reader is 

referred to the paper by de Jong et al. [23]. 

In this study as well, a DIA technique was used to investigate the bubble 

dynamics. More than 1500 double frame images were recorded for each DIA 

experiment. This was found to be sufficient for the statistical analysis of bubble 

properties. As a matter of fact, the average relative error of two independent time-

averaged images (1200 and 1550) as a function of the number of bubbles found in the 

whole bed was less than 5%. This is in line with findings from de Jong et al. [23] who 

found that for 1350 images the deviation ranges from 1% in the bottom of the bed to 

4% in the top. 

After the images were taken, as DIA is an image post-processing algorithm 

which uses the pixel intensity of an image to discriminate between bubble and emulsion 

phases, post-processing was carried out with an in-house code developed using the 

Matlab image processing toolbox. Each recorded image was passed through a number 

of processing steps: correction of inhomogeneous illumination and background noise, 
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image smoothing and filtering, bubble detection based on a pre-set threshold value (a 

threshold value of 0.25 was used to discriminate the bubble phase from the emulsion), 

then the bubbles were labelled and finally their sizes and locations were determined. In 

addition, bubbles that were too small, bubbles with poor illumination near the walls 

were removed in the post-processing. The code was first calibrated and validated using 

circular shapes of black tape (considered as bubble) placed on the bed with predefined 

sizes and locations. A typical DIA result and the involved steps are illustrated in Figure 

2.3. 

 

Figure 2.3 (a) Original image (b) Processed image (c) An example of how the equivalent bubble surface area 
is determined  

Three main bubble properties were predicted: an equivalent bubble diameter, 

horizontal and vertical coordinates (centroids) of the bubble using its centre of gravity 

and the bubble rise velocity. 

The equivalent bubble diameter was determined using its projected surface area as: 

4 B
B

Ad
π

=
 

              2.1 

whereas the rise velocity was determined by taking the change in the vertical 

coordinates of the centroids of the bubble between consecutive double-frame images 

divided by the time step between the frames. 

a b c
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( ) ( )y y
B

C t t C t
V

t

 + ∆ − =
∆

               2.2 

where Cy is the vertical component of the centroid of the bubble, t is the time and Δt is 

the time step between consecutive images, and AB the projected surface area. 

In addition, the bubble shape factor was also determined using the bubble size 

information: 

B
f

dS
perimeter
π

=                2.3 

Model description  
Fully 3D simulations were completed of the pseudo-2D geometry using the 

standard Two Fluid Model (TFM) approach with the closures from the Kinetic Theory 

of Granular Flow (KTGF) for the solids phase rheology. This section will only give a brief 

outline of the model setup.  A more detailed description can be found in an earlier work 

by Cloete et al. [39]. 

Both cold flow hydrodynamic and reactive simulations were carried out. Cold 

flow hydrodynamic simulations were primarily performed for the purpose of 

comparing to experiments, while the main purpose of the reactive simulations was to 

assess the degree to which hydrodynamic simulations/experiments approximate the 

real reactive situation. Aside from the obvious material property differences, there are 

two main differences between the hydrodynamic and reactive cases: 1) while 

hydrodynamic cases have a fixed extraction rate through all active membranes, the 

extraction rate in the reactive case is dependent on the local hydrogen concentration, 

and 2) additional gas is formed via a shift in the reaction equilibria when hydrogen is 

extracted in the reactive case. These differences are expected to lead to some 

differences in the behaviour of the reactive case relative to the hydrodynamic case. 

Model equations 
Mass was conserved for each phase (q) as follows:  
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𝜕𝜕
𝜕𝜕𝜕𝜕

(𝛼𝛼𝑞𝑞𝜌𝜌𝑞𝑞) + ∇ ∙ (𝛼𝛼𝑞𝑞𝜌𝜌𝑞𝑞ʋ𝑞𝑞����⃗ ) = 0            2.4 

Momentum conservation was calculated as follows for the gas and solids phases, 

respectively: 
𝜕𝜕
𝜕𝜕𝜕𝜕
�𝛼𝛼𝑔𝑔𝜌𝜌𝑔𝑔ʋ𝑔𝑔����⃗ � + ∇ ∙ �𝛼𝛼𝑔𝑔𝜌𝜌𝑔𝑔ʋ𝑔𝑔����⃗ ʋ𝑔𝑔����⃗ � = −𝛼𝛼𝑔𝑔∇𝑃𝑃 + ∇ ∙ 𝜏𝜏𝑔𝑔� + 𝛼𝛼𝑔𝑔𝜌𝜌𝑔𝑔g�⃗ + 𝐾𝐾𝑠𝑠𝑔𝑔�ʋ𝑠𝑠���⃗ − ʋ𝑔𝑔����⃗ � 2.5               

 
𝜕𝜕
𝜕𝜕𝜕𝜕

(𝛼𝛼𝑠𝑠𝜌𝜌𝑠𝑠ʋ𝑠𝑠���⃗ ) + ∇ ∙ (𝛼𝛼𝑠𝑠𝜌𝜌𝑠𝑠ʋ𝑠𝑠���⃗ ʋ𝑠𝑠���⃗ ) = −𝛼𝛼𝑠𝑠∇𝑃𝑃 − ∇P𝑠𝑠 + ∇ ∙ 𝜏𝜏𝑠𝑠� + 𝛼𝛼𝑠𝑠𝜌𝜌𝑠𝑠g�⃗ + 𝐾𝐾𝑔𝑔𝑠𝑠�ʋ𝑔𝑔����⃗ − ʋ𝑠𝑠���⃗ � 

 

2.6 

 

The inter-phase momentum exchange coefficient ( )K Kgs sg=  was modelled according 

to the Syamlal and O’Brian drag model [40].  

Solids stresses were modelled according to the Kinetic Theory of Granular 

Flows (KTGF) using the concept of granular temperature. The standard granular 

temperature conservation equation is written as follows: 

 
3
2
�
𝜕𝜕
𝜕𝜕𝜕𝜕

(𝛼𝛼𝑠𝑠𝜌𝜌𝑠𝑠Θ𝑠𝑠) + ∇ ∙ (𝛼𝛼𝑠𝑠𝜌𝜌𝑠𝑠ʋ𝑠𝑠���⃗ Θ𝑠𝑠)� = �−𝑃𝑃𝑠𝑠𝐼𝐼 ̿+ 𝜏𝜏𝑠𝑠� �:∇ ʋ𝑠𝑠���⃗ + ∇ ∙ (𝑘𝑘Θs∇Θ𝑠𝑠) − 𝛾𝛾Θs + 𝜙𝜙𝑔𝑔𝑠𝑠 2.7 

 

This partial differential equation was simplified to an algebraic equation by 

neglecting the convection and diffusion terms - an assumption which is often used in 

dense fluidized beds where the local generation and dissipation of granular 

temperature far outweighs the transport by convection and diffusion [40]. The two final 

terms on the right hand side are the collisional dissipation of energy [41] and the 

interphase exchange between the particle fluctuations and the gas phase [42]. 

Solids stresses are calculated according to shear (collisional [40, 43], kinetic 

[40] and frictional [44]) and bulk [42] viscosities. For the solids pressure, the 

formulation of Lun et al. [42] was complemented by the radial distribution function of 

Ogawa and Oshima [45]. The frictional pressure formulation of Johnson [46] was also 

included to accurately represent dense flow regions. This concludes the model 

description for the hydrodynamic simulations. The reactive simulations also included 

species transport equations with reactions as detailed below. 
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Since only catalytic reactions were simulated, species are conserved only for 

the gas phase. No turbulence effects on species diffusion were simulated as this effect 

was found to be small even under fast fluidization and high reaction rates [47]. The 

current case features slower fluidization and reaction rates, implying that turbulent 

species diffusion will be negligible.    
𝜕𝜕
𝜕𝜕𝜕𝜕
�𝛼𝛼𝑔𝑔𝜌𝜌𝑔𝑔𝑌𝑌𝑔𝑔,𝑖𝑖� + ∇ ∙ �𝛼𝛼𝑔𝑔𝜌𝜌𝑔𝑔ʋ𝑔𝑔����⃗ 𝑌𝑌𝑔𝑔,𝑖𝑖� = ∇ ∙ 𝛼𝛼𝑔𝑔 𝐽𝐽𝑔𝑔,𝚤𝚤�����⃗ + 𝛼𝛼𝑔𝑔𝑆𝑆𝑔𝑔,𝑖𝑖 2.8 

No energy equation was solved in this work. For the reactive simulations, only 

catalytic reactions were simulated under isothermal flow at 600 °C. This assumes a heat 

supply which exactly balances out the endothermic reactions. The following 

combinations of catalytic reactions are included in this study: 

4 2 23CH H O CO H+ ↔ +  

2 2 2CO H O CO H+ ↔ +  

4 2 2 22 4CH H O CO H+ ↔ +  
The rates of these reactions are calculated from the set of equations proposed by Xu 

and Froment [48]: 

2
2.5 4 2

2

3
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1
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( ) / ( )H CO
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H

p pkr p p DEN
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= −
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2 2
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H

p pkr p p DEN
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= −
 

2.11  

2 2 4 4 2 2 2
1 /CO CO H H CH CH H O H O HDEN K p K p K p K p p= + + + +

 2.12 

The values of the adsorption coefficients used in this study are obtained from Oliveira 

[49]. Table 2.2 summarises the kinetic [49] and equilibrium [50] parameters used in 

this study.  
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Table 2.2 Summary of reaction rate (k) and equilibrium (K) parameters (applied in a 

standard Arrhenius equation) for the reforming reactions simulated in this study 

Reaction Kinetic parameters Equilibrium parameters 

,0jk
  aE [kJ/mol] 0K

  aE [kJ/mol] 

Methane reforming 5.83x1011 (mol 
bar0.5/ (kg s)) 

218.55 1.2x1013 223.08 

Water gas shift 2.51 x104 (mol / (kg 
s bar)) 

73.52 1.77x10-2 -36.58 

Overall methane 
reforming 

4.67x1023 (mol 
bar0.5/ (kg s)) 

236.85 2.12x1011 186.5 

 

Geometry, mesh boundary conditions, materials and solver  
The experimental geometry was duplicated in the 3D simulations and meshed 

with 2.5 mm cubical cells. Gas was fed through a velocity inlet at the bottom face of the 

geometry and exited through a prescribed pressure outlet at the top. The hydrodynamic 

cases used a gas inlet velocity of 0.373 m/s similar to that used in the experiments. 

Reactive runs were completed with an inlet velocity of 0.3 m/s and a steam/methane 

feed ratio of 2:1. This flow rate was found to result in similar fluidization as observed 

in the hydrodynamic simulations. The particle phase properties were kept identical to 

the experimental case in all simulations. The reactor and permeate side pressures in 

the reactive simulation were 1 bar and 0.05 bar respectively. This simulation was 

completed at 600 °C (also for the inlet temperature) and particle-particle restitution 

coefficient of 0.9.   

No-slip wall boundary conditions were specified for the gas, while the partial 

slip conditions of Johnsen & Jackson [46] with a specularity coefficient of 0.5 was 

applied for the solids. In addition, it was found that an additional wall friction 

proportional to the frictional pressure with a friction coefficient of 0.1 was required to 

capture densified zones forming when gas is extracted via membranes. Thus, the 

following shear stress was implemented at the walls: 
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𝜏𝜏𝑠𝑠���⃗ = −0.5 
𝜋𝜋
6√

3 
𝛼𝛼𝑠𝑠

𝛼𝛼𝑠𝑠,𝑚𝑚𝑚𝑚𝑚𝑚
𝜌𝜌𝑠𝑠𝑔𝑔0,𝑠𝑠𝑠𝑠�Θ𝑠𝑠 𝑈𝑈𝑠𝑠,∥ − 0.1P𝑠𝑠,𝑓𝑓𝑓𝑓𝑖𝑖𝑓𝑓

 𝑈𝑈𝑠𝑠,∥

� 𝑈𝑈𝑠𝑠,∥�
 2.13 

Gas extraction through membranes was simulated via a sink term in the layer 

of cells closest to the back wall (the associated momentum sink was neglected because 

it was found to be so small that the effect on the overall flow would be negligible). For 

the hydrodynamic simulations, this was implemented as a constant in the appropriate 

cells, while the following formulation was used to describe the membrane permeability 

in the reactive case [51]: 

2 2 2,fluid ,perm( )n nmem
H H H

mem

PJ C p p
t

= −
 

2.14 

2
1 2 3a T a T a

memP e + +=  
2.15 

2
1 2 3n bT b T b= + +  2.16 

The constant values used are: α1=5.183x10-5, α2=-6.474x10-2, α3=-7.235, b1=-3.91x10-6, 

b2=4.964x10-3 and b3=-0.5697. A membrane thickness (tmem) of 4.5 μm was used. The 

constant C in Eq. 2.14 was adjusted from case to case in order to achieve the desired 

amount of overall gas extraction. Firstly, the case without gas extraction was simulated 

and the volumetric flow rate of gas exiting the reactor was monitored. Subsequently, 

the membranes were activated and the constant C was adjusted so that the outlet flow 

rate becomes the desired percentage smaller than the case without extraction. This 

methodology most closely approximated the hydrodynamic simulations and facilitated 

a direct comparison. Gas phase material properties were calculated according to the 

species composition in each particular cell. The ideal gas law was used for density (In 

the reactive simulation, the volume expanded with the reforming reaction (as the mass 

is conserved)), while the kinetic gas theory was used to calculate the shear viscosity 

and molecular diffusivity. Solids phase properties were identical to the experiments: 

2500 kg/m3 density and 190 μm particle size.  

Simulations were carried out using ANSYS FLUENT 15.0. The phase coupled 

SIMPLE scheme [52] was used for pressure-velocity coupling. Spatial discretization of 

the remaining equations was performed using the higher order QUICK scheme [53], 

while a 1st order implicit temporal discretization was used. 
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Results 

Results will be presented and discussed in three main sections: 1) a detailed 

account of the experimental observations on the effect of gas extraction through vertical 

plates on the bed hydrodynamics for a reference case; 2) a simulation study where 

hydrodynamic simulation results are compared to experimental results to assess the 

accuracy of the model, followed by a discussion of simulation results for reactive cases 

to evaluate the reliability of using cold flow studies to approximate real reactor 

performance; and 3) a generic experimental investigation on the effects of particle sizes 

and fluidization velocities on the bed hydrodynamics.  

Experimental hydrodynamics  
The bubble size and rise velocity are two key hydrodynamic parameters largely 

determining the reactor performance of fluidized beds operated in the freely bubbling 

regime. We will therefore first focus on the effect of the gas extraction rate and location 

on the bubble properties in terms of the bubble size distribution in both the axial and 

radial position and the bubble rise velocity as a function of the equivalent bubble 

diameter for a reference case. 

Average bubble size and number of bubbles per frame for a reference 
case  

Generally, the bubble size increases with the vertical position in the bed and 

the superficial gas velocity, provided that there is no intrusion in the flow dynamics of 

the fluidized beds. Small bubbles are formed at the distributor and grow due to bubble 

coalescence as they rise towards the freeboard. Figure 2.4 and Figure 2.5 show the 

average equivalent bubble diameter as a function of the vertical position in the bed. 

Figure 2.4 also includes estimations for the bubble size based on correlations proposed 

by Shen et al. [35] (Eq. 2.17) and Lim et al. [32] (Eq. 2.18), given by 
2/3

1/30
0

30.89 ( )( )B mf
b

Ad u u h g
t

− 
= − + 

   
2.17 



 Results 

33 
 

2/3

0 3/2
0

5.456( )mf
B

u u
d h d

gπλ

 −
= + 
    

2.18 

where h is the vertical position, A0 A0is the catchment area, tb is the depth of the bed, λ 

is the proportionality constant (estimated as 2) and d0 d0is the initial bubble diameter 

which is given by: 
2/3

0 0
0

8( )mfu u A
d

gπλ

 −
=  
    

2.19 

 
Figure 2.4 Comparison of the average bubble diameter as a function of the vertical position between 

experiments (without gas extraction) and literature correlations  

Both correlations predict fairly similar bubble growth profiles along the bed 

height and agree reasonably well with the experiments. The over prediction of the 

bubble diameter in the lower part of the fluidized bed by the experimental work can be 

attributed to the fact that smaller bubbles (smaller than the bed width) cannot be 

accounted for in the determination of the equivalent bubble diameter when using DIA. 

The deviation from the proposed correlations in the region of 100-300 mm (distance 

between the upper part of the bottom membranes and the connector of the two 

chambers) might be related to some amount of gas being short-circuited through the 
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chamber behind the plate influencing the bubble growth. Moreover, it could be the 

result of the relatively small number of bubbles detected in that region, leading to a 

relatively large experimental error in that area. 

Figure 2.5 shows that the horizontally averaged equivalent bubble diameter 

increases, and the number of bubbles decreases along the axial position of the bed, as 

expected. The influence of the gas extraction rate (Figure 2.5) is remarkably small, 

implying that the effect of the extraction rate on the bubble dynamics is reflected more 

strongly in the bubble rise velocity (discussed in the next section and around Figure 

2.7b in this section).  

The variation of gas extraction locations, on the other hand, had a significant 

effect on the equivalent bubble size and number density, particularly higher in the bed 

(see Figure 2.5). The most noticeable aspect is the fact that the extraction at the centre 

of the bed (with one and three membrane columns) resulted in a smaller bubble size 

(especially starting from a height of 0.3 m) while having a larger number of bubbles. As 

will be discussed in greater detail around Figure 2.8, this is due to the bubble stream 

effectively being split into two parts rising on the left and right side of the bed. This 

phenomenon limits bubble coalescence, thereby resulting in a larger number of smaller 

bubbles. 

Comparison of the bubble size and number of bubbles for the two cases (effect 

of gas extraction rates and location) as a function of the lateral position are shown in 

Figure 2.6 & Figure 2.9. In the case of variation of gas extraction rates (Figure 2.6), the 

vertically averaged bubble sizes and number of bubbles per frame show similar 

distributions with bubbles residing more towards the centre. This distribution 

similarity is because bubble sizes as a function of the lateral position are averaged over 

the entire bed height; however, the local lateral distribution provides more detailed 

insight into the bubble behaviour (Figure 2.7a and b).   
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Figure 2.5 Equivalent bubble diameter and number of bubbles per frame as a function of the axial position: 
for different gas extraction rates (left) and for different gas extraction locations (number of membranes) with 
30% gas extraction rate (right) 

 
Figure 2.6 Average bubble diameter and number of bubbles per frame as a function of the lateral position for 

different gas extraction rates with respect to the inlet gas flow rate 

At a lower bed height (5 cm from the distributor as shown in Figure 2.7a) the 

lateral bubble profiles for all the extraction cases are indeed very similar, with smaller 

bubble sizes and higher numbers of bubbles per frame. At this small distance from the 

distributor only a small fraction of the gas has been extracted and the bubbles have only 

had a small amount of time to respond to this small amount of gas extraction. On the 

other hand, at a higher vetical positions in the bed (33 cm from the distributor as shown 

in Figure 2.7b) the lateral bubble profile reveals significant differences. In the case 
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without gas extraction, the lateral profile shows the expected parabolic distribution for 

both the equivalent average bubble size and the number of bubbles, as bubbles are 

formed over the whole bed width and move towards the centre due to bubble 

coalescence. However, as the extraction rate increases a clear trend of a decreased 

bubble size at the sides of the bed is observed resulting in increasing gas channelling in 

the centre of the bed. 

Observations of the flow in the fluidized bed revealed that this phenomenon is 

due to the development of densified zones at the left and right walls, when the 

extraction rate is increased. Since the extraction rate is constant along the entire back 

plate of the bed, the same amount of gas is extracted at the centre (where a large amount 

of gas rises) and at the walls (where little or no gas rises). This gas extraction flow rate 

is small relative to the large gas flow rate in the centre of the bed, but large relative to 

the small gas flow rate at the sides of the bed. As a result, higher extraction rates can 

lead to the formation of densified zones at the sides of the bed as the suction force from 

the back causes particles in regions of low/no upwards gas flux to adhere to the back 

plate. This effect causes gas channelling at the centre of the bed which will be 

detrimental to the gas-solid contact achieved in a reactor. 

 

 

Figure 2.7 Average bubble diameter and number of bubbles per frame as a function of lateral position for 

different gas extraction rates at two different axial positions: a) at 5 cm from the distributor, b) at 33 cm from 

the distributor 
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The formation of densified zones also explains the similarity between the cases 

shown in Figure 2.5. If all cases were carried out under normal fluidization conditions, 

the bubble size should decrease substantially along the height of the bed in the cases 

with gas extraction as the effective fluidization velocity decreases (e.g. Eq. 2.17). 

However, densified zone formation at the sides of the domain effectively narrowed the 

cross-sectional area towards the top of the bed, keeping the effective fluidization 

velocity roughly the same between different cases. 

Figure 2.5 shows that, above a bed height of 300 mm, the number of bubbles 

start decreasing significantly in cases with gas extraction relative to the case without 

gas extraction. The decreased gas flow rate is thus reflected in a decrease in the bubble 

number rather than a decrease in the bubble size. Below 300 mm, however, the figure 

(Figure 2.5) shows that the effective bubble fraction (product of bubble size and 

number) is very similar between the different cases and may even be slightly higher in 

cases with extraction. This is due to a degree of stagnation of the rising bubbles below 

the densified zones forming in the upper part of the bed as illustrated in the next section 

on the bubble rise velocity.   

 

Figure 2.8 Average bubble diameter and number of bubbles per frame as a function of the lateral position for 

different gas extraction configurations using 30% gas extraction rate 
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rate. Figure 2.8 shows the significant differences even when data is averaged across the 

entire bed height. As discussed earlier, it is clear from Figure 2.8 that the flow splits into 

two separate bubble streams rising on the sides of the bed when extracting gas at the 

centre through 3 or 1 membrane. This effect is related the formation of densified zones 

in the centre, where a high gas extraction rate is imposed. When the entire gas 

extraction rate is imposed at the centre of the bed through 1 or 3 membranes, the local 

rate of extraction becomes large enough to create dead zones in the centre of the bed 

through the same mechanism as described previously. The sample images which are 

shown in Figure 2.2 illustrate this phenomenon as well. 

Extraction through only 5 membranes still shows the standard flow pattern 

where gas predominantly rises through the centre. However, bubbles are smaller and 

more homogenously distributed in the bed relative to the case with extraction 

throughout the entire bed width. In reactive systems, a higher number of bubbles, small 

bubble sizes and uniformly distributed bubbles are preferred, in order to decrease the 

mass transfer limitation of bubble (gas) to emulsion phase. Hence, according to this 

study, the case with five membranes appears to be the most promising arrangement.      

 

 

Figure 2.9 Average bubble diameter and number of bubbles per frame as a function of the lateral position for 

different gas extraction locations at two different vertical positions with 30% gas extraction rate: a) at 5 cm 

from the distributor, b) at 33 cm from the distributor 

The lateral bubble size and number distribution at the local level for different 
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(5 cm from the distributor) show little variation between the different cases, while 

trends higher up in the bed (33 cm from the distributor) show large effects of the 

extraction location. This reinforces the prior conclusion that the hydrodynamic effects 

of vertical membrane extraction become much more pronounced in the upper regions 

of the bed. 

Bubble rise velocity for a reference case  
As explained in the experimental section, the bubble rise velocity was 

calculated from the vertical displacement of the bubble centroid between consecutive 

images. Figure 2.10 illustrates the comparisons of the average bubble rise velocity as a 

function of the equivalent bubble diameter for different gas extraction rates and 

different extraction locations. As expected, the bubble rise velocity increases with the 

equivalent bubble diameter.  

 

 

Figure 2.10 Average bubble rise velocity as a function of the equivalent bubble diameter: a) for different 
extraction rates b) for different extraction locations with 30% extraction rate 

Figure 2.10a shows that gas extraction causes a significant reduction in the 

bubble rise velocity, especially for larger bubbles. Even though this effect of the 

extraction rate on the bubble rise velocity is relatively small, it is more pronounced than 

the effect of the extraction rate on the bubble size and number density (Figure 2.5). In 

addition, Figure 2.11 depicts the average bubble rise velocity as a function of the 

vertical position in the bed. There is a significant difference in the rise velocity of the 

bubbles; particularly, the bubble rise velocity in the case without extraction increases 
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along the vertical position, while the rise velocity for cases with gas extraction shows a 

clear decrease in the middle regions of the bed (100-300 mm). This could be due to 

densified zone formation in the upper part of the bed, where large areas of the active 

membranes are located. As expected, the bubble rise velocity show in all the cases 

similar behaviour above a bed height of 300 mm, where the bubble rise velocity 

increases along the bed height.    

In the case of variation of extraction locations (Figure 2.10b), similar to the 

bubble size, the rise velocity was strongly influenced by the position of gas extraction. 

The trends for the cases with gas extraction through 1 and 3 membranes once again 

differ substantially from the other cases. In this case, the sharp reduction in bubble rise 

velocity for bubble sizes between 45 and 50 mm is caused by the splitting of the bubble 

streams as a result of the densified zone formation, as described earlier.   

 
Figure 2.11 Average bubble rise velocity as a function of the vertical position for different gas extraction rates 

Simulation  
Details on the bubble size and number were collected from simulation studies 

carried out for both cold flow and reactive cases. Simulated bed images were collected 

as black and white solids volume fraction contour plots on three surfaces located on the 

back wall, the centre of the bed and the front wall. The contour on the front wall was 

set to 75% transparency and the contour in the middle to 50% transparency in order 

to capture any 3D effects. Figure 2.12 shows the result of this procedure and how it 
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compares to the experimental case. The bubble velocity was not collected due to 

practical challenges with collecting the images in pairs with a very short time delay as 

required by the bubble velocity algorithm. The processed data on bubble size and 

number will be presented as lateral profiles averaged over the top half of the bed since 

it was clearly shown in Figure 2.7 and Figure 2.9 that the impact of gas extraction is 

most pronounced in this region (In case of the TFM simulation, the time-averaging 

started after 10 s (once it is reached a pseudo-steady state) and continues until 30 s 

simulation time).  

 

 
Figure 2.12 Example of a simulated images of the bed compared to the experimental image (without gas 

extraction): a) reactive, b) cold flow and c) experimental 

The effect of the extraction rate is shown in Figure 2.13. When comparing the 

cold flow simulation results with experiments, it is clear that the simulations 

reasonably accurately capture the effect of gas extraction. For both the bubble size and 

number, the simulations accurately predict the concentration of the bubble stream 

towards the centre of the bed as the extraction rate was increased. The agreement for 

the number of bubbles is especially accurate, whereas the simulated bubble size 

appears to be consistently somewhat over predicted by the simulations. 
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Figure 2.13 Comparison between lateral profiles of bubble size (top) and bubble number (bottom): for the 
experiments, the cold-flow simulations and the reactive simulations for different extraction rates. The lateral 
profile was averaged over the top half of the membranes (20-40 cm above the distributor) 

The bubble dynamics for the reactive simulations appear to be quite similar to 

the cold flow simulations. A slight difference appears for higher extraction rates (40% 

especially) where the bubble distribution appears to be less concentrated in the 

reactive case. This can be explained by the fact that the extraction rate is constant across 

the back of the reactor in the cold flow cases, but is proportional to the hydrogen 

concentration in the reactive case. As shown in Figure 2.14, the membrane permeation 

rate is highest in the centre of the domain where most of the bubbles are rising and 

lowest at the sides where densified zone formation occurs. This phenomenon reduces 

the degree to which the bubbles concentrate towards the centre of the domain at higher 

extraction rates. 

The membrane permeation rate was adjusted by a factor of 2.5, 4.0 and 7.5 (C 

in Eq. 2.14) to achieve 20%, 30% and 40% extraction respectively. Doubling the gas 

extraction from 20% to 40% therefore required an increase in membrane permeability 

of a factor of 3. This is the result of reduced H2 concentrations and more concentration 

of H2 towards the centre of the reactor (thus lowering the utilization of the membrane 

surface area on the sides).  
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Figure 2.14 Instantaneous contours of solids volume fraction (left), hydrogen mole fraction (middle) and 

membrane permeation rate (right) for the case with 30% gas extraction. The ranges in the blue–red color 

maps are as follows: 0–0.6 (left), 0.1–0.5 (middle) and 0–0.1 mol/m2/s (right) 

 
Figure 2.15 Comparison between lateral profiles of bubble size (top) and bubble number (bottom): for the 

experiments, the cold-flow simulations and the reactive simulations for different extraction locations with 

30% extraction rate. The lateral profile was averaged over the top half of the membranes (20-40 cm above 

the distributor) 

Processed bubble statistics for the cases with different extraction locations are 

shown in Figure 2.15. Similar to the cases with different extraction rates, the 

 



 Results 

44 
 

simulations accurately predict the response of the bubble behaviour to changes in the 

extraction location, although the bubble size was consistently over predicted. The 

tendency of the bubble profile to be flatter in reactive simulations (as discussed above) 

is more pronounced in this case.  

The membrane permeation rate was adjusted by a factor of 4.0, 3.8, 4.8 and 20 

(C in Eq. 2.14) to achieve 30% gas extraction in the cases with extraction through 7, 5, 

3, and 1 membrane respectively. It is interesting to note that slightly less permeable 

membranes could be used when 5 membranes were employed than in the case of 7 

membranes. This implies that a slight improvement in reactor performance can be 

achieved by reducing the number of vertical membranes from 7 to 5. Figure 2.15 shows 

why this is the case: it is clear that the bubbles rise more uniformly in the case with 5 

membranes than the case with 7 membranes. This more uniform flow reduced gas 

back-mixing and ensured better contact between the rising hydrogen and the 

membrane array at the back of the bed.  

Effects of particle size and fluidization velocity  
As presented in the above sections for a reference case, in both the 

experimental and numerical study, the bubble dynamics was indeed influenced by gas 

extraction through vertical membranes. However, if the particle size and fluidization 

velocity is altered, the effect of gas extraction through the vertical membranes may also 

reveal different bubble dynamics. In this section we investigate the effects of the 

particle size and fluidization velocity on the bubble dynamics and how they are 

influenced by the gas extraction rate and location. 

The vertical and lateral profiles of the bubble size and number of bubbles for 

mean particle sizes of 200 μm and 500 μm are shown in Figure 2.16 and Figure 2.17, 

respectively. The expected patterns are observed in all the plots. Figure 2.16 shows a 

sharp decrease in the bubble number and an associated increase in the bubble 

diameter, as bubbles grow due to coalescence along the bed. The data in Figure 2.17 

show more and larger bubbles rising in the centre of the bed. 

As expected, the bubbles developing in the 200 µm particle bed are 

significantly smaller than those developing in the 500 µm particle bed, at least for the 

3 Umf fluidization velocity. For the cases with a fluidization velocity of 6 Umf, however, 
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the bubble sizes are similar. It is expected that the bubble size increases both with 

particle size and fluidization velocity. This was the case when increasing the particle 

diameter and fluidization velocity from 3 Umf – 200 µm case, but not when increasing 

the particle diameter and fluidization velocity to the 6 Umf – 500 µm case. 

 
Figure 2.16 Equivalent bubble diameter and number of bubbles per frame as a function of vertical position 

for different gas extraction rates: for mean particle sizes of 200 and 500 μm at 3 Umf and 6 Umf fluidization 

velocities  

As shown in Figure 2.18, these trends are contrary to the predictions from the 

correlation proposed by Shen et al. [35], where an increase in the particle diameter and 

fluidization velocity to the 6Umf – 500µm case should result in a large increase in the 

bubble size. This large discrepancy for large particle sizes and fluidization velocities can 

be attributed to the fact that the data used by Shen et al. [35] was obtained with a larger 

setup (680 mm x 70 mm, width and depth) compared to the bed used in this work (300 

mm x 15 mm), which allows for greater bubble growth along the bed height. In addition, 

Shen et al. [35] also reported that the proposed correlation over-predicts the average 
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bubble size for larger particles at higher gas velocities and stated that this deviation 

may be attributed to gas through-flow. 

 
Figure 2.17 Equivalent bubble diameter and number of bubbles per frame as a function of the lateral position 

for different gas extraction rates: for mean particle sizes of 200 and 500 μm at 3 Umf and 6 Umf fluidization 

velocities; The lateral profile was averaged over the top half of the membranes (20 – 40 cm above the 

distributor)  

 The effect of the gas extraction on the bubble characteristics proved to be 

minor. Only the 6 Umf – 200 µm case showed a clearly observable effect. This is to be 

expected since the particle size is small and the gas extraction rate (product of the gas 

extraction fraction and fluidization rate) is large. The drag force on the particles 

generally increases rapidly with a decrease in particle size, an increase in the slip 

velocity and an increase in the local particle volume fraction. For this reason, dense 

clusters of small particles in the case with the highest extraction rates led to a strong 

attraction of the particles to the porous plates on the back wall, creating clearly 

observable densified zones (as shown in Figure 2.19). These densified zones altered the 
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bubble dynamics and could have a significant detrimental effect on the reactor 

performance. 

 
Figure 2.18 Comparison of experimental data (without gas extraction) on bubble diameter along the bed 

height with predictions from a literature correlation for pseudo-2D fluidized beds [35] 

 
Figure 2.19 Typical images of the fluidized bed for different gas extraction rates: a) no gas extraction, b) 10% 

gas extraction, c) 20% gas extraction, d) 30% gas extraction (6Umf–200µm (top) and 6Umf–500µm (bottom)) 

Figure 2.16 shows that, in the 6 Umf–200 µm case, an increase in the gas 

extraction fraction had the expected effect of decreasing the bubble size and bubble 

number towards the top of the bed. The largest effects are expected at the top of the 

bed, since the gas is extracted gradually along the bed height, implying that the specified 
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fraction of gas is only completely removed right at the top of the simulated membrane 

column. Figure 2.17 shows that the bubble diameter became significantly smaller in the 

centre of the bed for all extraction fractions, but the bubble number only decreased 

markedly for the case with the highest extraction fraction.  

The bubble shape factors for the 6 Umf – 200 µm case is reported in Figure 2.20. 

A clear effect can only be observed for the case with the highest extraction rate, where 

clear densified zones were formed in the upper half of the bed, as can be seen in Figure 

2.19d. The higher shape factor in the centre of the bed is created by the densified zones 

obstructing the rising bubbles in this region of the bed. Otherwise, the trends are as 

expected: a decrease in shape factor along the height and towards the centre of the bed 

due to the presence of larger, more elongated bubbles. 

 

 

Figure 2.20 Bubble shape factor for the 6 Umf – 200 µm case as a function of axial position (left) and lateral 

position (right) for different gas extraction rates. The lateral profile was averaged over the top half of the 

membranes (20–40 cm above the distributor) 

Figure 2.21 reports the bubble rise velocities for the cases with different 

particle sizes and fluidization velocities. The expected increase in the bubble rise 

velocity with an increase in the particle size and the fluidization velocity is observed. It 

is difficult to discern significant effects of the gas extraction fraction on the bubble rise 

velocity. The 6Umf – 200 µm case is the only instance where an increase in gas extraction 

fraction caused a consistent reduction in the bubble rise velocity. This result 

corresponds to the overall decrease in bubble size found for the 6Umf –200 µm case 

(Figure 2.16, Figure 2.17). 
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Figure 2.21 Average bubble rise velocity as a function of the vertical position at different gas extraction rates: 

for mean particle sizes of 200 and 500 μm at 3Umf and 6Umf fluidization velocities 

It can therefore be concluded that the gas permeation rates through flat 

vertical membranes as investigated in this work only has a minor effect on the bubble 

dynamics. However, the combination of highly permeable membranes and the use of 

small particles could result in the formation of densified zones which can significantly 

impact the bed dynamics. For example, the implementation of the most permeable 

membranes developed to date would result in one order of magnitude greater gas 

extraction velocities than those studied for the 200 µm case (for bed regions where high 

H2 concentrations occur). This is likely to lead to significant densified zone formation 

and should be avoided in reactor operation by, for example, using larger particle sizes. 

One potential method to theoretically predict conditions under which 

densified zones may become a problem is to calculate the force with which the particles 

are dragged towards the membrane. This force can be estimated via the classical Ergun 

pressure drop equation [54].  
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𝑑𝑑𝑝𝑝

2
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𝑑𝑑𝑝𝑝

(1 − 𝜀𝜀)
𝜀𝜀3

𝑈𝑈|𝑈𝑈| 2.20 

Here, dP dL⁄  is the pressure drop per unit length, µ is the dynamic viscosity, dp is the 

particle diameter, ε is the bed voidage, U is the superficial velocity and ρ is the gas 

density.  

The Ergun equation given above estimates the force per unit volume acting on 

the particles. When normalized with the gravity force �Fg�, it can be calculated that a 

densified zone with a void fraction of 0.4 will experience a drag force equivalent to 

0.128Fg for the highest extraction rate with the 200 µm particles and 0.06Fg for the 

highest extraction rate with the 500 µm particles (the velocities are calculated from the 

permeation rate). Since densified zone formation had a significant influence in the 200 

µm case and no clear influence on the 500 µm case, this appears to be the range where 

densified zone formation starts. Densified zone formation was also insignificant for the 

3Umf – 200µm cases (maximum force of 0.064Fg) and for the 6Umf – 200µm case with 

only 10% extraction �0.043Fg�, but became visible at 20% extraction �0.086Fg� from 

visual observations as shown in Figure 2.19.  

This simple estimate suggests that densified zone formation may become a 

significant issue if membrane permeation rates are high enough to drag particles 

towards the membranes with a force in the order of 0.1Fg. It is remarkable that a drag 

force one order of magnitude smaller than gravity can cause such a significant change 

in the hydrodynamics of the bed. Even under the assumption that the static friction 

coefficient between the densified zones and the membranes is equal to unity, the 

resulting friction force exerted by the membranes on the densified zone is an order of 

magnitude smaller than gravity. Densified zone formation can therefore only occur if 

the densified zones are supported by a consistent upwards force exerted by the rising 

gas which is similar in magnitude to the downwards gravity force. If such a consistent 

upwards force was not present, the relatively weak friction force exerted by the 

membranes would not be able to temporarily hold the densified zones at the sides of 

the immobilized bed.     
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The effect of the particle sizes and fluidization velocities while varying the gas 

extraction locations has also been studied. The natural tendency of gas to rise in the 

centre of the fluidized bed encourages the concentration of expensive membrane 

surface area only in this central region. For this reason, studies have been carried out 

to investigate the effect of concentrating gas extraction more towards the centre of the 

domain. 

 
Figure 2.22 Equivalent bubble diameter and number of bubbles per frame as a function of the vetical position 

for different gas extraction locations for mean particle sizes of 200 and 500μm at 3Umf and 6Umf fluidization 

velocities 

Axial bubble size and concentration profiles shown in Figure 2.22 once again 

only show a clear effect for the 6Umf –200 µm case. As discussed previously, the small 

particles and high extraction rates in this case enhanced the formation of densified 

zones due to the large drag force in the direction of the extracted gas acting on dense 

particle regions. The effect of the gas extraction location can more clearly be observed 

in the lateral profiles presented in Figure 2.23, especially for the 200 µm cases. As has 

been discussed in the previous section, it is shown that the lateral profile for the bubble 
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size and number becomes more uniform when removing the two membranes at the 

sides of the domain to extract from only 5 membranes. This should have a favourable 

effect on the reactor performance by reducing the overall mass transfer limitations and 

gas back-mixing.  

 
Figure 2.23 Equivalent bubble diameter and number of bubbles per frame as a function of the lateral position 

for different gas extraction locations: for mean particle sizes of 200 and 500 μm at 3Umf and 6Umf fluidization 

velocities; the lateral profile was averaged over the top half of the membranes (20 – 40 cm above the 

distributor)  

Removing more membranes at the side of the domain, leaving only 3 or 1 active 

membranes in the centre of the domain, significantly changed the flow situation for the 

6Umf –200µm case. Unstable densified zones again were formed in the centre of the bed 

and most of the gas was forced to rise in two channels on either side of this central 

obstruction. This splitting of the flow caused an increase in the bubble number with a 

corresponding decrease in the bubble size in the upper regions of the bed. Such a 

situation would also be detrimental to the reactor performance as a significant portion 

of the gas would be forced away from the central regions where the active membrane 
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surface area is located. In the cases using particles of 500 µm particle size, the effect of 

the membrane location had only a small to negligible effect on the bubble size and 

number. In this case, the membranes can be safely concentrated towards the centre of 

the bed without forming the central densified zones as observed for the case using the 

200 µm particles. This appears to be especially applicable for the 6Umf – 500 µm case, 

where the gas is strongly concentrated towards the centre of the domain. 

 

Figure 2.24 Bubble shape factor for the 200 µm particle size as a function of axial and lateral positions at 

different gas extraction locations; the lateral profile was averaged over the top half of the membranes (20 – 

40 cm above the distributor) 

Figure 2.24 shows the shape factors for the 200 µm case where significant 

effects could be observed. In all cases, it can be observed that the cases with extraction 

in the centre of the domain (3 or 1 active membrane) showed a lower shape factor. This 

is due to the splitting of the rising bubble stream into two narrow streams on either 

side of the central densified zone region. The lateral profiles also show a much flatter 

profile due to more elongated bubbles rising towards the sides of the domain. 

Finally, the axial velocity profiles in Figure 2.25 only show a clearly discernible 

effect for the 6 Umf – 200 µm case. In this case, a change from 7 membranes to 5 
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membranes improved the lateral distribution of bubbles through the bed (as shown in 

Figure 2.23), thus reducing the average bubble velocity. The significant change in flow 

dynamics caused by extraction from only 1 or 3 membranes did not have a significant 

additional effect on the axial velocity profile. 

 

Figure 2.25 Average bubble rise velocity as a function of the vertical position for different gas extraction 
location: for mean particle sizes of 200 and 500 μm at 3Umf and 6Umf fluidization velocities  

 

Summary and conclusions  

This chapter presented an experimental and numerical study on the effects of 

vertical membranes on the bubble dynamics in a fluidized bed reactor. Investigations 

were carried out for different particle sizes and fluidization velocities. The 

experimental setup was constructed in such a way that the area of extraction could be 

varied across the back of the setup. This allowed for investigations into the effect of 

both the extraction rate and the extraction location. 
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Experimental results showed a relatively small effect of the gas extraction rate 

across the entire back of the reactor on the bubble size, number and velocity. However, 

a clear effect of increasing extraction rate was observed in the upper region of the bed 

where bubbles tended to channel more towards the centre upon increased extraction 

rates. This was the result of densified zone formation on the sides of the geometry 

forcing the bubbles towards the centre. This effect was very significant for the case with 

the smallest particle size and largest fluidization velocity (largest gas extraction 

velocity). In this case, the small particles experienced a large drag force towards the 

back wall of the domain where the gas was extracted, leading to the formation of 

densified zones. These densified zones may have a significant negative effect on the 

reactor performance, but can be avoided by employing larger particle sizes and/or less 

permeable membranes. As an initial quantitative guideline, it was estimated that 

densified zone formation can become significant when the drag force towards the 

membrane exerted by the extracted gas reaches values of about 10% of the gravity force 

acting on the densified zone. 

Shifting the location of gas extraction more towards the centre of the bed had 

a more pronounced influence on the bubble dynamics, especially when using 200 µm 

particles. Removal of the two outmost membranes created a more uniform lateral 

bubble size distribution profile, which would be beneficial for the reactor performance. 

However, when more membranes were deactivated at the sides of the domain to 

strongly concentrate gas extraction in the centre, unstable densified zones were 

periodically formed in the centre of the domain, forcing a significant portion of the gas 

to rise in two narrow channels on either side of these densified zones. Such a situation 

would be detrimental to the reactor performance, since more gas would be forced to 

flow in regions where there is no membrane surface area.  

In general, the strong effect of the particle size should be further emphasized. 

The cases with 500 µm particles consistently showed little to no sensitivity to changes 

in the gas extraction rate or location, whereas significant effects were observed for the 

200 µm particles. It can therefore be safely assumed that the effects of extraction rates 

and location, mostly in the form of densified zone formation, would be substantially 

greater if particle sizes smaller than 200 µm were employed (the drag force towards 
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the membranes at a given gas extraction rate increases quadratically with a decrease in 

the particle size). Highly permeable membranes may therefore require the use of larger 

than usual catalyst particle sizes in order to avoid densified zones and the associated 

mass transfer limitations. To place this in perspective, the largest extraction rate 

investigated for the 500 µm particles corresponded to the most permeable membranes 

developed to date, whereas the largest extraction rate for the 200 µm particles was 

three times smaller. This large effect of the particle size is therefore likely to become an 

important FBMR design consideration, as further research is expected to further 

improve the membrane performance. 

Cold flow simulations successfully reproduced the experimental findings and 

the methodology could therefore be used to numerically investigate the effect of the 

membrane permeability on the reactor hydrodynamics for reactive simulations. In 

general, trends were the same as observed in the cold flow simulations and 

experiments. However, the effects of membrane extraction were marginally weaker in 

the reactive case due to the fact that the membrane permeability was proportional to 

the local hydrogen concentration and not constant across the membrane surface, like 

in the cold flow studies. Regardless of this difference, however, it can be safely 

concluded that cold flow studies provide a good representation of the hydrodynamic 

effects that would be observed in a real reactor. As an example, the case with 5 

membranes was identified as the optimal case during the experiments due to the high 

degree of lateral uniformity in the bubble statistics. Reactive simulations then showed 

that reduction of the number of membranes from 7 to 5 would actually result in a slight 

increase in the amount of hydrogen extraction, despite the ~30% reduction in 

membrane surface area, thereby confirming the experimental conclusion. 

In this chapter, it has been presented and discussed that the main issue in 

membrane assisted fluidized bed reactors is the formation of densified zones because 

of the gas extraction via membranes. Since this phenomenon is very detrimental to the 

reactor performance, the mechanism of the formation has to be understood and 

quantitatively characterized. The extent of densified zone formation and its relation to 

the gas extraction through the membranes and how to identify the phenomenon in 

advance is presented in the next chapter of this thesis.     
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Abstract 

Gas extraction through membranes in fluidized beds, like H2-selective membranes in the 

MA-GSR concept, alter the bubble and solids flow patterns as described in Chapter 2. 

Although MAFBRs have been widely studied, a detailed understanding and description of 

the formation of densified zones induced by gas extraction via membranes is still missing. 

This chapter presents the results of an experimental investigation on the formation of 

densified zones in a fluidized bed with vertical membranes using combined pressure 

fluctuation and PIV (Particle Image Velocimetry) measurements. The maximum in the 

standard deviation of the pressure fluctuations, commonly employed to indicate the 

transition to turbulent fluidization, shifted to lower fluidization velocities with an increase 

in the fraction of fluidizing gas being extracted. Flow visualization showed that this result 

is related to the onset of the formation of a stable densified zone, which occurred at 

progressively lower fluidization velocities as the gas extraction fraction was increased. It 

has also been found that the extent of densified zones quantified using instantaneous 

particle velocity maps collected by PIV increases with increasing gas extraction rates. This 

effect became larger for smaller particles. Results have therefore shown that the peak in 

the pressure fluctuations in fluidized beds with gas extraction through flat vertical 

membranes indicates the onset of densified zones formation rather than the transition 

towards turbulent fluidization. Such densified zones can have substantial detrimental 

effects on the reactor performance and can be identified via pressure measurements, as 

demonstrated in this chapter.   

Densified zones in membrane-assisted 
fluidized bed reactors 
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Introduction 

The Membrane-Assisted Fluidized Bed Reactor (MAFBR) has recently emerged 

as a very promising novel technology for a wide range of applications [1]. In this reactor 

concept reactions and separation are integrated using membranes in a single process 

unit, thus reducing the required reactor volume [2-9]. However, the performance of 

MAFBRs is strongly influenced by the operating conditions of the fluidized bed reactor 

[10], which can range from bubbling to turbulent to fast fluidization. For instance, 

turbulent fluidization is often the preferred regime, both for commercial catalytic 

reactors [10] and MAFBRs [11]. 

On the other hand, it is very important to prevent the formation of densified 

regions in the bed, which can affect the quality of fluidization and reduce the 

permeation rates through the membranes. Chapter 2 of this thesis and other previous 

studies [12-14] have shown that densified regions (a denser zone which can locally 

moves) close to membrane plates can be induced due to gas extraction via membranes 

in MAFBRs. These densified regions could substantially deteriorate the heat and mass 

transfer characteristics, and consequently adversely impact the overall reactor 

performance. 

As explained in previous chapters, a typical example of a process that can 

benefit from membrane-assisted fluidized bed technology is hydrogen production 

through steam methane reforming [15], like the MA-GSR concept developed in this 

thesis. Clearly, densified zone formation would negatively affect the process 

performance of the membrane-assisted fluidized bed reactor as the hydrogen 

permeation rates through the membranes and the bubble-to-emulsion mass transfer 

limitations were identified as the two main limiting factors for hydrogen production [3, 

5, 6, 16]. It is therefore of great importance to detect and determine the onset of the 

formation of densified zones in membrane-assisted fluidized bed reactors, which is the 

main focus of this chapter. 
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Regime transition in fluidized beds 
It is widely accepted that fluidized beds operate under bubbling and turbulent 

fluidization regimes. The transition between these two regimes occurs at a superficial 

gas velocity which corresponds to the maximum of the standard deviation of the 

pressure signal measured in the bed. Yerushalmi et al. [17] was the first to propose this 

technique to quantitatively determine the transition from bubbling to turbulent 

fluidization. Other measurement techniques were also reported in several studies 

published over the last three decades, such as visual observations, capacitance signals, 

optical fibre probes, and local and overall bed expansion (reviewed in reference [18]). 

In the bubbling regime, bubble coalescence/break-up dominates. The 

amplitude of the pressure fluctuations increases with the bubble size as the superficial 

velocity increases [19-22]. The transition of the fluidization regime occurs when 

bubbles reach their maximum stable size and start breaking to smaller bubbles as the 

fluidization velocity is further increased. This well-known behaviour of fluidized beds 

is likely to be affected by gas extraction through membranes which was shown to cause 

formation of densified zones and alter the bubble dynamics in the bed, as presented in 

Chapter 2. 

This study will shed light on the formation of densified zones in membrane-

assisted fluidized beds through a dedicated experimental campaign combining 

pressure fluctuation measurements, flow visualization and particle velocity 

measurements using particle image velocimetry (PIV). The focus is on understanding 

the mechanism of the formation of densified zones, in addition to quantitatively 

characterize the extent of densified zone formation and its relation to gas extraction 

through the membranes. Furthermore, the effect of gas extraction through vertical 

membranes on the regime transition in a membrane fluidized bed will be investigated 

and discussed. The well-established pressure fluctuation method will be used to 

determine the critical regime transition velocity in a membrane fluidized bed. Flow 

visualization and PIV (for 180-212 µm particle size) will be used to study the change in 

the fluidization behaviour caused by the formation of densified zones as detected by the 



 Introduction 
 

66 
 

change in the standard deviation of the pressure fluctuations, thus validating this 

method.    

In the next sections a detailed description about the densified zone detection 

mechanism and the experimental methods are presented. Then, the effects of gas 

extraction (gas extraction fraction and membrane area) through vertical membranes 

on the apparent critical velocity (the transition velocity from the bubbling to the 

turbulent fluidization regime) will be discussed. Subsequently, a criterion to identify 

the densified zones formation and a method to quantitatively estimate the extent of 

densified zones using the PIV technique will be developed. An analysis of the extent of 

densified zones as a function of the gas extraction fraction (The amount of gas extracted 

relative to the feed) will follow. Next, an analysis of the recalculated apparent critical 

velocity after taking into account the densified zones is presented. The chapter then 

finalizes with a summary and conclusions. 

Densified zone detection in fluidized bed reactors 
A defluidized zone (a region which is somewhat stagnant) can form due to 

several reasons, such as  a sudden change in feed gas composition [23], a strong 

decrease in fluidization velocity,  an increased pressure caused by downstream 

problems [24] or gas extraction through membranes [14]. Early detection of this 

phenomenon in an industrial process is of great importance for improved process 

performance, high product quality and cost saving by avoiding suboptimal process 

operation and unplanned shutdowns. Several measurement tools have been employed 

to monitor the fluidized bed behaviour and to specifically detect this phenomenon. The 

most straightforward and simplest one is the average pressure drop over parts of the 

bed [24]. However, this technique only shows a strong change when the bed is 

completely defluidized. Other measurement techniques such as capacitance probes, 

optical instruments, heat transfer probes and electrodes for measuring triboelectric 

currents have also been reported in the literature, but they have the drawbacks of only 

detecting small local defluidized regions and requiring multiple measurement points 

[25]. In contrast, measurement techniques based on pressure fluctuations, such as 

chaos analysis of the bed pressure drop fluctuations [26] and pressure fluctuation 
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measurements, offer a larger detection volume, are insensitive to small changes in gas 

velocity, can handle multiple signals and can detect a change in fluidized bed 

hydrodynamics [24]. Moreover, the pressure fluctuation measurement technique 

includes the effect of many different dynamic phenomena happening in the bed (bubble 

formation and breakage). In this measurement method, one measurement point could 

be sufficient; however, two or three measurement positions are always recommended 

(to increase the reliability of the detection and in case of sensor malfunctioning) [27].  

Methodology  

The experiments were carried out using a pseudo-2D fluidized bed column, 

where porous plates on the back plate of column mimicked gas extraction through flat 

vertically inserted membranes. The porous plates are placed close to each other to 

maximize the membrane surface area per unit bed volume. The experimental setup 

used in this study is described in Chapter 2 (Figure 2.1). The measurement techniques 

employed in this work are described below.  

Pressure fluctuation  
The pressure fluctuation measurement technique is the most common and 

widely used method to analyse the transition velocity of flow regimes in gas-fluidized 

beds. Commonly, two main arrangements have been used in pressure fluctuation 

measurements [24]: (1) a single-point absolute pressure fluctuation (APF) and (2) 

double-point differential pressure fluctuation (DPF). The absolute pressure fluctuation 

technique refers to the measurement of pressure fluctuations at a single location across 

the bed, and the differential pressure fluctuation measures a pressure difference 

between two nearby points across the bed (axial direction). The absolute pressure 

fluctuation provides information on both local and global hydrodynamic behaviour, 

whereas the fluctuation in the pressure difference only reflect the local hydrodynamic 

behaviour between the two measurement locations [24]. In this work the APF method 

has been selected as they reflect more global phenomena and are less influenced by the 

axial location of the pressure transducer [24, 28]. 
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In this study, three pressure transducers (S-11 model, with a range of 10 psi) 

from WIKA were mounted flush with the inner side-wall of the column at 10 cm height 

intervals from 20 cm above the distributor (Figure 2.1) (Since all of them nearly 

revealed similar results, only the results at the axial location of 0.3 m is presented). The 

openings of the probes were covered with a filter of 40 µm mesh width (lower than half 

of the smallest particle size used) to prevent the glass beads from entering into the 

probes and block the probes tip. Additionally, to further minimize the risk of filter 

blockage a back-flush of air through the filter was applied regularly (after every 

experiment). The outputs from the transducers were connected to a data acquisition 

box. The signals of the transducers were then recorded with a sampling frequency of 50 

Hz for a period of 180 s.   

Particle Image Velocimetry (PIV)  
The time-averaged particle velocity profile is one of the methods that have 

been used to illustrate the densified zone formation as a function of gas extraction 

fractions through vertical membranes. In this work, PIV and Digital Image Analysis 

(DIA) techniques were applied. PIV is a non-intrusive optical measurement technique 

based on the comparison of two consecutive images recorded within a very short time 

delay using a high-speed CCD camera. In order to obtain the time averaged emulsion 

phase velocity, each image is divided into interrogation areas, where cross-correlation 

on two consecutive images is applied. The PIV image pairs are post-processed using the 

commercial software package Dynamic-Studio by Dantec. A multi-pass algorithm using 

an interrogation area of 64x64 pixels with 50% overlap was applied to reconstruct the 

corresponding particle velocity vector maps. However, before the images were post-

processed on PIV for the time-averaged velocity analysis, the large particle velocities 

associated with particle-raining through the bubbles were filtered out [29]. The DIA 

technique was applied for filtering out the particle velocities inside bubbles. DIA is an 

image post-processing algorithm which uses pixel intensity to discriminate between 

the bubble and emulsion phases. If the pixel intensity is below a threshold value, the 

pixel area is assigned to the bubble phase, if not to the emulsion phase. Then the images 

are again imported to the Dynamic-studio and processed to obtain instantaneous and 

time averaged emulsion velocity maps. In this work, more than 1000 double frame 
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images (with a time delay of 0.75 ms) were recorded and processed to determine the 

time-averaged solids velocity profile. 

Results and discussion  

In order to investigate the effect of gas extraction, two experimental campaigns 

have been carried out. In the first experimental campaign, the effects of variation of the 

gas extraction fraction through the membranes on the apparent transition velocity (The 

velocity at the pick that might be interpreted as the transition velocity) and the extent 

of densified zone formation were studied. Three different extraction fractions from the 

total inlet flow rate were investigated: 0.1, 0.2 and 0.3 (see Table 3.1). The standard 

deviation of the pressure signal was determined and plotted against the equivalent 

superficial gas velocity for the studied gas extraction fractions (the equivalent 

superficial velocity is the velocity calculated based on the gas flow rate at the outlet of 

the fluidized bed; i.e. the superficial gas velocity accounting for gas extraction). A 

reference case without gas extraction was also carried out for comparison. Three 

different glass beads with a particle size distribution of 70-110 μm, 180-212 μm and 

400-600 μm (with density of 2500 kg/m3, Geldart B classification) were investigated. 

The minimum fluidization velocity of 0.027 m/s, 0.070 m/s, and 0.22 m/s was 

measured by the standard pressure drop measurement method for the three different 

particle sizes respectively. 

In the second experimental campaign, the effect of the extraction location 

(membrane surface area) on the apparent transition velocity was studied. An extraction 

fraction of 0.2 was selected, while the extraction configuration (the total number of 

active membrane plates) was varied. The extraction location was varied from the 

largest area (all 7 membrane columns-Via_7) to the smallest area (only a single 

membrane column at the centre -Via_1) (see Figure 2.1). 

In both experimental campaigns, the static bed height was kept identical to the 

total membrane height (40 cm). An example of experimental series is shown in Table 

3.1, presenting gas extraction fractions, the superficial gas flow rate (inflow), and the 

outlet flow rate (outflow) (using Eq. 3.1). The inflow indicates the amount of gas fed 
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through the bottom distributor for fluidization, while the outflow indicates the amount 

of gas leaving the fluidized bed (similar to the reference case without gas extraction). 

The difference between the in- and out flow indicates the amount of gas extracted via 

membranes. Thus, the amount of gas extraction varies with different gas extraction 

fractions (i.e. 0.1, 0.2 and 0.3) and outlet superficial gas flow rates. The inlet superficial 

gas flow rate is adjusted from case to case according to the amount of gas extracted in 

order to maintain the outlet superficial gas flow rate equal to the reference case (In 

principle you could also fix the inlet superficial gas flow). 

In flow =
Out flow

1 − a
 3.1 

where a is gas extraction fraction (0 ≤  a  ≤ 1) 

Table 3.1 Sample summary of the experimental series for different particle size 

distribution (from bubbling to turbulent fluidization) 

 

Reference (outflow) [L/min] 

Inflow [L/min] 

10 % [a=0.1] 20 % [a=0.2] 30 % [a=0.3] 

10.0 11.1 12.5 14.3 

40.0 44.4 50.0 57.1 

80.0 88.8 100.0 114.3 

140.0 155.6 175.0 200.0 

240.0 266.7 300.0 342.9 

320.0 355.6 400.0 457.1 

      

Data processing  
The absolute pressure fluctuation intensity in the membrane-assisted fluidized 

bed was measured in the time domain with 50 Hz frequency (different sampling 

frequencies were tested and the results were somehow similar). The standard 
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deviation of a given pressure fluctuation signal p(t) is determined mathematically as 

follows:  

 σp  = � 1
N−1

∑ (p(t) − p�)2N
t=1  

3.2 

where  

p� =
1
N
�p(t)
N

t=1

 
3.3 

p(t) is time series of the pressure fluctuation signal, p�  is the mean of p(t), and N 

represents the number of data points.    

The standard deviation in the pressure fluctuations has been widely accepted 

as a measure for bubble behaviour in fluidized beds and has been extensively used to 

demarcate flow regime transitions. In the next sections of this chapter, the standard 

deviation in the pressure signal as a function of the superficial gas velocity in a 

membrane-assisted fluidized bed is discussed in detail for different operational 

conditions.  

An example of the pressure signals collected at three different positions in the 

bed is shown in Figure 3.1. Figure 3.1a shows the typical spectrum of absolute pressure 

fluctuation (without gas extraction) as a function of time (180 s) measured at the 

fluidization velocity of 0.85 m/s which is close to the transition velocity. The similarity 

between the pressure signals from the different measurement positions is more clearly 

visible in Figure 3.1b in which only shows a time interval of 10 s. To better quantify the 

similarity between the results from the three different measurement positions, Figure 

3.1c & d show the corresponding standard deviation as a function of the superficial 

velocity without and with gas extraction at the three different locations. As can be seen 

from the figure that the point of the maximum standard deviation in the absolute 

pressure fluctuation (critical velocity) at different locations from the distributor reveal 

similar results. Only one pressure measurement position (at a height of 0.3 m) can 

therefore safely be used for the remainder of the study. 
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Figure 3.1 The spectrum of absolute pressure fluctuations measured at a superficial velocity of 0.85 m/s for 

time intervals of a) 180 s and b) 10 s; and the standard deviation of absolute pressure fluctuations as a 

function of superficial velocity (at three different measurement locations) (c) without gas extraction and (d) 

20% of gas extraction (for particle size of 180-212 µm)  

Flow regime transition velocity  
Before the detailed discussion on the effect of gas extraction through the 

membranes on the apparent critical (onset) velocity, a comparison of the flow regime 

transition velocity of the reference case (without gas extraction) for each particle size 

with available literature data is presented. Figure 3.2 shows the standard deviation of 

the absolute pressure fluctuations as a function of the fluidization velocity (without gas 

extraction) for the three different particle sizes as measured by a pressure probe 

located at the axial position of 0.3 m. The influence of particle sizes has been widely 

studied by many authors [10, 28, 30-35] and the experimental result of this work is in 

(b)

(c)

(a)

(d)
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line with their prediction showing that bigger particles have a higher transition velocity. 

The measured critical velocities were then compared with different correlations found 

in the literature. Figure 3.2b shows the relation between the Reynolds number at the 

critical transition velocity (Rec) and the Archimedes number (Ar). The correlation 

equations used for this comparison are shown below:  

Bi and Grace (APF data) [18] Rec = 0.565Ar0.461 3.4 

Leu and Lan (APF data) [35] Rec = 0.568Ar0.578 3.5 

Yang and Leu (APF data) [36] Rec = 0.837Ar0.487 3.6 

 

 

Figure 3.2 a) Standard deviation of the absolute pressure fluctuation as a function of superficial gas velocity 

at 0.3m height of the column (no gas extraction) b) comparison of the transition velocity of this experimental 

work with correlations from literature (70-110, 180-212, & 400-600 µm) 

The Rec obtained from this study (for the three particle sizes used) showed a 

very good agreement with the correlation by Bi et al. [18], whereas the other 

correlations, Yang and Leu [36], Leu and Lan [35], over-predict the critical velocity 

(Rec) found in this study. Moreover, it is worth mentioning that the reactor size also 

plays an important role in the transition velocity, as the geometry may affect the bubble 

size and rise velocity, which in turn influences the transition velocity (The transition 

velocity may depend on the selected particle type and geometry; however, the main aim 

of this study is to show the change in transition velocity as a function of gas extraction 

fraction via membranes can be correlated to the densified zone). The influence of the 

(a) (b)
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reactor size is more pronounced for smaller bed sizes (column diameter or width) but 

is insensitive for larger beds (tube diameter larger than 0.2 m). The transition velocity 

decreases with decreasing column width and diameter for smaller beds [11, 31].      

Influence of gas extraction  
Figure 3.3 shows the standard deviation in the absolute pressure fluctuations 

(APF) at a bed height of 0.3 m above the distributor using a particle size distribution 

of 180-212 µm as a function of the superficial gas velocity for (a) different gas extraction 

fractions and (b) different extraction locations through the vertical membranes. It can 

be seen that, for all the cases, the standard deviation in the pressure fluctuation shows 

a clear peak. However, the position of this peak shifts to lower superficial gas velocities 

as the gas extraction fraction is increased. The difference in the measured critical 

velocities is substantial, varying between 0.88, 0.82, 0.41, and 0.32 m/s for 0, 0.1, 0.2 

and 0.3 extraction fractions respectively. The observed shift in the critical transition 

velocity caused by gas extraction through membranes does not indicate a shift in the 

transition from the bubbling to the turbulent regime, but rather the establishment of a 

regime characterized by the formation of densified zones. This transition to the 

densified zone regime is illustrated in Figure 3.4, which shows snapshots presenting 

typical bed structures in the densified regime (Ug =1.5Uc) for a particle size distribution 

of 180-212 µm. Increased densified zone formation is clearly visible as the gas 

extraction fraction is increased from 0 to 0.3. The densified zone formation can be 

attributed to the drag force applied by the gas extracted through the membranes on the 

particles which are consequently dragged towards the membrane wall (see Chapter 2). 

The higher the gas extraction, the larger the densified zones formed. When densified 

zones are established, a large part of the fluidizing gas slips through a relatively stable 

channel in the centre of the bed, which explains the global decrease in the standard 

deviation of the absolute pressure fluctuations as shown in Figure 3.3. 

On the other hand, the effect of the gas extraction location on the maximum 

standard deviation in the absolute pressure fluctuations becomes noticeable only when 

the extraction takes place from large areas (Figure 3.3b). The transition velocity 

decreased by around 50% when all 7 or 5 membrane columns were used, whereas 
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extraction from 1 or 3 membrane columns caused a very limited decrease in the 

transition velocity. It is therefore clear that only extraction from relatively large areas 

can cause the formation of sufficiently large densified zones to completely alter the bed 

dynamics. 

 
Figure 3.3 Standard deviation in the absolute pressure as a function of the superficial gas velocity at 0.3 m 

height of the column: a) for different gas extraction rates b) for different gas extraction locations with 20% 

gas extraction rate (180-212 µm) 

 
Figure 3.4 Typical images of the fluidizing bed for: a) without extraction b) 10% of extraction c) 20% of 

extraction and d) 30% extraction (particle size: 180-212 µm, superficial velocity of  𝟏𝟏.𝟓𝟓 ∙ 𝐔𝐔𝐜𝐜) 

The sudden change in bed behaviour, when changing from extraction through 

3 membrane columns to 5 membrane columns, is related to the position of the densified 

zone formation (see Chapter 2). When extracting through 5 or 7 membrane columns, 

densified zones naturally form at the walls, while the gas channels through the centre. 

(a) (b)
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This is a relatively stable flow situation since the gas naturally tends to rise in the centre 

of the bed and the densified zones are stabilized by the walls. The result is a fairly stable 

channelling of gas between relatively stable densified zones at the walls, which limits 

the amount of pressure fluctuation in the bed. When extracting through 1 or 3 

membrane columns, on the other hand, the densified zones are forced to form in the 

centre of the column. This is an inherently unstable flow situation where the densified 

zones are obstructing the natural central channelling of the bed and are not stabilized 

by the side walls. The result is repetitive formation and destruction of densified zones, 

which maintains a relatively high degree of pressure fluctuation in the bed. 

 

 

Figure 3.5 Standard deviation in the absolute pressure fluctuation as a function of superficial gas velocity for 

a) 70-110 µm, b) 180-212 µm, c) 400-600 µm particle size distributions, and d) the ratio of critical and 

(a) (b)

(c) (d)
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minimum fluidization velocity as a function of gas extraction fraction. Gas was extracted through all 7 

membrane columns 

The magnitude of the shift in the transition velocity caused by gas extraction 

through the membranes was found to increase sharply with a decrease in particle size 

(see Figure 3.5). This effect can be better visualized by plotting both the ratio of the 

transition velocity to the minimum fluidization velocity for each particle size and the 

excess gas velocity (Uc − Umf) against the gas extraction fraction. As can be seen in 

Figure 3.5d, the transition velocity is highly sensitive to the gas extraction for the 70-

110 µm particles, but almost insensitive to the gas extraction for 400-600 µm particles. 

A similar trend is observed when the excess gas velocity is plotted as function of gas 

extraction fraction (see Figure 3.6). These results can be explained by noting that the 

drag force increases with decreasing particle size. Small particles are therefore more 

easily dragged towards the wall by the extracted gas through the membranes, leading 

to easy formation of densified zones (as explained in Chapter 2). 

 
Figure 3.6 Excess gas velocity as a function of gas extraction fraction for different particle sizes. Gas was 

extracted through all 7 membrane columns 

Densified zone formation  
In Chapter 2, the effect of gas extraction through membranes on the bubble and 

emulsion phase behaviour has been studied both experimentally and numerically. It has 

been shown that both gas and solids velocity profiles are altered by gas extraction 
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through membranes, which was found to have a direct impact on the reactor 

performance. In this study, a further investigation on the formation of densified zones 

due to gas extraction through membranes has been carried out. The purpose of this 

study is to validate the pressure fluctuation technique as a useful tool to detect the 

transition velocity towards densified zone formation using PIV measurements.   

A simple example of the detection of densified zones through particle velocity 

measurements is shown in Figure 3.7. The lateral profile of the solids velocity shows 

the standard pattern with solids rising in the centre and falling at the walls when the 

fluidization velocity is below the transition velocity. At the transition velocity and 

beyond, however, the formation of stable densified zones at the side walls reduces the 

downwards flow at the wall and causes stable channelling in the centre of the bed 

(visible in Figure 3.4 ). This more stable flow situation will result in a reduction in the 

pressure fluctuations measured in the bed. 

 
Figure 3.7 Lateral profile of time-averaged solid velocity at three different fluidization regimes (for 180-212 

µm particle size distribution and 0.2 gas extraction fraction though all membranes); the profile was averaged 

over the top half of the bed where densified zone formation is most prominent 

In addition, a quantitative analysis of the effect of gas extraction through 

vertical membranes on the extent of densified zones has been performed. The fraction 

of bed area covered by densified zones as a function of the fluidization velocity for 

different gas extraction fractions has been determined to quantify the extent of 
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densified zones. A criterion was set on the particle velocity for identifying the densified 

zones as follows:   

−γ ≤ vi ≤ γ 3.7 

where, 𝑣𝑣𝑖𝑖 is the local instantaneous particle velocity and 𝛾𝛾 is the threshold 

value (0.08 m/s). The value of the threshold parameter was chosen based on some 

sample histogram profiles, derived from a sensitivity analysis, in which only positive 

particle velocities are shown (Figure 3.8). The threshold of 0.08 m/s was selected based 

on the histograms (Figure 3.8), especially the ones at Uc and 1.5Uc where the presence 

of densified zones was more pronounced; a clear change in the histogram of the 

instantaneous particle velocities corresponds to a velocity of 0.08 m/s. The same 

threshold was used for the reference case without gas extraction, which showed an 

almost constant extent of densified zones for different fluidization velocities.  

A Matlab script was developed to process instantaneous particle velocity maps 

identifying the areas of the bed with low particle velocities meeting this criterion. The 

identified areas are summed up to calculate the total area, 𝑎𝑎𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑, covered by densified 

zones in each instantaneous particle velocity map (it should be noted that the velocities 

of bubble areas were excluded from this procedure). The time averaged ratio of the area 

of densified zones to the total area of the fluidized bed is then defined as the extent of 

densified zones.  

Adensified zones

Astatic bed
=

∑ adens
Nt ∙ h ∙ d

∗ 100% 
3.8 

Where, Nt is the total number of images, h is the height of the bed under static 

conditions (from the distributor to the end of membrane height), and d is the width of 

the bed. 
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Figure 3.8 Sample histogram profiles of instantaneous particle velocity (before correcting particle raining 

through bubbles) at: 𝟎𝟎.𝟓𝟓 ∙ 𝐔𝐔𝐜𝐜 (left), 𝐔𝐔𝐜𝐜 (middle), 𝟏𝟏.𝟓𝟓 ∙ 𝐔𝐔𝐜𝐜  (right) (for 180-212 µm) 

Figure 3.9 shows the extent of densified zones calculated for the different 

superficial gas velocities centred around the critical transition velocity (± 60 % of Uc 

and Uc + 1.06Umf) as determined by the standard deviation in the pressure fluctuations 

(six superficial gas velocities were taken as shown in Table 3.2). The results in Figure 

3.9a are shown for a case with 0.3 gas extraction fraction and are compared to the 

reference case without gas extraction. The plots of the extent of densified zones are 

superimposed onto the plots of standard deviation in the absolute pressure as a 

function of the superficial fluidization velocity. The extent of densified zones remained 

low and insensitive to the fluidization velocity for the reference case without gas 

extraction. Bed areas satisfying the criterion in Eq. 3.7 in this case do not represent 

stable densified zones, but rather areas which are momentarily at low velocities due to 

the transient nature of the bed dynamics. When 0.3 gas extraction fraction was applied, 

the extent of densified zones increased from around 20% at low fluidization velocities 

(bubbling regime) to 45% for fluidization velocities beyond the transition velocity. A 

sharp increase in the extent of densified zones is observed at the transition velocity 

indicating a step change in the fluidization dynamics from bubbling fluidization to 

stable densified zones with central gas channelling. A step change in the extent of 

densified zones can also be observed at low fluidization velocities. This may indicate 

the initial formation of unstable densified zones which dynamically form and break up. 

These densified zones do not fundamentally alter the bed behaviour. 

The data in Figure 3.9b depicts that, as the gas extraction rate increases, the 

extent of densified zones increases while shifting the sharp transition to the densified 
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zone regime towards lower superficial gas velocities. The largest step change in the 

extent of densified zones always corresponds to the transition velocity identified via 

pressure measurements. Thus, it is clear that gas extraction through membranes plays 

a key role in the formation of densified zones and that the transition to a stable densified 

zone regime occurs suddenly. This sudden regime change can be reliably detected as a 

peak in the standard deviation of the absolute pressure as highlighted in the previous 

section. 

Table 3.2 Summary of measured velocities for the analysis of the extent of densified zones (180-
212 µm) 

Gas extraction fractions (-) Measured velocities (m/s) 

 

0  

0.1 

0.2 

0.3 

0.4 ∙ Uc 

0.4 ∙ (Uc + 1.06 ∙ Umf) 

Uc 

Uc + 1.06 ∙ Umf 

1.6 ∙ Uc 

1.6 ∙ (Uc + 1.06 ∙ Umf) 

 

 
Figure 3.9 a) Standard deviation and extent of densified zone (solid line) and b) extent of densified zones as 

a function of the superficial gas velocity for 180-212 µm particle size distributions 

Figure 3.10a gives a clear indication of the increase in the extent of densified 

zones as a function of the gas extraction fraction at the corresponding transition 

(a) (b)
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velocity. This data can be used to recalculate the fluidization velocity by excluding the 

area covered by the densified zones (assuming that no gas flows through the densified 

zones); i.e. the total area of identified densified zone was subtracted from the total area 

of the bed under static conditions to recalculate the apparent gas superficial velocity 

(from the newly apparent fluidization area). In other words, the stable densified zones 

forming at the side walls of the domain are considered as impermeable obstructions, 

causing the gas to accelerate through the narrowed central channel created by these 

densified zones. This procedure showed that the recalculated transition velocities 

determined with gas extraction through membranes get close to the reference case 

(without gas extraction) when the densified areas are excluded in the analysis of the 

critical velocity. This indicates that the gas superficial velocity in the stable central 

channel between densified zones is sufficiently high to achieve turbulent fluidization. 

 

Figure 3.10 a) Extent of densified zone as a function of gas extraction fraction at the corresponding critical 

velocity, b) standard deviation of the absolute pressure fluctuation as a function of the recalculated superficial 

gas velocity (for the 180-212 µm particle size distribution) 

Summary and conclusions  

In this chapter, the mechanism of detecting densified zone formation in flat 

membrane fluidized bed reactors due to the gas extraction via membranes have been 

explored. A pseudo 2D experimental fluidized bed setup was used, equipped with a 

multi-chamber area with porous plates mounted at the bottom of the back plate of 

column, in order to mimic vertically inserted membranes. Gas can be extracted in 

(a) (b)
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specific areas through the porous plates thus allowing investigating the effect of gas 

extraction rates and the location of the gas extraction on the fluidization behaviour. The 

fluidized bed column has a glass plate on the front to allow visual access and enable 

application of non-invasive visual techniques to study the bed hydrodynamics. 

Gas extraction through membranes was found to shift the maximum standard 

deviation in the pressure fluctuations (standard indicator of a transition to turbulent 

fluidization) to lower fluidization velocities. This shift was found to occur when gas is 

extracted from large membrane areas (from 5 or all 7 available membranes). Extraction 

from a large membrane area caused the formation of stable densified zones at the walls 

with gas channelling through the centre. This flow situation would have a significant 

detrimental effect on the reactor performance by inducing significant mass transfer 

limitations. Use of smaller particle sizes further amplified this effect since smaller 

particles experience a stronger drag force towards the membrane plates. When gas was 

extracted from the centre of the bed (1 or 3 central membrane columns), this effect was 

not observed as stable densified zones could not form in the centre of the bed. 

Flow visualization confirmed that the shift in the transition velocity is due to 

densified zone formation caused by gas extraction through the membranes. The 

maximum in the pressure fluctuations corresponded to a sudden increase in the extent 

of densified zone formation quantified via particle image velocimetry, indicating the 

sudden formation of stable densified zones at the side walls of the bed. This flow 

situation should be avoided in membrane-assisted fluidized bed reactors and can be 

detected by determining the critical transition velocity and comparing it to the 

(theoretical) turbulent transition velocity. If the measured transition velocity is 

substantially lower than the turbulent transition velocity, densified zone formation may 

occur with consequent detrimental effects on the reactor performance. 

Although tubular vertical membranes will be used in the MA-GSR reactor 

concept (presented in Chapter 5), the knowledge gained in this chapter and Chapter 2 

concerning the densified zone formation in membrane reactors will be used as an input 

for the integration of membranes in the GSR fluidized bed. The characteristics observed 

in this chapter such as the extent of densified zones associated depending on the 
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configuration of the membranes, and the effect of fluidization velocity and permeation 

rate will be considered in the design of the MA-GSR concept demonstrated in this thesis 

(see Chapter 5).      
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S.A. Wassie, F. Gallucci, A. Zaabout, S. Cloete, S. Amini, M. van Sint Annaland “Hydrogen 

production with integrated CO2 capture in a novel Gas Switching Reforming reactor: 

Proof-of-concept”. International Journal of Hydrogen Energy 42 (2017), 14367-14379. 

Abstract 

The GSR concept uses a cluster of fluidized bed reactors which are dynamically operated 

between an oxidation stage and a reduction/reforming stage. Both oxygen carrier 

reduction and methane reforming take place during the reduction stage. Conventionally, 

reforming technologies are designed for operation at higher temperatures (above 800 °C), 

however, the optimal operating conditions for MA-GSR concept in terms of reforming 

efficiency are at moderate temperatures (600-700 °C). Therefore, the performance of the 

switching reactor, especially the oxygen carrier/catalyst, before the integration of the 

membranes into the fluidized bed at optimum temperature was investigated. This chapter 

presents, the performance of the GSR reactor compared with thermodynamic equilibrium 

at moderate temperatures. Results have shown that thermodynamic equilibrium is indeed 

achieved under steam-methane reforming conditions. First, a two-stage GSR 

configuration was tested, where CH4 and steam were fed during the entire reduction stage 

after the oxygen carrier was fully oxidized during the oxidation stage. In this configuration 

a large amount of CH4 slippage was observed during the reduction stage. Therefore, a 

three-stage GSR configuration was proposed to maximize fuel conversion, where the 

reduction stage is completed with another fuel gas with better reactivity with the oxygen 

carrier, e.g. PSA-off gases, after a separate reforming stage with CH4 and steam feeds. A 

sensitivity analysis of the GSR process performance for different variables was carried out 

and discussed. The information gained in this chapter will be used for the final 

demonstration of the concept.  

Gas Switching Reforming reactor concept 
demonstration 
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Introduction 

Chemical Looping Reforming technology (CLR) has been identified as one of 

the most promising and possible technological strategies for hydrogen production with 

integrated CO2 capture under the CCS route  [5-7]. CLR is carried out with two 

interconnected fluidized bed reactors, designated as air and fuel reactors (see Chapter 

1), where an oxygen carrier material (metal or metal oxide) transfers oxygen from the 

air reactor to the fuel. In this CLR process, the oxygen carrier material also acts as a 

catalyst for the endothermic steam-methane reforming reaction. CLR achieves inherent 

separation of CO2 and N2 (from air) with a much lower energy penalty than more 

conventional CO2 capture processes [5, 8, 9]. In the CLR process, natural gas is 

converted into syngas via the SMR reaction, after which the products undergo 

additional steps, like water-gas-shift (WGS) and pressure swing adsorption (PSA) units 

in order to obtain a pure hydrogen stream [7, 10]. 

High-pressure operation is, however, a prerequisite for the demonstration of 

chemical looping technologies to achieve competitive overall energy efficiencies [11, 

12]. However, scaling-up of pressurized fluidized bed-based chemical looping 

technologies has been slow, primarily due to technical challenges related to the 

circulation of solids between the reactors (especially in the operation of the loop seals) 

and separation of solids from the gas streams at high temperatures and pressures. To 

the authors' knowledge, only one study on pressurized Chemical Looping Combustion 

(CLC) in interconnected fluidized beds has been completed to date [13]. This study was 

carried out at moderate pressures (5 bars) without a pressure shell and used ovens 

around the reactors for temperature control.   

In order to simplify scale-up and process control, and following the 

demonstration of CLR in dynamically operated packed beds [6], we have proposed that 

the CLR process be carried out in a single fluidized bed reactor, called Gas Switching 

Reforming reactor (GSR), where the oxygen carrier material is periodically exposed to 

fuel and air streams. This concept has already been experimentally demonstrated [11, 

14] and thermodynamically evaluated [15] at lower pressure for the CLC process and 
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this chapter extends the concept to the reforming application. In the next section, an 

overview of the GSR concept is given. 

Gas Switching Reforming reactor  
The Gas Switching Reforming (GSR) reactor integrates steam methane 

reforming and CO2 capture in a single process unit. The GSR reactor operates in a 

transient manner, where a single fluidized bed reactor filled with an oxygen carrier 

material acting both as a catalyst and as a heat/oxygen carrier, is alternatively exposed 

to reducing and oxidizing conditions via periodic switching of the gas feed streams (as 

shown in Figure 4.1). The oxidation and the reduction stages are separated with a short 

purging stage with an inert gas to ensure that air is never in direct contact with fuel. 

Although designed for gas fuels, the GSR could also be used with solid and liquid fuels. 

 

Figure 4.1 Schematic illustration of the GSR system 

In this chapter, the feasibility of the GSR concept is demonstrated in a lab-scale 

bubbling fluidized bed reactor. An investigation of the effect of important GSR process 

parameters on the maximum temperature rise in the bed was carried out to ensure that 

the bed temperature does not exceed the maximum operating temperature tolerated 

by the oxygen carrier. The reactor setup, the working principle of GSR and the 

Depleted Air CO2 + H2O

CH4 + H2OAir
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experimental results are discussed in the following sections. In the discussion part, 

sample redox cycles are presented to illustrate the phenomena occurring in the process 

and to validate the process description. In addition, a parametric study on the effects of 

the oxygen carrier utilization and the reduction temperature on the GSR performance 

was carried out. The knowledge obtained in this study will be used for the MA-GSR 

concept demonstration presented in Chapter 5 of this thesis.   

Methodology  

Experimental setup  
Experiments were carried out in a laboratory reactor designed and constructed 

for GSR applications. Figure 4.2 shows a schematic drawing of the overall experimental 

layout used in this study. The reactor comprises three main parts: a vertically mounted 

cylindrical reactor with a height of 1 m and diameter of 0.1 m, a truncated conical 

freeboard (with bottom and top diameters of 10 and 36 cm, respectively) placed at the 

top of the reactor to prevent particle losses, and a cyclone (40 mm of body diameter) to 

collect fines in case of any possible elutriation. An additional 40 micron filter was placed 

at the exit of the reactor to prevent infiltration of finer particles (which may form due 

to fragmentation/attrition) from the reactor to the gas analyser. A porous plate with 40 

micron pore size and 7 mm thickness placed at the bottom of the reactor was used as a 

gas distributor. A tracing element (a heating band) was placed at both the inlet and exit 

piping of the reactor to prevent steam condensation. A condenser was placed after the 

cyclone to cool down the stream of hot gases before it is sent to the gas analyser and to 

the vent. In addition, the setup is equipped with an external electric heater (tube 

furnace), with three heating zones (3x3200 W) and with a maximum temperature of 

1000 °C (from ELICRA), in order to heat up the reactor to the desired initial operating 

temperature. Each of the three heating zones can be controlled independently, which 

allows full control of the heat supply to the chosen regions along the reactor height. 

Insulation with 16 cm thickness is placed on the outer-side of the reactor and heater to 

maintain the heat in the system. 
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Figure 4.2 Schematic overview of the GSR setup 

Five mass flow controllers (Bronkhost BV) and a diaphragm metering pump 

(STEPDOS 03RC) with evaporator (to generate steam) are used to control the feed gases 

to the reactor. All the gas lines are connected to a three-way electric valve which is 

mounted before the distributor to switch between the feed gases; nitrogen and other 

gases (CH4, CO/H2 and H2O) are connected to the same pipe-line, while air is fed through 

a separate line to prevent any direct contact between fuel and air. The gas outlet 

streams of the reactor during the reduction stage were drawn to an online IR/TCD gas 

analyser (s710 series from Sick-Maihak-AG) to measure the gas composition 
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continuously, i.e.  the mole fractions of CH4 (0-5%), CO2 (0-5%), CO (0-20%) and H2 (0-

40%). Dilution of the outlet gas stream with nitrogen fed through a separate line was 

applied to ensure that the concentrations were within the operational ranges of the 

analyser. The amount of N2 used for dilution was controlled by a mass flow controller 

and the flow rate of diluted gas composition was also measured right before the gas 

analyser to recalculate the actual outlet gas concentration. 

During the air stage operation, the outlet streams of the reactor (O2, and CO or 

CO2 if there was any carbon deposition during the reduction stage) were measured 

using a mass spectrometer from MKS Instruments Inc. Reactor operation was 

monitored using thermocouples and pressure transducers (the latter being capable of 

withstanding up to 250 °C) mounted at different locations in the reactor. The bed 

temperature was measured at two axial locations, one at 5 cm and the other at 10 cm 

from the distributor, using two type K thermocouples inserted into the reactor from the 

top. Temperature variations at these two points were followed throughout the 

experiments and used to indicate the start and end of the redox cycles as will be 

explained in the next sections. In addition, the absolute pressure at the inlet (before the 

distributor) and exit of the reactor was measured continuously during the experiments 

to detect any unexpected loss of particles (caused by elutriation) or blockage of the pipe 

lines due to defluidization (sintering/agglomeration), as described in Chapter 3. 

Description of experiments  
In this study, a highly active oxygen carrier manufactured via spray drying by 

VITO was used. The oxygen carrier is based on NiO particles supported on Al2O3, and 

the particle size cut-offs D10, D50, and D90 were measured to be 117.4, 161.7 and 231.3 

µm respectively. The oxygen carrier had a loosely packed density of 1950 kg/m3 and a 

tapped density of 2166 kg/m3, and consisted of around 37% free NiO (based on weight) 

sites which are available for reaction. This oxygen carrier has been successfully tested 

for chemical looping combustion in previous studies [11, 16], and was chosen for 

reforming due to its high catalytic activity. It should however be emphasized that the 

selection of an optimal oxygen carrier is out of the scope of this study; the main aim is 

to demonstrate the experimental feasibility of the GSR concept. 
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Steam-methane reforming reaction tests were performed under different 

operating conditions. The reactor was first heated up externally to an initial working 

temperature called “target temperature (temperature at the start of reduction)” before 

the start of the gas switching experiments. The autothermal operation of the GSR 

process is then completed while the heaters are turned off; the gaseous fuel is fed first 

into the reactor during the fuel stage for completing the oxygen carrier reduction and 

steam-methane reforming reactions. This is followed by feeding the reactor with air for 

a certain period of time, called “air stage” to oxidize the oxygen carrier and bring back 

the bed to the target temperature. About one minute of purging with nitrogen was 

applied between the air and fuel stages to prevent direct contact between fuel and air. 

In all the experiments conducted in this study, the total solids inventory in the reactor 

was about 2.4 kg of solid oxygen carrier material.  

Three experimental campaigns have been carried out in the current study. In 

the first one, external heat supply was applied to investigate the performance of the 

bubbling fluidized bed GSR reactor in terms of methane conversion, carbon monoxide 

and hydrogen selectivity (reforming conditions), under different operating 

temperatures and gas feed rates. The results were compared with thermodynamic 

equilibrium predictions. In these experimental series, the oxygen carrier was first 

completely reduced with hydrogen, and then CH4 and steam were fed to carry out the 

reforming reaction. In the second experimental campaign, autothermal operation of 

GSR reactor concept was completed with two stages of reactions; air stage (oxidation) 

and fuel stage (simultaneous gas-solid reduction and reforming reactions). The GSR 

cycle time was fixed so that the degree of oxygen carrier utilization (percentage of the 

fully reduced oxygen carrier being oxidized in the air stage) reached 60%. Methane and 

steam were supplied during the entire fuel stage. Based on the experimental results in 

Campaign 2, a third experimental campaign was designed, where the GSR cycle was 

divided into three stages instead of two: called oxidation (air stage), reduction (fuel 

stage) and reforming (fuel and steam) stages. In this campaign, experiments were 

performed by varying two independent variables: the target temperature and the 

degree of oxygen carrier utilization. 
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Two stage vs. three stage operations  
In the two stage GSR operation, the bubbling fluidized bed reactor was first 

heated to a desired target temperature, after which two stages of reactions, an air stage 

and a fuel stage with a fixed partial oxidation state of the oxygen carrier were carried 

out. First, the oxygen carrier was oxidized with air (for a certain degree of oxygen 

carrier utilization), and subsequently methane together with steam were supplied 

during the entire fuel stage. This two stage GSR reactor cycle is similar to the traditional 

CLR (with standard oxidation-reduction of the oxygen carrier material) cycle. On the 

other hand, the three stage GSR operations distinctly separate the reaction stages: the 

oxidized oxygen carrier (with air) is first reduced with hydrogen (syngas can also be 

used) and then the third reforming stage follows (when the oxygen carrier becomes 

sufficiently reduced) where traditional steam-methane reforming over a catalyst is 

carried out using the heated oxygen carrier material. In terms of process applicability, 

this three-stage operation distinguishes the GSR concept from the CLR concept where 

reduction and reforming take place simultaneously in the fuel reactor. The three stages 

GSR and traditional CLR processes deliver different output characteristics of final 

products. The first two stages of the three stage GSR reactor cycle include the standard 

reduction-oxidation cycle, while the third stage involves pure reforming reaction which 

makes the process more attractive for pure hydrogen production. Further detailed 

descriptions of the operational mechanism can be found in the concept demonstration 

section. 

GSR reactions  
The GSR process involves several chemical reactions which can be divided into 

three main groups: oxidation of the oxygen carrier, reduction of the oxygen carrier and 

catalytic reactions. The main reactions are shown below with distinct sub-divisions: 

Oxidation of the oxygen carrier (during the air stage) (R 4.1): 

2Ni + O2 ↔ 2NiO                                                 ∆H0
298K = −479.4 kJ/mol 4.1 

Reduction of oxygen carrier (gas-solid reaction during the reduction stage) (R 4.2-R 

4.4) with methane and syngas (reformed methane):  
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CH4 + 4NiO ↔ 4Ni + CO2 + 2H2O   ∆H0
298K = 156.5 kJ/mol 4.2 

H2 + NiO ↔ Ni + H2O     ∆H0
298K = −2.1 kJ/mol 4.3 

CO + NiO ↔ Ni + CO2     ∆H0
298K = −43.3 kJ/mol 4.4 

Solid catalysed reactions (during the reforming stage) based on [3, 17]: 

Steam-methane reforming (R 4.5): 

CH4 + H2O ↔ CO + 3H2      ∆H0
298K = 206.2 kJ/mol 4.5 

Water-gas shift (R 4.6): 

CO + H2O ↔ CO2 + H2      ∆H0
298K = −41.2 kJ/mol 4.6 

Overall steam-methane reforming (R 4.7): 

CH4 + 2H2O ↔ CO2 + 4H2     ∆H0
298K = 165 kJ/mol 

 

4.7 

Where, R 4.7 is the sum of R 4.5 and R 4.6.   

Data evaluation  
The degree of oxygen carrier utilization during the air stage can be calculated 

as follows (with oxidation starting from the maximum reduction state of the oxygen 

carrier): 

X =
2

NNi
� (FO2,in − FO2,out)dt
t1

t0
 

4.8 

where t0 and t1 are times at the start and end of the air stage, NNi is the number of moles 

of active Nickel in the fully reduced oxygen carrier, and FO2,in and FO2,out are the molar 

flow rates of oxygen at the inlet and outlet of the reactor. This theoretical value was also 

confirmed by separate thermogravimetric (TGA) tests performed at different times 

(during oxidation). These TGA tests are however not reported here. 

Furthermore, the performance of the GSR concept was evaluated by quantifying the 

following variables: 
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Methane conversion: 

XCH4 =
FCH4,in − FCH4,out

FCH4,in
 4.9 

where, FCH4,in is the molar flow rate of methane entering the reactor and FCH4,out is the 

molar flow rate of methane leaving the reactor (time-averaged over the entire 

reforming stage).   

Selectivity to carbon monoxide:   

SCO =
FCO,out

FCH4,in − FCH4,out
 4.10 

where, FCO,out is the molar flow rate of carbon monoxide leaving the reactor (time-

averaged over the entire reforming stage).    

Selectivity to hydrogen:  

SH2 =
FH2,out

4(FCH4,in − FCH4,out)
 4.11 

where, FH2,out is the molar flow rate of hydrogen leaving the reactor (time-averaged 

over the entire reforming stage).    

Temperature rise: GSR operates inherently in a transient manner, where the reactor 

temperature varies throughout the cycle as shown in Figure 4.4. A large temperature 

variation over the GSR cycle will result in low temperatures at the end of the reforming 

stage, leading to low methane conversion. The difference between the maximum 

working temperature (target temperature) and minimum temperature in every GSR 

cycle was therefore recorded and analysed. 

Results  

The results will be presented in three parts: 1) a brief overview on the 

performance of the bubbling fluidized bed reactor compared with thermodynamic 
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analysis, 2) an experimental demonstration of a full GSR cycle, and 3) a parametric 

study on the effect of different operating conditions on the GSR reactor performance. 

Reactor performance under SMR conditions 
Before the concept demonstration, the catalytic activity of the oxygen carrier 

in the bubbling fluidized bed reactor has been studied. In order to evaluate the reactor 

performance, the experimental results were compared to thermodynamic predictions 

using Aspen plus V8.6, for different temperatures (with 35 L/min of feed flow rate at 

atmospheric temperature and pressure) and fluidization velocities (at 700 °C). In all the 

cases, gas feeds with a steam-to-carbon ratio of 3, 20% volume fraction of methane and 

20% of nitrogen were used. Moreover, in all the experimental series reported in this 

chapter, N2 was used as internal standard for analysing the carbon balance. The 

temperature and fluidization velocity were varied from 500 to 800 °C and from 0.05 to 

0.08 m/s, respectively. In both cases, external heat supply was used to keep the reactor 

operating temperature constant.     

 
Figure 4.3 a) Methane conversion and fractional yield of H2 and CO for methane reforming at different 

temperatures (fluidization velocity of 0.074 m/s) b) methane conversion as a function of different fluidization 

velocities (temperature of 700 °C); S/C was 3; dotted-lines (thermodynamic equilibrium) and symbols (GSR) 

As can be seen in Figure 4.3, for almost all cases the thermodynamic 

equilibrium is reached in the bubbling fluidized bed reforming configuration. Figure 

4.3a shows the CH4 conversion and fractional yield of CO and H2 vs temperature; as 

expected, the methane conversion to H2 and CO increases with temperature. These 

(a) (b)
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results also verify that at these operating conditions, the performance of the GSR 

reactor was not significantly affected by kinetic or mass transfer limitations. Figure 4.3b 

shows only a slight deviation from the equilibrium methane conversion at higher 

superficial gas velocities.  

Demonstration of the GSR concept  
The bubbling fluidized bed reactor was first heated to a target temperature of 

700 °C, after which the GSR cycle experiment was performed. In this section, 

experiments were first performed with two stages of reactions, viz. an air stage and a 

fuel stage with a fixed partial oxidation state of the oxygen carrier. The oxygen carrier 

was oxidized in 6 min of air time (corresponding to 60% degree of oxygen carrier 

utilization), and subsequently methane together with steam were supplied during the 

entire fuel stage (12 min) with a constant fluidization velocity of 0.074 m/s.  

The typical GSR concept reactor behaviour is shown through the transient 

temperature (measured at two axial locations inside the bed; at 0.05 and 0.1 m above 

the plenum) and the reactor outlet gas composition over three GSR cycles (Figure 4.4). 

Virtual autothermal operation (due to the heat losses, the oven temperature was set at 

lower set-point than the operating temperature when the autothermal operation was 

carried out) of the GSR reactor was achieved by alternating air and CH4 (with steam) 

feeds into the bed during the two stages of GSR operation; the fuel stage (reduction and 

reforming) starts at a pre-specified target temperature after the oxygen carrier is 

heated up by the exothermic oxidation reaction. The reactor temperature drops 

gradually due to the endothermic reduction and reforming reactions (the heat losses 

from the reactor which contributed to the temperature drop is also included), but it 

increases back to the starting target temperature when air is fed during the oxidation 

stage (Figure 4.4a). It is also worth mentioning that the two thermocouples give similar 

temperature profiles, showing negligible temperature gradients in the fluidized bed 

and thus a very good thermal mixing of fluidized bed. 

Furthermore, the theoretical maximum temperature rise, using an overall 

energy balance (Eq. 4.12) (see Appendix B), was predicted to compare with the 

experiment at target temperature of 973 K and 60% degree of oxygen carrier 
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utilization. It is assumed that the oxidation stage starts from a fully reduced state, that 

all incoming oxygen is consumed and that the heat of the exothermic oxidation reaction 

is either removed by the gas or stored in the oxygen carrier. As a simplifying 

assumption, the average temperature of the gas exiting during the oxidation stage is 

taken as the average of the temperatures at the start and end of the oxidation stage; and 

the specific heat capacity of the solid (1.2 kJ kg-1K-1) and gas (1.1 kJ kg-1K -1) are assumed 

constant. 

Estart + Erxn − Egas = Eend 4.12 

where, Estart is the energy stored in the oxygen carrier at the start of oxidation, Erxn is 

the energy released by the oxidation reaction over the entire oxidation stage, Egas is the 

heat removed by heating the incoming air stream, and Eend is the energy stored in the 

oxygen carrier at the end of oxidation. The maximum theoretical temperature rise was 

found to be 575 °C, while the average experimental temperature rise is 62 °C. This 

significant temperature difference could be due to the larger material (the body of the 

reactor) heat capacity relative to the oxygen carrier and substantial heat losses to the 

insulation material.      

The transient outlet gas composition shows two sub-stages in the reduction 

stage (Figure 4.4b): conversion of CH4 to CO2 takes place in the first sub-stage by 

reaction with the oxidized oxygen carrier particles, while a large production of H2 takes 

place in the second sub-stage through the steam-methane reforming reaction. The 

reforming reaction is promoted as the oxygen content in the particles decreases, 

making free metallic nickel sites available to catalyse the steam-methane reforming 

reaction.  
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Figure 4.4 a) Transient temperature profile at reactor heights of 0.05 and 0.1 m above the plenum over three 

redox cycles and b) corresponding transient species volume fraction; I-Purging, II-Reduction/Reforming, III-

Oxidation. CH4 & steam (with S:C of 3) was used in the reduction stage at a target temperature of 973K 

Significant CH4 slippage is observed at the beginning of the fuel stage. Similar 

methane slippage has also been observed in other studies [14, 18, 19] during the 

reduction of NiO particles. This was explained by the fact that the conversion of CH4 to 

CO2 and H2O over NiO oxygen carriers proceeds via the splitting of CH4 to H2 and CO 

which combust immediately with the high content of oxygen available on the oxygen 

carrier. The lack of free Ni sites to catalyse the reforming reaction at the beginning of 

the reduction stage leads to this CH4 slip.  

Methane slip in the GSR concept can, however, be minimized by operating the 

GSR reactor in three stages instead of two. The first two stages comprise normal 

oxidation and reduction steps of the oxygen carrier, as found in the CLC configuration 

where a gaseous fuel with better conversion with NiO can be used for the reduction. 

The third stage is then a complete reforming process where methane and steam are fed 

to the heated metallic nickel, playing the role of a catalyst. 

(a) (b)
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Figure 4.5 GSR process integrated with conventional reforming process for pure hydrogen production 

When the final desired product is hydrogen, this three-stage configuration of 

the GSR concept can be used to replace the heating furnace and the reformer of the 

conventional steam-methane reforming process (Figure 4.5). In this case, the residual 

fuel (off-gas) from the Pressure Swing Adoption (PSA) unit can be recycled and utilized 

in the reduction stage of the GSR process [6]. This approach offers an inherent 

separation of CO2 through the standard CLC process (the first two stages of the GSR 

process; oxidation and reduction) for supplying the necessary heat to the next 

reforming stage, while it also provides a high degree of overall methane conversion by 

utilizing unconverted PSA off-gas fuel in the GSR reduction stage. 

Dedicated experiments were performed to illustrate the behaviour of the 

three-stage GSR. Figure 4.6 shows the transient temperature and species evolution in 

the three-stage GSR process. H2 was used as a reduction gas which was completely 
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converted, as shown in Figure 4.6b. The reduction/oxidation time ratio was 0.5, while 

the amount of hydrogen fed was adjusted based on the stoichiometry, meaning that the 

NiO was sufficiently reduced to metallic Ni before feeding CH4 and steam for the 

reforming stage. As there is very little or no oxygen available in the oxygen carrier 

during the reforming stage, the selectivity toward the production of hydrogen is very 

high.  

Unlike the two-stage GSR configuration (Figure 4.4), there was no sign of 

methane slippage. In addition, no steam is fed at the start of the reduction stage because 

this does not serve any purpose if all the fuel is combusted. The final CH4, CO and H2 

concentration (averaged over entire reforming time) corresponds well to 

thermodynamic equilibrium (at the corresponding averaged temperature). It is also 

imperative to add that due to a delay time in the downstream lines (between the reactor 

and gas analyser), as well as due to a relatively shorter cycle and some diffusion during 

the gas switching, the hydrogen concentration decreases slowly during the oxidation 

cycle.     

This three-stage operation distinguishes the GSR concept from the CLR concept 

where reduction and reforming take place simultaneously in the fuel reactor. The GSR 

process can be better defined as a steam-methane reforming GSC process. The first two 

stages in the GSR reactor cycle involve the standard oxidation and reduction of the 

oxygen carrier (GSC) and the third stage is the standard steam-methane reforming over 

the heated catalyst. These process stages make the GSR process more attractive for pure 

hydrogen production compared to CLR (further explanation can be found in summary 

and conclusions).  
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Figure 4.6 a) Transient temperature at reactor heights of 0.05 and 0.1 m over three redox cycles, and b) 

corresponding transient species volume fractions; I-Purging, II-Reduction, III-Reforming, IIII-Oxidation. H2 

was used as a reducing gas and CH4/steam (with S:C of 3) was used as reforming gas at a target temperature 

of 700 °C 

The transient temperature shows that the three stage GSR process achieves 

autothermal operation (the oven temperature was set at lower temperature than the 

operating temperature in order to decrease the heat losses), where the reactor 

temperature cycles between a pre-specified target temperature reached after the 

exothermic oxidation reaction and drops to reach a minimum at the end of the 

reforming stage (Figure 4.6a). As can be seen from the figure, a change in slope of the 

temperature profile during reduction and reforming is observed; this difference might 
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be due to the variance in the enthalpies of reactions, in density and specific heat 

capacity of the gas taking place in the two stages. 

Finally, it is worth mentioning that, as the GSR inherently operates in a 

transient manner, a single reactor will not be able to deliver a continuous stream of 

product gases. Hence, a cluster of multiple GSR reactors needs to be employed and 

operated at different stages (oxidation, reduction and reforming stages) of the reaction 

process to achieve a continuous steady state processing unit (see Chapter 6). 

Parametric study  
A parametric study on the effect of the oxygen carrier utilization and target 

temperature on the three-stage GSR reactor performance will be presented in this 

section. The effects of these two parameters on the CH4 conversion, the fractional yield 

of H2 and CO, the O2 concentration in the oxidation stage and the maximum temperature 

variation across the GSR cycle, are evaluated and discussed. As has been described in 

the experimental section, all the evaluated parameters were time-averaged over four 

complete redox cycles.                   

Effect of oxygen carrier utilization 
The oxygen carrier utilization was controlled by adjusting the duration of the 

air/fuel time. In this study, the fluidization velocity (0.074 m/s), target temperature 

(700 °C) and the oxidation:reduction:reforming ratio were kept constant at 2:1:3, while 

the reforming time was varied (Table 4.1). A longer cycle time means a longer oxidation 

and reduction time, which means higher oxygen carrier utilization.  

Figure 4.7 shows the effect of the degree of oxygen carrier utilization on the 

reactor performance (in terms of CH4 conversion and fractional yield of H2 and CO) and 

the corresponding reactor temperature (at the end of the reforming stage). The figure 

shows that at lower degrees of oxygen carrier utilization (shorter cycles), the CH4 

conversion and fractional yield of CO and H2 is higher, which is due to the fact that at 

shorter cycle times the reforming takes place at a temperature closer to the target 

temperature (Figure 4.8). 
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Table 4.1 Degree of oxygen carrier utilization and the corresponding cycle times used 

in the parametric study 

Degree of oxygen 

carrier utilization 

(%) 

Oxidation stage time 

(s) 

Reduction stage time 

(s) 

Reforming stage 

time (s) 

20  120 60 180 

30 180 90 270 

40 240 120 360 

60 360 180 540 

80 480 240 720 

94 600 300 900 

  

The positive effect of the small oxygen carrier utilization on the reactor 

performance, in terms of CH4 conversion, is however counter-balanced by the low CO2 

purity and capture efficiency which results from the gas mixing occurring when 

switching between the GSR stages. A longer cycle time reduces the relative length of the 

period of undesired gas mixing, thereby resulting in improved CO2 purity and capture 

efficiency. This trade-off between high efficiency at short cycles and high CO2 separation 

at long cycles was studied in more detail for the gas switching combustion process [15] 

(GSC: the combustion equivalent of GSR). A similar trade-off is expected in the case of 

GSR, although substantially higher CO2 avoidance (> 90%) will be achieved due to the 

long reduction/reforming stage, which renders the fixed time of undesired mixing after 

gas switching relatively short. The GSR reduction/reforming stage will be longer than 

the GSC reduction stage both because of the additional reforming stage and because of 

the high oxygen transfer capacity of NiO relative to ilmenite used in GSC.      

When the oxygen carrier utilization increases, the CH4 conversion and 

fractional yield of H2 and CO showed a slight reduction; this is due to the decrease in the 

reforming temperature resulting from the longer reforming stage and the cold feed 

gases which need to be heated up to the reactor operating temperature. A smaller 

decrease in the reactor temperature at the end of reforming stage is expected in an 
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industrial scale GSR due to reduced heat losses from the reactor. Preheating the inlet 

gas to the reforming stage via heat exchange with the hot N2 stream during the oxidation 

stage can compensate for the heat removal by the feed gases. The hot N2 stream can also 

be used to produce steam for the reforming stage.  

 
Figure 4.7 GSR reactor performance and temperature at the end of reforming stage (TER) as a function of the 

degree of oxygen carrier utilization; dotted-lines (thermodynamic equilibrium) and symbols (GSR) 

Another important factor to take into consideration when deciding about the 

oxygen carrier utilization (oxidation time), is the conversion of oxygen during the 

oxidation stage. High or complete conversion of oxygen is important to ensure that most 

of the produced heat in the reactor is used in the reduction/reforming stage, not 

removed by the unreacted oxygen (and nitrogen) in an unnecessary lengthy oxidation 

stage. As the reaction rate is initially fast, all the incoming oxygen is completely 

consumed during the shorter cycles (up to 40% oxygen carrier utilization). When the 

oxygen carrier utilization is further increased, however, the reaction slows down with 

some of the oxygen being released without reacting (Figure 4.8a). This is illustrated by 

the transient concentration profile (two redox cycles) for 80% of oxygen carrier 

utilization shown in Figure 4.8b; as can be observed in the figure, almost complete 

consumption of oxygen occurs for the first part of the oxidation stage, but significant 

oxygen slippage starts happening towards the end of the stage.  

As expected, the temperature rise in the oxidation stage increases as the 

oxygen carrier utilization is increased due to the larger heat release. It can, however, be 
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observed that the increase in the temperature rise with increased oxygen carrier 

utilization becomes less pronounced as O2 slip starts to occur; this results from the 

decrease in the heat generation rate through the exothermic oxidation reaction and the 

increased heat removal by the unconverted O2, leading to a reduced temperature rise. 

 
Figure 4.8 a) Average oxygen concentration over four cycles during the oxidation stage of GSR and the 

corresponding temperature rise, b) transient mole fractions of oxygen in two redox cycles for 80% oxygen 

carrier utilization and target temperature of 700 °C 

Effect of target temperature  
The influence of the target temperature (temperature at the start of reduction 

–TSR) on the temperature variation and reactor performance is evaluated and 

discussed in this section. This study was carried out for target temperatures ranging 

from 500 to 800 °C, while the degree of oxygen carrier utilization (60%) and the 

reduction/oxidation time ratio (0.5) were kept constant. Five redox cycles were 

performed using the three-stage GSR operational procedure.  

Figure 4.9b shows that the CH4 conversion and fractional yield of H2 and CO 

increased with increasing target temperature, simply because the reforming reaction is 

favoured at higher temperatures. Figure 4.9a shows that the average temperature rise 

over the redox cycles increases first and then flattens to a plateau value (about 60 °C) 

at higher target temperatures. The oxidation kinetics improves as the operating 

temperature increases, reducing the O2 slip and thereby resulting in a higher heat 

release during the oxidation stage.  

(a) (b)
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Figure 4.9 Effect of targeted GSR operating temperature (temperature at the start of reduction -TSR) on: a) 

GSR average temperature rise in the oxidation stage and corresponding temperature at the end of the 

reforming stage (TER), b) GSR reactor performance. 60% oxygen carrier utilization was used 

This phenomenon can be better illustrated by evaluating the local temperature 

variation of a single redox cycle (fourth cycle) as a function of time at different target 

temperatures (Figure 4.10). The oxidation stage is represented by the last part of Figure 

4.10, where the temperature difference rapidly reduces as the reactor is heated up to 

the target temperature. The gradient in the downwards slope is initially similar for the 

different cases, but then slows down for the lower temperature cases (500 and 600 °C) 

as O2 slip starts to occur. This is not the case for the 700 and 800 °C cases where oxygen 

conversion appears to be nearly complete and no further change in the maximum 

temperature rise is observed. This behaviour can also be explained by the fact that at 

higher target temperatures, the heat required by the endothermic reforming reaction 

is supplied by the external furnace, rather than by the oxygen presence of the oxygen 

carrier and therefore, the impact of the autothermal operation is greatly reduced. 

(a) (b)
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Figure 4.10 Influence of the target temperature (temperature at the start of reduction –TSR) on the local 

temperature variation during a reduction and oxidation cycle; I-Reduction, II-Reforming, III-Purging, IIII-

Oxidation 

Theoretical temperature rise  
In this section, the theoretical maximum temperature rise as a function of 

oxygen carrier utilization and target temperature is investigated. The emphasis falls on 

the estimation of the temperature rise during oxidation as this parameter plays a key 

role for the subsequent endothermic reduction and reforming reaction, and for 

integration of the downstream processes. As described in the above section, it is 

assumed that the oxidation stage starts with the oxygen carrier in fully reduced state, 

that all incoming oxygen is consumed and that the heat of the exothermic oxidation 

reaction is either removed by the gas or stored in the oxygen carrier and there were no 

heat losses from the system. Furthermore, as a simplifying assumption, the average 

temperature of the gas exiting during the oxidation stage is taken as the average of the 

temperatures at the inlet (110 °C) and end of the oxidation stage. The energy balance 

(Eq. 4.12) over the air stage was solved taking into account the enthalpy of the particles, 

air coming to the reactor and the enthalpy of the particle and gases leaving after 

oxidation. The enthalpies of the components were described as: 

∆Hf,T
0 = ∆Hf,298

0 + ∆(HT
0 − ∆Hf,298

0 ) 4.13 
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where  ∆Hf,298
0  is the enthalpy of formation in Jmol-1, HT

0 − ∆Hf,298
0  is the enthalpy at 

temperature T relative to 298.15 K in J mol-1, also called the heat content.  The heat 

content of the solid and gas are a function of temperature (Eq. 4.14) and all the 

thermochemical data were adopted from [20]. Both gases (O2 and N2) and solids (Ni, 

NiO and the inert support material of the oxygen carrier-Al2O3) were included in the 

energy balance analysis.  

∆(HT
0 − ∆Hf,298

0 ) = aT3 + bT2 + cT + d 4.14 

Figure 4.11 shows the natural logarithmic scale of the theoretical and 

experimental temperature rise as a function of the oxygen carrier utilization and target 

temperature. As expected both the theoretical (increases roughly proportionally with 

the oxygen carrier utilization) and experimental temperature rise as a function of 

degree of oxidation increases with increasing oxygen carrier utilization despite the fact 

that their magnitude shows considerable differences. These differences can be 

attributed to the substantial heat losses from the lab scale reactor. On the other hand, 

the temperature rise decreases with increasing target temperature since more energy 

is removed by the exiting N2 (assuming that all the oxygen is converted during the 

oxidation stage). Indeed, the profile showed a relatively mild trend because heat 

removed by the gas is small relative to the heat released by the oxidation reaction. In 

addition, a high material (the body of the reactor) heat capacity relative to the oxygen 

carrier heat capacity might also cause the discrepancy in the predicted and measured 

temperature rise, especially at higher temperatures. With such temperature rise the 

heat generated during the air stage is more than enough to fulfil the heat requirement 

for the endothermic reduction and reforming reaction.  

However, more thorough investigations on the autothermal operating 

conditions for the GSR system are required, especially concerning the global energy 

balance integrating the GSR system with pre-heaters and water gas shift reactors; 

where the sensible heat of the gas outlet streams at high temperature is used to preheat 

the incoming gas streams and to evaporate and heat the water streams for the steam 

methane reforming reaction and water gas shift reactor. 
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Figure 4.11 Theoretical and experimental temperature rise: as a function of oxygen carrier utilization at 

target temperature of 700 °C (a); and as a function of target temperature at 0.6 oxygen carrier utilization 

fraction (b) 

Conclusions  

In this chapter, the GSR concept was demonstrated in a lab-scale reactor using 

a Ni-based oxygen carrier with known catalytic properties. The catalytic performance 

of the oxygen carrier was confirmed by showing that equilibrium concentrations for 

steam methane reforming were achieved even after the short gas residence time in the 

lab-scale reactor. 

Dynamic operation of the GSR reactor features a repeating cycle where three 

distinct reaction stages take place: oxidation, reduction and reforming. From a process 

point of view, the implication is that the GSR concept is well suited for pure hydrogen 

production where PSA off-gas fuel is recycled back to the reduction stage to ensure 

complete utilization of the fuel.  

When the reactor was fed with methane during the reduction stage, significant 

fuel slip occurred because the heterogeneous reaction between NiO and methane is 

slow and the oxygen carrier is not yet in a sufficiently reduced state to catalyse the 

reforming reaction. It is therefore important that the fuel gases fed to the GSR fuel stage 

primarily consist of CO and H2, as would be the case when using PSA off-gas fuel. This 

(a) (b)
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was confirmed by feeding the reactor with hydrogen during the reduction stage, leading 

to complete fuel conversion.  

The reactor behaved as expected when varying two important operating 

parameters: the reactor temperature and the cycle length (degree of oxygen carrier 

utilization). A significant increase in methane conversion was observed with increasing 

temperature. Since it is clear that good reactor performance and high process efficiency 

will require operation at high temperatures and pressures, the inherently simple 

standalone GSR reactors can play an important role in accelerating process scale-up. 

Longer cycle times resulted in lower reactor temperatures at the end of the 

reforming stage, thus reducing the overall methane conversion. In practice, a trade-off 

will have to be made between reduced methane conversion for long cycles and reduced 

CO2 capture efficiency for short cycles. High temperature operation therefore becomes 

even more important to minimize this trade-off. 

Overall, the GSR concept proofs to be a simple, but promising concept for 

hydrogen production with integrated CO2 capture. Then, the knowledge gained with the 

operation of the GSR concept and the performance of the oxygen carrier in this chapter 

has been used for the design of the membrane-assisted gas switching reforming reactor 

developed in thesis. As will be presented in the next chapter, four metallic supported 

membranes have been inserted in the GSR reactor constructed in this chapter to 

demonstrate the MA-GSR concept.    
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Abstract 

This chapter reports on a proof-of-concept for the Membrane-Assisted Gas Switching 

reforming (MA-GSR) reactor for ultra-pure hydrogen production with integrated CO2 

capture. In this concept alternating exothermic and endothermic reaction stages are 

integrated in a single fluidized bed reactor consisting of catalytically active oxygen-

carrier particles, by switching the feed between air and methane/steam. The produced 

hydrogen is selectively removed via Pd-based membranes immersed in the fluidized bed. 

In this chapter, the MA-GSR concept is demonstrated at lab-scale using four metallic 

supported Pd-based membranes immersed into a fluidized bed consisting of a Ni-based 

oxygen carrier. The performance of the reactor has been investigated for different 

operating conditions and high methane conversions (>50%) have been obtained, well 

above the thermodynamic equilibrium conversion of a conventional fluidized bed as a 

result of the selective H2 extraction, with (ultra-pure) H2 recoveries above 20% at 

relatively low temperatures (<550 °C). These results could be further improved by working 

at elevated pressures or by integrating more membranes.  

Membrane-Assisted Gas Switching 
Reforming reactor demonstration 
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Introduction 

The exponential growth in energy demand, the scarcity of resources and the 

observed climate changes are the three main issues that need to be addressed in all 

energy conversion processes. There are several reports with detailed discussions on 

these issues and also possible solutions to alleviate the associated problems (see also 

Chapter 1) [1]. In most of the reports, it is emphasized that in order to address the 

climate change issues and improve the efficiency of energy conversion processes, the 

course of events need to be changed, and this can be achieved by developing new more 

environmentally benign technologies. Most of the proposed technological strategies are 

related to shifting from fossil fuels to renewable resources (in the long term) or 

converting fossil fuels to clean energy carriers like hydrogen. Despite the fact that 

renewables and nuclear power will become the fastest growing energy sources over the 

coming three decades [1], large-scale exploitation of renewables and nuclear power are 

still under development [2]. Among the other various strategies proposed, hydrogen 

production from fossil fuels integrated with CO2 capture seems to be a promising 

candidate under the carbon capture and storage (CCS) technological methods. 

Conventionally, hydrogen is produced via steam reforming of hydrocarbons 

such as methane, naphtha oil, methanol and other carbonaceous fuels. Currently, more 

than 80% of the hydrogen is produced by steam reforming of natural gas [2]. Natural 

gas reforming is a highly endothermic process, which is usually carried out in large 

multi-tubular fixed bed reactors filled with supported nickel catalyst pellets, and that 

has the need of external furnaces to provide the heat of reaction [3–7]. Due to the 

burning of natural gas in the furnace, this process is accompanied with large CO2 

emissions. The steam methane reforming (SMR) reactions that play a role in the 

production of hydrogen from natural gas are described in Chapter 4. 

Autothermal reforming of natural gas is regarded as another well-established 

process for hydrogen production, where partial oxidation of the fuel is used as energy 

source for overall autothermal operation. However, to achieve low CO2 emissions, this 

process requires pure oxygen delivered by an air separation unit, which increases the 



Introduction 

120 
 

capital cost and energy consumption of the process [8]. Dry reforming (Eq. 5.1) and 

partial oxidation of methane (Eq. 5.2) are also considered as an alternative processes 

for hydrogen production despite their relatively low hydrogen-to-carbon ratio in the 

produced syngas [9,10].   

CH4 + CO2 ↔ 2CO + 2H2                                                  ∆H0
298K = 247 kJ/mol 5.1 

CH4 + 1
2

O2 ↔ CO + 2H2                                                  ∆H0
298K = −38 kJ/mol 5.2 

Regarding the conventional natural gas reforming and autothermal reforming, 

more efforts have been invested in the development of novel, more stable catalysts with 

high resistance to carbon deposition and sulphur poisoning [11]. However, to arrive at 

a cost effective and environmentally friendly process for hydrogen production, 

nowadays the development of novel reactor concepts for efficient reforming have 

received immense attention. Among the several different proposed technologies under 

the CCS route, autothermal chemical looping reforming (CLR) is a promising technology 

for hydrogen production with integrated CO2 capture [12]. The typical CLR reactor 

scheme and its working principles are described in Chapter 1. 

The main drawbacks of the CLR reactor are that the reactions are equilibrium 

limited and produce a hydrogen rich syngas and other by-products [2]. Subsequently, 

in order produce pure hydrogen, a number of downstream processing steps are 

required, such as high and low temperature water gas shift reactors and followed by 

separation unit (mainly pressure swing adsorption) [13,14]. These large number of 

different process steps decreases the system efficiency and increases the cost of 

hydrogen production.       

Among the different technologies proposed in relation to the production, 

separation and purification of hydrogen, the use of membrane reactor technologies 

seems to be a promising alternative to the conventional processes [2] [15]. In a 

membrane reactor, chemical reaction and separation take place in the same unit. In this 

respect, the required downstream process units in the CLR system can be integrated 

into one by integrating hydrogen perm-selective membranes (Pd-based) into the 

reactor, thus achieving better process integration and favourable thermodynamics 
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[15]. However, operation at elevated pressures is very important in the demonstration 

of the real potential of the highly intensified membrane-assisted CLR (MA-CLR) process 

in order to attain a competitive overall energy efficiency.  

However, scaling up a pressurized MA-CLR system has several technical 

challenges related to the solids circulation between the interconnected fluidized bed 

reactors and the separation of solids from the gas stream. For ease of process scaling-

up and control at high pressure operation, we proposed to carry out the membrane-

assisted CLR process in a single dynamically operated fluidized bed reactor, referred to 

as a membrane-assisted gas switching reforming reactor (MA-GSR) (see Chapter 1). The 

GSR concept has already been experimentally demonstrated at lower pressures without 

immersed membranes and the results were presented and discussed in Chapter 4. In 

this chapter the MA-GSR reactor concept is presented and investigated. The MA-GSR 

reactor concept for ultra-pure hydrogen production with integrated CO2 capture from 

steam methane reforming is described in more detail in Chapter 1. 

This chapter describes the experimental demonstration of pure hydrogen 

production in a lab-scale MA-GSR reactor. The prime objective is to demonstrate the 

reactor concept by examining the hydrogen permeation flux and reactor performance 

under both steam methane reforming (SMR) and autothermal reforming (ATR) 

operating conditions. Experimental results investigating the influence of the reactor 

temperature, oxygen carrier utilization, steam-to-carbon ratio and operating pressure 

on the reactor performance will be presented and discussed after the description of the 

experimental setup and procedures. 

Experimental setup and methods  

A schematic process flow diagram of the membrane-assisted gas switching 

reforming reactor and auxiliary utilities used in this study is shown in Figure 5.1. Details 

of the experimental setup can be found in Chapter 4. The main difference is the insertion 

of membranes in the fluidized bed reactor.  
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Figure 5.1 Schematic process flow diagrams of MA-GSR reactor and auxiliary components 

Four metallic supported Pd-Ag membranes have been immersed inside the 

fluidized bed for the selective separation of H2. These membranes have been prepared 

at Tecnalia Research by an electroless plating technique, as reported elsewhere [16]. 

The selective layer was around 4-5 µm thick and was deposited onto a surface-treated 

Hastelloy X porous support of 3/8” O.D. and 13.5 cm in length (supplied by Mott 

Corporation). In order to avoid intermetallic diffusion of the metals of the support 
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towards the Pd-Ag layer, a thin ceramic barrier was deposited between the support and 

the selective layer, as can be clearly discerned from the cross-section Scanning Electron 

Microscope (SEM) image given in Figure 5.2b. Before the deposition of the selective 

layer, the porous support was welded at both sides with dense Inconel tubes (by Mott 

corporation) to close one side of the tube (dead-end configuration) and to facilitate the 

sealing on the other side of the tube. A picture of one of the membranes used in this 

study is depicted in Figure 5.2a. 

 
 

 

Figure 5.2 a) Metallic supported membrane welded to dense Inconel 600 tube b) cross sectional SEM image 

of a ~5 microns thick Pd-Ag membrane supported on ceramic coated Hastelloy X porous tube [17] 

The membranes were completely immersed inside the fluidized bed. The 

permeated gas from the four membranes is combined into a single line, which in turn is 

connected to a vacuum pump to enhance the driving force for H2 separation. The 

amount of gas permeation is measured using a HoribaStec VP4 film flow meter. This 

allows the quantification of several parameters that are used as indicators of the 

performance of the novel reactor concept. In particular, the methane conversion (using 

the gas analyser), the Hydrogen Recovery Factor (HRF) and the Separation Factor (SF) 

as given in equations 5.3-5.5. The HRF is an indication of the amount of (ultra-pure) 
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hydrogen obtained through the membranes compared to the total amount of hydrogen 

that could maximally be produced from the feed and it is strongly dependent on the 

methane conversion. Thus, this parameter is an important overall performance 

measure of the MA-GSR concept. On the other hand, the separation factor refers to the 

amount of hydrogen permeated compared to the total amount of hydrogen actually 

produced during reaction, thus it gives a measurement on the performance of the 

membranes. 

Methane conversion:                                                 XCH4 =
𝐹𝐹𝐶𝐶𝐶𝐶4,𝑖𝑖𝑖𝑖−𝐹𝐹𝐶𝐶𝐶𝐶4,𝑜𝑜𝑜𝑜𝑜𝑜

𝐹𝐹𝐶𝐶𝐶𝐶4,𝑖𝑖𝑖𝑖
 5.3 

Hydrogen Recovery Factor:                                     𝐻𝐻𝐻𝐻𝐻𝐻 =
𝐹𝐹𝐶𝐶2𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑜𝑜𝑝𝑝𝑝𝑝

4𝐹𝐹𝐶𝐶𝐶𝐶4,𝑖𝑖𝑖𝑖
 5.4 

Separation Factor:                                                          𝑆𝑆𝐻𝐻 =
𝐹𝐹𝐶𝐶2𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑜𝑜𝑝𝑝𝑝𝑝

𝐹𝐹𝐶𝐶2𝑜𝑜𝑜𝑜𝑜𝑜𝑝𝑝𝑡𝑡
 5.5 

The solid phase (NiO/Al2O3) that is used in the MA-GSR system as oxygen 

carrier/catalyst has already been tested for the GSR system, as detailed in Chapter 4.   

Experimental description  
Before the actual demonstration of the MA-GSR concept, a detailed 

investigation on the behaviour of the membranes and their potential interaction with 

the solids phase has been carried out. At first, the inside of the membranes was 

pressurized to 0.5 bar overpressure with helium and submerged in ethanol to identify 

possible defects on the membrane. In this test, no bubble formation was observed from 

the Pd-Ag layer or the welding points, thus excluding large pinholes on the membrane 

surface or substantial leakages at the sealings. Afterwards, the membrane stability (to 

investigate possible interactions between the Pd-Ag alloy and the support and thus the 

performance of the interdiffusion layer) and permeation tests at different temperatures 

(400 °C to 525 °C) and pressures (1 bar to 2 bar) were performed with the membranes 

placed inside the experimental setup devoid of the solids phase. For these tests, the 

reactor was heated up with 2 °C/min heating rate in a N2 atmosphere, and then single 

gas permeation tests for H2 and N2 were performed every day for 10 days to evaluate 

the ideal H2/N2 perm-selectivity to check the stability. The membranes showed a stable 

average hydrogen permeance (~ 8.05·10-7 mol m-2 s-1 Pa-1) over the tested period; the 

average N2 leakage through the metallic supported membranes was also relatively 
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stable, which resulted in an ideal perm-selectivity of more than 11,000. These results 

are in line with the findings by [18] for metallic supported Pd-based membranes in a 

fluidized bed reactor. 

After these tests, the membranes were cooled down to room temperature in N2 

and the reactor was filled with 2.4 kg of active oxygen carrier. This leads to a bed height 

of 18 cm, which means that the membranes are completely submerged in the bed. The 

catalytic bed is then heated up to the required temperatures at a heating rate of 2 

°C/min while fluidizing the bed with N2. A decrease in H2 permeance (by 15%) has been 

measured under fluidization conditions compared to permeances measured in the 

setup without particles. This decrease might be associated with thermal stresses (the 

porosity of the support might be modified upon heating which can increase mass 

transfer resistances) as the membrane has been exposed to a cooling-heating cycle 

during catalyst feeding, which was also observed in the study of [18], or due to 

densification of the emulsion phase near the membranes with a corresponding increase 

in mass transfer resistances.                

Subsequently, SMR and GSR (autothermal reforming) tests were performed 

under different operating conditions. In case of the SMR tests, external heat supply was 

applied to investigate the performance of the bubbling fluidized bed membrane reactor 

(with and without hydrogen extraction via the membranes) in terms of methane 

conversion, HRF and SF as a function of temperature and pressure. The results have 

been compared with the thermodynamic equilibrium predictions using Aspen Plus® as 

described in the work of Medrano et al. [18]. In this experimental campaign, the oxygen 

carrier was first reduced with hydrogen, and then CH4 and steam were fed to carry out 

the reforming reaction.  

In case of GSR (autothermal reforming), the reactor was first heated up (with a 

ramp rate of 2 °C/min) with the external oven set to an initial desired temperature, 

called Temperature at the Start of Reduction (TSR), before the start of the gas switching 

experiments. The autothermal operation of the GSR process is then carried out, while 

the heaters are turned off. At first, the gaseous fuel (20% CH4 and 60% steam balanced 

with N2) is fed to the reactor to complete the oxygen carrier reduction/reforming 



Experimental setup and methods 

126 
 

reactions, which leads to a temperature drop until the Temperature at the End of 

Reduction (TER). This step is then followed by feeding the reactor with air for a certain 

period of time to re-oxidize the oxygen carrier in a highly exothermic reaction and bring 

back the bed to the TSR. The maximum temperature rise can be calculated with 

equation 5.6.  

Temperature rise:                                                           ∆T = 𝑇𝑇𝑆𝑆𝐻𝐻 − 𝑇𝑇𝑇𝑇𝐻𝐻 5.6 

One minute of purging with nitrogen was applied between the air and fuel 

stages to prevent direct contact between fuel and air. The cycle time of the GSR 

operation was varied to investigate the effect of degree of oxygen carrier utilization. 

The influences of different operating parameters have been studied for both SMR and 

GSR. All the details regarding the conditions of the experiments conducted in the GSR 

system are summarized in Table 5.1. 

Table 5.1 Experimental conditions for tests carried out in the MA-GSR reactor setup 

Parameter               Configuration 

FBMR MA-GSR 

Temperature [°C] 400-550 450-550 

U0/Umf (fluidization velocity/minimum fluidization 

velocity) 

3-5 3-5 

Inlet pressure [bar] 1-4 1-4 

Oxygen-to-Carbon (O/C) ratio - 0.5 

Steam-to-Carbon (S/C) ratio 2-3 2-3 

Oxidation time [min] - 2-8 

Oxidation: reduction ratio - 1:2 

Permeate pressure, at the pump head [mbar] 8 8 

 

In order to interpret the results obtained during the tests listed in Table 5.1, 

post-reaction membrane characterization has also been carried out by means of 

different measurement techniques. The surface and cross-section of the membrane at 

different axial locations were analyzed with a JEOLJSM-6330F SEM-EDX (Energy 

dispersive X-ray spectroscopy) equipment. The elemental composition of the surface 
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has also been analyzed using X-ray photo-electron spectroscopy (XPS). Data were 

recorded on a Kratos AXIS Ultra spectrometer equipped with a monochromatic AlKα X-

ray source and a delay-line detector (DLD). Spectra were obtained using an aluminium 

anode (hν = 1486.6 eV) operating at 150 W, with survey scans at a constant pass energy 

of 160 eV and region scans at a constant pass energy of 40 eV. The background pressure 

was 2·10-9 mbar. CasaXPS data processing software was used for peak fitting and 

quantification, where all binding energies were referenced to the C 1s line at 284.6 eV. 

The surface composition was estimated from the integrated intensities corrected by 

atomic sensitivity factors. The results will be discussed in the next section.  

Results and discussion  

The results will be presented and discussed in three main parts: i) a brief 

investigation on the performance of the MA-GSR reactor with/without hydrogen 

extraction and compared with thermodynamic equilibrium predictions; ii) an 

experimental demonstration of a full transient MA-GSR cycle; and iii) post-mortem 

membrane characterization.   

Reactor performance under steam methane reforming  
The steam methane reforming reaction was first carried out with all the 

permeate sides of the membranes closed to evaluate the performance of the reactor as 

a standard fluidized bed reactor (FBR) without gas extraction through the membranes. 

Once it reached steady state operation, the permeate side was opened and the vacuum 

pump was connected to increase the hydrogen flux via the membranes to investigate 

the performance of the fluidized bed membrane reactor configuration (FBMR). Figure 

5.3 shows a typical transient profile of the retentate gas composition together with the 

achieved methane conversion. It can be seen that the methane conversion increases as 

a consequence of the H2 extraction through the membranes thereby increasing the 

methane conversion. 
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Figure 5.3 Retentate compositions and methane conversion during steam methane reforming with and 

without H2 extraction through membranes with a feed stream: S:C of 3, P of 4 bar, T of 475 °C and Uo = 3Umf   

Very similar gas concentration profiles have been obtained for the other 

experimental conditions tested during SMR experiments, both with and without H2 

extraction. Figure 5.4 gives a summary of the results for the different operating 

conditions investigated, while it also presents a comparison with the thermodynamic 

equilibrium calculated with Aspen for the fluidized bed and the fluidized bed membrane 

reactor configuration. As can be seen, the experimental conversion is slightly below the 

thermodynamic equilibrium for both reactor configurations. For these tests, due to the 

presence of the membranes, the fresh oxygen carrier was reduced with H2 (for two 

hours) at a relatively low temperature of 400 °C, and then the SMR reaction was carried 

out. However, additional tests showed that this was not sufficient to fully reduce the 

NiO to Ni and achieve the maximum catalytic activity. When the 2-hour reduction was 

carried out at 700 °C (without membranes) instead of 400 °C, the thermodynamic 

equilibrium is achieved in all cases (see Figure 5.5), thus confirming that higher 

temperatures are required to fully reduce the oxygen carrier. This is an important 

finding for the MA-GSR concept (discussed in the following section) where the oxygen 

carrier is oxidized and reduced in each cycle, but the temperature needs to be limited 

to protect the membranes. It is also worth mentioning that, for all the tests carried out 
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in this work, the carbon imbalance was verified and was found to be typically around 

5% (relative error). This error is mainly associated with the gas analyzer and the 

nitrogen dilution applied. Moreover, in further experiments during GSR reaction CO2 

was not detected during the oxidation step with air, thus the possibility of catalyst 

deactivation because of carbon formation is discarded. 

 
Figure 5.4 Methane conversion as a function of temperature (at 1.6 bar) (a), pressure (b) and separation 

factor (SF) and hydrogen recovery factor (HRF) as a function of temperature (c), pressure (d) for the two 

reactor configurations (FBR and FBMR) under steam methane reforming conditions   

In general, the results noticeably show that the equilibrium constraint is 

circumvented by the H2 separation through the membranes. Specifically, Figure 5.4 

shows that the presence of membranes increases the methane conversion beyond the 

equilibrium that can be achieved without membranes. This effect is more prominent 

when the driving force for H2 permeation is increased (higher pressure) or the 

membrane permeability is increased (higher temperature). 

(a) (b)

(c) (d)
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The separation factor (SF) and the hydrogen recovery factor (HRF) have also 

been determined for the different experimental conditions as they give an indication on 

the membrane and reactor performance. The results for these two parameters are also 

presented in Figure 5.4. The flux through the membranes has obviously a significant 

effect on the overall membrane reactor performance, as it controls the final equilibrium 

gas composition. An increased hydrogen recovery factor and separation factor will 

result in less hydrogen bypass in the retentate gas and hence improved rector 

performance. These two parameters are also influenced by the driving force that exists 

in the system: the amount of hydrogen produced (from the reaction), the amount of 

inert gas fed (inlet conditions), and the operating pressure. Moreover, according to 

Medrano et al. [30], who used a similar metallic supported Pd-Ag membrane, the mixing 

of hydrogen with other gas components may induce mass transfer resistances 

(lowering the separation factor) that can largely influence the H2 permeance.  

It can be observed in Figure 5.4 that the HRF and SF are very low compared to 

an ideal recovery and separation factor (which is supposed to be 100% in case of full 

methane conversion). Due to lower methane conversion (lower recovery factor) and 

inert gas fed (N2 as carrier gas for the analyzer), the partial pressure of H2 in the bed is 

rather low, which hampers the driving force for H2 permeation, thus influencing the SF 

and HRF. An increase in the operating temperature leads to higher methane 

conversions, consequently higher hydrogen partial pressures in the bed. This implies 

higher HRF’s as observed in Figure 5.4. However, since the reaction is carried out at low 

pressures, there is a limitation in the minimum driving force for H2 separation, which 

restricts the increase in the SF (≈ 21%). On the other hand, an increase in pressure 

imparts a significant effect on both HRF and SF. As can be concluded from Figure 5.4, 

operation at a higher pressure leads to higher hydrogen separations and recovery 

factors, which is related to the increased driving force. As expected, an increase in 

pressure leads to a decrease in methane conversion according to the thermodynamic 

equilibrium. However, this limitation is overcome in a membrane reactor since 

hydrogen separation brings the process to conditions beyond thermodynamic 
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restrictions. Thus, it can be concluded that the efficiency of the membrane assisted 

steam methane reforming system can be maximized by operating at higher pressure.    

 
Figure 5.5 Experimental methane conversion and the corresponding thermodynamic equilibrium (from 

Aspen®) at different temperatures (at 1.6 bar) (a) and inlet flowrates (b) under steam methane reforming 

conditions (after the catalyst is reduced at higher temperature) 

Demonstration of membrane assisted gas switching reforming 
 In this section the MA-GSR concept is demonstrated. As briefly outlined earlier, 

this concept operates on a repeating cycle of oxidation, purge, reduction/ reforming, 

purge. At first, the effect of the oxidation and reduction times (while the oxidation-to-

reduction time ratio was kept constant) has been investigated in order to find the 

optimum operating conditions achieving autothermal operation. Relatively short cycle 

times will emphasize the effect of the constant purge in between the stages with a 

corresponding decrease in overall performance because of some mixing of products 

with the purge gas. On the other hand, longer cycles will lead to a more pronounced 

temperature variation across the cycle, which will reduce the temperature of the 

reforming stage, given that the maximum reactor temperature is fixed by the 

membranes. Lower reforming temperatures will lead to a lower methane conversion 

and membrane permeability. Very long cycle times can also result in incomplete air 

conversion. Slippage of oxygen has the undesirable effects of increasing the amount of 

heat removed by the outgoing gases and increasing the oxygen concentration around 

the membranes (leading to faster membrane degradation). Following this investigation, 

(a) (b)
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the effect of operating pressure on the overall performance is studied at the optimum 

cycle configuration. 

As for the steam methane reforming, the autothermal MA-GSR demonstration 

has also been investigated for the two reactor configurations, with and without H2 

extraction via the perm-selective membranes. A typical (MA-)GSR test measurement is 

shown in Figure 5.6, where the transient temperature profile and the retentate gas 

composition over six redox cycles are presented. The first three cycles correspond to 

the GSR reaction with the permeate side closed, while the last three cycles are carried 

out with the MA-GSR configuration, thus with H2 extraction. The figure shows that 

autothermal operation can be achieved by switching the gas feed (CH4/steam and air) 

periodically. For these cases the oven temperature was set at a lower set-point than the 

desired working temperature (around 40 °C from the predicted end temperature of 

reforming). During the GSR experiments the reactor temperature decreases gradually 

due to the highly endothermic reduction and reforming reactions during the fuel stage, 

but it increases back to the starting target temperature (or TSR) when air is fed during 

the oxidation stage (bottom Figure 5.6). 

The retentate gas composition shows the conversion of CH4 to CO2 (and H2O) 

in the first stage by the gas-solid (oxidized oxygen carrier) reduction reaction and then 

a large production of H2 through catalytic steam methane reforming reaction. As 

expected, the catalytic reforming reaction is facilitated as the oxygen content in the 

oxygen carrier material is reduced, which provides free metallic nickel sites to catalyse 

the steam-methane reforming reaction. When comparing the first three cycles with the 

last three, a change in the gas concentration profiles can be seen as consequence of the 

selective H2 removal. Remarkably, this does not influence the temperature profiles over 

the cycles, concluding that in the MA-GSR configuration autothermal operation can be 

achieved. 
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Figure 5.6 Transient retentate gas compositions (top) and the corresponding temperature profile (bottom) 

at 3 bar, TSR of 550 °C, S:C of 3, and Uo = 3Umf, O:C ratio of 0.5, oxidation time of 6 min, Oxidation:reduction 

time ratio of 1:2   

Similar oxidation/reduction cycles were performed to study the effects of the 

degree of oxidation and pressure on the reactor performance, and the results have been 

time-averaged over the three complete redox cycles for both configurations 

(with/without membranes). Similar to the SMR analysis, the methane conversion in the 

autothermal GSR concept has been compared with the computed thermodynamic 

equilibrium at the corresponding temperature at the end of reforming. As explained 

earlier, the degree of oxidation was controlled by adjusting the duration of the air/fuel 

stage time. A longer cycle means a longer oxidation and reduction time, which thus 

corresponds to a higher oxygen carrier conversion. Figure 5.7 shows the effects of the 

oxidation time on the reactor performance (in terms of average methane conversion) 

and the average temperature rise per cycle. 
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Figure 5.7 Autothermal methane conversion as a function of oxidation time (a) and corresponding 

temperature rise as a function of normalized time (b) at 1.6 bar, TSR of 485 °C, S:C of 3, and Oxidation: 

Reduction time of 1:2   

As can be seen from the figure, the lower the oxidation time (short cycle), the 

higher the methane conversion. This is explained by the fact that at shorter cycle times, 

the reduction/reforming reactions take place at a temperature closer to the TSR 

(maximum working temperature). On the other hand, when the oxidation time 

increases, the methane conversion slightly decreases; this is again due to the decrease 

in the reforming temperature resulting from the longer reduction/reforming stage (as 

reduction/reforming stage time is changed proportionally) and cold feed gases (which 

need to be heated up to the reactor operating temperature). However, in an industrial 

scale reactor, the larger reactor temperature variation can be reduced by implementing 

a heat integration system (pre-heating the incoming gas via heat exchange with the hot 

depleted O2 and N2 stream) and reducing the heat losses by implementing improved 

insulation. 

Similar to the SMR system, the methane conversion (without membranes) 

obtained is close to the thermodynamic equilibrium, and when the membrane reactor 

configuration is activated, there is a clear displacement of the equilibrium as a result of 

the hydrogen extraction through the membranes. However, as observed in the SMR 

system, there is again a deviation between the experimental results and the predicted 

thermodynamic equilibrium for both configurations. This is again attributed to the 

(a) (b)
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relatively slow gas-solid reaction kinetics for the reduction of the NiO to the free Ni sites 

for the catalytic reforming reaction (as described in the above section). The 

performance of the membranes was also compared in terms of HRF and SF. For 

different oxidation times, the trends were fairly similar and found to be almost constant 

for all the cases with a HRF of around 9% and a SF of 31%.           

As discussed earlier, longer cycle times have detrimental effects in terms of 

lower reforming temperatures and the possibility of O2 slip that removes heat from the 

reactor and can damage the membranes. This is clearly illustrated by the temperature 

rise per cycle profile in Figure 5.7b, where an optimum temperature rise during the 

redox cycle is obtained for a cycle time of 6 min. In case of longer oxidation times, the 

TSR value will drop in each cycle, thus leading to a constant temperature decrease over 

time (like in the case of 8 min). The temperature rise during oxidation stage increases 

as the oxidation time increases due to the higher heat generation, however, after a 

certain period of time the temperature rise decreases as the O2 slip starts occurring 

thereby increasing the heat removal.  

 In addition to the effect of oxidation time, the influence of operating pressure 

on the autothermal GSR reactor performance is evaluated. Table 5.2 gives a summary 

of the different operating conditions used in relatively high-pressure autothermal gas 

switching reforming tests. The results clearly show the increase in the hydrogen 

recovery and separation factor at higher pressure due to the increased hydrogen 

permeation. This is also reflected in the CH4 conversion that decreased from 3 bar to 4 

bar in the GSR case (due to equilibrium limitations), but increased from 3 to 4 bar for 

the MA-GSR case (due to a larger driving force for H2 permeation). The experimentally 

determined methane conversion during the GSR configuration was close to the 

thermodynamically predicted conversion in the FBR configuration. Remarkably, the 

methane conversion during the MA-GSR configuration was higher at the same operating 

conditions. Comparing the equilibrium conversion of methane (FBMR) and the 

conversion obtained during the experiments in the membrane-assisted switching 

configuration, a significant increase has been measured. In addition, comparing the SF 

and HRF with the steady state SMR results at the same operating conditions, the SF and 
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HRF in the membrane-assisted switching configuration was 20% and 16% respectively, 

higher than the SMR system.  

Table 5.2 Summary of autothermal GSR/MAGSR reactor performance at two different pressures   

Conditions  GSR MAGSR FBR FBMR 

Pressure [bar] 3 

Oxidation time [min] 6 

TER [°C] 508.0 508.0 508.0 508.0 

Temperature rise [°C] 71.4 71.4 - - 

CH4 conversion [%] 32.3 42.5 36.6 45.8 

HRF [%] - 19.4 -  

SF [%] - 35.8 -  

Pressure [bar] 4 

Oxidation time [min] 6 

TER [°C] 516.0 518.0 516.0 518.0 

Temperature rise [°C] 69.0 68.2 - - 

CH4 conversion [%] 30.7 49.8 34.8 47.1 

HRF [%] - 25.9 -  

SF [%] - 51.8 -  

 

During the entire set of SMR and GSR experiments, the average ideal H2/N2 

perm-selectivity of the membranes was measured and it was found that at the end of 

this study it was only 150, which is a much lower value compared to the initial average 

ideal perm-selectivity of 11000. This decrease is directly associated with an increase in 

the N2 permeation (leakage) via the membranes, since the H2 permeance remained 

constant over the experiments once they were immersed in the catalytic bed. In this 

investigation, the purity of the permeate was not analyzed, thus for the calculations it 

was assumed that all the gas permeated corresponded to H2. Once all the experiments 

were concluded, the membranes were removed from the setup and a modification on 

the membrane surface was observed, thus indicating the need for detailed post-mortem 

characterization. These observations indicate that the membranes suffer from the gas 

switching operation, either by thermal stresses, oxidation of the Pd-based selective 
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layer, or a combination of both effects. However, the main objective of this work is the 

demonstration of the MA-GSR concept, rather than evaluation of the membrane 

performance. Nevertheless, this is also an indication that the concept configuration 

needs to be redefined to limit the membrane exposure to oxygen (e.g. keeping the 

membranes in zones with lower O2 concentration) and/or the existing membranes 

need further improvement in terms of improved thermal, mechanical and chemical 

resistances.  

Post-reaction membrane characterization  
The possible defects on the surface of the membranes were evaluated by 

pressurizing (1 bar) the inside of the membrane with He and submerging them in 

ethanol. Bubbles were observed on the membrane layer, particularly at the bottom 

(dead-end zone) and middle part. While with the “fresh” membranes bubbles were not 

detected on the surface (as discussed in the previous section) and the measured He 

permeation was zero, in this case an average permeation of 7-8 mL/min was measured. 

This indicates that pinholes were formed on the surface of the Pd layer. Based on this, 

further membrane characterization has been performed. For membrane 

characterization, cross-sectional and surface SEM-EDX analysis on one of the used 

membranes has been carried out. The membrane was divided into three different 

sections along the height as shown in Figure 5.8.  

 

Figure 5.8 Picture of a membrane used and the different locations analyzed by SEM-EDX shown in red: the 

bottom part of the membrane (near the distributor of the fluidized bed) is represented by (a), the interface 

between dark and the silver colored (the middle part of the membrane) by (b) and the top part of the 

membrane is represented by (c)     

It has to be noted that two distinctive colors were observed on the membrane 

surface: a darker color at the dead-end of the membrane (near to the distributor) and 

the original silver color on the top part of the layer. Cross-section and surface SEM 

images of the tested membrane are shown in Figure 5.9, where defects can clearly be 
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observed. Figure 5.9a shows an increment in Pd membrane thickness (≈ 7 µm) and the 

development of a number of black spots. This is due to the formation of PdO which is 

confirmed by the EDX analysis. 

 
Figure 5.9 SEM images of the membrane after use under SMR and autothermal reforming reactive conditions: 

(a) cross-sectional image of the bottom part (corresponds to “a” of Figure 5.8); (b) cross-sectional image of 

the middle part (corresponds to “b” of Figure 5.8); (c) cross-sectional image of the top part (corresponds to 

“c” of Figure 5.8); (d) and (f) indicates the membrane surface of the bottom and top part, respectively; (e) the 

cross-sectional image of the interface (middle) 
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As expected, the PdO formation is very extensive at the lower part of the 

membrane compared to the top and the middle sections. Another aspect that has been 

observed is the delamination (shown in Figure 5.9b) of the Pd layer from the support 

creating a “serpentine” structure. This delamination is observed particularly at the 

interface between bottom and top part (between the dark and silver coloured parts), 

which is most likely to be related to the high thermal cycle (thermal expansion) 

exposure. At the top of the membrane, a thinner black layer is observed onto the Pd 

layer, indicating also the formation of PdO (although in a much lower extent). 

Remarkably, the Pd layer presents several defects as voids are created in the ideally 

dense Pd layer, which might indicate migration of Pd from the layer to form the PdO. 

Table 5.3 EDX analysis of the different sections of the tested membrane as indicated in 

Figure 5.9d, e & f 

Spectrum  C O Al Ni Pd Ag Si Cr Fe Zr Mo 

Bottom surface of the membrane (picture “d”)  

Spot 1  4.5 1.10 14.9 79.5       

Spot 2  34.1 16.5 24.5 24.4 0.57      

Cross sectional composition of the mid. part of the membrane (picture “e”) 

Spot 1  10.5 1.97 19.8 67.6 0.13      

Spot 2  33.2 18.2 23.3 24 0.23   1.1   

Spot 3  2.8  1.77 89.6 4.65   1.2   

Spot 4  25.4 11.9 2.20 50.4 2.31 1.4  2.7 3.7  

Spot 5 15 1.5  40.2   0.8 19 16  8 

Top surface of the membrane (picture “d”) 

Spot 1  3.54 0.51 0.42 90.3 5.24      

Spot 2  4.90 0.78 1.08 89.9 3.33      

 

As can be discerned from the table, a high amount of oxygen on the Pd layer 

has been found at the bottom and middle area of the membrane, while the top surface 

of the membrane is mostly Pd. This is a clear indication of the oxidation of the Pd surface 

during the oxidation stage, especially at lower parts of the membrane where higher 

partial pressures of O2 are expected. In addition, nickel and aluminium have been found 
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on the surface at the bottom and middle part of the membrane. Ni and Al originate from 

the catalyst and it seems that these materials have become attached to the membrane 

surface. Figure 5.9e shows that the membrane surface is clearly damaged and a number 

of small openings were created, where even finer Ni and Al elements from the catalyst 

were able to be detected in the surface (see spectrum 1). These results show obvious 

defects on the surface, which can be associated to the significant decrease in perm-

selectivity observed after the reactive tests.      

Furthermore, in order to determine whether the oxygen penetrates completely 

into the Pd layer, or whether there is inter-metallic diffusion from the support towards 

the membrane, one of the membranes has been pealed and both the inner and outer 

part of the Pd layer have been analyzed by XPS analysis. The results of this analysis are 

summarized in Table 5.4, and they confirm the EDX results: a higher amount of oxygen 

and a lower amount of Pd are detected on the top layer of the membrane surface, 

particularly at the bottom and middle sections. 

From the XPS analyses, it can also be observed that when pealing the Pd layer, 

part of the ceramic barrier is also removed since Zr, Si and Y (YSZ) are clearly detected 

in the inner part of the layer. This inner part has a common Pd-Ag composition at the 

various locations, and the oxygen observed is mostly related to the oxides of the ceramic 

layer. However, a small fraction of Ni is detected, which can be associated to 

intermetallic diffusion. Particularly, the content of Ni is slightly higher at the bottom 

and middle parts, where higher temperature gradients are expected during the GSR 

experiments. In fact, as already observed in previous works [30], diffusion of the metals 

from the support towards the Pd layer is increased when working at higher 

temperatures. 

On the other hand, the results obtained for the outer part of the Pd layer are in 

good agreement with the observations from the EDX analyses. In particular, it is 

observed that the O/Pd ratio decreases when moving from the bottom of the membrane 

towards the top. In this case, the oxygen measured can be from the PdO layer formed 

onto the Pd layer, or from catalyst embedded in the pores of the top surface. Overall, it 

can be concluded that the top layer of the membrane cannot withstand the harsh ATR 
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conditions and that important defects are observed and measured. On the other hand, 

the inner part of the membrane remained with similar properties as an original 

membrane. Therefore, improved membranes are needed for this MA-GSR concept in 

order to protect the top layer. A possibility could be the use of protective layers or pore 

filled membranes, where the Pd is embedded in the pores of the support, thus reducing 

the interaction with the gas (and solid) phase of the catalytic bed.  

Table 5.4 Elementary analysis on the surface of the membrane using XPS 

Identifier  Ni 2p  O 1s Ag 3d Pd 3d C 1s Zr 3d Si2p Y 3p Al 2p 

Bottom surface of the membrane  

Inner layer 1.31 23.18 10.57 40.76 4.56 7.63 7.66 1.11 0.00 

Top layer  19.87 37.35 0.21 0.72 9.35 0.01 2.81 0.08 28.24 

Middle surface of the membrane  

Inner layer 1.76 21.47 11.78 37.30 4.84 11.80 5.07 1.70 0.66 

Top layer  0.69 34.83 1.38 7.13 9.29 0.02 2.51 0.03 23.89 

Top surface of the membrane 

Inner layer 0.15 19.35 12.23 49.00 4.11 8.78 3.04 1.22 0.00 

Top layer  0.58 28.67 6.69 32.41 6.99 0.00 9.73 0.05 9.49 

 

Conclusion  

In this chapter, the MA-GSR reactor concept for ultra-pure H2 production 

integrated with CO2 capture has been demonstrated experimentally at different 

operating conditions. The concept is based on consecutive reduction/oxidation cycles 

of a metal (oxide) to provide autothermal operation, where in the reduction stage H2 is 

produced and recovered via H2 selective membranes.  

Good reproducibility of the cycles has been observed during MA-GSR 

experiments and the temperature oscillations between reduction and oxidation cycles 

have confirmed virtual autothermal conditions. Compared to the GSR experiments, the 

use of membranes clearly enhances the methane conversion at otherwise similar 

experimental conditions. Fuel conversions up to 50% with a hydrogen recovery factor 
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of 26% and separation factors above 50% have been achieved at a relatively low 

temperature (~500 °C). However, the experiments were not carried out at optimal 

conditions for fuel reforming in membrane reactors, meaning that the efficiency of this 

concept can be largely improved by operating at higher temperatures and pressures 

(and installed membrane area). 

The main limitation of this concept is related to the stability of the membranes, 

which are continuously exposed to thermal cycles and alternating oxidative and 

reducing atmospheres. In fact, it has been observed that they cannot withstand these 

harsh conditions and defects are created on the Pd layer surface. In particular, the 

formation of PdO results in the formation of pores in the dense Pd layer, while thermal 

stresses are responsible for delamination of the selective layer. Therefore, more 

investigation and development is needed to improve the performance of these 

membranes in order to optimize and scale-up the MA-GSR concept. In the next chapter, 

the potential of a scaled-up MA-GSR reactor concept for industrial application has been 

studied using a techno-economic evaluation of the whole system. The economic 

sensitivity to membrane degradation and life time has also been investigated and is 

discussed in detail. 
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Abstract 

This chapter presents a techno-economic analysis of the membrane-assisted gas switching 

reforming (MA-GSR) process at large scale to evaluate its technical readiness and its 

economic potential. The performance of the concept has been compared with reference 

technologies for pure H2 production (fired-tubular reforming plant). Combined reactor 

and process simulations showed that the MA-GSR process achieves a similar equivalent H2 

production efficiency as conventional steam methane reforming without CO2 capture. The 

results of the process simulations also show that the new MA-GSR concept can achieve a 

higher H2 production efficiency than the conventional plant when integrated with CO2 

capture (20% higher). However, a drawback of the MA-GSR concept is the low utilization 

of the membranes in the system, requiring a large membrane surface area for a given rate 

of hydrogen production. This makes the economics of the concept highly sensitive to the 

cost and durability of the H2 perm-selective membranes. In the base-case, the cost of 

hydrogen (0.274 €/Nm3H2) was lower than the conventional process with CO2 capture 

(0.282 €/Nm3H2), with a cost of CO2 avoidance of 85.14 €/tCO2 instead of 97.06 €/tCO2 for 

the conventional technology. Future technology improvements leading to a threefold 

reduction in the cost/permeability ratio of H2 perm-selective membranes can allow the 

MA-GSR technology to produce hydrogen at a similar cost as conventional steam methane 

reforming without CO2 capture. 

Techno-economic assessment of 
membrane-assisted gas switching 
reforming  
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Introduction 

To limit the long term global temperature rise to “well below 2 °C”, substantial 

efforts are needed to reduce greenhouse gases emissions (mainly CO2) to the 

atmosphere (see Chapter 1). Hydrogen gas is considered as a potential future carbon-

free energy carrier. In this thesis, the membrane-assisted gas switching reforming (MA-

GSR) concept is proposed as a technology to produce pure hydrogen, efficiently 

integrated with CO2 capture. Given that the vast majority of the current global hydrogen 

is produced from fossil fuels, CO2 capture and storage (CCS) emerges as a promising 

strategy for delivering clean hydrogen on a global scale. The primary challenge with 

CCS is the large energy penalty imposed, but this problem is circumvented by the MA-

GSR technology evaluated in this study.  

Hydrogen can be produced via different process routes. From an industrial 

point of view, by far the most widely used route for the production of hydrogen is 

chemical processing of hydrocarbon feedstocks (mainly natural gas) by steam 

reforming [1]. Natural gas reforming is a highly endothermic process where the 

reforming reaction is carried out in a multi-tubular fixed bed reactor (called Fired 

Tubular Reformer – FTR) using an external heat source over a nickel based catalyst 

[1,2]. This conventional steam reforming process comprises multiple conversion and 

separation units, which includes feedstock pre-treatment and sulphur compound 

abatement, a high-temperature and high-pressure reformer (typically 800 to 1100 °C, 

and 15 to 30 bar), high and low temperature water gas shift reactors and finally H2 

separation in a Pressure Swing Adsorption (PSA) unit to obtain a high H2 purity 

(>99.99%) [1,3,4]. To supply the heat needed for the highly endothermic reformer, part 

of the feed and PSA off-gases are combusted in a furnace. This leads to large CO2 

emissions (around 0.82 kgCO2/Nm3H2) to the atmosphere [5].  More details regarding 

hydrogen production routes are described in Chapter 1. Most of the conventional routes 

are associated with significant CO2 emissions and will need to be equipped with CO2 

capture and storage (CCS) to produce clean hydrogen. 
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When CO2 capture is included in the hydrogen production process, various 

separation systems may be employed. If the CO2 is separated from syngas, it is typically 

separated by a methyl diethanolamine (MDEA) scrubber before being sent to the PSA 

unit. With this approach, around 60% CO2 capture can be achieved [6–8]. The other 

source of CO2 emissions is from the FTR furnace vent, where a typical post-combustion 

capture unit using a monoethanolamine (MEA) absorption is usually employed [9]. 

However, the increased number of process steps and the energy penalty for the solvent 

regeneration significantly increase the cost of hydrogen production with CO2 capture 

(more than 25% increase in cost of hydrogen compared to the conventional process 

without CO2 capture) [10].  

Membrane reactors have been proposed as a potentially more cost-effective 

alternative for hydrogen production with integrated CO2 capture [11–14]. Using 

membrane reactors, an ultra-pure H2 stream can be extracted via the membranes. This 

in-situ hydrogen extraction shifts the reaction equilibrium to produce more hydrogen 

(see Chapter 5), thus allowing operation at much lower temperatures than conventional 

SMR. As a result, feedstock conversion and H2 separation can be performed in a single 

unit that can be operated at lower temperatures (500 to 700°C), which decreases the 

total cost of the system. In an ideal case of infinite membrane surface area and complete 

vacuum inside the membranes, a pure CO2 stream (after condensation of the remaining 

steam) can be directly obtained for transport and storage.  

In this context, Pd-based membranes have been extensively studied because of 

their high H2 perm-selectivity and permeability at relatively low temperatures 

[11,12,15–18]. De Falco et al. [19] carried out a performance assessment on a reformer 

membrane module (RMM) for a hydrogen production plant. In the RMM configurations, 

after removing CO2 from the retentate, the remaining hydrogen (after the H2 separation 

via membrane modules) and the unconverted gas (CO, CH4) were used as a fuel in the 

gas turbine for extra electric power production for the plant. In addition, the exhaust 

gases after the gas turbine are used to provide the heat of reaction for the reforming 

unit. These combined effects of hydrogen and electricity production provided a 

significant reduction in the energy consumption of approximately 10%.  
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Iaquaniello et al. [20] also carried out an economic evaluation on a hybrid 

system based on a Pd-based membrane reformer reactor for hydrogen and electricity 

production. They reported that the production cost of the hybrid system is 30% lower 

than the conventional tubular steam reforming technology, and is also 13% lower than 

a gas-fired cogeneration plant coupled with a conventional hydrogen plant. Jordal et al. 

[21] also performed a study on the integration of H2 separation using Pd and 

microporous membranes in a gas turbine process for CO2 capture. It is reported that 

natural gas combined cycles with an integrated membrane reactor with CO2 capture can 

reach a thermal efficiency of up to 48%. Spallina et al. [4] have shown a strong reduction 

in the CO2 avoidance cost (below 10 €/tCO2) by performing a thermodynamic 

optimization and sensitivity study on the economics of a H2 production plant using two 

different membrane-assisted (Pd-based) reactor concepts. 

In another study using mixed conducting membranes, Chiesa et al. [22] have 

also carried out a performance assessment of large scale natural gas fired power plant 

integrated with O2 and H2 separation membranes. It is reported that an electric 

efficiency of 50% can be achieved with more than 87% CO2 avoided, with a specific 

primary energy consumption for CO2 avoidance (SPECCA) of 3.4 MJLHV/kgCO2. 

As discussed in Chapter 1, several new reactor concepts have also been 

proposed in pursuit of cost effective and environmentally benign hydrogen production. 

Among the proposed technologies, chemical looping reforming (CLR) is believed to be 

one of the most promising and efficient technologies [2,23,24]. Insertion of H2 perm-

selective membranes into the CLR fuel reactor allows pure hydrogen production and 

also avoids the need for downstream process unit [25]. Nevertheless, high pressure 

operation (up to 50 bar) is critical for achieving competitive overall energy efficiencies 

[4] (see also Chapter 5). Scaling-up of a pressurized CLR is expected to be very 

challenging. To circumvent this challenge, a single dynamically operating fluidized bed 

reactor, referred as MA-GSR is proposed and investigated in this thesis.  

In this chapter, a detailed thermodynamic and economic analysis of the MA-

GSR concept is presented. Results are benchmarked against the conventional FTR 
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process for hydrogen production with and without CO2 capture, and sensitivity analyses 

to the most important process parameters are also carried out.   

The MA-GSR reactor concept 

Given the transient nature of the MA-GSR reactor, a cluster of several identical 

reactors is required to create an overall steady-state process unit. In this study, five 

reactors are included in the cluster. Each reactor cycles repeatedly through three 

distinct stages: oxidation, reduction and reforming (Figure 6.1). At any given moment, 

one reactor will be in the oxidation stage, two reactors in the reduction stage and 

another two reactors in the reforming stage.  

In order to maximize the energy efficiency, the residual fuel from the reactors 

in the reforming stage is directly fed to the reactors in the reduction stage. In this way, 

all the fuel fed to the system is either extracted as H2 or combusted to supply heat for 

the endothermic reforming reaction. Furthermore, the incoming methane stream is 

diluted with some of the CO2 and H2O from the reduction stage. This practice increases 

the required reactor volume and membrane surface area by 67% relative to a case 

where the reforming stage is fed with methane and steam at a S/C ratio of 2 because 

the gas throughput in the reduction and reforming stages increases by about a factor of 

2, but this is necessary to avoid carbon deposition problems [26–28].  

A high degree of CO2 separation also requires a delay in the switching of the 

outlet valves relative to the switching of the inlet valves. When the inlet valve is 

switched to start a new stage, a significant amount of time is required to push out the 

gases remaining in the reactor from the preceding stage before the outlet valve can be 

switched. This delayed outlet switch combined with the high degree of interconnection 

between reactor outlets and inlets will require an elaborate system of valves to control 

the process. 
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Figure 6.1 A MA-GSR reactor concept showing the inlet and outlet of the three stages alternately executed in 

the reactor   

The biggest drawback of the MA-GSR configuration is the fact that the 

membranes are only fully utilized in the reforming stage. Also, the membranes have to 

withstand the exposure to oxygen in the oxidation stage. However, given that the 

oxidation over an oxygen carrier is generally very fast and the oxygen carrier is mostly 

kept in a highly reduced state, this challenge may be circumvented by positioning the 

membranes at a safe distance above the reactor inlet so that the O2 does not reach the 

membranes (see Chapter 5).            

To better understand the behaviour of the MA-GSR reactor cluster and to give 

input to the process simulations, reactor simulations were carried out using a 1D CFD 

approach, similar to the work of Solsvik et al. [29]. All five reactors in the cluster were 

simulated simultaneously with the appropriate outlet valve switch delays and 

connections between reactor outlets and inlets required to correctly capture the system 

dynamics.  

The reactor simulation task is simplified by the fact that H2 permeation through 

the membranes is assumed to be the rate-limiting step. Results are therefore primarily 

influenced by the membrane permeation law employed (Eq.1) [30]. Other model 
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closures influencing the bed voidage, effective reaction rate and axial dispersion are of 

secondary importance and are therefore only included in the appendix. 

 𝐹𝐹𝐻𝐻2 =
𝑃𝑃0
𝑡𝑡𝑚𝑚

𝑒𝑒�
−𝐸𝐸𝐴𝐴
𝑅𝑅𝑅𝑅 ��𝑃𝑃𝐻𝐻2,𝑟𝑟𝑟𝑟𝑟𝑟

0.74 − 𝑃𝑃𝐻𝐻2,𝑝𝑝𝑟𝑟𝑟𝑟𝑚𝑚
0.74 � 

 
      6.1 

Where  𝑃𝑃0 =  4.24 × 10−10 mol
s m Pa0.74, 𝐸𝐸𝐴𝐴 =  5810 J

mol
 and 𝑡𝑡𝑚𝑚 = 5 × 10−6 m. 

Inlet flow specifications to the reactors are given in Table 6.1. It should be 

noted that, in practice, a few seconds of steam purging will be implemented directly 

before and after the oxidation stage to prevent any explosion hazard from direct mixing 

of air and fuel in the feed lines to the reactor. Once the gases enter the reactor, no 

explosion hazard exists since the oxygen carrier very rapidly consumes both oxygen 

and fuel, and heat released from exothermic combustion reactions is very rapidly 

absorbed in the high heat capacity of the oxygen carrier. 

Table 6.1 Inlet specifications to the three reactor stages indicated in Figure 6.1 

Stream Stage 

time (s) 

Mass flux 

(kg/m2s) 

Temperature 

(ᵒC) 

Composition (mole- 

fraction) 

Air to oxidation 

stage 
250 1.081 518.8 

O2 0.21 

N2 0.79 

Residual fuel to 

reduction stage 
500 Outlet from the reforming stage 

Methane and 

steam diluted with 

combustion 

products to 

reforming stage 

500 1.118 467.4 

H2 0.0237 

CO 0.0039 

CH4 0.1935 

H2O 0.3780 

CO2 0.3960 

N2 0.0049 

 

 Each reactor was simulated with a cross sectional area of 1 m2 to allow for easy 

scaling according to the needs of the process simulations. The reactor height was 

specified at 10 m with membranes occupying the bottom 6 m. The 0.05 m diameter 
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membranes were assumed to be arranged to occupy a volume fraction of 0.25, resulting 

in a total membrane surface area of 120 m2 per m2 of reactor cross sectional area 

(corresponding to 1196 membranes per reactor). A permeate side pressure of 1 bar 

was implemented and the reactors were operated at 50 bar. The NiO oxygen carrier 

presented in Chapter 4 was used for the simulation, and was initialized to fill the bottom 

6 m of the bed with a volume fraction of 0.4.   

The outlet gas species and temperature profiles as well as the hydrogen 

extraction rate through the membranes are shown in Figure 6.2 for one reactor in the 

cluster. It is immediately evident from the species plot that a lengthy delay is necessary 

in the outlet switching valve. For example, the oxidation stage with air starts at 0 s, but 

substantial N2 concentrations only reach the outlet after about 100 s. If the outlet valve 

for the oxidation stage were switched at the same time as the inlet valve so that the 

reactor outlet gases from 0-250 s were released to the atmosphere, a lot of CO2 would 

have been lost. This would result in an unacceptable CO2 capture performance.  

An outlet switch delay time of 120 s was therefore implemented in the 

simulations. This implies that the outlet gases from the three process stages are 

represented by the following ranges in Figure 6.2: 120-370 s for oxidation, 370-870 s 

for reduction and 870-120 s for reforming. As an example, it is clear to see that much 

less CO2 will be lost if the outlet gases are released to the atmosphere for 120-370 s in 

Figure 6.2 instead of 0-250 s.  

Despite this outlet switch delay, part of the CO2 from the subsequent reduction 

and preceding reforming stage is leaving the reactor with the N2 during the oxidation 

stage (120-370 s in Figure 6.2). This effect is caused by the thorough mixing in a 

fluidized bed. Undesired mixing can be reduced by making the overall cycle longer, but 

this strategy will cause larger temperature variations across the cycle (see Chapter 4 as 

well). As shown in Figure 6.2, the reactor temperature increases during the highly 

exothermic oxidation stage and decreases during the endothermic reforming stage. 
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Figure 6.2 Gas species mole fractions and temperature of the stream exiting from one reactor, as well as the 

rate of hydrogen extraction through the membranes as a function of time. The reactor was cycled through 

oxidation (0-250 s), reduction (250-750 s) and reforming (750-1250 s) 

The maximum reactor temperature was specified at 700 °C in view of the 

thermal stability of the membranes (assuming that the membranes can be operated at 

high temperature for better heat integration). Given this limit, longer cycles will require 

a larger drop in temperature during the endothermic reforming stage, so that the larger 

temperature rise during the subsequent highly exothermic oxidation stage can be 

accommodated. This will however reduce the equilibrium H2 concentrations and 

membrane permeability, thereby requiring a larger membrane surface area for a given 

amount of H2 extraction. The selected cycle time specified in Table 6.1 was found to be 

a good compromise between CO2 separation efficiency and required membrane surface 

area. 
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To supply data for the process simulations, the outlet stream flow rates, 

temperatures and compositions were averaged for each of the three stages. These 

average stream properties would be well approximated by a sufficiently large cluster of 

MA-GSR reactors acting as a steady-state process unit as presented in [31,32] for 

chemical looping combustion in IGCC. 

Process descriptions 

The three hydrogen production plant setups that have been selected for 

techno-economic comparison are briefly discussed in the following sections.  

Reference plants: steam reforming of natural gas with and without 

CO2 capture  
Conventional natural gas steam reforming in a FTR process has been 

considered as benchmark technology as described in Martinez et al.[7]. The layout of 

this reference plant (shown in Figure 6.3), is described in detail in the work of Spallina 

et al. [4]. In this configuration, the natural gas is first heated (365°C) and sent to the 

desulphurization unit, where H2S is removed using ZnO. The natural gas is then mixed 

with H2O to the desired S/C ratio (3.4) and is pre-reformed in an adiabatic pre-reformer 

at 490 °C over a Ni-based catalyst. The pre-reforming is required to remove higher 

hydrocarbons from the natural gas (to reduce excessive carbon formation) and reduce 

the heat duty of the reforming section. Subsequently, the pre-reformed gas passes 

through a secondary pre-heater (620 °C) and is fed to an externally heated fired tubular 

reformer where the natural gas is converted into syngas at 890 °C and 32.7 bar in tubes 

filled with a Ni-based catalyst. The S/C ratio for the reformer is selected based on 

industrial experiences for H2 production using SMR [33,34] and to avoid Ni-based 

catalyst deactivation [35].  
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The produced syngas is then cooled down (338 °C) while producing high 

pressure steam (at 100 bar and 485 °C) for the process. The syngas is subsequently sent 

to a WGS reactor operated between 330-430°C with an Fe-Cr based catalyst and is 

converted into CO2 and H2. For this reference plant (without CO2 capture), a single-stage 

WGS reactor is used as the remaining unconverted CO is sent back to the furnace of the 

reformer. The shifted syngas mixture is subsequently cooled down to atmospheric 

temperature to condense the steam and the H2 rich syngas is supplied to a Pressure 

Swing Adsorption (PSA) unit with 89% recovery efficiency providing higher than 

99.999% H2 purity. The produced H2 is compressed to the final delivery.  

The PSA-off gas mixed with part of the natural gas is combusted in the reformer 

furnace to supply heat for the endothermic reforming reaction. The remaining waste 

heat is fully integrated in the system as shown Figure 6.3 and the steam produced is 

sent to a steam turbine to produce electricity. In addition, part of the intermediate 

pressure steam is also sent to the process to meet the desired S/C ratio.    

The fired tubular reforming plant with CO2 capture is the second benchmark 

configuration (Figure 6.4) [4]. The same H2 output and similar layout to the 

conventional FTR plant is used with main difference being the presence of the carbon 

sequestration. In this configuration, the syngas is shifted in two WGS stages (HT-and 

LT-WGS) to maximize the CO2 and H2 production. The LT-WGS reaction is performed at 

around 213 °C using a Cu-Zn catalyst on an Al2O3 support achieving CO conversions 

higher than 98%. Then, the H2 rich mixture is cooled down to ambient temperature to 

condense H2O, and the CO2 is separated from the H2 using a methyldiethanol amine 

(MDEA) absorption unit. MDEA as a solvent was selected considering the intermediate 

CO2 partial pressure and the limited heat input for solvent regeneration. The separated 

CO2 stream is then compressed and sent for long term storage. The remaining H2-rich 

off-gas from the absorption unit is combusted with pre-heated air to provide heat for 

the reforming reaction, producing combustion products with a low CO2 content. The 

rest of the H2 rich gas is sent to the PSA for further purification. 
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Membrane-Assisted Gas Switching Reforming (MA-GSR) 
The plant configuration of this new reactor concept is depicted in Figure 6.5. 

The three stages (oxidation, reduction and reforming as depicted in Figure 6.1) are 

simulated as steady state process units under the assumption that a cluster of 

dynamically cycled MA-GSR reactors can achieve sufficiently steady operation.  

Specifically, the reactor operated in oxidation is fed by air (#11) while the 

reactor operated in reduction is fed with the retentate from the reforming stage (#5). 

In this configuration, a combination of steam/dry reforming occurs using natural gas, 

steam and recycled CO2/H2O from the reduction stage (which also increases the CH4 

dilution to control the carbon deposition) (#4). In the reduction stage (RED), the inlet 

gas (mainly H2, CO) reacts with a metal oxide (NiO supported on Al2O3) to form H2O and 

CO2 (#6), which does not need any downstream separation treatment. This stream is 

used to pre-heat the fuel and, after H2O condensation, compressed and sent for long 

term storage (#8). In the reforming stage (REF), the reduced Ni acts as a catalyst for the 

SMR and WGS reactions; the produced H2 during the REF stage permeates through the 

membranes and hence the methane conversion is enhanced. The H2 from the permeate 

side (#14) is cooled down to ambient temperature while producing part of the steam 

required for the process, and then compressed for the final use (#15).  

In order to reach high pressure (50 bar), an inter-cooled air compression is 

adopted to avoid too high temperatures at the compressor outlet to compress air (#9) 

to the feeding conditions at the OXI stage. After the OXI stage, the exiting O2 depleted 

air (#12) is used first to generate part of the steam required for the process and then 

expanded before sent to the stack (#13).  

As discussed earlier, the MA-GSR concept leads to some undesired mixing 

between fuel and nitrogen when the gas feed is switched between the three stages (OXI-

RED-REF). This effect is directly captured in the reactor simulations, thus ensuring that 

the resulting reduction in CO2 capture efficiency is correctly accounted for in the 

process simulations.  
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Main assumptions and methodology  

The procedures and the main assumptions used for the thermodynamic and 

economic assessment of this study have been taken from [4], [7], [36] and the EBTF 

report [37]. From the EBTF report, assumptions regarding the heat exchangers, 

reactors, CO2 compression and purification, steam cycle and turbomachines were taken.  

In view of the thermodynamic analysis, each plant transfers the chemical 

energy input from the natural gas into H2, electricity, heat (as steam export) and 

releases some of the CO2 to the environment, with the rest being captured and stored. 

To facilitate a direct comparison between the selected reference plants and the new 

concept, the same amount and composition of natural gas input is chosen. A high degree 

of heat integration is included in each plant to maximize heat extraction from all 

outgoing streams for the purpose of increased H2 production, electricity production or 

steam generation. To quantify the plant performance, different indices have been 

selected based on the approach used by [2] and are defined and explained below.   

H2 production 

efficiency 
𝜂𝜂𝐻𝐻2 =

�̇�𝑚𝐻𝐻2𝐿𝐿𝐿𝐿𝐿𝐿𝐻𝐻2
�̇�𝑚𝑁𝑁𝑁𝑁𝐿𝐿𝐿𝐿𝐿𝐿𝑁𝑁𝑁𝑁

 (6.2) 

Equivalent 

natural gas flow 

rate 

�̇�𝑚𝑁𝑁𝑁𝑁,𝑟𝑟𝑒𝑒 = �̇�𝑚𝑁𝑁𝑁𝑁 −
𝑄𝑄𝑡𝑡ℎ

𝜂𝜂𝑡𝑡ℎ,𝑟𝑟𝑟𝑟𝑟𝑟𝐿𝐿𝐻𝐻𝐿𝐿𝑁𝑁𝑁𝑁
 − 𝑊𝑊𝑟𝑟𝑒𝑒

𝜂𝜂𝑟𝑟𝑒𝑒,𝑟𝑟𝑟𝑟𝑟𝑟𝐿𝐿𝐻𝐻𝐿𝐿𝑁𝑁𝑁𝑁
 

𝜂𝜂𝑟𝑟ℎ,𝑟𝑟𝑟𝑟𝑟𝑟 = 0.9 ;  𝜂𝜂𝑟𝑟𝑒𝑒,𝑟𝑟𝑟𝑟𝑟𝑟 = 0.583 
(6.3) 

Steam export 𝑄𝑄𝑟𝑟ℎ = �̇�𝑚𝑠𝑠𝑟𝑟𝑟𝑟𝑠𝑠𝑚𝑚,𝑟𝑟𝑒𝑒𝑝𝑝𝑒𝑒𝑟𝑟𝑟𝑟(ℎ𝑠𝑠𝑟𝑟𝑟𝑟𝑠𝑠𝑚𝑚@6𝑏𝑏𝑠𝑠𝑟𝑟 − ℎ𝑒𝑒𝑙𝑙𝑒𝑒𝑠𝑠𝑠𝑠𝑟𝑟@6𝑏𝑏𝑠𝑠𝑟𝑟) (6.4) 

Equivalent H2 

production 

efficiency 

𝜂𝜂𝐻𝐻2,𝑟𝑟𝑒𝑒 =
�̇�𝑚𝐻𝐻2𝐿𝐿𝐿𝐿𝐿𝐿𝐻𝐻2
�̇�𝑚𝑁𝑁𝑁𝑁,𝑟𝑟𝑒𝑒𝐿𝐿𝐿𝐿𝐿𝐿𝑁𝑁𝑁𝑁

 (6.5) 

CO2 specific 

emissions 
𝐸𝐸𝐶𝐶𝐶𝐶2 =

�̇�𝑚𝐶𝐶𝐶𝐶2,𝑣𝑣𝑟𝑟𝑣𝑣𝑟𝑟

�̇�𝑚𝐻𝐻2𝐿𝐿𝐿𝐿𝐿𝐿𝐻𝐻2
 (6.6) 

Equivalent CO2 

specific 

emissions 

𝐸𝐸𝐶𝐶𝐶𝐶2,𝑟𝑟𝑒𝑒 =
�̇�𝑚𝐶𝐶𝐶𝐶2,𝑣𝑣𝑟𝑟𝑣𝑣𝑟𝑟 − 𝑄𝑄𝑟𝑟ℎ𝐸𝐸𝑟𝑟ℎ,𝑟𝑟𝑟𝑟𝑟𝑟−𝑊𝑊𝑟𝑟𝑒𝑒𝐸𝐸𝑟𝑟𝑒𝑒,𝑟𝑟𝑟𝑟𝑟𝑟

�̇�𝑚𝐻𝐻2𝐿𝐿𝐿𝐿𝐿𝐿𝐻𝐻2
 

𝐸𝐸𝑟𝑟ℎ,𝑟𝑟𝑟𝑟𝑟𝑟 = 63.3 �
𝑔𝑔𝐶𝐶𝑂𝑂2
𝑀𝑀𝐽𝐽𝑡𝑡ℎ

� ;  𝐸𝐸𝑟𝑟𝑒𝑒,𝑟𝑟𝑟𝑟𝑟𝑟 = 97.7 �
𝑔𝑔𝐶𝐶𝑂𝑂2
𝑀𝑀𝐽𝐽𝑟𝑟𝑒𝑒

� 
(6.7) 
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Carbon Capture 

Ratio 
𝐶𝐶𝐶𝐶𝐶𝐶 =

�̇�𝑚𝐶𝐶𝐶𝐶2,𝑠𝑠𝑟𝑟𝑟𝑟

�̇�𝑚𝑁𝑁𝑁𝑁𝐿𝐿𝐿𝐿𝐿𝐿𝑁𝑁𝑁𝑁𝐸𝐸𝑁𝑁𝑁𝑁
 (6.8) 

Equivalent 

Carbon Capture 

Ratio 

𝐶𝐶𝐶𝐶𝐶𝐶𝑟𝑟𝑒𝑒 =
�̇�𝑚𝐶𝐶𝐶𝐶2,𝑠𝑠𝑟𝑟𝑟𝑟

�̇�𝑚𝑁𝑁𝑁𝑁𝐿𝐿𝐿𝐿𝐿𝐿𝑁𝑁𝑁𝑁𝐸𝐸𝑁𝑁𝑁𝑁 − 𝑄𝑄𝑟𝑟ℎ𝐸𝐸𝑟𝑟ℎ,𝑟𝑟𝑟𝑟𝑟𝑟−𝑊𝑊𝑟𝑟𝑒𝑒𝐸𝐸𝑟𝑟𝑒𝑒,𝑟𝑟𝑟𝑟𝑟𝑟
 (6.9) 

Equivalent 

Specific Primary 

Energy 

Consumption for 

CO2 Avoided 

𝑆𝑆𝑃𝑃𝐸𝐸𝐶𝐶𝐶𝐶𝑆𝑆𝑟𝑟𝑒𝑒 =

1
𝜂𝜂𝐻𝐻2,𝑟𝑟𝑒𝑒

− 1
𝜂𝜂𝐻𝐻2,𝑟𝑟𝑒𝑒,𝑟𝑟𝑟𝑟𝑟𝑟

𝐸𝐸𝐶𝐶𝐶𝐶2,𝑟𝑟𝑒𝑒,𝑟𝑟𝑟𝑟𝑟𝑟 − 𝐸𝐸𝐶𝐶𝐶𝐶2,𝑟𝑟𝑒𝑒
∗ 1000 �

𝑀𝑀𝑀𝑀
𝑘𝑘𝑘𝑘𝐶𝐶𝐶𝐶2

� (6.10) 

Total energy 

consumption or 

Heat rate 
𝐿𝐿𝐶𝐶𝑟𝑟𝑒𝑒𝑟𝑟 =

�̇�𝑚𝑁𝑁𝑁𝑁𝐿𝐿𝐿𝐿𝐿𝐿𝑁𝑁𝑁𝑁 − 𝑄𝑄𝑟𝑟ℎ −𝑊𝑊𝑟𝑟𝑒𝑒
4.186

�̇�𝑁𝐻𝐻2 ∗ 22.414
�
𝐺𝐺𝐺𝐺𝐺𝐺𝐺𝐺𝑁𝑁𝑁𝑁
𝑘𝑘𝑁𝑁𝑚𝑚𝐻𝐻2

3� (6.11) 

Cost of H2 

𝐶𝐶𝐶𝐶𝐿𝐿

=
(𝑇𝑇𝑃𝑃𝐶𝐶 ∗ 𝐶𝐶𝐶𝐶𝐹𝐹) + 𝐶𝐶𝐶𝐶&𝑀𝑀,𝑟𝑟𝑙𝑙𝑒𝑒 + (𝐶𝐶𝐶𝐶&𝑀𝑀,𝑣𝑣𝑠𝑠𝑟𝑟 ∗ ℎ𝑟𝑟𝑒𝑒)

�̇�𝑁𝐻𝐻2 ∗ 22.414 ∗ 3600 ∗ ℎ𝑟𝑟𝑒𝑒
�

€
𝑁𝑁𝑚𝑚3

𝐻𝐻2
� 

(6.12) 

 

In addition to H2, the plant can also produce net electrical plant power (the 

difference between electricity produced and accessories electric consumption) and the 

heat output for steam import/export (Eq. 6.4). Considering the electricity and heat 

contribution, an equivalent natural gas thermal input has been defined (Eq. 6.3). This 

parameter represents the actual natural gas used for hydrogen production. Based on 

the equivalent natural gas input, other equivalent terms have been defined. These 

parameters provide information for proper comparison between plants that are 

working at different conditions. 

Regarding the cost assessment, several references have been used to estimate 

the cost of components [38–41]. The fluidized bed reactors cost has been determined 

based on [42], while the cost of the syngas coolers were determined with Aspen 

Exchanger Design and Rating. The standard exponential scaling law has been used to 

determine the equipment cost of the whole system. Each equipment cost has then been 
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updated to the designed plant size and cost actualized based on the chemical 

engineering cost index. In addition to the cost estimation of components, the cost of 

hydrogen (COH) was also calculated to compare the selected process plants. The cost of 

hydrogen was determined using the methodology provided by global CCS institute [43] 

as indicated in Eq. 6.12. 

TPC is the total plant cost which has been determined following the procedure 

described in the EBTF report. The procedure is based on a Bottom-Up Approach (BUA) 

which involves breaking down the whole plant into basic components and adding 

installation and indirect costs. The COH is also computed using the first year Carrying 

Charge Factor (CCF), which represents the total plant cost distribution per annum over 

the life time of the plant. Different financial parameters [37,44] have been used to 

calculate the CCF of the MA-GSR plant, and was found to be 0.1533. For the CCF analysis, 

the fraction of loan (60%) and equity of the capital (40%) and their corresponding 

interests (8.5%, and 20%, respectively) have been considered as intermediate values 

between high and low risk investment. In addition, 3 years of construction time with 

three stages of instalment, operating lifetime of 25 years while a lifetime of the catalyst 

and oxygen carrier of 5 years, inflation rate of 3%, tax rate of 35% and 20 years of 

depreciation were assumed [44][45]. As shown in Eq. 6.12, by multiplying the total 

plant cost and CCF, the incidence of the total cost in a year of production of the plant 

can be determined. The 𝐶𝐶𝐶𝐶&𝑀𝑀,𝑟𝑟𝑙𝑙𝑒𝑒 and 𝐶𝐶𝐶𝐶&𝑀𝑀,𝑣𝑣𝑠𝑠𝑟𝑟 are the fixed and variable operating and 

maintenance costs, respectively, while ℎ𝑟𝑟𝑒𝑒 is the equivalent working hours, with a plant 

availability assumed to be 90%. 

Results and discussion  

The discussion on the results are divided into two main parts. In the first part, 

the performance of the MA-GSR plant is described and compared to the benchmarks. In 

the second part, the economic evaluation of the plants will be presented and discussed. 

Analysis of plant performance 
The energy balance and performance indices of the novel MA-GSR and the 

reference plants for hydrogen production are summarized and presented in Table 6.2. 
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The reforming efficiencies of the benchmark technologies are respectively 74% and 

69%. This difference is due to the larger H2O content used for the reforming (to 

maximize the carbon-to-CO2 conversion) and the cost of CO2 capture. Overall, 79% of 

CO2 is captured, with a resulting SPECCAeq of 4.57 MJLHV/kgCO2. 

Compared to the conventional plants with/without CO2 capture, the new MA-

GSR technology provides a higher hydrogen production efficiency of 89%, i.e. 15-20 %-

points higher than the benchmarks. This is primary due to the limited amount of 

sensible heat in the depleted air stream from the oxidation stage. Two factors limit the 

sensible heat: the MA-GSR process requires only the stoichiometric amount of oxygen 

for autothermal reforming and the maximum temperature of all the gases in the MA-

GSR never exceed the maximum temperature (~700 °C) significantly reducing the 

sensible heat of the gases at the reactor outlet.  

Since the permeate pressure of H2 is 1 bar, high energy costs for compression 

are required. When all energy consumptions are taken into account, the equivalent H2 

production efficiency of the MA-GSR decreased to a value of 81%, while, in the case of 

the benchmark plant without CO2 capture it increases to 81% as a result of the 

remaining steam to export. The equivalent H2 production efficiency of the reference 

plant with CO2 capture is also decreased by 2% which is mainly related to the energy 

consumption for CO2 compression. The equivalent H2 production efficiency of the MA-

GSR concept therefore remains 14%-points higher than the benchmark case with CO2 

capture. In terms of electricity consumption, the air compressor consumption is partly 

compensated by the expander production for all the cases, yet the hydrogen 

compressors are a substantial electricity consumer, particularly in the case of the MA-

GSR. The CO2 compressor energy demand of MA-GSR is lower in comparison to the 

reference system with CO2 capture, because the CO2 is available at high pressure due to 

the higher reforming pressure.  

On the other hand, the steam export is significantly lower in the MA-GSR and 

the reference plant with CO2 capture compared to the reference plant without CO2 

capture. This is due to the fact that, in the case of MA-GSR, the steam produced by the 
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waste heat is mostly consumed by the process itself while, in the benchmark case, the 

steam is required for the MDEA reboiler.  

In view of CO2 emissions (ECO2), the MA-GSR achieves almost similar specific 

CO2 emissions compared to the conventional system with CO2 capture. The main reason 

for the direct CO2 emissions in case of the MA-GSR is the mixing of the outlet gas during 

the switching operation (mainly during the oxidation stage). The equivalent specific 

CO2 emission is higher in the MA-GSR compared to the conventional system with CO2 

capture due to the higher net electricity consumption. Nevertheless, 72 % of equivalent 

CO2 avoidance can be obtained, where the remaining 28% corresponds to the electricity 

consumption for compressors and the direct emissions due to the gas mixing.  

Furthermore, the total heat rate and SPECCAeq are much lower in MA-GSR 

compared to the reference plant with CO2 capture (0.02 vs 4.57). The low value of 

SPECCAeq indicates that using the MA-GSR would not add any additional energy 

penalization with respect to the conventional H2 production plant (in which CO2 capture 

is not integrated). As discussed earlier, the CO2 avoidance of the MA-GSR concept can 

be increased by deploying longer cycle times. This will lead to lower reforming 

temperatures, however, requiring a larger membrane surface area for the same amount 

of H2 extraction. Alternatively, a large amount of thermal mass can be included in the 

reactor, decreasing the rate of temperature variation shown in Figure 6.2. This will 

allow for longer cycle times without lowering the average reforming temperature, but 

will also increase reactor costs.  

In Table 6. 3, the thermodynamic conditions of the streams depicted in Figure 

6.5 are presented for the case at 662 °C reforming temperature; S/C ratio of 2.1; and 

50/1 bar of feed/permeate pressure. 
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Table 6.2 Performance of the MA-GSR plant and comparison to the benchmark of Steam Methane 

Reforming with and without CO2 capture 

Process Benchmark  Benchmark MA-GSR 

CO2 capture technologies  N/A CA-MDEA H2O cond 

Tref [°C] / Pref [bar] / SC / Pperm [bar] 
890 / 32 / 2.7 / 

- 

890 / 32 / 4 / - 662 / 50 / 2.1 

/ 1 

NG flow rate [kg/s] 2.62 2.81 2.62 

NG thermal input [MWLHV,NG] 121.94 130.79 121.94 

Steam-to-carbon ratio 2.7 4 2.1 

H2 mass flow rate [kg/s] 0.75 0.75 0.91 

Electricity production/consumption    

Air compressor-Air/exh Fan [MWel] -0.68 -0.91 -5.73 

Gas turbine [MWel] - - 6.84 

H2 compressors [MWel]  -2.27 -2.28 -9.00 

CO2 compressors [MWel] - -2.23 -0.28 

Steam turbine [MWel] 3.27 3.79 - 

Pumps [MWel] -0.21 -0.29 -0.03 

Other auxiliaries [MWel] -0.05 -0.15 -0.09 

Net electric power [MWel] 0.07 -2.07 -8.29 

Steam export (160°C, 6 bar) [kg/s] 4.02 0.27 0.65 

H2 production efficiency ηH2 

(H2,LHV/NGLHV) 

0.74 0.69 0.89 

Equivalent NG input mNG,eq [kg/s]  2.41 2.88 2.89 

H2 yield [molH2/moleq,CH4] 2.49 2.48 2.97 

Eq. H2 production efficiency ηH2,eq 

(H2,LHV/NGeq,LHV) 

0.81 0.67 0.81 

Heat rate (HR) [Gcal/kNm3H2] 3.24 3.79 3.05 

CO2 specific emission ECO2 

[kgCO2/Nm3H2]   

0.82 0.14 0.14 

Equivalent CO2 specific emission  

ECO2,eq [kgCO2/Nm3H2] 

0.76 0.16 0.20 

Eq. CO2 avoided (CCReq)  [%] - 79 72 

SPECCAeq [MJ/kgCO2] - 4.57 0.02 
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Economic assessment 
An economic evaluation of the MA-GSR concept has been performed and 

compared with the benchmark technologies. The results of the economic analysis are 

shown in Table 6.4 (based on a membrane cost of 7911 €/m2). The percentage 

contribution of the main components to the Bare Erected Cost (BEC) has also been 

listed. In the listing, the Total Overnight Cost (TOC) is defined according to NETL [44].   

Table 6.4 Economic evaluation of the MA-GSR plant and comparison to the benchmark of Steam 

Methane Reforming with and without CO2 capture 

Process Benchmark  Benchmark MA-GSR 

CO2 capture technologies  N/A CA-MDEA H2O cond 

Tref [°C] / Pref [bar] / SC / Pperm 

[bar] 

890 / 32 / 2.7 / 

- 

890 / 32 / 4 / - 662 / 50 / 2.1 

/ 1 

MA-GSR reactor geometry     

Reactor diameter [m]   3.5 

Reactor length [m]   10 

Number of reactors    5 

Membrane length [m]   6 

Membrane diameter [m]   0.05 

Number of membranes    5984 

Economic evaluation    

Bare Erected Cost [M€] (% of tot 

BEC) 

   

Reactors  10.56 (27.3%) 11.11 (18.7%) 25.13 (27.4%) 

Convective cooling HEX 10.67 (27.6%) 13.27 (22.3%) 5.73 (6.2%) 

Turbomachines 3.42 (8.8%) 3.7 (6.3%) 2.13 (2.3%) 

H2 compressors 1.46 (3.8%) 1.38 (2.3%) 5.71 (6.2%) 

Syngas coolers & heat rejection 4.17 (10.8%) 6.58 (11.1%) 7.70 (8.4%) 

PSA unit 8.45 (21.8%) 5.9 (10.0%) - 

MDEA unit - 14.29 (24.1%) - 

CO2 compressors  - 3.12 (5.2%) 0.69 (0.8%) 

H2 membranes  - - 44.62 (48.7%) 

Total Overnight Cost x CCF [M€/y]  14.15 21.70 33.18 
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O&M fixed (others) [M€/y] 6.60 9.75 10.10 

O&M variable (90% plant 

availability) [M€/y] 

   

Water (process+cooling) 0.63 0.82 0.36 

Natural Gas 31.67 33.97 31.67 

Steam export -1.37 -0.09 -1.01 

Electricity  -0.02 1.14 4.99 

H2 mass flow rate [kg/s] 0.75 0.75 0.91 

Cost of Hydrogen (COH)  [€/Nm3H2] 0.216 0.282 0.274 

COHvariable cost [€/Nm3H2] 0.129 0.150 0.124 

COHfixed cost [€/Nm3H2] 0.087 0.132 0.150 

Cost of CO2 avoided [€/tCO2]  97.06 85.14 

Cost of CO2 avoided equiv. em. 

[€/tCO2, eq] 

 110.00 105.31 

 

As can be seen in Table 6.4, the total overnight cost of the proposed concept is 

the highest compared to the reference plants. The most expensive unit of the MA-GSR 

plant is represented by the separation unit (membranes) with associated cost of around 

48% of the BEC. As discussed earlier, due to the intrinsic dynamic operation, each 

reactor requires a certain number of membranes, and therefore about 60% of the 

membranes are not continuously operated (see the H2 extraction rate plot in Figure 

6.2). This may represent a positive point for the lifetime of the membrane provided that 

the changes in dynamic operation (thermal and chemical cycles) would not affect the 

lifetime of the membrane. Nowadays, the membranes withstand temperature changes 

of 100 °C [46,47], while in the presence of O2 the current state-of-the-art Pd-based 

membranes easily lose the Pd layer [48][49] (see Chapter 5), indicating that the type of 

membrane or its composition needs to be improved. As a result, the separation unit in 

the MA-GSR process (membranes) is 5.3 times more expensive than the benchmark 

without CO2 capture (PSA) and 2.2 times more expensive than the benchmark with CO2 

capture (PSA and MDEA). 
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This large membrane cost unfortunately cancels out most of the efficiency 

advantage of the MA-GSR concept. Specifically, the cost of hydrogen from the MA-GSR 

concept is 0.274 €/Nm3H2 which is more than the benchmark reformer without CO2 

capture (0.216 €/Nm3H2) and slightly less expensive than the reference technology with 

CO2 capture (0.282 €/Nm3H2). Based on the thermodynamic and economic evaluation, 

the variable costs are higher than the fixed costs for both reference plants, especially 

for the case with CO2 capture due to the high fuel cost (related to the lower efficiency). 

In the MA-GSR plant, the higher energy demand for compression (import of electricity) 

increases the operating cost, while the membrane replacement cost significantly 

contributes in the fixed cost (the base case is based on a lifetime of 2 years [50] and a 

cost recovery of 80% due to the Pd and support recycling). 

Due to the large impact of membrane costs on the process economics and the 

uncertainties involved in the cost and durability of H2 perm-selective membranes in 

fluidized beds, a sensitivity analysis to important membrane-related assumptions is 

presented in Figure 6.6. The figure shows that the MA-GSR plant outperforms the 

reference plant with CO2 capture provided that the price of the membranes remains 

below 9500 €/m2 (the current status of the end-user cost of a thin membrane with 

metallic support is 1000 $/ft2 [51], however the DOE target is the end-user cost of less 

than 500 $/ft2 [51]). Moreover, it is remarkable that, if the cost of membranes drops to 

30% of the current price, the cost of hydrogen for the new concept would be even lower 

than the conventional system without CO2 capture. It should be noted that these effects 

can also be achieved by future developments that increase membrane permeability so 

that a smaller membrane surface area is required.  

Secondly, Figure 6.6 shows that poor membrane durability will have a strong 

negative effect on process economics, especially when the membrane lifetime is 

reduced to below 1 year. Improved durability beyond the base-case assumption of 2 

years only has a moderate positive effect. A high membrane recovery factor is also 

important to the economics of the MA-GSR process. The COH exceeds that of the 

conventional MDEA process if less than 70% of the membrane cost is recovered in the 

replacement process.  
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Figure 6.6 Sensitivity of the COH to: membrane cost (a), lifetime (b) and recovery factor (c) 

Finally, the effect of natural gas (NG) cost and the discount rate applied to the 

capital investment on the COH is also evaluated in Figure 6.7 (the cost of imported 

electricity is not varied with NG cost). When the cost of NG goes from 2 €/GJ (current 

price of NG in Saudi Arabia is 1.18 $/GJ [52]) to 18 €/GJ (high fuel cost scenario), the 

COH increases steeply for the reference plant with CO2 capture (with a slope of 0.016) 

compared to the MA-GSR (slope of 0.012) and the conventional plant without CO2 

capture (slope of 0.014). It is therefore clear that the high efficiency of the MA-GSR 

concept makes it less sensitive to high natural gas prices than the benchmarks. 

Given the large capital requirement of the MA-GSR process, Figure 6.7 shows a 

high sensitivity to the discount rate compared to the conventional process without CO2 

(a) (b)

(c)
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capture. Naturally, lower discount rates favour capital intensive, but highly efficient 

technologies like MA-GSR. A discount rate of only 5% brings the COH of MA-GSR within 

5% of the conventional process without CO2 capture. Such low discount rates are not 

impossible over coming decades, given the current record low benchmark interest rates 

and the potential of favourable climate policies to greatly reduce investment risks. For 

example, favourable policies in Germany resulted in real weighted average cost of 

capital in the range of 2.8-4.1% [53] for wind, utility-scale solar and biomass plants. 

Figure 6.7 Sensitivity of the COH to: natural gas price (a) and discount rate (b) 

Conclusions  

This chapter has presented a techno-economic assessment of a novel 

membrane-based chemical looping reforming plant, dynamically operated for 

hydrogen production with integrated CO2 capture. As a new concept, it shows a high 

increase in the performance of the plant in terms of reforming efficiency and CO2 

capture rate. In-situ extraction of hydrogen via H2 perm-selective membranes also has 

a favourable effect on the reaction equilibrium, thereby allowing to operate the reactor 

modules below 700 °C. Since no external solids circulation is required (as for 

conventional chemical looping reforming in fluidized bed reactors), high pressure 

operation is relatively easily accomplished. The modular nature of the concept can also 

accelerate the scale-up process, as well as the possible use of the system at smaller 

scales where the current conventional H2 production SMR plant results in a H2 

production cost of about 0.36-0.55 €/Nm3 (in the range of 50 to 190 Nm3/h), while in 

(a) (b)
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the case of future onsite generation with electrolysers the COH will increase to 0.53-

0.85 €/Nm3 [54].   

The primary challenge associated with this concept is the low utilization rate 

of the membranes in the reactor, making the economics of the concept highly sensitive 

to the cost and durability of the H2 perm-selective membranes. However, even in the 

base-case scenario, the MA-GSR concept returned a marginally lower cost of hydrogen 

than conventional steam methane reforming with CO2 capture. It is possible that future 

developments in membrane science can deliver cheaper, more permeable and more 

durable membranes. If a threefold reduction in the cost/permeability ratio of the 

membranes can be achieved, the cost of hydrogen from the MA-GSR process with CO2 

capture and compression falls below that of the conventional steam methane reforming 

process without CO2 capture.  

In conclusion, the MA-GSR concept can be a promising technology for future 

clean hydrogen production from fossil fuels, provided that significant future cost 

reductions or performance improvements can be achieved in the field of H2 perm-

selective membranes.  
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This chapter briefly summarises the work presented in this thesis. The main impacts of the 

results are discussed and challenges for future research are indicated and a priority 

amongst them is suggested.   
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Scope 

Carbon Capture and Storage (CCS) is regarded as one of the promising strategic 

mid-term solutions to reduce anthropogenic CO2 emissions to alleviate the impacts of 

greenhouse gases on the climate. The primary challenge with CCS is the large energy 

penalty required by current available capture technologies, but this problem may be 

reduced by the membrane-assisted gas switching reforming (MA-GSR) technology 

developed and evaluated in this thesis.  

MA-GSR is a membrane-assisted fluidized bed reactor concept that has been 

proposed for ultra-pure hydrogen production with integrated CO2 capture from steam 

methane reforming in a single process unit. This system utilizes: (1) an oxygen carrier 

which acts as catalyst and heat carrier to the endothermic reforming reaction and is 

periodically exposed to fuel/steam and air streams. The periodic gas switching 

inherently avoids contact between CO2 and N2, thus resulting in intrinsic CO2 separation 

(after steam condensation). (2) Hydrogen perm-selective membranes (thin Pd-based 

supported membranes) immersed in a fluidized bed reactor to directly recover pure 

hydrogen, thereby producing a carbon-free energy carrier. Thus, the MA-GSR promises: 

(a) excellent separation properties of the membranes, (b) advantages of fluidized bed 

reactors, (c) reduction in the total reactor volume and downstream process units, (d) 

operation at lower temperatures compared to the conventional technology for H2 

production. This last chapter of the thesis comprises an overview of the results that 

were obtained in this study and some recommendations for further study.  
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This Thesis  

The main aim of this study was to design and develop a membrane-assisted gas 

switching reforming reactor and demonstrate the technical and economic feasibility of 

the concept through dedicated experimental and modelling studies. The development 

of the proposed concept requires detailed understanding of different aspects. The study 

of the effect of gas extraction and presence of membranes inside the fluidized bed on its 

fluid dynamic behaviour is quite important as bubble size and velocities are directly 

related to the extent of mass transfer between the bubble and emulsion phases (and 

therefore directly related to the reactor performance). Proof of concept under reactive 

conditions both for the oxidation and reduction cycles and the transient gas switching 

reforming operation is the other aspect that must be provided requiring thorough 

understanding of the reactor behaviour. And finally, a techno-economic evaluation and 

comparison to competing alternative processes should elucidate the potential of the 

concept. Therefore, subsequent chapters were focused on investigating these topics.  

In Chapter 2, the effects of gas extraction through vertical membranes on the 

bubble properties has been investigated both experimentally (using Digital Image 

Analysis technique) and numerically (TFM). The simulation studies were also extended 

to investigate reactive conditions. Indeed, in the MA-GSR proof of concept, H2 selective 

cylindrical Pd-based membranes were vertically immersed in the bubbling fluidized 

bed. However, flat vertical membrane configurations should not be directly excluded as 

a possible option as detailed hydrodynamic control is required, since the gas extraction 

via the membranes influences the behaviour of the bubbles (gas) and solids (oxygen 

carrier /catalyst of the process) regardless of the geometry. A pseudo 2D experimental 

setup with a multi-chamber porous plate mounted at the bottom of the back plate was 

used to simulate vertical membranes. This configuration allowed for gas extraction in 

specific locations from the back of the column. Results have shown that variation of gas 

extraction rates across the entire back of the reactor only slightly influences the bubble 

behaviour, whereas variation of the gas extraction location substantially influences the 

bubble properties. Upon increasing the extraction rates, a clear effect in the upper 

region of the bed were observed, where bubbles tended to channel towards the centre 
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of the bed due to the formation of densified zones on the sides of the bed. This study 

was further extended to cases with different particle sizes and fluidization velocities. 

For the cases with larger particles (500 µm) consistently little to no sensitivity to 

changes in the gas extraction rate or location were observed, whereas for the cases with 

small particles at higher gas extraction rates, the small particles experienced a large 

relative drag force towards the back wall of the domain where the gas was extracted, 

leading to the formation of densified zones. The formation of densified zones may have 

a significant negative effect on the reactor performance, but can thus be avoided by 

employing larger particle sizes and/or less permeable membranes. It was estimated 

that densified zone formation can become significant when the drag force towards the 

membrane exerted by the extracted gas reaches values of about 10% of the gravity force 

acting on the particles. It can therefore be deduced that the effects of extraction rates 

and location, mostly in the form of densified zone formation, would be substantially 

greater if particle sizes smaller than 200 µm were employed. Membranes with higher 

permeability may therefore require the use of particle sizes larger than usual to avoid 

densified zones and the associated mass transfer limitations. This large effect of the 

particle size can become an important FBMR design consideration, as further research 

is expected to further improve the membrane performance. CFD simulations showed a 

reasonable comparison to the experimental measurements and the methodology could 

therefore be used to numerically investigate the effect of the membrane permeability 

on the reactor hydrodynamics for reactive conditions. The reactive simulations 

revealed very similar hydrodynamic responses to changes in membrane permeability 

and location. 

As the formation of densified zones due to gas extraction via membranes is 

very detrimental to the reactor performance, the mechanism of the formation should 

be understood and quantitatively characterized. In Chapter 3, by coupling pressure 

fluctuation and PIV measurements, the extent of densified zone formation and its 

relation to the gas extraction via membranes and how to identify the phenomenon in 

advance is described in detail. Results show that the peak in the standard deviation of 

the pressure fluctuations (commonly employed to indicate the transition from freely 
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bubbling to turbulent fluidization) in fluidized beds with gas extraction through flat 

vertical membranes indicates the onset of the formation of densified zones rather than 

the transition towards turbulent fluidization. These results can be used to validate the 

pressure fluctuation method that can then be used to actual 3D reactors for 

identification of densified zone formation. 

The demonstration of the GSR without membranes in a lab-scale reactor using 

a Ni-based oxygen carrier with known catalytic properties has been presented in 

Chapter 4. The selected commercial Ni-based catalyst offers a dual service for the 

concept. It provides a high oxygen capacity and it is a perfect oxygen carrier for the gas 

switching system because of its good reactivity at lower temperatures. In addition, in 

its reduced state it provides a high catalytic activity for the reforming reactions 

occurring in the reforming stage. The catalytic performance of the oxygen carrier was 

confirmed by showing that equilibrium concentrations for steam methane reforming 

were achieved even with the relatively short gas residence time in the lab-scale reactor. 

The GSR reactor behaviour was then assessed by varying different operating 

conditions, viz. temperature and cycle time. Results show that longer cycle times 

resulted in lower reactor temperatures at the end of the reforming stage, thus reducing 

the overall methane conversion. However, in practice, a trade-off will have to be made 

between reduced methane conversion for long cycles and reduced CO2 capture 

efficiency for short cycles while having higher methane conversion. High temperature 

operation therefore becomes even more important to minimize this trade-off.  

The knowledge gained from previous chapters has been combined in Chapter 

5, where the MA-GSR concept has been demonstrated at lab-scale. In this concept, pure 

H2 has been obtained through four perm-selective membranes immersed in the 

bubbling fluidized bed reactor consisting of a Ni-based oxygen carrier. The results have 

confirmed that high methane conversions (> 50%), well above the thermodynamic 

equilibrium, can be achieved with the MA-GSR concept, with hydrogen recovery factors 

of 26% for a reaction carried out at relatively low temperatures (~500 °C). The analysis 

also showed that these results could be further improved by operating at higher 

pressures. Moreover, good reproducibility of the cycles has been observed during the 
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MA-GSR experiments and the temperature variations between the reduction and 

oxidation cycles have confirmed virtually autothermal conditions.  

However, the main limitation of this concept is related to the stability of the 

membranes, which are continuously exposed to thermal cycles and alternating 

oxidative and reducing atmospheres. Through post-reaction characterization of the 

membranes, it has been observed that they cannot withstand the harsh conditions and 

defects were formed on the surface of the Pd layer. Formation of PdO was observed, 

which resulted in the formation of pores in the dense Pd layer, while thermal stresses 

caused delamination of the selective layer. Therefore, more investigation and further 

development of the used state-of-the-art membranes is of high importance to scale-up 

and actualize the MA-GSR concept; for that some possible solutions and 

recommendations are given in the outlook section.  

Finally, by assuming that this technology is fully developed (i.e. the possibility 

to use supported Pd-based membranes that can withstand oxidative atmosphere and 

higher temperatures, and that these membranes are available and ready to be installed 

at industrial scale) a techno-economic analysis has been performed and presented in 

Chapter 6. Reactor and process simulation results show that the MA-GSR process can 

achieve a similar equivalent H2 production efficiency as the conventional steam 

methane reforming process without CO2 capture. Moreover, the MA-GSR concept can 

realize a higher H2 production efficiency than conventional plants when integrated with 

CO2 capture (20% higher). Despite the inefficient usage of membranes and the 

requirement of a very large installed membranes surface area being the main 

drawbacks of the concept, the results obtained are promising and show the potential of 

the new technology (provided that durable membranes are available in the market) for 

H2 production integrated with CO2 capture at industrial scale. However, there are still 

many issues left that should be further investigated in order to demonstrate this 

concept at larger scales and at more optimal conditions, and some highlights for future 

work are provided in the next section. 
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Outlook 

In this thesis, the effect of gas permeation through membranes on the 

hydrodynamics of the fluidized bed have been studied using a non-invasive optical 

measurement technique due to its high temporal and spatial resolution. However, this 

technique can only be effectively used in a pseudo-2D bed geometry. Nevertheless, 

considering that the demonstration of the concept is carried out in a 3D geometry and 

at high temperatures, the validity of the measurements using optical techniques with 

2D beds (without even considering the wall effects) at room temperature could be 

arguable and the results should be extended to 3D situations and high temperature by 

using dedicated advanced techniques. Therefore, one of the recommendations would 

be to use a 3D technique (like X-ray analysis techniques).  Helmi et al. [1] have recently 

studied the effects of gas extraction through membranes on the hydrodynamics of a 3D 

fluidized bed using an X-ray analysis technique for Geldart A/B particles. Such 

techniques would be recommended, especially for analysing the extent of densified 

zone formation in the vicinity of membranes at different gas permeation rates and 

configurations for a wide range of particle sizes and fluidization velocities. In addition, 

other 3D techniques like Magnetic Resonance Imaging (MRI) [2] or Electric Capacitance 

Volume Tomography (ECVT) [3], although with generally lower spatial resolution, 

would be recommended in order to fairly evaluate and validate the TFM model on the 

effects of gas permeation on the hydrodynamics. The other recommendation regarding 

the hydrodynamics would be to use a high temperature optical technique (endoscopic 

PIV/DIA) [4] to investigate the effects of temperature on the hydrodynamics (as inter-

particles forces may change at elevated temperatures) while extracting gases through 

membranes, which represents the actual operating conditions inside the high 

temperature membrane reactor. In a next step these studies can be further extended to 

high-temperature reactive conditions. 

In the proof of concept of the GSR, a Ni-based commercial catalyst was chosen, 

since it combines good oxygen carrying capacity and catalytic activity, which are the 

prime requirements of the concept.  However, the cost and toxicity of the material also 

play a pivotal role in determining the safety and economic viability of the process 
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(particularly at large scale). Nowadays, the manufacturing cost of the material with the 

support and its toxicity (especially for oxygen carriers like NiO) have become an issue. 

Thus, an interesting option would be the combination of naturally available minerals as 

oxygen carriers (like ilmenite) with highly active catalytic materials for methane-

reforming (like Rh, Ru or Ir). For instance, by impregnating a small amount of these 

active catalysts on the oxygen carrier, it is possible to have a dual functionality, safe and 

relatively cheap material for the GSR concept. Of course, this option has to be first tested 

in a redox atmosphere (e.g. using TGA) for a number of cycles and its catalytic activity 

has to be also tested in a lab-scale reactor before using it for the GSR application. 

Considering that the stability of the Pd-based membranes used in this study is 

the bottleneck of the concept, recyclability and reusability of the Pd-based membranes 

is essential for the implementation of the MA-GSR concept at larger scales. In this 

respect, Li et al. [5] have demonstrated that the Pd metal can be treated and recycled 

using HNO3 and HCl-H2O2 treatment agents. The other important aspect of the 

membrane is the lifetime of the membrane under the harsh oxidative and thermal 

cycles while operating under fluidization conditions. Membranes with higher 

mechanical and thermal stabilities under oxidative atmosphere are expected to take the 

MA-GSR technology to commercialization.  

Using “pore-filled” Pd membranes [6,7] or double-skinned Pd membranes [8] 

may reduce the thermal, mechanical and oxidative effects on the Pd layer as the 

selective layer is not directly exposed to the fluidized suspension. Basically, the 

selective Pd layer is protected by a thin porous ceramic layer coated onto the external 

membrane surface. This approach could slightly lower the fluxes compared to the 

conventional Pd-based membranes, but results in higher selectivities (higher purity) 

and longer lifetimes can be expected. Stability tests under switching conditions need to 

be performed at lab-scale with these improved membranes (especially the double-

skinned membranes) to assess their potential for the MA-GSR application. It is also 

recommended to explore the use of other H2-permselective materials other than Pd, or 

their alloys, that can sustain frequent switching between oxidative and reductive 

atmospheres and continuous heating and cooling cycles.  
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Finally, good results have been obtained in the experimental facility built for 

the proof-of-concept of the MA-GSR even though the membranes had some defects due 

to the oxidation of the selective Pd layer. However, still some further improvements can 

be implemented, particularly on the configuration of the setup. As already discussed in 

Chapter 5, with the existing configurations, the immersed membranes are close to the 

distributor of the reactor where higher O2 concentrations prevail; however, placing the 

membranes somewhat further away from the distributor (where the O2 concentration 

is much lower) would reduce the exposure of the membranes to oxygen and alleviate 

the formation of PdO to some extent. Therefore, a redesign of the reactor configuration 

to limit membrane exposure to oxygen would be recommended. Finally, considering 

that one of the key aspects of the MA-GSR concept is the possibility of operating at 

elevated pressures, demonstrating the concept at higher pressures is strongly 

recommended (provided that a stable membrane under oxidative atmosphere are 

developed). 
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Appendix A 

The reactor model employed to understand the behaviour of the MA-GSR concept is 

based on the filtered Two Fluid Model approach [1,2] (see Chapter 6). In this approach, 

the conservation equations for mass, momentum, species and energy are solved with 

appropriate closures for drag and reactions. This filtered approach models the presence 

of mesoscale structures (clusters and bubbles) occurring in fluidized beds, so that these 

structures do not need to be resolved on a fine and computationally expensive mesh.  

The model setup is almost identical to 3D simulations of a large-scale gas switching 

combustion reactor performed in an earlier work by the authors [3], and readers are 

referred to this work for more details. Conservation equations are rewritten in 1D space 

below for easy reference.  

The present study differs in two ways: the conservation equations are solved only in 

one direction (1D simulations) and specialized models for axial solids mixing are 

included because the large-scale recirculating flow patterns in fluidized beds cannot be 

resolved in 1D space. These axial mixing models are outlined below in the form of an 

effective diffusion coefficient (𝐷𝐷𝑠𝑠 in Eq. 5) and thermal conductivity (𝑘𝑘𝑠𝑠 in Eq. 4) for the 

solids phase [4,5]: 

𝐷𝐷𝑠𝑠 = 1.058�𝑈𝑈0 − 𝑈𝑈𝑚𝑚𝑚𝑚�𝑑𝑑𝑟𝑟 �
𝑔𝑔𝑑𝑑𝑟𝑟

𝑈𝑈0 − 𝑈𝑈𝑚𝑚𝑚𝑚
�
0.653

𝐴𝐴𝐴𝐴−0.368 (6) 

𝑘𝑘𝑠𝑠 = (1 − 𝜀𝜀)𝜌𝜌𝑠𝑠𝐶𝐶𝑝𝑝,𝑠𝑠𝐷𝐷𝑠𝑠 (7) 
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Here, 𝑈𝑈0 is the superficial fluidization velocity, 𝑈𝑈𝑚𝑚𝑚𝑚 is the minimum fluidization velocity, 

𝑑𝑑𝑟𝑟 = 3.5 𝑚𝑚 is the reactor diameter,  𝑔𝑔 is the gravitational constant, 𝜀𝜀 is the bed voidage, 

𝜌𝜌𝑠𝑠 and 𝜌𝜌𝑔𝑔 are the densities of the solids and gas phases, 𝐶𝐶𝑝𝑝,𝑠𝑠 is the solids heat capacity, 

𝜇𝜇𝑔𝑔 is the gas dynamic viscosity, and 𝑑𝑑𝑠𝑠 is the particle size.  

Other closures include the interphase momentum exchange coefficient (𝐾𝐾𝑔𝑔𝑠𝑠 in Eq. 2 & 

3) and mesoscale solids pressure (𝜕𝜕𝑠𝑠 in Eq. 3) [6]. These closures influence the 

expansion of the 1D particle bed. Interphase heat exchange is described by the Gunn 

equation [7], although thermal equilibrium between gas and solids would also be a good 

assumption due to the very fast heat transfer typical in fluidized beds.  

The source terms at the end of Eqs. 1-5 are determined by the reaction rate closures 

implemented. Catalytic and heterogeneous reaction rates are fully described in an 

earlier work [8], where the reaction kinetics are taken from works of Abad et al. [9], Xu 

& Froment [10] and Oliveira et al. [11]. Rate equations are modified with an 

effectiveness factor that accounts for unresolved bubble-to-emulsion mass transfer 

limitations [2]. Four heterogeneous and three solid catalysed reactions are included as 

outlined below.      

CH4 + 4NiO → 4Ni + CO2 + 2H2O 

H2 + NiO → Ni + H2O 

CO + NiO → CO2 + Ni 

Ni + 1 2⁄ O2 → NiO 

CH4 + H2O ↔ CO + 3H2 

CO + H2O ↔ CO2 + H2 

CH4 + 2H2O ↔ CO2 + 4H2 
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Considering that the heat generated in the bed by the oxidation reaction of the oxygen 

carrier is taken up by the solid material in the bed is described in the following energy 

balance (see Chapter 4). 

𝐸𝐸𝑠𝑠𝑠𝑠𝑠𝑠𝑟𝑟𝑠𝑠 + 𝐸𝐸𝑠𝑠𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎 = 𝐸𝐸𝑎𝑎𝑒𝑒𝑎𝑎  → 𝐸𝐸𝑠𝑠𝑠𝑠𝑠𝑠𝑟𝑟𝑠𝑠 + 𝐸𝐸𝑠𝑠𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎 − 𝐸𝐸𝑎𝑎𝑒𝑒𝑎𝑎 = 0 (10) 

Where, 𝐸𝐸𝑠𝑠𝑠𝑠𝑠𝑠𝑟𝑟𝑠𝑠 is the energy at the start of oxidation (end of reforming), 𝐸𝐸𝑠𝑠𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎 is the 

energy added during oxidation and 𝐸𝐸𝑎𝑎𝑒𝑒𝑎𝑎 is the energy at the end of oxidation.  

𝐸𝐸𝑠𝑠𝑠𝑠𝑠𝑠𝑟𝑟𝑠𝑠 = �� � 𝑚𝑚𝑂𝑂𝑂𝑂

𝑇𝑇𝑆𝑆𝑆𝑆

𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟

𝐶𝐶𝑝𝑝,𝑂𝑂𝑂𝑂,𝑖𝑖𝑑𝑑𝜕𝜕�
2

𝑖𝑖=1

 
       

(11) 

Where, 𝑖𝑖 represents the active content of oxygen carrier and the support, 𝑚𝑚𝑂𝑂𝑂𝑂  is mass 

of the corresponding oxygen carrier, 𝜕𝜕𝑆𝑆𝑂𝑂 is the temperature at the start of oxidation, 

𝜕𝜕𝑟𝑟𝑎𝑎𝑚𝑚 is the reference temperature, and 𝐶𝐶𝑝𝑝,𝑂𝑂𝑂𝑂,𝑖𝑖 is the corresponding temperature 

dependent specific heat capacity which is defined as follow:  

𝐶𝐶𝑝𝑝,𝑂𝑂𝑂𝑂,𝑖𝑖 = 𝐴𝐴1,𝑖𝑖 + 𝐴𝐴2,𝑖𝑖𝜕𝜕 + 𝐴𝐴3,𝑖𝑖𝜕𝜕−2 + 𝐴𝐴4,𝑖𝑖𝜕𝜕−0.5+ 𝐴𝐴5,𝑖𝑖𝜕𝜕2 (12) 

The energy added due to the oxidation reaction is defined as follow: 

𝐸𝐸𝑠𝑠𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎 = 𝐸𝐸𝑟𝑟𝑟𝑟𝑒𝑒 − 𝐸𝐸𝑔𝑔𝑠𝑠𝑠𝑠 ℎ𝑎𝑎𝑠𝑠𝑠𝑠𝑖𝑖𝑒𝑒𝑔𝑔 (13) 

Where, 𝐸𝐸𝑟𝑟𝑟𝑟𝑒𝑒 is the energy added by the reaction and 𝐸𝐸𝑔𝑔𝑠𝑠𝑠𝑠 ℎ𝑎𝑎𝑠𝑠𝑠𝑠𝑖𝑖𝑒𝑒𝑔𝑔 is the energy from the 

gas stream which are defined below:  

𝐸𝐸𝑟𝑟𝑟𝑟𝑒𝑒 = ∆𝐻𝐻𝑟𝑟𝑟𝑟𝑒𝑒𝑛𝑛𝑖𝑖 (14) 

Where, ∆𝐻𝐻𝑟𝑟𝑟𝑟𝑒𝑒 is enthalpy of reaction, 𝑛𝑛𝑖𝑖 is the number of moles of active material (Ni) 

oxidized during oxidation stage which is also defined as follow:  

𝑛𝑛𝑖𝑖 =
𝑚𝑚𝑂𝑂𝑂𝑂𝑋𝑋𝑠𝑠𝑠𝑠𝑎𝑎𝑖𝑖𝑎𝑎𝑎𝑎,𝑖𝑖𝑤𝑤𝑂𝑂𝑂𝑂

𝑀𝑀𝑖𝑖
 (15) 
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Where, 𝑤𝑤𝑂𝑂𝑂𝑂  is the oxygen carrier utilization (in terms of fraction), 𝑋𝑋𝑠𝑠𝑠𝑠𝑎𝑎𝑖𝑖𝑎𝑎𝑎𝑎,𝑖𝑖 is the fraction 

of active material (Ni) and 𝑀𝑀𝑖𝑖 is the molecular mass of active material (Ni).  

𝐸𝐸𝑔𝑔𝑠𝑠𝑠𝑠 ℎ𝑎𝑎𝑠𝑠𝑠𝑠𝑖𝑖𝑒𝑒𝑔𝑔 = 𝐸𝐸𝑔𝑔𝑠𝑠𝑠𝑠_𝑜𝑜𝑢𝑢𝑠𝑠 − 𝐸𝐸𝑔𝑔𝑠𝑠𝑠𝑠_𝑖𝑖𝑒𝑒 (16) 

Assuming that there is no oxygen leaving the reactor till complete conversion of the 

oxygen carrier during oxidation (all oxygen is consumed), 𝐸𝐸𝑔𝑔𝑠𝑠𝑠𝑠_𝑜𝑜𝑢𝑢𝑠𝑠 is defined as follows: 

𝐸𝐸𝑔𝑔𝑠𝑠𝑠𝑠_𝑜𝑜𝑢𝑢𝑠𝑠 ≈ � �̇�𝑚𝑁𝑁2

𝑇𝑇𝑆𝑆𝑆𝑆+𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟
2

𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟

𝐶𝐶𝑝𝑝,𝑁𝑁2𝜕𝜕𝑜𝑜𝑟𝑟𝑑𝑑𝜕𝜕 

(17) 

Where, 𝜕𝜕𝑆𝑆𝑆𝑆 is temperature at the start of reduction (target temperature), �̇�𝑚𝑁𝑁2  is the 

mass flowrate of nitrogen, 𝜕𝜕𝑜𝑜𝑟𝑟 is the oxidation time, 𝐶𝐶𝑝𝑝,𝑁𝑁2  is the temperature dependent 

specific heat capacity of nitrogen.  

𝐸𝐸𝑔𝑔𝑠𝑠𝑠𝑠_𝑖𝑖𝑒𝑒 = �� � �̇�𝑚𝑔𝑔𝑠𝑠𝑠𝑠,𝑖𝑖

𝑇𝑇𝑖𝑖𝑖𝑖𝑖𝑖𝑟𝑟𝑖𝑖

𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟

𝐶𝐶𝑝𝑝,𝑔𝑔𝑠𝑠𝑠𝑠,𝑖𝑖𝜕𝜕𝑜𝑜𝑟𝑟𝑑𝑑𝜕𝜕�
2

𝑖𝑖=1

 
(18) 

Where, 𝜕𝜕𝑖𝑖𝑒𝑒𝑖𝑖𝑎𝑎𝑠𝑠 is the inlet temperature, �̇�𝑚𝑔𝑔𝑠𝑠𝑠𝑠,𝑖𝑖 is the mass flowrate of gas streams (O2 and 

N2). Finally, the energy at the end of oxidation is defined as follows: 

𝐸𝐸𝑎𝑎𝑒𝑒𝑎𝑎 = �� � 𝑚𝑚𝑂𝑂𝑂𝑂,𝑖𝑖

𝑇𝑇𝑆𝑆𝑆𝑆

𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟

𝐶𝐶𝑝𝑝,𝑂𝑂𝑂𝑂,𝑖𝑖𝑑𝑑𝜕𝜕�
3

𝑖𝑖=1

 
 (19) 

Where, 𝑚𝑚𝑂𝑂𝑂𝑂,𝑖𝑖 is mass of active oxygen carrier (Ni), the oxidized oxygen carrier (NiO) 

and the support, 𝐶𝐶𝑝𝑝,𝑂𝑂𝑂𝑂,𝑖𝑖 is the corresponding temperature dependent specific heat 

capacity. 
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Nomenclature  

Acronyms and abbreviations  
AR  Air reactor 

ATR  Auto-thermal Reforming  

CCS  Carbon Capture and Storage  

CCR  Carbon Capture Ratio 

CLC   Chemical Looping Combustion  

CLR   Chemical Looping Reforming  

COH  Cost of Hydrogen  

DIA  Digital Image Analysis  

FBMR  Fluidized Bed Membrane Reactor 

FR  Fuel reactor  

FTR  Fired Tubular Reformer  

HR  Heat Rate  

HRF  Hydrogen Recovery Factor  

HRR  Hydrogen Recovery Rate 

MA-GSR  Membrane Assisted GAS Switching Reforming 

MDEA  Methyl-di-Ethanolamine  

MEA  Mono-Ethanolamine   

NG  Natural Gas 

OX  Oxidation reaction 
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OC   Oxygen Carrier 

O/C   Oxygen to Carbon ratio (mol basis) 

PIV  Particle Image Velocimetry  

PSA  Pressure Swing Adsorption  

Red   Reduction reaction 

Ref   Reforming reaction 

SMR  Steam Methane Reforming 

S/C  Steam to Carbon ratio (mol basis) 

SF  Separation Factor 

TDN  Thermodynamics 

WGS  Water Gas Shift  

Main symbol definitions  

α   Volume fraction (-) 

φ   Kinetic energy transfer rate (kg/m.s3) 

γ   Dissipation rate (kg/m.s3) 

sΘ   Granular temperature (m2/s2) 

ρ   Density (kg/m3) 

τ   Stress tensor (kg/m.s2) 

υr   Velocity vector (m/s) 

∇   Del operator / Gradient (1/m) 
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C    Membrane permeability adjustment constant 

 D  Mass diffusivity (m2/s) 

aE    Activation energy (kJ/mol) 

 h  Specific enthalpy (J/kg) 

gr   Gravity vector (m/s2) 

0,ssg   Radial distribution function 

I   Identity tensor 

J
r

  Diffusive flux ((kg/(m2.s)) 

2HJ    Diffusive flux of hydrogen ((kg/(m2.s)) 

sgK   Momentum exchange coefficient (kg/(m3.s)) 

 k  Thermal conductivity (W/m.K) 

K   Equilibrium constant or adsorption coefficeint 

k   Diffusion coefficient (kg/m.s) 

1k   Reaction rate constant (mol.bar0.5/(kgNi.s) 

2k   Reaction rate constant (mol/(bar.kgNi.s) 

3k   Reaction rate constant (mol.bar0.5/(kgNi.s) 

P   Permeability (mol.s-1m-1Pa-n) 

p   Pressure (Pa) 
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𝑄𝑄𝑝𝑝𝑝𝑝  Interphase heat exchange rate (W/m3) 

𝑆𝑆ℎ  Energy source term (W/m3) 

𝑆𝑆𝑢𝑢  Momentum source term (N/m3) 

1 2 3, ,r r r   Reaction rate (mol/(s.kgNi)) 

S   Species source term (kg/(m3.s)) 

T   Temperature (K) 

memt    Membrane thickness (m) 

t   Time (s) 

,||sU
r

  Slip velocity parallel to the wall (m/s) 

Y   Species mass fraction (-) 

𝑢𝑢  Velocity (m/s) 

𝑥𝑥  Axial distance (m) 

𝜂𝜂𝐻𝐻2   H2 production efficiency (-) 

𝜂𝜂𝑡𝑡ℎ,𝑟𝑟𝑟𝑟𝑟𝑟  Reference thermal efficiency (-) 

𝜂𝜂𝑟𝑟𝑒𝑒,𝑟𝑟𝑟𝑟𝑟𝑟  Reference electrical efficiency (-) 

�̇�𝑚𝑖𝑖  mass flow rate of the gas (kg/s)  

𝐿𝐿𝐿𝐿𝐿𝐿i  Lower heating value (J/kg) 

Subscript definitions 

fric   Frictional  

i   Species index 
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g   Gas 

gs   Inter-phase 

q   Phase index 

s   Solids 

mf  Minimum fluidization 

in  Inlet 

out  Outlet 

ret   Retentate  

perm  Permeate   
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