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Summary

Fluidized Bed Membrane Reactors: A numerical
investigation
In the search for alternative energy sources, hydrogen is expected to play an important role
to decrease fossil fuel dependency and to reduce anthropogenic emissions of greenhouse
gases and pollutants. Industrially, most of the hydrogen is currently produced via Steam
Methane Reforming (SMR), which requires heat exchange at high temperatures, complex
capital intensive energy integration and separation units to obtain pure hydrogen, while
carbon dioxide - diluted in the �ue gas - is released into the atmosphere. More sustain-
able hydrogen production can be achieved with a �uidized bed membrane reactor (FBMR),
a novel reactor concept that combines the high thermal mixing e�ciency of �uidized beds
with direct in-situ separation and puri�cation of hydrogen from the reaction mixture via
(supported) hydrogen perm-selective membranes. With membrane extraction, ultra-pure
hydrogen is obtained and the reactant conversion is increased by shifting the reaction equi-
libria of the steam reforming and water gas shift (WGS) reactions towards hydrogen, which
allows achieving full conversion at lower temperatures. The main exhaust gases, steam
and carbon dioxide, can easily be separated, which enables the possibility of e�cient Car-
bon Capture, Sequestration and Utilization (CCSU). In this thesis, �uidized bed membrane
reactors for the production of ultra-pure hydrogen were studied with detailed numerical
simulations using a Two-Fluid Model (TFM).

The TFM used in this work was based on the OpenFOAM twoPhaseEulerFoam solver.
OpenFOAM is an open-source Computational Fluid Dynamics (CFD) framework, which
allows the user to access and adapt its source codes. The OpenFOAM TFM was used as
hydrodynamic framework and was extended with mass transfer, membranes and reaction
kinetics for SMR and WGS. All these aspects were validated and veri�ed, to ensure that the
model was reliable and su�ciently accurate to simulate FBMRs. Furthermore, grid depen-
dence studies were performed for all the FBMR con�gurations used in the di�erent parts of
this work.

One of the most important issues of modern high-�ux hydrogen perm-selective mem-
branes is concentration polarization, which refers to the mass transfer limitations occurring
when the membranes extract hydrogen faster from the system than can be transferred from
the bed to their surface. Concentration polarization reduces the membrane performance
and in �uidized beds it is aggravated by densi�ed particle zones that are formed due to gas

vii



viii Summary

extraction. To investigate the extent of concentration polarization in FBMRs, �rst a cylindri-
cal �uidized bed with one vertically immersed dead-end cylindrical membrane was studied
numerically and experimentally. Cartesian 2D TFM simulations have con�rmed the pro-
nounced concentration polarization observed experimentally for hydrogen separation from
a bed, �uidized with a hydrogen-nitrogen gas mixture. The hydrogen �ux signi�cantly
decreases along the membrane. The TFM was able to predict the experimental hydrogen
�uxes well for di�erent hydrogen concentrations. The concentration polarization pro�les
estimated from the TFM simulations have been used to develop a simpli�ed mass transfer
�lm model, using a constant �lm thickness. The predictive capabilities of a 1D phenomeno-
logical FBMR model were greatly improved when incorporating this �lm model.

In addition to the 2D simulations, cylindrical �uidized beds with multiple immersed
membranes were simulated in 3D to fully capture and investigate the prevailing hydrody-
namics and mass transfer processes, such as overlapping concentration polarization zones
due to neighbouring membranes competing for hydrogen. Concentration polarization ef-
fects in the 3D simulations were qualitatively very similar to the Cartesian 2D simulations,
however, the 2D simulations overestimate its severity because they over-predict the extent
of the densi�ed zones at the membrane surface. In fully 3D systems, bubbles tend to pass by
and even through the membranes, and hereby stir up the solids at the membrane surface,
increasing the porosity at the membrane surface. The extent of densi�ed zones and thus the
severity of concentration polarization increases when employing smaller particles, so when
using modern high-�ux membranes in �uidized beds, particles should be relatively large to
reduce the e�ect of momentum extraction via the membrane, but not so large that the par-
ticles have small particle e�ectiveness factors. In systems with multiple membranes, the
inter-membrane distance should be su�ciently large to avoid overlapping concentration
polarization zones and the associated decrease in membrane permeation. For the systems
studied in this work, an inter-membrane distance of at least 2 cm is advised to minimize
the interaction between the membranes and to minimize the increase in densi�ed zones
between the membranes resulting from placing them too close to one another.

For practical considerations, cylindrical membranes are often immersed vertically in
�uidized beds. Experimental work has already shown that horizontally placed tubes can
signi�cantly improve the hydrodynamics. Therefore, the e�ects of horizontal insertion of
membranes in �uidized beds on the hydrodynamics and mass transfer processes were inves-
tigated. First, a numerical and experimental study has shown that horizontally immersed
membrane tube banks enhance bubble break-up, which decreases bubble-to-emulsion phase
mass transfer limitations. Furthermore, this study revealed the formation of gas pockets,
which are virtually devoid of solids and attached mostly to the bottom of the membranes,
and the formation of densi�ed particle zones on top of the membranes. Due to solids down
�ow, densi�ed zones and gas pockets occur preferentially at the membranes near the bed
walls.

For hydrogen separation from a hydrogen-nitrogen gas mixture in �uidized beds with
horizontally immersed membranes, most of the mass transfer limitations towards the mem-
branes were found for the near-wall membranes. Removing the near-wall membranes im-
proves the overall performance per membrane. The reduced �uxes of the near-wall mem-
branes are caused by down �ow of solids, which in turn causes gas back-mixing and den-
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si�ed zones near the �uidized bed walls, blocking fresh hydrogen from reaching the mem-
branes. Contrary to densi�ed zones, gas pockets have no adverse e�ect on the mass transfer
of hydrogen towards the membranes. Furthermore, the hydrogen permeation �ux is not
uniform along the circumference of the membranes. The lowest �ux was found on top of
the membranes and the highest �ux was found at the bottom of the membranes, because the
top of the membranes is shielded from upwards �owing gas. The non-uniform �ux around
the membranes indicates that pronounced concentration polarization e�ects also occur in
FBMRs with horizontally immersed membranes.

Simulations of hydrogen production via SMR and WGS in �uidized beds with horizon-
tally immersed membranes show that the extraction of hydrogen via membranes clearly in-
creases the reaction rates, moves the reaction away from its equilibrium and allows a higher
methane conversion at lower temperatures. Extracting hydrogen decreases the hydrogen
concentrations in the reactor (especially around the membranes) and increases the reactant
concentrations, which in turn increases the reaction rates. The methane conversion of a
�uidized bed reactor with active membranes largely surpasses the equilibrium conversion
and it also signi�cantly surpasses the methane conversion for �uidized bed reactors with-
out membranes. Near full conversion can be achieved by increasing the reactor volume,
catalyst activity or operation temperature, however, operation above 873 K would require
further advances in the thermal and chemical stability of the palladium-based membranes.
Improving the catalyst or increasing the temperature removes the kinetic limitations for
hydrogen production, nonetheless, these systems become mass transfer limited because the
hydrogen concentrations in the bubble and emulsion phases di�er signi�cantly, whereas
for slower kinetics they are equal due to kinetic limitations.

To increase the industrial relevance of �uidized bed membrane reactors, high pressure
operation was investigated. Increasing the pressure at non-reactive conditions reduces the
size of densi�ed zones found in the bed and results in more di�use bubbles and a clear
bed expansion. In case of hydrogen production at high pressure without hydrogen extrac-
tion, almost no bed expansion is observed with little variation in porosity distributions, and
the cases with both hydrogen production and extraction exhibit some bed expansion and
heterogeneities in the porosity distribution with increasing pressure. In the reactive cases
without extraction, the bed expansion is counteracted by the strong reduction in hydrogen
production due to the unfavorable e�ect of elevated pressure on the reaction equilibrium.
In the reactive cases with active membranes, the gas production is increased compared to
the reactive cases without membranes, resulting in a slight increase in bed expansion, in
spite of the reduction in equilibrium methane conversion at elevated pressures. The hydro-
gen extraction at elevated pressures only has a limited e�ect on the methane conversion,
because even though the reaction rates increase with increasing pressure, the equilibrium
hydrogen concentrations are quite low, which means only low hydrogen concentrations are
found at the membrane surfaces.

For the design of �uidized bed membrane reactors, the membrane placement is impor-
tant. The optimal membrane placement depends on the hydrogen concentration pro�les,
which are in their turn in�uenced by the hydrogen production and extraction rates and the
macro-scale circulation patterns. In a kinetically limited system the membrane �uxes are
quite uniform across the width of the bed, because newly produced hydrogen is produced
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quite uniformly throughout the catalyst bed. Reactors with faster kinetics have only lit-
tle di�erence in the membrane �uxes over the di�erent membranes in the lateral direction
near the inlet, but much larger di�erences in the lateral distribution of membrane �uxes
are found for membranes placed higher in the reactor. This means that the membranes in
�uidized bed reactors without kinetic limitations mostly separate the hydrogen instead of
improving the kinetics, especially the near-wall membranes. Moreover, systems with fast
kinetics are close to their kinetic equilibrium, so local hydrogen production is too low to
supply additional hydrogen to the membranes to increase the �ux.

The results of the hydrogen production simulations show that the membranes in a �u-
idized bed membrane reactor should not be installed in areas where low hydrogen concen-
trations are present as a result of kinetic limitations, mass transfer limitations or unfavor-
able macroscopic �ow patterns. Strategic positioning of membranes can improve bubble-
to-emulsion mass transfer by reducing bubble sizes and homogenizing the gas and solids
�ow patterns, which requires detailed understanding of the transport phenomena occur-
ring in FBMRs. To further industrialize the �uidized bed membrane reactor, these design
improvements can also be applied to systems operated at elevated pressures, as they show
similar �ux behavior as systems at low pressure, but have more performance limitations
due to equilibrium restrictions.

Fluidized bed reactors with vertically or horizontally immersed membranes both require
careful strategic development and fundamental understanding of the transport phenomena
occurring in the reactor, which has been obtained from detailed numerical simulations in
this work. This research has aided the development of this novel reactor concept to further
its commercial exploitation and has provided useful guidelines for their design.
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Introduction

The �uidized bed membrane reactor (FBMR) is a novel reactor concept, which can be used
for the sustainable production of ultra-pure hydrogen gas. It is a highly intensi�ed process
unit in which reaction and separation take place in the same reactor. The membranes extract
hydrogen from the unit to circumvent equilibrium limitations to achieve higher conversions
at low temperatures. These membranes can be inserted in �uidized beds length-wise, referred
to as vertically immersed, or perpendicular to the �ow direction, referred to as horizontally
immersed. Modern high-�ux membranes often su�er from mass transfer limitations from the
bulk of the reactor to the membrane surface, also known as concentration polarization, which
is one of the most important challenges in the further development of FBMRs. Two-Fluid Model
(TFM) simulations were performed to understand the challenges of FBMRs and to advance the
development of this novel reactor concept. In this chapter, the background andmotivation of the
research is explained, as well as the research approach and objectives. The chapter concludes
with an outline of this thesis.

1



2 Chapter 1. Introduction

1.1 Hydrogen production
In the search for alternative energy sources, hydrogen is expected to play an important role
to decrease fossil fuel dependency and to reduce anthropogenic emissions of greenhouse
gases and pollutants. Hydrogen is used for transportation, heating and power generation.
For example, hydrogen enables fuel cells to directly convert its chemical energy to electric-
ity, with pure water and heat as the only byproducts. Steam Methane Reforming (SMR) is
currently the most common and least expensive method for industrial hydrogen production,
and the hydrogen produced with this technology is often used for ammonia and methanol
production and to clean the sulfur out of gasoline. A schematic overview of the conven-
tional industrial hydrogen production process via SMR is presented in Figure 1.1. In the
conventional SMR process, methane reacts with an excess of steam at temperatures around
900 ◦C in the presence of a nickel catalyst to form hydrogen and carbon monoxide. Ad-
ditional hydrogen is formed via the Water Gas-Shift (WGS) reaction, by letting the carbon
monoxide react with steam to form hydrogen and carbon dioxide. Typically, a two stage
WGS is used to take advantage of fast reaction rates at temperatures around 450 ◦C and
higher equilibrium conversions at temperatures around 200 ◦C. SMR is a highly endother-
mic reaction and WGS is only slightly exothermic and cannot supply su�cient heat to the
SMR reaction, so high temperatures are required to start hydrogen production. The reaction
schemes of SMR and WGS are as follows:

CH4 + H2O −−⇀↽−− CO + 3H2 ∆Hr = +206 kJ mol−1

CO + H2O −−⇀↽−− CO2 + H2 ∆Hr = −41 kJ mol−1

A mixture of reaction products and unconverted methane then have to be separated
to obtain pure hydrogen. To separate pure hydrogen from the reaction mixture, Pressure
Swing Adsorption (PSA) columns, which are complicated and energy intensive separation
units, are most often used nowadays. Furthermore, industrial hydrogen production via SMR
and WGS currently results in carbon dioxide emissions, which are linked to climate change.
The legal limits for greenhouse gas emissions are expected to tighten in the near future
and the cost of carbon dioxide emission is expected to rise [1], so in the long term both the
environment and industry will bene�t from the development of a more sustainable process
for large-scale hydrogen production.

Previously, Tsotsis et al. [2] and Tiemersma et al. [3] suggested packed bed membrane
reactors (PBMR) as an alternative more sustainable novel reactor concept for hydrogen pro-
duction via SMR and WGS. In the PBMR concept, pure hydrogen is directly separated and
puri�ed in-situ from the reaction mixture via supported palladium-based hydrogen perm-
selective membranes (Figure 1.2a). Ultra-pure hydrogen is obtained by extracting it from
the reaction mixture with membranes and the reactant conversion is increased by shifting
the reaction equilibria towards the hydrogen side, which allows operation at lower tem-
peratures. The shift in reaction equilibrium is also known as the Le Chatelier’s principle.
Assuming full methane conversion and full separation of hydrogen from the product stream
via membranes, the main reactor exhaust gases will be steam and carbon dioxide, which can
easily be separated, enabling the possibility of Carbon Capture, Sequestration and Utiliza-
tion (CCSU). By combining both the reaction and separation steps in one unit, a high degree
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Figure 1.1: Hydrogen production via conventional Steam Methane Reforming with Water
Gas Shift and hydrogen puri�cation via Pressure Swing Adsorption, without carbon dioxide
capture.

of process integration is achieved.
However, packed beds have a number of disadvantages; mass transfer limitations from

the bulk of the catalyst bed towards the membrane surface (also called concentration polar-
ization in membrane technology), catalyst size limitations due to pressure drop limitations
and down-time for catalyst replacement. To circumvent the drawbacks of a packed bed
membrane reactor, �uidized bed membrane reactors (FBMR) have been suggested for the
production of ultra-pure hydrogen (Figure 1.2b).

1.2 The fluidized bed membrane reactor
A �uidized bed has some advantages over a packed bed: It has much better mass and heat
transfer characteristics than a packed bed, allowing operation at virtually isothermal condi-
tions, it can be operated with smaller particles than a packed bed and it can be integrated in
a circulating system which continuously supplies fresh catalyst and removes depleted cat-
alyst. Medrano et al. [4] discussed the advantages of �uidized bed systems with hydrogen
perm-selective membranes over conventional hydrogen production technologies. When
considering carbon dioxide capture, they concluded that �uidized bed membrane reactors
can become an industrially relevant technology for large-scale hydrogen production in the
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(a) Packed Bed Membrane Re-
actor

(b) Fluidized Bed Membrane
Reactor

Figure 1.2: Schematic pictures of the packed and �uidized bed membrane reactor concepts.

near future.
The group of Grace from the University of British Colombia were among the �rst to

combine �uidized beds and palladium-based membranes for hydrogen separation [5]. Most
of their work is either experimental or with phenomenological models, and their palladium
membranes had a relatively low �ux because they have a thicker palladium layer compared
to current state-of-the-art membranes. Their publications report improvement in reactor
performance due to the extraction of hydrogen via the membranes and found good agree-
ment between experimental and model data.

Hydrogen production in �uidized bed membrane reactors was also investigated by the
groups of Mleczko [6], Elnashaie [7], Kuipers [8], Heinrich [9, 10] and Van Sint Anna-
land [11]. Most of this work was either experimental or based on phenomenological mod-
eling, or a combination of both. More recent work on FBMRs uses Computational Fluid
Dynamics (CFD) models to study FBMR systems. CFD models can �ll in the blanks associ-
ated with the limitations of experimental techniques; the models can be used to investigate
in detail gas/solid �ow patterns, chemical component concentration pro�les and even local
reaction rates anywhere inside the computed domain, which can help to study and un-
derstand the phenomena occurring in the reactor, with the aim to further improve FBMR
systems.

CFD studies on �uidized beds with vertical membranes installed length-wise in the bed
walls have been performed by De Jong et al. [12] and Tan et al. [13]. De Jong et al. also used
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CFD to study the hydrodynamics of FBMR with horizontally immersed membranes [14].
Only very few works have performed CFD simulations to investigate mass transfer phe-
nomena and reactive conditions in FBMRs [15].

This work focuses for the �rst time on the combined e�ect of hydrodynamics, mass
transfer phenomena and reaction kinetics occurring in FBMR and compares these numerical
results to experimental �ndings. This work will be used to understand and advance the
development of FBMRs for the production of ultra-pure hydrogen. An important step in
this research will be to understand the e�ect of the extraction of gas and the positioning of
the hydrogen perm-selective membranes on the reactor behavior.

1.2.1 Membrane types and configurations
The hydrodynamics, mass transfer phenomena and reaction rates inside a reactor can be
a�ected strongly by both the presence and extraction of gas through the membranes. In
�uidized beds, membranes can be installed in many di�erent con�gurations and they can
have di�erent shapes, such as cylinders and �at plates. The present work will only consider
concentric cylindrical membranes that have been horizontally or vertically immersed in
the �uidized suspension. In the case of vertically immersed membranes, the membranes are
installed parallel to the reactor’s axial direction, and in the case of horizontally immersed
membranes, the membranes are installed perpendicularly to the reactor’s axial direction.

In this work, only palladium-based hydrogen perm-selective membranes are consid-
ered, because they are an ideal model system for hydrogen separation. Palladium-based
membranes have a very high solubility, permeability and selectivity for hydrogen, and can
be described in computational models via Sieverts’ Law [16]. Palladium is an expensive
material, and therefore the membrane production process has, in recent years, focused on
manufacturing a very thin layers of palladium. For example, modern high-�ux membranes
have a palladium layer thickness in the order of 5 µm, sometimes even thinner [17]. A
thinner palladium layer can also result in a higher hydrogen �ux through the membrane
(although sometimes at the expensive of a reduced perm-selectivity), which means that in
the case of low hydrogen concentrations, the hydrogen should be supplied faster to the
membrane surface to avoid hydrogen depletion near the membrane surface. Hydrogen de-
pletion near the membrane surface is also known as concentration polarization, and at this
moment it is one of the most important challenges of the practical application of modern
high-�ux membranes.

1.2.2 Concentration polarization
Gallucci et al. [18] have calculated that the high �uxes of modern state-of-art palladium-
based membranes can cause mass transfer limitations from the bulk of the reactor towards
the membrane surface (see Figure 1.3). One of the on-going challenges of FBMRs with
state-of-the-art high �ux membranes is to reduce or avoid concentration polarization and
to ensure that the expensive palladium-based membranes are utilized optimally.

Caravella et al. [19] have quanti�ed concentration polarization by using a concentra-
tion polarization coe�cient (CPC) and mapped the concentration polarization for di�erent
operating conditions. Fernandez et al. [20] have experimentally measured large e�ects of
concentration polarization on the membrane hydrogen �uxes in �uidized bed membrane re-
actors. Experimental work has quanti�ed the e�ect of concentration polarization on overall
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Figure 1.3: Hydrogen mass fractions near a 2000, 2005 and 2010 state-of-the-art membrane,
taken from Gallucci et al. [18].

system performance, however, it is experimentally very challenging to show how the con-
centration polarization manifests itself locally around submerged membranes. Also, it is
still unknown how concentration polarization a�ects systems in which hydrogen produc-
tion takes place via catalytic reactions. Ma et al. [21] show by means of CFD simulations
that in a packed bed with palladium-based hydrogen perm-selective membranes, severe
concentration polarization occurs and that the CFD simulations were able to predict the
e�ect of �ow variations and internals on the system performance. CFD models can also
be used to visualize and quantify concentration polarization around membranes that have
been immersed in �uidized beds.

1.3 Two-Fluid Model
Computational Fluid Dynamics (CFD) models are highly suitable to simulate all the relevant
physical phenomena occurring in FBMRs, such as gas bubble hydrodynamics, solids �ow
patterns, mass transfer phenomena around membranes, local reaction rates and local reac-
tion equilibria and their e�ect on the reactor performance. Especially local mass transfer
and reaction related phenomena are extremely di�cult to be quanti�ed experimentally.

The simulations in this work were performed with a Two-Fluid Model (TFM). A TFM is
an Euler-Euler type model, which considers the gas and solids phases as interpenetrating
continua. A TFM is especially useful for the simulation of medium to large-scale laboratory
set-ups up to about 2 meters. It simulates fewer details compared to for example Discrete
Particle Model (DPM) type models, in which all the details of particle-particle and particle-
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Figure 1.4: The multi-scale modeling approach; more detailed models require more compu-
tational time to obtain results and their applicability is often limited to small systems.

wall collisions are computed, but this type of model is computationally severely limited by
the maximum number of particles in the system (see Figure 1.4), allowing only very small
systems to be simulated.

The OpenFOAM TFM solver, called twoPhaseEulerFoam, was used as hydrodynamic
framework for all CFD simulations presented in this work. The advantage of OpenFOAM
is that it is a free open-source software, which means the source code can be accessed and
modi�ed for speci�c purposes, while the model’s basic �ow solvers are readily available to
the user. Furthermore, OpenFOAM o�ers a range of tools for mesh generation and manip-
ulation, which means objects of various shapes (such as cylindrical membranes) can easily
be inserted into the mesh. The OpenFOAM TFM is therefore very suitable to perform ex-
tensive numerical research on di�erent membrane placements on the hydrogen separation
and production in FBMRs.

1.4 Research objectives
The aim of this work is to improve the fundamental understanding and progress the de-
velopment of the �uidized bed membrane reactor concept for the sustainable production
of hydrogen. To achieve this aim, the OpenFOAM TFM is used to simulate and quantify
the hydrodynamic, mass transfer and reactive phenomena occurring in �uidized beds with
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vertically or horizontally immersed perm-selective membranes. First, to quantify concen-
tration polarization, the separation of hydrogen from a hydrogen-nitrogen mixture is stud-
ied by simulating both �at rectangular pseudo-2D and cylindrical 3D �uidized beds with
vertically immersed membranes. Next, hydrodynamics and mass transfer phenomena in
pseudo-2D �uidized beds with horizontally immersed membranes are studied. Finally, the
catalytic production of hydrogen via Steam Methane Reforming and Water Gas Shift in
FBMRs with horizontally immersed membranes is investigated.

1.5 Thesis outline
This PhD thesis consists of eight chapters, the �rst one being this introduction chapter. The
second chapter describes the OpenFOAM Two-Fluid Model in more detail. Model veri�-
cation cases will be presented and OpenFOAM utilities that have been used in this work
will be elaborated. The third chapter discusses concentration polarization in FBMRs, and
combines 2D Cartesian TFM simulations, experiments and 1D phenomenological modeling
to better understand and quantify concentration polarization. In Chapter 4, 3D cylindrical
�uidized beds with vertically immersed membranes are simulated to quantify concentration
polarization and bubble hydrodynamics in systems with multiple membranes. In Chapter 5
and Chapter 6, the hydrodynamics and mass transfer phenomena that prevail in �uidized
beds with horizontally immersed membranes are studied. In Chapter 7, catalytic hydrogen
production via the SMR and WGS reactions in a �uidized bed membrane reactor at high
pressures is studied. Finally, in Chapter 8, an outlook for further development of the FBMR
concept is presented and recommendations for promising future research topics are given.
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Nomenclature

Latin symbols
∆Hr Enthalpy of reaction [J mol−1]

Abbreviations
CFD Computational Fluid Dynamics
DPM Discrete Partile Model
FBMR Fluidized Bed Membrane Reactor
SMR Steam Methane Reforming
TFM Two-Fluid Model
WGS Water Gas Shift
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Two-Fluid Model

The hydrodynamic framework of the OpenFOAM Two-Fluid Model (TFM) was extended with
mass transfer, presence of and permeation through perm-selective membranes and catalytic
reactions, and the extended TFM was used to perform the simulations presented and discussed
in this thesis. The governing and constitutive equations of the model are presented, with special
focus on the Kinetic Theory of Granular Flow (KTGF) closures to describe the solids phase rhe-
ology as a function of the �uctuating kinetic energy of the particle phase. The most important
aspects of the model were veri�ed and validated to ensure the model is reliable and su�ciently
accurate for �uidized bed membrane reactor simulations. Moreover, details on the boundary
conditions and numerical accuracy of the TFM are presented. Furthermore, grid sensitivity
studies were performed for the systems studied in the next chapters.

11
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2.1 The OpenFOAM framework
Throughout this research, the OpenFOAM version 2.3.0 twoPhaseEulerFoam solver was used
as hydrodynamic framework for model development and to perform simulations of gas-
solid Fluidized Bed Membrane Reactors (FBMRs). OpenFOAM was used because it is a free
open-source CFD framework, which means the user can freely adjust and extend the source
code and verify the implementation. This is especially useful when implementing additional
source/sink terms or speci�c chemical reactions, such as Steam Methane Reforming (SMR)
and Water Gas Shift (WGS). Furthermore, OpenFOAM has a large user community, ver-
i�able algorithms, no obligations to publish codes and compatibility with external tools
such as swak4Foam, pyFoam and Computer-Aided Design (CAD) software. Another major
advantage of OpenFOAM is that it uses the Finite Volume Method (FVM), which enables
using arbitrarily shaped grid cells and hereby simpli�es adding objects, such as cylindrical
membranes, to the mesh.

OpenFOAM’s code has been written in C++, which is a very �exible programming lan-
guage. One of the most apparent features of OpenFOAM is the programming style of the
main governing equations in a way that keeps the code readable for new and inexperienced
users. This is achieved by making use of object-oriented techniques (overloading, inheri-
tance, classes, etc.), creating an abstraction layer with objects corresponding to the physical
realm, rather than forcing users to understand all the details of object-oriented program-
ming. The code snippet below shows how a simple transient convection-di�usion equation
for a quantity “T” is implemented in OpenFOAM. The fvm:: namespace ensures that the
term is treated implicitly, and the ddt, div and laplacian functions are the transient, con-
vection and di�usion terms. The function fvOptions is a source term which is disabled by
default, unless the user implements a speci�c source term via a con�guration �le. The math-
ematical representation of the equation displayed in OpenFOAM coding style is presented
in Equation 2.1.

fvm : : dd t ( T )
+ fvm : : d i v ( phi , T )
− fvm : : l a p l a c i a n ( DT , T )

==
f v O p t i o n s ( T )

∂T

∂t
+∇ · (φT )−∇ · (DT∇T ) = S (2.1)

While the original twoPhaseEulerFoam solver framework is used to describe the �uidized
bed hydrodynamics, the model has been improved, adjusted and extended for �uidized bed
membrane reactor simulations where necessary. The model used for this work has been ver-
i�ed and validated thoroughly. The following section discusses the most important equa-
tions of the model. If for any simulations the model equations di�er from what has been
described here, it will be mentioned explicitly in the corresponding chapter. Subsequently,
the model veri�cation and validation is addressed. The chapter concludes with grid sensi-
tivity studies of the cases used in the next chapters.



2.2. Model description 13

2.2 Model description
2.2.1 Governing and constitutive equations
A Two Fluid Model (TFM) is an Euler-Euler type model in which the �uid and solids phases
are modeled as interpenetrating continua. The gas phase obeys the ideal gas law and the
rheology of the solids phase (solids phase pressure and stress tensor) is modeled with the
Kinetic Theory of Granular Flow (KTGF). The continuity equations for the gas and for the
solids phase, see Equation 2.2 and Equation 2.3, are required to conserve the mass of each
phase. The gas phase continuity equations contain a membrane source term, Sm, which
takes into account the mass extraction of a chemical component from the system via a
membrane. The extraction of momentum associated with the extraction of mass is taken
into account via the velocity boundary conditions at the membrane surfaces. The membrane
source term will be discussed in more detail in section 2.2.3.

∂(αgρg)

∂t
+∇ · (αgρgug) = Sm (2.2)

∂(αsρs)

∂t
+∇ · (αsρsus) = 0 (2.3)

The gas phase momentum is described by the Navier-Stokes equations, see Equation 2.4.
The solids phase momentum is modeled with an adjusted Navier-Stokes equation that in-
cludes a solids pressure term, ps, see Equation 2.5. The solids pressure, solids phase shear
and solids bulk viscosity depend on the granular temperature, Θ, a measure of the random
kinetic energy of the particles. To calculate the granular temperature distribution, the gran-
ular temperature equation is solved, see Equation 2.6. The most important KTGF closures
that have been used in this work are presented in the next section.

∂(αgρgug)

∂t
+∇ · (αgρgugug) = −αg∇p−∇ · (αgτg) + αgρgg − β(ug − us) (2.4)

∂(αsρsus)

∂t
+∇· (αsρsusus) = −αs∇p−∇ps−∇· (αsτs)+αsρsg+β(ug−us) (2.5)

3

2

[
∂(αsρsΘ)

∂t
+∇ · (αsρsusΘ)

]
= −(psI + αsτs) : ∇us −∇ · (αsqs)− γs − Js (2.6)

Both the gas and solids phase Navier-Stokes equations contain a stress tensor. A general
equation for the stress tensor of phase i, τi, is given in Equation 2.7. The gas phase bulk
viscosity λ is considered to be zero in this work, whereas the solids phase bulk viscosity is
calculated via a KTGF closure equation presented in the next section.

τi = −
[
µi
(
∇ui +

(
∇uTi

))
+

(
2

3
µi − λi

)
(∇ · ui) I

]
(2.7)
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Interaction between the gas and solids phase is taken into account via the interphase
momentum transfer force. The interphase momentum transfer between the solids and the
gas phase is modeled using an interphase exchange coe�cient, denoted with β, which is
modeled according to the approach by Gidaspow [22], which combines the drag models by
Ergun [23] and Wen & Yu [24]. Ergun’s model is valid for high solids hold-ups (20% and
higher) and Wen & Yu’s model is valid at lower solids hold-ups (below 20%), see Equation 2.8.
The drag coe�cientCd, given in Equation 2.9, is determined based on the Reynolds particle
number as presented in Equation 2.10.

β =


150

α2
sµg
αgd2p

+ 1.75
αsρg |ug − us|

dp
, if αs ≥ 0.20.

3

4
Cd
αgαsρg
dp

|ug − us|α−2.65g , if αs < 0.20.

(2.8)

Cd =


24

Rep
(1 + 0.15Re0.687p ), if Rep ≤ 1000.

0.44, if Rep > 1000.

(2.9)

Rep =
ρgdp |ug − us|

µg
(2.10)

2.2.2 Kinetic Theory of Granular Flow
The KTGF closure equations used in this work are presented in Table 2.1. Most KTGF clo-
sures contain contributions from kinetic and collisional transport, which have been com-
bined for the corresponding closures in Table 2.1. Above the so-called minimum friction
solids hold-up (αmin fr

s ), frictional forces become dominant over the kinetic and collisional
forces. In the model this is taken into account via the frictional pressure and frictional vis-
cosity terms, which are added to the solids pressure and dynamic solids viscosity when the
solids hold-up is above the minimum friction solids hold-up. In �uidized bed membrane
reactors this term is important, because high solids hold-ups occur frequently. The fric-
tional stress closures were taken from Srivastava and Sundaresan (2003) [25] and are listed
in Table 2.2.

Further details on the TFM and KTGF can be found a.o. in Lun et al. [26], Kuipers et
al. [27], Gidaspow [22], Van Wachem [28], Van Der Hoef et al. [29], Lindborg et al. [30], and
Jakobsen [31]. Details speci�cally on the hydrodynamic part of the OpenFOAM TFM can
be found in Rusche [32], Venier et al. [33], Tuković et al. [34], Passalacqua et al. [35] and Liu
et al. [36]. If for any simulations the KTGF equations or TFM details di�er from what has
been described in this chapter, it will be mentioned explicitly in the corresponding chapter
or section.

2.2.3 Mass transfer and membranes
To model mass transfer phenomena and hydrogen extraction via membranes in a system
with a binary gas mixture as �uidization gas, a hydrogen mass balance with Fickian disper-
sion was added to the model. The mass balance is a transient convection-di�usion equation
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Table 2.1: Two-Fluid Model KTGF closure equations (Nieuwland et al. [37]).

Solids pressure
ps = αsρsΘ(1 + 2(1 + e)αsg0)

Solids shear viscosity

µs = 1.0016
5

96
πρsdp

√
Θ

π

(
1 +

8

5

1 + e

2
αsg0

)(
1 +

8

5
αsg0

)
αsg0

+
4

5
αsρsdpg0(1 + e)

√
Θ

π

Solids bulk viscosity

λs =
4

3
αsρsdpg0(1 + e)

√
Θ

π

Radial distribution function

g0 =
1 + 2.5αs + 4.5904α2

s + 4.515439α3
s[

1−
(
αs
αmax
s

)3
]0.67802

Pseudo-Fourier �uctuating kinetic energy �ux
qs = −κs∇Θ

Conductivity of granular energy

κs = 1.02513
75

384
πρsdp

√
Θ

π

(
1 +

12

5

1 + e

2
αsg0

)(
1 +

12

5
αsg0

)
αsg0

+2αsρsdpg0(1+e)

√
Θ

π

Dissipation of granular energy

γs = 3(1− e2)α2
sρsg0Θ

[
4

dp

√
Θ

π
− (∇ · us)

]

Fluctuating velocity/force correlation
Js = 3βΘ
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Table 2.2: Frictional stress model for the solids phase (Srivastava and Sundaresan [25] and
Ocone et al. [38]).

Frictional pressure

pfrs = Fr
max((αs − αmin fr

s )c1 , 0)

max((αmax
s − αs)c2 , 5.0 · 10−2)

with: αmin fr
s = 0.50, Fr = 0.05, c1 = 2, c2 = 3, αmax

s = 0.62

Frictional viscosity

µfrs =
pfrs
√

2 sin(φfr)

2αs

√
S : S +

Θ

d2p

, with: φfr = 28.0, S =
1

2

(
(∇us) + (∇us)T

)
− 2

3
∇ · usI

Figure 2.1: Schematic representation of how the membrane source term has been imple-
mented for vertically immersed membranes.

as shown in Equation 2.11. The dispersion coe�cient was kept constant for all cases with
binary gas injection. The e�ect of the membranes on the system was taken into account
explicitly via the source term, Sm, which is applied to the computational cells adjacent to a
membrane boundary (indicated with the red cells next to the vertically and horizontally im-
mersed membranes in Figure 2.1 and Figure 2.2). The source term in Equation 2.11 is equal
to the membrane �ux calculated with Sieverts’ law, multiplied with the boundary cell’s area
Ac, and divided by the cell volume Vc, as shown in Equation 2.12 [39], where YH2

represents
the hydrogen mass fraction and XH2 represents the hydrogen mole fraction.

∂(αgρgYH2
)

∂t
+∇ · (αgρgugYH2) = ∇ · (αgρgDH2∇YH2) + Sm (2.11)

Sm =
Ac
Vc
QmMw,H2

[(
X ret
H2
p
)n − (Xperm

H2
p
)n] (2.12)

The extraction of mass via a membrane also results in momentum extraction from the
system. Therefore, the boundary condition at the surface of the membranes was modi�ed
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Figure 2.2: Schematic representation of how the membrane source term has been imple-
mented for horizontally immersed membranes.

to ensure that also momentum leaves the system upon extraction. The momentum �ux
is based on the magnitude of the extractive �ux and local gas conditions. The boundary
condition ultimately imposes a velocity normal to the membrane surface (see Equation 2.13).
For �uidized beds, the momentum extraction could be important, because it can induce the
formation of densi�ed zones near the membranes. Extracting a large amount of gas from
a �uidized bed via porous walls can even alter the �ow pattern of the solids, especially
when the particles are not too large, see De Jong et al. [12] and Dang et al. [11]. However,
a membrane may have a reduced e�ect on the bed hydrodynamics because, in most cases,
the hydrogen �ux through a membrane is relatively small compared to the total gas �ux
through a porous �lter.

um =
SmRT

pMw,H2

Vc
Ac

(2.13)

2.2.4 Implementation of chemical reactions

In case of hydrogen production via SMR and WGS, transport equations for hydrogen, methane,
steam, carbon monoxide and carbon dioxide were added to the TFM, see Equation 2.14. The
membrane source term, Sm, is only activated for hydrogen and the dispersion coe�cients
for each component are calculated with Fuller’s equation for binary di�usion (see Equa-
tion 2.15, [40]), assuming each component is present in excess steam. The di�usion volumes
required to calculate the coe�cients with Fuller’s equation were also taken from Fuller et
al. [40]. The reaction rate equations for SMR and WGS were taken from Numaguchi and
Kikuchi [41]. The reaction rate equation and their corresponding parameters (reaction rate
constants, activation energies, equilibrium constants) are given in Table 2.3 and Table 2.4.
Extraction of hydrogen via the membrane can move the reaction away from equilibrium,
towards the product side. The integration of membranes into a �uidized bed is expected to
signi�cantly lower the local equilibrium ratio compared to a �uidized bed without mem-
branes.
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∂(αgρgYj)

∂t
+∇ · (αgρgugYj) = ∇ · (αgρgDj∇Yj) + Sm + CactMwRj (2.14)

j = H2, CH4, H2O,CO,CO2

Dj = Dj/H2O = 0.001

T 1.75
√

1
Mw,j+

1
Mw,H2O

p(v
1/3
j + v

1/3
H2O

)2
(2.15)

Table 2.3: Chemical reaction rates, reaction rate constants and equilibrium constants for
SMR and WGS.

RSMR = kSMR

PCH4PH2O −
PCOP

3
H2

Keq,SMR

P 1.596
H2O

RWGS = kWGS

PCOPH2O −
PCO2

PH2

Keq,WGS

PH2O

kk = Akexp
[
−Eact,k

RT

]
, k = SMR or WGS

Keq,k = exp
[
C1,k

T
+ C2,k

]
, k = SMR or WGS

Table 2.4: Parameters for reaction rate expressions.

Parameter SMR WGS
Ak 2.62 · 105 mol Pa−0.404 kg−1 s−1 2.45 · 102 mol Pa−1 kg−1 s−1

Eact,k 106.9 · 103 J mol−1 K−1 54.5 · 103 J mol−1 K−1

C1,k −26.830 · 103 K 30.114 K

C2,k 4.4 · 103 −4.036
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2.2.5 Boundary conditions
In the simulations performed for this work, for the gas phase momentum balance the no-
slip boundary condition was applied to regular �uidized bed walls, as well as for any im-
mersed or wall-mounted membrane. A constant velocity was applied at the inlet (�xed
value boundary condition), a prescribed pressure condition was applied at the outlet and
the boundary condition of Equation 2.13 was applied at the surfaces of the membranes. For
the solids velocity and granular temperature, the Johnson & Jackson partial slip boundary
condition [42]) with a specularity coe�cient of 0.50 was applied on the left and right walls
and on the membrane surfaces. The equations describing the partial slip boundary condi-
tion are Equation 2.16 and Equation 2.17. The mass fractions of chemical components at the
inlet were set to a �xed value and on the walls and outlet they were set to zero gradient.

(I − nn) · αsτs · n =
Φπαsρsg0

√
Θ

2
√

3α0

(2.16)

αsqs · n = −us · αsτs · n+

√
3π(1− e2pw)αsρsg0

√
Θ

4α0
Θ (2.17)

2.2.6 Numerical schemes and accuracy
The temporal discretization was done with the second order Crank-Nicolson scheme. The
maximum time-step used for gas-solid simulations was 1·10−5 s. For some cases, adjustable
time-stepping was used based on a maximum Courant number (0.1 for 2D simulations and
0.5 for 3D cases). A combination of two second order schemes, the Gauss linear scheme
(Gaussian integration and linear interpolation) and the Van Leer scheme, were used for
spatial discretization. The convergence criterium for the residuals was set to 1 · 10−11 for
all quantities.

2.3 Verification & validation
The veri�cation and validation of the TFM has been done both for gas only and gas-solid
systems. Some speci�c validation and veri�cation cases are presented in subsequent chap-
ters of this thesis, because they �t better in the context of these chapters. The following
subsections contain more general validation and veri�cation steps. Further veri�cation
and validation for the hydrodynamic framework of this model can be found in literature
[35, 36, 43, 33].

2.3.1 Gas flow
The compressible gas solver of the TFM was tested by comparing the gas velocity pro�les
in a 3D rectangular duct to the analytical solution by Holmes and Vermeulen [44], given in
Equation 2.18. The TFM already describes the gas velocity pro�les well with the analytic
solution, even when using as few as 5 to 10 cells in the depth and width direction. The
results of the �ow solver simulations are presented in Figure 2.3 and the resulting order of
convergence was around 1.6. The pressure drop over the gas system was also close to what
would be theoretically expected.
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(a) Gas �ow pro�les over the width. (b) Gas �ow pro�les over the depth.

Figure 2.3: Analytical and simulated velocity �ow pro�les at a coarse and �ne grid resolu-
tion.

u

umax
=

∞∑
h=1,3,5,..

(−1)0.5(h−1)h−3 cos(0.5hπ2y/H)

[
1− cosh(0.5hπ2x/H)

cosh(0.5hπW/H)

]
∞∑

h=1,3,5,..

(−1)0.5(h−1)h−3 [1− 1/ cosh(0.5hπW/H)]
(2.18)

2.3.2 Pressure drop over packed bed
The accuracy of the TFM for densely packed systems is important because densi�ed zones
are known to occur frequently in �uidized bed membrane reactors. Therefore, the TFM’s
pressure drop over a packed bed in a pseudo-2D column was compared to the Ergun equa-
tion and experimental data (Figure 2.4). The TFM results match well with experimental data
and with the Ergun equation for 500 µm particles with a density of 2500 kg m−3. The min-
imum �uidization velocities found by experiments and TFM, 0.218 m s−1 and 0.212 m s−1

respectively, also match well. The small di�erence between the experimental and TFM/Er-
gun equation slopes is attributed to the small di�erence between the TFM and experimental
porosity at minimum �uidization conditions.

2.3.3 Convection and di�usion
The implementation of the mass tranfer solver was veri�ed by performing a convection/d-
i�usion and a di�usion-only veri�cation study for 1D gas-only systems. For the convec-
tion/di�usion veri�cation study, a 1D box shaped domain of size 0.1 m was simulated, in
which a component with mass fraction 1 enters at one side with a velocity of 0.05 m s−1

and a di�usion coe�cient of D = 1 · 10−5 m2 s−1. The simulations were performed for
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Figure 2.4: Pressure drop versus gas velocity for experiments, TFM simulations and Ergun
equation based on TFM porosity.

six di�erent grid resolutions (ranging from 25 to 800 cells) using three di�erent time-steps
(1 · 10−2, 1 · 10−3 and 1 · 10−4 s). The results at various grid resolutions and time-steps
are compared to the analytical solution by Ogata and Banks [45] (see Equation 2.19 and Fig-
ure 2.5) and show good grid convergence, especially for time-steps of 1 ·10−3 and 1 ·10−4 s.

For the di�usion only veri�cation study, a 1D box shaped domain of size 0.1 m was
simulated, in which a component with a mass fraction of 1 enters at two opposing domain
inlets, which di�uses into the box with a di�usion coe�cient of D = 1 · 10−4 m2 s−1.
A grid resolution of 50 cells and a time-step of 2 · 10−3 s were used. The results for this
case were compared to the Fourier solutions for two-sided di�usion (see Equation 2.20 and
Figure 2.6). To calculate the Fourier solutions, 1000 terms in the summation were used. The
di�usion only results correspond well with the analytical solution, even for relatively large
time-steps of 2 · 10−3 s.

Y

Yin
=

1

2

[
erfc

(
x− ugt
2
√
Dt

)
+ exp

(ugx
D

)
erfc

(
x+ ugt

2
√
Dt

)]
(2.19)

Y − Y1
Y0 − Y1

=
2

π

∞∑
h=1

1− (−1)h

h
exp

(
−h2π2Dt

L2

)
sin
(
hπ

x

L

)
(2.20)

2.3.4 Reaction
To verify the reaction source term, a �rst and second order reaction, and a three species
equilibrium reaction were simulated in a gas-only batch reactor. The simulated mass frac-
tion pro�les shown in Figure 2.7 match well with their respective analytical solutions, which
shows the reaction source term is implemented well in the model. To ensure the model can
handle sharp concentration gradients, further simulations were performed for �rst order
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(a) 25, 50, 100, 200, 400 and 800 cells (∆t = 1 ·
10−3 s)

(b) ∆t = 1 · 10−2 s, ∆t = 1 · 10−3 s and ∆t =
1 · 10−4 s (800 cells)

Figure 2.5: Simulated mass fractions for the convection-di�usion veri�cation cases.

Figure 2.6: Comparison of the analytical Fourier solution and the simulated solution for the
lateral mass fraction pro�les with a di�usion coe�cient of D = 1 · 10−4 m2 s−1, using
∆t = 2 · 10−3 s and a grid consisting of 50 cells.

reactions with very high reaction rate constants. The model is able to simulate the sharp
concentration gradients well.

The implementation of the SMR and WGS reaction rate equations was checked by sim-
ulating a simple gas batch gas reactor system with the TFM, and comparing the TFM’s
equilibrium mole fractions to the ones at equilibrium. The simulations were performed at
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Figure 2.7: TFM simulation result and analytical solution for a �rst and second order reac-
tion, and a three species equilibrium reaction A + B −−⇀↽−− C.

Figure 2.8: TFM predicted and equilibrium concentrations for the SMR reaction (left) and
WGS reaction (right) at 1200 K and a steam-to-methane ratio of 3.

1200 K with an initial steam-to-methane ratio of 3 for SMR and an initial steam-to-carbon
monoxide ratio of 3 for WGS. It should be noted that the initial concentrations of all prod-
ucts (hydrogen and carbon monoxide for SMR and hydrogen and carbon dioxide for WGS)
were given a small non-zero value to avoid numerical errors caused by divisions by zero.
Figure 2.8 shows that the equilibrium concentrations simulated by the model for SMR and
WGS match well with the equilibrium mole fractions. These results verify that the model
can describe the SMR and WGS reactions accurately and that it can be used to simulate
hydrogen production in a �uidized bed membrane reactor.
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2.3.5 Bubble properties
To validate the hydrodynamics of the TFM simulations of �uidized beds, experimentally
obtained bubble properties measured with a high speed camera were compared to simulated
results for the same system. The experimental data of Laverman et al. [46] for 500 µm
glass beads was taken for this validation. The particle-particle and particle-wall restitution
coe�cient were both set to 0.97. Laverman et al. measured the bubble properties at 2.5
times minimum �uidization velocity (0.53 m s−1), in a 30 cm wide and 1.5 cm deep pseudo-
2D �uidized bed, with a 45 cm high bed consisting of glass beads, by post processing the
images, taken every 0.01 s with their Digital Image Analysis (DIA) algorithm. From the
DIA algorithm, equivalent bubble diameters and bubble velocities were obtained. Bubbles
were de�ned as areas in the solids bed where the solids hold-up value was equal to or below
0.20. The simulated grid for this case consisted of 2 mm square cells (four times the particle
diameter). The TFM bubble properties were obtained from 26 s of simulated time. The
results of this validation study are presented in Figure 2.9.

The simulated bubble diameters match very well with the experimentally measured val-
ues and show a slowly increasing bubble size with axial position, which is expected in �u-
idized beds with Geldart B type particles. The equivalent bubble diameter versus bubble
velocity plots were also compared and show that the TFM slightly overestimates the bubble
velocities compared to the experimental values, but in general show a similar trend. One of
the reasons for di�erences and small �uctuations in simulated results is the relatively small
number of bubbles that passed by in 26 s of simulated time, compared to the experimen-
tal work, which often works with a few minutes of recorded images. Furthermore, bubble
velocity data for similar systems published by other authors [47, 48] also shows some varia-

(a) Equivalent bubble diameter as a function of
the axial position

(b) Bubble velocity vs. equivalent bubble diame-
ter

Figure 2.9: Comparison of simulated and experimental bubble properties for 500 µm glass
beads at 2.5 times minimum �uidization velocity.
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tion, indicating that bubble velocities are rather sensitive to slight changes in experimental
conditions, however, similar trends in agreement with these studies were observed. To sum
up, these results show that the TFM used in this work is able to predict bubbling �uidization
well and can therefore be considered a reliable tool to study �uidized bed reactors.

2.4 Grid sensitivity studies
Next to veri�cation and validation, the �uidized bed systems that have been studied in this
work have been subject to grid sensitivity studies. Most of the simulations discussed in
the following chapters have been performed with �uidized bed systems containing either
vertically or horizontally aligned membranes that have been immersed in the particle bed.
Locally, around the membranes, grid re�nement has been applied to ensure the local hy-
drodynamics and mass transfer phenomena are captured accurately. The systems that have
been studied are the 3D cylindrical �uidized bed with cylindrical vertically immersed mem-
branes used in Chapter 4, and rectangular �at pseudo-2D �uidized beds with horizontally
immersed membranes used in Chapter 5 to Chapter 7.

2.4.1 Cylindrical bed with vertically immersed membranes
To ensure a grid independent solution for the cylindrical �uidized bed simulations with
vertically immersed membranes, an 8 cm in diameter and 24 cm in height �uidized bed
with 500 µm particles of density 2500 kg m−3 was simulated. The particle bed had an initial
bed height of 12 cm and an initial solids hold-up of 55%, and was �uidized at 0.63 m s−1

(three times umf ). A single 7 cm long vertically immersed membrane, 1 cm in diameter,
was added to the grid with the OpenFOAM tool snappyHexMesh∗. The membrane consists
of a 7 cm long cylinder, with 1 cm in diameter semi-spheres placed on its top and bottom,
to ensure the membrane is rounded and the transition from the membrane boundary to
the internal grid is smooth, in order to avoid numerical di�culties or grid inconsistencies
due to sharp gradients. Further details on the model parameters and physical data of the
�uidization gas and particles are presented in Chapter 4.

The simulations were performed on a coarse, middle and �ne grid, each with 267234,
385081 and 578714 computational cells respectively. To ensure all the �ow and mass trans-
fer details near the membrane are captured, the grid is re�ned at the membrane bound-
ary. Figure 2.10 shows that the cylindrical mesh consists of hexahedral cells, so there is no
center-line singularity in the grid, which occurs when using cylindrical coordinates. The
hexahedral cells reduce the cell tapering towards the outside of the cylinder, thus making
the cells sizes and shapes at the center and outside walls of the cylinder more similar com-
pared to when using cylindrical coordinates.

The results of the grid dependence study are presented in Figures 2.11 and 2.12. The
results of each grid have been binned with 30 points, because the grid cells have been scat-
tered radially due to their non-hexahedral shape, which would make the plots di�cult to be
compared without binning data. The solids hold-up, hydrogen mole fraction and gas veloc-
ity have been time-averaged over 11 s of simulation time, and averaged over both the axial
and radial positions, but similar results were obtained when comparing these quantities at

∗snappyHexMesh can add various geometries to the grid and can also re�ne the grid locally around the ge-
ometries.
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Figure 2.10: Grid of a 3D cylindrical �uidized bed with a single vertically immersed mem-
brane; (a) Side view of the bed and membrane; (b) Top view of the membrane; (c) Close-up
view of the clipped grid around the membrane; (d) Grid at the inlet (and outlet) of the �u-
idized bed.

single axial positions without averaging over the membrane. The solids hold-up and espe-
cially the hydrogen mole fraction show good grid convergence, even at the coarsest grid
the results are su�ciently accurate. However, for all the other simulations in this work, the
�ne grid was selected, to ensure the membrane shape is optimally resolved.

2.4.2 Rectangular pseudo-2D bed with horizontally immersed
membranes

A detailed grid sensitivity study was also performed for the �at rectangular pseudo-2D sys-
tems used in Chapter 6 and Chapter 7. The system used for the grid study was a �uidized
bed with a single horizontally immersed membrane positioned in the center of the bed. The
tested grids are displayed in Figure 2.13 and are labeled coarse (28 cells along the circum-
ference of the membrane), middle (64 cells) and �ne (128 cells). The mesh is not uniform
because it has been re�ned locally, to ensure capturing the detailed transport phenomena
around the membranes. At further distances from the membrane, where the re�nement
stops, the 2D grid was square with 2 mm sides. The �uxes through the membranes were
time-averaged over 25 s and compared to each other to determine when grid independent
results can be reached. Further details on the model parameters and physical data of the
�uidization gas and particles are presented in Chapter 6.
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Figure 2.11: Comparison of the time, azimuthally and axially averaged solids hold-up and
hydrogen mole fraction pro�les for the single vertically immersed membrane case with a
coarse, middle and �ne grid.

Figure 2.12: Comparison of the time, azimuthally and axially averaged gas velocities for the
single vertically immersed membrane case with a coarse, middle and �ne grid.

The results of the grid sensitivity study are presented in Figure 2.14. The coarse grid
is clearly not yet grid independent, whereas the middle and �ne grid are relatively close to
each other. The large number of grid cells used for the �ne grid would require the simula-
tions to be run at unfeasibly small time-steps, which would result in very long simulation
times, especially when extending this to systems with membrane tube banks containing up
to 65 membranes, as they are used to run reactive simulations in Chapter 7. The middle
grid was deemed su�ciently accurate to describe the current system’s hydrodynamics and
mass transfer phenomena, and it was therefore used to study the mass transfer phenomena
occurring in systems with membrane tube banks, as presented in Chapter 6 and Chapter 7.
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Figure 2.13: Grids around horizontally immersed membranes for a coarse grid with 28 cells
(left), middle grid with 64 cells (middle) and �ne grid with 128 cells (right) directly adjacent
to the membrane boundary.

Figure 2.14: Flux over maximum achievable �ux versus angle around the membrane in de-
grees, for coarse, middle and �ne grid. The picture on the right indicates where the angles
are located.

2.5 Conclusions
The most important aspects of the extended TFM, to be used to perform the simulations
presented and discussed in this thesis, were presented in this chapter. The advantages of
the OpenFOAM framework were explained, after which an extensive overview of the gov-
erning and constitutive equations used in the model, as well as the KTGF closure equations,
were presented. The implementation of mass transfer, the presence of and permeation of
hydrogen through perm-selective membranes and catalytic reactions in the TFM were ex-
tensively discussed and the most important aspects of the extended model were veri�ed
and validated. Finally, grid sensitivity studies were performed for the systems used in the
next chapters. In the next chapter, the TFM is used to study concentration polarization in
�uidized beds with hydrogen perm-selective membranes.
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Nomenclature

Latin symbols
A Area [m2]
ASMR SMR reaction rate constant prefactor [mol Pa−0.404 kg−1 s−1]
AWGS WGS reaction rate constant prefactor [mol Pa−1 kg−1 s−1]
Cact Active catalyst concentration [kg m−3]
Cd Drag coe�cient [-]
C1,j Exponential factor for eq. constant [K]
C2,j Exponential factor for eq. constant [-]
c1, c2 Constants in frictional stress model [-]
D Di�usion coe�cient [m2 s−1]
d Diameter [m]
Eact Activation energy [J mol−1]
e Restitution coe�cient [-]
Fr Constant in frictional stress model [N m−2]
g Gravitational acceleration [m s−2]
g0 Radial distribution function [-]
H Height [m]
I Unit tensor [-]
J Exchange of �uctuation energy [kg m−1 s−3]
Keq,SMR Equilibrium constant for SMR [bar2]
Keq,WGS Equilibrium constant for WGS [-]
kSMR Reaction rate constant for SMR [mol Pa−0.404 kg−1 s−1]
kWGS Reaction rate constant for WGS [mol Pa−1 kg−1 s−1]
n Power in Sieverts’ law [-]
n Normal unit vector [-]
P Partial pressure [Pa]
p Pressure [Pa]
Qm Permeance of the membrane [mol m−2 s−1 Pa−n]
q Fluctuating kinetic energy �ux [kg s−3]
R Universal gas constant [J mol−1 K−1]
Rj Reaction rate [mol kg−1 s−1]
Re Reynolds number [-]
S Source term [kg m−3 s−1]
S Strain rate [s−1]
T Temperature [K]
t Time [s]
u Velocity [m s−1]
V Volume [m3]
v Fuller’s atomic di�usion volume [m3]
W Width [m]
X Mass fraction [-]
x Laterial position [m]
Y Molar fraction [-]
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y Axial position [m]

Greek symbols
α Hold-up [-]
β Inter-phase drag coe�cient [kg m−3 s−1]
γ Dissipation of granular energy [kg m−1 s−3]
Θ Granular temperature [m2 s−2]
κ Conductivity of granular energy [kg m−1 s−1]
λ Bulk viscosity [Pa s]
µ Shear viscosity [Pa s]
ρ Density [kg m−3]
τ Shear stress tensor [N m−2]
Φ Specularity coe�cient [-]
φfr Angle of internal friction [°]

Sub/superscripts
c Cell
fr Frictional
g Gas
h Summation index
i Phase index
j Component index
k Reaction index
m Membrane
max Maximum
min fr Minimum friction
p Particle
perm Permeate
pw Particle-wall
ret Retentate
s Solid
T Transposed

Abbreviations
CAD Computer-Aided Design
DIA Digital Image Analysis
FVM Finite Volume Method
KTGF Kinetic Theory of Granular Flow
SMR Steam Methane Reforming
TFM Two-Fluid Model
WGS Water Gas Shift
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Concentration polarization in fluidized

bed membrane reactors ∗ †

Concentration polarization is one of the most important challenges of �uidized bed membrane
reactors (FBMRs). A combination of numerical and experimental work was performed to un-
derstand how concentration polarization manifests itself in �uidized beds with modern highly
permeable vertically inserted membranes. The Two-Fluid Model (TFM) was used to visualize
the extent of concentration polarization near the membrane and the hydrogen �uxes predicted
by the TFM at various hydrogen concentrations were compared to experimental results. Both
the simulations and experiments show that the degree of concentration polarization is quite
severe in these units and that this phenomenon should be taken into account when trying to
predict the hydrogen �ux through the membrane. The concentration pro�les near the mem-
brane were simpli�ed to a �lm model, using a constant �lm thickness, and this �lm model was
implemented in a 1D FBMR model, which greatly improved its predictive capabilities.

∗This chapter is based on: Helmi, Voncken, Raijmakers, Roghair, Gallucci and Van Sint Annaland (2018) [49]
†The Two-Fluid Model work in this chapter is part of the present thesis. The experimental and 1D model

results are due to Arash Helmi Siasi Farimani and Teun Raijmakers
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3.1 Introduction
The e�ciency of hydrogen production via Steam Methane Reforming (SMR) can be in-
creased by integrating hydrogen production and separation in a single multi-functional
reactor. This can be achieved by using perm-selective palladium-based membranes in reac-
tors. Recovering the hydrogen during the reaction, results in an equilibrium shift towards
the products, which consequently renders much higher conversions at lower temperatures.

In literature, both packed bed and �uidized bed membrane reactor con�gurations have
been proposed as novel reactor concepts for hydrogen production via Steam Methane Re-
forming (SMR) and Water Gas Shift (WGS). The latest developments in the fabrication of
ultra-thin membranes with high permeation rates [50], have once more sparked the debate
on the inherent bed-to-membrane mass transfer limitations (concentration polarization) in
packed bed membrane reactors [18, 19].

From an experimental point of view, Hara et al. [51] studied the decline of hydrogen
permeation in a packed bed membrane reactor by injecting the reactor with H2-Ar and H2-
CO mixtures. They found that the reduction in hydrogen permeation was caused by CO
poisoning of the Pd-based membrane and concentration polarization near the membrane
wall. They concluded that concentration polarization needs to be taken into account in
order to fairly predict the membrane reactor performance.

Mori et al. [52] investigated the in�uence of concentration polarization on hydrogen
production via SMR in a packed bed membrane reactor with a highly permeable membrane.
They performed experiments and compared them with a simple model that did not take into
account the e�ect of concentration polarization. By increasing the reactor pressure, they
found that the experimental methane conversion was lower than the simulated conversion.
This implies that concentration polarization occurred in their reactor and that it a�ects
the methane conversion. The presence of concentration polarization was con�rmed with
experiments with a binary gas mixture containing hydrogen and nitrogen.

Caravella et al. [19] wrote a model that can predict the hydrogen permeance through
a membrane located in an annular tube containing a hydrogen-nitrogen gas mixture. They
included the e�ect of concentration polarization in their model. It was found that the e�ect
of concentration polarization is relevant not only for very thin membranes (1-5 µm) with
high �uxes but also for thicker membranes (100 µm) at certain operating conditions.

In a Computational Fluid Dynamics (CFD) study by Nekhamkina et al. [53], mass trans-
fer processes in two reactor con�gurations were studied: a reactor containing only gas with
(i) the membrane at the wall, and (ii) an annular cylinder with the membrane as inner tube.
A model was developed to predict the membrane �ux considering the e�ect of concentra-
tion polarization. A parameter Γ was de�ned which represents the ratio of the di�usion to
the permeation �ux. It was concluded that only when Γ > 6 the e�ect of concentration
polarization can be neglected.

To circumvent the mass transfer limitations typically found in gas reactors or packed
bed membrane reactors, �uidized bed membrane reactors were suggested, because of their
improved heat and mass transfer characteristics. Patil et al. [54] and Gallucci et al. [55] suc-
cessfully demonstrated the �uidized bed membrane reactor concept for SMR with relatively
low �ux membranes. No concentration polarization e�ects were reported, but the �ux of
the membrane used in their studies was 5-10 times lower than the �ux achieved by recently
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available highly permeable membranes.
More recently, Helmi et al. [56] successfully demonstrated the long term (>900 h) per-

formance of a �uidized bed membrane reactor utilizing very high �ux membranes for ultra-
pure hydrogen production via WGS. Although the long term stability of this membrane
reactor has been con�rmed (with CO content in the permeate side < 10 ppm), no indepen-
dent study has been performed yet on the concentration polarization e�ects in �uidized bed
membrane reactors where a large amount of gas is extracted via the membranes.

This chapter focuses on the quanti�cation of the extent of concentration polarization
in �uidized bed membrane reactors. A simple one-dimensional phenomenological model is
developed which can capture the e�ect of concentration polarization in �uidized bed mem-
brane reactors. The Two-Fluid Model (TFM), an Euler-Euler CFD model using the Kinetic
Theory of Granular Flow to describe the solids phase rheology, is used to estimate the mass
transfer boundary layer thickness required by the 1D model. The predictions by both mod-
els are compared with results obtained from experiments. This combination of numerical
and experimental work is used to con�rm the presence of concentration polarization in
�uidized bed membrane reactors and to understand its severity.

3.2 Modeling
3.2.1 1D phenomenological model
In this work, a one-dimensional two-phase �ow model for bubbling �uidized beds was used.
This model was originally proposed by Kato and Wen [57] for standard �uidized beds with-
out internals, and was later extended to membrane assisted �uidized bed reactors by Desh-
mukh et al. [8]. In this 1D model, the �uidized bed’s emulsion and bubble phases are both
divided into a number of Continuously Stirred Tank Reactors (CSTRs) in series, while mass
transfer limitations from the bulk of the bed to the surface of the membranes are not ac-
counted for. The number of CSTRs determines the degree of gas back mixing inside the
reactor (1 CSTR stands for total back mixing, i.e. ideal mixing, and an in�nite number of
CSTRs represents plug �ow behavior). In this work, 100 CSTRs in series were used for both
emulsion and bubble phases, assuming a negligible gas back mixing in the axial direction,
which is appropriate for the considered small lab scale set-up with a relatively high bed
aspect ratio.

In a �uidized bed membrane reactor, the extraction of a large amount of gas may induce
the formation of a densi�ed zone (a region with higher solids hold-up than the rest of the
bed) around the membranes [11, 12]. This is caused by the high �ux through the membrane
relative to the �uidization velocity, resulting in a drag force of the particles towards the
membranes, which is more pronounced for smaller particles [11]. In densi�ed zones, the
particle mixing is worse than in the bulk of the bed because the particles have much lower
velocities (eventually behaving like a slowly moving bed). Because of the good mixing
properties of �uidized beds, it is expected that the concentration gradient mainly resides in
the densi�ed zone around the membrane, and not in the bulk of the �uidized bed. However,
this assumption needs to be validated and implemented in the phenomenological model.

Several theories exist to describe the mass transfer from the bulk of the bed to the mem-
brane surface. The simplest model is the �lm layer model [58], which assumes that the
concentration gradient resides entirely in a thin stagnant �lm (the mass transfer boundary
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Figure 3.1: Schematic representation of the 1D phenomenological �uidized bed membrane
reactor model.

layer) with a thickness δ around the membrane. Figure 3.1 shows a schematic represen-
tation of the one-dimensional �uidized bed membrane reactor model considering a mass
transfer �lm layer around the membrane.

In the 1D model, it is assumed that the gas �ow rate in the bubble phase (ub) is equal to
the excess gas �ow rate above the gas �ow required to keep the emulsion phase at minimum
�uidization velocity (umf ), and that there is only mass transfer between the bubble phase
and the emulsion phase (so no direct mass transfer from the bubble phase to the membrane
surface is considered). Furthermore it is assumed that:

• The bulk concentration is constant in the radial direction;

• There is no axial convection in the �lm layer;

• Dispersion only occurs in the radial direction (axial dispersion is neglected);

• The �ux is independent of the radial distance from the membrane;

• The system is isobaric and isothermal.
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Using the above mentioned assumptions and Fick’s law to describe the hydrogen �ux
through the boundary layer while accounting for the induced net (convective) drift �ux, the
hydrogen �ux towards the membrane can be written as:

NH2
=

JH2

1−XH2

=
DCtot

1−XH2

dXH2

dr
(3.1)

Integration of Equation 3.1 yields:

NH2 = kdCtot · ln
(

1−XH2,m

1−XH2,bulk

)
(3.2)

with the mass transfer coe�cient from the bulk to the membrane wall de�ned as:

kd =
D

δ
(3.3)

which can be determined from a Sherwood correlation:

Sh =
kddH
D

(3.4)

where dH is the hydraulic diameter of the reactor (dH = dreac−dm). Thus, the equation
for the thickness of the �lm layer is:

δ =
dH
Sh

(3.5)

A Sherwood correlation that can describe the gas mass transfer from the bulk of a �u-
idized bed to an immersed wall inside the bed was not found in literature. Moreover, no
generally applicable correlation for the radial gas dispersion in �uidized beds is available.
Most of the proposed correlations in literature are derived to predict the solids dispersion
inside a gas-solid �uidized bed. They are 1D type equations that can describe the axial/radial
movement of the solids inside a �uidized bed at the operating conditions investigated in that
speci�c study [59, 60, 61, 62, 63, 64, 65]. On the other hand, the equations that were found for
gas dispersion in �uidized beds were derived for risers, circulating systems or fast �uidized
beds, and for operating conditions that were often orders of magnitude higher than the su-
per�cial gas velocities used in the experiments of the present work [66, 67, 68, 69, 70, 71, 72].
Furthermore, these equations are not useful for CFD models, because they do not contain
local and instantaneous gas and solids properties. Therefore, the radial dispersion in the
densi�ed zone of the mass boundary layer close to the membranes is estimated using the
correlation by Tsotsas and Schlünder [73] for the dispersion coe�cient in packed beds (see
Equation 3.6 and Equation 3.7 for the Fuller equation for molecular di�usion [40]). It should
be noted that due to the good mixing properties of a �uidized bed, this packed bed disper-
sion coe�cient equation is likely to somewhat under-predict the dispersion coe�cient of a
�uidized bed.

Dr = (1−
√

1− αmf )Dmol +
u0dp

8
(3.6)
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Figure 3.2: Schematic representation of the hydrogen concentration pro�le across a mem-
brane.

Dmol = 0.001
T 1.75

√
1

Mw,A
+ 1

Mw,B

p(v
1/3
A + v

1/3
B )2

(3.7)

The mass transfer of hydrogen through the selective dense Pd/Ag layer of the supported
membrane is described with the solution di�usion mechanism. Following Sieverts’ law [74],
the �ux through the dense layer is proportional to the di�erence between the square-root
of the hydrogen partial pressure at the retentate side (reaction zone) and the permeate side
(inside the membrane tubes) of the membrane. The di�usion through the selective dense
layer is considered as the rate limiting step for hydrogen permeation and it is assumed that
there is no concentration gradient (nor pressure gradient) across the porous ceramic support
layer of the membrane, and also mass transfer limitations at the permeate side are assumed
to be negligible (Figure 3.2). These assumptions are valid in this work because the selective
Pd/Ag layer was applied on the outer side of the asymmetrical porous tube. Thus, there is no
concentration gradient over the porous support, since on the permeate side only virtually
pure hydrogen is present (the ideal perm-selectivity was in the order of 5000), and there
can only be a very small pressure gradient over the porous support following the Dusty
Gas model. It will be shown that the 1D model can already well describe the experimental
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�ux when using the experimentally determined pressure at the permeate side, so that the
pressure drop over the porous support can indeed be neglected, which corresponds very
well with the �ndings by Caravella et al. [75]. If necessary, the model could be extended to
account for these factors.

The membrane �ux is thus described by Sieverts’ law [74]:

JH2 =
Pm
tm

(
P 0.5
H2,m − P

0.5
H2,perm

)
(3.8)

Pm = Pm,0exp
(
− Ea
RT

)
(3.9)

in which Pm is the membrane permeability, Pm,0 is the permeation constant, Ea is the
membrane activation energy and tm is the membrane selective layer thickness.

As mentioned before, it is assumed that there is only mass transfer from the bubble
phase to the emulsion phase, not directly to the membrane. This can be assumed because of
the relatively small bubble hold-up in bubbling �uidized beds, especially near the vertically
immersed membrane tubes. From the emulsion phase the hydrogen transfers to the �lm
layer and from there it permeates through the membrane. Therefore the component mass
balance for the bubble phase reads:

dCb
dz

= − 1

fbub,rise

[
ub,riseCb

dfb
dz

+ fbCb
dub,rise

dz
+Kbefb(Cb − Ce)

]
(3.10)

The rise velocity of bubbles in a swarm (ub,rise), the bubble fraction (fb) and the bubble
to emulsion phase mass transfer coe�cient Kbe is determined from correlations reported
in [76]. The total super�cial velocity in CSTR number n (utot,n), is calculated by subtracting
the �ow through the membrane from the axial �ow in CSTR number n-1:

utot,n = utot,n−1 −
JH2

Am
AreacCtot

(3.11)

Where Am is the surface area of the membrane and Areac is the cross sectional area of
the reactor.

Am = πdmLm (3.12)

Areac =
1

4
πd2reac (3.13)

The emulsion phase exchanges hydrogen with the bubble phase and transports it via
the �lm layer to the membrane wall. This can be described as:

dCe
dz

=
1

umfAreac

[
fbKbeAreac(Cb − Ce)− kdπdmCtotln

(
1−Xm

1−Xe

)]
(3.14)

For each CSTR, one value for Xm and Xe will be calculated representing the average
concentration of hydrogen in that CSTR. The �ux entering the �lm layer should be equal
to the �ux through the membrane, thus:
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Table 3.1: Summary of the hydrodynamic parameters used in the 1D phenomenological
model [76].

Archimedes number Ar =
d3pρg(ρp−ρg)g

µ2
g

Minimum �uidization velocity umf
µg

ρgdp

(√
27.22 + 0.0408Ar − 27.2

)
Bed voidage at umf αmf = 0.586Ar−0.029

(
ρg
ρp

)0.021
Initial db (porous plate distributor) db,0 = 0.376 (u0 − umf )

2

Maximum bubble diameter db,max = min
(
dH , 0.65

(
π
4 d

2
H(u0 − umf )

)0.4)
Average bubble diameter db,avg = db,max − (db,max − db,0)e

−0.15H
dH )

Bubble diameter db = db,max − (db,max − db,0)exp
−0.30H

dH )

Rise velocity of swarm of bubbles ub,avg = u0 − umf + 0.711(gdb,avg)
0.5

Bubble phase fraction fb =
u0−umf

ub,avg

Emulsion phase fraction fe = 1− fb

Gas exchange coe�cients Kbc = 4.5
(
umf

db,avg

)
+ 5.85

(√
Dg0.25

d1.25b,avg

)
Kce = 6.77

(
αmfDub,avg

d3b,avg

)0.5
1
Kbe

= 1
Kbc

+ 1
Kce

JH2 =
Pm
tm

(
P 0.5
H2,m − P

0.5
H2,perm

)
= kdCtotln

(
1−Xm

1−Xe

)
(3.15)

An overview of all the hydrodynamic parameters is provided in Table 3.1. For a detailed
discussion on the model equations and assumptions the interested reader is referred to [77].

3.2.2 Two-Fluid Model
To improve the performance of the one-dimensional phenomenological model with an es-
timate of the mass transfer boundary layer thickness, Two-Fluid model (TFM) simulations
were performed using version 2.3.1 of the OpenFOAM twoPhaseEulerFoam solver. This
solver has been extended with gas-phase species balance equations for hydrogen and re-
alistic membrane models to simulate the selective extraction of hydrogen. More detailed
information on the TFM can be found in Chapter 2 in the section on the model for sep-
aration of binary gases via membranes. To approximate the rheological properties of the
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particulate phase in a �uidized bed, the KTGF closure equations as described in Chapter 2
are used.

The experimental setup is a cylindrical �uidized bed reactor with a single submerged
membrane in the center of the reactor. This system was approximated with a 2D Cartesian
simulation where the bottom and top of the membrane are the axial height of the inlet and
outlet of the TFM simulations. A schematic drawing of the experimental set-up and how it
has been approximated with the model is presented in Figure 3.3. Hydrogen was extracted
via the left boundary of the 2D grid, to which the membrane velocity boundary condition
described in Chapter 2 was applied. On the right boundary a no-slip condition was imposed.
For the solids phase, a Johnson & Jackson partial slip boundary condition with a specularity
coe�cient of 0.50 was applied on both the left and right walls.

Figure 3.3: Schematic representation of the experimental set-up and its derived 2D TFM
simulation grid.

The settings for the TFM simulations are presented in Table 3.2. The domain width
is equal to the radius of the experimental reactor and the domain height is equal to the
membrane length. The selected grid was 0.5625 mm by 0.5625 mm, which is su�ciently
�ne to yield a converged solutions. The TFM simulations were performed at three di�erent
inlet hydrogen molar fractions (10, 25 and 45 mol %) and four di�erent pressures at the
reactor outlet (1.5, 1.6, 1.7 and 1.8 bar).
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Table 3.2: Settings for the Cartesian 2D TFM simulations.

Quantity Setting Quantity Setting

Width (x) 0.0225 m Qpd 4.3 · 10−3 mol m−2 s−1 Pa−n

Height (z) 0.113 m n 0.50
Ncells x 40 Pperm 0.01 · 105 Pa

Ncells z 200 Am 1.836 · 10−3 m2

dp 200 µm T 678 K

ρp 1400 kg m−3 X init
H2

0.10, 0.25, 0.45
epp, epw 0.90 poutlet 1.5, 1.6, 1.7, 1.8 bar

u/umf 3.33 tsim 15 s

DH2
1 · 10−4 m2 s−1 ∆t 2 · 10−5 s

The 2D Cartesian approximation of the cylindrical �uidized bed membrane reactor was
applied because of its simplicity and reasonable simulation times to obtain the results. It is
an often used approximation when simulating �uidized beds [78, 13, 79]. However, a num-
ber of phenomena will not be simulated fully realistically with this 2D approach. To take
into account all the hydrodynamic e�ects that occur in a �uidized bed with an immersed
membrane, such as bubbles passing by around all sides of the membrane, 3D cylindrical
grids are required with approximately 0.5 · 106 to 1 · 106 computational cells, which re-
quires signi�cant computational facilities. Nonetheless, fast X-ray analysis of cylindrical
�uidized beds with inserted permeating internals performed by Helmi et al. (2017) [80]
showed that most of the bubbles are pushed away from the internals by the solids, which is
similar to what was found in the 2D simulations.

Furthermore, in the Cartesian 2D approach, the increase in radial area when moving out-
ward from the membrane surface towards the reactor wall is not taken into account. There-
fore, the concentration di�erence between the membrane and bulk will be overestimated
in the 2D Cartesian simulations compared to 3D cylindrical system. To take into account
the dependency of the hydrogen �ux on the radial position, the molar balance in cylindrical
coordinates can be integrated from the membrane surface (rm) to the radial positions where
the bulk concentration (rbulk = rm + δ). The result can be found in Equation 3.16.

NH2 = DCtotln
(

1−XH2,m

1−XH2,bulk

)
1

(rm + δ) · ln
(

1 + δ
rm

) (3.16)

This means that the �lm layer thickness, δ, can be estimated with equation 3.17, which
relates the 2D Cartesian TFM �lm layer thickness to the actual �lm layer thickness with ra-
dial dependence. The TFM �lm layer thickness, δTFM, can be obtained by using equation 3.2.

δTFM = (rm + δ)ln
(

1 +
δ

rm

)
(3.17)
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In this work, the 2D approach serves as learning model to qualitatively understand how
concentration polarization can manifest itself in cylindrical �uidized bed membrane reactor
systems. A full 3D approach is required to capture all the details of the phenomena occurring
in cylindrical �uidized beds with immersed membranes. A possible alternative approach to
full 3D cylindrical �uidized bed reactor simulations, while still partly accounting for the
geometrical shape of cylindrical beds, is the 2.5D approach proposed by Li et al. [81]. This
2.5D approach would be computationally much more e�cient than the 3D approach, but
it remains to be investigated whether the 2.5D approach fully and quantitatively resolves
all the required hydrodynamic features that prevail in a 3D cylindrical �uidized bed with
immersed membranes. A second alternative approach to full 3D cylindrical simulations is
simulating the full diameter of the �uidized bed in 2D and placing the membrane in the
middle of the bed. This approach has been tested before adopting the current approach,
and it resulted in unrealistic gas �ow pro�les, where the gas regularly �ows downwards
and drags bubbles down past both sides of the membrane. This gas and bubble down �ow
in turn causes the concentration pro�les between the wall and the membrane to become
more di�use, so a stable bulk concentration far from the membrane is never reached.

3.3 Experimental
Pt/Al2O3 particles with an average particle size of 200 µm and density 1400 kg m−3 were
used for the experiments (provided by JM®). Detailed information on particle size measure-
ment, minimum �uidization velocity and Geldart classi�cation can be found in [56]. In a
previous study it was ensured that particles do not chemically interact with the palladium
membrane surface [20].

A 365 mm long cylindrical stainless steel tube with an inner diameter of 45 mm was
used for the experiments. The gas distributor was a porous stainless steel plate of 40 µm
pore size. Two thermocouples were placed inside and outside of the membrane (close by
the surface of the membrane). In the �uidized bed experiments, 180 g of Pt/Al2O3 particles
were integrated inside the reactor to ensure full immersion of the membrane at minimum
�uidization conditions. For more detailed information on the experimental setup, see Helmi
et al. [56].

In the center of the reactor a 113 mm long Pd0.85/Ag0.15 based membrane supported on
porous Al2O3 (100 nm pore size at the surface) was placed. The outer diameter of the mem-
brane was 1 cm and was placed 3 cm above the distributor plate. The supported membrane
was fabricated with an electroless plating technique with an average selective layer thick-
ness of 4.5 µm along the membrane. The membrane was �rst integrated into the reactor
module without catalyst particles to activate the membrane (see Fernandez et al. [20]). Sub-
sequently, the membrane permeation properties (Pm,0 andEa) were characterized at di�er-
ent retentate side pressures (1.2-1.6 bar) and at di�erent temperatures (350, 400, and 450 ◦C)
under pure hydrogen �ow (Pm,0 = 1.76 · 10−8 mol m−1 s−1 Pa−0.5, Ea = 7.1 kJ mol−1.
The permeation properties obtained from the experiments were used in the models (phe-
nomenological model and TFM) to describe the hydrogen �ux through the membrane. The
permeate side was kept at 1 bar for the entire characterization period. To ensure that the
membrane was leak tight, the nitrogen leakage rate was monitored during the experimental
work at identical operating pressures (measured average ideal H2/N2 selectivity was 5000).
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After the characterization procedure, experiments were performed with binary gas mix-
tures of N2 and H2 to quantify the concentration polarization e�ect. Experiments with pure
hydrogen at the inlet were used to monitor the stability of the membrane over time. All
the experiments were performed at 400 ◦C) and hydrogen mole fractions of 0.10, 0.25 and
0.45 were used. Finally, the relative �uidization velocity (u/umf ) was varied between 1.3
and 3.3 and the membrane performance was measured at constant pressure of 1.3 bar at the
retentate side.

3.4 Results and discussion
The experiments reported hereafter were performed for various hydrogen mole fractions.
For every mole fraction experiments were carried out at di�erent hydrogen partial pressure
di�erences across the membrane. First the experimental results will be compared with the
results obtained with the TFM to obtain a proper estimation of the radial dispersion coef-
�cient for the �uidized suspension. As described in section 3.2, in the phenomenological
model the concentration polarization is modeled by assuming a mass transfer boundary
layer with thickness δ around the membrane with an external mass transfer coe�cient of
kd. The thickness of the �lm layer will be determined using the optimized dispersion coef-
�cient in the TFM.

The e�ect of densi�ed zones on concentration polarization is looked into and the e�ect
of the hydrogen mole fraction and reactor pressure on the boundary �lm layer thickness
will also be investigated. Subsequently, results from the phenomenological model without
considering concentration polarization (referred to as 1D) and with accounting for con-
centration polarization (indicated by 1D/kd) will be compared with experimental results for
identical conditions. Finally, it will be discussed whether the bubble-to-emulsion, emulsion-
to-membrane or the mass transfer across the membrane is the rate limiting step for gas
extraction in �uidized beds.

3.4.1 Film layer thickness
In order to use the 1D/kd model which is developed in this work, the thickness of the �lm
layer needs to be estimated. To help estimating the magnitude of δ, and the corresponding
radial dispersion coe�cient Dr , the TFM was used. To the authors’ knowledge, there are
currently no generally accepted relations that describe the local radial dispersion in �uidized
beds with internals as a function of (amongst others) the local solids hold-up. To estimate a
minimum value for the radial dispersion in the densi�ed zones close to the membranes, we
have used a correlation for packed beds. The equation of Tsotsas and Schlünder in Section
3.2 was used to calculate an average radial dispersion coe�cient at solids hold-ups between
0.05 and 0.60 and at an (interstitial) gas velocity of 0.1 m/s, yielding for the considered con-
ditions a dispersion coe�cient in the order of 5·10−5 to 1·10−4 m2 s−1. Variation of the gas
velocity and particle diameter within the experimental range had only a very limited e�ect
on the estimated dispersion coe�cient. Thus, we have found that using a single constant
dispersion coe�cient based on the binary gas di�usion coe�cient estimated with Fuller’s
equation was su�ciently accurate for the simulations performed in this work. Figure 3.4
shows the computed averaged hydrogen �uxes versus the di�erence in the square-root of
the hydrogen partial pressures across the membrane at various combinations of inlet com-
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Figure 3.4: Comparison of the experimentally determined and TFM computed membrane
�ux as a function of the hydrogen partial pressure (sampled at the inlet of the reactor), two
di�erent gas phase radial dispersion coe�cients have been used in the TFM (5 · 10−5 and
1 · 10−4 m2 s−1), poutlet = 1.5 − 1.8 bar, u/umf = 3.3. The 1D model results (i.e. results
not considering concentration polarization) signi�cantly over predict the experimentally
determined �ux.

positions and reactor pressures for the experiments, the TFM with a dispersion coe�cient
of 5 · 10−5 and 1 · 10−4 m2 s−1, and the 1D model.

According to Figure 3.4, a very good match between TFM predictions and experimental
observations was obtained when using a radial dispersion coe�cient of 1 · 10−4 m2 s−1).
Therefore, and due to the fact that no validated correlation exists for the radial dispersion
coe�cient inside �uidized bed membrane reactors, this value was used. The di�erence be-
tween the 1D model predictions and the experiments/TFM shows that the 1D model over
predicts the hydrogen �ux and does not take concentration polarization into account, be-
cause the 1D model does not simulate the concentration drop near the membrane surface.

Each set of experimental data (separated by the dashed boxes) in Figure 3.4 was mea-
sured at di�erent moments in time. On each day and before each experiment, the membrane
performance (permeability and ideal H2/N2 selectivity) was checked to ensure a stable mem-
brane performance throughout the entire experimental work. The obtained data from the
daily tests shows that the permeability of the membrane was slightly �uctuating around an
average value. On the other hand, the TFM results were obtained using one average experi-
mentally obtained permeation rate. Due to these minor �uctuations in membrane behavior
throughout the experimental program, a slight di�erence between model predictions and
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Figure 3.5: Time-averaged TFM predicted hydrogen concentration pro�les at di�erent ax-
ial positions and the average pro�le over the displayed positions, z: axial distance from
the membrane bottom, L: the membrane length, x: distance from the membrane in radial
direction, ∆P : 0.5 bar, X init

H2
= 0.25.

the experimental observations can be observed as both over and under predictions.
Investigating the concentration pro�les in the vicinity of the membrane as computed by

the TFM, the concentration of hydrogen signi�cantly decreases from a bulk concentration
to a minimum value close to the membrane for all the cases. This con�rms the existence
of a mass transfer boundary layer near the membrane imposing a mass transfer resistance
from the bulk of the �uidized suspension to the surface of the membranes. Simulations
were performed for di�erent inlet hydrogen mole fractions of 0.1, 0.2, 0.45 and 1 to inves-
tigate the thickness of this boundary layer for various operating conditions (see Figure 3.5
and Figure 3.6). The computed results clearly show a thinner �lm layer at the bottom of
the membrane that increases signi�cantly as a function of the axial position. This shows
that the assumption of a �lm layer with a constant thickness is obviously a simpli�cation.
The description could be extended using boundary layer theory to account for this, but
the results shown later will show that the assumption of a constant �lm layer thickness is
su�cient for this system.

The TFM �lm layer thickness was calculated with Equation 3.2. The �uxes for the three
inlet mole fractions at 1.5 bar pressure are presented in Figure 3.7 and were used for the
calculations. The �ux strongly reduces within the �rst 2 cm of the membrane, and then
stabilizes, which shows that using a single value for the �lm layer thickness is a good initial
estimation. When using all the �ux values to calculate the �lm layer thickness and averaging
the δTFM values, the TFM �lm layer thickness is 1.55 cm. When using the average of the
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Figure 3.6: Time-averaged concentration pro�les of hydrogen computed with the TFM
(X init

H2
= 0.25), the dashed lines refer to the axial positions where the lateral concentra-

tion pro�les are shown in Figure 3.5.

Table 3.3: TFM and corrected �lm layer thicknesses when taking all �uxes into account or
only the stable �ux. All values are in cm.

All �uxes Stable �ux
(above z=4 cm)

δTFM at X init
H2

= 0.10 1.71 2.21
δTFM at X init

H2
= 0.25 1.60 1.93

δTFM at X init
H2

= 0.45 1.35 1.68
Average δTFM 1.55 1.94
Average δ 0.96 1.14

stable �ux values above z = 4 cm, the average TFM �lm layer thickness was found to be
1.94 cm. The corrected �lm layer thicknesses δ, calculated via Equation 3.5, are then 0.96 cm
and 1.14 cm respectively. In the 1D/kd model, a δ of 1 cm was used. The results for all �lm
layer thickness values are summarized in Table 3.3.
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Figure 3.7: Hydrogen �ux for three inlet hydrogen mole fractions at 1.5 bar outlet pressure.

3.4.2 Densified zones

The TFM simulations were used to investigate the formation of densi�ed zones near the
membrane and their e�ect on concentration polarization. Non-consecutive snapshots of
the instantaneous hydrogen mole fractions and gas bubbles (de�ned as regions with a gas
porosity above 0.75) show that the bubbles do not come close to the membrane (Figure 3.8).
The hydrogen molecules therefore have to depend on di�usion to reach the membrane, the
distance of the bubbles to the membrane is too large to convectively refresh the hydrogen
at the membrane.

Figure 3.9 presents the spatial average in axial direction of all time-averaged solids hold-
up pro�les for a �uidized bed injected with binary gas mixtures with 10, 25 and 45 mol %
hydrogen. A simulation with 25 mol % hydrogen was also performed for the same bed
without hydrogen extraction. When hydrogen is extracted, the solids shift slightly more
towards the membrane. At higher hydrogen molar fractions, the solids hold-up near the
membrane increases slightly compared to at lower hydrogen molar fractions, because the
momentum �ux of the hydrogen towards the membrane is higher.

The solids hold-up at the wall opposite to the membrane simultaneously decreases by
about 1 to 2%, indicating that the solids shift slightly more towards the membrane at higher
extraction �uxes. However, when no extraction takes place, the solids hold-up near the
membrane and right wall is higher than for the case with extraction. The extraction of
hydrogen thus did not signi�cantly alter the extent of the densi�ed zones, and these small
changes in the solids hold-up near the membrane cannot be the main cause of concentration
polarization.

To better elucidate the e�ects of extraction, in Figure 3.10 the gas velocity pro�les in
an empty membrane tube with and without hydrogen extraction are compared, where all
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Figure 3.8: Two instantaneous non-consecutive TFM snapshots of hydrogen molar fraction
and bubble contours (white).

Figure 3.9: Time-averaged TFM solids hold-up data for a �uidized bed with membrane (X init
H2

= 0.10, 0.25 and 0.45) and one case with membrane without gas extraction (X init
H2

= 0.25),
poutlet = 1.5 bar.
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Figure 3.10: Gas velocity pro�les for a gas reactor with and without extraction at X init
H2

=
0.25 and poutlet = 1.5 bar.

the conditions were kept the same as for the FBMR case with 25 mol % hydrogen at 1.5 bar
pressure but without solids. A clear shift of the gas velocity pro�le towards the membrane
was observed, which explains the slight reduction in the solids hold-up near the membrane
and the overall shift of the solids hold-up pro�le towards the membrane.

3.4.3 1D/kd model verification
In an independent experimental observation by Patil et al. [82] for a FBMR with a Pd-based
membrane with much lower permeation properties (Pm = 1.35 ·10−12 mol m−1 s−1 Pa−1)
in comparison with the membrane used in this work, no in�uence of concentration polar-
ization was reported. Therefore, it was investigated whether the 1D/kd model is able to
describe these experiments with negligibly small �lm layer thickness. Figure 3.11 compares
the reported experimental observation for a case at 400 ◦C), with a super�cial gas velocity
between u0 = 3 and u0 = 5 cm s−1, and the hydrogen partial pressure drop was between
∆P = 0.5 and ∆P = 3 bar, with the predictions from the phenomenological model using
100 CSTRs in series for both emulsion phase and the bubble phases.

The 1D model without considering concentration polarization predicts the experimental
results very well. To validate the 1D/kd model, a �lm layer thickness of 1·10−6 m around the
membrane was assumed with a radial dispersion coe�cient of 1·10−4 m2 s−1, and the model
reduces indeed to the results from the 1D model con�rming the absence of concentration
polarization for the membrane used in the work by Patil et al. [82] at the speci�ed operating
condition.
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Figure 3.11: 1D and 1D/kd model predictions for the hydrogen �ux compared with experi-
ments by Patil et al. [82].

3.4.4 Model vs. experiments
In this section results from the one-dimensional models (1D and 1D/kd) for the �uidized
bed will be compared with the experimental observations at identical operating conditions.
Experiments in the �uidized bed were performed with an inlet super�cial gas velocity of
u0 = 0.05 m s−1 (u/umf = 3.3). The membrane permeability was determined to be
Pm = 1.76 · 10−8 mol m−1 s−1 Pa−0.5, the operating temperature was 400 ◦C, the reactor
pressure was varied between 1.44 and 1.8 bar and the hydrogen mole fraction was varied
between 0.1 and 1.0, and the model parameters were set up accordingly. Figure 3.12 summa-
rizes the experimental observations in comparison with the obtained results from simula-
tions with the 1D and 1D/kd models for di�erent hydrogen partial pressure di�erences. The
�gure clearly shows that the 1D model ignoring concentration polarization e�ects largely
overestimates the membrane �ux for all trans-membrane pressure di�erences and the dis-
crepancies further increase for smaller hydrogen concentrations, whereas the 1D/kd model
that accounts for concentration polarization e�ects accurately predicts the membrane �ux
for all the considered cases.

Furthermore, the simulation results of the 1D/kd model for the case without bubble-to-
emulsion mass transfer resistance were virtually identical to the results when bubble-to-
emulsion mass transfer was taken into account, from which it can be concluded that the
bubble-to-emulsion mass transfer resistance is negligible compared to the external mass
transfer resistance to the membrane wall for the considered cases.

The 1D model in this work uses the standard correlations from Kunii and Levenspiel
for the bubble-to-emulsion phase mass transfer (Kbe). The Davidson and Harrison correla-



50 Chapter 3. Concentration polarization in fluidized bed membrane reactors

Figure 3.12: Experimental data versus model predictions for di�erent hydrogen concen-
trations; (1D): one-dimensional model without considering concentration polarization;
(1D/kd): one-dimensional model accounting for concentration polarization, using a �lm
layer thickness of 1 cm and a radial gas dispersion coe�cient Dr of 1 · 10−4 m2 s−1.

tion for the bubble-to-emulsion phase mass transfer coe�cient was derived for single rising
bubbles, so it will under predict the bubble-to-emulsion mass transfer for freely bubbling
�ows. In Figure 3.13 the axial hydrogen mole fraction pro�les along the membrane length
are plotted for the bubble phase, emulsion phase and at the surface of the membrane. This
is shown for one selected experiment, but all the other simulations showed the same trend.
Since the concentration di�erences between the bubble and the emulsion phase and along
the membrane are small compared to the concentration di�erences between the emulsion
and the membrane wall, it can be concluded that the external bed-to-membrane mass trans-
fer is rate limiting, thus the under prediction in the bubble-to-emulsion mass transfer rate
will not have a signi�cant e�ect on the simulation results. Medrano et al. (2017) [83] have
developed a correlation for bubble-to-emulsion mass transfer in freely bubbling beds, how-
ever only valid for pseudo-2D beds. To more accurately calculate the bubble-to-emulsion
mass transfer, improved correlations for Kbe need to be developed speci�cally for fully 3D
�uidized beds and �uidization in the presence of (permeating) internals.

To �gure out the e�ect of inlet �ow velocity on concentration polarization, experiments
were performed with di�erent inlet �ow velocities for three di�erent inlet compositions.
Binary mixtures of H2 and N2 were chosen with a H2 content of 10, 25 and 45 mol % at
the inlet. For each inlet �ow composition, the inlet velocity was varied to investigate the
performance of the model at higher inlet �ow rates in the bubbling �uidization regime
(Figure 3.14).
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Figure 3.13: Axial hydrogen mole fraction pro�les at the membrane surface, in the emulsion
and in the bubble phase. Experiment: XH2 = 0.25, u = 0.05 m s−1, poutlet = 1.44 bar,
Pm = 1.76 · 10−8 mol m−1 s−1 Pa−0.5.

According to the obtained results, in general the 1D/kd model can accurately predict
the �ux through the membrane for di�erent inlet �ow rates and inlet gas compositions.
Considering the fact that the thickness of the �lm layer was considered with a constant
value of 0.01 m, it can be concluded that this constant can be a good estimate for the av-
erage thickness of the �lm layer for a wide range of inlet �ow velocities. Investigating the
obtained modeling results with and without considering concentration polarization, the ef-
fect of concentration polarization becomes more pronounced for higher inlet gas velocities
and lower hydrogen inlet concentrations, and the developed 1D/kd model can accurately
capture this.

In general, for the phenomenological �uidized bed model a lot more research needs to
be done. The in�uence of the membrane immersion on the hydrodynamic properties of the
bed needs to be further investigated. The 1D/kd model gives a very good prediction of the
experimental observations when using a radial dispersion coe�cient estimated from TFM
simulations. However, an accurate correlation for the radial dispersion in �uidized beds (and
preferably accounting for the presence of immersed objects) would facilitate the modeling.
Another complicating factor is that the �lm layer thickness is quite large compared to the
reactor diameter (δ = 0.01 m and dreac = 0.045 m). It should be noted that for this research
a lab-scale reactor with a relatively small diameter was used, in larger reactors the e�ect of
the �lm layer may be less pronounced. On the other hand, often membrane modules are
inserted into the bed, where the e�ect of the presence and permeation through neighboring
membranes might need to be accounted for in the estimation of the mass transfer boundary
layer thickness.
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(a) ∆P 0.50
H2

= 86 Pa0.50 (b) ∆P 0.50
H2

= 150 Pa0.50

(c) ∆P 0.50
H2

= 205 Pa0.50

Figure 3.14: Model predictions versus experiments at di�erent inlet velocities at constant
hydrogen partial pressure di�erences.

3.5 Conclusions
A simple one-dimensional two-phase phenomenological model was developed that captures
the e�ect of concentration polarization in �uidized bed membrane reactors (1D/kd). In this
model the �uidized bed was divided into a number of CSTRs in series for both the emulsion
and bubble phase while accounting for mass transfer limitations from the bed bulk to the
surface of the membranes assuming that this occurs entirely in a thin stagnant �lm layer
with constant thickness around the membrane. The hydrogen �ux through the membranes
was described by Sieverts’ law.

A more detailed Euler-Euler CFD model, the Two-Fluid Model, was developed in Open-
FOAM where the solver was extended with species mass balance equations and membrane
models to simulate the selective extraction of hydrogen. The model was used to quantify
the extent of concentration polarization in a lab-scale experimental reactor and to deter-
mine the mass transfer boundary layer thickness which is required by the one-dimensional
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phenomenological model.
Comparing the results obtained from experiments with the TFM model a very good

agreement was found when an appropriate value for the gas phase dispersion coe�cient
was selected. The computed concentration pro�les near by the membrane, con�rmed the
existence of a concentration boundary layer in the vicinity of the membrane that imposes a
mass transfer resistance from the bulk of the �uidized bed to the surface of the membranes.
Although the thickness of the �lm layer increases with the axial position, and decreases
slightly for higher mole fractions, an average �lm layer thickness was estimated at 0.01 m for
all the di�erent operating conditions and was assumed constant. This �lm layer thickness
and gas dispersion coe�cient was used in the phenomenological 1D/kd model.

The results of the 1D/kd model for the membrane �ux were compared with experimen-
tal observations over a wide range of inlet concentrations, operating pressures and inlet
gas velocities, and a very good agreement was found, despite the fact that the �lm layer
thickness was assumed constant. It was also found that the bubble-to-emulsion phase mass
transfer limitations are much less pronounced relative to the emulsion-to-membrane wall
mass transfer resistances for the investigated cases. Comparison with the 1D model results
that do not account for concentration polarization, clearly indicates the very pronounced
e�ect of concentration polarization, also for �uidized bed membrane reactors.

This chapter has shown to be able to qualitatively predict the membrane’s performance
reduction caused by concentration polarization. However, 3D simulations are required to
improve the prediction of the bed hydrodynamics and they could lead to better understand-
ing mass transfer phenomena occurring in �uidized beds with multiple vertically immersed
membranes. The next chapter will investigate 3D simulations of cylindrical �uidized beds
with multiple vertically immersed membranes and will a.o. discuss the similarities and dif-
ferences between 2D and 3D TFM simulations of FBMRs.
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Nomenclature

Symbols
A Area [m2]
Ar Archimedes number [-]
C Concentration [mol m−3]
D Di�usion/dispersion coe�cient [m2 s−1]
d Diameter [m]
Ea Activation energy [J mol−1]
e Restitution coe�cient [-]
f Fraction [-]
g Gravitational acceleration [m s−2]
H Height [m]
J Membrane �ux [mol m−2 s−1]
K Mass transfer coe�cient [m s−1]
kd Mass transfer coe�. bulk to memb. [m s−1]
Mw Molecular weight [kg mol−1]
N Flux [mol m−2 s−1]
P Partial pressure [Pa]
Pm Permeability [mol m−1 s−1 Pa−0.5]
Pm,0 Permeation constant [mol m−1 s−1 Pa−0.5]
p Total pressure [Pa]
Qpd Permeance [mol m−2 s−1 Pa−0.5]
R Universal gas constant [J mol−1 K−1]
r Radial position [m]
Sh Sherwood number [-]
T Temperature [K]
t Time [s]
tm Palladium layer thickness [m]
u Velocity [m s−1]
X Molar fraction [-]
x Width position [m]
z Axial position [m]

Greek letters
α Phase fraction [-]
δ Film layer thickness [m]
µ Dynamic viscosity [Pa s]
ρ Density [kg m−3]

Subscripts & superscripts
avg Average
b Bubble
bc Bubble-to-cloud
be Bubble-to-emulsion
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bulk Bulk
ce Cloud-to-emulsion
cells Cells
e Emulsion
g gas
H Hydraulic
m Membrane
max Maximum
mf Minimum �uidization
mol Molecular
n Number of CSTRs
p Particle
pp Particle-particle
pw Particle-wall
perm Permeate
r Radial
reac Reactor
rise Rise
sim Simulation
tot Total

Abbreviations
CFD Computational Fluid Dynamics
CSTR Continuously Stirred Tank Reactor
FBMR Fluidized Bed Membrane Reactor
KTGF Kinetic Theory of Granular Flow
SMR Steam Methane Reforming
TFM Two-Fluid Model
WGS Water Gas Shift
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4
Cylindrical fluidized beds with
vertically immersed membranes ∗

Two-Fluid Model (TFM) simulations of 3D cylindrical laboratory scale �uidized beds with sin-
gle and multiple vertically immersed membranes were performed to quantify concentration
polarization in systems with a single membrane, as well as quantify the interaction between
multiple membranes. The 3D simulations of cylindrical systems show that the 2D simulations
of rectangular systems discussed in Chapter 3 qualitatively predict concentration polarization
well, however, the 2D simulations over-predict the solids hold-up near the membrane and con-
sequently over-predict the extent of concentration polarization. In the 3D systems, the bubbles
can closely pass by and even through the membranes, which stirs up the solids at the membrane
surface, increasing the porosity and thus reducing the severity of the concentration polariza-
tion. Due to the momentum extraction via the membranes, the extent of densi�ed zones near
the membrane surface, and thus the severity of concentration polarization, increases when em-
ploying smaller particles. In systems with multiple membranes, the membranes compete for
hydrogen, so the inter-membrane distance should be su�ciently large to minimize the increase
in densi�ed zones between the membranes resulting from placing them too close to one another,
and to minimize the associated reduction in average recovery per membrane.

∗The work presented in this chapter was sponsored by NWO Exacte en Natuurwetenschappen (Physical
Sciences) for the use of supercomputer facilities, with �nancial support from the Nederlandse Organisatie voor
Wetenschappelijk Onderzoek (Netherlands Organisation for Scienti�c Research, NWO). The work presented in
this chapter was carried out on the Dutch national e-infrastructure with the support of SURF Cooperative.
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4.1 Introduction
Chapter 3 showed that 2D simulations of rectangular �uidized bed membrane reactors are
a good qualitative method to describe and understand concentration polarization, but the
extent of the densi�ed zones near the membrane is likely to be over-estimated with this
approach. Furthermore, due to the increase in area when moving from the center to the
outside of a cylindrical grid, the amount of hydrogen that can be supplied to the membrane
is larger for 3D cylindrical grids than for a 2D rectangular Cartesian grids, so the extent
of concentration polarization is expected to be smaller in 3D cylindrical systems than in
Cartesian systems. The bubbles passing by and around the immersed membrane could have
a signi�cant e�ect on the hydrodynamics and mass transfer around the membranes, which
cannot be simulated accurately with 2D simulations. Another limitation of 2D simulations
is that cases with multiple membranes cannot be simulated with the 2D approach, so a
detailed study of larger systems with additional membranes is not possible. This chapter
will study the results of 3D TFM simulations of cylindrical �uidized beds with vertically
immersed membranes.

Most studies on vertical objects immersed in �uidized beds have focused on hydrody-
namics [84] or heat transfer between a vertical tube and the emulsion phase [85, 86]. Densi-
�ed zones in �uidized bed membrane reactors and mass transfer phenomena in �at pseudo-
2D �uidized beds have already been studied by Tan et al. [13, 87, 88] with a Discrete Particle
Model (DPM), however, they used �at vertically immersed membranes that were installed
in the bed walls, so the e�ects of using cylindrical systems and possible interaction between
multiple membranes were not investigated. Jaso et al. [89] have studied 3D cylindrical �u-
idized bed membrane reactors for the oxidative coupling of methane, providing some design
rules for this system, but they have not investigated concentration polarization in detail, nor
the occurrence of densi�ed zones and the possibility of interactions between the concentra-
tion polarization zones in case of multiple inserted membranes. Another unexplored topic
in �uidized bed membrane reactor research is the positioning of the vertical membranes in
the �uidized beds. Palladium membranes are expensive, so they should be utilized to the
fullest potential. If membranes are placed too close to one another, the reactor performance
is aggravated due to the interaction of the concentration polarization zones around each
membrane. The membranes will compete for hydrogen with each other, leading to areas in
the reactor with strongly reduced hydrogen concentrations, leading to reduced membrane
�uxes. Furthermore, if the membranes are placed too far apart, there will be a lot of hydro-
gen bypassing, which will also lead to reduced system performance. Therefore, the e�ect
of inter-membrane distance on the hydrogen recovery should be investigated.

This chapter investigates concentration polarization in 3D cylindrical �uidized bed re-
actors with vertically immersed membranes. The goal of this chapter is to identify, describe
and explain how concentration polarization manifests itself in �uidized beds with vertically
immersed membranes. The Two-Fluid Model (TFM) described in Chapter 2 is used to per-
form the simulations and to obtain detailed information on the phenomena occurring near
the membranes. The TFM was used to simulate selective extraction of hydrogen from the
system. Due to the large number of computational cells, the 3D simulations were run in
parallel on the Dutch national supercomputer Cartesius.

This chapter will �rst present the simulation settings and con�gurations that have been
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used obtain the results. Then, the results of this study will be discussed and �nally the main
conclusions of this chapter will be summarized.

4.2 Geometries and se�ings
From the grid dependence study presented in Chapter 2, the �nest grid was selected to
perform the simulations in this chapter on. Using the �ne grid, simulations of �uidized
beds with various di�erent vertical membrane con�gurations were performed. The con-
�gurations and their corresponding measurements are presented as front and top view in
Figure 4.1. Only one side view has been presented because most of the measurements of the
VM1 case, such as membrane length, height of the solids and diameters, are the same for the
cases with multiple membranes. All additionally required data, such as inter-membrane dis-
tances and angles, is given in the top view pictures in Figure 4.1. The number of membranes
and the total membrane area per case are provided in Table 4.1. The simulation settings are
presented in Table 4.2. The simulation domain size is similar to a realistic laboratory scale
�uidized bed membrane reactor. The same values for the membrane �ux data, reactor pres-
sure, hydrogen mole fraction at the inlet, reactor temperature and dispersion coe�cient as
in the previous chapter were used. The membrane permeation �ux data was obtained for a
5 µm thick dense Pd/Ag thin �lm onto a ceramic support. Near vacuum has been assumed
at the permeate side, so that the mass transfer resistance in the support can be neglected.
The dispersion e�ects were implemented as an e�ective dispersion coe�cient, which was
estimated based on the Tsotsas and Schlünder equation for axial and radial dispersion in a
packed bed [73].

All simulations have been performed with 500 µm particles, however, to verify the ef-
fect of gas extraction on the formation of densi�ed zones near the membrane, additional
simulations with 250 µm particles has been performed with the VM1 geometry. All particle
properties for the 250 µm simulation were kept the same as in the 500 µm simulation. The
gas inlet velocity for the 250 µm VM1 simulation was 0.27 m s−1, which is three times the
minimum �uidization velocity. To investigate the in�uence of the extent of gas extraction
for membranes with improved permeability, the coarse grid single membrane case was also
simulated with three di�erent permeances: low, standard (as used for all other simulations)
and high permeability (see Table 4.2 for the values).

The single membrane case simulations are signi�cantly faster than multiple membrane
cases because they have fewer grid cells, so the single membrane cases will be used to quan-
tify and understand the phenomena occurring in these types of systems, such as concentra-
tion polarization. The multiple membrane cases are subsequently used to study the inter-
actions between the membranes. Especially the VM3 cases, which have been run at three
di�erent inter-membrane distances, will show how close the membranes can be stacked
together before resulting in reduced system performance. The VM3 close case, with the
closest membrane packing, was simulated with three di�erent �uidized bed diameters, viz.
4, 6 and 8 cm, to investigate how the mass transfer limitations are a�ected by these changes
in geometry. The overall hydrogen recovery and the hydrogen recovery per membrane will
quantify the possible decrease in performance. Comparison of the VM4, VM5-P and VM5-Q
con�gurations will reveal how much hydrogen bypassing could take place via the center of
the bed, and will help determining guidelines for optimal positioning of the membranes.
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Figure 4.1: Con�gurations and geometries of the simulated �uidized bed membrane reactor
set-ups. The red areas are the membranes. All distances are in cm.

Table 4.1: Number of membranes and membrane area per simulation.

Membrane con�guration Number of membranes [-] Membrane area [cm2]
VM1 1 21.99
VM3 close – 4 cm 3 65.97
VM3 close – 6 cm 3 65.97
VM3 close – 8 cm 3 65.97
VM3 mid 3 65.97
VM3 far 3 65.97
VM4 4 87.96
VM5-P (pentagram) 5 109.96
VM5-Q (quincunx) 5 109.96

Cartesian 2D versus cylindrical 3D simulations:
In the previous chapter, concentration polarization has been quanti�ed in �uidized bed
membrane reactors with 2D Cartesian TFM simulations, where the left wall boundary was
simulated as an immersed membrane. The 2D simulations can qualitatively describe how
concentration polarization manifests in �uidized bed membrane reactors, but may over-
predict the extent of concentration polarization and the solids hold-up near the membranes.
Therefore, the 3D cylindrical simulations will be compared to the 2D Cartesian approach
to assess the accuracy of the 2D simulations and thus their usefulness for future research.
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Figure 4.2: Schematic representation of the 3D �ne grid and the 2D �ne grid. The red areas
are the membranes. All measurements are in cm.

Table 4.2: Simulation settings.

Quantity Setting Quantity Setting
dFB 0.04; 0.06; 0.08 m u/umf 3.0
HFB 0.24 m umf (500 µm) 0.21 m s−1

dm 0.01 m umf (250 µm) 0.09 m s−1

Hm 0.07 m DH2
1.0 · 10−4 m2 s−1

dp 500; 250 µm Qm (std.) 4.30 · 10−3 mol m−2 s−1 Pa−n

ρp 2500 kg m−3 Qm (low) 2.15 · 10−3 mol m−2 s−1 Pa−n

epp 0.97 Qm (high) 8.60 · 10−3 mol m−2 s−1 Pa−n

epw 0.97 n 0.50
T 678 K XH2,init 0.25
∆tmax

sim 1 · 10−5 s poutlet 1.5 · 105 Pa
tsim 16 s Pperm 0.01 · 105 Pa
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A schematic picture of the 2D set-up, and how it compares to the single membrane set-up
(VM1) is presented in Figure 4.2. The dimensions and geometry of the 2D simulation were
kept as close as possible to the 3D dimensions. The number of cells in the width and height
were 80 and 501 cells respectively.

Parallel e�iciency
The number of grid cells of a 3D vertical membrane simulation is signi�cantly larger than a
2D case. The smallest 3D cases in this work employed around 300 000 grid cells, whereas the
large cases had around 1.8 million grid cells (compared to 40 000 cells for a 2D simulation).
Single core simulations of such cases would take months to �nish, which is why all simu-
lations presented in this work were run in parallel on the Surfsara cluster in Amsterdam.
The grids were decomposed with the Scotch algorithm, which means no geometric infor-
mation is required from the user when decomposing the domain into sub-domains. The
Scotch algorithm attempts to minimize the number of processor boundaries, which helps
improving the parallel e�ciency of the simulations. The single membrane simulations were
run on 32 cores and the multiple membranes cases were run on 64 cores. To simulate 16 s
of real time, the single membrane simulation with a �ne grid, containing 0.5 million grid
cells, took approximately three weeks and the �ve membranes quincunx simulation, which
has almost 1.8 million grid cells, took about one and a half month. The parallel e�ciency of
these systems was between 50% and 60% and for our 3D cases where we used approximately
10 000 to 30 000 cells per processor.

4.3 Results and discussion
The results and discussion section will be split into two parts. Firstly, the results of the
single membrane cases will be presented, and the prevalent mass transfer and hydrody-
namic phenomena will be discussed. The emphasis of the single membrane section is on
concentration polarization, a comparison between 2D and 3D simulations, and on the e�ect
of particle size on the formation of densi�ed zones near the membrane. The multiple mem-
brane cases section will �rst focus on the interaction between multiple membranes and how
this a�ects the system performance, after which the bubble properties and solids hold-up
pro�les of these systems will be discussed.

4.3.1 Single membrane
Concentration polarization

In 3D cylindrical simulations of �uidized beds with vertically immersed membranes, con-
centration polarization occurs under realistic hydrodynamic conditions. The time-averaged
solids hold-up, bubbles snapshots and hydrogen mole fractions in Figure 4.3 show how the
solids are distributed in the reactor, how bubbles move around the membrane and how con-
centration polarization has manifested itself near the membrane. The bubbles have been
de�ned as areas where the solids hold-up is equal to or below 20%. The time averaged
solids hold up pro�les are as expected; near the walls an increased solids hold up is found
due to solids down �ow and collisions of particles with the wall. Near the membrane a
slight increase in solids hold-up is found, however, it is less pronounced than near the wall
because solids can easily move around the membrane. Below the membrane, a small vol-
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Figure 4.3: Snapshot of the time-averaged solid hold-up, instantaneous bubble contours
(αs ≤ 0.20) and time-averaged hydrogen molar fraction for the VM1 �ne case.

Figure 4.4: (left) Azimuthally, axially and time-averaged hydrogen mole fraction and solids
hold-up versus distance from the membrane surface, and (right) azimuthally and time-
averaged hydrogen mole fraction pro�les at various axial positions, for the VM1 �ne case.

ume with reduced solids hold-up is located. The reduced solids hold-up is caused by the
formation of gas pockets, which happens after a bubble has passed, causing solids to fall
down again past the membrane. The bubbles move mostly between the wall and the central
membrane, but sometimes they pass by through the membrane as well, e�ectively reducing
in size. To be able to draw conclusions from these simulation snapshots, the concentration
and solids pro�les were quanti�ed as well.

Figure 4.4 shows a quantitative representation of the average hydrogen concentration
and solids hold-up near the membrane, and the concentration pro�les at various axial po-
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sitions. In the left graph of Figure 4.4, the data has been averaged over time, as well as
azimuthally and axially. In the right graph of Figure 4.4, the data has only been time and
azimuthally averaged, and concentration pro�les at various axial positions are displayed to
show the progression of concentration polarization over the length of the membrane. The
graphs show that the concentration gradient is quite high within 5 mm distance from the
membrane surface. There is a signi�cant amount of hydrogen bypass, because only a sin-
gle membrane was used, so the bulk concentration is quite constant beyond about 1.5 cm
from the membrane surface, which means the single membrane case can be considered as
an ideal case with the maximum possible hydrogen supply for the membrane.

The concentration pro�les at various axial positions in Figure 4.4 show that, around
the top of the membrane, most of the concentration polarization has disappeared within
about 1 cm distance from the membrane, and near the bottom of the membrane it has al-
ready disappeared within about 3 mm distance from the membrane surface. The increase in
concentration polarization when going upwards along the membrane should be considered
when designing �uidized beds with multiple membranes, because if their inter-membrane
distance is too small, the membrane can compete for hydrogen with one another and hereby
reduce the overall e�ciency of the system. According to this single membrane simulation,
an inter-membrane distance of at least 2 cm should be chosen to avoid even further reduc-
tion in hydrogen near the membrane. What the e�ect of inter-membrane distance is on
membrane performance will be further investigated with simulations of �uidized beds with
multiple membranes.

Appendix A shows how changes in membrane permeance could a�ect concentration
polarization and hydrodynamics. For membranes with high permeances, the hydrogen �ux
is signi�cantly higher at the bottom of the membrane than for low permeances, but the
di�erences between the hydrogen �ux higher up the membrane are fairly small for all cases,
indicating that the systems are almost fully dominated by bed-to-membrane mass transfer
limitations and not by membrane performance.

The 2D flat plate versus 3D cylinder approach

This section discusses the most important di�erences between the hydrodynamics and mass
transfer phenomena occurring in a 2D and 3D single membrane simulation. In Chapter 3,
the symmetry approach of 2D simulations was used to render useful qualitative results on
concentration polarization in �uidized bed membrane reactors. However, the hydrodynam-
ics of the bed cannot be fully captured in these �at Cartesian 2D systems and the extent of
the overprediction of concentration polarization when using a �at plate approach is assessed
here.

In Figure 4.5, Figure 4.6 and Figure 4.7 the concentration pro�les, hydrogen �ux, time-
averaged solids hold-up data, instantaneous solids hold-up contours and solid �ux pro�les
are presented for both the 3D cylindrical VM1 �ne case and a 2D Cartesian representation
of the 3D geometry. Figure 4.5 shows that the concentration polarization in 2D systems is
overestimated compared to 3D systems, but qualitatively the concentration pro�les match
quite well. In the 2D case, the �ux reduces signi�cantly faster axially along the membrane
than in the 3D case. The incorrect prediction of the mass transfer phenomena are inher-
ently related to the incorrect predictions of both the solids hold-up and solids �ux pro�les



4.3. Results and discussion 65

Figure 4.5: Comparison of the hydrogen mole fractions (with physical location of �lm layer
thicknesses δ) and �ux for the VM1 �ne case (3D) and the 2D case.

Figure 4.6: (left) Comparison of the solids hold-up for the VM1 �ne case (3D) and the 2D
case; (right) Snapshots of the instantaneous solids hold-up for the 3D and 2D case, in which
a bubble is present.

in 2D Cartesian simulations, which is portrayed in Figure 4.6 and Figure 4.7. Figure 4.6
shows that the Cartesian 2D simulation predicts a signi�cantly higher solids hold-up near
the membrane than the 3D simulation. In the 2D simulation, bubbles do not pass by very
close to the membrane because in this simulation it is basically an unsurpassable hydrogen-
extracting wall, whereas in the 3D case the bubbles closely pass by the immersed membrane,
sometimes even passing through it, because the bubble can cross the center of and move to
the other side of the bed. Additionally, slugging type behavior is also observed in the 2D
simulation, causing less bubbles to form, which reduces the mass transfer in the system.
This slugging behavior often occurs when simulating systems with a small width, which
is the case for this 2D sliced mesh. Figure 4.7 shows the time-averaged solids �ux and the
time-averaged solids velocity vectors near the membrane. The solids �ux pro�les near the
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Figure 4.7: Time-averaged solids �ux and velocity vectors around the membrane for the 3D
(slice of the VM1 �ne simulation) and the 2D case.

membrane are similar in magnitude, but the direction in which the solids �ow is completely
di�erent for the 2D and 3D case. In the 2D case there is signi�cant solids down �ow near the
membrane, whereas in the 3D case the solids move upwards, albeit very slowly. Now the
di�erences between 2D and 3D simulations have been described, the extent of concentration
polarization will be quanti�ed.

To quantify the e�ect of concentration polarization, the concentration �lm layer thick-
ness, δ, assumed constant along the membrane, was correlated for a �at plate and cylindrical
approach of a membrane. The �at plate and cylindrical approach derived with a continu-
ity equation with Fickian dispersion, including drift �ux, are presented in Equation 4.1 and
Equation 4.2. The �lm layer thickness for each approach are calculated with these equa-
tions, using the steady �ux from the TFM simulations at the top of the membrane, which
are 0.217 mol m−2 s−1 Pa−0.5 for the 3D case and 0.133 mol m−2 s−1 Pa−0.5 for the 2D
case. Table 4.3 presents the �lm layer thicknesses for the 2D and 3D TFM simulations cal-
culated with Equation 4.1 and Equation 4.2. To show the di�erences between the �lm layer
thickness values, their representative physical locations in the �uidized bed have also been
drawn in the concentration plot in Figure 4.5. The di�erences between approaching the
2D system as a �at plate (Equation 4.1) and cylinder (Equation 4.2) are not very large in
the absolute sense, whereas the relative di�erence is 26%. However, the di�erence between
the 2D �lm layer thickness calculated with a cylindrical approach and the 3D �lm layer
thickness is approximately a factor 3. This shows that, for this case, using Equation 4.2 to
only correct for geometric e�ects that are missing in the 2D �at plate approach is insu�-
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Table 4.3: Film layer thicknesses for 2D and 3D simulations calculated with a �at plate and
cylindrical approach.

Flat plate Cylinder
2D 3.95 mm 3.13 mm
3D - 1.06 mm

cient to estimate a proper �lm layer thickness δ. The hydrodynamics have by far the largest
in�uence in this case, which has already been elaborated in the previous paragraph. More-
over, these hydrodynamic e�ects will not be predicted well by axisymmetric simulations,
because the solids down �ow and increased solids hold-up near the membrane are also ex-
pected in these simulations. We can thus conclude that concentration polarization e�ects
predicted by 2D simulations can only be considered as rough estimates that could be used
to obtain fast worst case estimations for a 1D phenomenological �uidized bed membrane
reactor model, and that 3D simulations are required for more realistic predictions of the �lm
layer thickness.

NH2,plate =
DH2

δplate
ln 1−XH2,m

1−XH2,bulk
(4.1)

NH2,cylinder =
DH2

(rm + δcylinder)ln(1 +
δcylinder
rm

)
Ctotln

1−XH2,m

1−XH2,bulk
(4.2)

Densified zones and bubble frequency for di�erent particle sizes

The extractive �ux of a membrane can cause momentum to �ow towards the membrane,
possibly causing densi�ed zones to form near the membrane. Densi�ed zones can a�ect
the system performance negatively by hindering hydrogen extraction and thus reducing
hydrogen recovery. However, the formation of densi�ed zones also depends on particle
properties, such as their density and size. In Figure 4.8, the solids hold-up and hydrogen
�uxes along the membrane are displayed for two di�erent cases with 250 µm and 500 µm
particles at three times their respective minimum �uidization velocities. A clear increase in
average solids hold-up is found next to the membrane when using smaller particles. The
solids hold-up pro�les show that the extraction of momentum a�ects the smaller particles
more than the larger ones, and results in a decrease in the local hydrogen concentration
and local hydrogen �ux. This e�ect is expected to worsen for even smaller particles and
�ne powders, especially with electrostatic forces start playing a role.

To further understand how the membrane a�ects particles of di�erent size, the e�ect of
the bubble and emulsion phases have been separated by displaying the azimuthally averaged
bubble frequency and the average emulsion solids hold-up contour plots in Figure 4.9. The
axial positions between 0.03 and 0.10 m are where the membrane is located, and the radial
position is counted from the membrane surface at 0.005 m from the center of the �uidized
bed. The bubble frequencies were calculated by counting the number of times a computa-
tional cell contains an area that is part of a bubble (αs ≤ 0.20), and dividing this number by
the total number of times a bubble area has been counted. To calculate the average emulsion
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Figure 4.8: (left) Azimuthally, axially and time-averaged solids hold-up versus radial dis-
tance along the membrane, and (right) azimuthally and time-averaged hydrogen �ux pro-
�les along the axial positions of the membrane, for the VM1 �ne case with 250 µm and
500 µm particles.

solids hold-up, only the solids hold-ups between 0.30 and 0.62 were time-averaged over the
entire simulation.

For both cases, most bubbles clearly move through the center in between the membrane
and the bed wall. The bubble frequency also is signi�cantly di�erent for both particle size
cases, however, this is mostly caused by the small number of bubbles that are counted in
these relatively short simulations (only 10 seconds of data is available for averaging and
bubble counting), especially at the bottom of the 500 µm case plot. Generally, for both
particle sizes, the number of bubbles that occur near the membrane is relatively low, but
the 500 µm case has slightly more bubbles near the top of the membrane than the 250 µm
case. The average emulsion phase density next to the membrane is higher for the 250 µm
case than for the 500 µm case. A signi�cant part of the membrane in the 250 µm case is
surrounded with approximately 48% solids, whereas the 500 µm case has at most a very
small area with 46% solids but mostly areas with lower solids hold-ups. These results show
that, on average, the extractive �ux of the membrane increases the emulsion phase density
near the membrane, whereas the bubble �ow near the membrane is only a�ected slightly
because it is quite low. Additionally, the e�ect of an increased and decreased membrane
performance on 500 µm particles was checked, see the Appendix of this chapter. The results
show that doubling or halving the permeance of the membrane does not show signi�cant
changes in the solids hold-up near the membrane surface, so the increased emulsion phase
density near the membrane can be attributed mostly to the reduced particle mass of 250 µm
particles.

To conclude, it is bene�cial for hydrogen extraction to use particles of at least 500 µm to
minimize the e�ect of an increasingly densi�ed emulsion phase near the membrane surface.
It should be noted that for reactive systems, because small particles have a higher surface
to volume ratio, using small particles can be bene�cial for catalytic systems, so a balance
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Figure 4.9: Bubble frequency and average emulsion solids hold-up contour plots for the VM1
�ne cases with 250 and 500 µm particles.

between particle size and densi�ed zone formation near the membranes surface should be
found when deciding on which particle size to use.

4.3.2 Multiple membranes
Interaction between membranes and hydrogen recoveries

To achieve interesting hydrogen recoveries from a �uidized bed membrane reactor, multi-
ple membranes are required. Even though there have already been experimental hydrody-
namic studies on cylindrical �uidized beds with vertically immersed membranes [80], the
e�ect of the membranes on the �uidization behavior remains di�cult to be quanti�ed, and
simulations are required to visualize and quantify concentration polarization e�ects. CFD
simulations are limited by the number of grid cells in the system, so only cases with a small
number of membranes can be simulated. In the present work, three, four and �ve mem-
brane cases were simulated. Bubble contours and time-averaged hydrogen concentration
contours for four cases are displayed in Table 4.4. The bubbles often travel through the
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Figure 4.10: Comparison of the hydrogen recovery relative to the single membrane case
(VM1); (left) for the cases with 3 membranes at di�erent inter-membrane distances; (right)
for cases with 3 membranes at closest inter-membrane distance with di�erent �uidized bed
diameter.

membranes and are often found in the center of the bed, in between the membranes. Most
of the cases in Table 4.4 show only very little interaction between the concentration layers
around the membranes, but the VM5-Q case shows some interaction between the center
membrane and the four corner ones.

To study the e�ect of inter-membrane distance on the hydrogen recovery in more detail,
the distances between three vertically immersed membranes were varied between 1.732 cm
(’close’), 2.595 cm (’middle’) and 3.031 cm (’far’). The case with a single membrane serves
as a reference case for the recoveries of multiple membrane cases, because the single mem-
brane is optimally supplied with hydrogen without any interaction. The recoveries per
membrane for these cases are presented in Figure 4.10. Once the membranes are placed
within a distance less than 2 cm of one another, the recovery decreases strongly. This
matches with the approximation of 2 cm inter-membrane distance to avoid overlapping
of concentration polarization zones, which was observed from the single membrane sim-
ulation data. However, the di�erences in recoveries for these cases are fairly small. To
demonstrate this: if a hypothetical total hydrogen recovery of 80% is required, placing the
membranes 1.732 cm from one another will require 3% more membrane area compared to
placing them 2.595 cm apart. This increased interaction between more closely positioned
membranes is visualized by means of time-averaged hydrogen concentrations in Figure 4.11.
The concentrations were averaged over the slices indicated with the dashed line in the small
top view sketch of the bed. The radial positions in these plots always start from the point
where the membrane is closest to the wall (0.04 m) and move to the point on the wall fur-
thest from the membrane (-0.04 m). The VM3 close case exhibits signi�cantly lower hydro-
gen concentrations around the membranes, causing the mass transfer from the bed to the
membrane surface to be lower than for the VM3 far case.
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Table 4.4: Overview of bubble and hydrogen concentration contour snapshots for the mul-
tiple membrane cases VM3 mid, VM4, VM5-Q and VM5-P. The blue contours indicate the
contours of rising bubbles in the bed, the concentration contour values are indicated by the
legend.

Simulation Bubble Hydrogen mole fraction (XH2
)

contour

Legend

VM3 mid

VM4

VM5-Q

VM5-P
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Figure 4.11: Time-averaged hydrogen mole fractions, averaged over the indicated slices
(dashed lines) for the following cases: (left) VM3 close; (right) VM3 far.

In Figure 4.12a the e�ect of interaction is quanti�ed by plotting the hydrogen recoveries
per membrane for the simulated cases. All multiple membrane cases perform worse than
the single membrane case, because the membranes compete for hydrogen with one another.
This trend progresses from the three membrane cases to the �ve membrane cases. The
recoveries are quite low, because only a small number of membranes were simulated due to
time limitations, which results in a large hydrogen bypass. The cases with �ve membranes,
especially the ones in a quincunx formation, su�er from the greatest reduction in recovery.
This e�ect further increases if the membranes are positioned closer together, as discussed
for the three membrane cases in Figure 4.10.

Figure 4.12b-d shows how this interaction between the membranes manifests itself in
the reactor over time. The time-averaged hydrogen concentrations over the indicated verti-
cal slices for the VM5-Q case show a pronounced interaction between the center membrane
and the corner membranes, whereas the outer side of the corner membranes show signi�-
cantly less concentration polarization. This interaction is also seen for the VM4 and VM5-P
cases, but to a lesser extent than for the VM5-Q case. Furthermore, in the cases with closely
packed membranes there is less hydrogen available because there is less volume present.
Most of the interaction occurs at the top of the membranes, but some interaction can already
be found at the bottom half of the membranes. Considering the VM5-Q case in Figure 4.12,
the interaction already starts below the middle of the membrane. It should be noted that
the membranes in this work are relatively short compared to practical applications; in the
simulations they are 7 cm long, whereas for experimental work membranes of 10-50 cm are
typically used, and for currently constructed pilot plants these membranes are lengthwise
connected to arrive at 50-100 cm membrane length. This means that for practical applica-
tions with longer membranes, the part of the membranes where interaction takes place will
become greater and thus the overall hydrogen recovery will su�er from this.
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Figure 4.12: (a) Hydrogen recovery relative to the VM1 case for cases VM3 mid, VM4,
VM5 pentagram and VM5 quincunx, and their respective inter-membrane distances; Time-
averaged hydrogen mole fractions, averaged over the indicated slices (dashed lines) for the
following cases: (b) VM4 ; (c) VM5-Q; (d) VM5-P.

The �nal design of �uidized beds with vertically immersed membranes should be based
on high recoveries, which will require signi�cantly more membranes than we have simu-
lated in the present work. Even with the current parallelized TFM, simulations of �uidized
beds with large numbers of vertically immersed membranes would result in unrealistically
long simulation times, so a design optimization should preferably be done with a phe-
nomenological model. In such a phenomenological model, the concentration layers around
the membranes can be described with a boundary layer theory [58], and the positioning of
membranes can be based on the maximum allowable overlap between concentration po-
larization zones. The �nal design of �uidized beds with vertically immersed membranes
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will thus depend on the required total hydrogen recovery; when the overlap is increased,
more membranes are required to achieve this recovery, whereas reducing the overlap could
result in large amounts of hydrogen bypassing the membranes. A similar type of method-
ology has previously been used for windmill farm pattern optimization [90, 91] and could
also be adopted for �uidized beds with vertically immersed membranes. Finally, it should be
noted that in general membranes are expensive and a big investment, especially when going
towards industrial scale production of hydrogen, so a 5-10% gain in recovery by placing the
membranes smartly could be an important step towards optimizing this system.

Solids distribution and bubble properties

The hydrodynamic properties of the �uidized bed helps explaining the observed mass trans-
fer phenomena discussed in the previous section. Therefore, this section discusses the e�ect
of vertically immersed membranes on the solids distribution in the bed and the bubble sizes
and size distributions for the simulated cases.

The time-averaged solids hold-up pro�les that have been averaged over a number of
vertical slices are presented in Figure 4.13 for the three, four and �ve membranes cases. The
vertical slices have been sampled at the positions indicated by the dashed lines in the small
sketches placed in the contour plots. Some general observations for most of the cases in
Figure 4.13 are that the highest solids hold-ups are observed near the walls, which is a re-
sult of the solids down-�ow, interaction of the solids with the bed wall and upward �owing
gas which slows down the solids movement. The �gures also show a lower solids hold-
up at the membranes than near the walls, which means bubbles pass by frequently around
the membranes, although less often than in the interstitial space between the membranes.
Furthermore, on top of the membranes densi�ed zones are present, whereas at the bottom
of the membranes gas pockets are observed. The densi�ed zones are formed on top of the
membrane because it is di�cult for the gas to reach this area, but they have no direct e�ect
on the mass transfer of hydrogen to the membrane because the rounded-o� tops and bot-
toms of the membranes do not extract hydrogen and were added to the simulation to make
the transition between the membrane and mesh smooth. Gas pockets below the membranes
have been observed to become normal rising bubbles after they move out from the bottom
of the membrane, and these rising bubbles do a�ect the local hydrogen concentration.

To study the e�ect of the membrane pitch on the bed hydrodynamics, the three mem-
brane cases with small (VM3 close) and large inter-membrane distances (VM3 far) are com-
pared. Figure 4.13a-b shows that the reduced performance of the closely placed membranes
can be explained by the formation of densi�ed zones in between the membranes. Less
bubbles move through the small volume between the closely packed membranes, and the
resulting densi�ed zone reduces hydrogen replenishing. These densi�ed zones are fully
absent in the case where the three membranes are further apart, showing that these hydro-
dynamic e�ects can be detrimental to the membrane performance. Figure 4.13c-d present
the solids hold-ups for the VM4 and VM5-P cases, which both have no membrane in the
center of their bed. These �gures shows low solids hold-up in the center of the bed and for
the VM5-P case also around radial position -0.02 m, which means that most of the bubbles
move through the middle of the bed, and in between the membranes where there is little
solids down �ow and su�cient space for bubble movement.
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Figure 4.13: Time-averaged solids hold-ups, averaged over the indicated slices (dashed lines)
for the following cases: (a) VM3 close; (b) VM3 far; (c) VM4; (d) VM5-P; (e) VM5-Q (sliced
diagonally); (f) VM5-Q (sliced cross-wise).



76 Chapter 4. Cylindrical fluidized beds with vertically immersed membranes

Figure 4.14: Bubble diameter at di�erent axial positions and bubbles size distribution for
cases with 1, 3 and 4 membranes.

Next to the solids distribution, the e�ect of vertically immersed membranes on bubble
properties has been quanti�ed. The Digital Image Analysis (DIA) method used in the work
of Laverman et al. [46], as well as throughout multiple chapters of this work, was adopted
to perform bubble analyses for TFM simulations of 3D cylindrical �uidized bed membrane
reactors. Bubbles were de�ned as regions with a solids hold-up of 20% and lower. This data,
along with the simulated solids distribution can explain the bubble movement through the
bed and the progression of bubble sizes and numbers around various numbers of vertically
immersed membranes.

Figure 4.14 presents the equivalent bubble diameters and bubble size distributions for
cases with 1, 3, 4 and 5 membranes. The graphs with the number of bubbles are slightly
erratic, which is related to the relatively small number of data points, and thus the total
number of bubbles that were analyzed, compared to experimental cases because of simu-
lation time restrictions. Figure 4.14 shows that an increase in the number of membranes
increases the number of small bubbles, and decreases the equivalent bubble size, of im-
portance to reduce bubble-to-emulsion phase mass transfer limitations. The bubble size
distribution and the data in Table 4.5 show that increasing the number of membranes in-
creases the total number of bubbles, especially the number of small bubbles, which means
the average equivalent bubble diameter decreases. Reduction in bubble size in �uidized beds
with vertically immersed objects has also been reported by Ozawa et al. [92], however, they
did not study how the e�ect propagates with increasing number of vertical objects. The re-
duction in bubble size can be attributed to bubbles passing by right next to the membrane,
see for example the images in Table 4.4. Some of the bubbles move against the membrane
and cover part of its boundary and partially move through the membrane, hereby having
less volume than the bubble would have if the membrane were not present. Furthermore,
the number of gas pockets below the membranes, caused by the pulsating movement of the
solids, also increases with increasing number of membranes. The reduction in bubble size is
rather gradual with increasing number of membranes, so this e�ect is expected to be more
signi�cant for large-scale reactors with more membranes.

For the case with �ve membranes (VM5-Q), the bubble diameter is similar to the case
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Figure 4.15: Equivalent bubble diameter versus radial position for the VM5Q case, where 0 is
the center of the cylindrical �uidized bed. The bars on the data points indicate the standard
deviation of the bubble size.

Table 4.5: Total number of bubbles counted in the vertical membrane simulations.

Number of Number of
membranes [-] bubbles [-]
1 626
3 739
4 871
5 798

with four membranes. In this relatively small experimental size reactor, the number of bub-
bles present, and thus the number of bubbles that can be cut by the membranes, is limited,
thereby leveling o� the bubble size e�ect when the bed is �lled with more membranes. How-
ever, the bubble size distributions show that in the �ve membrane case has a more bimodal
shape compared to the four membrane case. To illustrate why the �ve membrane case has a
bimodal bubble size distribution, the equivalent bubble diameters at various radial positions
from the center to the bed walls are displayed in Figure 4.15. The bars in Figure 4.15 are
the standard deviations for each radial data point. In the center (r = 0 m), the diameter and
standard deviation are both largest, which shows that the largest bubbles still move through
the middle of the reactor, where the central membrane of the VM5-Q case is located. Be-
tween the central and corner membranes (r = 0.005 m – r = 0.02 m), and near the bed walls (r
= 0.04 m) smaller bubbles are present, whereas around the corner membranes, larger bub-
bles are passing by again. This explains the bimodal bubble size distribution for the �ve
membrane case in Figure 4.14. To sum up, the number of vertically immersed membranes
present in �uidized beds does a�ect the bubble properties, to the point where even bimodal
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bubble size distributions can occur. In future work, the e�ects of closely packing vertically
immersed membranes in �uidized beds should be studied to investigate how systems with
high hydrogen recoveries will behave compared to the simulated systems in this chapter.

4.4 Conclusions
TFM simulations were used to quantify the main mass transfer phenomena in laboratory-
scale cylindrical �uidized beds with vertically immersed high-�ux, palladium-based, hy-
drogen perm-selective membranes. Single membrane simulations show that the hydrogen
concentration gradient is quite sharp close to the membrane, and concentration polariza-
tion prevailed within about 1.5 to 2 cm from the membrane surface. The single membrane
simulations show that for cases with multiple membranes an approximate inter-membrane
distance of 2 cm is advised to avoid reduced e�ciencies due to membranes competing for
hydrogen with one another.

A comparison between 2D and 3D simulations shows that in Cartesian 2D simulations,
as performed in Chapter 3, concentration polarization e�ects are qualitatively well pre-
dicted, but their extent is overestimated. From the 2D simulations, only an estimate for
the actual concentration polarization can be obtained, and improving its predictive capa-
bilities requires accounting for not only geometric e�ects but also for changes in the bed
hydrodynamics.

At the membrane surface, a slight increase in the solids hold-up is found when using
500 µm particles, whereas using 250 µm particles shows a clear increase in the average
emulsion phase density near the membrane surface. The densi�ed emulsion phase reduces
the hydrogen concentration near the membrane and thus reduces the local hydrogen �ux.
When installing membranes with double and half the standard permeance, the solids hold-
up is a�ected moderately, so using 500 µm particles for �uidized beds with high-�ux mem-
branes is recommended to reduce the formation of densi�ed zones near the membrane as
much as possible.

Interaction between the concentration polarization zones of multiple membranes has
been observed in the simulations. The brief instantaneous interactions between these zones
can barely be seen in the averaged hydrogen concentration contours, but the hydrogen re-
coveries show that all multiple membrane cases perform worse per membrane than in the
single membrane case. This is the result of closely packed membranes competing for hydro-
gen. Next to the increased competition for hydrogen, there is also less gas volume present
in between closely packed membranes compared to membranes with less close packing.
When reducing the �uidized bed diameter to approximately the inter-membrane distance,
the hydrogen recovery also decreases.

In conclusion, to achieve a high total hydrogen recovery for systems with closely packed
membranes can require the installment of additional membranes compared to an ideal case
without interaction. The economic advantages of high recoveries with closely packed mem-
branes with reduced reactor diameter should be weighed against the cost of additional mem-
branes due to their reduced e�ciency. A practical method to determine the right membrane
con�gurations for this type of systems, is to describe the concentration polarization around
vertically immersed membranes with a boundary layer theory and using a phenomenologi-
cal model to optimize the spacing between the membranes and the total hydrogen recovery.
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The integration of vertically immersed membranes also a�ect the bubble properties.
Most of the bubbles move through the middle of the reactor, as well as in between the mem-
branes. Densi�ed zones are found on top and gas pockets are found below the membranes,
but they do not a�ect the membrane performance since the top and bottom side of the ver-
tical membranes do not extract hydrogen. Increasing the number of membranes increases
the total number of bubbles, as well as the fraction of small bubbles, whereas the average
equivalent bubble diameter decreases, which is bene�cial for the bubble-to-emulsion phase
mass transfer rates. The reduction in bubble size can be attributed to bubbles passing by just
next to the membrane; the bubbles move against the membrane and cover part of its bound-
ary and partially move through the membrane, hereby having less volume than the bubble
would have if the membrane were not present. More gas pockets below the membranes
are observed when the number of membranes is increased, which also a�ects the number
of small bubbles observed. Finally, bimodal bubble size distributions are found when the
membranes are con�gured in a quincunx pattern, which shows that bubble properties can
become more complex when using speci�c membrane con�gurations.

Even though the vertically immersed membrane a�ect bubble properties and hereby
a�ect solids mixing, further Improved mixing and bubble break-up is a good step towards
reducing bed-to-membrane mass transfer limitations. The next chapters will therefore focus
on horizontally immersed membranes rather than vertically immersed membranes, because
horizontally immersed membranes a�ect the bubble properties stronger than vertically im-
mersed membranes, which could signi�cantly improve mixing.

Appendix - Permeance
Membrane development has signi�cantly improved membrane performance by reducing
the palladium layer thickness, hereby increasing the permeance. In Figure 4.16 the solids
hold-up and hydrogen �ux for the VM1 500 µm particles case for three di�erent permeances
have been displayed. The hydrogen mole fraction pro�les in Figure 4.17 clearly show that
the main di�erence between the membranes is the local hydrogen concentration near the
membrane surface. The permeances di�er with a factor two, the middle permeance rep-
resenting supported ultra thin-�lm palladium-silver membranes that are currently used in
our laboratories. The �gure shows that concentration polarization is a phenomenon that
has become more important due to membrane improvements over the last decade and will
become more important as membranes are even further improved. However, even though
the hydrogen �ux at the bottom of the membrane changes almost proportionally with the
permeance (approximately a factor 2), the �ux after the �rst 2 cm has already stabilized
around a lower value. An improvement of the permeance by a factor 4 will only lead to an
increase in the �ux by a factor 1.5 related to the decrease in hydrogen partial pressure at
the membrane surface. The two membranes with the highest permeances have almost no
di�erence in �ux anymore after 1 cm of membrane. The system is therefore not limited by
the membrane �ux, but almost fully by the mass transfer limitations from the bed to the
membrane.

The e�ect of higher permeance on the solids hold-up is also barely noticeable. The solids
hold-up data is very similar for all the permeances that, probably due to limitations in the
number of steps used for the time-averaging, the highest extraction does not have exactly
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the highest solids hold-up near the membrane. Insu�cient hydrogen is present to further
increase the �ux, however, the particle size does signi�cantly a�ect the system performance.
Therefore, relatively large particles of about 500 µm diameter are recommended to be used
for �uidized bed membrane reactors.

Figure 4.16: (left) Azimuthally, axially and time-averaged solids hold-up versus radial dis-
tance along the membrane, and (right) azimuthally and time-averaged hydrogen �ux pro-
�les along the axial positions of the membrane, for the VM1 �ne case with low, standard
and high permeance.

Figure 4.17: Azimuthally, axially and time-averaged hydrogen mole fraction versus distance
from the membrane surface for three di�erent membrane permeances.
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Nomenclature

Symbols
D Dispersion coe�cient [m2 s−1]
d Diameter [m]
e Restitution coe�cient [-]
H Height [m]
N Flux [mol m−2 s−1]
n Sieverts’ law power [-]
P Partial pressure [Pa]
p Pressure [Pa]
Qm Membrane permeance [mol m−2 s−1 Pa−n]
r Radial position [m]
T Temperature [K]
t Time [s]
u Velocity [m s−1]
X Mole fraction [-]

Greek letters
δ Film layer thickness [m]
ρ Density [kg m−3]

Subscripts & superscripts
FB Fluidized bed
init Initial
m Membrane
max Maximum
mf Minimum �uidization
p particle
perm permeate side
pp Particle-particle
pw Particle-wall
sim Simulation

Abbreviations
CFD Computational Fluid Dynamics
P Pentagram
Q Quincunx
TFM Two-Fluid Model
VM Vertical Membrane(s)
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5
Hydrodynamic effects in fluidized bed
reactors with horizontally immersed

membrane tube banks ∗, †

By combining simulations and experiments, the most important hydrodynamic e�ects in �u-
idized beds with horizontally immersed membrane tube banks have been quanti�ed. In this
investigation, the formation of gas pockets, areas surrounding and attached to the membranes
that are virtually devoid of solids, has been discovered and quanti�ed. Experimental results
show that gas pockets do not rise like bubbles but stay attached to the membranes, thus reduc-
ing the e�ective contact area with the emulsion phase, have very short life times and appear
frequently in the bed. Therefore, gas pockets should not be considered as bubbles when studying
hydrodynamics. The Two-Fluid Model (TFM) has been used to simulate these systems and its
results show good agreement with the experimental observations. The simulations show that
gas pockets form when solids �ow downwards over the membranes, which most often occurs
at the membranes located near the bed walls. The simulations also found that densi�ed zones
regularly form on top of the horizontally immersed membranes, which could reduce the �ux
through the membranes in case of selective extraction of hydrogen.

∗This chapter is based on: Medrano, Voncken, Roghair, Gallucci and Van Sint Annaland (2015) [93]
†The numerical work in this chapter is part of the present thesis. The experimental results are due to José

Antonio Medrano Jiménez
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5.1 Introduction
The most common and practical way to insert cylindrical membranes in a �uidized bed is
lengthwise, or parallel to the �ow direction, also referred to as vertically immersed. The
previous two chapters have demonstrated how in �uidized beds with vertically immersed
membranes concentration polarization occurs. The bubbles are a�ected slightly be the ver-
tically immersed membranes, but in general they do not signi�cantly a�ect the mixing of
solids. Membranes placed perpendicular to the �ow, also referred to as horizontally im-
mersed membranes, have a signi�cant e�ect on the hydrodynamics by reducing the bubble
size and by improving the solids mixing. Therefore, the hydrodynamics in �uidized beds
with horizontally immersed membranes are investigated in this chapter.

It has been demonstrated that the addition of horizontally immersed internals (mem-
branes) can signi�cantly suppress axial gas back-mixing, as internals create an obstruction
to the �ow of solids in the downward direction [94, 95]. This is important because axial
gas back-mixing in �uidized bed reactors can result in a decrease in selectivity and yield to
the desired products. Moreover, it has been experimentally demonstrated that gas addition
or gas extraction through the membranes in �uidized bed membrane reactors might induce
a change in the solids circulation patterns [11, 14]. Furthermore, horizontally immersed
membranes also cause enhanced bubble breakage which results in a decrease of the average
bubble diameter, which could provide a better �uid-dynamic control and an enhancement
in the mass exchange between the bubble and emulsion phases.

Even though the clear advantages that �uidized bed membrane reactors can provide
compared to other reactor con�gurations as highlighted by earlier studies, a good knowl-
edge and understanding of their hydrodynamic characteristics is still missing, especially
what happens in the vicinity of the horizontally immersed membranes. Gas addition, gas
extraction or membrane arrangement are di�erent parameters that have a direct in�uence
on the reactor performance also because of their in�uence on the hydrodynamics of these
reactors. To study the hydrodynamics in �uidized beds, di�erent experimental techniques
have been applied in literature. They can be classi�ed into intrusive, like optical �ber probes,
and non-intrusive techniques, such as electrical capacity tomography, positron emission
particle tracking, magnetic resonance tomography or radioactive particle tracking [96, 97].
However, these techniques su�er from poor spatial and temporal resolution and often do
not provide details on both the bubble and emulsion phases. Due to these problems, in
this research Particle Image Velocimetry (PIV) combined with Digital Image Analysis (DIA)
is used as an optical and non-intrusive technique, where detailed information on both the
bubble and emulsion phases can be obtained simultaneously with high spatial and temporal
resolution. However, due to the required optical accessibility, the experimental investiga-
tion is limited to pseudo-2D �uidized bed reactors [46].

The technique is based on the comparison of two consecutive images taken with a short
time delay. For the analysis every image is divided into interrogation zones where cross-
correlation algorithms are applied in order to determine the most probable displacement of
the solid particles. This information (PIV) is combined with DIA where bubble and emul-
sion phases are detected according to the pixels intensities of the images recorded. With
this information bubble properties can be measured and a better understanding regarding
the hydrodynamics can be obtained. In order to more fundamentally investigate the hydro-



5.2. Methods 85

dynamics in �uidized bed membrane reactor systems, the TFM was used. TFM simulation
results of a 2D �uidized bed with horizontally immersed membranes are analyzed and com-
pared with the obtained experimental �ndings.

This chapter focuses on the gas and solids �ow dynamics in the vicinity of the hor-
izontally immersed membranes, and how this is a�ected by the operating conditions, in
particular the amount of gas extraction and gas addition via the membranes, and the e�ect
of the particle size and membrane diameter, all at cold �ow conditions. It has already been
observed in literature that some bubbles are formed in the vicinity of horizontally immersed
internals [98, 99, 100, 101, 102]. However, up to now there has not been any detailed study
on the formation of these bubbles and their characteristics. Furthermore, it is important to
know the e�ect of gas addition and gas extraction on the formation of these bubbles and
their in�uence on the reactor performance. This chapter represents a �rst approach in the
understanding of the formation of these bubbles. In the next section the experimental and
numerical methods used in this work are described. Subsequently, the characteristics of
the formation of bubbles surrounding the membranes are described and their e�ect on the
performance of the reactor is analyzed through experimental and simulation results.

5.2 Methods
5.2.1 Experimental setup
All the experiments for this chapter have been carried out in a pseudo 2D �uidized bed
membrane reactor with dimensions of 1500 mm, 300 mm and 15 mm in height, width and
depth respectively (a detailed scheme of the setup is depicted in Figure 5.1). Air was used
as �uidizing gas and was fed to the column through a porous plate distributor with a mean
pore size of 10 µm. The front wall of the reactor is made of glass in order to allow accessi-
bility for capturing images, whereas the back wall is kept black to enhance optical particle
detection. A total of 121 holes are present at the back wall of the reactor for the immersion
of horizontal membranes. These membranes are porous cylinders with a mean pore size
of 10 µm, 14 mm in length and 9.6 mm in diameter, where the front of each membrane is
covered with black cloth for good detection. Glass beads with a particle size distribution of
0.4-0.6 mm and density 2500 kg m−3 were used as solid phase. The minimum �uidization
velocity for these particles was 0.21 m s−1 (using the standard pressure drop method). Also
glass beads with a mean particle diameter between 0.2-0.3 mm were used and they have a
minimum �uidization velocity of m s−1.

The volumetric �ow rate of the �uidizing gas is controlled via a 500 L min−1 mass �ow
controller from Brooks Instruments. Membranes are used for gas addition and gas extrac-
tion. In the case of gas addition, membranes are connected to a 100 L min−1 mass �ow
controller from Brooks, while for gas extraction membranes are connected to two low-
pressure mass �ow controllers (44 L min−1) also from Brooks, which are in turn connected
to a vacuum pump.

A base case was set-up which contains 44 horizontally immersed membranes with a
diameter of 9.6 mm in a staggered grid con�guration. The inlet gas velocity was three times
the minimum �uidization velocity. The in�uence of the membrane diameter, particle size,
background gas velocity and extent of gas addition/extraction on the hydrodynamics in the
vicinity of the membranes has been analyzed in detail. All the experimental conditions have
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Figure 5.1: Schematic representation of the experimental �uidized bed setup with hori-
zontally immersed membranes, including the equipment used to collect and process the
experimental data.

Table 5.1: Experimental conditions used in this work. Whole and half bed con�gurations
are referred to the amount ofrows with membranes (8 for whole bed and 4 for half bed),
where +/- 40% addition/extraction refers to the amount of gas that is fed/removed through
the membranes related to the inlet gas �ow.

Case Gas add./ Membrane Number Membrane Mean dp
extr. con�guration of memb. size [mm] [µm]

Ref. case 0 Full staggered 44 9.6 500
Half staggered 22

Gas extraction -40% Half staggered 22 9.6 500
Gas addition +40% Half staggered 22 9.6 500
Small particles 0 Half staggered 22 9.6 250

-40% Half staggered 22 9.6 250
Small memb. 0 Half staggered 22 6.4 500

-40% Half staggered 22 6.4 500
Dense tubes 0 Half staggered 22 9.6 500
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been summarized in Table 5.1. The number of frames used for the DIA analysis was 2000
for each of the cases in Table 5.1 and the �uidization velocity was three times the minimum
�uidization velocity for each case.

The image acquisition setup consists of three pulsed lights arranged at di�erent heights
in order to realize homogeneous illumination over the entire bed. A high resolution camera
(Dantec Camera: FlowSense EO 16M) is connected to a computer with the software package
Dynamic studio 3.4 for image processing. Davis 8.03 is used for PIV analysis, while an in-
house developed script is used for DIA analysis. A su�ciently long video sequence of double
frame images at a rate of 2 Hz with a time di�erence between the two double frame images
of 1 ms is used to provide representative hydrodynamics of the whole bed. The image
resolution was 3 pixels per particle for the PIV particle tracking, while the camera was set
at 8 bit depth mode. It was experimentally veri�ed that an increase in the bit depth did
not in�uence the PIV results. A high-speed camera (La Vision HS4M) with a frequency of
600 Hz and a time di�erence between two consecutive pulses of 800 µs was used to obtain
detailed information on the hydrodynamics around the immersed membranes.

5.2.2 PIV/DIA analysis
Particle Image Velocimetry (PIV) is a quantitative method for measuring velocity �elds in-
stantaneously in experimental �uid dynamics. It is a non-intrusive optical technique widely
applied to measure characteristics of the solids motion in pseudo 2D �uidized beds [46]. In
this technique two images are recorded with a very short time delay using a high speed
camera. Every image is then divided into interrogation areas where cross-correlation is ap-
plied to two consecutive images to obtain the average displacement of particles in a selected
interrogation area. In this study images are post-processed in Davis 8.03 with a multi-pass
algorithm with a decrease in interrogation area. For an improvement in the results, 50%
overlap is applied on the �nal pass. Prior to the post-processing, membranes are masked in
the software in order to avoid erroneous velocity calculations.

Through PIV analysis the particle velocity is obtained, however, this technique does
not provide the information about the desired solids �uxes directly, because the DaVis soft-
ware does not di�erentiate between dense and diluted regions. In order to obtain the solids
�uxes, PIV is combined with Digital Image Analysis (DIA) where the solids fractions in ev-
ery interrogation zone are used to determine the instantaneous solids hold-up pro�le. The
images are divided into interrogation areas where the normalized intensity in each zone is
correlated to the bed porosity. The instantaneous solids �ux �eld is determined by com-
bining the instantaneous particle velocity �elds determined by PIV and the instantaneous
solids holdup pro�les determined by DIA. For all experiments, the images are corrected for
inhomogeneous background illumination and re�ections. The solids hold-up �elds are also
used to discriminate the emulsion and bubble phases, so bubble properties (viz. bubble size,
bubble velocity and the number of bubbles) can be determined using a porosity threshold
value of 0.15. Because membranes would be identi�ed in the analysis as bubbles, they are
masked in the images before the DIA analysis is done.

5.2.3 Simulation se�ings
In order to make a fair comparison with experimental results, TFM simulations are carried
out in a domain that closely represents the experimental set-up in terms of dimensions, par-
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ticle properties and gas properties. Uniform particles with size 500 µm, density 2500 kg m−3

and a restitution coe�cient of 0.90 are used in the TFM. The initial bed solids hold-up and
bed height were set at 0.55 and 0.60 m respectively. The �uidization gas is modeled as
(compressible) air at atmospheric pressure with a viscosity of 1.84 · 10−5 Pa s and the inlet
velocity is set to 0.63 m s−1, which is three times the minimum �uidization velocity of the
glass particles used in this system. The total simulation time is 30 s, with a time-step of
2 · 10−5 s. Time-averaging of the solids hold-up and solids velocity data is done from 3 to
30 s.

Table 5.2: KTGF closure equations used for the simulations in this chapter and their litera-
ture reference.

Closure equation Reference
Solids shear viscosity Gidaspow [22]
Solids bulk viscosity Lun et al. [26]
Solids pressure Lun et al. [26]
Frictional stress Johnson & Jackson [3]
Radial distribution function Sinclair & Jackson [103]
Conductivity of �uctuation energy Gidaspow [22]
Dissipation of granular energy Lun et al. [26]
Fluctuation energy exchange Louge et al. [104]

Table 5.3: Settings for the TFM simulations.

Solids property Value Unit
dp 500 µm
ρs 2500 kg m−3

e 0.90 -
H init
s 0.60 m

αinit
s 0.55 -
αmax
s 0.62 -
αmin fr
s 0.50 -
Ts 300 K
Air property
Mw 28.9 · 10−3 kg mol−1

p 1 · 105 Pa
µg 1.84 · 10−5 Pa s
uin 0.63 m s−1

Tg 300 K
Time settings
tsim 30 s
∆tsim 2 · 10−5 s
∆ttavg 27 s
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The initial 2D mesh of the model is generated with the blockMesh utility. The hexagonal
cell dimensions are 5 mm by 5 mm, with a number of cells in the width, length and depth
of 60 by 240 by 1 respectively. The simulated bed dimensions in the 2D model are 0.30 m by
1.20 m in width and height respectively. The cylindrical membranes, 9.6 mm in diameter,
are added with the snappyHexMesh utility, and mesh re�nement around the cylinders is
also done with snappyHexMesh. A layer of ten cells near the boundary of the cylinders is
re�ned by a factor of 3; another layer of ten cells adjacent to the �rst re�ned layer is re�ned
by a factor of 2. After the re�nement, the grid has 31526 computational cells in total.

The simulations in this chapter were performed with the TFM without simulating any
mass transfer e�ects. The Kinetic Theory of Granular Flow (KTGF) equations used for the
simulations in this chapter are presented in Table 5.2. The simulation settings are presented
in Table 5.3. Further details on the TFM are found in Chapter 2.

5.3 Results and discussion
5.3.1 Gas pocket characteristics
The formation of bubbles surrounding horizontally immersed elements has already been
observed in previous works [105, 106]. Normally, this bubble formation comes along with
the formation of densi�ed zones on top of the internals. However, there is no agreement
in the literature about the mechanism of formation of these bubbles, hereafter named ’gas
pockets’. Furthermore, the formation and behavior of these gas pockets in systems where
gas is added or extracted through horizontally immersed membranes has not yet been inves-
tigated. Up to now, gas pockets have always been considered or treated as regular bubbles
in the analyses of the results and a deep study on their behavior and their characteristics
has not yet been carried out. Our experimental observations clearly show that these gas
pockets around horizontally immersed internals do not behave like bubbles. Treating these
gas pockets as bubbles in the determination of the equivalent bubble size will result in an
overestimation of the bubble-to-emulsion phase mass transfer rate, when using the thus de-
termined average bubble size in the existing mass exchange correlations. Results will show
that the gas pockets need to be properly accounted for.

To investigate the properties and behavior of gas pockets, the high speed camera and the
high resolution camera were used. With the high speed camera the gas pockets are tracked
over a long recording sequence in order to obtain accurate time-averaged results for the life-
time of the gas pockets at di�erent positions in the bed, as well as the frequency at which gas
pockets appear in the close vicinity of the membranes. This information is then combined
with the use of the high-resolution camera, which allows a more precise measurement of
the gas pockets equivalent diameter. Both cameras have been used for the characterization
of the gas pockets at di�erent experimental conditions listed in Table 5.1. The main results
have been summarized in Table 5.4 with snapshots of the recordings, showing the shape of
the gas pockets at the corresponding cases. The main experimental �ndings on the general
characteristics and behavior of the gas pockets are the following:

• Gas pockets always remain attached to the internals. Once they appear, they rapidly grow
in size and then shrink back until all the gas has been exchanged with the emulsion phase.
This implies that normally gas pockets do not become rising bubbles.
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Table 5.4: Average residence time, frequency, average diameter and example �gures of the
shape of gas pockets under the di�erent experimental conditions what were tested in this
chapter.

Case Avg residence Frequency Average Shape
time [s] [gp/s] diameter [cm]

Ref. case 0.24 1.35 1.3

Gas addition 0.15 1.43 1

Gas extraction 0.14 0.96 1.2

Small particles 0.17 0.60 1

Small particles &
extraction 0.12 0.24 0.9

Small membranes 0.18 1.15 0.8

Small membranes
& extraction 0.14 0.28 0.8

Dense tubes 0.25 1.30 1.2
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• Only in the case of gas addition can gas pockets grow until they get separated from the
membranes and become single rising bubbles.

• Gas pockets can appear below the membranes, but also above them. This �nding has not
yet been reported before in literature.

• On average, the gas volume in gas pockets is mostly much smaller compared to bubbles
at similar bed heights. Moreover, di�erent from rising bubbles, gas pockets are almost
completely free of particles. This implies that in case of fast catalytic reactions there is
no reactant conversion inside the gas pockets.

• A gas pocket is formed underneath an internal, when a rising bubble has passed nearby.
The particles rising along with the bubbles in its wake are displaced towards the walls
in the freeboard. The particles move downwards in the emulsion phase near the walls
(causing some gas back-mixing). When these downward moving particles encounter an
internal, this results in an increase of the local solids hold-up on top of the membrane.

• A gas pocket can be formed above an internal when a big rising bubble approaches a
membrane placed in the central top part of the bed. In this situation, particles above the
approaching bubble are forced upwards creating a densi�ed zone just below the mem-
brane, which results in the formation of gas void above the membrane.

Furthermore, the following e�ects of gas addition/extraction via the membranes, the
membrane diameter and the particle size on the characteristics and behavior of the gas
pockets have been observed:

• From the reference case experiments without gas addition or extraction, using 500 µm
particles and 9.6 mm tubes, an average gas pocket diameter of 1.3 cm, with an average
residence time of 0.25 s and a frequency of reappearance of 1.35 gas pockets per sec-
ond was determined. In these cases the time-averaged gas pocket velocity is zero, which
means that gas pockets grow with negative apparent velocities and shrink with positive
apparent velocities. The frequency of appearance of the gas pockets is relatively high,
which indicates that the presence of gas pockets should be considered in the interpre-
tation of the experimental results. Moreover, also the average contact area of the gas
pocket with the membrane has been determined, accounting for the frequency and res-
idence time of the gas pockets. From these results it was estimated that in average gas
pockets cover 31% of the membrane area.

• To demonstrate that gas pockets are not formed as a consequence of a bad reactor design
or gas bypass through the porous membranes, the submerged membranes have been sub-
stituted by dense tubes without any possible gas bypass. For this case very similar results
to the reference case described in the previous point were found.

• When 40% gas is added through the membranes (100% through the inlet + 40% through the
membranes), the formation of gas pockets clearly changes. In the case of gas addition, gas
pockets can be formed either above or below the membranes. The addition of gas often
does not result in the formation of bubbles at the surface of the membranes. Instead, the
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added gas tends to go mostly directly into the emulsion phase. When gas pockets are
formed on top of a membrane, the diameter of the gas pocket is in average much smaller
compared to gas pockets formed below the membranes. Moreover, in some cases a gas
pocket formed above the membrane is released as a single rising bubble. Normally this
happens when this gas pocket is formed above a membrane positioned in the center of
the bed. In these cases, due to the smaller size of these gas pockets and the possibility
of bubble ’release’, the average lifetime is decreased compared to reference case, whereas
their frequency is increased due to the continuous addition of gas through the membranes.

• When 40% gas is extracted through the membranes, more densi�ed zones are created
around the membranes, which may imply an additional mass transfer resistance from the
bed to the membrane surface. The averaged residence time of the gas pockets is decreased
compared to the reference case and the frequency of appearance of the gas pockets is also
decreased. Moreover, the gas pockets grow slower compared to reference case, while they
shrink very fast as a result of the gas extraction. Furthermore, in this case the net velocity
of the gas pocket is not zero, but it shows in average positive values. For the case of gas
extraction, gas pockets cover in average 25% of the membrane, which is a slightly lower
than the reference case without gas addition or extraction.

• Smaller particles (250 µm) result in a decrease in gas pocket size and frequency. The main
reason behind this change in gas pocket behavior is that these particles behave more like
Geldart A particles. When gas is extracted via the membranes, the gas pocket behavior is
similar to the gas extraction case with bigger particles (mainly the formation of densi�ed
zones and fast shrinkage of the gas pockets), with the only di�erence that the gas pocket
frequency is signi�cantly decreased.

• In systems with smaller membranes (6.4 mm in diameter) the gas pockets are narrower
and more elongated. The average residence time, frequency of appearance and average
diameter of the gas pockets is slightly reduced, but in the case of gas extraction, the
frequency of reappearance is strongly decreased.

These observations will be used in devising an algorithm to discriminate between bub-
bles and gas pockets, which is described in the next section.

5.3.2 Method for selective detection of gas pockets
Based on the observed properties of gas pockets in the vicinity of the horizontally immersed
membranes, a method was developed and tested to di�erentiate between gas pockets and
rising bubbles. The position and distance of the gas pocket to a membrane, its solids hold-up,
its rise velocity and its equivalent diameter were considered. Only a combination of these
properties yielded good results for the discrimination between gas pockets and bubbles. A
schematic diagram of the newly developed method for gas pockets detection is depicted in
Figure 5.2 (left).

The �rst condition for gas pocket detection is that a gas pocket should have contact
with a membrane. Bubbles far from the membranes will therefore never be considered as a
gas pocket, which strongly reduces the number of potential gas pockets. Subsequently, the
relative position to the membrane is considered, where a diameter threshold is used when its
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Figure 5.2: (left) Developed algorithm for gas pockets detection; (right) Example of gas
pockets detection, showing the membranes in red, the detected bubbles in blue and the
detected gas pockets in green as the equivalent bubble diameter at the determined center
of mass position.

position is below the membrane, whereas �rst a velocity threshold followed by a diameter
threshold is used when its position is above the membrane. The threshold values have been
determined based on the experimental results described in the previous section. A standard
deviation has been incorporated in the threshold value in order to obtain a better accuracy
in the detection of gas pockets. This algorithm for gas pocket detection has been applied
to all the experimental results and has also been veri�ed through visual inspection of more
than 50 random images. It With this newly developed detection method, gas pockets can
be selectively detected with an e�ciency of over 95%.

In Figure 5.2 (right), an experimental example is presented, which shows a recorded
image and the corresponding gas pocket detection results. The red circles correspond to
the immersed membranes, while the blue and green circles represent the detected bubbles
and gas pockets, respectively. The circles show the equivalent bubble/gas pocket diameter at
their center of mass. This �gure shows how well the newly developed gas pocket detection
method can detect and discriminate gas pockets at di�erent positions throughout the bed.

The newly developed method for gas pocket detection subsequently allows gas pockets
to be identi�ed and removed when determining the average or distribution of the bubble
properties (viz. diameter and velocity), which is required to improve the prediction of the
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Figure 5.3: In�uence of gas pockets removal on the number of detected bubbles along the
bed height for a case with 40% gas extraction and only membranes in the top half of the
bed. Red dashed line represents the expected trend for a case without membranes.

bubble-to-emulsion phase mass transfer rate. Figure 5.3 shows the number of bubbles de-
tected at di�erent axial positions in the bed and makes clear that a large number of gas
pockets need to be removed at the position of the membrane tube banks. The selective re-
moval of gas pockets signi�cantly modi�es the bubbles properties, which will be further
discussed in the next section.

5.3.3 The influence of gas pockets on average bubble properties
It is clear that gas pockets behave quite di�erently from regular bubbles, mainly because
gas pockets do not rise through the emulsion phase, and hence, if not properly identi�ed
and accounted for in the interpretation of the results, it will cause erroneous average bub-
ble diameter and rise velocity predictions, and consequently erroneous bubble-to-emulsion
phase mass transfer coe�cients.

Figure 5.4 shows a snapshot of two di�erent bed con�gurations with membranes either
only in the top half of the bed or throughout the entire bed (no gas addition or extraction),
along with the axial pro�les of the equivalent average bubble diameter and bubble rise
velocity along the bed height. The bubble properties are shown both for the cases when
gas pockets are counted as bubbles and when gas pockets are selectively removed. The
�gure demonstrates that just below the membrane tube row the average bubble diameter
is signi�cantly larger as a consequence of removing the gas pockets which mostly have a
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Figure 5.4: Equivalent bubble diameter and average bubble rise velocity along the bed height
for the case without gas addition or extraction, for the cases with membranes only in the
top half of the bed (left) and membranes throughout the bed (right), with and without ac-
counting for gas pockets. Red dashed lines represent the axial position of the membranes.



96
Chapter 5. Hydrodynamic effects in fluidized bed reactors with horizontally

immersed membrane tube banks

much smaller average diameter than bubbles. Moreover, in between two membrane rows,
the diameter and velocity pro�les match well, as expected, because gas pockets are always
attached to the membranes. To sum up, it is important to properly account for gas pockets
when developing new correlations for the average bubble diameter as a function of bed
height for �uidized beds with horizontally immersed elements.

The average bubble rise velocity is also strongly in�uenced by the presence of gas pock-
ets, because gas pockets can even have negative velocities when they grow. As shown in
Figure 5.4, the average bubble rise velocity is signi�cantly underestimated in the section
where the membranes are located when not properly correcting for the gas pockets. The
�gure also shows that the presence of the horizontally immersed membranes induces sig-
ni�cant bubble breakage (Figure 5.4), where the average bubble diameter and bubble rise
velocity remain much more constant over the bed.

5.3.4 Two-Fluid Model simulation results
TFM simulations have been performed to investigate the hydrodynamics of the gas and
solids phases in the vicinity of the horizontally immersed membranes, and the behavior of
the gas pockets in particular. From the simulations the time-averaged bubble properties
have been determined applying the same method for selective detection of gas pockets as
for the experiments. The TFM results have been compared with the experimental ones. Due
to the coarseness of the grid distant from the cylinders, only the simulated bubble properties
in close proximity to the re�ned cylinders have been taken into account.

Figure 5.5: (left) Instantaneous solids hold-up zoomed in on the region of the membrane
tube bank for the staggered bed con�guration with only membranes in the top half of the
bed after 8.0 s of simulation time; (right) Time-averaged solids hold-up near the cylinders
(over 27 s of simulation time).

The instantaneous solids hold-up pro�le in the region of the membrane tube bank for the
half staggered con�guration after 8.0 s of simulation time is depicted in Figure 5.5 (left). The
model clearly predicts the presence of the experimentally observed gas pockets. Moreover,
as also observed in the experiments, the gas pockets are mostly present underneath the
membranes and are attached to them. In Figure 5.5 (right) a snapshot of the time-averaged
solids hold-up can be found. The e�ect of the gas pockets is also visible here. On top of the
membranes the time-averaged solids hold-up is relatively high, indicating densi�ed zones,
and below the membranes it is relatively low (gas pockets).
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Figure 5.6: (left) Instantaneous solids mass �ux pro�le zoomed in on the region of the mem-
brane tube bank for the staggered bed con�guration with only membranes in the top half
of the bed after at 8.0 s of simulation time; (right) Time-averaged solids mass �ux near the
cylinders (over 27 s of simulation time).

In Figure 5.6 (left) the instantaneous solids mass �ux around the membranes is por-
trayed. The snapshot is taken after 8.0 s of simulation time, the same time for which the
solids hold-up was shown in Figure 5.5 (left), which showed that gas pockets are present
in the �gure around the three most left membranes in the bottom row. Notably, when a
gas pocket is present, the solids �ux just above the cylinders is practically zero, i.e. there
is hardly any solids movement above of the membranes. Inside the gas pockets the solids
hold-up is zero or close to zero. Alongside and below the membranes, the solids are moving
downwards, away from the membranes. The computed time-averaged solids hold-up and
mass �uxes are presented in Figure 5.6 (right). The highest time-averaged solids �uxes are
found in the middle and along the walls, where in the middle the solids on average �ow
upwards, while near the walls most of the solids move in the downward direction.

The simulations can provide an explanation for the occurrence of gas pockets, which is
mainly correlated to the �ow of solids in the downward direction and the densi�ed zones
just above the membranes. Both the increased solids hold-up above and the gas attachment
below the membranes, can be explained by the presence of dynamic wakes on both sides
of the membranes; the down �ow of solids creates a wake underneath the membranes,
which causes the actual gas pocket to appear, and obstruction of the upwards �ow of gas
due to the presence of the membranes causes densi�ed stagnant particle zones just above
the membranes. Furthermore, the down �ow of solids prevents the gas from �lling the
gas pockets with solids from below, thus increasing gas pocket lifetime. Because the solids
velocities are lower than the gas velocities, the solids holdup areas on top of the membranes
are larger/more elongated than the gas pockets, which can be observed in the solids hold-up
�gures.

Moreover, the time-averaged solids �ux (Figure 5.6 (right)) explains that the residence
times of the gas pockets are found to be higher near the walls is due to the constant down
�ow of solids near the walls.

In Figure 5.7 the time-averaged solids hold-up (left) and solid �ux (right) for the entire
bed are presented, showing a lower solids hold-up in the center of the bed and higher solids
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Figure 5.7: (left) Time-averaged solids hold-up in the entire simulated �uidized bed; (right)
Time-averaged solids mass �ux in the entire simulated �uidized bed).

hold-up near the walls. The e�ect of the gas pockets on the time-averaged solids hold-up is
again present. When inspecting the solid �ux streamlines, �ve clear regions are observed.
In the center of the bed the solids �ow upwards, and near the left and right wall the solids
�ow downwards. Between the up and down �ow there are zones with low solids �uxes.
Furthermore, above and below the membranes there are two circulation zones present.

To obtain the average bubble diameter of the simulation, 1957 bubbles have been ana-
lyzed with the improved DIA method. Experimental and simulated bubble diameters show
good agreement, see Figure 5.8 (left). The average bubble diameters over the range pre-
sented in the �gure are quite similar; 2.4 cm for the experiments and 2.5 cm for the sim-
ulations. In addition, at the right hand side of Figure 5.8, the experimental and calculated
bubble size distributions at two di�erent axial positions are provided, showing also a good
agreement for the bubble size distributions. The TFM simulation predicts a slightly higher
fraction of small bubbles and a slightly smaller fraction of large bubbles than the exper-
iments. The model predicts more small bubbles than the experiments because of experi-
mental di�culties to detect bubbles with a size smaller than the bed width, and the smaller
number of large bubbles predicted by the model is because of the relatively short simulation
time relative to the time-averaging for the experimental results.

The average gas pocket diameter in the simulation is 1.1 cm, which is relatively close
to the experimentally determined value of 1.3 cm. However, the residence time of a gas
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Figure 5.8: (left) Average bubble diameter along the bed height for experimental and sim-
ulated values for the staggered bed con�guration with membranes only at the top half of
the bed (gas pockets removed). (right) Bubble size distribution at 25 cm (top) and 35 cm
(bottom) from the distributor plate from the experiments and TFM simulations.

pocket determined from the TFM simulations varies between about 0.10 s and 0.14 s, which
is relatively low compared to the 0.24 s found experimentally for the same conditions. Fur-
thermore, the average gas pocket frequency obtained from the simulation has a value of 3.0
gas pockets/s per membrane, which is in turn relatively high compared to the 1.35 gas pock-
ets/s per membrane found experimentally. In order to calculate the percentage of the time a
gas pocket will be attached to a membrane, the average life time and the frequency are mul-
tiplied, indicating for the TFM simulation that 35.8% of the time a gas pocket will be present.
For the experimental results, the same calculation renders a value of 32.4% coverage, which
is similar to the simulated values. Even though the simulated gas pocket residence time was
lower than the experimental one, the higher frequency ensures a good match between the
experimental and simulated coverage values. Because the occurrence of the gas pockets is
mainly determined by the solids down �ow over the membranes, the solids rheology (solids
viscosities, frictional stresses and the in�uence of the particle collision properties) is the
most probable cause for the discrepancies between the simulated and experimentally data.

5.3.5 Discussion
Bubble properties are strongly a�ected by the presence of immersed elements. These ele-
ments cause enhanced bubble breakage and a concomitant decrease in the bubble rise veloc-
ity. Moreover, the presence of these internals (and permeation of gas through the internals)
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modi�es the �ow patterns in their vicinity, forming a densi�ed region just above the mem-
brane when solids are moving downwards and creating a gas pocket devoid from solids
attaching the internals. The gas pockets are on average much smaller than the rising bub-
bles and it has been shown that it is important to correct for the gas pockets to properly
determine the average bubble size and bubble rise velocity, when assessing and quantifying
the bubble-to-emulsion phase mass transfer rates.

Table 5.5: Correlations to determine the bubble-to-emulsion phase gas exchange coe�-
cient [107].
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The bubble-to-emulsion gas exchange rate has been described in literature by various
authors, where the correlations by Kunii and Levenspiel [107] are the most often used. Ta-
ble 5.5 shows di�erent contributions to the mass exchange coe�cients between the di�erent
phases, from which it is evident that the mass exchange coe�cient is at least reciprocally de-
pendent on the bubble diameter. When the gas pockets are not properly accounted for when
determining the average bubble diameter, the bubble-to-emulsion phase mass exchange rate
will be considerably overestimated, con�rming the necessity of selectively removing gas
pockets from the average bubble diameter determination.

In addition, in �uidized bed membrane reactors, the presence of gas pockets and the as-
sociated densi�ed zones around the membranes can also impose an additional mass transfer
resistance from the emulsion phase to the membrane surfaces. The e�ect of the gas pockets
on the mass transfer rate from the emulsion phase to the membranes is not expected to be
very signi�cant, because the gas void is �lled with gas coming from the emulsion phase, and
the lifetime of the gas pocket is relatively short, which results in a small average concentra-
tion di�erence between the gas pocket and the surrounding emulsion phase. On the other
hand, the densi�ed regions (usually) just above the membranes strongly reduce the local
gas contacting with the membranes, possibly creating concentration polarization e�ects in
particular in case of very fast heterogeneous catalytic reactions. Finally, it is noted that the
formation of gas pockets and dense solids zones around horizontally immersed tubes also
a�ects the heat exchange between the emulsion phase and submerged heat exchange tubes.
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5.4 Conclusions
The �uid dynamic characteristics of gas-solid �uidized beds with horizontally immersed
membranes in staggered arrangement with and without gas addition or extraction via the
membranes have been investigated with PIV/DIA in a pseudo-2D �uidized bed. The exper-
imental results have shown the presence of gas pockets devoid of solids in the vicinity of
the membranes. Gas pockets always remain attached to the membranes and they appear
mostly below, but also sometimes above the membranes. Gas pockets exhibit di�erent be-
havior compared to bubbles, as they do not rise through the emulsion phase, but appear
and disappear with a high frequency. The average equivalent diameter of the gas pockets
(typically around 1 cm), their average lifetime (~0.15-0.25 s) and frequency (~0.25-1.5 Hz)
and shape have been analyzed under di�erent experimental conditions, in particular the
extent of gas addition or gas extraction, membrane diameter and particle diameter.

The formation of the gas pockets has been explained by the obstruction of the solids �ow
by the membranes, which results in an increased solids hold-up just above the membrane
and a gas pocket just below the membrane in case of downwards �owing solids. The �ow of
solids around the membrane and the gas pocket prevents solids to �ll the gas void, extending
gas pocket life time. This explanation has been con�rmed with TFM simulations.

A DIA algorithm has been devised that properly discriminates gas pockets from rising
gas bubbles, using di�erent characteristics of the gas pockets, viz. the vicinity and relative
position to the membranes, the velocity and the equivalent bubble diameter. It has been
demonstrated that this newly developed method provides a high con�dence for an appro-
priate detection of the gas pockets. In order to adequately assess the bubble-to-emulsion
phase mass transfer resistances, it is important to properly account for the presence of gas
pockets when determining the average equivalent bubble size and rise velocity. The ex-
perimental �ndings have been compared with TFM simulations showing reasonable agree-
ment concerning the gas pocket characteristics, and good agreement concerning the aver-
age equivalent bubble size and bubble size distributions.

The hydrodynamic e�ects on �uidized beds with horizontally immersed membranes
have now been identi�ed. The next chapter will focus on the quanti�cation of mass transfer
phenomena around horizontally immersed membranes.
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Nomenclature

Symbols
D Di�usion/dispersion coe�cient [m2 s−1]
d Diameter [m]
e Restitution coe�cient [-]
g Gravitational acceleration [m s−2]
H Height [m]
K Mass transfer coe�cient [m s−1]
Mw Molecular weight [kg mol−1]
p Total pressure [Pa]
T Temperature [K]
t Time [s]
u Velocity [m s−1]

Greek letters
α Phase fraction [-]
µ Dynamic viscosity [Pa s]
ρ Density [kg m−3]

Subscripts & superscripts
avg Average
b Bubble
bc Bubble-to-cloud
be Bubble-to-emulsion
ce Cloud-to-emulsion
g Gas
init Initial
max Maximum
mf Minimum �uidization
min fr Minimum friction
p Particle
s Solids
sim Simulation
tavg Time average

Abbreviations
DIA Digital Image Analysis
KTGF Kinetic Theory of Granular Flow
PIV Particle Image Velocimitry
TFM Two-Fluid Model
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Mass transfer phenomena in fluidized

beds with horizontally immersed
membranes ∗

Mass transfer phenomena in gas-solid �uidized beds with horizontally immersed membrane
tube banks in di�erent con�gurations were investigated using the Two-Fluid Model (TFM),
considering the case of a binary hydrogen/nitrogen gas mixture fed to a pseudo-2D �uidized
bed where hydrogen was extracted via hydrogen perm-selective membranes. The simulations
showed that the hydrogen �ux is strongly non-uniform over the radius of the membranes. The
hydrogen �ux is lowest on top of the membranes and highest at the bottom of the membranes,
which is caused by the formation of densi�ed zones on top of the membranes and the fact
that the membranes shield their own top side from hydrogen replenishment. Also, in systems
with membrane tube banks, the performance of individual membranes di�ers signi�cantly.
The membranes located near the bed walls perform considerably worse, because of downwards
solids �ow near the walls, resulting in more densi�ed zones and gas back-mixing. The av-
erage hydrogen recovery per membrane is highest for the cases with a staggered tube bank
con�guration and without membranes positioned close to the bed walls, whereas in-line mem-
brane con�gurations su�er from a signi�cant amount of hydrogen bypass. The membrane tube
banks also signi�cantly improve the hydrodynamics by enhanced bubble break-up, decreasing
the bubble size to approximately the membrane pitch.

∗This chapter is based on: Voncken, Roghair and Van Sint Annaland (2018) [108]
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6.1 Introduction
Chapter 5 already discussed that in practice, membranes are often inserted vertically (length-
wise) in reactors and it has been demonstrated that by inserting the membranes horizon-
tally (i.e. perpendicular to the �ow direction) instead of vertically, the membranes can
cut large gas bubbles into smaller ones, hereby improving bed-to-emulsion mass transfer
and the bed’s mixing e�ciency of the bed. The e�ect of immersed objects on the perfor-
mance of a �uidized bed has been researched previously by Bouillard et al. (1989) [84],
Kim et al. (2003) [109] and Yurong et al. (2004) [110]. How membranes a�ect �uidized bed
hydrodynamics has been demonstrated by a.o. De Jong et al. (2011), Dang et al. (2014) [11],
Tan et al. (2014) [13] and Wassie et al. (2015) [111]. Previous studies, speci�caly on hor-
izontally immersed tubes in �uidized beds, agree with the conclusions drawn in Chap-
ter 5, that horizontally immersed tubes have a signi�cant e�ect on the bed hydrodynam-
ics [105, 14, 112, 113, 114, 115, 116].

In Chapter 3 and Chapter 4 it was demonstrated that when using vertically immersed
state-of-the-art high �ux palladium-based membranes, despite the use of a �uidized bed,
mass transfer limitations from the bed to the membrane become limiting. How the hydro-
dynamics in �uidized beds with horizontally immersed membranes a�ect the mass transfer
phenomena is not yet clear though. Until now, only a few CFD studies have been per-
formed on mass transfer phenomena in �uidized bed membrane reactors [89, 87, 88]. How-
ever, these works either focus on oxygen perm-selective membranes, or they focus on �at
vertical hydrogen perm-selective membranes, whereas the present chapter will focus on
horizontally immersed hydrogen perm-selective membranes.

The Two-Fluid Model (TFM) was used to identify, describe and explain the most im-
portant mass transfer phenomena occurring in �uidized beds with horizontally immersed
membranes. Explaining the mass transfer phenomena also requires relating the observed
mass transfer phenomena to the hydrodynamics of these systems. In Chapter 5 gas pockets
and densi�ed particle zones hav already been discussed. Gas pockets and densi�ed zones
may a�ect mass transfer towards the membranes and could therefore have a noticeable
e�ect on the system performance, which is studied in detail in this chapter.

The high cost of palladium-based membranes urges that the membranes are placed only
at optimal positions. Explorative simulations already indicated that membranes near the bed
walls operate at a lower averaged hydrogen �ux, so this will be one of the focal points of
this chapter. Various membrane tube bank con�gurations, with and without membranes
near the bed walls, are compared to understand the mass transfer e�ects occurring near the
bed walls. Fluidized beds with inactive tubes instead of membranes near the walls were also
simulated, because simply removing membranes near the bed walls could also reduce the
e�ect of the tube banks on the bubble properties, and could as well induce gas bypassing
along the walls.

This chapter �rst discusses the simulation settings used to obtain the results. A descrip-
tion of the model that has been used to perform the simulations presented in this chapter
can be found in Chapter 2. In the results section, the simulation settings and tube bank
con�gurations are presented, and the mass transfer phenomena around the membranes are
studied in detail, after which the results are linked to the observed changes in the bed hy-
drodynamics.
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6.2 Geometries and se�ings
The grid sensitivity study for systems with horizontally immersed membranes in Chapter 2
shows that local grid re�nement around the membranes is required to capture the details
of the mass transfer phenomena. For cases with membrane tube banks, simulation times
could become quite high. To keep simulation times realistic when simulating �uidized beds
with membrane tube banks, 2D simulations were performed. Asegehegn et al. (2012) [117]
already reported that the bubble behavior is quite similar for 2D and 3D �at TFM simulations
of �uidized beds with immersed tube banks, so 2D simulations will su�ce as learning model
for this study.

To demonstrate which mass transfer phenomena are important in �uidized beds with
horizontally immersed membranes, single membrane simulations have been set up. First, a
case with one membrane in the middle of the bed (placed at 150 mm from the left wall and
at a vertical position of 225 mm) and one membrane next to the wall (placed at 25 mm from
the left wall at the same height of 225 mm) were compared. To show how gas dispersion
may limit the mass transfer towards the membrane surface, the simulations with a single
membrane in the middle of the bed were performed for three di�erent constant dispersion
coe�cients, viz. 5.0 ·10−5, 1.0 ·10−4 and 5.0 ·10−4 m2 s−1. The membrane permeation �ux
data from Chapter 3 for a 5 µm thick dense Pd/Ag thin �lm onto a ceramic support have
been used. Near vacuum has been assumed at the permeate side, so that the mass transfer
resistance in the support can be neglected. The membrane is numerically described with
Sieverts’ law, as presented in Chapter 2, corresponding to bulk di�usion being the rate
limiting step. An important observation found in these simulations is that the �ux around
the membrane is non-uniform; it is lowest on top of the membrane and highest below the
membranes. It is more di�cult for gas to reach the top of the membrane because the top of
the membrane is shielded by the membrane itself, so gas dispersion could play an important
role in limiting the �ux on top of the membrane. These results will be discussed in more
detail in the results section.

The dimensions of the more large-scale oriented tube bank con�gurations simulated
with the TFM are presented in Figure 6.1 and Table 6.1. Con�gurations (a) - (d) are the
base cases called Wall Membranes (WM), because membranes are present close to the bed
walls. Con�gurations (e) - (h) are called No Wall Membranes (NWM), because the mem-
branes closest to the walls have been removed. The membranes near the walls are expected
to have a lower performance than the other membranes, so the system performance is ex-
pected to increase when wall membranes are removed. Con�gurations (i) - (l) are called
Tubes (T), because the membranes near the walls have been replaced with inactive tubes
(the open black circles). The Tubes cases have the same membrane area as the No Wall
Membranes cases, but the same membrane/tube locations as the Wall Membranes cases.
The hydrodynamic e�ects that objects near the bed walls have on the system performance
can hereby be quanti�ed. The membrane tube banks have either been placed in a staggered
or in an in-line con�guration. The Full Staggered (FS) cases are con�gured in the same way
as the Half Staggered (HS) cases, except they have double the number of membranes, sim-
ilarly for the Full In-line (FI) and Half In-line (HI) con�gurations. The simulation settings
are summarized in Table 6.2.

In the next section, �rst the results of the single membrane cases will be discussed. The
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Figure 6.1: Membrane tube bank con�gurations: Wall Membranes (a) Full Staggered (WM
FS); (b) Half Staggered (WM HS); (c) Full In-line (WM FI); (d) Half In-line (WM HI). No
Wall Membranes (e) Full Staggered (NWM FS); (f) Half Staggered (NWM HS); (g) Full In-
line (NWM FI); (h) Half In-line (NWM HI). Wall Tubes portrayed as black circles (i) Full
Staggered (T FS); (j) Half Staggered (T HS); (k) Full In-line (T FI); (l) Half In-line (T HI). All
measures are given in mm.
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most important mass transfer phenomena around horizontally immersed membranes in �u-
idized beds will be quanti�ed and a comparison between membranes placed in the center of
the bed and near the wall will be made. These results will quantify the hydrogen �ux dis-
tribution around the membrane, and will show any di�erences in membrane performance
related to membrane placement. Changing the dispersion coe�cient to a higher and lower
value will show whether the �ux distribution around the membrane can be improved by
improving dispersion. Observations for the single membrane cases will then be extended

Table 6.1: Geometry and membrane data of all the tube bank con�gurations.

Wall Membranes Full Half Full Half
Staggered Staggered In-line In-line

Number of membranes [-] 44 22 48 24
Total membrane area [cm2] 199 99.5 217 109
Min/max starting width of tubes [mm] 25/50 25/50 25/25 25/25
Starting height of tubes [mm] 25 225 25 225
Axial & lateral membrane pitch [mm] 50
No Wall Membranes
Number of membranes [-] 36 18 32 16
Total membrane area [cm2] 163 81.4 145 72.4
Min/max starting width of tubes [mm] 50/75 50/75 75/75 75/75
Starting height of tubes [mm] 25 225 25 225
Axial & lateral membrane pitch [mm] 50
Tubes
Number of membranes [-] 36 18 32 16
Number of inactive tubes [-] 8 4 16 8
Total membrane area [cm2] 163 81.4 145 72.4
Min/max starting width of tubes [mm] 25/50 25/50 25/25 25/25
Starting height of tubes [mm] 25 225 25 225
Axial & lateral membrane pitch [mm] 50

Table 6.2: Summary of TFM simulation settings for all horizontal membrane cases.

Quantity Setting Quantity Setting
Width (x) 0.30 m u/umf 3.0
Height (y) 0.90 m umf 0.21 m s−1

Depth (z) 0.015 m DH2 1.0 · 10−4 m2 s−1

Nc,width 150 Qm 4.30 · 10−3 mol m−2 s−1 Pa−n

Nc,height 450 n 0.50
dm 9.6 mm XH2,init 0.25
dp 500 µm poutlet 1.6 · 105 Pa
ρp 2500 kg m−3 Pperm 0.01 · 105 Pa
epp, epw 0.97 tsim 30 s
T 678 K ∆tmax

sim 1 · 10−5 s
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to the cases with membrane tube banks. The performance of various membrane tube bank
con�gurations will be compared and the �uxes at di�erent locations in the bed will be in-
vestigated to investigate the main possibilities to improve the membrane placement, and
hereby the system’s performance. Finally, the hydrodynamic phenomena occurring in the
tube bank systems will be quanti�ed. From these results, design guidelines for �uidized
beds with horizontally immersed membranes can be derived, which will help in the further
exploitation of �uidized bed membrane reactor systems.

6.3 Results and discussion
6.3.1 Mass transfer phenomena around horizontally immersed

membranes
First, the cases with a single membrane are discussed to identify the mass transfer phenom-
ena in the system, after which results for the membrane tube banks cases will be described.
The single membrane cases show that the placement of the membranes is critical for their
performance. Both the membrane in the middle and the one near the wall su�er from a
reduced hydrogen �ux at the top of the membrane, where the membrane in the middle still
outperforms the membrane near the wall by a factor 2, as shown by the angular hydrogen
�ux pro�les in Figure 6.2a. The �ux is reduced at the top because the top of the membrane
is shielded from the upward gas �ow (preventing hydrogen replenishment) and because
densi�ed zones prevail on top of the membrane.

Low gas dispersion may be part of the cause for the reduced hydrogen concentrations
on top of the membranes. In Figure 6.2b, the importance of gas dispersion is shown by com-
paring cases with di�erent dispersion coe�cient (assumed constant throughout the entire
bed). As expected, higher dispersion coe�cients result in higher permeation �uxes. How-
ever, for all cases the �ux on top of the membrane is still only about half the �ux at the
bottom, and thus the non-uniform �ux distribution around the membrane has not changed.
This suggests that a higher mixing e�ciency is required to exchange and refresh the den-
si�ed zone at the top of the membranes more regularly. A higher dispersion coe�cient
thus helps increasing the overall performance of the membranes. A method to increase gas
dispersion is to increase the particle size, but one has to keep in mind that increasing the
particle size could increase internal mass transfer limitations for catalytic reactions such as
SMR and WGS. Another possible strategy to reduce the mass transfer limitations to the top
of the membranes could be a non-uniform (pulsating) inlet gas �ow, but this is not explored
further in this chapter.

6.3.2 Mass transfer limitations for tube banks
The performance of the membranes at various positions in the tube banks has been ana-
lyzed. It is found that the main mass transfer limitations in �uidized beds with horizontally
immersed membrane tube banks are at the membranes located near the bed walls (see Fig-
ure 6.3). The time-averaged hydrogen mole fractions are lowest on top of the membranes
near the walls. For the full in-line con�guration (Figure 6.1c) the time-averaged hydrogen
�ux of the membranes at the walls is not even half the �ux of the membranes in the middle,
which is similar to the single membrane cases. The �ux of the membranes in the center
of the bed does show a similar pro�le over the membrane circumference as the �ux of the
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membranes near the walls, i.e. the mass transfer is mostly limited on top of the membranes,
whereas the best performance is found at the bottom of the membranes.

(a) a single membrane in the middle of the bed or
near the wall.

(b) a single membrane in the middle of the bed at
three di�erent dispersion coe�cients.

Figure 6.2: Comparison of the time-averaged hydrogen �uxes for the simulation cases with:

Figure 6.3: Time-averaged hydrogen �ux at various angles around the membranes, and
a snapshot of time-averaged hydrogen mole fractions, both displayed for the full inline
membrane tube bank con�guration.
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The �ux pro�les can be related to hydrodynamic e�ects that have already been observed
in Chapter 5, where densi�ed zones and gas pockets were posed as potential mass transfer
limitations. In the next section, the e�ect of densi�ed zones and gas pockets on hydrogen
mass transfer towards horizontal membranes will be discussed in more detail. Furthermore,
the gas �ow pro�les will be looked at to investigate how the hydrogen is distributed along
the membranes.

6.3.3 Densified zones, gas pockets and gas flow profiles
Gas pockets and densi�ed zones are observed in the TFM simulations. Gas pockets are
formed because the downward movement of solids shields the lower side of the membrane,
causing areas with very little solids content to form underneath the membranes. Gas pock-
ets most often appear at membranes near the walls, can be found underneath all horizontally
immersed membranes.

Figure 6.4: Snapshots of the solids hold-up, hydrogen mole fraction and gas velocity stream-
lines around a horizontally immersed membrane right before and while a gas pocket ap-
pears.

No signi�cant e�ect of the gas pockets on the mass transfer rate towards the membranes
was found. Figure 6.4 shows two snapshots, one taken just before the gas pocket appears,
and one while the gas pocket was at its largest size. Similar to regular bubbles in �uidized
beds, the gas mixture follows the path of least resistance and therefore �ows through ar-
eas with the lowest particle content, such as gas pockets. The streamlines show that the
gas �owing around the membrane has a signi�cant e�ect on where reduced hydrogen con-
centrations are observed. The gas cannot easily �ow to the top of the membranes, which
enables solids to be accumulated there (densi�ed zones), making it more di�cult to quickly
replenish hydrogen.

Densi�ed zones can be present on top of the membranes anywhere in the reactor, but
they mostly prevail at the membranes that are located near the bed walls, because the solids
�ow downwards onto the top of the membranes there. This is because the time-averaged
solids circulation pattern in the simulations shows an upwards motion in the center of the
bed, while the solids �ow down along the walls. This is a generically seen �ow pattern,
also for �uidized beds without internals [11, 46, 13]. The time-averaged hydrogen mole
fractions in Figure 6.5 show that the densi�ed zones have a detrimental e�ect on the mass
transfer rate towards the membrane. On top of the membrane, the hydrogen mole fractions
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Figure 6.5: Snapshot of the time-averaged solids hold-up and hydrogen mole fractions in a
�uidized bed with a full in-line membrane tube bank.

Figure 6.6: Gas velocities in m s−1 (left) and gas �ux in kg m−2 s−1 (right) at di�erent
heights in a �uidized bed with a full in-line membrane tube bank.

(thus also the �uxes) are signi�cantly lower compared to elsewhere around the membrane.
The e�ect is most pronounced for membranes near the walls, but also for membranes in the
middle of the reactor a lower hydrogen �ux was observed on top of the membrane compared
with the �ux at the bottom. This is intrinsic to the way the membranes are placed compared
to the �ow direction. The gas cannot always reach the top of the membrane easily, because
the membrane shields its own top-side. In Figure 6.3 this is also visible, because the time-
averaged hydrogen �ux is also lower on top of the membranes in the middle.
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Figure 6.6 shows that an important cause for the formation of densi�ed zones is that gas
cannot easily reach the wall membranes. There is gas back mixing, especially in the top of
the bed where the highest solids velocities are found, which means the solids are pushing
some of the fresh hydrogen away from the membranes. The gas has insu�cient momentum
near the walls to move the downward �owing solids away from the membranes near the
walls.

6.3.4 E�ect of tube bank configurations on hydrogen flux and recovery
Hydrogen flux

The main mass transfer limitations towards the membranes have already been identi�ed
near the bed walls. This section will quantify how the mass transfer limitations a�ect the
�ux of various membrane tube bank con�gurations. The left graphs of Figure 6.7 and Fig-
ure 6.8 present the time-averaged hydrogen �ux pro�les averaged over the membranes’
horizontal location for all the full in-line and half in-line con�gurations. For the full and
half in-line con�gurations, the membranes near the walls perform approximately three to
�ve times worse than the membranes in the middle of the reactor. Adding inert tubes near
the walls does not have a signi�cant e�ect on the system performance. The polar plots in
Figure 6.7 and Figure 6.8 show that when active membranes are placed at the walls, the �ux
averaged over all membranes in the bed is reduced. The in-line con�gurations with half
tube banks show similar behavior to the full tube bank con�gurations. The �ux is slightly
higher for the membranes in the middle of the half tube bank con�gurations, because in
the full tube bank con�gurations a lot of the hydrogen has already been extracted before it
reaches the highest positioned membranes, which results in lower �uxes for the membranes
in the top, and thus it lowers the average membrane performance.

In general, the �ux is more equally distributed over the width in the full staggered con-
�guration than in the full in-line con�guration (see Figure 6.9). Some of the membranes

Figure 6.7: Time-averaged �ux for the full in-line tube bank con�gurations without wall
membranes, with inert tubes at the walls and with wall membranes; (left) �ux versus rel-
ative reactor width (right) �ux averaged over all membranes at various angles around the
membranes.
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Figure 6.8: Time-averaged �ux for the half in-line tube bank con�gurations without wall
membranes, with inert tubes at the walls and with wall membranes; (left) �ux versus rel-
ative reactor width (right) �ux averaged over all membranes at various angles around the
membranes.

Figure 6.9: Time-averaged �ux for the full staggered tube bank con�gurations without wall
membranes, with inert tubes at the walls and with wall membranes; (left) �ux versus rel-
ative reactor width (right) �ux averaged over all membranes at various angles around the
membranes.

closest to the walls that have not been removed in the full staggered con�guration still have
reduced �ux compared to the center ones. However, the di�erence between the lowest and
the highest �ux is only a factor two, which means that the staggered tube bank con�gura-
tion performs better than the in-line one. In general, the results show that membranes that
are approximately within 8 cm distance of the walls (about 20% of the total bed width) su�er
from reduced �uxes. Because the gas cannot channel through the staggered membrane tube
banks, the membranes near the walls perform better in a staggered con�guration than in an
in-line one. The next sub-section on hydrogen recoveries will show how the gas channeling
a�ects the membrane performance.
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Hydrogen recovery

The performance of the membrane tube bank con�gurations with and without membranes
near the walls is compared. The overall hydrogen recoveries have been calculated for all
cases by dividing the amount of hydrogen extracted via the membranes by the total amount
of hydrogen fed (Figure 6.10 left). Especially when moving towards large-scale production
of hydrogen via SMR and WGS, the overall recovery should be high to ensure high reaction
rates and su�cient hydrogen extraction. Because the con�gurations have a di�erent num-
ber of membranes (and thus a di�erent membrane area), the overall recoveries do not tell
the full story on the reactor performance. The average recoveries per membrane for each
con�guration have therefore been calculated (Figure 6.10 right).

The wall membrane cases have higher overall recoveries than the cases without wall
membranes because they have more membranes, which results in more hydrogen being ex-
acted, and there is less hydrogen by-pass. The cases with inactive tubes near the walls do
not perform better or worse than the cases without membranes near the walls. The per-
formance per membrane shows that for the full and half staggered cases there is a clear
increase in performance when wall membranes are removed. The in-line cases do not show
this trend, which suggests that the channeling and bypassing of hydrogen is quite signi�-
cant for these cases, and that moving membranes too far away from the walls reduces the
average membrane performance. Systems with horizontally immersed membranes should
thus be designed in a way that membranes are in a staggered con�guration, and that mem-
branes are not too close to the walls (to prevent low �uxes by these membranes) but also
not too far away from the reactor walls (to prevent hydrogen slip). The staggered con�gu-
ration also showed lower �ux changes over the reactor width. It should be noted that the
recoveries in these simulation systems are fairly low because the gas pressure is relatively
close to ambient pressure, which causes the permeation �ux to be low and therefore more
membranes are required to achieve higher recoveries.

Figure 6.10: (left) Overall hydrogen recoveries for all simulations, (right) average hydrogen
recovery per membrane.



6.3. Results and discussion 115

6.3.5 Bubble properties
To quantify the e�ect of the tube bank con�gurations on the bubbles, the bubble size distri-
butions and equivalent bubble diameters of the full and half tube bank con�gurations are
presented in Figure 6.11 and Figure 6.12. The bubble properties have been obtained with
the Digital Image Analysis (DIA) code from Chapter 5, which was adapted for OpenFOAM
simulation data. In this chapter, bubbles are de�ned as areas with a solids hold-up of 20% or
less. The bubble size distributions show that having immersed tubes that start at the bottom
of the bed and move all the way to the top of the bed signi�cantly increases the number
of small bubbles. The bubble size in full banks also increases slower with axial position
than for the half bed. The bubble size increase levels o� at around 4.5 to 5 cm, which is ap-
proximately the distance between two membranes (the ’pitch’). The bubble cutting e�ect of
horizontally immersed membranes can thus clearly provide a hydrodynamic advantage for
�uidized bed membrane reactors by increasing the bubble-to-emulsion phase mass transfer.

Figure 6.11: Bubble size data of the full and half in-line tube bank con�gurations with wall
membranes; (left) bubble size distributions (right) Bubble diameters at various axial posi-
tions.

Figure 6.12: Bubble size data of the full and half staggered tube bank con�gurations with
wall membranes; (left) bubble size distributions (right) Bubble diameters at various axial
positions.
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Figure 6.13: Bubble size data of the full in-line tube bank con�gurations without wall mem-
branes, with inert tubes at the walls and with wall membranes; (left) bubble size distribu-
tions (right) Bubble diameters at various axial positions.

Figure 6.14: Bubble size data of the full staggered tube bank con�gurations without wall
membranes, with inert tubes at the walls and with wall membranes; (left) bubble size dis-
tributions (right) Bubble diameters at various axial positions.

The bubble size distributions and equivalent bubble diameters for all the full in-line cases
and all the full staggered cases are presented in Figure 6.13 and Figure 6.14. The e�ect of the
removal of wall membranes on the bubble size is negligible for both the full in-line and full
staggered cases. Similar to the hydrogen �ux, the addition of inert tubes near the walls does
not cause a signi�cant performance change, therefore making the inert tubes redundant for
this speci�c purpose. The explanation that bubbles are almost una�ected by the removal
of wall membranes is similar to why the membranes at the walls perform worse than those
in the middle of the reactor. Gas bubbles move mostly towards the center, and solids move
down near the walls. Especially in a 30 cm wide �uidized bed, the small bubbles in the bot-
tom of the bed move towards the center because of bubble coalescence, so that most of these
bubbles do not even �ow past the membranes at the walls. To conclude, wall membranes
reduce the overall membrane performance and they do not o�er a hydrodynamic advantage
to the system, so they can better be left out of the reactor for these purposes.
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6.4 Conclusions
In this chapter we have used a TFM to simulate �uidized beds with horizontally immersed
membranes. The membrane performance was studied for single membrane and tube bank
cases for hydrogen separation from a binary H2/N2 mixture. The simulations clearly show
that the hydrogen permeation �ux is not uniform along the circumference of the mem-
branes. The lowest �ux was found on top of the membranes and the highest �ux was found
at the bottom of the membranes, because the top of the membranes is shielded from upwards
�owing gas.

In systems with tube banks of horizontally immersed membranes, the membranes placed
close to the bed walls have a signi�cantly lower �ux than membranes placed in the center
of the bed. The down �ow of solids causes gas back-mixing near the �uidized bed walls,
and densi�ed zones occur here, which block fresh hydrogen from reaching the membranes.
Contrary to densi�ed zones, gas pockets have no negative e�ect on the mass transfer of hy-
drogen towards the membranes. Nevertheless, gas pockets could reduce the performance
of catalytic systems. Gas pockets contain almost no solids, so in catalytic systems reduced
reaction rates are expected in the gas pockets, which could reduce hydrogen production
close to the membranes.

The average system performance increases when the membranes near the walls are
removed. When membranes are placed too far from the bed wall, hydrogen recoveries
drop because there is too much gas bypassing. For this reason, the staggered placement of
membranes is preferred and the in-line placement of membranes should be avoided. The
placement of membranes is critical for the system performance, so future studies should
look at the e�ect of the axial and lateral membrane pitch on the system performance.

The addition of inactive tubes near the bed walls did not improve the system perfor-
mance, because most of the gas and bubbles move through the middle of the reactor. In
principle these inactive tubes can be left out of the reactor, but they may be of use when
additional heat needs to be supplied or withdrawn from the system, or they can be used
to selectively add oxygen to the system to combust some of the hydrogen to enable auto-
thermal operation.

Now �uidized beds with horizontally immersed membranes have been studied and un-
derstood, the next step towards industrial realization of these systems is the actual produc-
tion of hydrogen. the next chapter will focus on catalytic Steam Methane Reforming and
Water Gas Shift in �uidized bed reactors with horizontally immersed membranes for the
production of ultra-pure hydrogen.
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Nomenclature

Symbols
D Dispersion coe�cient [m2 s−1]
d Diameter [m]
e Restitution coe�cient [-]
N Number [-]
n Sieverts’ law power [-]
P Partial pressure [Pa]
p Pressure [Pa]
Qm Membrane permeance [mol m−2 s−1 Pa−0.5]
T Temperature [K]
t Time [s]
u Velocity [m s−1]
X Mole fraction [-]
x Width position [m]
y Height position [m]
z Depth position [m]

Greek letters
ρ Density [kg m−3]

Subscripts & superscripts
c Cells
init Initial
m Membrane
max Maximum
mf Minimum �uidization
p particle
perm permeate side
pp Particle-particle
pw Particle-wall
sim Simulation

Abbreviations
CFD Computational Fluid Dynamics
FI Full In-line
FS Full Staggered
HI Half In-line
HS Half Staggered
NWM No Wall Membranes
T Tubes
TFM Two-Fluid Model
WM Wall Membranes
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7
Modeling of high pressure hydrogen

production in fluidized bed membrane
reactors

Hydrogen production via Steam Methane Reforming (SMR) in �uidized bed reactors with hor-
izontally immersed membranes was simulated to study the e�ects of hydrogen extraction via
membranes on the hydrodynamic, mass transfer and kinetic phenomena. Extraction of hydro-
gen increases the reaction rates, which results in higher methane conversions at lower temper-
atures. The reaction rates increase because the hydrogen extraction increases the reactant con-
centration around the membranes. Hydrogen extraction also moves the reaction further from
its equilibrium. At lower temperatures, the reaction kinetics are limiting, whereas at higher
temperatures, the system is limited by bubble-to-emulsion mass transfer. To avoid kinetic lim-
itations at lower temperatures, a more active catalyst can be used, which has e�ects similar
to increasing the temperature. To increase the industrial relevance of �uidized bed membrane
reactors, high pressure hydrogen production was investigated. Hydrogen production, elevated
pressures and the addition of immersed membranes signi�cantly a�ect the porosity distribution
of the bed. The equilibriummethane conversion greatly reduces with increasing pressure, which
decreases reactor performance, and hydrogen extraction via the membranes only has limited
e�ects on the methane conversion. In kinetically limiting systems, the lateral hydrogen �uxes
at the membrane surface are equally distributed because a signi�cant amount of hydrogen is
produced locally, whereas in systems that are not kinetically limited, especially the membranes
in the top of the bed show reduces hydrogen �uxes near the walls, because the system is close
to its equilibrium and the membranes are mainly used for hydrogen separation.

119
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7.1 Introduction
In previous chapters the performance of �uidized beds with horizontally immersed mem-
branes that separate hydrogen from a binary gas mixture was investigated, as well as the
design challenges that these systems have, such as the best membranes positioning. In
this chapter, this work is extended by studying hydrogen production via Steam Methane
Reforming (SMR) in �uidized beds reactors with horizontally immersed membranes. Hy-
drogen extraction drives the reaction equilibrium towards the product side, which increases
the reaction rate and methane conversion. It has been experimentally demonstrated that a
�uidized bed membrane reactor for hydrogen extraction via Pd-based membranes can per-
form well up to 550-600 ◦C [4]. Temperatures above 600 ◦C should be avoided when using
palladium-based thin-�lm membranes, because the membrane’s chemical and mechanical
stability is seriously a�ected [118].

Studies on hydrogen production via SMR have already been performed by other au-
thors [119, 120, 121, 122, 123, 124], however, these studies either do not focus on �uidized
beds, or they do not focus on utilizing hydrogen perm-selective membranes to increase the
reactor performance at relatively low temperatures. Especially experimental studies on hy-
drogen production are limited in their possibilities to describe the transport phenomena
occurring in the reactor, because often they can only obtain data on macroscopic quantities
such as reactant conversions, product yields, hydrogen separation factors and hydrogen
recoveries, whereas Computational Fluid Dynamics (CFD) simulations can quantify local
phenomena from the computed local concentration pro�les, such as information on the
spatial distribution of the local hydrogen production rates, bubble-to-emulsion phase mass
transfer and concentration polarization around the membranes. Moreover, with CFD mod-
els these phenomena and their contribution to the reactor performance can be quanti�ed
separately, which is not possible or very di�cult from experiments or phenomenological
models.

Previous CFD studies on �uidized bed membrane reactors have mostly investigated �u-
idized bed hydrodynamics [125, 13]. Apart from the previous chapters in this work, only
few studies have investigated FBMRs with CFD models and focused on mass transfer phe-
nomena and/or chemical reactions [15, 126, 87]. These studies show that membranes indeed
improve the performance of the system and that working at elevated pressure could further
improve this concept for large-scale hydrogen production. However, the e�ect of hydrogen
perm-selective membranes on the local hydrogen production rate and reaction equilibrium
have not been studied in detail in literature, whereas this is an interesting research topic
that could lead to better understanding of the FBMR concept and further improvement of
phenomenological models for FBMRs.

For the industrial exploitation of FBMR systems, high pressure operation is very inter-
esting. Hydrodynamic studies on high pressure �uidization have speci�cally focused on the
e�ects of elevated pressures on the �uidized bed hydrodynamics [127, 128], which showed
changes in hydrodynamics can lead to faster solids mixing and more e�ective interaction be-
tween bubbles and emulsion phase. These hydrodynamics changes provide a homogeneous
distribution of both phases which narrows down the bubbling regime and leads to a quick
transition to the turbulent regime [129, 130]. However, these studies have not included the
e�ects of high pressure operation on the hydrogen production rate and concentration polar-
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ization around the hydrogen perm-selective membranes. According to the reaction kinetics
for SMR and WGS over a nickel catalyst by Numaguchi and Kikuchi [41], the reaction rates
increase with increasing pressure, however, the equilibrium methane conversion and equi-
librium hydrogen concentration both decrease signi�cantly at higher operating pressures.
The e�ect of elevated pressure on the total hydrogen �ux through the membrane is as well
expected to be positive [131, 132], especially when taking into account the additional gas
that is fed to the system due to the pressure increase, but the decrease in the equilibrium
hydrogen concentration reduces this e�ect. A full analysis of simulations with hydrogen
production via SMR and WGS in �uidized beds with hydrogen extraction via tube banks
of horizontally immersed palladium-based membranes at various pressures will ultimately
lead to further design optimization of FBMRs.

In this chapter, TFM simulations will be used to visualize and quantify the e�ect of
hydrogen production via SMR on the hydrodynamics, mass transfer and reaction phenom-
ena occurring in FBMRs. The membrane con�guration will again play an important role,
especially because local hydrogen production can result in di�erent hydrogen �ux trends
compared to those described in Chapter 6, especially when operating at higher pressures.
The simulations in this chapter will be performed in rectangular pseudo-2D �uidized beds
with horizontally immersed membranes, similar to the work described in Chapter 5 and
Chapter 6. The horizontal membrane tube banks have great potential for industrial ap-
plications, because the membranes do not only extract hydrogen, but they also improve
the bubble-to-emulsion phase mass transfer rates by enhanced bubble breaking up. Fur-
thermore, pseudo-2D �uidized beds are good learning systems and a signi�cant amount of
simulation time is saved by using them compared to full 3D systems.

The next section will de�ne the most important parameters used to quantify the simu-
lation results, after which the simulation settings and geometries are discussed. Then, the
results of the simulations are presented, which investigate the e�ect of the membranes’ hy-
drogen permeation on hydrogen production, mass transfer phenomena with and without
kinetic limitations, the e�ect of elevated pressure on the reactor, concentration polarization
and membrane placement. Finally, the conclusions of this chapter are presented.

7.2 Definitions, se�ings and geometries
To simulate hydrogen production, the chemical species balances of hydrogen, methane, wa-
ter (steam), carbon monoxide and carbon dioxide were added to the model, along with the
Numaguchi and Kikuchi [41] reaction kinetics for SMR and WGS over a nickel catalyst.
The details on the kinetics and their implementation have been elaborated and thoroughly
veri�ed in Chapter 2. It is noted that the simulations in this chapter have assumed isother-
mal conditions and do not include coke formation on the catalyst particles by assuming a
su�ciently high solids mixing and steam-to-carbon ratio. Before the simulation settings
and reactor con�gurations are discussed, �rst some parameter de�nitions are presented to
quantify the phenomena that occur in FBMRs.

7.2.1 Definitions
Extraction of hydrogen via the membrane moves the reaction away from equilibrium, to-
wards the product side. Relative equilibrium ratios are used to quantify how close the re-
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action is to its equilibrium (see Equation 7.1 and Equation 7.2). A low equilibrium ratio
indicates that the reaction is far from its equilibrium and a high ratio indicates that the
reaction is close to its equilibrium. The integration of membranes into a �uidized bed is ex-
pected to decrease the local equilibrium ratios around the membranes improving the overall
performance of the reactor compared to a reactor without membranes.

BSMR =

(
PCOP

3
H2

PCH4
PH2O

)
Keq,SMR

(7.1)

BWGS =

(
PCO2

PH2

PCOPH2O

)
Keq,WGS

(7.2)

Next to the equilibrium ratios, the methane conversion and mixing cup concentration
are de�ned in Equation 7.3 and Equation 7.4. The methane conversion is used to quantify
the overall performance of the reactor, whereas the mixing cup concentration is used to
quantify the bubble and emulsion phase concentrations, which indicates whether a system
is limited by the reaction kinetics or by bubble-to-emulsion mass transfer rates.

χCH4
=
F inCH4

− F outCH4

F inCH4

(7.3)

Xi,mc =

∫
Xiug,axialdA∫
ug,axialdA

(7.4)

To quantify the concentration polarization around a membrane, Caravella et al. intro-
duced the E�ective Average Concentration Polarization Coe�cient (EAC) with the expres-
sion given in Equation 7.5 [133]. This coe�cient compares the actual permeation rates of
the membrane to the highest achievable permeation rate when the bulk concentration is
reached. The bulk hydrogen partial pressure in this work is de�ned as the hydrogen partial
pressure found 0.5 cm below the surface of a horizontally immersed membrane. The EAC
ranges from 0 to 1, where 0 represents severe concentration polarization and 1 represents
no concentration polarization.

EAC =
Actual H2 permeation rate
Qm

[(
P bulk
H2

)n − (P perm
H2

)n] (7.5)

To be able to directly compare the e�ect of elevated pressure on the hydrogen �ux, the
corrected �ux is introduced in Equation 7.6. The corrected �ux for the elevated pressure
cases is calculated with the base case pressure (1.5 bar) instead of the elevated pressure
(8, 16 or 32 bar), to account for the increased amount of gas that is fed to the reactor at
high pressure. By correcting the �ux in this way, only the e�ects of the hydrodynamics and
kinetics on the �ux are taken into account. Any possible e�ect of pressure on membrane
permeability has not been considered.

Jcorr = Qm
[(
pbase caseX

ret
H2,high pres.

)n − (P perm
H2

)n] (7.6)



7.2. Definitions, settings and geometries 123

7.2.2 Se�ings and geometries

Grids similar to the ones used in Chapter 6 were also used for this chapter. The results
of Chapter 6 show that horizontally immersed membranes can be placed closer together
than 5 cm without them competing for hydrogen, so in this chapter the membranes have
an axial and lateral pitch of 4 cm. It is likely that an even smaller membrane pitch could
be possible without adverse e�ects on the membrane permeation �uxes, however, a smaller
membrane pitch would also require more membranes and thus more grid cells, resulting in
even longer simulation times. The systems that are studied in this chapter and the simula-
tion settings are presented in Figure 7.1 and Table 7.1. Case ’a’ in this �gure refers to the
base case, which has been used to test the e�ect of the membranes (active/inactive, high or
low permeability), operation temperature, active catalyst fraction, faster reaction kinetics
and operation pressure. An overview of all the simulations is provided in Table 7.2. All the
simulations have been started with an initial solids hold-up of 55%. A particle diameter of
500 µm is used, mainly because this will reduce the e�ect of densi�ed zones as a result of
the hydrogen extraction [13, 111, 12, 11].

By performing the base case simulation with active and inactive membranes, the ef-
fect of the membranes on the local reaction rates, reaction equilibrium, concentrations and
hydrodynamics are quanti�ed. Performing simulations at 823 K and 923 K will show the
di�erence between a kinetically and a mass transfer limited system, because in this temper-
ature range the SMR and WGS reaction rates increase signi�cantly. By testing low and high
membrane permeances, the e�ect of further membrane improvement on the formation of
densi�ed zones and methane conversion is quanti�ed. Moreover, simulating the e�ect of an
increased permeance will determine whether the main focus of further FBMR development
should be on improving the thermal stability of the membranes or on increasing the mem-

Figure 7.1: Con�gurations for the simulated grids: (a) Base case (65 membranes); (b) Base
case without membranes near the walls (55 membranes); (c) Base case with additional hor-
izontal membranes near the wall (75 membranes); (d) Base case without membranes. All
measures are given in mm.
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Table 7.1: Simulation settings.

Quantity Setting Quantity Setting
δwidth 2.0 mm T 823; 923 K
δheight 2.0 mm Qm low 4.30 · 10−3 mol m−2 s−1 Pa−n

ug,in 0.42 m s−1 Qm high 2.15 · 10−2 mol m−2 s−1 Pa−n

ρp 2500 kg m−3 n 0.50
ωcat 0.10; 0.20; 0.37 pout 1.5; 8; 16; 32 bar
dm 9.6 mm Pperm 0.01 · 105 Pa
dp 500 µm tsim 30 s
epp, epw 0.97 ∆tmax

sim 1 · 10−5 s

brane permeance at lower temperatures. By comparing the Numaguchi and Kikuchi kinetics
for nickel catalysts [41] with ten times faster kinetics at 823 K, the e�ect of removing kinetic
limitations at 823 K is quanti�ed. The results for faster kinetics will show how more active
catalysts, for example a rhodium-based catalyst, would a�ect a kinetically limited system at
lower temperatures. Finally, the e�ects of high pressure operation on the FBMRs hydrody-
namics, mass transfer phenomena and kinetics are discussed. It must be noted that, in order
to reduce the number of variables that change in the simulations thereby complicating the
interpretation of the results, the e�ect of high pressure on the permeance was not taken
into account. The inlet gas composition for all the reactive simulations is presented in Ta-
ble 7.3 and a steam-to-methane ratio of 3 was used. The initial concentrations of hydrogen,
carbon monoxide and carbon dioxide were set to a small value to avoid divisions by zero in
the kinetic rate equations. The dispersion coe�cients for these components have been cal-
culated according to Fuller’s equation [40], assuming binary dispersion of each component
in excess steam.

In addition to the aforementioned cases, which were all based on con�guration ’a’ in
Figure 7.1, additional simulations at 823 K with con�gurations ’b’ and ’c’ have been per-
formed to investigate di�erent options for membrane placement in reactive systems. In case
’b’, the 10 membranes closest to the wall have been removed and in case ’c’ 10 additional
membranes have been placed very close to the walls. Additionally, a separation-only base
case simulation without hydrogen production, with an inlet composition of 25 mol % hy-
drogen and 75 mol % steam, was used to quantify the di�erence between separation-only
and combined separation and reaction. The 25 mol % of hydrogen was selected because
it is comparable to the average hydrogen concentration in a reactive system. By perform-
ing these simulations under reactive conditions, the di�erences and similarities between a
system with only hydrogen separation and a system with both hydrogen production and
separation are quanti�ed.

Con�guration ’d’ in Figure 7.1 is used to perform simulations without reaction with-
out membranes and simulations with reaction without membranes at pressures from 1.5 to
32 bar, and their results are used to understand the e�ect of hydrogen production in the
absence of membranes. Especially the isolated e�ect of local hydrogen production on the
porosity distributions in the �uidized bed is an important focal point of these simulations.
The results of all the simulations discussed in this section are presented in the next section.
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Table 7.2: Overview of the simulations and con�gurations used in this work. Conf. stands
for Con�guration, N&K stands for Numaguchi and Kikuchi.

Simulation Conf. T pout ωcat Qm Kinetics Memb.
[K] [bar] [−]

Base case a 823 1.5 0.37 Qm low N&K Active
Inactive memb. a 823 1.5 0.37 n/a N&K Inactive
High temp. a 923 1.5 0.37 Qm low N&K Active
High permeance a 823 1.5 0.37 Qm high N&K Active
10% active cat. a 823 1.5 0.10 Qm low N&K Active
20% active cat. a 823 1.5 0.20 Qm low N&K Active
Fast kinetics a 823 1.5 0.37 Qm low 10*N&K Active
Base case 8 bar a 823 8 0.37 Qm low N&K Active
Base case 16 bar a 823 16 0.37 Qm low N&K Active
Base case 32 bar a 823 32 0.37 Qm low N&K Active
Separation a 823 1.5 0.37 Qm low None Active
Less wall memb. b 823 1.5 0.37 Qm low N&K Active
More wall memb. c 823 1.5 0.37 Qm low N&K Active

Reaction,
no membranes
(1.5 – 32 bar)

d 823 1.5 0.37 n/a N&K n/a
d 823 8 0.37 n/a N&K n/a
d 823 16 0.37 n/a N&K n/a
d 823 32 0.37 n/a N&K n/a

No reaction,
no membranes
(1.5 – 32 bar)

d 823 1.5 0.37 n/a n/a n/a
d 823 16 0.37 n/a n/a n/a
d 823 32 0.37 n/a n/a n/a

Table 7.3: Initial mole fractions for each component for all reactive simulations.

Component Initial mole fraction
CH4 0.2485
H2O 0.7483
H2 0.0029
CO 0.0002
CO2 0.0001

7.3 Results and discussion
7.3.1 E�ect of hydrogen permeation on reaction
The most interesting phenomena occurring in �uidized bed membrane reactors and their
performance will be discussed in this section. The e�ect of active and inactive horizontally
immersed hydrogen perm-selective membranes on the time-averaged combined SMR and
WGS reaction rates and the chemical component mole fraction pro�les are presented in
Figure 7.2. The reaction rates around the inlet are similar for both cases, where the active
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membranes case is at most 8% better than the inactive membranes case. However, once
the gas has passed by the �rst row of membranes, clear di�erences in the reaction rates
are visible. Especially around the active membranes the reaction rates are signi�cantly
higher compared to around inactive membranes, which is caused by the removal of hydro-
gen thereby increasing the concentrations of the reactants. The reaction rates near the top
membrane row are between 15% to 25% higher when the membranes are active, the reaction
rates around the active membranes in the top of the bed are still close to the reaction rates
at the inlet of the reactor, even though the methane concentration has reduced signi�cantly.
The axial decrease in the reaction rates in-between the membranes is about 50%, whereas
the reaction rates at the surface of the membranes in the top of the bed are only about 15%
lower than the reaction rates at the surface of the membranes near the inlet. Note that the
changes in reaction rates largely occur in the center of the bed, where the methane and
steam concentrations are highest, because the gases follow the bubbles that pass mostly
through the center of the bed due to bubble coalescence. Near the bed walls, the residence
time of the gas is larger due to the solids down �ow and the no-slip boundary condition,
which explains the local increase in hydrogen production. Moreover, the SMR and WGS
reactions are closer to their equilibrium near the walls than in the center of the bed, which
is a result of this increase in local hydrogen concentrations (see Figure 7.3). Insu�cient
membranes are present near the walls to extract the excess hydrogen to subsequently de-
crease the local equilibrium ratio and to increase the local reaction rates. Similar trends
are observed for the case with inactive membranes, which shows that the reduced methane
and steam concentrations near the wall play an important role in the decrease of the local
reaction rates.

Hydrogen extraction also has a clear e�ect on the concentrations of the chemical compo-
nents around the membranes. The hydrogen concentrations around the active membranes
are, as expected, lower than elsewhere in the reactor due to the selective extraction of hy-
drogen via the membranes. Removal of hydrogen around the membranes increases the local
methane and steam concentrations compared to the concentrations further away from the
membranes, which increases the local reaction rates. Moreover, the simulations show that
the backward reactions, the reactions towards the methane and steam side, are negligible
for both the active and inactive membrane cases; they are 40 to 70 times lower than the re-
action rates towards hydrogen, which shows that the membranes increase the local reaction
rates by increasing the local concentrations of the reactants.

When looking in more detail at the reaction rates, often the increased reaction rates in
close vicinity of the membranes have an ovoid shape, where the longest part of its major
axis is on top of the membranes. The ovoid pro�les around the membranes occur partially
because the membranes are shielded from convective hydrogen replenishment from the
bulk and thus local mass transfer relies mostly on dispersion. Furthermore, mass transfer is
hindered even more by the increased solids hold-up on top of the membranes, also known
as densi�ed zones (see Figure 7.4), which have been discussed in Chapter 5 and Chapter 6.

The CO concentration plot in Figure 7.2 deviates from the others, because CO is both
a product of SMR and a reactant for WGS. In the lower regions of the column, CO still
needs to be produced by SMR, which explains the low WGS reaction rates near the inlet.
Near the walls, the increased hydrogen concentrations and reduced methane and steam
concentrations limit local CO production, whereas higher in the reactor and around the
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Figure 7.2: Surface plots of the time-averaged reaction rates and time-averaged hydrogen,
methane, steam, carbon monoxide and carbon dioxide concentrations in a reactor with ac-
tive and inactive hydrogen perm-selective membranes.

membranes, high CO concentrations are found. The SMR reaction rates are higher than the
WGS reaction rates, so CO production is favored over its consumption and the high bubble,
gas and solids �uxes in the top center of the reactor, combined with hydrogen extraction
via the membranes, increase the local CO concentrations. A further notable result of the
hydrogen extraction is that the CO2 concentrations are much higher than when no hydrogen
is extracted. This is an expected result of the WGS reaction, because CO2 is produced by
WGS in equimolar quantities as hydrogen, so more hydrogen production by WGS will result
in more CO2 production.
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Figure 7.3: (left) Surface plots of the time-averaged reaction rates for SMR and WGS in
reactors with active and inactive membranes and (right) equilibrium ratios for the SMR and
WGS in reactors with active and inactive membranes.

Figure 7.4: Polar plot of the time-averaged solids hold-up around the �rst membrane from
the left in the �fth row.
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The separate reaction rates for each reaction in Figure 7.3 show that SMR accounts for
most of the hydrogen production and is also more a�ected by the membranes than the WGS
reaction, because the SMR equilibrium ratio is lower than the WGS equilibrium ratio. This
is expected, because according to the kinetics, most of the hydrogen is produced by SMR,
so hydrogen extraction will have a more signi�cant e�ect on SMR. Figure 7.3 also shows
that the equilibrium ratios around the membranes are consistently low, which means locally
around the membranes the reactions are further from their equilibrium than elsewhere.

To compare the overall performance of the reactors with inactive and active membranes,
the methane conversion as de�ned by Equation 7.3 is used. The methane conversions with
inactive and active membranes at 823 K are 36.12% and 69.86% (see Figure 7.5). The equi-
librium conversion at 823 K is 52.96%, which indicates that the performance of the system
without hydrogen extraction is signi�cantly lower than the performance with hydrogen ex-
traction, as expected. The reactor with active membranes circumvents the reaction equilib-
rium of the reactions by removing hydrogen and thereby reducing the dilution of reactants,
thus increasing the reactor performance signi�cantly beyond the equilibrium conversion.
This means that �uidized bed membrane reactors can be operated at lower temperatures and
still achieve conversions higher than equilibrium. The theoretically predicted equilibrium
conversion is not yet reached by the inactive membranes system because of the relatively
short residence time of the gas. Using smaller particles would further increase the methane
conversions, however, smaller particles would also increase the densi�ed zones around the
membranes and increase concentration polarization.

Further di�erences between the active and inactive membrane cases become apparent
when studying the snapshots of the instantaneous hydrogen mole fractions, shown in Fig-

Figure 7.5: Methane conversions and instantaneous hydrogen concentrations at various
catalyst fractions for �uidized bed membrane reactors with active and inactive membranes.
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ure 7.5. A reduction in the active catalyst fraction reduces the performance and the hydro-
gen production capacity of the reactor, however, the membranes still ensure that even kinet-
ically limited systems perform better than systems with higher catalyst activities without
hydrogen extraction. The hydrogen concentrations in the reactor with inactive membranes
are clearly too high to warrant any further hydrogen production.

A possible solution to further increase the hydrogen production rate would be to in-
crease the temperature of the reactor, because the reaction rates and equilibrium conver-
sion greatly increase between 773 K and 973 K. However, one of the main goals of FBMRs
is to reduce the energy cost of the hydrogen production. Another important limitation of
palladium-based membranes is that exposure to temperatures above 873 K a�ects the mem-
branes’ chemical/mechanical stability. Therefore, improvement of the thermal stability of
the membranes and improvement of the catalyst activity at lower temperatures are neces-
sary to improve the performance of FBMRs. To quantify how an increase in temperature
and an improvement in catalyst performance would a�ect the reactor performance, a base
case simulation at 823 K with ten times faster kinetics and a base case simulation at 923 K
were performed. These simulations show that 89.29% methane conversion can be achieved
with ten times faster kinetics and 99.01% methane conversion can be achieved by increasing
the temperature to 923 K (see Figure 7.6), which proves that research on catalysts and mem-
brane stability at higher temperatures are relevant for the further development of �uidized
bed membrane reactors for hydrogen production. To better understand the mass transfer
phenomena occurring for FBMRs with di�erent hydrogen production rates, the next section
will study the bubble-to-emulsion mass transfer in these reactors.

Figure 7.6: Methane conversions at 823 K with regular kinetics, at 823 K with ten times
faster kinetics and at 923 K with regular kinetics. The equilibrium conversion at both tem-
peratures are indicated by the dashed lines.
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7.3.2 Bubble-to-emulsion mass transfer
In order to better understand the mass transfer phenomena occurring in FBMRs with di�er-
ent hydrogen production rates, �rst the hydrodynamics occurring in these systems will be
discussed. In Figure 7.7, the porosity distributions of cases without membranes without re-
action, with reaction without membranes, with reaction with inactive membranes and with
reaction with active membranes are presented. The case with reaction and membranes has
been simulated with low and high permeances, with ten times faster reaction kinetics and
at 923 K. Furthermore, Figure 7.8 presents simulation results of the time-averaged solids
�ux and solids hold-up and snapshots of the instantaneous solids hold-up, to elucidate the
e�ects of the porosity distributions on the mass transfer e�ects.

Figure 7.7: Porosity distributions for the cases without reaction without membranes, with
reaction without membranes and with reaction with inactive membranes with active mem-
branes at low permeance, with active membranes at high permeance, with active mem-
branes and ten times faster kinetics and with active membranes at 923 K.

The porosity distributions in FBMRs without reactions and with reactions di�er signif-
icantly; the case without reactions and without membranes shows a porosity distribution
that is expected for a regular �uidized bed without gas production, because clear peaks in the
low and high porosity regions are visible, which represent the densi�ed zones and bubbles
respectively, that can also be seen in the snapshots. The reactive case without membranes
shows a relatively �at porosity distribution due to local gas production, which reduces the
solids hold-up near the walls where densi�ed zones are normally formed, it creates di�use
bubbles in the emulsion phase and it causes a higher bed expansion, which can be seen in
the solids hold-up snapshots in Figure 7.8.

The case with reaction and inactive horizontally immersed membranes has a di�er-
ent porosity distribution compared to the reactive case without membranes. The immersed
membranes have a signi�cant e�ect on the porosity distribution by breaking up the bubbles
that are passing by, causing particle raining into the bubbles and alongside the membranes,
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Figure 7.8: Snapshots of time-averaged solids �uxes, time-averaged solids hold-up and in-
stantaneous solids hold-ups for the case without reaction without membranes, with reac-
tion without membranes and the reactive base cases with inactive membranes, with active
membranes, with a ten times faster kinetics and at higher temperature (923 K).

hereby increasing the emulsion phase contribution to the porosity distribution. Further-
more, the contribution of the densi�ed zones to the porosity distribution is very small for
the inactive membranes case, because local gas production and the membranes force the
solids against the bed walls, which results in an increased solids �ux along the walls com-
pared to the case without membranes. It should be noted that, compared to the case without
membranes, the improved solids mixing and bubble break-up caused by the inactive mem-
branes also resulted in a small increase in the methane conversion of about 2%.
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Comparison of the active membrane cases with low and high permeabilities shows that
the increase in permeability has a negligible e�ect on the porosity distribution, although a
small increase in the size of the densi�ed zones can be seen due to the increase in momentum
extraction around the membranes. The di�erence between the porosity distributions of the
cases with inactive and active membranes is quite signi�cant. The bed expansion is much
higher for the inactive membranes case, because active membranes extract a large part of
the gas that has been produced. Furthermore, the increased gas production due to the active
membranes increases the solids �ux, which in turn forces the gas through the center of the
bed. The e�ect of increased solids �ux forcing gas through the center of the bed, hereby
increasing the densi�ed zones, increases with increasing reaction rates, as demonstrated by
the porosity distributions and snapshots for the fast reaction and high temperature cases in
Figure 7.7 and Figure 7.8.

Next to the hydrodynamic changes, the relative importance of kinetic and mass trans-
fer limitations is signi�cantly di�erent between operation at 823 K and 923 K. Similar to
a temperature increase, faster reaction kinetics result in noticeable changes to the mass
transfer in the reactor as well. Figure 7.9 presents the mixing cup hydrogen mole fractions,
as de�ned in Equation 7.4, in the bubble and emulsion phases, where the bubble phase is
de�ned as areas with a solids hold-up equal to or smaller than 20%, and the emulsion phase
everything with a solids hold-up above 20%.

At low axial positions (near the gas inlet) the bubble phase hydrogen concentrations are
higher than the emulsion phase concentrations for all three cases. This occurs because the
reactant gases have just entered the reactor to form bubbles, so the reactant gases are not
yet well-mixed into the denser zones, causing a small increase in the local hydrogen pro-
duction rate in the bubble phase. The porosity distributions and snapshots for these three
cases show that due to the increased extent of densi�ed zones that are formed in the cases

Figure 7.9: Mixing cup concentrations of hydrogen in the bubble and emulsion phases at
823 K, at 823 K with ten times faster kinetics and at 923 K.
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of high reaction rates or higher temperatures, more hydrogen is formed outside the bubble
phase compared to the 823 K case with regular kinetics, which increases the concentration
di�erence between the bubble and emulsion phase. Furthermore, at 823 K and slow kinet-
ics, the di�erences between the emulsion and bubble concentrations are small, because the
hydrogen production rate in the emulsion phase is low compared to the high temperature
and fast kinetics cases. These kinetic limitations disappear when using a more active cat-
alyst or when operating at a higher temperature, so the amount of hydrogen produced in
the emulsion phase is much higher than the amount of hydrogen produced in the bubble
phase. The consequence of faster and more hydrogen production is that the mass transfer
rate of hydrogen from the emulsion to bubble phase becomes limiting. The importance of
developing a more active catalyst and improving the stability of membranes at higher tem-
peratures, as well as the importance of improving bubble-to-emulsion mass transfer, are
thus underlined by these results.

7.3.3 High pressure operation
The hydrodynamic e�ects of operating pressure on the �uidization behavior and the poros-
ity distribution in pseudo-2D �uidized beds have previously been investigated by a.o. Godlieb
et al. [134], Deen et al. [127] and Li et al. [128]. The results for a �uidized bed without reac-
tion without membranes shown in the left plot of Figure 7.10 are in line with these literature
results. In both cases at low pressures, a peak in the low porosity region, referred to as den-
si�ed zones, and a peak in the high porosity region, caused by the bubbles, were found.
With increasing the pressure, both these peaks shrink, as the densi�ed zones become less
dense and the bubbles become more di�use.

As discussed in the previous section, the porosity distributions of the reactive cases
without membranes are di�erent from the non-reactive cases due to local gas production.
However, the hydrodynamic di�erences between the high pressure reactive cases are much
less pronounced, see Figure 7.11. Whereas the non-reactive cases show notable bed expan-

Figure 7.10: Porosity distributions for (left) the cases without reaction without membranes,
and the cases with reaction without membranes; (right) the cases with reaction without
membranes, and the cases with reaction with membranes.
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sion when increasing the pressure, this e�ect has disappeared in the reactive cases. For the
reactive cases with membranes some bed expansion is visible again, although it is somewhat
lower than the bed expansion for the non-reactive cases without membranes. Even though
the reaction rates are higher at higher pressures, the increase in pressure has an unfavorable
e�ect on the reaction equilibrium, which causes a lower equilibrium methane conversion
which reduces the hydrogen production rate (see Figure 7.12). This means that for the reac-
tive cases without membranes, less gas is produced at higher pressures, which counteracts
the bed expansion that is usually caused by the increase in pressure. In the reactive cases
with active membranes, the gas production rate is again increased compared to the reac-
tive cases without membranes, resulting in a slight increase in bed expansion, despite the
lower equilibrium conversion. It should be noted again that the immersed membranes have
a signi�cant e�ect on the hydrodynamics, and that these severe hydrodynamic changes will
a�ect the particle behavior.

Concerning the reactor performance at elevated pressures, at 823 K with nickel kinet-
ics, the equilibrium methane conversion rapidly declines when the operation pressure is
elevated to 8 bar and lowers even further at 16 bar and 32 bar (see the left plot of Fig-
ure 7.13). The methane conversions of the simulations without membranes are all below
their equilibrium values, whereas the base case simulation at 823 K and 1.5 bar exceeds the
equilibrium conversion by 33.74%. At elevated pressures, the integration of membranes still
has a positive e�ect on the methane conversion, but the methane conversions are unable
to surpass their equilibrium value even with membranes. Temperature is an important lim-
iting factor due to the equilibrium restrictions, especially for hydrogen production at high
pressures. Therefore, improving the thermal stability of membranes is highly recommended
to go towards full methane conversion at high pressures. The increase in bed expansion that
occurs in systems with membranes at elevated pressure also a�ects the methane conversion,
because a larger amount of the catalyst is �uidized above the membrane tube banks, which
means additional membranes are required to increase the hydrogen production in the top
of the bed. Improvements in catalyst activity have also been suggested in previous sections,
and reducing the residence time of the gas in the reactor by using smaller particles, while
keeping the inlet velocity over minimum �uidization ratio constant, would further improve
the performance of the reactor at low temperatures and elevated pressures. Increasing the
reactor volume would also increase the reactor performance, however, this approach is not
considered for the design of this intensi�ed reactor.

The e�ect of elevated pressures on the reaction kinetics can be calculated with the Nu-
maguchi and Kikuchi equations for the reaction rates. The red points and dotted line in
the right plot in Figure 7.13 show that reaction rates in the TFM simulations without mem-
branes can be predicted very well by only taking into account the e�ect of pressure on the
kinetics. The reaction rates at the membrane surface, represented by the blue points and
dotted line, show that the e�ect of elevated pressure on the kinetics alone under-predicts the
increase in reaction rates at the surface of active membranes. The local hydrogen extraction
increases the reactant concentrations around the membranes and thus increases the reac-
tion rates with an additional 15% to 20%, which shows that membranes have a pronounced
positive e�ect on the hydrogen production rates at elevated pressures. Further analysis of
the membrane performance, concentration polarization and membrane placement at low
and elevated pressures will be discussed in the next section.
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Figure 7.11: Snapshots of the instantaneous solids hold-up for the non-reactive cases with-
out membranes, the reactive cases without membranes and the reactive cases with mem-
branes.



7.3. Results and discussion 137

Figure 7.12: Time-averaged hydrogen mole fraction contour plots for the reactive cases
without and the reactive cases with membranes.

7.3.4 Concentration polarization and membrane placement
A large part of Chapter 6 has focused on concentration polarization in �uidized beds with
horizontally immersed membranes, where the �uidizing gas was a binary hydrogen/nitro-
gen mixture. These systems clearly showed the importance of concentration polarization,
especially on top of the membranes and the �uxes of the membranes near the walls were
lower than the �uxes of the membranes in the center of the bed. In reactive systems, hydro-
gen is produced locally and, as discussed in the �rst section of this results section, reaction
rates are higher around the membranes, which may reduce the degree of concentration po-
larization. Furthermore, the hydrogen concentration plots show that high hydrogen con-
centrations are found near the walls, resulting in a signi�cant amount of hydrogen bypass
that could further supply the membrane at the walls with hydrogen. Therefore, optimal
membrane placement will greatly depend on the local �ux pro�les and on the kinetics.

In Figure 7.14, the laterally averaged hydrogen �ux at various axial positions and the
�ux for two rows of membranes (the bottom row and the second to last row) are shown for
the base case, and the cases with faster kinetics, either a more active catalyst or operation
at higher temperature. The �ux for the base case simulation increases axially, after which
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Figure 7.13: (left) Methane conversions for the cases without membranes, with active mem-
branes and their equilibrium values at di�erent pressures; (right) Reaction rates without
membranes, with membranes and predicted reaction rates based on kinetics at di�erent
pressures.

Figure 7.14: (left) Laterally and time-averaged hydrogen �ux at various axial positions and
(right) time-averaged hydrogen �ux at two di�erent membrane rows for the base case, the
base case with ten times faster reaction rates and the base case at 923 K.

it becomes stable, whereas the simulations with faster kinetics show an increase in �ux at
small axial positions, after which the �ux declines again. For the base case, both near the
inlet and in the top of the reactor the �ux is fairly equally distributed laterally, indicating
that hydrogen is produced both in the center of the reactor and near the walls. For the fast
kinetics cases, the �ux is quite high near the inlet because most of the methane is converted
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Figure 7.15: Surface plots of the time-averaged hydrogen concentrations for the base case
at 823 K, ten times faster kinetics at 823 K, and 923 K.

here, whereas in the top of the reactor there are clear di�erences between the �ux around
the membranes in the center and the �ux around the membranes at the wall. The hydro-
gen contour plots shown in Figure 7.15 show that these �ux trends are related to the local
hydrogen concentrations. At low temperatures with relatively slow kinetics, the hydrogen
concentrations are fairly uniform throughout the reactor, both axially and laterally, and hy-
drogen is still produced in the top of the reactor. In cases with faster kinetics, the hydrogen
concentration quickly reaches its equilibrium in the lower regions of the catalyst bed, after
which it reduces gradually with increasing axial position, ensuring that the �ux pro�les
start to resemble the ones of the hydrogen separation cases as shown in the previous chap-
ter. This means that the optimal membrane placement in �uidized bed membrane reactors
strongly depend on the kinetics.

To better understand the �ux trends, the axially averaged �uxes and the polar plots of
the �ux averaged over the 55 membranes in the middle and the �ux averaged over the 10
membranes closest to the walls are presented in Figure 7.16. The �ux trend as described in
the previous paragraphs are also observed in the axially averaged �uxes in Figure 7.16, and
the �uxes around the membranes in the middle and the membranes near the walls con�rm
that for the fast kinetics and increased temperature cases, the membranes near the walls
have a lower �ux than the ones in the middle. The middle membranes of the base case at
823 K show similar trends as the other polar plots, the �ux on top of the membranes is
signi�cantly lower than the �ux below the membranes, which is caused by the gas �ow
patterns and densi�ed zones on top of the membranes. However, the wall membranes show
a more uniform �ux which is mostly slightly lower than the middle membranes, but on top
of the membranes it is higher. The reason for this is the higher residence time of the reac-
tants and the increased catalyst concentration near the walls, increasing the local hydrogen



140
Chapter 7. Modeling of high pressure hydrogen production in fluidized bed

membrane reactors

Figure 7.16: Axially and time-averaged hydrogen �uxes at multiple lateral positions and the
time-averaged polar plots for the �ux averaged over the 55 membranes in the middle and
the �ux averaged over the 10 membranes closest to the walls for the base case, fast reaction
case, high temperature case and separation case.

production rate. Furthermore, some hydrogen bypassing occurs here, so hydrogen can be
more easily replenished near the walls than in the center of the reactor. These observations
correspond with the reaction rate and concentration plots in Figure 7.2.

When comparing these three reactive cases to a hydrogen separation only case, where
a 25 mol%/75 mol% hydrogen-steam gas mixture was fed to the reactor, the �ux trends have
a smaller di�erence between the middle and wall membrane �uxes. For the separation only
case, the axially averaged hydrogen �ux at the middle membranes is about a factor 3 higher
than that of the wall membranes. This ratio is about 1.5 for the fast kinetics case and the
case at 923 K, whereas this ratio is only 1.2 for the base case at 823 K, from which we
can conclude that local hydrogen production has a positive e�ect on the lateral hydrogen
�ux distribution in the reactor. It must be noted that similar observations were made for
the �uxes around various individual membranes throughout the reactor in these three sim-
ulations, so the averaged polar plots are representative of the e�ects that occur in these
systems.

For these reactive systems, the extent of concentration polarization is quanti�ed by
means of the E�ective Average Concentration Polarization Coe�cient (EAC), as de�ned
in Equation 7.5. The EACs for the base case, the base case with faster kinetics and the high
temperature case are presented in Figure 7.17. For the base case at 823 K the EAC averaged
over all membranes in the bottom row is very low, showing a high degree of concentration
polarization, which is caused by the low hydrogen mass transfer rates to the membranes at
the inlet. Even though hydrogen production rates at the reactor inlet are high, the low local
mass transfer rates are the result of a low lateral mixing e�ciency near the inlet, caused
by the relatively low number of small bubbles that are present here. Higher in the reactor,
mass transfer rates are higher (thus concentration polarization is lower), because the lateral
mixing is higher due to the bubbles that are passing along and through the membranes, and
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Figure 7.17: E�ective Average Concentration Polarization Coe�cients (EAC) for the base
case, the base case with ten times faster kinetics and the base case at 923 K.

Figure 7.18: SMR equilibrium ratios for the base case, the base case with ten times faster
kinetics and the base case at 923 K.

because at higher axial positions hydrogen is still produced as a result of the reactants not
being fully converted.

The case with the faster kinetics at 823 K has a higher EAC around the bottom mem-
branes compared to around the membranes in top of the reactor, which is opposite to the
base case with slower kinetics. To better understand this di�erence, the SMR equilibrium
ratios are presented in Figure 7.18. The fast reaction quickly reaches equilibrium in the
bottom of the reactor, which means that the highest hydrogen production rates are present
around the membranes near the inlet. With increasing axial position, the hydrogen depletes,
especially near the bed walls due to the low gas residence times caused by solids down�ow.



142
Chapter 7. Modeling of high pressure hydrogen production in fluidized bed

membrane reactors

Figure 7.19: Surface plots of the hydrogen concentrations for the base case, case with less
wall membranes and case with more wall membranes, all at 823 K and 1.5 bar.

Because the reaction is close to its equilibrium in the top of the reactor, local hydrogen pro-
duction is lower, so the depleted hydrogen at the walls is barely refreshed. The 923 K case
again di�ers from both 823 K cases because at 923 K, the equilibrium hydrogen concentra-
tion is higher than at 823 K. This means that even though the hydrogen production rates
at 923 K are much higher than at 823 K, the reaction is still far from its equilibrium at most
axial positions, so the membranes are constantly supplied with high concentrations of fresh
hydrogen.

Both Figure 7.14 and Figure 7.16 show that, contrary to systems in which only hydrogen
separation occurs, the hydrogen �ux is quite equally distributed laterally. To investigate the
e�ect of membrane placement on the axial and lateral hydrogen �ux trends, two variations
to the base case were simulated; a case where the 10 membranes closest to the bed walls
were removed and a case where 10 additional membranes were placed very close to the
bed walls. The geometric details of these con�gurations were presented in Figure 7.1. The
hydrogen concentration surface plots for these cases (see Figure 7.19) show that the amount
of hydrogen bypass increases when removing membranes located near the walls and it
decreases when adding additional membranes near the walls. In the reactor with additional
membranes, production of hydrogen occurs between the membranes, supplying these wall
membranes with hydrogen and reducing hydrogen bypass. Furthermore, the axially and
laterally averaged �uxes in Figure 7.20 show that the �ux behavior is fairly similar for these
three considered cases and that the di�erence between the �ux through the wall membranes
and the �ux through the membranes in the center of the bed is at most 20%. Therefore,
in systems where the reaction is far from its equilibrium, additional wall membranes are
bene�cial.

The e�ect of elevated pressure on the hydrogen �ux is presented in Figure 7.21. As
expected, the absolute hydrogen �uxes increase at higher pressures, but above 8 bar they
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Figure 7.20: (left) Laterally and time-averaged �ux, and (right) axially and time-averaged
�ux for the base case, the base case with no membranes near the walls and the base case
with additional membranes near the walls.

Figure 7.21: (left) Laterally and time-averaged �ux at various axial positions, and (right) the
absolute and corrected time-averaged �ux, averaged over all the membranes, at di�erent
pressures.

hardly increase, because the unfavorable equilibrium at elevated pressures reduces the amount
of hydrogen that is produced. In order to compare the hydrogen �uxes at di�erent pressures,
accounting for the increasing amount of gas that is fed at higher pressure, the corrected
�uxes (see Equation 7.6) for the elevated pressure cases are also presented in Figure 7.21.
The corrected �ux decreases signi�cantly with increasing pressure, which shows that even
though due to changes in the porosity distribution more gas is supplied to the membranes
at elevated pressures (see Figure 7.10 and Figure 7.11), the unfavorable kinetics at high pres-
sure still result in reduced membrane performance. Further analysis of membranes in high
pressure FBMRs is done by means of EACs.
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Figure 7.22: EAC for the base case at 1.5, 8, 16 and 32 bar averaged over the bottom row and
the second to last row of membranes.

The EACs at di�erent pressures in Figure 7.22 show that concentration polarization also
occurs when operating at high pressures. The EAC pro�les at 8, 16 and 32 bar have a similar
trend and progression throughout the reactor as the EAC pro�les at 1.5 bar. There are how-
ever some di�erences at elevated pressures; the concentration polarization around the mem-
branes near the reactor inlet is higher at high pressures, which is caused by the decreased
hydrogen concentrations lower in the reactor at higher pressures, see Figure 7.12. The bed-
to-membrane mass transfer decreases linearly with hydrogen concentration, whereas the
�ux only decreases with the square root of the hydrogen concentration, so at lower hydro-
gen concentrations the mass transfer limitations increase more, resulting in an increased
degree of concentration polarization. Furthermore, the gas dispersion coe�cient decreases
with increasing pressure because it is inversely proportional to the pressure according to
Fuller’s equation [40], which was implemented in the TFM, which explains the high degree
of concentration polarization on top of the membranes at high pressures.
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At all pressures, higher in the reactor where more hydrogen has been produced, the de-
gree of concentration polarization is signi�cantly lower than near the inlet. The conclusions
for membrane placement at high pressure are therefore similar to those for the base case at
1.5 bar; membranes should not be placed near the distributor plate where only very little
hydrogen is produced. In practice, the bottom membrane row(s) could be removed in these
kinetically limited systems, to allow some initial hydrogen to be produced before the mem-
branes start extracting it. As discussed before, more hydrogen production near the inlet
can be achieved by increasing the temperature, which would require improving the ther-
mal stability of the membranes, or by using a catalyst that will increase the reaction rates at
low temperature. Ultimately, the results found in this chapter show that the optimal mem-
brane positioning strongly depends on the local hydrogen concentration, which depends
on the kinetics. In case hydrogen production is kinetically limited, membranes should not
be placed too close to the distributor plate, but they can be placed over the entire reactor
width without su�ering from �ux reduction. Membranes are best not placed in areas of
the reactor where full methane conversion is achieved, which often occurs near the column
walls in reactors that are not kinetically limited, but in this case they should be placed in
the center of the bed where bed-to-membrane mass transfer is highest. Optimal membrane
placement thus strongly depends on the catalyst activity, temperature and pressure.

Ultimately, the results found in this chapter show that the optimal membrane position-
ing strongly depends on the local hydrogen concentration, which depends on the kinetics.
In case hydrogen production is kinetically limited, membranes should not be placed too
close to the distributor plate, but they can be placed over the entire reactor width without
su�ering from �ux reduction. Membranes are best not placed in areas of the reactor where
full methane conversion is achieved, which often occurs near the column walls in reactors
that are not kinetically limited, but in this case they should be placed in the center of the
bed where bed-to-membrane mass transfer is highest. Optimal membrane placement thus
strongly depends on the catalyst activity, temperature and pressure.

7.4 Conclusions
This chapter has studied in detail the hydrodynamic, mass transfer and kinetic phenomena
prevailing in �uidized bed membrane reactors for the production of hydrogen that are op-
erated at high pressures employing the Two-Fluid Model. The most important conclusions
of this work have been summarized in this section.

The selective extraction of hydrogen via palladium-based membranes from �uidized bed
reactors operated at 823 K decreases the hydrogen concentrations in the reactor, especially
locally around the membranes, which increases the reactant concentrations and increases
the reaction rates compared to a reactor without hydrogen extraction. The methane conver-
sion of �uidized bed reactors with active membranes surpasses the conversion predicted by
the equilibrium by almost 20% and it surpasses the conversion of �uidized bed reactors with-
out membranes by more than 30%. A further increase in methane conversion is achieved
with more active catalyst, or by increasing the temperature, which increases both the re-
action rates and the equilibrium conversion. However, temperatures above 873 K surpass
the limit at which the mechanical and chemical stability of palladium-based membranes can
(currently) be guaranteed, so further work on membrane stability is required.
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The mass transfer e�ects that play a role in �uidized bed membrane reactors depend
strongly on the kinetics. At 823 K with regular nickel kinetics, the system is kinetically
limited because the hydrogen concentrations in the bubble and emulsion phases are virtu-
ally equal, whereas systems with faster reaction kinetics are mass transfer limited. The high
reaction rates for the two cases without kinetic limitations result in increased hydrogen pro-
duction, which results in higher hydrogen concentrations in the emulsion phase compared
to the bubble phase. The increase in solids hold-up in the densi�ed zones near the walls in
systems without kinetic limitations, caused by the increase in gas production in the center
of the bed which circulates the solids faster towards the bed walls, contributes to the high
emulsion phase hydrogen concentrations.

To increase the industrial relevance of �uidized bed membrane reactors, high pressure
operation was investigated. Increasing the pressure at non-reactive conditions reduces the
amount of densi�ed zones found in the bed and results in more di�use bubbles and a clear
bed expansion. In the reactive cases without extraction, bed expansion due to the pressure
increase is counteracted by the reduction in hydrogen production due to the unfavorable
e�ect of elevated pressure on the reaction equilibrium. Bed expansion does occur at ele-
vated pressures when active membranes are present in the reactor, because the amount of
hydrogen produced increases due to the hydrogen extraction.

Optimal membrane placement in �uidized bed membrane reactors strongly depends on
the catalyst activity, temperature and pressure. In general, membranes should not be placed
in areas of the reactor where most of the methane has been converted, such as densi�ed
zones in reactors without kinetic limitations, or in areas where very little hydrogen has
been produced, such as close to the distributor plate in kinetically limited reactors, because
in these cases they contribute little to increasing the hydrogen production. These conclu-
sions also apply to membranes in high pressure reactors, because the hydrogen �ux shows
a similar trend as under lower pressure. The degree of concentration polarization around
membranes at elevated pressures is however higher than at low pressure, especially near
the distributor plate, because mass transfer limitations to the membrane increase at lower
concentrations and higher pressures. To further industrialize the �uidized bed membrane
reactor, design improvement such as increasing the thermal stability of membranes, increas-
ing the catalyst activity and reducing the residence time of the gas as much as possible are
highly recommended to work towards full methane conversion at high pressures. The next
and �nal chapter will discuss the most important conclusions of this research on �uidized
bed membrane reactors, and will make recommendations for future work to further improve
this novel reactor concept.
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Nomenclature

Symbols
A Area [m2]
B Equilibrium ratio [-]
d Diameter [m]
EAC E�ective average conc. pol. coe�. [-]
e Coe�cient of restitution [-]
F Molar �ow [mol s−1]
J Hydrogen �ux [mol m−2 s−1]
Keq,SMR Equilibrium constant for SMR [bar2]
Keq,WGS Equilibrium constant for WGS [-]
n Power in Sieverts’ law [-]
P Partial pressure [Pa]
p Pressure [Pa]
Qm Permeance of the membrane [mol m−2 s−1 Pa−n]
T Temperature [K]
t Time [s]
u Velocity [m s−1]
X Molar fraction [-]

Greek letters
δ Grid cell size [m]
ρ Density [kg m−3]
χCH4

Methane conversion [-]
ωcat Catalyst mass fraction [-]

Subscripts & superscripts
corr Corrected
g Gas
i Chemical component index
j Reaction index (SMR or WGS)
in Inlet
m Membrane
mc Mixing cup
max Maximum
out Outlet
p Particle
pp Particle-particle
pw Particle-wall
perm Permeate
s Solid
sim Simulation
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Abbreviations
CFD Computational Fluid Dynamics
FBMR Fluidized Bed Membrane Reactor
SMR Steam Methane Reforming
TFM Two-Fluid Model
WGS Water Gas Shift
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Epilogue

The fundamentals of the Fluidized Bed Membrane Reactor (FBMR) concept for sustainable hy-
drogen production has been investigated with detailed numerical simulations using a Two-Fluid
Model (TFM). The results of this numerical investigation have been presented and discussed in
the previous chapters, which focused a.o. on the extent of concentration polarization, how
to account for it in phenomenological models, optimal membrane placement, interaction and
orientation, the e�ect of gas pockets and densi�ed zones, and high pressure operation. The
understanding of the physical phenomena occurring in FBMRs has hereby been improved and
guidelines for further optimization of the reactor design have been provided. In this chapter,
suggestions for future research on FBMRs are given. Future development of the TFM should
focus on including a more realistic description of gas phase dispersion, accounting for inter-
nal di�usion limitations inside the catalyst particles and incorporating multi-component mass
transfer e�ects in the �uxes towards the membranes. With the TFM, alternative solutions can
be investigated to reduce the concentration polarization, for example by the placement of baf-
�es or spacers, or by pulsation of the inlet gas �ow rate. In addition, hybrid reactor concepts can
be investigated, such as the membrane-assisted chemical looping reforming reactor concept, a
circulating �uidized bed reactor system for hydrogen production, where metal oxide is reduced
to metal in the fuel �uidized bed membrane reactor and metal is oxidized to metal oxide in
the air reactor. To describe this reactor concept, the TFM needs to be extended to track the local
oxidation state of the particles.

149
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8.1 Conclusions
This thesis was a numerical investigation on the �uidized bed membrane reactor (FBMR)
concept for the production of ultra-pure hydrogen. The FBMR concept was studied with
detailed numerical simulations using a Two-Fluid Model (TFM). The TFM simulations have
led to a better understanding of the bed hydrodynamics, mass transfer and reaction phe-
nomena prevailing in FBMR systems with vertically or horizontally immersed membranes.
The most important �ndings of this work are summarized in the following overview:

Vertically immersed membranes:

• The extent of concentration polarization inside �uidized beds with vertically immersed
membranes with high hydrogen �uxes was investigated and quanti�ed with 2D Cartesian
and 3D cylindrical TFM simulations, which show that concentration polarization can sig-
ni�cantly reduce the membrane �ux.

• The concentration pro�les obtained from the 2D simulations were used to develop a sim-
ple �lm model to account for the mass transfer boundary layer. This was implemented in
a 1D phenomenological �uidized bed membrane reactor model to account for concentra-
tion polarization, which strongly improved this 1D model’s predictive capabilities.

• The 3D cylindrical simulations show that 2D simulations, which represent a slice of the
3D system, do not fully capture the hydrodynamics and radial mass transfer e�ects of the
3D cylindrical systems and overestimate the severity of concentration polarization and
the formation of densi�ed zones near the membrane surface.

• The emulsion phase density near the membrane surface is higher for smaller particles than
for larger particles, which results in increased concentration polarization and a reduced
extractive hydrogen �ux. Therefore, employing relatively large particles in �uidized beds
with high-�ux membranes is advised.

• In �uidized beds with multiple membranes, interaction between concentration polariza-
tion zones of each membrane was observed, which becomes more signi�cant at smaller
inter-membrane distances. Decreasing the bed diameter decreases the system perfor-
mance even more due to hydrogen depletion. The membranes also reduce the bubble size
and increase the number of small bubbles in the system. The bubbles pass by close to the
membrane surface and in some cases even move through the membrane.

Horizontally immersed membranes:

• Two new e�ects were discovered in the vicinity of the horizontally immersed membranes;
gas pockets, which are bubbles virtually devoid of solids that do not rise and are mostly
attached to the bottom of the membranes, and densi�ed zones, areas with an increased
solids hold-up that are mostly located on top of the membranes.

• Gas pockets reduce the e�ective contact area with the emulsion phase, have very short life
times and appear frequently in the bed. Therefore, gas pockets should not be considered as
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bubbles. Gas pockets are formed because the membranes obstruct the solids �ow, which
results in an increased solids hold-up above the membrane and a gas pocket below the
membrane in case of downwards �owing solids.

• The hydrogen �ux around horizontally immersed membranes is non-uniform over the
radius of the membranes; it is lowest on top of the membranes and highest at the bottom
of the membranes because densi�ed zones occur on top of the membranes and because
the membranes shield their own top side from hydrogen replenishment.

• In systems with membrane tube banks, the membranes located near the bed walls perform
considerably worse, because of downwards solids �ow near the walls, which results in
more densi�ed zones and gas back-mixing.

• Membrane tube banks signi�cantly improve the bed hydrodynamics by enhanced bubble
break-up, decreasing the bubble size to approximately the membrane pitch.

Hydrogen production:

• Hydrogen extraction via horizontally immersed membranes increases the hydrogen pro-
duction rates, which results in higher methane conversions at low temperatures. The
reaction rates increase because the hydrogen extraction increases the reactant concentra-
tion around the membranes. Hydrogen extraction also causes the reactions to be further
from their equilibria.

• Reaction kinetics are limiting for hydrogen production at lower temperatures, at higher
temperatures the system is limited by mass transfer. Kinetic limitations at low tempera-
tures can be circumvented by increasing the catalyst activity.

• High pressure operation of �uidized beds results in a reduced size of densi�ed zones,
more di�use bubbles and bed expansion. High pressure hydrogen production results in
negligible bed expansion and hardly a�ects the solids distributions. Beds in which hydro-
gen is both produced and extracted at high pressure have some bed expansion and show
heterogeneities.

• Hydrogen extraction increases the reaction rates but has a limited e�ect on the methane
conversion at high pressures, because equilibrium hydrogen concentrations decrease rapidly
with increasing pressure.

• Optimal membrane placement depends on the hydrogen production rates, hydrogen ex-
traction rates and catalyst circulation patterns. Membranes in systems with kinetic limi-
tations have relatively uniform membrane �uxes across the bed width due to the uniform
production of hydrogen throughout the bed. Systems with faster kinetics have much
larger di�erences in the lateral distribution of the membrane �uxes, especially around
the membranes located higher in the reactor where the hydrogen production rate is low.
These membranes in the top are mostly separating hydrogen instead of improving the
kinetics.
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8.2 Recommendations & outlook
The chapters in this thesis have already addressed recommendations to improve FBMR sys-
tems, in particular related to membrane orientation and membrane placement. However,
moving towards an optimized continuously operating FBMR-based system for industrial
hydrogen production requires additional research to extend the model and improve the ac-
curacy of the simulations for these systems. Further model improvements and additional
interesting future research topics are shortly discussed in the next sections.

8.2.1 Model improvement
The �rst recommendations for future work on FBMRs are model improvements by including
a more realistic gas dispersion, by accounting for internal di�usion limitations inside the
catalyst particles and by incorporating multi-component mass transfer e�ects in the �uxes
towards the membranes.

Dispersion coe�icient

The details of gas dispersion in a �uidized bed are still not fully understood and no general
closure equation to account for gas dispersion in �uidized beds is available in the open
literature. None of the equations found in literature describe gas dispersion as a function of
the local gas velocity, particle diameter and porosity. In this thesis, gas dispersion has either
been modeled by simply taking the molecular di�usion coe�cient or by using a constant
value for the dispersion coe�cient e.g. estimated from correlations valid for packed bed
reactors. Tsotsas and Schlünder [73] do present equations that describe axial and radial gas
dispersion in a packed bed as a function of the local conditions, however, the particles in a
packed bed are stagnant, whereas the particles in a �uidized bed are moving due to bubble
movement causing solids circulation, resulting in increased gas mixing, where the extent of
gas dispersion is continuously changing upon changes in local porosity and velocity. This
means that gas dispersion in �uidized beds is higher than gas dispersion in packed beds
with the same type of particles.

The magnitude of the gas dispersion coe�cient a�ects the local hydrogen concentra-
tions near the membranes and therefore also a�ects the extractive hydrogen �ux, which
depending on the particle properties and magnitude of the �ux could a�ect the hydrody-
namics at the membrane surface. Therefore, a more accurate description of the gas disper-
sion in �uidized beds should be derived to improve the predictive capabilities of the TFM.
New correlations for gas dispersion in �uidized gas-solid systems could for example be ob-
tained by performing Direct Numerical Simulations (DNS) for a wide range of particles and
�uidization regimes.

Internal mass transfer limitations in the catalyst particles

Chapter 7 presented simulation results describing the catalytic production of hydrogen in
FBMRs, in which the reactants immediately reacted on the catalyst particles without con-
sidering internal mass transfer limitations inside the particles, although for steam methane
reforming and water gas shift, particle e�ectiveness factors below unity are anticipated
when employing particles of about 500 µm. In a system with relatively fast heterogeneous
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catalytic reactions, mass transfer of reactants �rst takes place from the gas phase to the
external surface of the catalyst, after which the reactants di�use into and through the pores
within the catalyst, with reactions occurring on the active catalytic surface of the internal
pores. The pores in the catalyst particles are tortuous and vary in shape, thus also vary
in cross-sectional area and number of active catalytic sites. Due to the complexity of these
tortuous pores, an e�ective internal di�usion coe�cient can be used to describe the average
di�usion taking place inside the catalyst particle. The internal mass transfer limitations of
the catalyst particle can be taken into account be implementing an e�ective particle model
into the TFM, which would further improve the detailed predictive capabilities of the model
for hydrogen production.

Mass transfer limitations to and through the membranes

Chapter 2 discussed that the multi-component mass transfer in the TFM for hydrogen pro-
duction via Steam-Methane Reforming (SMR) has been modeled according to Fickian dis-
persion. This approach is in many cases su�ciently accurate, however, the Maxwell-Stefan
approach is physically more correct because it considers that a specie does not always dif-
fuse into the direction of decreasing concentration. What is more, it considers the interac-
tion between multiple components instead of only taking into account binary interactions
of the components. These interactions between components could a�ect the hydrogen �ux
towards the membrane surface, which in its turn would a�ect the hydrogen �ux through
the membrane.

In Chapter 3, the mass transfer of hydrogen through the selective dense Pd/Ag layer of
the membrane is described with the solution di�usion mechanism. According to Sieverts’
law, the �ux through the dense layer is proportional to the di�erence between the square-
root of the hydrogen partial pressure at the retentate side and the permeate side of the
membrane. Bulk di�usion of hydrogen through the selective dense layer is considered as
the rate limiting step for hydrogen permeation through the membrane and it was assumed
that there was no concentration gradient, nor pressure gradient, across the porous ceramic
support layer(s) of the membrane. Moreover, mass transfer limitations at the permeate side
were assumed to be negligible. This is often a valid assumption when applying close-to-
vacuum conditions at the permeate side, because then on the permeate side virtually pure
hydrogen is present. When the selective Pd/Ag layer is coated on the outer side of the
porous tube, there is also no concentration gradient over the porous support.

However, for di�erent types of membranes, or under di�erent conditions (e.g. when
applying steam as sweep gas), mass transfer limitations of chemical components as well
as large trans-membrane pressure di�erences may be present, which a�ects the overall
transport of the components through the membrane and the current assumptions of the
membrane model in the TFM may be insu�ciently accurate. Especially recently developed
double-skinned membranes, which have an additional porous protective layer on the out-
side, which protects the membrane surface from the impact of the �uidized particles, could
require a more detailed model describing the mass transfer limitations in the di�erent layers
of the membrane. It is recommended that future TFM improvements will account for these
factors.
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8.2.2 Reducing concentration polarization
Optimization of membrane placement

In Chapter 4, the quantitative study of concentration polarization in �uidized beds with
vertically immersed membranes showed that placing multiple membranes too close to one
another can cause overlapping of the concentration polarization zones of each separate
membrane, resulting in a reduced hydrogen recovery. Therefore, the membranes should
be placed at a distance where both hydrogen bypass and overlapping of concentration po-
larization zones are minimized, and hydrogen recovery is maximized. Even with state-of-
the-art supercomputers, the TFM (and CFD models in general) cannot simulate 3D FBMRs
fast enough to be able to perform a geometric optimization study for membrane placement
within a reasonable time-frame.

Figure 8.1: Schematic drawing of a non-optimized and an optimized cylindrical �uidized
bed with vertically immersed membranes.

The geometric optimization of membrane placement requires a phenomenological model
that can describe the concentration boundary layer around a membrane. A boundary layer
theory approach similar as described by Bird et al. [58] can be used for this purpose. A simi-
lar approach for the optimization of the positioning of windmills in windmill farms has been
employed by Stevens [91], however, as discussed in Chapter 3 and Chapter 4, the degree of
concentration polarization at the membrane surface is dependent on the axial position. The
axial variation of the �ux could however be disregarded for long membranes, which are
fairly common even in laboratory scale systems, because simulations show that the layer
with reduced hydrogen concentrations stabilizes after an axial distance of approximately
5 cm. Therefore, especially for systems with longer membranes (over approximately 15 cm),
a boundary layer description of concentration polarization would be su�ciently accurate.

In Figure 8.1 a schematic drawing of the geometric optimization of a cylindrical �u-
idized bed with vertically immersed membranes is presented. Geometric optimization that
has been solely based on inter-membrane distance (Figure 8.1 left) would result in mem-
branes being placed fully outside of each others boundary layer at the expense of a very
large reactor volume. Moreover, this would also result in a signi�cant amount of hydrogen
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bypass and a low hydrogen recovery due to decreased bubble break-up. Therefore, also the
hydrogen recovery should be considered, not only the inter-membrane distance. Moreover,
optimizing only the hydrogen recovery would result in a very large number of membranes
being placed in the reactor, so most or all of the hydrogen would be extracted. A carefully
determined minimum inter-membrane distance would constrain the number of membranes
that can be placed in the reactor.

Furthermore, an important factor for the scale-up of �uidized bed membrane reactors
is the membrane cost. Therefore, a product cost function that considers the price of addi-
tional membrane area should be added to the phenomenological model, to further optimize
the membrane placement. Schematically, a �uidized bed with optimally placed membranes
could for example look like the right picture in Figure 8.1. Finally, in case hydrogen is both
produced and extracted in the reactor, as described in Chapter 7, the reactant concentra-
tions near the membranes increase, which increases the local hydrogen production, so a
phenomenological model should also take local reactant concentrations into account when
optimizing the membrane positioning in a FBMR.

Ba�les, spacers and dra� tubes

Both vertically and horizontally immersed membranes have been studied in this work, and
both membrane orientations were found to su�er from reduced membrane �uxes due to
concentration polarization. Especially horizontally immersed membranes a�ect the bubble
size, which reduces mass transfer limitations, and horizontally immersed membranes with
a su�ciently small membrane pitch su�er much less from hydrogen bypass than vertically
immersed membranes. Therefore, placing ba�es and spacers in FBMRs with vertically im-
mersed membranes is advised, because they will increase the gas �ow’s residence time near
the membranes, to force the gas past the membranes and to induce bubble break-up, which
could reduce hydrogen bypass and could improve bed-to-membrane mass transfer. Strategi-
cally placed ba�es can force both axial and cross-�ow of the gas past the membranes, which
ensures the membranes can extract more hydrogen. Adding spacers to the FBMR has the
same e�ect on the bubbles as horizontally immersed membranes, thus they will contribute
to improving the mass transfer of hydrogen from the bed to the membrane surface. Helmi et
al. [80] have already successfully implemented and experimentally demonstrated the posi-
tive e�ect of spacers in a �uidized bed with vertically immersed membranes.

It is also recommended to study the e�ects of adding a draft tube to FBMRs with hy-
drogen production and extraction. The draft tube can be placed in the center of the reactor
where all the membranes are placed, and the reactant gases and bubbles will �ow through
this area densely occupied with membranes, whereas the solids are circulated via the out-
side of the draft tube. These densi�ed zones on the outside of the draft tube should be
devoid of reactant gas and no membranes should be placed in this area, so reduced reaction
rates because full methane conversion has been achieved, and reduced hydrogen �uxes in
reactive systems that are mass transfer limited can be avoided.
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Pulsating inlet gas flow

This work has shown that concentration polarization is still one of the main issues in �u-
idized beds with modern palladium-based hydrogen perm-selective membranes that extract
hydrogen from the gas mixture. Operating in the turbulent �uidization regime will improve
mixing and thus reduce mass transfer limitations, but this is often only an option for small
systems [135]. Another option to reduce concentration polarization could be structuring the
�uidized bed hydrodynamics by pulsating the inlet gas �ow. Literature reports that under
speci�c circumstances, a pulsating gas �ow will structure the bubble �ow pattern, ensur-
ing they rise in a staggered pattern [136, 137, 138, 139, 140, 141]. Reported e�ects include
improved radial mixing, reduced bubble size, reduced bed expansion and increased gas res-
idence time. Furthermore, Zhang et al. [142] have measured that pulsating �ow increases
the heat transfer from the surface of a heated horizontal tube to the bed with 17-33%, so
pulsating �ow could also be bene�cial for bed-to-membrane mass transfer.

Pulsating inlet �ow can be mathematically described with Equation 8.1, which generates
a temporal sine wave centered on the mean inlet velocity at a given frequency. The o�set
is the mean inlet velocity and the gas velocity’s amplitude A is usually set to a fraction of
the mean inlet velocity (for example 35%).

ug,in = o�set +A sin(2πft) (8.1)

Pulsating inlet gas �ow can be applied in various other ways, for example by introducing
a spatial gradient, which causes bubbles to move side-to-side within the reactor. As a result,
gas depleted of hydrogen may be transported away from a membrane while gas that is rich
in hydrogen may be transported towards the membrane. An example of pulsating �ow with
a spatial gradient is an oscillating ramp, which keeps the inlet velocity constant in the center
of the bed (referred to as ’node’), whereas the gas velocity at the wall oscillates between
its maximum and minimum value. In pseudo-2D �uidized beds, this pulsating gradient
boundary condition is described with Equation 8.2 and is referred to as single node pulsating
gradient. A variation to this is the triple node pulsating gradient, where a pulsating sine
wave is introduced to the reactor with a constant inlet velocity in the center and at the
bed walls (three ’nodes’). The single and three node pulsating gradient �ow are described
by Equation 8.2 and Equation 8.3. Graphical examples of single and triple node pulsating
gradient �ow are presented in Figure 8.2.

ug,in = o�set +A cos(2πft) sin(π(x+ 0.5w)/w)) (8.2)

ug,in = o�set +A cos(2πft) sin(2π(x+ 0.5w)/w)) (8.3)

The pulsating �ow types as described by the above mentioned boundary conditions
were tested by simulating them with the TFM in a pseudo-2D rectangular �uidized bed,
0.1 m wide and 0.40 m high with 1 mm square grid cells. The bed was �lled to 0.20 m
with Geldart B particles of 500 µm and 2500 kg m−3, with a restitution coe�cient of 0.97.
A membrane was added to the left boundary of the column, ranging from the bottom of
the bed to 0.20 m. Various combinations of gas velocities, ranging from 2.5 to 3.5 times
the minimum �uidization velocity, and pulsation frequencies, ranging from 2 to 3 Hz, were
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Figure 8.2: Graphical examples of pulsating gradient �ow with a single node and with three
nodes.

simulated. An example of the �uidization behavior under a pulsating gradient gas inlet �ow
with a single node is presented in Figure 8.3. A brief summary of the e�ect of pulsating
�ow on �uidized beds with hydrogen perm-selective membranes is presented in the next
paragraphs.

Pulsation of the inlet gas �ow requires a balance of three factors. The mean inlet velocity,
the pulsation frequency and amplitude of pulsation. If the inlet velocity is too high, the
amplitude of pulsation must be increased to proportionally a�ect the gas �ow in the bed.
This means that the periods of bubble formation need to be shorter, otherwise the bed will
be lifted too violently and the bubbles will collapse. As this also requires a higher frequency,
the bed gets less time to reset for the next pulse.

Working at lower gas velocities does have the advantage that the residence time of the
gas mixture containing the hydrogen is increased, thus higher hydrogen recoveries can be
achieved. Once the inlet velocity and amplitude reach a point where the �uidization is less
chaotic, the applied frequency has some degree of freedom, as long as bubbles growth is
not too high and the bed does not become stagnant too long between pulses. In fact, the
frequency can be used to optimize parameters such as bubble diameter, for example, a higher
frequency leads to smaller bubbles. The �uidization behavior of the beds �uidized with
pulsating gradient �ows also depend on the magnitude of the gas velocity and pulsation
frequency. All the pulsating �ow types show promising results at lower inlet velocities,
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Figure 8.3: Snapshots of the bubble �ow in �uidized beds with a pulsating gradient gas inlet
boundary condition.

resulting in hydrogen �ux increases of up to 13%, and can be further improved by further
tuning of the velocity and pulsating frequency.

It must be noted that the TFM does have limitations with regard to simulating pulsating
�ow, especially the detailed structures that have been described in literature as mentioned
at the beginning of this section [143]. The accuracy of the frictional stress models is of
great importance when simulating pulsating �ow and the results for pulsating �ow are
very sensitive to the packing limit used to de�ne the plastic regime. Especially DPM type
models would be very suitable for further investigation of the e�ects of pulsating �ow on
the hydrodynamics and mass transfer phenomena in �uidized bed membrane reactors [144].

8.2.3 Hybrid reactor concepts
With the TFM, also novel hybrid �uidized bed membrane reactors, such as the membrane-
assisted chemical looping reforming or membrane-assisted gas switching reforming con-
cepts, can be studied in detail.

Membrane-Assisted Chemical Looping Reforming

The membrane-assisted chemical looping reforming reactor [4] as presented in Figure 8.4
is an interconnected �uidized bed system with two sections; an air reactor (riser), in which
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a metal is exothermally oxidized to a metal oxide, and a fuel reactor, in which hydrogen
is produced via Steam-Methane Reforming (SMR) and Water Gas Shift (WGS). The heated
metal oxide provides energy to the endothermic SMR reaction and mainly enables auto-
thermal operation of the fuel reactor. By adding oxygen (and heat) via a metal particle,
direct exposure to air is prevented, which would otherwise require additional separation
steps to remove (mostly) nitrogen from the carbon dioxide in the exhaust gas in case of
carbon dioxide capture. Furthermore, when using nickel as metal for this process, it will
also function as catalyst for the SMR and WGS reactions.

Figure 8.4: The Membrane-Assisted Chemical Looping Reforming concept.

Modeling a complex system as described in this section requires all the separate model
components, such as the redox reactions of the oxygen carrier particles, to be implemented,
veri�ed and validated. Once the model is in good shape, the biggest challenge will be the
creation of a mesh that represents a circulating �uidized bed. OpenFOAM has fairly limited
tools to make highly complicated mesh geometries, so it is advised to use external tools such
as Salome, Blender or FreeCAD to create stl-�les of the mesh. These �les can then be used
in OpenFOAM via the snappyHexMesh utility. Initially, it may be bene�cial to simplify the
system to just the fuel reactor and to model the catalyst circulation with inlet and outlet
boundaries, prescribing a user de�ned catalyst inlet and outlet �ow to the boundaries. This
simpli�ed approach would be useful to test the system and to avoid having very long sim-
ulation times due to the large number of grid cells required to simulate the full circulating
system. For the large circulating �uidized bed systems, using parallel processing is required.
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Membrane-Assisted Gas Switching Reforming

Another interesting novel hybrid reactor concept for hydrogen production that can be
modeled with the TFM is the Membrane-Assisted Gas Switching Reforming reactor con-
cept [111], which combines ultra-pure hydrogen production with integrated carbon dioxide
capture from SMR in a single process unit. This system is based on two concepts, the oxygen
carrier and hydrogen perm-selective membranes. The oxygen carrier, which also performs
as a catalyst and heat carrier for the endothermic reforming reaction, is periodically exposed
to methane/steam and air streams. The heat for the endothermic SMR reaction is supplied
by oxidizing depleted oxygen carrier with air, which is an exothermic reaction that heats
up the oxygen carrier. The oxidation heat is then used to provide heat to the endothermic
SMR reaction to produce hydrogen and carbon monoxide. The periodic switching of the air
and fuel feed avoids contact between carbon dioxide and nitrogen, which results in intrinsic
carbon dioxide separation. The hydrogen perm-selective membranes extract the hydrogen
which is generated during the SMR and WGS reactions. This concept avoids the circulation
of solids, which makes high pressure operation possible.

To simulate this reactor concept with the TFM, the oxidation state of the particle should
be tracked by the model, which can be achieved by adding a solids phase balance based on
the experimental data of the oxidation and reduction of the oxygen carrier using a popula-
tion balance approach. Furthermore, a boundary condition should be written which enables
the periodic switching of the chemical composition of the inlet gas �ow. The current TFM
is highly suitable to be extended for the modeling of these hybrid reactors, which brings the
future of the commercial exploitation of these novel reactor concepts, and thus the sustain-
able large-scale production of hydrogen, closer once again.
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Nomenclature

Symbols
A Gas velocity amplitude [m s−1]
f Frequency [s−1]
t Time [s]
u Velocity [m s−1]
w Width [m]

Subscripts & superscripts
g Gas
in Inlet
r Radial

Abbreviations
CFD Computational Fluid Dynamics
DNS Direct Numerical Simulations
FBMR Fluidized Bed Membrane Reactor
SMR Steam Methane Reforming
WGS Water Gas Shift
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