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1  
 INTRODUCTION TO HYDROGEN-SELECTIVE 

PALLADIUM MEMBRANES AND THEIR 
APPLICATION IN INDUSTRY 

 

Abstract 

In this chapter the potential of hydrogen-selective membranes in different types of 

industrial processes is introduced. A short introduction is given on how H2-selective 

high-flux membranes can be manufactured and how the cost of these types of 

membranes can be reduced by decreasing the thickness of the costly palladium 

layer. A general introduction of the transport of H2 through dense metallic 

membranes is given. Furthermore the objectives and the outline of this thesis are 

presented.  
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1.1 General introduction  

The single pass conversion of many commercially important chemical processes is 

limited by thermodynamics. The limited conversion makes purification of the product 

and recycling of the valuable feed necessary. The recycling of reagents increases 

the process flow rates and therefore the operating and investment costs. A 

favourable situation would be to shift the chemical equilibrium to the desired product. 

One possible strategy to shift the chemical equilibrium in the product direction is to 

remove one of the products from the reaction zone. The product purity will be higher 

and the amount of the recycled feed will decrease. In processes where hydrogen is a 

reaction product, this strategy can be realised by introducing a hydrogen-selective 

membrane in the process.  

Some examples of important industrial processes (Table 1.1) that may be improved 

by using hydrogen-selective membranes are the dehydrogenation of propane, the 

water-gas shift reaction, reforming of methane and the one-step conversion of 

benzene to phenol. For the dehydrogenation of propane the hydrogen-selective 

membrane may be introduced in an existing or new plant to improve the single pass 

conversion. The higher purity of the product stream after the reactors can be used to 

produce a product with a higher purity after the distillation section or to increase the 

capacity of the distillation section. In case of the water-gas shift reaction and the 

reforming of methane, membranes can be used to shift the equilibrium, but also as 

hydrogen purifier [1]. The purified H2 may be used as the feed for a low temperature 

fuel cell [2]. In the one-step conversion reaction of benzene to phenol, the membrane 

can be used to produce phenol from benzene, hydrogen, and oxygen in a one-step 

conversion process instead of the normal multi step process [3]. 
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Table 1.1 - Examples of important industrial reactions in which hydrogen is produced. 

Dehydrogenation reactions [4-8]  
i.e. dehydrogenation of propane C3H8 ⇌ C3H6 + H2 

Water-gas shift reaction[9] 
CO2 + H2 ⇌ CO + H2O  

Reforming of methane[10-14]  
CH4 + 2 H2O ⇌ CO2 + 4 H2 

CH4 + CO2 ⇌ 2 CO + 2 H2 

2 CH4 + O2 ⇌ 2 CO + 4 H2 

One-step conversion of benzene 
to phenol [3] H2 + O2 + 2             → 2  

 

1.2 Hydrogen removal strategies to improve the 
conversion   

Several reactor/membrane configurations are interesting to remove the hydrogen 

from the reaction zone. Some of the possible configurations are shown in Figure 1.1. 

In option I and II the membrane is installed as a separate unit, in option III, IV, and V 

the membrane and reactor are combined into one single process unit. Option V is a 

special case in which the membrane operates simultaneously as a membrane and 

catalyst for the reaction; this is a true membrane reactor. A good example of the 

membrane reactor is the one-step conversion of benzene to phenol by using a 

hydrogen-selective palladium (Pd) membrane [3]. The H2 is fed separately of the 

benzene and oxygen to the membrane reactor. The H2 will diffuse through the 

membrane and at the other membrane side the H-atoms will activate the oxygen. 

The activated hydrogen and oxygen reacts with the benzene to produce phenol in a 

single step.  

The advantages and disadvantages of the presented configurations will not be 

discussed here, more detailed information can be found in several publications [6-

8,15-18]. In Chapter 7, configuration I will be used to investigate the implementation 

of a hydrogen-selective membrane in a propylene plant to increase the production 

capacity. 
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Figure 1.1 - Options to apply a hydrogen separation membrane in a chemical process. 



5 
 

1.3 Hydrogen-selective membranes 

Different types of H2 selective membranes have been developed in the past: polymer 

membranes, ceramic membranes, thin sheets or thin-walled tubes of Pd, composite 

membranes of Pd on a support material such as alumina or steel. However, not all 

these membranes fulfil the criteria to be applied in the previously mentioned 

reactions. This includes criteria such as a good resistance to high temperatures (> 

400 °C), the presence of steam, alkanes and alkenes, high selectivity to H2, and a 

high value of the ratio H2-flux/membrane costs. 

In Table 1.2 the values of the H2 permeance and selectivity of some of the existing 

membrane types are shown. From Table 1.2, it can be concluded that most of the 

membranes do not fulfil all of the above criteria. The membranes based on polymers 

or rubbers are not resistant to temperatures above 300°C and the selectivity is rather 

low. The ceramic membranes are resistant to very high temperatures but the 

selectivity is far too low, typically less than 20 (H2/N2). It has been attempted to 

improve the selectivity of the ceramic membranes by impregnating the ceramic 

membrane with Pd. However, the selectivity (H2/N2) is still rather low (11). 

The selectivity and thermal stability of thin Pd sheets or thin-walled Pd tubes is 

excellent, but the H2 fluxes are relatively low. For a thin Pd sheet membrane of 50 

µm thick, a membrane area of at least 3000 m2 is necessary to remove 50% of the 

hydrogen in the reactor effluent of a 300 kton/yr propane dehydrogenation plant 

(Figure 1.2). The costs of the needed Pd alone would already be 14 M€. A reduction 

in Pd cost has been obtained by deposition of thin Pd layers (0.2 to 10 µm) on a 

porous support layer, e.g. alumina or sintered steel. 

The decrease in thickness reduces the amount of membrane material and increases 

the flux. As a consequence the reduction in Pd costs is quadratic. The pore size 

distribution of the support is critical, because the Pd layers must be about 3 times 

thicker than the largest pore diameter [19]. Therefore, composite membranes have 

the tendency to have a low selectivity due to the formation of pinholes during 

membrane production. Several types of supports and Pd deposition methods 

(sputtering, electroless plating, repair steps) have been used, but it seems that pin-

hole free membranes thinner than 1.0 micron are very difficult to obtain or that the 

transport resistance over the porous support becomes too large. 

A novel method is to deposit the Pd membrane or Pd alloy, e.g. Pd/Ag or Pd/Cu, on 

top of a closed support material. After the deposition step, the support is partly 

removed by microsystem technology to make the membrane free at both sides [20]. 
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This method results in a very thin high-flux Pd membrane of 1.0 µm thick (or even 

submicron) with an excellent hydrogen flux and selectivity as will be shown in 

chapters 2 and 3. 
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Figure 1.2 - Estimated Pd material costs necessary for a dehydrogenation plant at a Pd price 
of 6772 €/kg (obtained from Kitco [21]). 
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Table 1.2 - Membrane fluxes and selectivities of various hydrogen-selective membrane types. 

Membrane material  Membrane 
thickness 

Operating 
temperature 

Permeance Selectivity 
H2 versus N2 

Reference 

(-) (µµµµm) (K) (mol H2/m
2
·s·bar) (-) (-) 

Polysulfone 35 298 9.4⋅10-6 100* [22] 
poly(dimethyl siloxane) rubber 1500 298 1.3⋅10-5 3* [22] 
composite polysufone/poly(dimethyl siloxane) 300 298 9.9⋅10-4 70 [22] 
poly[bis-(3,5-di-tert-butylphenoxy)1.2 (chloro)0.8phosphazene] PDTBP 115 303 2.2⋅10-5 30* [23] 
poly[5-methyl-2-hexyne] P5M2H 50 308 3.0⋅10-4 8 [24] 
Silica - 773 1.1⋅10-1 18.8 [4] 
silica impregnated with Pd 100 673 2.6⋅10-3 10.9 [25] 
alumina – titania support 5 1073 8.5⋅10-5 7 [26] 
Pd  (electroless plating) – alumina support  10.3 740 2.8⋅10-1 1000 [27] 
Pd  (Metallorganic CVD) – alumina support 1.5 573 2.0⋅10-2 200 [28] 
Pd – vycor glass 4.5 673 1.6⋅10-1 N.D.** [29] 
Pd – Steel 13 723 5.7⋅10-2 - [30] 
Pd – alumina modified porous Hastelloy   7.5 823 3.3⋅10-1 N.D.** [31] 
Pd –  porous stainless steel with yttria stabilized zirconia (YSZ)   1.3 673 7.4⋅10-1 1740 [32] 
Pd/Ag alloy  (75/25 wt.%, sputtered) – alumina support 0.4 573 1.5⋅10-2 80 [28] 
Pd/Ag alloy (77/23 wt.%, electroless plating) – alumina support 5.8 714 2.6⋅10-2 N.D.** [29] 
Pd/Ag alloy (77/23 wt.%, sputtered) –  self supporting 1.5 573 1.6 - [33] 
Pd/Cu alloy (81/19 wt.%) – alumina support 11.6 723 5.6⋅10-2 105* [34] 
Pd/Cu alloy  (electroless plating) – alumina support 0.16 623 6.0⋅10-1 710 [35] 
Pd/Ni alloy (82/18 wt.%) – steel support 2 723 7.2⋅10-1 3000 [36] 
Pd/Au alloy (95/05 wt.%, sputtered) –  self supporting 2 673 1.8 - [37] 
Pd-Au (sputtered) – alumina modified porous nickel 4 µm/50nm 673 1.1⋅10-1 336*** [38] 
Pd-Ta-Pd (sputtered) –  self supporting 1-13-1 638 2.1⋅10-1 - [39] 
Pd (sputtered) –  self supporting 0.5 723 6.4 200**** [40] 

* ideal selectivity    ** N2 has not been detected in the permeate   *** H2/He selectivity    ****estimated from the value of the H2/He selectivity 
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1.4 Hydrogen transport through Pd membranes 

Palladium and its alloys are applied for hydrogen separation because of their 

high selectivity to hydrogen. No other molecule can pass through a pinhole-free 

Pd surface. This is due to the transport mechanism of hydrogen through a Pd 

(alloy) layer. 

The transport of H2 through a Pd (alloy) layer can be described by 7 steps 

(Figure 1.3). The seven steps include the transport to and from the membrane 

in the gas phase, the dissociative adsorption and associative desorption, 

entrance of the H-atom from the surface into the Pd bulk and backwards, and 

the diffusion of the H-atom through the metal layer.  
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Figure 1.3 - The transport steps of H2 permeation through Pd. 

 
Each transport step can limit the H2 flux, depending on the operating conditions 

and the thickness of the membrane layer. Several models have been reported 

in the literature to describe the transport steps 2 to 6. Ward and Dao [41] 

combined these models into one H2 transport model for Pd membranes. With 

the constructed model, Ward and Dao have been able to estimate the H2 

permeance of pure Pd membranes quite well for a broad range of conditions. In 

Figure 1.4 the calculated permeances for three different membrane thicknesses 

are given as function of the temperature. As can be seen from Figure 1.4, two 

transport steps limit the flux in the calculated temperature range. At low 

temperatures the desorption limits the H2 flux and therefore the H2 permeance 

is independent of the membrane thickness. At high temperatures the bulk 

diffusion of hydrogen through the Pd layer limits the H2 flux and therefore the 

flux is inversely proportional to the membrane thickness. A transition zone 

exists between the surface reaction limited and diffusion limited zones.  
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Figure 1.4 - Calculated H2 permeances as function of temperature for three Pd 
membranes with a thickness of 0.1, 0.5, and 1.0 micron, respectively.  

 
The effect of contamination of the Pd surface is not described by the model of 

Ward and Dao. It is expected that the presence of contamination reduces the 

number of active sites at the Pd surface to dissociate or recombine H2. The 

contamination at the retentate or permeate side will therefore limit the flux by 

decreasing the dissociative adsorption or the recombinative desorption rate, 

respectively. The effect of contamination on the flux is often described by the 

following simple equation (extended Sievert’s law): 

 

)()(
222

n

permH

n

retHH PPTPJ −⋅=  (1) 

   

in which JH2 is the H2 flux, P(T) the permeance, and PH2 ret and PH2 perm are the 

H2 partial pressure at the retentate and permeate side, respectively. The value 

of the exponent n depends on the transport step that limits the hydrogen flux 

(possibly caused by contamination), see Table 1.3. This model is able to 

describe accurately a series of experiments and to investigate which transport 

step limits the flux, but it cannot predict the effect of contaminants beforehand. 

In this thesis, equation 1 is used to investigate which transport step limits the 

flux during the experiments. 

In order to determine the effect of contaminations, the effects of adding steam, 

CO, CO2, methane and propane on the H2 permeation have been 

experimentally investigated, for which the results are given in Chapters 4 and 5. 
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Table 1.3 - Values of the exponent n in equation 1 in case the flux is limited by one of 
the transport steps. 

Value of n Possible step that limits the flux 

n = 1 

• Dissociative adsorption (contamination at the 
retentate side can be the cause) 

• H2 transport in the gas phase at the retentate or the 
permeate side 

n = 0.5 • Diffusion through the Pd layer 

n = 0 
• Recombinative desorption (contamination at the 

permeate side can be the cause) 

 

1.5 Outline of the thesis 

In this thesis the use of hydrogen-selective Pd, Pd alloy and Pd-Ta-Pd 

sandwiched membranes are explored for future application in processes like  

the reforming of methane, the water-gas shift reaction and the dehydrogenation 

of propane. The main focus of the research is the characterisation and 

application of sub-micron thick high-flux H2-selective membranes produced by 

microsystem technology. First, several types of membranes fabricated with 

microsystem technology are characterised by measuring their H2 flux and 

selectivity. Secondly, the influence of steam, CO, CO2, CH4 and propane on the 

H2 permeation is determined. Finally, the feasibility of applying these 

membranes in an industrial process is explored. 

In Chapter 2 three membranes types are introduced: the pure Pd membrane, 

the Pd/Ag alloy membrane, and the Pd coated Tantalum membrane. The 

prepared membranes are characterized by measuring the H2 and He flux as a 

function of temperature (623-723 K) and feed composition (0<pH2<0.83 bar) 

and the limiting step of the hydrogen permeation is determined by Equation 1.  

In Chapter 3 a new activation procedure to remove contaminants from the 

membrane surface is presented. Besides the H2 activation step, the membrane 

is activated with H2 and steam. In addition, a novel membrane module is 

developed that can be used in a larger temperature range than the previous 

module, due to the removal of pyro-glass as the holder material. Permeation 

experiments were carried out with the old and novel module, with and without 

steam-H2 activation. The H2 feed partial pressure is varied from 0 to 1 bar, and 

the temperature is varied from 623 to 873 K. Moreover, a hydrogen permeation 
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model of the module is developed to estimate the hydrogen driving force at 

several positions in the module. With the results of this model and the 

permeation results, the limiting step of the hydrogen permeation is determined 

for the membranes studied. 

In Chapter 4 the influence of adding steam or CO2 to the membrane feed has 

been studied for Pd and Pd/Ag membranes. The influence has been studied at 

a CO2 or H2O fraction of 20 vol.% and at temperatures of 623, 673, and 723 K, 

respectively.  

In Chapter 5 the influence of adding CO or CH4 to the membrane is measured 

for a Pd membrane. The measurements are carried out at 7.5 and 20 vol.%, CO 

or CH4 fraction respectively, and temperatures of 623 and 723 K. The influence 

of CO is compared to the influence of CO2 found in Chapter 4.   

In Chapter 6 different designs for a membrane module are investigated by 

simulation to optimize the membrane and module performance by reducing the 

effect of concentration polarization. The investigations are carried out by using 

computational fluid dynamics (CFD). From the calculated results several design 

rules are defined. 

In Chapter 7 the introduction of the developed membrane in an industrial 

process is evaluated in more detail. A concept of an industrial membrane 

module for the developed membranes is presented including an economic 

evaluation of the membrane module in the dehydrogenation of propane to 

propene.  

In Chapter 8 the findings of recent research on H2 selective membranes is 

discussed in relation to the main issues identified in this research work. 

The outline of this thesis is such that each chapter is autonomous and can be 

read independently from the other chapters. Consequently, some information is 

repeated in different chapters. 
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2  
 MICROSYSTEM TECHNOLOGY FOR HIGH-

FLUX HYDROGEN SEPARATION MEMBRANES 
 

Abstract 

The application of thin hydrogen-selective membranes suffers from the 

occurrence of pinholes and a significant resistance to mass transfer in the 

porous support. To overcome these problems, Pd, Pd/Ag and Pd-Ta-Pd 

membranes with a thickness between 0.5 and 1.2 µm have been deposited on a 

dense and smooth surface of a silicon wafer. After membrane deposition the 

underground has been etched to release the membrane surface for H2 

permeation. Membranes have been prepared with a 1 µm thick microsieve as 

the support or without support. The prepared membranes have been 

characterized by the H2 and He flux as a function of temperature (623-723 K) 

and feed composition (0< PH2<0.83 bar). The highest H2 flux, 3.6 mol H2/m
2·s, 

has been found with a microsieve-supported 1 µm thick Pd/Ag membrane at 

723 K and 0.83 bar hydrogen partial pressure. The fluxes measured here are 

approximately one order of magnitude higher than the fluxes reported in the 

literature for Pd or Pd alloy membranes deposited on porous supports. 

Moreover, helium could not be detected in the permeate, thus indicating the 

absence of pinholes. 

 

This chapter is based on: F.C. Gielens, H. D. Tong, C.J.M. van Rijn, M.A.G. Vorstman 
and J.T.F. Keurentjes, Microsystem technology for high-flux hydrogen separation 
membranes, J. Membr. Sci., 243 (2004) 203-213. 
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2.1 Introduction 

Palladium (Pd) membranes are selective for hydrogen and have been used to 

produce ultra-pure H2 [1]. In processes like dehydrogenations, steam reforming 

of methane, or the water gas shift reaction, the application of H2 selective 

membranes has also been studied [2, 3]. In these processes the membranes 

are used [4] to improve the single pass conversion by removing H2 from the 

reaction zone [5]. Alternatively, the process conditions can be set milder without 

a loss in conversion, thus reducing the formation of by-products. The membrane 

can also be used in hydrogenation reactions as inter-stage H2 feed to improve 

the yield [6]. However, application of Pd membranes on a large scale is still 

expensive, thus requiring a significant cost reduction [7]. Increasing the H2 flux 

while maintaining a high selectivity will reduce the required membrane area and 

therefore the membrane investment costs. 

During the past decades, the H2 flux has already been increased significantly by 

decreasing the membrane thickness from about one millimetre to micrometres 

and even sub-micrometres [8]. However, the increase in flux by reducing the 

membrane thickness has its limits, as sub-micron membranes do have a high 

flux but poor mechanical strength. Additionally, mass transfer resistances in the 

gas phase at the retentate side and in the porous support can become limiting 

factors. Although the specific resistance in the support is relatively low as 

compared to that of the membrane layer, the H2 flux can significantly be limited 

due to the thickness of the support. Moreover, resistances can occur at the 

interface between the Pd surface and the bulk where H atoms are entering or 

leaving the bulk Pd, or at the interface of the gas phase and the membrane 

surface where H2 dissociates at the feed side and H atoms have to associate at 

the permeate side [9]. 

The reduction of the membrane thickness is not only limited by the mechanical 

strength, but also by the formation of pinholes during fabrication. To prevent 

pinhole formation it has been advised to prepare membranes with a thickness 

equal to at least three times the diameter of the pores in the top layer of the 

support [10]. Moreover, as it is well known that ceramic porous supports are 

seldom defect free, this will also decrease the selectivity of the supported 

membranes. 
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In this chapter microsystem technology has been used to increase the hydrogen 

flux through Pd-based membranes and to prevent the formation of pinholes 

during membrane fabrication. The fabrication and characterization of three 

different membrane materials will be presented: pure Pd, Pd/Ag alloy, and Ta 

coated by Pd, respectively. Each of these membranes has specific advantages 

and disadvantages. Pd is a simple system to study, but undergoes an α-β 

phase transition between room temperature and 573 K [11]. Pd/Ag has a higher 

H2 permeability than pure Pd; the highest permeability for Pd/Ag at 673 K can 

be obtained with an alloy composition of 77/23wt.% Pd/Ag [12]. The molar ratio 

of Pd/Ag is equal to the weight based ratio.  

A disadvantage of Pd/Ag membranes, however, is the decreased Pd content at 

the surface, which can limit the H2 flux because of the poorer ability of Ag to 

dissociate/associate H2 compared to Pd. A Pd coated membrane consists of a 

material that is more permeable for H2 than Pd (and is preferably cheaper). This 

material is coated at both sides with a thin Pd layer. In this study we use Ta as 

the more permeable material [13]. The Pd coating is necessary to allow the 

dissociation and association of H2 at the membrane surface and to prevent 

oxidation of the Ta surface. The Pd coated Ta membrane is expected to have a 

better permeance than a Pd/Ag or Pd membrane with the same thickness, but 

only in a certain temperature range. At low temperatures the surface reaction 

limits the permeation rate, so that there will be no advantage of the high 

permeability. At too high temperatures, however, Ta will have a lower H2 

permeability compared to Pd or Pd/Ag due to the negative temperature 

dependency of the H2 permeability of Ta. 

Membranes have been prepared with a 1 µm thick microsieve as a support [14] 

or without such a support (‘free hanging’). The microsieve as a membrane 

support has also been applied by Franz et al. [15]. 

2.2  Experimental 

2.2.1 Manufacturing of free hanging membranes 

For all membranes described in this paper a double-side polished silicon 

substrate with crystallographic cut <110> served as the basis. These 

substrates, called wafers, were 350 µm thick and 3 inch in diameter. A 1 µm 

protective layer of wet-thermally oxidized SiO2 was deposited on both sides of 

the wafer (Figure 2.1). 
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Si<110>Si<110>

After <111> direction finding, narrow slits are patterned
on front side, followed by SiO2 etching  in BHF

Release of Pd/Ag membrane by BHF ( remove SiO2 and Ti )

Wet  etching through Si wafer until SiO2 film is exposed
( Pd/Ag  side  is protected by special chuck )

KOH etching until 50 µm silicon left

Deposition of 1 µm Pd/Ag (through shadow mask)

Si <110> covered with 1 µm SiO2

<110> Si wafer double-side polished

 

 

Figure 2.1 - Schematic view of the followed steps to manufacture a free-hanging 
membrane. 

 

After precise alignment to the <111> crystal direction, parallelogram-shaped 

structures of 25 by 1250 µm were imprinted on one of the SiO2 layers by 

standard photolithography. The SiO2 layer was removed at the imprints with 

BHF dry etching. When the SiO2 protection layer was removed, apertures could 

be etched with KOH inside the wafer. The wet etching was stopped after the 
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apertures reached a depth of 300 µm. A Si layer of 50 µm remained to give 

sufficient mechanical strength for the next step.  

Subsequently, the actual membrane, Pd or Pd/Ag alloy, was deposited by (co)-

sputtering through a shadow mask on the other side of the wafer, using titanium 

(Ti) as an adhesion layer. It has to be noted that at this point in the procedure 

the underground is still closed, which is a large advantage to prevent the 

formation of pinholes compared to depositing metal layers on top of a porous 

material as discussed in the introduction. 

After deposition, the remaining 50 µm silicon is removed with KOH etching, 

followed by releasing the membrane layer by etching the SiO2 and Ti layer with 

BHF. In Figure 2.2a the top-view of the aperture side is given; the white part in 

the middle of the aperture is the Pd (alloy) membrane. In Figure 2.2b, a SEM 

micrograph is given of the cross section of the apertures. 
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Figure 2.2 - Two photographs of the free-hanging membrane: a. top view of the 
aperture side; b. SEM picture of the cross section perpendicular to the apertures.  
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2.2.2 Manufacturing of microsieve-supported membranes 

The manufacturing of the microsieve-supported membranes deviated in some 

steps from that of the unsupported membrane (Figure 2.3). First, a 0.3 µm 

protective layer of SiO2 was deposited on both sides of the wafer, followed by a 

0.7 µm SixNy layer. 

 

Deposition of 0.3 µm SiO2 and 0.7 µm SiN

KOH etching to create apertures

Open windows on back-side, Dry etching SiN

Remove Si completely  by KOH, etch stop at SiO2

Co-sputtering of Pd/Ag  membrane layer

SixNy

SiO2

Si

5 µm

SixNy

SiO2

Pd/Ag

5 µm

Selective removal of SiO2 and SiN with dry etching

<110> Si wafer double-side polished

Release of membrane by removal of SiO2 with BHF

 

Figure 2.3 - Schematic view of the followed steps to manufacture a microsieve-
supported membrane. 

 

Parallelogram-shaped structures of 350 by 2100 µm were imprinted on the 

SixNy layer on one side by standard photolithography. The long side of the 

parallelogram was aligned to the <111> direction of the Si-wafer. The SixNy was 

removed at the imprints by dry etching (Reactive Ion Etching, RIE). After the 

SiO2 protection layer was removed, apertures could be etched with a KOH 

solution inside the wafer (Figure 2.4 a). 



23 
 

The wet etching was stopped after the apertures reached a depth of 300 µm, 

again to give enough mechanical strength in the subsequent step. In the 

remainder of this paper this side of the wafer will be referred to as ‘aperture 

side’, whereas the other side of the wafer will be referred to as ‘microsieve side’. 

At the other side of the wafer, the microsieve side, a pattern of circular openings 

of 5 µm in diameter was imprinted on the SixNy layer ( Figure 2.4b), followed by 

dry etching of the SixNy layer. The SiO2 layer was left intact to preserve a closed 

layer, in order to avoid the formation of pinholes during sputtering of a Pd/Ag 

layer inside the aperture at the SiO2 layer of the microsieve in a later step. From 

the results of Van Rijn et al. [16] and the aperture width, it can be expected that 

the microsieve can withstand a pressure of at least 4 bar. 
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Figure 2.4 - Two photographs of the microsieve-supported membrane: a. top view of 
the aperture side; b. SEM picture of the membrane layer deposited on top of the 
microsieve (the membrane layer was partly removed to show the microsieve). 

 

In the next step the remaining 50 µm Si in the parallelogram-shaped apertures 

was removed by KOH etching, followed by sputtering of the membrane material 
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onto a surface area of 18x18 mm at the aperture side (Figure 2.4a). Besides the 

bottom of the aperture (Figure 2.4b), which later forms the actual membrane, 

also the sidewall of the aperture and the wafer area around the aperture were 

covered by the membrane material during sputtering. 

Tong et al. [17] showed that a 0.5 µm thick Pd/Ag membrane supported by 

microsieve can withstand a pressure of 4 bars at room temperature, which is 

sufficient for industrial applications like the dehydrogenation processes of 

alkanes and ethylbenzene. Prior to the sputtering of membrane material a Ti 

layer was sputtered to obtain a good adhesion between the SiO2 and the 

membrane layer. In the final step, the SiO2 and the Ti in the circular openings at 

the microsieve side were removed with BHF to release the membrane area at 

the microsieve side. A detailed description of the production of both the free-

hanging and microsieve-supported membranes is given by Tong et al. [18-20]. 

2.2.3 Metal film deposition 

Pd, Ag and Ta targets were used to fabricate the three membrane types that 

are described in the introduction. The purity of the targets was 99.99 wt.%. The 

first type of membrane was fabricated by single cannon sputtering of a 1.0 µm 

Pd layer on top of the SiO2 layer.  

The Pd/Ag alloy membrane was fabricated using two ion cannons. The use of 

two separate ion cannons enables to sputter Pd and Ag simultaneously with a 

homogeneous Pd/Ag composition as a result. By changing the operating 

conditions of the two sputter cannons all possible alloy compositions can be 

obtained. The Pd/Ag ratio of the membrane was adjusted by using a previously 

obtained relation between sputtering parameters and final Pd and Ag 

concentrations. Membranes with alloy compositions close to the optimum of 

77/23 wt% Pd/Ag were made. The thickness of the Pd/Ag membranes was 

varied from 0.5 µm to 1.2 µm. 

The Pd-Ta-Pd membrane was obtained by sequential sputtering from a Pd and 

a Ta target. First, a 0.2 µm layer of Pd was sputtered on top of the SiO2 

followed by a 0.6 µm layer of Ta, and finally a 0.2 µm Pd layer was sputtered on 

top of the Ta layer. 

2.2.4 Module fabrication 

A membrane module was developed for laboratory application by bonding the 

processed Si-wafer between two 5 mm thick borosilicate plates by a four-

electrode anodic bonding (Figure 2.5).  
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Prior to bonding, two holes were drilled in each glass plate to serve as the inlet 

and outlet of the gas flow at both sides of the membrane. Additionally, transport 

ducts were powder blasted in the borosilicate plate to transport the gas from the 

inlet over the membrane towards the outlet, for which two different designs have 

been used.  

 

 

A 

A  

A 

A 

Apertures in 
Si wafer

The module:
Si wafer between 
two glass plates

 

Glass 

Glass 

Si 110 

A-A cross-section

H2 + He H2 + He

N2 N2 + H2

 

Glass 

Glass 

Si 110 

A-A cross-section

H2 + He H2 + He

N2 N2 + H2

— Microsieve side

— Aperture side

 

Figure 2.5 - Photograph and schematic drawing of the membrane module design 
without a forced gas flow through the slits. The gasses flow over the wafer and H2 
transport to the membrane is mainly based on diffusion.  

 

In the first design each glass wafer has one large duct (width 18 mm, length 30 

mm, depth 0.2 mm) in which the gas flows over the wafer (Figure 2.5). As a 

consequence, the gas at the aperture side of the membrane has to diffuse 

through a stagnant layer in the apertures. 

The effectiveness of H2 transport can be improved by changing the duct pattern 

design of the glass plate at the aperture side as in the second design, 

consisting of 4 parallel rectangular ducts that are connected to the inlet and 5 

parallel rectangular ducts connected to the outlet (Figure 2.6). The two groups 

of ducts are connected in the module via the apertures in the wafer. This 

reduces the mass transfer resistance in the gas phase, although at the cost of 
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some additional pressure loss. At the wafer side without apertures the glass 

plate is identical to the first design. The modules with forced flow through the 

slits are referred to as ‘Pd-ff’. 

Si wafer
Duct in

borosilicate plate
Pd layer

Layer 1, ducts in borosilicate plate

Layer 2, Si wafer

Layer 3, Pd membrane

~ ~

~ ~

Layer 1, borosilicate plate Gas flow perpendicular under paper

Gas flow perpendicular above paper

A

A

Cross section A-A

~
~
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Figure 2.6 - Photograph and schematic drawing of the membrane module design with a 
forced gas flow through the slits (ff). The gasses are forced through the apertures in the 
wafer, which results in a lower mass transfer resistance than in the design shown in 
Figure 2.5. 

 

2.2.5 Characterization of membranes 

The Pd/Ag ratio of the membrane was confirmed by measuring a sample by X-

ray Photoelectron Spectroscopy (XPS, Quantum 2000 Scanning ESCA 

Microprobe). The sample was prepared by sputtering a Pd/Ag layer on a Si 

wafer at conditions identical to those of the membrane fabrication. The Pd/Ag 

ratio at various depths was also determined with XPS measurements. 

The thickness of the membrane was measured using a Dektak surface profiler 

and Scanning Electron Microscope (SEM, Jeol JSM-5600). The Dektak surface 

profiler could only measure the thickness of the Pd/Ag layer at the surface of 

the wafer at the aperture side. However, after breaking the wafer, it was 

possible to determine the Pd/Ag layer thickness inside the aperture on the 

microsieve by SEM. 

The permeance and selectivity of the membranes were determined using the 

experimental set-up shown in Figure 2.7. The retentate and permeate side were 

continuously flushed: the retentate side with a known mixture of H2 and He, and 

the permeate side with N2. All gas flows were regulated by mass flow 

controllers. The retentate and permeate flow rates were varied between 100 
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and 1000 ml/min. The purity of H2, He and N2 was 99.999%. The absolute 

pressure of the retentate side was controlled by a pressure controller and was 

set slightly above atmospheric pressure. The trans-membrane pressure was 

kept below 20 mbar. The permeance and selectivity were determined by 

measuring the H2 and He concentration in the N2 stream by a GC, equipped 

with a Thermal Conductivity Detector (TCD). More detailed information about 

the experimental set-up has been given in a previous paper [21]. 
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Figure 2.7 - Schematic drawing of the permeation setup. 

 

To investigate the influence of the activation step, three membranes were not 

activated, while the other membranes were activated for at least three hours at 

a temperature of 673 or 723 K, respectively, depending on the operating 

temperature of the first experiment. During activation, a mixture of 20/80 vol.% 

H2/He was fed to both the retentate and permeate side of the membrane. The 

activation state of the membranes used and the properties of the membrane 

modules are summarized in Table 2.1.  

After activation (or directly at the start of the measurement if no activation was 

carried out) pure He was fed to the retentate side and pure N2 to the permeate 

side in order to detect any He leak through the membrane. During the leak test 

a trans-membrane pressure of 50 mbar was applied and 4 samples were taken. 
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Hydrogen permeation experiments were carried out at 623, 673, and 723 K, 

respectively, and the H2 partial pressure in the feed was varied from 0 to 0.83 

bar. For each condition, at least 4 samples were taken at a rate of 4 samples 

per hour. 

2.3 Results and Discussion 

2.3.1 Membrane layer characteristics 

The membrane thickness as given in Table 2.1 is derived from the sputtering 

conditions, but has also been measured by the Dektak surface profiler and by 

SEM for two membranes. The results of the three methods are in agreement 

with each other. The composition and homogeneity of the prepared Pd/Ag alloy 

samples measured by XPS equal the intended concentration of Pd and Ag. 

A microsieve-supported membrane without glass packaging has also been 

examined by SEM. Three different magnifications of the microsieve side are 

shown in Figure 2.8. As can be seen in the SEM pictures, microsystem 

technology is a highly precise technology, able to produce very uniform 

perforations. 

 

Table 2.1 - Properties of the various types of fabricated membranes and modules 
characterized in the permeation setup. The code ‘ms’ in the membrane identification 
refers to the use of a microsieve-support and the code ‘ff’ refers to the use of a forced 
flow configuration at the feed side.  

Membrane 
identification 

Activated 
Forced 

flow 
Thickness 

(µµµµm) 
Microsieve 

Composition (wt.%) 

     Pd Ag 

PdAg-ms_1 yes no 0.7 yes 78 22 

PdAg-ms_2 yes no 0.5 yes 77 23 

PdAg_1 no no 1.2 no 78 22 

PdAg_2 yes no 0.7 no 78 22 

Pd-ms no no 1.0 yes 100 0 

Pd-ff_1 yes yes 1.0 no 100 0 

Pd-ff_2 yes yes 1.0 no 100 0 

PdTaPd no no 1.0 no *  

* Sandwich structure: Pd(0.2µm)-Ta(0.6µm)-Pd(0.2µm) 

 

The total perforated area is 20% of the area that covers the apertures. The free 

membrane surface is approximately 10% larger as a result of under-etching in 
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A 

the SiO2 layer (Figure 2.8c), which has been included in the flux calculation. 

The free membrane area can be chosen larger but this would have induced 

large variations in the H2 driving force along the length of the membrane due to 

the increase of the H2 concentration at the permeate side. This would 

complicate the interpretation of the permeation results. In the following, the flux 

is defined as the molecular hydrogen flow through the membrane divided by the 

free membrane area. 

 

 

  
B 

 
 
  
C 

 
 
Figure 2.8 - Three SEM photos of the microsieve with magnifications: A. 750 Χ, B. 
10,000 Χ, C. 25,000 Χ. The extra membrane area created by under-etching is clearly 
visible at photo C. 

2.3.2 Permeation Characteristics 

In Figure 2.9 the measured H2 flux in time is given for PdAg-ms_1, PdAg_2, Pd-

ff_1, Pd-ff_2 and PdTaPd at 0.2 bar H2 partial pressure in the feed. The fluxes 

of all membranes appear to increase in time, except for the Pd-Ta-Pd 

membrane for which the flux decreases after a slight increase at the start. 

It seems that the PdAg-2, Pd-ff_1 and Pd-ff_2 still have not reached a steady 

state after more than 50 hours at one process condition. In addition, the H2 
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fluxes are rather low with respect to the membrane thickness. Most likely the 

surface of the membrane was not well activated prior to the shown 

measurements. A continued activation by H2 during the measurements reduces 

the amount of contaminants at the Pd surface, resulting in a flux increase. A 

further analysis will be made in the next paragraphs. 
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Figure 2.9 - Hydrogen flux as function of time for different types of membranes and 
modules. The feed consists of 0.2 bar H2 and 0.8 bar He.  

 

Helium could not be detected in the permeate for the pure Pd and Pd/Ag alloy 

membrane (Figure 2.10), so that the selectivity of membrane Pd-ff_1 and PdAg-

ms_1 are in excess of 1500 or 2000, respectively. This indicates that these 

membranes are pinhole free or close to pinhole free. For the Pd-Ta-Pd 

membrane some He could be detected in the permeate almost from the start of 

the experiment. The He leak increased by a factor of 10 in four steps. We have 

no explanation yet for the strange combination of decreasing H2 flux and 

increasing He flux of the Pd-Ta-Pd membrane, but the measurement inaccuracy 

can be excluded as a cause. 
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Ward and Dao [9] have presented a permeation model including the various 

transport steps described in the introduction. Based on this model a flux of 2.5 

mol H2/m
2·s would have been expected for a 1.0 µm Pd membrane at the 

conditions used in the experiments, whereas for the Pd/Ag membranes even 

higher values are predicted. Moreover, from this analysis it would follow that the 

transport step that limits the H2 flux is diffusion through the actual membrane 

layer. 
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Figure 2.10 - Helium flux during the same experiments as shown in Figure 2.9. 

 

The measured H2 flux through the membrane can be described by: 

 

)()(
222

n

permH

n

retHH PPTPJ −⋅=        (1) 

 

in which JH2 is the H2 flux, P(T) the permeance, and PH2 ret and PH2 perm are the 

H2 partial pressure at the retentate inlet and permeate outlet, respectively. The 

value of the exponent n depends on the transport step that limits the hydrogen 

flux.  
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Based on calculations the mass transfer resistance in the gas phase is 

excluded as a limiting step. If diffusion through the membrane limits the flux, n 

will be equal to 0.5 (Sievert’s law). If surface reactions at the retentate side limit 

the flux, n will be unity, whereas when both transport steps are responsible for 

flux limitations, n will vary between 0.5 and 1.0. 

The results of the experiments with varying H2 concentration in the feed are 

given in Figure 2.11a and Figure 2.11b at 673 and 723K, respectively. The 

measured flux is plotted against the difference in H2 partial pressure of the feed 

inlet and the permeate outlet. From Figure 2.11, it can be observed that some 

spread occurs between the series of ascending and descending H2 feed 

concentrations. The measured flux is equal or higher for the descending H2 feed 

concentration. To determine which step limits the H2 transport rate, the 

measurements with varying H2 feed concentrations have been fitted to equation 

1 to obtain the corresponding value of n and the confidence intervals (see Table 

2.2).  

As expected from the flux behaviour presented in Figure 2.9 and from the 

values of the exponent n in Table 2.2, the permeation through the membrane is 

mainly limited by H2 surface reactions. In the case of the Pd membrane, the H2 

permeation is partly limited by the diffusion through the membrane at 723 K (n 

is smaller than 1), whereas at 673 K the relative influence of diffusion is hardly 

noticeable (n is close to 1). 

Table 2.2 - Permeances and exponents (n) calculated by non-linear regression of the 
measured data obtained from permeation experiments with varying H2 partial pressures 
in the feed and equation 1. 

Membrane 
identMification 

Temp. 

 

Stable 
flux 

Permeance 

 

Standard 
deviation 

n 

 

Standard 
deviation 

 (K)  (mol H2 / 

m
2⋅⋅⋅⋅s⋅⋅⋅⋅bar

n
) 

(mol H2 / 

m
2⋅⋅⋅⋅s⋅⋅⋅⋅bar

n
) 

(-) (-) 

PdAg-ms_1 673 no 4.15 0.54 1.19 0.11 

PdAg_1 673 yes 0.75 0.09 1.21 0.08 

PdAg_1 723 yes 2.09 0.14 1.23 0.05 

PdAg_2 723 no 4.79 0.07 1.20 0.05 

Pd-ms 673 yes 1.74 0.14 0.96 0.06 

Pd-ms 723 yes 1.80 0.14 0.80 0.07 

 

In the case of Pd/Ag alloy membranes a value larger than 1 has been found for 

n. A possible explanation for this phenomenon could be surface segregation. 

The occurrence of surface segregation has been found for Pd alloys like Pd/Ni 
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and Pd/Rh [22, 23]. Additionally, the adsorption of gasses at the metal surface 

can influence the degree of segregation [24]. Shu et al. [25] found that the 

presence of hydrogen in the gas phase will repress the preference of Ag for a 

location in the surface. Because more Pd will be present at the surface at 

increasing H2 partial pressure, more active sites will be available for the 

necessary surface reactions to adsorb and desorb H2 from Pd. As a result, the 

dependency of the flux upon the H2 partial pressure can be larger than 

proportional (n >1). 

When the rate determining step remains the same over the temperature range 

investigated and the number of free active sites for surface reactions remains 

constant, the temperature dependence of the permeance can be described by 

an Arrhenius-type of equation: 

 

TR

E

CTP ⋅
−

⋅= exp)(          (2) 

 

in which P is the permeance, C is the pre-exponential constant, R is the gas 

constant, T is the operating temperature and E is the activation energy of  the 

rate determining step. Equation 2 implies that a plot of the logarithmic flux 

values against the reciprocal temperature should result in straight lines. 

Deviation from a straight line indicates that the activation energy for hydrogen 

transport changes, i.e. the limiting transport step changes.  
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Figure 2.11 - Hydrogen flux as function of the H2 partial pressure in the feed: a) 
measurements at 673 K; b) measurements at 723 K (the lines are to guide the eye). 

a 
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In Figure 2.12 the measured fluxes at 623, 673, and 723 K are plotted against 

the reciprocal temperature for four membranes. For the pure Pd membrane the 

relationship between logarithmic flux and reciprocal temperature is almost linear 

for both series, unlike most of the measured Pd/Ag membranes, thus indicating 

that the limiting transport step of the Pd membrane does not change with 

temperature. The slope variations of the Pd/Ag membranes indicate that the 

limiting transport step changes with temperature for these membranes. 

Combining these results with the exponent n as determined above, it is 

plausible to ascribe the effect of temperature on Pg/Ag membranes to a 

reduced number of free active sites caused by surface segregation or by 

surface contamination. Moreover, this effect is so strong that it almost 

completely overrules the expected diffusion limitation as it is predicted by the 

Ward and Dao model. The effect of segregation can be excluded as a cause for 

the differences between flux values in the consecutive series of PdAg-ms_1, 

because the equilibrium concentration of Pd and Ag is established in minutes. 

This is due to the fact that only a few atom layers at the surface are involved in 

the segregation process [26]. 
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Figure 2.12 - Hydrogen flux as function of the reciprocal temperature at a feed H2 
partial pressure of 0.2 bar for different membrane, types and measurement series 
consecutive in time (the lines are to guide the eye).The hydrogen flux after reaching 
equilibrium is used (approximately 24 hours after the temperature change). 
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The observed drop in the flux in Figure 2.12 between consecutive series is most 

likely attributed to increased surface contamination. Another indication for 

surface limitation is that at 723 K the H2 flux for the 0.7 µm thick PdAg-ms_1 is 

higher than of the 0.5 µm thick PdAg-ms_2 membrane. Cleaning the surface 

with steam or oxygen can provide ways to revert the rate limiting mechanism 

from H2 surface reactions to diffusion [27]. 

 

2.3.3 Comparison to literature 

In Figure 2.13 the permeances of the membranes fabricated with microsystem 

technology are compared to Pd and Pd/Ag alloy membranes deposited on 

porous substrates. All permeances are calculated based on n=1. The 

microsystem-fabricated membranes give the highest permeances, even up to a 

factor 2.5 higher than for membranes deposited on porous substrates if a 

membrane area of 25% of the wafer area is taken into account. The permeance 

increases faster with increasing temperature for the membranes presented in 

this paper compared to the membranes from the literature. 

 

Figure 2.13 - Comparison of membrane permeances presented in this work with other 
H2 selective membranes deposited on a porous substrate [31-34]. 
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The difference in trend may be caused by the difference in limiting transport 

step of the H2 permeance. In our case the transport is limited by H2 surface 

reactions [28], which results in a higher activation energy than if the transport is 

limited by diffusion through the membrane [29]. Large increments in permeance 

are still possible for these membranes if the limitation in H2 permeation can be 

changed from surface reaction to diffusion. Thin layers of 200 nm or less are 

possible, which will theoretically allow for a further increase of the flux by a 

factor of 4. 

If the transport limitation cannot be changed from surface reactions to diffusive 

transport through the membrane, the use of a thinner membrane will hardly 

improve the H2 flux. For the microsystem technology based membranes the flux 

limitations due to mass transfer resistances in the gas phase will not be an 

issue because of the small dimensions of the gas ducts, especially if the flow 

can be forced through the slits. 

Franz et al. [15] and Karnik et al. [30] both measured the flux of a 200 nm thick 

Pd membrane fabricated with microsystem technology. Franz et al. measured a 

permeance of 43 mol H2/m
2·s·bar at 773 K and Karnik et al. a permeance of 9 

mol H2/m
2·s·bar at 373 K. Both permeances are higher than the permeances 

measured for the membranes presented in this paper. Causes are the 

difference in thickness of the membranes and in case of Franz et al. the 

operation temperature was higher. Applying n is 0.5 (diffusion limited) instead of 

1.0 the permeance measured by Franz et al. agrees with the model of Ward 

and Dao. 

For the membrane of Karnik et al., Ward and Dao predict that the associative 

desorption would limit the H2 transport at 373 K. The predicted flux is 1000 

times smaller than the one presented by Karnik et al.. We have no explanation 

for this discrepancy.  

2.4 Conclusions 

Two different fabrication methods are presented in this paper to prepare high-

flux H2 selective membranes. In both methods the key factor is the deposition of 

the metallic layer on a closed and smooth surface layer. Only after deposition of 

the actual membrane the support is opened to free the membrane surface. This 

method results in Pd or Pd/Ag alloy membranes free of pinholes, thus exhibiting 

a high selectivity to H2. 
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The prepared Pd-Ta-Pd sandwich membrane, however, exhibits some 

permeance for He. The highest flux has been measured for a 1µm Pd/Ag 

membrane with the microsieve support: 3.6 mol H2/(m
2·s). Fluxes found in this 

study are approximately 2.5 times higher compared to membranes deposited on 

a porous support. 

H2 permeation through the Pd membrane appears not only to be limited by 

diffusion through the membrane but also by H2 surface reactions. A better 

activation of the membrane reduces the amount of contamination at the surface, 

which leads to a higher flux. Eventually, diffusion through the membrane will 

determine the H2 flux, which opens the possibility to further improve the flux by 

applying thinner membranes as shown by Franz et al [15]. 
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3  
 MEASUREMENT AND MODELLING OF 

HYDROGEN TRANSPORT THROUGH HIGH-
FLUX PD MEMBRANES 

 

Abstract 

The permeability of H2-selective palladium membranes fabricated with 

microsystem technology has been studied. The permeation experiments have 

been carried out at temperatures between 623 and 873 K at H2 feed partial 

pressures of 0.2 - 1.0 bar. At 823 K, a permeance based on the free membrane 

area of 18 mol H2/m
2·s·bar0.58 has been measured for a Pd membrane with a 

thickness of 0.5 µm. From the permeation experiments the rate determining 

transport step and the stability of the membranes have been determined. At 873 

K the H2/He selectivity decreases rapidly, indicating the formation of pinholes at 

higher temperatures. From a combination of experiments and computer 

simulations the limiting transport step has been determined to be H-atom 

diffusion through the membrane at elevated temperatures and H2 surface 

reactions at the retentate side at lower temperatures. 

 

 

This chapter is based on: F.C. Gielens, H. D. Tong, M.A.G. Vorstman and J.T.F. 
Keurentjes, Measurement and modelling of hydrogen transport through high-flux Pd 
membranes, J. Membr. Sci., 289 (2007) 15-25. 
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3.1 Introduction 

In the last decade a large increase in the H2 flux of Pd and Pd alloy membranes 

has been achieved by reducing the membrane thickness using porous materials 

such as alumina or sintered steel as support of the membrane. Microsystem 

technology enables the fabrication of membranes with a thin support layer 

(about 1 micron) or even without support [1-3]. The absence of the porous 

support layer substantially reduces the mass transfer resistance and hence a 

dramatic increase of the H2 flux can be achieved [4,5]. The well-defined surface 

of free membrane area makes these membranes very well suited for studies of 

the prevailing transport mechanism. 

In previous work, we have presented the flux characterization of Pd membranes 

fabricated with microsystem technology over a temperature range of 623 – 723 

K [4, 6]. The measured H2 flux is higher than literature values for membranes of 

comparable thickness deposited on a porous support, however, it appears to be 

approximately 20% of the flux calculated with the model proposed by Ward and 

Dao [7]. It also appears that the measured flux is not only limited by diffusion 

through the membrane but also by H2 surface reactions due to contaminations. 

In the present paper, the membrane has been activated with steam, which will 

remove adsorbed carbon species from the Pd surface and will thus increase the 

availability of sites for the dissociative adsorption and associative desorption of 

H2.  

In the literature, the rate-limiting step is often determined by fitting measured 

data to the following equation: 

 

)(
222

n

permH

n

retHH PP(T)J −⋅Π=        (1) 

 

in which JH2 is the H2 flux, Π(T) the permeance, PH2 ret and PH2 perm are the H2 

partial pressure at the retentate side and the permeate side, respectively, and 

the exponent n is a parameter which value depends on the limiting transport 

mechanism. If H2 surface reactions at the permeate side limit the flux then n=0 

[7]. If diffusion through the membrane limits the flux then n=0.5 and if gas phase 

resistance or surface reactions at the retentate side are limiting the flux, n 

becomes unity. In the present study, the value of n and Π are determined in two 

ways. First, the H2 feed partial pressure and the H2 partial pressure of the 
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permeate outlet are fitted to equation 1. Second, a theoretical model of the 

membrane module is used to determine the local partial H2 pressures and 

fluxes along the membrane which are used in the fitting procedure. 

Furthermore, the stability of the membranes has been studied by monitoring the 

selectivity during the permeation experiments.  

3.2 Experimental 

3.2.1 Membrane preparation and packaging 

Two types of Pd membranes were prepared as described previously [1, 8]. One 

type of Pd membrane was prepared without support, called ‘free-hanging 

membrane’, and the other type was prepared on top of a 1.3 micron thick 

microsieve of low stress silicon rich nitride and silicon oxide. 

The first module contained a free-hanging membrane with a thickness of 0.9 

µm, packaged between two borosilicate glass plates as shown schematically in 

Gielens et al. [6]. The borosilicate plates were designed to force the feed 

gasses to pass through the apertures in the silicon wafer as previously 

described in more detail. To allow measurements at temperatures above 723 K, 

the second module consisted of a microsieve-supported membrane of 0.5 µm, 

packaged between two stainless steel holders (Figure 3.1). To compensate for 

the large difference in thermal expansion of stainless steel and silicon, two 

graphite rings (Egraflex GTC, 98% graphite, thickness 200 µm) were used as a 

sealing material between the membrane and the holders. The two rings were 

glued with high temperature glue (VP-3118/2 from Ingenieurbüro Große-

Perdekamp) between both sides of the silicon wafer and the stainless steel 

holder. A clamp was applied to fixate the module during gluing and 

measurements. After applying the clamp, the module was dried at room 

temperature for one hour and subsequently the glue was hardened in an oven 

at 453 K for two hours. Finally, the module was tested for the presence of leaks 

by applying 100 mbar overpressure. 
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Figure 3.1 - Schematic view of the membrane packaging of the stainless steel module. 

 

3.2.2 Membrane permeation 

The H2 permeability and selectivity of the membranes were determined in the 

experimental setup as shown in Figure 3.2. A known mixture of H2 and He was 

flushed continuously through the retentate side and nitrogen through the 

permeate side. Mass flow controllers regulated all gas flows. The retentate 

pressure was regulated slightly above atmospheric pressure by a backpressure 

controller and the permeate outlet was not restricted and was therefore at 

atmospheric pressure. The gas flows were heated by a spiral that was placed in 

the same oven as the membrane module. Steam to activate the membrane was 

produced by evaporating water supplied by a high-pressure liquid 

chromatography pump. The liquid flow rate of the pump determined the steam 

flow. The water evaporation took place in a stainless steel spiral with inner 

diameter of 0.8 mm and length of 1.5 m, placed inside the same oven. The 

permeate composition was measured by means of a micro gas chromatograph 

(Varian CP4900), equipped with a molsieve 5Å column and thermal conductivity 

detector (TCD). Argon was used as the carrier gas, which made the TCD highly 

sensitive to He and H2. The gasses were 99.999 vol% pure. 
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Figure 3.2 -  Schematic view of the permeation setup. 

 

After placing the membrane module in the system, He was fed to the retentate 

and N2 to the permeate. A small positive transmembrane pressure was applied 

to detect possible pinholes in the membrane layer by measuring the presence 

of He in the permeate. If no pinholes were detected, the oven temperature was 

increased with 3 K/min until the activation temperature of 723 K was reached. 

Two activation steps with different feed gas mixtures were carried out to 

compare the influence of H2 activation and steam activation. 

During the H2 activation step a mixture of 20/80 vol% H2/He was fed to both the 

retentate and permeate side of the membrane for 4 hours. During the 

subsequent steam activation, a mixture of 20/20/60 vol% steam/H2/He was fed 

to the retentate side and N2 to the permeate side for 72 hours. To measure the 

effect of steam activation, series of permeation experiments with varying H2 

concentrations in the feed were carried out before and after activation. The H2 

partial pressure in the feed was varied from 0 to 1.01 bar in steps of 20 vol% H2 

at temperatures of 623, 673, 723, 823 and 873 K, respectively.  

After the permeation experiments the membrane surface was inspected and the 

membrane thickness was confirmed using a Scanning Electron Microscope 

(SEM, Jeol JSM-5600).  
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3.2.3 Model description 

In order to determine which transport step is limiting the H2 flux in the 

permeation experiments, a one-dimensional model has been developed. The 

model calculates local driving forces for mass transfer inside the module, which 

depend on the module type used (see Figure 3.3 and Table 3.1 for details).  

The flows of the retentate and permeate are co-current. As a consequence, the 

H2 concentrations and the driving force for mass transport through the 

membrane will change in the flow direction. The flow channel inside the graphite 

sealing is wider than the width occupied by the membrane surface, hence 50% 

of the feed and sweep gas will bypass the membrane (Figure 3.3b and c). This 

effect is taken into account in the model by creating two zones for each 

membrane side: a membrane zone and a bypass zone. The gas flowing through 

the bypass zone had no exchange with the membrane; a minor exchange 

taking place between the gas streams in the two zones at the same side of the 

wafer is described in the appendix. In the membrane zone the H2 transport in 

the gas phases in the direction perpendicular to the membrane is described by 

several mass transfer resistances in series (see appendix).  
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Figure 3.3 - Schematic view of the stainless steel module as it is modelled: a) cross-
section in the flow direction, b) actual configuration of the rows of apertures, c) model 
configuration of a simplified column of apertures. 

a 

b c 
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Table 3.1 - Parameters used in the simulations of the modules. Operational conditions 
are equal to the experiments. The values of the physical parameters in the membrane 
model are equal to the values as presented by Ward and Dao [7] if no further changes 
are remarked. 

Parameter 

Stainless 
steel module 
“micosieve-
supported” 

Borosilicate 
module 

“free hanging” 

Membrane area (mm2) 3.3 8.8 

Membrane thickness (µm) 0.5 0.9 

Gas duct width (mm) 18 18 (permeate 
side) 

Gas duct length (mm) 23 14 (permeate 
side) 

Gas duct height (mm) 0.2 0.2 (permeate 
side) 

Aperture width (µm) 600 317 

Aperture length (µm) 2000 28 

Aperture height (µm) 350 350 

Number of aperture rows (-) 3 125 

Number of aperture columns (-) 11 8 

Space between apertures columns (µm) 300 1500 

Correction aperture width at retentate side (µm)1  113 - 

Correction aperture width at permeate side (µm)1  100 200 

Fraction membrane area, ε, (membrane/microsieve)2 0.0833 1 

Standard gas flow at retentate side (mlSTP/min)3 300 300 

Standard gas flow at permeate side (mlSTP/min)3 300 300 

Activation energy of the associative desorption 
(kJ/mol H2) 

46.0 46.0 

 
1) Extra width to include the mass transfer exchange between the area above the 
membranes and between the apertures, based on Fo=1 (see appendix) for a simple 
column of apertures. 
2) Fraction is defined as effective membrane area divided by the total aperture area. 
3) If a different gas flow is used, it will be notified in the caption of the figure. 
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Mass transport through the membrane is described according to the model of 

Ward and Dao [7] which takes into account the following steps: dissociative 

adsorption, surface to the Pd bulk transition, diffusion through the Pd bulk, the 

Pd bulk to the surface transition, and associative desorption. The quasi-

chemical equilibrium approximation is used to describe the probability of two 

adjacent empty hydrogen adsorption sites. For the activation energy of the 

associative desorption a value of 46 kJ/mol H2 is used; the values of the other 

parameters are taken from [7]. 

In the appendix the differential equations are presented and the method of 

solving is indicated. Other parameters used in the simulations are given in 

Table 3.1. The outcome of the model calculations will be compared with the 

experimental flux data in the Results and discussion section. 

3.3 Results and discussion 

First the H2 permeances will be discussed, then the modelling and finally the 

selectivity and stability of the membrane. The measured H2 fluxes were 

corrected for the flow through pinholes that developed after some time of 

operation in the membrane layer, by estimating the H2 flow through the pinholes 

from the He concentration in the permeate assuming Knudsen diffusion. Fluxes 

are based on the free membrane area in order to be able to make a comparison 

with the predictions made by Ward and Dao.  

3.3.1 Effect of steam activation on the H2 permeance 

In Figure 3.4a and b, the effect of the two subsequent activation steps 

(hydrogen and steam) on the H2 flux at 723 K is given for the two membranes, 

respectively. In addition, the expected fluxes as calculated with the model are 

given in the two figures. In Figure 3.4a the H2 flux before steam activation 

gradually increases, as H2 activation will continue during permeation when H2 is 

fed to only one side of the membrane. A flux of about 0.7 mol H2/m
2·s is 

reached 140 hours after the actual H2 activation step. The first activation with 

steam induces an increase of the H2 flux, until a stable value of 1.1 mol H2/m
2·s 

is reached after 30 hours. A second steam activation does not improve the flux 

anymore. 
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Figure 3.4 - The effect of steam activation (20/20/60 vol% steam/H2/He) on the H2 
permeation in the 0.9 µm membrane (a) and the 0.5 µm membrane (b). All 
measurements are carried out at 20/80 vol% H2/He, 300 mlSTP/min (a) / 500 mlSTP/min 
(b), sweep gas N2 300 mlSTP/min, and 723 K. A malfunction in a valve after the first 
steam activation (a) has caused a drop in the feed flow rate to the module; after 
approximately 24 hours the malfunctioning of the valve was solved, which is visible by 
the sudden increase in flux. 

 

0 20 40 60 80 100 120 140
0.00

0.25

0.50

0.75

1.00

1.25

F
lu

x 
(m

ol
 H

2/m
2 ·s

)

Time (h)

 Before steam addition
 After first steam addition
 After second steam addition
 Simulation

0 10 20 30 40 50 60 70
0.0

0.4

0.8

1.2

1.6

2.0

2.4

2.8

3.2

F
lu

x 
(m

ol
 H

2/
m

2 ·s
)

Time (h)

 Before steam addition
 After first steam addition
 Simulation

a 

b 



53 
 

Steam activation obviously increases the number of free sites for the H2 surface 

reactions, which are necessary for the permeation through the membrane. As 

shown in Figure 3.4a, the measured fluxes after steam activation are in 

agreement with the calculated fluxes using the model.  

The H2 flux in Figure 3.4b is stable after the first H2 activation step. The 

obtained flux of 1.6 mol H2/m
2·s is relatively low as compared to the flux in 

Figure 3.4a when taking into account that the thickness of this membrane is 

almost half the thickness of the membrane used in Figure 3.4a. After steam 

activation the flux increases to a maximum value of 2.5 mol H2/m
2·s, but then 

decreases to values below the flux before steam activation. This is most likely 

caused by an increase of the carbon content of the palladium above a critical 

level where it hampers the H2 surface reactions [9]. We think the carbon stems 

from pyrolysis products from the glue or gaseous products from reactions 

between steam or H2 and the glue or the graphite sealing; the methane or 

carbon oxides formed may react under carbon deposition at the Pd surface. The 

difference with the 0.9 µm membrane of Figure 3.5a is that glue was not present 

and graphite to a far less extend in the glass bonded module. The figures are 

presented in the same order as the experiments have been carried out. In both 

figures the corresponding fits of equation 1 are given as well. 
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Figure 3.5 a) and b) - H2 permeation as a function of the H2 driving force between the 
feed and permeate outlet of the 0.9 µm membrane module at temperatures of 723 K (a) 
and  673 K (b). H2 up = series with increasing H2 partial pressure, H2 down = series 
with decreasing H2 partial pressure. At least 5 measurement points are shown per 
measurment condition.  Measurements were taken equally spread over one hour after 
changing the H2 feed partial pressure. 
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Figure 3.5 c - H2 permeation as a function of the H2 driving force between the feed and 
permeate outlet of the 0.9 µm membrane module at the temperature of 623 K. H2 up = 
series with increasing H2 partial pressure, H2 down = series with decreasing H2 partial 
pressure. 

 

The series with increasing H2 feed concentration and decreasing H2 feed 

concentration are fitted separately, and are represented by different symbols. 

The values of Π(T) and n (including the values of the standard deviation) 

obtained by fitting the permeation results are summarized in Table 3.2. 

For the 0.9 µm membrane, the flux at 723 K (Figure 3.5a) increases with 

increasing H2 partial pressure in the feed. In the first measurements the 

obtained fluxes are stable in time within 10 minutes. However, 190 hours after 

steam activation (in the figure starting at a driving force of 0.65 bar0.55) the 

fluxes start to decrease in time. This decrease in flux is ascribed to 

contamination of the membrane surface, most likely by carbon. The decrease 

continues during the series of decreasing H2 feed pressures, which results in a 

value of n of 1.04. This high value of n is attributed to a combination of a 

changing degree of contamination and a shift towards surface limitation at the 

retentate side.  
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Table 3.2 - Fitted parameters n and Π of the experimental results and equation 1 (H2 
↑= increasing H2 feed partial pressure, H2 ↓ = decreasing H2 feed partial pressure). 
The corresponding values of the standard deviation (σ) are included.  

Membrane 
(-) 

Temp. 
(K) 

n (-) ΠΠΠΠ (mol H2/m
2·s·barn) 

Average σσσσ Average σσσσ 

H2 ↑↑↑↑ H2 ↓↓↓↓ H2 ↑↑↑↑ H2 ↓↓↓↓ H2 ↑↑↑↑ H2 ↓↓↓↓ H2 ↑↑↑↑ H2 ↓↓↓↓ 

0.9 µm 

623 0.568 0.499 0.012 0.008 3.02 3.25 0.02 0.02 

673 0.490 0.518 0.004 0.006 5.17 5.05 0.02 0.02 

723 0.548 1.044 0.003 0.174 6.15 4.34 0.01 0.18 

0.5 µm 

723 0.815 0.690 0.006 0.011 7.36 8.05 0.02 0.04 

723 1.408 0.710 0.061 0.016 6.46 7.65 0.10 0.05 

823 0.581 0.583 0.008 0.011 17.6 17.7 0.11 0.15 

 

The occurrence of contamination is supported by the fact that a stable and high 

flux is obtained again after re-activating the membrane with steam and 

hydrogen. At 673 and 623 K (Figure 3.5b and c) the fluxes of the series at 

increasing and decreasing H2 feed pressure are almost equal. For all series the 

fit describes the measured fluxes well, from which it can be concluded that 

contamination does not play a role in these measurements. In general the 

obtained fluxes are very high. Even when these fluxes are translated to values 

based on the total wafer surface area, values are obtained that exceed the H2 

flux of all Pd-based membranes supported by a porous medium reported in the 

literature.  

For the 0.5 µm membrane (stainless steel module) similar experiments have 

been performed at temperatures of 723, 823 and 873 K. In Figure 3.6a and b, 

the measured fluxes are given at 723 K before and after steam activation, 

respectively. From Figure 3.6b it can be observed that the flux increases during 

the measurement at each of the different feed concentrations during the ‘H2 up’ 

series. This is caused by the remaining water after the preceding steam 

activation, where the time elapsed after the steam activation has been too short 

to remove all the water from the system [9]. 
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Figure 3.6 a and b - H2 permeation as a function of the H2 driving force between the 
feed and permeate outlet of the 0.5 µm membrane module at temperatures of 723 K 
before steam activation (a), 723 K and after steam activation (b) (in the same order as 
the experiments). 
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Figure 3.6c  - H2 permeation as a function of the H2 driving force between the feed and 
permeate outlet of the 0.5 µm membrane module at temperatures of  and 823 K (in the 
same order as the experiments). 

 

This leads to the extreme value of n=1.4. At 823 K (Figure 3.6c) the membrane 

operation is stable and no difference is found between the two series of 

measurements. 

At 873 K the flux has only been determined at 20 vol% H2 in the membrane 

feed, leading to a value of 4.1 mol H2/(m
2·s). The measured fluxes are higher 

for the 0.5 µm membrane than those measured for the 0.9 µm one, however, 

the increase is not proportional. This proves that diffusion in the membrane is 

not the only rate determining step for the 0.5 µm membrane in the module with 

the graphite sealing. 

The values of n and Π, together with their standard deviations are summarised 

in Table 3.2. The values of the standard deviations are high for values of n>1.0, 

indicating that changes occurred during these series, like a change in water 

adsorption (Figure 3.7b) or in surface contamination (Figure 3.5a) or in surface 

morphology [10]. Series with values for n<1.0 show small standard deviations; 

the values close to n=0.5 suggest that hydrogen diffusion through the 

membrane limits the flux. Additionally, activation energies have been calculated 

(Table 3.3). 
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Table 3.3 - Calculated activation energy (kJ/mol H2) for various temperature intervals 

Membrane 
(-) 

Temperature range 
(K) 

Activation energy kJ/mol H2 

H2 ↑↑↑↑ H2 ↓↓↓↓ 

0.9 µm membrane 

623 – 673 37 31 

623 – 723 27 11 

673 – 723 14 -12 1 

0.5 µm membrane 

723 – 823 49 41 

723 – 873 41 34 

823 – 873 8 8 

1) As a result of contamination the flux at higher temperature is lower and causes the 
activation energy to be negative. 

 

It has been shown in the literature that values of about 12 kJ/mol H2 correspond 

with a diffusion limited permeation [7, 11, 12]. However, especially for lower 

temperatures we calculate significantly higher values (between 30 and 50 

kJ/mol H2), indicating that processes occurring at the surface become 

important.  Obviously, for the lower temperature ranges, the values for n and 

the activation energy are not consistent. In the following section, the H2 

permeance has been modeled in order to gain more insight in the underlying 

phenomena.  

 

3.3.2 Modelling of the H2 permeance 

Model simulations are carried out for the input conditions (feed composition and 

temperature) of all experiments without using experimental output like outlet 

concentrations or H2 fluxes. The obtained simulation results are local and outlet 

concentrations and fluxes. Four different definitions of the driving force (Table 

3.4) have been used to calculate values of n and Π, fitting equation 1 to the 

model results. 
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Table 3.4  - The driving forces used to determine the value of n of the results obtained 
by the model simulations. 

model Flux H2 

Driving 
force 

variable 

Driving 
force 

variable 
Description 

1 
“average” 

Average flux of the 
complete module P_H2,ret in 

P_H2,perm 
out 

H2 partial pressure 
of the feed and 
permeate out, 
respectively. 

2 
“local” 

Local flux of one 
grid cell P_H2,ret P_H2,perm 

Local H2 partial 
pressure in the gas 

bulk of the 
membrane zone1. 

3 
“surface” 

Local flux of one 
grid cell P_H2,ret P_H2,perm 

Local H2 partial 
pressure at the 

membrane surface1. 

4 
“diffusion” 

Local flux of one 
grid cell 

(H/Pd)ret 
diffusion 

(H/Pd)perm 
diffusion 

H/Pd ratio in the 
bulk Pd just below 

the surface1. 
1) In the fit procedure, the local H2 concentrations at two positions in the module have 
been used: the first and the last grid cell where Pd is present in the module. 

 

The calculated fluxes and the experimentally observed fluxes are compared in 

Figure 3.7a and Figure 3.7b for both modules, respectively. The values for n 

and Π obtained from the fit of the simulation results are given in Table 3.5. From 

Figure 3.7a it can be seen that the measured fluxes of the 0.9 µm membrane 

are up to about 20% lower than the calculated fluxes. The experimental and 

simulation results of the 0.5 µm membrane (Figure 3.7b) at 873 and 823 K 

agree rather well, but at 723 K the measured fluxes are almost 50% lower. The 

observed differences are most likely due to the fact that the model does not 

account for contamination effects, as will be discussed later. 
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Figure 3.7 - The experimental (H2 up and H2 down) and calculated fluxes are compared 
for: a) 0.9 µm membrane and b) 0.5 µm membrane. The values used for n in the driving 
force (both for experimental and model results) are those from the simulations given in 
Table 3.5 For clarity the experimental data in which steam still influenced the flux are 
omitted in Figure 3.7b. 
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Table 3.5 - Fitted parameters n and Π of the simulation results and equation 1. The 
values of the standard deviation (σ) are included. The driving force is based on the 
average flux of the complete membrane module (P_H2,ret in  -  P_H2,perm out). 

Membrane 
(-) 

Temperature 
(K) 

n (-) Π (mol H2/m
2·s·barn) 

Average σσσσ Average σσσσ 

0.9 µm 

623 0.476 0.031 3.93 0.111 

673 0.613 0.028 5.16 0.094 

723 0.702 0.028 5.88 0.090 

0.5 µm 

623 0.325 0.039 7.86 0.500 

673 0.517 0.024 11.0 0.214 

723 0.612 0.019 13.6 0.164 

773 0.669 0.015 15.6 0.132 

823 0.710 0.012 17.1 0.114 

873 0.730 0.015 18.4 0.148 

 

In Figure 3.8 the values of n are given as a function of temperature for the four 

fits of the simulation results. Also the values fitted from the experimental 

permeation results are given. For the simulations of both module types (Figure 

3.8a and b respectively) it can be seen that upon an increase in temperature, a 

shift in the transport limitation occurs from partly associative desorption limited 

to a limitation by diffusion in the membrane (from n≅0.3 to n≅0.5 for the local 

and surface based description). From the small difference in n in the ‘local’ 

series compared to the ‘surface’ series, it can be concluded that mass transfer 

in the gas phase hardly causes extra resistance due to the small height of the 

gas ducts in the module. As expected, the value of n of the diffusion-based fit is 

constant (n=1) for all temperatures.  

A clear difference exists between the values of the ‘local’ and the ‘average’ 

series, although the trend is comparable. The value of n of the ‘average’ series 

increases to values of above 0.7, while the rate limiting transport step is still H-

atom diffusion through the membrane (n=0.5 ‘local’).  
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Figure 3.8 - Values of the exponent n found for the 0.9 µm membrane (Figure a) and 
the 0.5 µm membrane (Figure b) by fitting equation 1, to the modelling results. 
Standard deviation indicated by bars. The numbers (1 - 4) represent the different 
definitions of the driving force as given in Table 3.4. 
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Due to the definition used for the driving force in the ‘average’ series we can 

conclude that bypassing of gas in the modules results in a value of n that does 

not correspond with the underlying transport limitation.  

The values found for n in the measurements can be compared to the n values 

of the simulation calculated with the fit ‘average’. Without the model description, 

the experimental values could be interpreted as a constant value for n of about 

0.5, leading to the conclusion that transport is diffusion limited. However, the 

model clearly indicates that n should decrease upon a decrease in temperature. 

From the difference in trends it can be concluded that the shift of limiting steps 

in the experiments is not the same as in the simulations. The trend found for n 

in the experiments corresponds with a shift in transport limitation from surface 

reactions at the retentate side to surface reactions at the permeate side or 

diffusion through the membrane. This has also been observed in Figure 3.7. 

Also the experimentally found values for the activation energy support the 

suggestion that contamination of the surface limits the H2 transport at lower 

temperatures. 

 

3.3.3 Selectivity and stability of the membrane 

For more than 65 days no helium has been detected in the permeate during the 

measurements with the 0.9 µm membrane. After the temperature change from 

673 to 623 K, however, the H2/He selectivity is 60 at a H2/He feed ratio of 20/80 

(Table 3.6). From then on the hydrogen selectivity remains constant. At the 

start-up of the 0.5 µm membrane also no helium has been detected in the 

permeate, which changes after the activation step. 
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Table 3.6 - The selectivity and temperature history of the membranes. 

0.9 µm membrane 0.5 µm membrane 

Time 
(Days/hours) 

Temperature 
(K) 

Selectivity 
(H2/He) 

Time 
(Days/hours) 

Temperature 
(K) 

Selectivity 
(H2/He) 

0/0 298 ND1) 0/0 298 ND1 

45/3 723 ND 1/0 723 200 

51/22 723 ND 3/20 723 160 

56/5 673 ND 4/2 723 200 

65/8 673 ND 10/17 723 200 

76/1 623 60 11/4 723 80 

83/2 623 60 21/20 823 60 

- - - 22/3 823 40 

- - - 22/11 873 8 

1) The membrane feed was pure He; no helium was detected at the permeate side. 
The detection limit is approximately 0.01 vol% He in N2. 

 

The selectivity is 200 at a H2/He feed ratio of 20/80. As the value of n for He 

equals unity and is below unity for H2, the selectivity is concentration 

dependent. At 823 K, the helium flow through the membrane starts to increase 

and the selectivity drops to values of 60 to 40. At 873 K the selectivity drops 

gradually and becomes unity after several hours (Figure 3.9). 

The total operation time under varying hydrogen feed concentrations and 

temperatures has been 2000 and 540 hours for the 0.9 and 0.5 µm membrane, 

respectively.  
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Figure 3.9 - Rapid increase of the He flow through the 0.5 µm membrane at 873K. 

 

SEM micrographs of the membrane after the permeation experiments show that 

irregularly shaped openings have been formed in the Pd layer at the openings 

of the microsieve (Figure 3.10). A closer look at the membrane reveals that the 

structure of the Pd has changed from a smooth surface without pin-holes 

(Figure 3.10a) into a grain-structured surface (Figure 3.10b), probably due to a 

combination of temperature-annealing and the effects of hydrogen. The size of 

the grains is between 0.1 and 1 micron. Grain growth induces the membrane to 

become locally thinner, eventually leading to the formation of holes (Figure 

3.10c). Comparable results have been shown in a recent article for palladium-

copper membranes [13]. 
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Figure 3.10 - SEM pictures of a pristine membrane (a) and the two sides of the 0.5 µm 
membrane operated at 873 K: the permeate side (b) and the retentate side (c).  

 

3.4 Conclusions 

The permeability of H2-selective palladium membranes fabricated with 

microsystem technology has been studied. From the permeation experiments 

the rate determining transport step and the stability of the membranes have 

been determined. At 823 K, a permeance of 17.7 mol H2/m
2·s·bar0.58 has been 

measured for a Pd membrane with a thickness of 0.5 µm.  

From the difference in trends of the flux versus temperature found in the 

simulations and in the experiments, it can be concluded that at lower 

temperatures the transport limitation in the experiments is due to surface 

reactions at the retentate side rather than at the permeate side. With increasing 

temperature, the flux starts to become limited by H-atom diffusion through the 

a b

c
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membrane or by surface reactions at the permeate side. At higher temperatures 

the experimental and calculated fluxes are in good agreement. From the results 

of model simulations it can be concluded that the method of calculating n in 

previous papers has resulted in values of n larger than expected based on the 

limiting transport step only; this is due to the presence of a bypass stream and a 

varying driving force along the flow path in the module. 

The membranes have shown to be stable for a rather long period. However, 

SEM analysis shows the formation of a grain-structured surface. At 873 K the 

H2/He selectivity decreases rapidly, caused by the formation of holes at higher 

temperatures. 
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3.5 Appendix 

For the description of mass transfer in the modules used, the following 

mathematical description has been made for the geometry as presented in 

Figure 3.3. Both in the membrane zone and in the by-pass zone concentration 

gradients are assumed to be absent in the y-direction (perpendicular to the flow 

but parallel to the membrane). Mass transport between the streams in the two 

zones occurs by convection due to the change in the gas flow rates caused by 

the H2 transfer through the membrane. To compensate for the diffusive 

transport in the y-direction, the width of the membrane zone is extended with a 

characteristic length calculated from the Fourier number (Fo). The characteristic 

time in Fo is the gas residence time in a single grid cell and the value of Fo is 

set to one. In the flow direction (x-direction) the convective and diffusive mass 

transport are taken into account. 

The transport of H2 through the membrane module at the retentate side in the 

membrane zone can be described by  
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where cr is the concentration of H2 at the retentate side in the  membrane zone, 

D is the diffusion coefficient, T the temperature, P the pressure; ur is the gas 

velocity in the x-direction, J is the molar H2 flux through the membrane, ε is the 

fraction of the membrane zone occupied by effective membrane area, wr,b is the 

total width of the by-pass zone, t is an Eulerian time, x is a spatial coordinate, hr 

is the height of the gas duct at the retentate and wr is the total width of the duct. 

The transport in the bypass zone at the retentate side can be described by 
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The change of velocity (ur,b=ur) caused by the removal of H2 is given by  
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where R is the gas constant and P is the total pressure. The influence of the 

pressure drop can be neglected. The transport at the permeate side is 

described by similar equations in which the subscript p denotes the permeate 

side: 
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The flux J(cr, cp, T) is calculated with the model proposed by Ward and Dao [7] 

and three mass transfer coefficients. The mass transfer coefficients in the gas 

ducts at the retentate and permeate side are calculated using a Nusselt number 

that is valid for the applied geometry and flow regime [14]. The third mass 

transfer coefficient describing H2 transport through the stagnant gas layer in the 

aperture is defined as the ratio of the aperture height and the H2 diffusion 

coefficient. The effect of the net flux (Stefan diffusion) is taken into account for 

all three cases.  

The obtained system of 4 partial differential equations (PDE) and 2 ordinary 

differential equations (ODE) are solved with the method of lines [15] and the 

fourth-fifth order Runge-Kutta method. The grid of the model is examined by 

doubling the number of cells in the x-direction and comparing the obtained 

results. 

Two differences between the glass and the stainless steel module made it 

necessary to adjust the model. First, at the retentate side of the glass module 

the gas flow is forced through the apertures, hence the mass transfer resistance 

in the gas phase will be smaller and no bypassing of gas occurs at this side. 

Second, the apertures are rotated 90 degrees with respect to permeate flow 

and thus a cross flow configuration is created. To accommodate for this, an 

average H2 concentration in the retentate has been applied to create a 

mathematical link between retentate and permeate.  
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4  
 INFLUENCE OF STEAM AND CARBON DIOXIDE 

ON THE HYDROGEN FLUX THROUGH THIN 
PD/AG AND PD MEMBRANES 

Abstract 

The influence of CO2 and steam on the H2 permeation behaviour of high-flux 

Pd/Ag alloy and Pd membranes has been determined. The membranes – 

fabricated with microsystem technology (MEMS technology) – are 1.0 and 0.5 

µm thick; the thin membranes will reveal inhibitive effects more strongly than 

relatively thick membranes. The H2 flux through the membranes has been 

studied for periods of more than 80 hours during and after addition of CO2 or 

H2O to the feed. Measurements have been carried out at 623, 673 and 723 K. 

The largest flux reductions found are 70% and 69% at 623 K for H2O and CO2, 

respectively. After stopping the steam addition the H2 permeance restores to its 

original value. After stopping the CO2 addition the H2 permeance increases, but 

to a value lower than before the CO2 addition. Surprisingly large time constants 

have been found for the transient permeance behaviour. The inhibitive effect 

caused by the addition of CO2 is almost certainly caused by the formation of CO 

and H2O by the reverse water gas shift (WGS) reaction. Besides by adsorption 

of CO2, CO and H2O, a far stronger inhibitive effect is caused by carbon, which 

is formed by the dissociation of CO and CO2. 

 

This chapter is based on: F.C. Gielens, R.J.J. Knibbeler, P.F.J. Duysinx, H. D. 
Tong, M.A.G. Vorstman and J.T.F. Keurentjes, Influence of steam and carbon 
dioxide on the hydrogen flux through thin Pd/Ag and Pd membranes, J. Membr. 
Sci., 279 (2006) 176-185. 
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4.1 Introduction 

Steam reforming is an important process for the production of hydrogen. About 

95% of the hydrogen demand in the US is supplied via steam reforming of light 

hydrocarbons [1]. The two important chemical reactions in the steam reforming 

process of methane are: 

CH4 + H2O  CO + 3 H2 steam reforming    (1) 

CO + H2O   CO2 + H2 water gas shift (WGS) reaction  (2) 

To obtain high conversions it is necessary to use an operational temperature of 

around 1100 K in the steam reforming reactor. The equilibrium of reaction 1 will 

be shifted to the right hand side and of reaction 2 will be forced to the left. 

Normally a second reactor, which is operated at a lower temperature and has a 

different catalyst, is used to shift the equilibrium of reaction 2 to the H2 and CO2 

side [2]. 

Changing the operation temperature is not the only way to shift reaction 2 to the 

CO2 and H2 side; by removing the produced H2 the shift in equilibrium can also 

be obtained [3-5]. Removing the H2 in the first reaction step by applying a 

membrane could make the second reactor redundant. Shu et al. [3] measured a 

40% higher methane conversion than the equilibrium conversion without 

membrane using a Pd/Ag alloy membrane on a stainless steel support. 

Criscuoli et al. [6] performed an economic feasibility study for a water gas shift 

reactor and concluded that a reactor equipped with a Pd membrane of 20 µm 

thick or less could be an alternative for the conventional apparatus. In their 

calculation, it was assumed that H2 permeation through Pd membranes of 10 

µm or more is limited by the diffusion of H-atoms through the membrane. For 

membranes thinner than 10 µm an extra resistance term was added into the 

permeation model to include the influence of adsorption and desorption at the 

membrane surfaces. However, if the membrane surface is poisoned, the 

diffusion of H-atoms through the membrane will not be the limiting factor for the 

H2 permeation, as the lack of free sites for H2 dissociation may limit the H2 flux 

substantially. Therefore, it is important to study the influences of the reactants 

on the permeation behaviour. 

The aim of the present study is to determine the effect of CO2 and steam 

present in the feed on the H2 permeation behaviour, both during and after 

addition. Pd and Pd/Ag alloy based membranes have been fabricated with 
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microsystem technology. By using this technology the formation of pinholes 

caused by openings in the support layer can be prevented, so that very thin and 

highly H2-selective membranes are made [7, 8]. Solely a 1.3 µm so-called 

microsieve support layer or even no support layer has been used, which implies 

that there is practically no resistance in the support. 

4.2 Theoretical background and previous work 

Chabot et al. [9] studied the influence of CO2, CO and CH4 on H2 permeation. 

The relationship between the H2 flux, the inhibitor concentration and 

temperature is depicted schematically by the dashed lines in Figure 4.1. In 

Figure 4.1, the solid lines present the fluxes without contamination, according to 

Ward and Dao [10], who showed in an extensive analysis of H2 transport in Pd 

that the solid lines can be attributed to two different transport mechanisms. At 

low temperature this is the surface reaction (associative desorption) at the 

permeate side and at more elevated temperatures – the transition temperature 

depends on the thickness of the membrane – H-atom diffusion in the Pd layer 

(Sievert’s law). The steep flux lines for contaminated surfaces are caused by 

limitation of H2 adsorption or desorption at the Pd surface. 

In previous work no influence on the permeation has been found for CO2 at 

temperatures above 623K, but relatively thick membranes (>80 µm) were used 

[9, 11, 12]. Measurements with 5 µm thick membranes have been carried out by 

Hou et al. [13], showing an inhibitive effect of CO2 on the flux at temperatures of 

548-723 K. The membrane thickness is crucial for the extent of flux decrease by 

contaminations. For example in Figure 4.1, the flux at 571 K (1.75·10-3 K-1) of a 

1 µm membrane is affected by the medium and strong inhibitor, but the 10 µm 

membrane only by the strong inhibitor. The 10 µm membrane is only affected by 

the inhibitors at lower temperatures, because only then the flux will be limited by 

the number of free sites for H2 dissociation. As mentioned, the diffusion through 

the membrane itself is the rate determining step at higher temperatures; in this 

case the flux is hardly affected by surface contamination. From Figure 4.1, it 

becomes clear that for thinner membranes the effect of contaminants on the H2 

flux will be more pronounced. 
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Figure 4.1- Schematic view of the influence of surface contamination on the H2 
permeance of Pd or Pd alloy membranes (meaning of points 1, 2, 3 is explained in the 
text) 

 

Besides CO2, Hou et al. [13] also investigated the effect of steam on the H2 

permeability through a 5 to 6 µm thick Pd/Ag membrane, showing a significant 

reduction of the H2 flux in the temperature range of 548-623 K. The influence of 

steam on the flux decreased with increasing temperature and at temperatures 

above 673 K almost no effect was found. Also Li et al. [14] reported a significant 

reduction in H2 permeability of a 10 µm Pd membrane by adding steam to the 

feed at a temperature of 653 K. The flux reduction is ascribed to contamination 

of the surface by competitive adsorption of steam. 

Besides adsorption of components from the feed, contamination of the 

membrane surface may also be caused by chemical reactions of components in 

the feed. From the literature it is known that Pd particles on a support such as 

SiO2 or Al2O3 can act as catalyst for the hydrogenation of CO or CO2. Erdöhelyi 

et al. [15] found that CO2 was converted to CH4, while CO was converted to 

CH4, ethane, propane, methanol, dimethylether, and acetaldehyde by a Pd 

catalyst supported by Al2O3. The quantities produced depend on the operating 
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conditions, the type of support, the structure of the Pd, and the type of additions 

added to the Pd [16, 17]. It has also been found that adsorbed CO can react to 

carbon and oxygen atoms, CHx and OHy molecules [18, 19]. The carbon formed 

can diffuse into the Pd [20, 21] (Figure 4.2), where it can form an interstitial solid 

solution of carbon in the Pd (palladium carbide) [22]. The H2 surface reactions 

will be hindered by the presence of carbon at both membrane surfaces. As a 

consequence, the H2 flux may decrease, even if the hydrogenation of CO or 

CO2 occurs at only one side of the membrane.  

Besides reactions that cause contamination of the membrane surface also 

reactions may occur that remove contaminants from the surface. As an 

example, carbon can be removed by hydrogenation of the carbon to methane. 

This reaction is often used to activate Pd or Pd/Ag membranes. Hsiung et al. 

[23] - using a commercial Pd/Ag membrane of 120 micron thick - found that 

after CO2 addition was stopped for more than 4 hours, still H2O and CH4 were 

detected in the retentate and CH4 but no H2O in the permeate. This implies that 

reaction rates involved are rather low. 

 

Figure 4.2 - Carbon formation and diffusion into the palladium membrane due to the 
hydrogenation of CO or CO2 and carbon removal by methanation. 

 

4.3 Experimental 

4.3.1 Membrane and module description 

Pinhole free membranes were obtained by sputtering a thin layer of Pd or Pd/Ag 

onto a closed SiO2 layer prepared on top of a silicon wafer. After sputtering, the 
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SiO2 layer was supported by a layer of low stress silicon rich nitride. Circular 

openings were made in the low stress silicon rich nitride to create the 

microsieve. For the work described in this paper three membrane modules were 

prepared: one module (Pd/Ag) contained a 77/23 wt.% Pd/Ag membrane layer  

on a 1.3 µm thick microsieve of silicon rich nitride and silicon oxide and two 

modules (Pd-1, Pd-2) contained a pure Pd membrane without microsieve 

support. In the last two modules the flow was forced through the apertures 

present in the Si wafer, leading to an even lower mass transfer resistance in the 

gas phase. Both fabrication processes have been described in other 

publications [24-26]. The free membrane area was 8.8 mm2 for all membranes. 

The fluxes are based on this area. The thickness of the membranes and other 

properties of the three membrane modules are given in Table 4.1. 

4.3.2 Membrane permeation 

The H2 permeance of the membranes is determined in the setup given in Figure 

4.3. The retentate and permeate side were continuously flushed: the retentate 

side with a known mixture of H2 and He, and the permeate side with N2. All gas 

flows were regulated by mass flow controllers. The pressure at the retentate 

side was regulated slightly above atmospheric pressure with a pressure 

controller and at the permeate side the flow outlet was not restricted. The 

permeate composition was measured by a gas chromatograph (GC), equipped 

with a molsieve 5Å column and thermal conductivity detector (TCD). Argon was 

used as carrier gas, which made the TCD highly sensitive to He and H2 and 

much less sensitive for N2. The purities of H2, He, N2 and Ar were 99.999 vol.%; 

the CO2 purity was 99.995 vol.%. 

Carbon dioxide or water was added to the H2/He mixture by an additional mass 

flow controller and a HPLC pump, respectively. The water was evaporated by 

pumping it through a stainless steel spiral of 0.8 mm inner diameter and 1.5 m 

length, which was placed in an oven together with the membrane module. After 

the steam passed the spiral, it entered a second stainless steel spiral of 4 mm 

inner diameter and 3 m length where the steam was mixed with the H2 and He 

and temperatures were equalised. The steam flow rate was calculated from the 

amount of liquid that was pumped by the HPLC pump into the spiral. During 

steam addition, the steam was removed from the retentate outlet by a water-

cooled condenser and knockout drum. After the steam addition was stopped the 

spiral was disconnected from the HPLC pump and most of the water was 

removed from the spiral by the slight overpressure in the system; thereafter the 

tube was closed with a plug.  
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After placing the membrane module in the experimental setup (and also when 

the temperature was changed between experiments) the absence of pinholes in 

the membrane was determined by feeding the retentate side with pure He and 

the permeate side with N2. A small positive trans-membrane pressure was 

applied and the permeate was checked on the presence of He. The 

temperature of the oven was increased with 3K/min. After the desired 

temperature was reached, the membrane was activated by feeding a mixture of 

20 vol.% H2 in He to both membrane sides (retentate and permeate). The 

applied activation times are given in Table 4.1 

 

Table 4.1 - Membrane module parameters. 

Membrane 
name 

Composition 
Thickness 
(nm) 

Flow 
forced 
through 
apertures 

Micro- 
sieve 

H2 
activation 
temp. 
(K) 

H2 
activation 
time 
(hours) 

Pd 
wt.% 

Ag 
wt.% 

Pd/Ag 77 23 500 No Yes 673 4 

Pd-1 100 - 900 Yes No 723 3 

Pd-2 100 - 1000 Yes No 673 3 
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Figure 4.3 - Schematic drawing of the permeation setup 
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Table 4.2 - Measurement history of the Pd-1 membrane. 

Time  
(hours) 

Temperature  
(K) 

Measurement type 

0 723 H2 activation 

4 723 Stabilization, 20 vol.% H2 

148 723 Influence CO2, 20 vol.% CO2 and H2 

291 723 Stabilization, 20 vol.% H2 

405 723 Influence steam, 20 vol.% steam and H2 

477 723 Stabilization, 20 vol.% H2 

573 723 Influence CO2, 20 vol.% CO2 and H2 

621 723 Stabilization, 20 vol.% H2 

731 723 Influence steam, 20 vol.% steam and H2 

793 723 Stabilization, 20 vol.% H2 

883 723 Influence steam, 20 vol.% steam and H2 

979 723 Stabilization, 20 vol.% H2 

1047 723 Variable H2 feed concentration 

1209 673 Temperature change and stabilization, 20 vol.% 
H2 

1249 673 Influence steam, 20 vol.% steam and H2 

1300 673 Variable H2 feed concentration 

1518 673 Influence CO2, 20 vol.% CO2 and H2 

1587 673 Stabilization, 20 vol.% H2 

1680 623 Temperature change and stabilization, 20 vol.% 
H2 

1703 623 Influence steam, 20 vol.% steam and H2 

1751 623 Variable H2 feed concentration 

1915 623 Influence CO2, 20 vol.% CO2 and H2 

2107 623 Stabilization, 20 vol.% H2 
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Table 4.3 - Measurement history of the Pd-2 membrane. 

Time 
(hours) 

Temperature 
(K) 

Measurement type 

0 673 H2 activation 

4 673 Stabilization, 20 vol.% H2 

75 673 Influence CO2, 20 vol.% CO2 and H2 

456 673 Stabilization, 20 vol.% H2 

566 673 Influence CO2, 20 vol.% CO2 and H2 

753 673 Stabilization, 20 vol.% H2 

 

Table 4.4 - Measurement history of the Pd/Ag membrane. 

Time 
(hours) 

Temperature 
(K) 

Measurement type 

0 723 H2 activation 

4 723 Stabilization, 20 vol.% H2 

54 623 Stabilization, 20 vol.% H2 

84 623 Stabilization, 20 vol.% H2 

256 673 Influence CO2, 20 vol.% CO2 and H2 

391 673 Stabilization, 20 vol.% H2 

441 673 Influence CO2, 20 vol.% CO2 and H2 

511 673 Stabilization, 20 vol.% H2 

674 673 Stabilization, 20 vol.% , switched membrane sides feed/flush 

720 673 Influence CO2, 20 vol.% CO2 and H2 (switched) 

855 673 Stabilization, 20 vol.%  (switched) 

 
The permeation experiments with CO2 and steam were carried out separately 

(CO2 and steam were never added together). The influence of CO2 and steam 

were both measured at a feed concentration of 20 vol.% of CO2 or H2O. The H2 

feed concentration was kept at 20 vol.% by adapting the He flow. Experiments 

with and without 20 vol.% of CO2 or steam were carried out at 623, 673 and 723 

K. The total feed flow rate was varied between 300 mL/min and 500 mL/min. 

The sweep gas flow rate was kept constant at 300 mL/min. The measurement 

history of the membranes used is summarized in the Table 4.2, Table 4.3 and 

Table 4.4. 
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4.3.3 Changes in feed composition caused by reactions 

Reactions might change the feed composition of the membrane during CO2 

addition and influence the permeation behaviour of the membrane. In order to 

investigate the occurrence of the reverse WGS reaction, small grains of Pd, 

Pd/Ag and stainless steel (ss316) were tested for catalytic activity in a separate 

setup, shown in Figure 4.4. 

 

Figure 4.4 - Experimental setup to detect changes in a CO2/H2/He mixture caused by 
reactions catalysed by stainless steel 316, Pd or Pd/Ag 

 

Stainless steel is investigated, because it is used in the membrane holders and 

tubing during the membrane testing. The membrane and stainless steel 

samples were prepared as follows: pieces of Pd/Si and Pd/Ag/Si membranes 

were crushed to small pieces and a ss316 rod was sawed to sawdust of 

approximately 0.5 mm diameter. Before the sawdust was used as sample, it 

was first washed with acetone followed by drying at 363 K. The washing and 

drying step was repeated four times. The conditions were chosen identical to 

those in the permeation experiments, but the total gas flow was one decade 

lower (20 mL/min). 

The feed composition was controlled by mass flow controllers. The gas mixture 

was fed to a glass tube, 3 mm inner diameter, which was placed in an oven. 

The oven temperature was varied gradually from 373 to 873 K during the 

experiments. Both ends of the glass tube were outside the oven to maintain a 

temperature less than 373K at the ss316-glass transition to prevent any 

catalytic reaction in the stainless steel tubing. In the glass tube the sample was 

kept in place by glass wool. The reactor effluent was led to a mass 
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spectrometer (MS) to detect compounds of a molecular weight of 2 (H2), 4 (He), 

18 (H2O), 28 (CO), 32 (O2), and 44 (CO2) gram/mol. 

4.4 Results and discussion 

Prior to the results of the permeation experiments to study the influence of 

steam or CO2 addition, first the results will be presented of the reaction 

experiments in the setup of Figure 4.4 since they help in the interpretation of the 

permeation results.  

4.4.1 Feed composition change induced by the Water Gas Shift 
reaction 

From thermodynamic calculations the chemical equilibrium has been 

determined for the CO2, H2, and He (20/20/60 vol.%) feed mixture as used 

during the H2 permeation experiments with CO2 addition. In this calculation the 

formation of methane has not been included because no methane has been 

detected by GC during the permeation experiments (neither in the permeate nor 

in the retentate); apparently the rate of the methanation reaction is too low. 

Depending on the temperature, 18 to 27 % of the H2 and CO2 can be converted 

into CO and H2O. Experiments in the setup of Figure 4.4 show that for the Pd 

and Pd/Ag samples the gas composition does not change in the temperature 

range of 473 to 873 K, but for the ss316 sample the gas composition changes, 

confirming that the reverse WGS reaction occurs. 

In Figure 4.5 the results of the experiment with ss316 as the catalyst are 

presented. The Figure is divided into two regions: without CO2 addition to the 

feed (hatched area, time < 0 min) and with CO2 addition (time > 0 min). The 

signals of 18 (H2O) and 28 gr./mol (CO) increase with increasing temperature 

and the signals decrease again with decreasing temperature. After the 

experiment, the color of the ss316-sample had changed to shining yellow with 

some black spots.  

The trend of the measured feed composition change is compared to the 

calculated equilibrium data by scaling both results with equation 3 [27], where I 

is the signal intensity of the MS or the calculated equilibrium concentration.  

KTKT

KTT
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Figure 4.5 - Sample temperature and mass spectrum signals measured after the feed 
passed the ss316 sample. The temperature of the sample as a function of time is 
depicted at the right hand axis, the composition change is given at the left hand axis by 
the detector signal of the MS, normalized to the helium signal. Feed composition:  t<0 
min. 20 vol.% H2 and 80 vol.% He, t > 0 min.  20 vol.% CO2, 20 vol.% H2 and 60 vol.% 
He. 

 

Figure 4.6 clearly demonstrates that the temperature dependency of the CO 

and H2O formation is consistent with the equilibrium calculations. At higher 

temperatures more CO and H2O are formed and less CO2 and H2 are present in 

the gas mixture. Therefore, we conclude that if CO2 and H2 are present, the 

formation of H2O and CO will occur during the permeation experiments. In 

retrospect the interpretation of the results would have been simpler if no 

stainless steel parts had been applied in the experimental setup.  

 



86 
 

773 798 823 848 873

-1.0

-0.5

0.0

0.5

1.0

 

S
ca

le
d 

co
m

po
si

tio
n 

(-
)

Temperature (K)

 CO
2
-MS  CO

2
 calc. equil.

 H
2
-MS  CO calc. equil.

 CO-MS
 H

2
O-MS

 

 

Figure 4.6 - Mass Spectrometer results of catalytic activity of ss316 sample compared 
to thermodynamic equilibrium calculations (scaled according to eq.3). Gas feed 
composition was 20 vol.% H2, 20 vol.% CO2 and 60 vol.% He. 

 

4.4.2 Steam influence on the H2 permeation 

In Figure 4.7, the influence of steam on the permeation behaviour of membrane 

Pd-1 is given as a function of time at three temperatures: 623, 673 and 723 K. 

In the graph the permeation is given before, during and after feeding the 

membrane with the steam mixture. 

These three stages are represented by first the hatched area, then the area 

from the hatched area until the corresponding vertical line, at 48, 39, and 60 

hours, respectively (line style is equal to the corresponding data), and finally the 

area after the vertical line. Directly after the start of the steam addition, a sharp 

decrease in flux can be observed at all three temperatures. It is assumed that 

H2O adsorbs at the Pd surface causing a reduction in the number of active sites 

where H2 dissociates into hydrogen atoms. The reduction in available active 

sites leads to a reduction of the H2 flux.  
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Figure 4.7 - Effect of steam on the H2 flux at 623, 673, and 723 K for the Pd-1 
membrane. The steam and H2 concentrations in the feed were 20 vol.%. Exceptions 
are: the measurement at 723 K from 0 to 14 hours the steam concentration was 30 
vol.% and the measurement at 623 K from 59 to 63 hours the H2 concentration was 10 
vol.%. 

 

After the sharp initial drop, the flux gradually rises in all series. At higher 

temperatures this occurs at a higher rate, which suggests a chemical reaction to 

be responsible. Most likely the initial number of active sites is reduced by 

carbon contaminations, which could have come from the Pd bulk or from 

carbon-rich compounds present in the feed that are deposited on the Pd 

surface.  

Steam may remove the contaminants from the Pd surface by the following 

reaction: H2O + C � CO + H2. The formed CO can also reduce the number of 

active sites; the effect will be small since Li et al. [14] reported that CO has a 

smaller inhibitive effect than steam. At all 3 temperatures the hydrogen flux is 

larger after the steam treatment than before. The initial flux at 723 K is lower 

than the flux at 673 K because the membrane has undergone a more intensive 

steam cleaning prior to the measurement at 673 K. 
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After stopping the steam addition, the H2 flux increases sharply and then levels 

off to a stable flux after 10 to 20 hours. The time required for stabilization is 

needed to remove all the water that remains in the feed tubes. This is confirmed 

by a permeation experiment in which the remaining water was removed from 

the feed tube, leading to a much shorter time to reach a stable flux. 

After reaching the stable flux, measurements with varying H2 concentration 

show that diffusion of H-atoms through the membrane is the rate determining 

mechanism [8]. Before the first steam addition, the flux is not limited by the 

diffusion through the membrane [28] and it is likely that the membrane surface 

has been contaminated or has not been activated properly. It can be concluded 

that H2O cleans the Pd surface and it makes the surface more active for H2 

dissociation and association. This supports the idea proposed in the previous 

paragraph that surface contamination can be removed by the addition of steam. 

 

4.4.3 CO2 influence on the H2 permeation 

Permeation experiments with the Pd-1 membrane and at a feed composition of 

20 vol.% H2 and 20 vol.% CO2 show a significant reduction in H2 flux compared 

to the flux before CO2 addition, as shown in Figure 4.8 (presentation of data is 

the same as in Figure 4.7). 
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Figure 4.8 - Effect of 20 vol.% CO2 in the feed on the H2 flux at 623, 673, and 723 K for 
the Pd-1 membrane (20 vol.% H2 in the feed). At 623 K the H2 feed concentration was 
zero at 120 hours and 166 hours, caused by an involuntary H2 valve shutdown. 

 

The flux at 723 K drops sharply in one step directly after the CO2 addition. In the 

series at 623 and 673 K the flux drops in two steps; the first step is ascribed to 

the adsorption of CO2 and the products of the reverse WGS reaction H2O and 

CO. The much larger second step occurs 20 and 30 hours after the start of the 

CO2 addition, respectively. The flux stabilizes after the strong drop to values of 

0.25, 0.51, 0.59 mol H2/m
2·s at 623, 673, and 723 K, respectively.  

From the membrane measurement history (Table 4.2) it can be concluded that it 

takes longer before the sharp drop occurs upon a larger number of steam 

treatments. We think that the continuous hydrogenation of CO2 or CO to carbon 

(CO is formed by the reverse WGS reaction) causes the carbon concentration 

in the membrane layer to increase with time. At a certain carbon concentration 

the necessary H2 surface reactions are blocked by the carbon and the H2 flux 

will decrease rapidly (comparable to points 2 and 3 in Figure 4.1). Therefore, if 

we assume a linear increase in inhibitor concentration in time the flux according 

to Figure 4.1 will first drop slowly in time (going from point 1 to 2) and after 
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reaching the line of surface limitation it decreases rapidly (going from point 2 to 

3 in half of the time).  

After stopping the CO2 addition the flux increases to a maximum value and 

finally drops to a value comparable to the value measured during the CO2 

addition (see Table 4.5). From Figure 4.8 it is clear that the slope of the flux 

increase after disconnecting the CO2 is strongly temperature dependent, which 

indicates that reactions – like the removal of carbon by the formation of 

methane – determine the flux change. 

During the H2-activation of a carbon contaminated 50 µm thick Pd membrane at 

873 K, Jung et al. [29] have measured a doubling of the flux in approximately 10 

hours, being of the same order of magnitude as in Figure 4.7 Due to the 

thickness of the membranes the amount of carbon to be removed is much lower 

in our case, but so are the temperatures. The large value of the time constant 

excludes the diffusion of carbon in the membrane layer as explanation for this 

effect. From the maximum solubility and the diffusivity [20, 21] of carbon in Pd, 

a time constant of 60 seconds can be calculated to reach an almost 

homogeneous carbon concentration starting from a carbon-free 1 µm thick Pd 

layer. This also implies that carbon formed at one membrane surface will 

contaminate the opposite surface. 

 

Table 4.5 - Clean H2 flux and comparison of flux ratios as a result of steam and CO2 
addition for the Pd-1 membrane. 

Temperature 
(K) 

Clean flux 
(mol H2/m

2·s) 

Flux ratios 
(flux/clean flux) x 100% 

With 
steam 

With 
CO2 

After stopping 
CO2 addition 

Max. after 
stopping CO2 
addition 

623 0.8 30 31 30 68 

673 1.1 43 45 55 77 

723 1.2 50 42 50 67 

723 1.25 52 44 52 68 

723 1.25 64 - - - 

 

The cause for the subsequent decrease in H2 flux in Figure 4.8 is not yet 

understood. Possible explanations are the release of compounds from the 

stainless steel tubing (e.g. metal carbonyls or CO) or a change in Pd-

morphology. 
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The influence of CO2 on the H2 flux has also been measured for a Pd/Ag 

membrane and a second Pd membrane (Pd-2). In contrast to the Pd-1 

membrane, the other membranes have not been treated with steam. The 

measured fluxes at 673 K and a feed of 20 vol.% CO2 and 20 vol.% H2 are 

given in Figure 4.9, also including the results of the Pd-1 membrane.  The initial 

fluxes of the three membranes are not equal; the flux of Pd-2 and Pd/Ag is 50% 

and 20% of the Pd-1 flux, respectively. The lower fluxes are caused by the 

difference in steam pretreatment and by segregation of Pd/Ag [30, 31]. 
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Figure 4.9 - Influence of 20 vol.% CO2 on the H2 flux of the Pd-1 and Pd-2 membrane, 
and Pd/Ag membranes at 673 K and 20 vol.% H2 in the feed. The Pd-2 and Pd/Ag 
membrane are not pretreated with steam. 

 

The surface enrichment of Ag results in a lower availability of active sites for H2 

dissociation, which will cause the flux to decrease if H2 surface reactions are 

rate limiting. Directly after the start of the CO2 addition, the H2 flux of the Pd-2 

and Pd/Ag membrane drops by a factor of 3 and 4, respectively. This single-

step drop is in accordance with the reasoning at the beginning of this section for 

contaminated surfaces. In contrast to the behavior of the Pd-1 membrane, the 
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fluxes of the Pd-2 and Pd/Ag membrane increase again after this drop and 

subsequently reach a stable value. 

The increase of the flux can also be ascribed to the difference in pretreatment 

and - in addition for the Pd/Ag membrane - to segregation. Carbon or carbon 

compounds present at the membrane surface can be partially oxidized by CO2, 

or by H2O from the reverse WGS reaction, which will increase the activity of the 

Pd for the dissociation of H2 and association of H-atoms. Moreover, for the 

Pd/Ag membrane the addition of CO2 may suppress or increase the preference 

of Ag for the surface, which will lead to a change in the number of free Pd sites 

for H2 dissociation. This flux increase does not occur for the Pd-1 membrane, 

because contaminations are already removed by the steam pretreatment prior 

to the measurement. 

After stopping the CO2 addition, the H2 flux reaches a maximum - like for the 

Pd-1 membrane - before reaching a stable value. The final fluxes of the two Pd 

membranes are almost equal, but the final flux of the Pd/Ag membrane is much 

lower. Remarkable is that the absolute difference between the stable and 

maximum flux of the Pd/Ag membrane is much larger than the difference for the 

two Pd membranes. This difference in behaviour of the Pd and Pd/Ag 

membranes has been confirmed by applying a short 20 vol.% CO2 pulse to the 

feed for 15 minutes (H2 concentration remains 20 vol.%). In Figure 4.10  the 

measured fluxes are normalized by dividing the fluxes by the value of the flux 

prior to applying the CO2 pulse. Both, the relative and absolute effect on the flux 

are larger for the Pd/Ag membrane than for the Pd membrane. Segregation or 

the change in catalytic properties of the Pd/Ag alloy for the H2 surface reactions 

may have caused the larger effect on the flux for the Pd/Ag membrane. 
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Figure 4.10 - H2 flux response on 15 min. CO2 ‘pulse’ of 20 vol.% for a Pd and a Pd/Ag 
membrane (no steam pre-treatment). The H2 feed concentration and the temperature 
were 20 vol.% and 673 K, respectively. The absolute value of the initial flux of the Pd-2 
and Pd/Ag membrane are 0.39 and 0.21 mol H2/m

2·s, respectively. 

 

4.4.4 Comparison of the influence of H2O and CO2 on the H2 flux 

In Figure 4.11 the influence of steam and CO2 on the flux are compared as a 

function of the reciprocal temperature for the Pd-1 membrane. The fluxes found 

after steam treatment are the highest and can be described by Sievert’s law 

(called ‘Clean’ in legend). After stopping the CO2 treatment the flux increases 

slightly but the stabilized flux remains affected by the CO2. The relative 

influence of CO2 and H2O on the flux decreases with increasing temperature, 

more strongly for H2O than for CO2. 
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Figure 4.11 - Comparison of the H2 fluxes of the Pd-1 membrane with 20 vol.% H2 / 80 
vol.% He and with 20 vol.% CO2 or 20 vol.% H2O combined with 20 vol.% H2 / 60 vol.% 
He. 

 

4.4.5 Comparison to literature 

As mentioned in ‘Theoretical background and previous work’, most authors 

have not measured any inhibitive effect of CO2 on the H2 permeability at 

temperatures above 623K, because they used thick membranes. However, Hou 

et al. [13] reported some effects using 5 µm membranes. In Figure 4.12 the 

influences found of H2O and CO2 in this study are compared with the results 

obtained by Hou et al. and by Li et al. [14] (including the influence of CO). The 

effect of inhibition is expressed as the ratio of the H2 flux measured during 

addition of the CO2, H2O or CO divided by the measured flux value before the 

addition and is called ‘relative flux ratio’. 

Compared to the permeation experiments with CO2 of Hou et al., a smaller 

relative flux ratio has been measured. The difference can be attributed to a 

number of reasons. These are: the higher CO2 feed concentration (2.4 to 6.0 

times larger), the lower H2 feed concentration and the smaller membrane 
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thickness (5 to 10 times) in the present study. Moreover, the presence of a 

porous support also affects the results. 

Figure 4.12 - Comparison of the influence of CO2 and H2 on the H2 permeation found in 
this work with thicker hydrogen selective membranes [13, 14]. Different H2 feed 
concentrations were used in the permeation experiments by the authors: a) this work, 
20 vol.% H2, Pd-1 membrane, thickness 0.9 µm, b) Hou et al. [13], besides the 
contaminant only H2 was present in the feed, membrane thickness 5-6 µm,  c) Li et al. 
[14], besides the contaminant only H2 was present, membrane thickness 10 µm. 

 

Compared to the supported side the Pd surface area is larger at the non-

supported side. If the flux is (partly) limited by H2 surface reactions at the non-

supported side, the additional surface area at this side may have a positive 

effect on the H2 flux. In the present study this effect is absent since the 

membrane is very thin compared to the openings in the silicon wafer (for the 

Pd-membranes) or in the microsieve (for the Pd/Ag membrane). All these 

differences result in an increased inhibitive effect, thus in a lower value of the 

relative flux ratio in our case. 

The effect of temperature on the relative flux ratio for H2O with Hou et al. and 

our data agree: a decrease of inhibition with increasing temperature. This can 

be ascribed to the reduction of water adsorption at the Pd surface with 

increasing temperature. The trend in CO2 inhibition shows a slight increase with 
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temperature, which might be attributed to a competition between the speeds of 

carbon deposition and the hydrogenation of carbon to methane.  

The inhibitive effect found in this study for CO2 as well as H2O is larger than 

reported by the other authors. The absolute value of the measured fluxes are 

about the same in spite of the higher contaminant concentrations and lower H2 

feed concentration in the experiments presented in this paper. 

4.5 Conclusions 

A clear influence on the H2 flux has been found for steam and CO2. After 

stopping the steam addition, the limiting step of H2 permeation returns from 

surface limited – due to H2O adsorption at the Pd surface – to a situation in 

which permeation is purely controlled by diffusion through the membrane, so 

steam has a cleaning effect on the membrane, but it has only a positive effect 

on the hydrogen flux after its addition is stopped. Only a small part of the 

inhibitive effect of CO2 is caused by the adsorption of CO and H2O, which are 

formed by the reverse WGS reaction as was proven by separate experiments. 

The largest inhibitive effect is ascribed to carbon deposition on the Pd or Pd/Ag 

layer by the dehydrogenation of CO2 or CO. The slow rates of both, the carbon 

forming and carbon removing reactions cause the large time constants found in 

this study. Due to their thinness, well-defined surface area and absence of 

pinholes, microsystem fabricated membranes are very suitable for inhibition 

studies. 
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5  
 INFLUENCE OF METHANE, PROPANE AND 

CARBON MONOXIDE ON THE HYDROGEN 
FLUX THROUGH THIN PD MEMBRANES 

  

Abstract 

In this chapter the effect of methane, propane and CO on the H2 permeation 

behaviour of high-flux palladium (Pd) membranes is described. The 

membranes, fabricated with microsystem technology (MEMS technology), are 

0.5 µm thick. The thin membranes will reveal inhibitive effects more pronounced 

than relatively thick membranes. The H2 flux through the membranes has been 

studied with and without the addition of CO, methane or propane to the feed. 

The measurements have been carried out at 623 and 723 K. After adding 

propane or CO to the feed, the H2 flux reduces to 16% and 47% of the initial 

flux, respectively. Subsequently, the H2 flux could be restored to its original 

value by treating the membrane with steam. The inhibitive effect of propane and 

CO is probably caused by the formation of carbon at the Pd surface. The 

addition of methane did not reveal any effect on the H2 flux. 

 
 
 
This chapter is based on: F.C. Gielens, H. D. Tong, M.A.G. Vorstman and J.T.F. 
Keurentjes, Influence of methane, propane and carbon monoxide on the hydrogen flux 
through thin Pd membranes, to be submitted. 
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5.1 Introduction 

The increased interest into hydrogen as a main energy carrier has resulted in a 

burst of research papers in the fields of hydrogen production, fuel cells and 

hydrogen separation membranes. The work on hydrogen separation 

membranes is mainly focused on increasing the H2 flux by decreasing the 

membrane thickness or by the search for better permeable materials than 

palladium (Pd). Many of the developed high flux membranes are thin Pd layers 

deposited on top of a porous support. The reduced membrane thickness results 

in higher fluxes but a further flux increase is limited by the additional mass 

transfer resistance over the porous support. 

The introduction of microsystem technology in the membrane production 

process allows the manufacturing of ultra-thin Pd or Pd alloy membranes 

without or almost without any support. In this way, high fluxes are obtained as 

shown in previous work [1, 2]. However, the H2 permeation of the membranes is 

most often determined under ideal conditions that do not represent the process 

conditions of a typical application very well. In applications like the production of 

syngas or (de)hydrogenation reactions, gasses like hydrocarbons, CO, CO2 and 

steam can be present in the membrane feed. Therefore, the H2 permeation 

needs to be determined in the presence of those gasses. In a previous study 

[3], a negative effect of the presence of steam or CO2 in the membrane feed on 

the H2 permeation behaviour of the microsystem fabricated Pd membranes has 

been found. The aim of the present paper is to extend the previous study with 

the effects of CO, methane, and propane in the membrane feed. 

 

5.2 Experimental 

5.2.1 Membrane and module description 

A short description of the fabrication process of the membranes will be given 

here, a more detailed description is given in previous work [4, 5]. Apertures 

were created in a silicon wafer by wet etching the silicon away until a 0.3 micron 

thick SiO2 protection layer was reached at the outer surface of the silicon wafer. 

At the other side of the SiO2 layer, a layer of low stress silicon rich nitride with 

circular openings of 5 µm, a so called microsieve, was present to strengthen the 

SiO2 layer. After sputtering a 0.5 µm thick pinhole-free Pd layer at the inside of 
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the apertures, the SiO2 layer was removed from the microsieve openings to free 

the membrane.  

For the present work two identical membranes were prepared, Pd-1 and Pd-2, 

with a free membrane area of 3.3 mm2 each. The measured fluxes are based 

on this membrane area. Pd-1 was placed in a stainless steel module. A leak-

tight seal was obtained by using two graphite rings between the silicon and the 

stainless steel plates. Pd-2 was placed between two glass plates which 

improved the mechanical strength of the wafer. More details were given in by 

Gielens et al. [2]. Photographs of the two membranes are shown in Figure 5.1. 

 

 

Figure 5.1 - Photographs of Pd-1 module without glass (A) and the glass packaged Pd-
2 membrane module (B). 

5.2.2 Membrane permeation 

The H2 permeance and selectivity of the membranes were determined in two 

slightly different setups. A schematic view of both setups is given in Figure 5.2. 

Pd-1 was measured in setup 1 and Pd-2 in setup 2. Setup 1 was equipped with 

an ordinary oven, mass flow controllers that could be varied between 100 and 

1000 mL/min, and a micro gas chromatograph (Varian CP4900) equipped with 

a molsieve 5Å column and a thermal conductivity detector (TCD). The micro 

gas chromatograph was able to measure 0.001 vol.% He in N2 during the 

permeance measurements. Setup 2 was equipped with a tunnel oven, mass 

flow controllers that could be varied between 10 and 100 mL/min, and an 

ordinary gas chromatograph equipped with a molsieve 5Å column and a TCD. 

With this gas chromatograph 0.1 vol.% He in N2 could be measured. A more 

extensive description of experimental setup 1 is given by Gielens et al. [3]. 
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After placing the membrane module in the experimental setup, the absence of 

pinholes was determined by applying pure He and N2 at the retentate and 

permeate side, respectively. A positive trans-membrane pressure was applied 

and the permeate was checked on the presence of He. Thereafter, the oven 

was heated at a rate of 3 K/min to the chosen activation temperature.  

After the activation temperature was reached the membrane was activated with 

a 20/80 vol.% hydrogen/helium mixture at both membrane sides followed by an 

activation with a 20/20/60 vol.% steam/hydrogen/helium mixture at the retentate 

side and N2 at the permeate side. During the H2 permeance measurements the 

H2 concentration in the feed was always kept at 20 vol.% by adapting the 

helium flow in the feed if contaminant gasses were added. 

The permeate side was flushed by a fixed N2 flow. The influence of methane on 

the H2 permeance was determined at methane concentrations up to 80%. The 

influences of propane and CO were determined at concentrations of 20 and 5 

vol.%, respectively. One experiment was carried out with 20/20/20/60 vol.% 

CH4/CO2/H2/He at temperatures between 623 to 723 K. 

The other experiments were carried out at 623 K or 723 K. The membrane was 

reactivated with steam after a measurement with CO, methane or propane. The 

measurement histories of the membranes are summarized in Table 5.1 and 

Table 5.2. The measured H2 fluxes were corrected for the possible formation of 

pin-holes in the membrane layer upon operation by estimating the H2 flow 

through the pinholes from the He concentration in the permeate assuming 

Knudsen diffusion. 
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Figure 5.2 - Permeation setup 
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Table 5.1 - Measurement history and measured H2 over He selectivity of Pd-1. 

Time 
(hours) 

Temp. 
(K) 

Selectivity 
(H2/He)1 

Measurement type 
(-) 

0 723 - H2 activation 

4 723 >750 Stabilization, 20 vol.% H2 

45 723 >2000 Steam activation 

125 723 >2000 Stabilization, 20 vol.% H2 

165 723 >2000 Influence methane, 20 vol.% methane and H2 

210 723 >3200 Steam activation 

275 723 >2500 Stabilization, 20 vol.% H2 

335 723 >3000 Influence methane, 20 vol.% methane and H2 

410 723 123 Steam activation 

500 723 127 Stabilization, 20 vol.% H2 

550 723 130 Variable H2 feed concentration 

575 723 140 Influence methane, var. methane conc. and 20 vol.% H2 

585 723 40 Temperature change and stabilization, 20% vol.% H2 

670 623 45 Influence methane, 20 vol.% methane and H2 

740 623 84 Steam activation 

835 623 80 Stabilization, 20 vol.% H2 

910 623 79 Variable H2 feed concentration 

1010 623 83 Influence methane, var. methane concent. and 20 vol.% H2 

1030 623 80 Variable H2 feed concentration 

1040 623 81 Constant H2 concentration, 20 vol.% H2 

1080 623-723 80 CH4, CO2, and H2 20 vol.% 

1155 723 30 Influence propane, 20 vol.% propane and H2 

1230 723 105 Steam activation 

1325 723 90 Durability test, 20 vol.% H2 

1865 723 5 Clear selectivity drop after 1665 hours (pinhole formation) 

1) In case ‘selectivity > value’ then no helium has been detected in the permeate. 
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Table 5.2  - Measurement history and measured H2 over He selectivity of Pd-2. 

Time 
(hours) 

Temp. 
(K) 

Selectivity 
(H2/He)1 

Measurement type 
(-) 

0 723 - H2 activation 

22 723 >50 Steam activation 

67 723 >60 Stabilization, 20 vol.% H2 

120 723 >25 Influence CO, 5 vol.% CO and 20 vol.% H2 

190 723 >60 Steam activation 

260 723 >60 Stabilization, 20 vol.% H2 

285 723 >60 Variable H2 feed concentration 

293 723 >45 Influence CO, 5 vol.% CO and 20 vol.% H2 

365 723 >70 Steam activation 

455 723 >80 Stabilization, 20 vol.% H2 

550 723 >70 Variable H2 feed concentration 

575 723 >65 Influence CO, 5 vol.% CO and 20 vol.% H2 

690 723   
1) In case ‘selectivity > value’ then no helium has been detected in the permeate. 

 

5.3 Results and discussion 

5.3.1 Methane and propane influence on H2 permeation 

The influence of methane on the permeation of H2 as a function of the methane 

concentration in the membrane feed at 623 and 723 K is given in Figure 5.3. At 

both temperatures methane has been added to the feed for approximately 10 

hours. In this graph, two points are given at 0 vol.% methane in the feed for 

each temperature. The point indicated with ‘1st’ in the figure is the H2 flux 

before methane is added to the feed and the one indicated with ‘Last’ is the H2 

flux at the end of the experiment. During these 10 hours of H2 permeation in the 

presence of CH4 no reduction in H2 flux was observed. At 623 K the H2 flux is 

limited by the H2 surface reactions at the retentate side [2]. Therefore, if CH4 

contaminates the Pd surface, the H2 flux would decrease. Since no decrease in 

the H2 flux is found, it can be concluded that CH4 does not contaminate the Pd 

surface.  



108 
 

0,0 0,2 0,4 0,6 0,8 1,0
0,0

0,2

0,4

0,6

0,8

Last

1st

Last

1st

20 vol.% H
2

0 - 80 vol.% He

 

F
lu

x 
(m

ol
 H

2 
/ m

2  ·
 s

)

Volume fraction CH
4
 (ml/ml)

 723 K
 623 K

 

Figure 5.3  - Effect of CH4 on the H2 flux at 623 and 723 K for the Pd-1 membrane. The 
H2 concentrations was kept at 20 vol.% in the feed and the CH4 concentration was 
varied from 0 to 80 vol.% by adjusting the He flow rate. During the first and last 
measurement the methane concentration in the feed was zero.  

 

The influence of 20 vol.% propane on the permeation behaviour of membrane 

Pd-1 versus time is given in Figure 5.4. Figure 5.4 is divided into two regions: 

before propane addition to the feed (hatched area, time < 0 hours) and with 

propane addition (time > 0 hours). Directly after the start of the propane 

addition, the flux decreases sharply. It is assumed that propane adsorbs at the 

Pd surface at the retentate side, resulting in a decrease of the number of 

available sites where H2 dissociates into hydrogen atoms. After the sharp initial 

drop, the flux gradually further decreases and seems to stabilize at a new 

stationary value. 

However, after about 20 hours the flux starts to decline faster and at around 30 

hours the flux again stabilizes at a new stationary value. This flux behaviour 

suggests that at least two processes are occurring after the adsorption of 

propane at the Pd surface. Firstly, carbon will be formed at the Pd surface as a 

result of coking of the propane. The formed carbon decreases the number of 

active sites for the dissociation reaction of H2. Secondly, the carbon will diffuse 
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into the Pd (which will have an effect on the diffusion and solubility of hydrogen 

in Pd) and can deactivate the active sites for the hydrogen association reaction 

at the permeate side. It seems plausible to assume that after 15 hours the 

influence of the second process on the H2 flux starts to become visible. 
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Figure 5.4 - Effect of propane on the H2 flux at 723 K for the Pd-1 membrane. Feed 20 
vol.% H2, 0 or 20 vol.% propane, 60 or 80 vol.% He. 

 
After 60 hours adding propane to the feed, the H2 flux has dropped to 16% of 

the initial flux. At the end of the experiment (not shown in Figure 5.4) the 

propane concentration has been increased to 60 vol.% with a H2 concentration 

of 20 vol.% by adapting the He concentration accordingly. However, the H2 flux 

did not change as a result of the concentration increase of propane. After steam 

treatment, the H2 flux could be restored to the value before the propane 

addition. 

5.3.2 Carbon monoxide influence on H2 permeation 

The results of three permeation experiments at 723 K with the addition of 5 

vol.% CO to the feed of the Pd-2 membrane are given in Figure 5.5. The three 

data series in Figure 5.5 are presented in the same layout as in Figure 5.4. The 

moment that CO addition is stopped for series one and two is indicated by the 
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vertical line at 44 hours and for series 3 by the dashed vertical line at 69 hours. 

The preceding activation steps are different for the three series; the first series 

is measured after a H2-activation step, the second after a steam activation step, 

and the last series after a second steam activation step. From Figure 5.5 it is 

clear that the H2 activation step is less effective than the steam activation and 

that the steam activation restored the fluxes after contamination. All three series 

do show a fast decline in flux after the start of adding CO to the feed. This is 

ascribed to the adsorption of CO on the retentate Pd surface.  
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Figure 5.5 - Influence of CO on the H2 flux of the Pd membrane membranes at 723K.  

 

The observed effect of CO addition on the H2 flux is for series 1 most 

pronounced, followed by series 2 and 3. This difference can be ascribed to the 

difference in availability of active sites necessary to dissociate/associate 

hydrogen into atoms/molecules. In the diffusion limited region or in the transition 

region from diffusion limited to surface reaction limited, surface contamination 

will hardly affect the flux in contrast to the situation that the membrane is 

operated in the surface-reaction limited region [3]. In the latter case any 

increase in surface contamination will lead to a serious decrease in available 

free sites on the surface and hence to a serious decrease in flux. 



111 
 

After the fast initial decline a flux increase is visible for series 3 with a peak 

around 6 hours. Kulprathipanja et al. [6] have shown that as a result of the 

presence of CO or CO2, a restructuring of the Pd surface will take place for a 

Pd/Cu membrane, leading to a higher flux and eventually to the formation of 

pinholes. As a result of the surface restructuring caused by passing air over the 

membrane at 500 K a surface increase of 30% was found for a Pd membrane 

by Roa et al. [7], which is in the same range as the flux increase for series 3. 

However, our series 2 shows a smaller increase and series 1 does not show the 

increase at all.  

It should also be noted that the flux of series 1 is relatively stable after 15 hours, 

whereas the fluxes of series 2 and 3 are not yet stabilized after 44 and 69 

hours, respectively. The obtained fluxes at these moments are 26%, 59% and 

47% of the H2 flux before CO addition, respectively. 

After stopping the CO addition, for series 2 and 3 the H2 flux increases to a 

maximum value and finally drops to a value lower than the original flux before 

CO addition. This behaviour has also been found for permeation experiments 

with CO2 addition to the feed as shown in Figure 5.6 [3]. In Figure 5.6 the two 

flux responses after CO or CO2 addition are compared for membranes activated 

with steam. The thickness of the membrane used in the CO measurement is 

half the thickness of the membrane used in the CO2 measurement. The 

measured fluxes are normalized with respect to the initial flux to exclude the 

effect of different initial fluxes (flux prior to the CO or CO2 addition, are 0.2 and 

1.2 mol H2/m
2 s, respectively).  

A strong temperature dependency is found for the flux increase after 

disconnecting the CO2 [3], which indicates that reactions – like the removal of 

carbon by the formation of methane – determine the flux change. The same 

explanation holds for the observed flux increase after disconnecting the CO. 

The cause for the subsequent decrease is ascribed to the release of 

contaminants from the stainless tubing or to a change in Pd-morphology.  
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Figure 5.6 - Normalised H2 flux response after CO or CO2 addition to the membrane 
feed at 723 K.  

 

5.3.3 Selectivity 

Table 5.1 and Table 5.2 show the selectivity of H2 over He at the end of each 

permeation measurement. At the start of the measurement of Pd-1 and Pd-2 no 

He has been detected. The large difference found in the selectivities of Pd-1 

and Pd-2 is mainly caused by the difference in detection limit of the two gas 

chromatographs used (the micro gas chromatograph is a factor of 100 more 

sensitive to He than the other gas chromatograph). 

After more than 410 hours of operation the H2/He selectivity of the Pd-1 

membrane drops suddenly to 123. At this point, a pin-hole has been formed, as 

shown in a previous paper [2]. Subsequently, the selectivity varies but this effect 

is caused by the variation in the H2 flux; i.e. the He flux is constant. After 1865 

hours of operation and many variations in operational conditions (see Table 5.1) 

the selectivity drops fast to a value of 5. For the Pd-2 membrane no He has 

been detected in the permeate during all measurements. 
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5.4 Comparison with literature 

Several studies have been conducted to investigate the influence of CO, 

methane and propane on the H2 flux through Pd membranes. In Table 5.3 the 

results of some of these studies are summarized in combination with the results 

obtained in the present work. Most authors found equal trends as presented 

here. Most differences can be explained by the difference in membrane 

thickness in combination with the used operating temperature. The combination 

of membrane thickness and operating temperature determine which transport 

step is the rate limiting step for hydrogen transport. In this work the transport 

rate is limited by surface reactions.  

Therefore, any contamination would directly affect the H2 flux. In case the rate 

limiting step is the hydrogen diffusion through the membrane, the membrane 

surface could become contaminated without any effect on the H2 flux as can be 

seen from the results of Jung et al. [8] for propane and Chabot et al. [9] for CO.  

The above explanation does not hold for the H2 flux reduction found for 

methane by Chen et al. [10] and the cause for the difference remains unclear. 

The membrane thickness (700 micron) and operating temperatures applied 

suggest that the rate limiting step of the H2 transport is diffusion through the 

membrane. This implies that a severe surface contamination reduced the H2 

flux or methane influenced the hydrogen diffusion coefficient negatively, while 

this was not found by the other authors. 
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Table 5.3 - Effect of CH4, CO, and CO2 on the H2-flux found in the present work and 
literature. 

Literature Component Temperature 
Membrane 

thickness 

Ratio H2 

Fluxcontaminated/ 

Fluxclean 

     

(-) (-) (K) (µµµµm) (-) 

This paper CH4 (20-80 
vol.%) 623 0.5 (Pd) 1 

  723  1 

Jung et al. [8] CH4 (50 vol.%) 623 - 873 50 (Pd) 1 

Chen et al. [10] CH4 (10 vol.%) 523 700 (Pd) 0.89 

  573  0.91 

  623  0.92 

  673  0.94 

  723  0.95 

This paper C3H8 (20 vol.%) 723 0.5 (Pd) 0.16 

Jung et al. [8] C3H8 (50 vol.%) 623 - 873 50 (Pd) 1 

This paper CO (5 vol.%) 723 0.5 0.26, 0.59, 0.47 

Hou et al. [11] CO (5.8 vol.%) 550 5-6 (Pd) 0.52 

  600  0.80 

  673  0.91 

  723  0.92 

Li et al. [12] CO (12 vol.%) 653 10 (Pd) 0.78 

Chabot et al. [9] CO (9.5 vol.%) 573-723 250 (Pd/Ag) No practical 
effect 

  < 573  Fast decrease 
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5.5 Conclusions 

The influence of adding CH4, propane and CO to the membrane feed of a H2-

selective Pd membrane has been studied. In the temperature range of 623 – 

723 K the rate limiting step for H2 transport through the 0.5 micron thick 

membrane is the dissociative H2 adsorption at the retentate side, which makes 

the membrane rather sensitive for surface contamination. 

Methane has been fed to the membrane up to 80 vol.% and for more than 10 

hours during which no decline in H2 flux has been observed. It can therefore be 

concluded that methane does not contaminate the Pd membrane.  

Propane and CO affect the H2 flux negatively at 723 K; propane more strongly 

than CO. The time necessary to stabilize the contaminating effect of propane 

and CO is relatively large. The dynamic behaviour of the H2 flux is not 

completely understood but in the case of CO the dynamic permeation behaviour 

is comparable to that of adding CO2 to the membrane feed. After operation with 

propane or CO the original H2 flux could be restored by re-activating the 

membrane with steam. 
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6  
 MODULE DESIGN FOR A SINGLE WAFER H2-

SELECTIVE HIGH FLUX MEMBRANE BY USING 
COMPUTATIONAL FLUID DYNAMICS 

 

Abstract 

At elevated temperatures the flux of thin hydrogen selective membranes can be 

limited by the transport resistance in the gas phase. To investigate the 

possibilities to optimize mass transport in the gas phase, Computational Fluid 

Dynamics (CFD) calculations have been used to model the flow in the gas 

phase surrounding the membrane.  The results of the calculations demonstrate 

that the largest mass transfer resistance should be chosen at the retentate side 

(30% higher flux, 58% reduction in mass transfer resistance compared to the 

case with the highest mass transfer resistance at the permeate side). Forcing 

the feed through slits reduces the mass transfer resistance significantly (43% 

reduction, 25% higher flux) at the cost of additional pressure drop (from 0.1 to 

14.3 kPa). A three dimensional structure of the membrane increases the H2 

throughput per wafer by 255 % without forced flow.  By using a forced flow, 

even higher values can be obtained. 
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6.1 Introduction 

To reach the full potential of high-flux H2 selective thin palladium membranes [1] 

it is necessary to prevent concentration polarization near the membrane 

surface. A study has been made to investigate the different options to reduce 

concentration polarization with a limited increase in pressure drop. For this 

study a three-dimensional model of the membrane module has been developed 

using Computational Fluid Dynamics (CFD). The CFD package used is Ansys 

CFX4.2, capable to compute gas flows through complex geometries. It solves 

the transport equations for mass, momentum and species for an arbitrary 

geometry. In the next sections, first the model is described (geometry, 

membrane model, density and fluid properties), followed by the design of a flat 

membrane (2D). Finally, the design of a three dimensional membrane structure 

will be presented. 

6.2 Model 

The membrane module and the slit etched in the silicon wafer, as described in 

previous work [1-3] and shown in Figure 6.1 and Figure 6.2, are translated in 

the model into a geometry (domain) as shown in Figure 6.3. The geometry of 

the slit is relatively complex, as a result of the KOH etching (KOH only etches 

the silicon in the < 1 1 1 > plane). The geometry is too complex to model the 

complete module, but by using adequate boundary conditions, it is possible to 

obtain a good approximation. Three boundary conditions are applied at the 

domain: 

• The inlet is defined as a Diriclet boundary condition (fixed values of 

parameters are set at the boundary condition). 

• The outlet is defined as a pressure boundary condition (A Diriclet 

boundary condition is imposed to the pressure and a Neuman boundary 

condition to the other variables with the gradients set to zero). 

• The domain side borders are defined by the periodic boundary. This 

boundary multiplies the domain with an infinite number in the direction as 

given in Figure 6.3c. 
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A 
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A 

A 
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Si wafer
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Glass 

Glass 

Si 110 
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— Microsieve side

— Aperture side

 

Figure 6.1 - Photographs of the glass packaged Pd membrane module, silicon wafer 
with slits, and schematic view of the glass packaged Pd membrane module. 
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Figure 6.2 - Schematic top (a) and side view (b) of the etched slit in the silicon wafer. 

 

The values of the parameters used in the simulation are given in Table 6.1. The 

standard software is not able to incorporate the dependency of density and fluid 

properties on pressure, temperature and composition. Furthermore, there is no 

membrane model available. Therefore, the following components are 

incorporated to make the modelling of the membrane possible. The density is 

calculated by using the ideal gas law as an equation of state. The ideal gas law 

predicts the density well for the conditions in the operating window used here. 

The viscosity is calculated by the Lucas method [4]. The binary diffusion 

coefficients are calculated by the Fuller method [4]. The flux through the Pd 

membrane is calculated by Sievert’s law. The temperature dependency of the 

Sievert’s constant and the diffusion coefficient of hydrogen atoms through Pd 

are incorporated in the model as well [5]. 
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Figure 6.3 - Top (a) and side view (b) of the defined geometry and the physical effect of 
cyclic boundaries (c) 
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Table 6.1 - Values of the parameters of the standard case. 

Parameter Symbol Value Unit 

Wafer height D 350 µm 

Slit length L1 1500 µm 

Unsupported membrane length L2 287 µm 

Slit width W 28 µm 

Distance between slits DS 100 µm 

Membrane thickness dmem 1 µm 

Height of the glass channel  H 200 µm 

Temperature T 673 K 

Molar hydrogen fraction  xH2 0.2 mol/mol 

Molar helium fraction  xHe 0.8 mol/mol 

Molar nitrogen  fraction  xN2 1.0 mol/mol 

Volume flow (both sides) ΦV 300 Nml/min 

 

At each iteration step the above fluid properties are calculated for each cell with 

as input the composition and temperature of that cell in that iteration step. 

A simple method to implement a membrane is not available in CFX4.2. 

Therefore several steps must be made in the model to transport mass from one 

closed geometry to the other. The steps are schematically shown in Figure 6.4: 

1) The first step is to create a group of cells, two grid cells thick (dashed 

lines in Figure 6.4a). These cells will have the membrane functionality. 

2) The second step is to couple the adjacent cells (Figure 6.4b).  

3) The third step is to read the hydrogen fractions in these cells (Figure 

6.4c). 

 4) The fourth step is to calculate the H2 flux (Figure 6.4d). This is done for 

each pair of adjacent cells. 

5) The fifth step is to set the mass fractions of the surrounding fluid on the 

inlets of the membrane (Figure 6.4e). At this boundary, the velocities and the 

mass fractions must be set. The mass fraction of the components are read from 

the cells and set as a boundary condition. The error introduced because in 

reality the membrane is hydrogen selective (so the hydrogen fraction should be 

1) will be corrected in step 8. If the hydrogen fraction would be set to 1 the mass 

balances would be incorrect. 
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6)  The sixth step is to calculate and to set the fluid density in the cells 

(Figure 6.4f) 

7) The seventh step is to calculate and set the calculated gas velocities to 

and from the membrane (Figure 6.4g).  

8) The eighth step is to correct the error that is introduced in step 5 (Figure 

6.4h). Not only hydrogen was added or removed by step 5, but also the other 

components that are present. To compensate for this, source terms are added 

to the species mass fraction equations. The hydrogen that is added or removed 

is corrected by the source term in the hydrogen fraction equation. The opposite 

is done for the other components that are added or removed.  

In Figure 6.5 the results of the solved model, with the parameters used as given 

in Table 6.1, are presented for the H2 molar fraction at the retentate and 

permeate side. 

The results of the model calculation have been compared to the results of 

several mass transfer correlations for laminar flow by using a geometry of two 

infinite parallel plates. The results are in good agreement with each other. The 

Sherwood number from the CFX calculations is 3.6% higher than the Sherwood 

number calculated by using the Von Kármán analogy. 
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Figure 6.4 - Implementation steps for flux model. 
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Figure 6.5 - Molar H2 fractions at the retentate and permeate side shown at two 
different molar H2 fraction scales, see also Figure 6.3. 
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6.3 Effect of wafer design on the mass transfer 
resistance of 2D membranes 

Using the model described in the previous section, the effect of the mass 

transfer resistance in the gas phase on the H2 flux is determined for varying slit 

geometries, switched permeate/retentate side, and membrane feed forced 

through the slit or flowing above the slit. The different options are compared by 

determining the mass transfer resistance factor (MTR) for each option, which is 

defined as:  














−=

corH

H

tot
J

J
MTR

max,,2

21%100       (1) 

Where JH2 / JH2,max,cor  is the ratio of the calculated flux and the ideal flux without 

mass transfer resistance according to Sievert’s law. Besides the total mass 

transfer resistance, the mass transfer resistance is calculated for each 

membrane side separately, by assuming that no mass transfer resistance exists 

at the opposite side.  

The slit geometry is varied in three dimensional directions - length (L1), width 

(W) and height of the slit (D) -, and the distance between the slits (DS) (see 

Figure 6.2 and Figure 6.3). In Table 6.2, the results for different slit geometries 

are presented. Besides the mass transfer resistance, the calculated average H2 

flux JH2, the ideal H2 flux without mass transfer resistance in the gas phase 

JH2,max,cor, the average molar hydrogen fraction near the membrane surface 

xH2,ret and xH2,perm, and the average molar H2 fraction at exit xH2,ret,out and 

xH2,perm,out are given. The results in italic are the results of the standard situation 

as defined in Table 6.1 (standard case geometry).  

From the difference in MTR at the permeate and retentate side shown in Table 

6.2, it can be concluded that the flux is mostly affected by the mass transfer 

resistance in the gas phase at the permeate side (location of the slit) for all 

variations. The variation in total mass transfer resistance in the gas phase did 

not vary much (max 3.6%). 
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Table 6.2 - Influence of slit dimensions on the flow through the membrane. 

Various slit lengths 

L1 

 
(µm) 

JH2 

 
(mol/m2s) 

JH2,max,cor 

 
(mol/m2s) 

xH2,perm 

 
(mol/mol) 

xH2,ret 

 
(mol/mol) 

xH2,perm,out 

 
(mol/mol) 

xH2,ret,out 

 
(mol/mol) 

MTRtot 

 
(%) 

MTRperm 

 
(%) 

MTRret 

 
(%) 

1500 0.986 1.538 0.0361 0.1950 0.0054 0.1955 35.94 35.15 0.79 

3000 0.757 1.260 0.0558 0.1854 0.0257 0.1783 39.56 38.21 1.35 

Various slit widths 

W 
 

(µm) 

JH2 

 
(mol/m2s) 

JH2,max,cor 

 
(mol/m2s) 

xH2,perm 

 
(mol/mol) 

xH2,ret 

 
(mol/mol) 

xH2,perm,out 

 
(mol/mol) 

xH2,ret,out 

 
(mol/mol) 

MTRtot 

 
(%) 

MTRperm 

 
(%) 

MTRret 

 
(%) 

28 0.986 1.538 0.0361 0.1950 0.0054 0.1955 35.94 35.15 0.79 

56 0.962 1.479 0.0372 0.1921 0.0086 0.1928 35.00 33.71 1.29 

140 0.931 1.405 0.0383 0.1879 0.0135 0.1886 33.70 31.66 2.04 

Various slit heights 

D 
 

(µm) 

JH2 

 
(mol/m2s) 

JH2,max,cor 

 
(mol/m2s) 

xH2,perm 

 
(mol/mol) 

xH2,ret 

 
(mol/mol) 

xH2,perm,out 

 
(mol/mol) 

xH2,ret,out 

 
(mol/mol) 

MTRtot 

 
(%) 

MTRperm 

 
(%) 

MTRret 

 
(%) 

200 0.942 1.403 0.0384 0.1906 0.0137 0.1886 32.79 31.62 1.18 

350 0.986 1.538 0.0361 0.1950 0.0054 0.1955 35.94 35.15 0.79 

Various distances between slits 

DS 

 
(µm) 

JH2 

 
(mol/m2s) 

JH2,max,cor 

 
(mol/m2s) 

xH2,perm 

 
(mol/mol) 

xH2,ret 

 
(mol/mol) 

xH2,perm,out 

 
(mol/mol) 

xH2,ret,out 

 
(mol/mol) 

MTRtot 

 
(%) 

MTRperm 

 
(%) 

MTRret 

 
(%) 

50 0.959 1.478 0.0375 0.1925 0.0087 0.1928 35.02 33.85 1.17 

100 0.986 1.538 0.0361 0.1950 0.0054 0.1955 35.94 35.15 0.79 

200 1.003 1.592 0.0351 0.1967 0.0031 0.1974 36.97 36.41 0.55 
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The following observations can be made for the four varied parameters: 

• L1. The increase of the slit length causes a relatively large increase in 

free membrane area; a double slit length increases the free membrane 

area at least three times. As a result, the total hydrogen flow increases 

with increasing slit length, while the increase of mass transfer resistance 

and loss of membrane strength is small. Therefore, it is advantageous to 

maximise the slit length to obtain the highest hydrogen flow through the 

unsupported membrane area.  

• W. The increase in slit width decreases the mass transfer resistance at 

the permeate side, caused by extra convective transport in the slit. The 

mass transfer resistance at the retentate side increases, caused by the 

higher flux. The effect at the permeate side is larger, so the total mass 

transfer resistance drops with increasing slit width. Another positive 

effect of a wider slit is the increase of the free membrane area per wafer. 

Therefore, the slit should be as wide as mechanically possible. 

• D. The decrease in slit height increases the free membrane length, 

therefore the same observations and conclusions are valid as in the case 

of increasing the slit length. In addition, the mass transfer resistance at 

the permeate side decreases as a result of the shorter diffusion length. 

This is advantageous to obtain a higher hydrogen flow per wafer. 

However, D is determined by the thickness of the wafer. 

• Ds. The decrease in distance between the slits results in a decrease of 

the mass transfer resistance at the permeate side (diffusion length is 

shorter) and it increases at the retentate side. The larger free membrane 

area results in a higher hydrogen flow per wafer. Mechanical strength of 

the wafer will limit the reduction of Ds, but should be chosen as small as 

possible. 

Because the wafer is asymmetric, the effect of switching the retentate and 

permeate sides is investigated. Table 6.3 and Figure 6.6 show the effect of 

switching the retentate and permeate side on the mass transfer resistance in 

the gas phase. The mass transfer resistance at the retentate side increased as 

a result of the slit, however, the increased mass transfer resistance has less 

influence on the H2 transport because of the square root dependency of the flux 

on the partial H2 pressure according to Sievert’s law. Therefore, it is 

advantageous to have the highest mass transfer resistance at the retentate side 

to obtain the highest hydrogen flow per wafer. In the case a vacuum is applied 

instead of a sweep gas, the opposite counts. The vacuum must be applied at 
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the side with the highest geometrical mass transfer resistance, unless the 

strength of the membrane makes this impossible. 

 

Table 6.3- Influence of switched retentate and permeate side on the H2 flux through the 
membrane.The results of the reference case (without switched retentate and permeate) 
are given in the row with the grey background. 

Exchanged permeate and retentate side 

dmem 

 

(µm) 

T 
 

(K) 

JH2 

 
(mol/m2s) 

JH2,max,cor 
 

(mol/m2s) 

xH2,perm 
 

(mol/mol) 

xH2,ret 

 
(mol/mol) 

xH2,perm,out 
 

(mol/mol) 

xH2,ret,out 
 

(mol/mol) 

MTRtot 
 

(%) 

MTRperm 
 

(%) 

MTRret 
 

(%) 

0.25 673 3.416 5.319 0.1463 0.0270 0.1845 0.0196 35.73 19.24 16.49 

1.00 623 1.080 1.251 0.1828 0.0084 0.1952 0.0061 13.72 9.36 4.36 

1.00 673 1.279 1.504 0.1804 0.0097 0.1943 0.0072 15.04 10.02 5.02 

1.00 673 0.986 1.538 0.0361 0.1950 0.0054 0.1955 35.94 35.15 0.79 

1.00 723 1.476 1.763 0.1783 0.0110 0.1934 0.0082 16.37 10.76 5.60 

 

The effect of the slit on the mass transfer resistance can be reduced by forcing 

the flow through the slit. In Figure 6.7 several cross sections are given with a 

sweeping gas forced through the slit. The mass transfer resistance decreases 

and the H2 flux increases but at the cost of extra pressure drop (Figure 6.8). For 

the standard case the mass transfer resistance decreases from 35 to 20%, the 

H2 flux increases from 1.0 to 1.2 mol H2/m
2s and the pressure drop increases 

strongly from 0.1 to 14.3 kPa. In general, forcing the flow through the slit 

increases the mass transfer of hydrogen to the free membrane area, at the cost 

of additional pressure drop. 
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Figure 6.7  - Molar H2 fraction for different configurations, see also Figure 6.3. 

 

 
a. Forced, W = 28 µm 

 

 
b. Forced, W = 56 µm  

 
c. Forced, W = 140 µm  
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Figure 6.8 - a) H2-fluxes for different configurations, b) mass transfer resistance at the 
slit side for different configurations, see also Figure 6.3. 
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Figure 6.8 – c) Pressure drop for different configurations. 

 

However, if the slit width is increased by a factor of 5 then the pressure drop 

can be reduced to 0.6 kPa, while the MTR only increases slightly to 22%, 

compared to a MTR of 20% for the standard forced case (W= 28 µm, Forced). 

6.4 Design of 3D membranes 

The price per square meter of membrane can possibly be reduced by creating a 

three-dimensional membrane instead of the flat 2D-membrane used in the 

previous section. The three-dimensional membrane is hanging in the slit (see 

Figure 6.9), creating one or more bowls in the slit. The walls of the bowl are the 

additional free membrane area. The used molar hydrogen fraction for the 3D-

membrane simulation is 0.3 (mol/mol), which is 50% higher than the 2D-

membrane case. In Figure 6.10 the increase in free membrane area is given as 

function of bowl depth. For this, it is assumed that the wall thickness of the bowl 

is uniform and that the bowl does not deflect at all. In reality, deflection of the 

bowl will limit its dimensions. 
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Figure 6.9 - Design of bowl concept for a 3D-membrane. 
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Figure 6.10 .- Membrane area per slit as function of membrane depth. 
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A CFD model of the three-dimensional membrane has been made. This 3D 

model is an adjusted model of the 2D model. For the 3D model a symmetry 

boundary is applied in the centre of the membrane feed channel, i.e. one feed 

channel has a membrane as top and bottom. To compare the results of the 

simulations two parameters are defined. The first is the hydrogen permeating 

flow per square meter of wafer: 

 
W

memH

W

H

A

AJ

A

22 =
Φ

        (2) 

Where ΦH2 is the molar hydrogen flow, JH2 is the hydrogen flux, Amem is the 

membrane area and AW is the wafer area. In this case, the membrane area is 

the area of the free Pd membrane in one slit and the wafer area is the area 

around one slit, including the slit itself. 

The second parameter is the utilization ratio of the membrane: 

%100ratio nUtilizatio
,,,

,,,

22

22

thoutHinH

compoutHinH

xx

xx

−

−
=      (3) 

Where xH2,in is the molar hydrogen fraction at the inlet of the domain, xH2,out,comp 

is the average molar hydrogen fraction at the outlet computed with CFX4.2 and 

xH2,out,th is the theoretical minimal molar hydrogen fraction at the outlet. This 

theoretical fraction is calculated with Sievert’s law and assuming a perfect plug 

flow over the unsupported Pd membrane area. 

Several calculations have been made with varying forms of the bowl, only the 

results of varying bowl depth are presented here. The effect of the bowl depth is 

investigated for H = 0, 50, 100, 200 and 350 µm. The other dimension are dmem 

= 1 and 4 µm, W = 120 µm, a = 20 µm, L2 = 1087 µm and CH = 0.5 mm. The 

inlet velocities are proportionally increased with the increase of free membrane 

area (20 to78 m/s for dmem = 1 µm, 5.0 to 19 m/s for dmem = 4 µm). In Figure 

6.11 the contour plot of the molar H2 fraction in the slit is given for the different 

bowl depths. The lower limit of the legend in the contour plots is not constant 

which makes it difficult to compare the contours by colour. However, it is clear 

from the Figure that the deeper the bowl the less efficient the membrane at the 

bottom of the slit is used as a result of the increased diffusion path. Table 6.4 

shows the calculated average H2 fraction of the retentate, total flux, theoretical 

flux, utilization ratio and H2 flow per wafer area. The utilization ratio shows the 

same result as Figure 6.11; the deeper the bowl, the less effective the 

membrane (Figure 6.12). 
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a. H = 0.00 mm  

 
b. H = 0.05 mm  

 
c. H = 0.10 mm  

 
d. H = 0.35 mm  

    
    
Figure 6.11 - Molar hydrogen fractions for different bowl depths of the 3D-membrane. 

 

Table 6.4 - Influence of the depth of the bowl on the H2 flow through the 3D-membrane 

H 
 

(µm) 

dmem 

 

(µm) 

Uin 

 

(m/s) 

xH2,out,comp 

 
(mol/mol) 

Amem 

 

(m
2
) 

JH2 

 

(mol/m
2
s) 

JH2,theo 

 

(mol/m
2
s) 

Utilization 
ratio 
(%) 

ΦΦΦΦH2/AW 

 
(mol/m

2
s) 

50 1 20.140 0.2827 2.491×10-7 2.289 3.024 74.91 1.25 

100 1 29.727 0.2854 3.676×10-7 1.939 3.024 63.23 1.57 

200 1 48.901 0.2898 6.047×10-7 1.377 3.024 44.18 1.83 

350 1 77.661 0.2933 9.604×10-7 0.917 3.024 29.02 1.94 

50 4 5.035 0.2788 2.491×10-7 0.691 0.756 91.80 0.38 

100 4 7.439 0.2800 3.676×10-7 0.654 0.756 86.70 0.53 

200 4 12.225 0.2827 6.047×10-7 0.573 0.756 74.92 0.76 

350 4 19.415 0.2866 9.604×10-7 0.450 0.756 58.03 0.95 

 

However, the increased free membrane area results in a higher H2 flow per 

wafer (b). At a bowl depth of 350 µm the H2 flow per wafer increases with 255% 

compared to the standard 2D case.  The utilization ratio and therefore also the 

H2 flow per wafer can be increased even more by forcing the membrane feed 

through the slits, obviously at the cost of an increased pressure drop. 

The above demonstrates that the H2 flow can be increased by applying the 3D 

structure. However the extra cost in membrane production and mechanical 

strength could be an issue in introducing the 3D membrane. These issues 

should be investigated in future work. 
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 Figure 6.12 - a) Utilization ratio, b) hydrogen flow per wafer area. 

 
 

6.5 Conclusions 

Some general conclusions can be drawn from the CFD simulations in relation to 

the design of the membrane stack: 

The module side with the largest mass transfer resistance should be chosen as 

retentate side of the membrane to obtain the highest H2 flow per wafer (30% 

higher flux, 58% reduction in mass transfer resistance). The slit height (depends 

on wafer height) should be minimized or the mass transfer rate of H2 can be 

increased (25% higher flux) by forcing the flow through the slit at the cost of an 

increase in pressure drop (from 0,1 to 43,3 kPa) . 

The membrane width should be maximized with regard to the mechanical 

strength of Pd layer. This will allow to optimize the membrane area and reduce 

pressure drop inside the slit (2D). The membrane length should be maximized 

with regard to the percentage of hydrogen removed to optimize the membrane 

area (2D).  

The 3D-membrane structure is an effective way to increase the membrane 

area, but with increasing bowl depth the mass transfer rate to the membrane 

decreases. Overall, the hydrogen flow per wafer area can be increased by 

255% for a one µm thick membrane. The full potential of the 3D-membrane 

structure can be used by forcing the flow through the slit.  
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7  
 DESIGN OF A H2-SELECTIVE MEMBRANE 

MODULE AT MACRO SCALE AND ITS 
APPLICATION IN A PROPANE 
DEHYDROGENATION PLANT 

 

Abstract 

The economic viability of applying hydrogen selective membrane in a 325 

kton/year propylene plant has been investigated. The profitability of four 

scenarios (50, 60, 70 and 80% hydrogen removal) has been calculated using 

the membranes developed in the work described in this thesis. In this 

investigation it has been assumed that propane and the reaction products have 

no influence on the performance of the membrane. The scenario with 50% H2 

removal shows the most positive business case. However, it will be necessary 

to improve the business case by increasing the membrane life time and/or to 

reduce the membrane cost significantly. 
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7.1 Introduction 

This chapter will focus on the design and application of a hydrogen selective 

membrane module in a propane dehydrogenation plant. This includes the 

presentation of a module concept that can house several wafers with 

membranes (as presented in Chapter 6) and spacers, and the investigation of a 

business case to apply this concept in a propylene plant.  

Various processes have been developed for catalytic dehydrogenation of 

propane to propene, but for this case-study the Oleflex process licensed by 

UOP has been chosen (Figure 7.1) [1]. The Oleflex process operates slightly 

above atmospheric pressure and a platinum catalyst is used. Fresh propane 

feed is mixed with recycled and unconverted propane and is fed to a train of 

three adiabatic reactors (radial-flow moving-bed catalytic reaction vessels), in 

which the heat of reaction is supplied by reheating the process stream between 

the different reaction stages (600 °C). The overall selectivity is around 90%. The 

Oleflex process has been modelled with and without H2 removal in Aspen Plus 

version 11.1, build 192, platform win32. The model is used to calculate the 

economic advantage of using a H2 selective membrane within an existing plant 

by removing 50, 60, 70 or 80% of the H2 present at the reactor outlet, 

respectively. A description of the Aspen model is given below, followed by the 

process economics and finally the conclusions. 

 

 

Q Q Q

To propene recovery

/purification

CATR2 R3R1

Fuel

Propane

 
Figure 7.1 - Schematic view of the Oleflex process.  

7.1.1 Aspen simulation – general 

The modelled process is given schematically in Figure 7.2 and Table 7.1, 

including the membrane section and propene purification section. The Benedict-

Webb-Rubin-Lee-Starling equation of state is used, which is capable to handle 

non-polar components and hydrogen containing systems. It is assumed that the 
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dehydrogenation plant produces 325 kton propene/year with a purity of 99.5% 

to 99.8% (polymer grade, concentration of ethylene and methane < 100 ppm). 

 

Table 7.1 - Explanation of the components used in the Aspen flow sheet. 

Symbol Item 

C SEP Coke separator 

COMP Compressor 

DE Deethanizer 

Fi Furnaces 

H2 SEP Hydrogen separator 

HP High pressure C3 splitter 

HX Heat exchangers 

LP Low pressure C3 splitter 

MEM Membrane unit 

Ri Reactors 
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Figure 7.2 - Schematic process scheme of the propylene plant including H2 separation 
by the developed Pd membrane. 
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7.1.2 Aspen simulation – reactor section 

The propane dehydrogenation reaction is described by the following reactions in 

the model: 

  Dehydrogenation reaction 26383 HHCHC +⇔   (1st reaction)  

 Cracking reaction  42483 HCCHHC +→   (2nd reaction) 

 Coke formation  283 43 HCHC +→   (3rd reaction) 

The second and third reaction are defined to model the formation of lighter 

compounds and coke [2]. The three reactions are described by a kinetic 

reaction model [2, 3]. The parameter values of this kinetic model are based on 

experimental data (see Table 7.2). However, the values of the parameters of 

the second and third reaction are measured with a different catalyst, 

AlCrO3/Al2O3 instead of a platinum catalyst, and therefore the values have been 

adapted in order to obtain the prescribed overall selectivity of 90%. 

 

Table 7.2 - Parameters of the kinetic model of the dehydrogenation of propane. 

Reaction Kfor Efor Krev Erev Reference 

(-) (s
-1

Pa
-1

) (kJ mol
-1

) (s
-1

Pa
-1.763

) (kJ mol
-1

) (-) 

1 169 E-6 31.8 322 E-9 -89.5 M Larsson [3] 

2 0.07 318 - - Calculated 

3 0.01 318 - - Calculated 

 

763.01

1

1

11 26383 HHCrevHCfor ppkpkr −=       (1) 

83HCifori pkr =   i=2,3       (2) 

In Equation 1 and 2, kifor and k1rev represent the rate constants for the forward 

and backward reactions, respectively. These rate constants can be defined by 

the centred Arrhenius equation. 























−

−

= 0

0 11

0

TTR

E

ii

i

ekk         (3) 

In these equations, T0 =800K and i stands for both the forward and reverse 

reactions, see Table 7.2. The kinetic description of the reaction is implemented 

in Aspen via the plug flow adiabatic reactor model. The length and diameter of 

the first two reactors are 1.0 m and 0.2m, respectively. For the third reactor, the 

length and diameter are 0.7 m and 0.2m, respectively. The reactor dimensions 
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are chosen in such a way that the residence time in the reactors is sufficient to 

reach equilibrium. 

7.1.3 Aspen simulation – membrane section 

Membrane module concept at macro level 

For an economic success of the membrane it is necessary to obtain a high 

throughput of H2 through the membrane to reduce the membrane area required 

[4, 5]. Besides the membrane, the stack of membranes and the stack-holder are 

important components for this success. To obtain a high throughput the 

following factors are important for the design of the module and holder: 

1) Optimal ratio of membrane area versus seal and gas-transport area 

2) Low-pressure drop in the module and holder 

3) A high mass transfer coefficient at the retentate side  

4) Equal distribution of the flow through each duct 

5) Gas-tight module 

In Figure 7.3, a concept of the stack-holder and the membrane stack is 

presented. The stack-holder is a stainless steel hull (Figure 7.3a) which 

contains the stack of silicon wafers. The holder keeps the stack at the operating 

temperature, collects the hydrogen, provides a tight seal between the retentate 

and permeate and enables replacement of the membrane stack. The stack is 

placed on top of a bottom plate which is supported by a spring. The spring 

introduces enough force to obtain a gas-tight connection without breaking the 

stack.  

The stack itself is build up by repeating the following sequence: silicon wafer 

with membrane on the top, spacer, silicon wafer with membrane at the bottom, 

silicon wafer with membrane on the top, spacer, silicon wafer with membrane at 

the bottom, etc.  (Figure 7.3b and c). 

Silicon is used as the support for the H2-selective Pd layer, which is a material 

that has a lower thermal expansion coefficient than common metals.  A solution 

to prevent leakage as a result of this difference is to fabricate the whole stack 

out of silicon. However, the crystalline silicon wafers are expensive. To reduce 

costs, it might be possible to use non-crystalline silicon as spacer in between 

the wafers, as it has the same thermal expansion coefficient. 

In the next section this concept of stack holder is used in a propane 

dehydrogenation plant of 325 kton/year (standard case). The number of wafers 
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per stack, the dimension of ducts and the membrane area are calculated by 

using the following criteria/assumptions: 

• Diameter of the wafer is 0.304 m 

• Sealing width is 7 mm 

• Membrane has a square or rectangular shape 

• Of the membrane area 25% is effective (microsieve is for 25% open) 

• Pressure drop of maximum 10% of the absolute pressure 
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Figure 7.3 - Proposed design of the membrane stack holder: a. schematic picture of the 
stack holder, b. side view of the stack of membranes including spaces, c top view of 
the membrane wafer and the two types of spacers. The drawings are not at scale. 
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The inlet area between the wafers is half the area of the feed duct to the wafers 

(insure an equal distribution over the different membranes [6]). In one pass over 

the membrane the hydrogen is removed to the desired concentration (50 % 

reduction for the standard case). The height of the retentate side has been fixed 

at 1 mm and for the permeate side 3 and 5 mm at a permeate pressure of 2000 

and 1000 Pa, respectively. 

 

Applying membrane module in process 

The membrane stack can be positioned after the first and/or second reactor. 

The best result is obtained after the second reactor because more H2 will be 

removed with equal membrane area (if the equilibrium state is reached in the 

third reactor). The membrane is placed before the third heater, because the 

lower temperature increases the stability of the membrane at the expense of a 

lower H2 flux. The membrane is modelled in Aspen as a black box that 

selectively removes a certain percentage of H2 from the feed. The dimensions 

of the membrane stack (including other characteristics) are given in Table 7.3 

for the calculated scenarios and are based on the design details in the previous 

paragraph. Wmem and Lmem are respectively the width and the length of the 

membrane, Hstack is the height of the membrane stack, Hret and Hperm are 

respectively the height of the chamber between two opposite membranes at the 

retentate side and between two opposite wafer surfaces at the permeate side. It 

is assumed that the flux of the membrane can be described by Sievert’s law and 

that the flux is not affected by contamination [7]. The membrane thickness is 1 

µm. The value of Hret is an important factor, if Hret is chosen too high then 

concentration polarization will affect the flux negatively, too low and the 

pressure drop will increase too much. The calculated pressure drop over the 

membrane stack for retentate side and permeate, and the number of wafers 

and stacks necessary for the different scenarios are given in Table 7.4. 

The permeate side of the membrane is kept at a pressure of 1000 or 2000 Pa 

by a vacuum pump. A large vacuum pump is necessary to keep the permeate at 

the right permeate pressure. The energy consumption of this vacuum pump is 

given in Table 7.5 and will be counted as operating costs. 
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Table 7.3 - Dimensions and characteristics of membrane stacks. 

H2 
 

(%) 

Wmem 
 

(m) 

Lmem 
 

(m) 

Hstack 
 

(m) 

Hret 
 

(m) 

Hperm 

 

(m) 

Permeate pressure – 1000 Pa 

50 0.212 0.184 0.128 0.001 0.005 

60 0.156 0.230 0.064 0.001 0.005 

70 0.129 0.245 0.048 0.001 0.005 

80 0.129 0.245 0.042 0.001 0.005 

Permeate pressure – 2000 Pa 

50 0.212 0.184 0.128 0.001 0.003 

60 0.156 0.230 0.064 0.001 0.003 

70 0.129 0.245 0.048 0.001 0.003 

80 0.129 0.245 0.042 0.001 0.003 
The width of the area to seal the wafer is 0.007 m 

 

Table 7.4 - characteristics of membrane stacks. 

H2 
 

(%) 

Feed 
 

(kmol/hr) 

∆∆∆∆Pret 
 

(%) 

∆∆∆∆Pperm 
 

(%) 

Wafers/stack 
 

(-) 

Nº wafers 
 

(-) 

Nº stacks 
 

(-) 

Permeate pressure – 1000 Pa 

50 5036 8.8 4.2 32 12660 396 

60 5045 8.7 3.4 16 19070 1192 

70 5032 1.6 1.5 12 46710 3893 

80 5012 0.7 0.5 12 163800 13650 

Permeate pressure – 2000 Pa 

50 5036 5.4 3.7 32 16380 512 

60 5045 4.2 2.6 16 28030 1752 

70 5032 0.9 1.0 12 87590 7299 

80 5012 0.3 0.3 12 397800 33150 
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Table 7.5 - Vacuum pump and heat exchangers duties versus percentage of H2 
removed. 

 1000Pa permeate 
pressure 

2000Pa permeate 
pressure 

H2 Work 
vacuum 
pump 

Heat duty Work 
vacuum 
pump 

Heat duty 

(%) (MW) (MW) (MW) (MW) 

50 3.0 -4.46 2.45 -3.91 

60 3.6 -5.36 2.90 -4.70 

70 4.2 -6.23 3.37 -5.47 

80 4.8 -7.10 3.84 -6.24 

 

7.1.4 Aspen simulation – compressor section before 
purification section 

As a result of the increase in propane processing the capacity of the furnaces, 

coolers and existing compressor will change. The propane stream through the 

furnaces increases and results in a larger energy consumption (Table 7.6). The 

mass flow to the purification section increases but the hydrogen content is 

lower, which results in less work for the compressor but a higher need of 

cooling capacity (see heat exchanger and cooler duties, Table 7.6). It is 

assumed that the capacities of the existing furnaces, heat exchangers and 

coolers can be increased without investments and therefore only the extra 

operating costs are included (heat integration is not included, which would 

decrease the extra operating costs) 

Table 7.6 - Heat duties of furnaces, heat exchangers and work of the compressor. 

H2 Tot. Furnace Comp. Heat ex.1 Heat ex.2 

(%) (MW) (MW) (MW) (MW) 

0 119.2 20.0 -63.8 -28.2 

50 126.2 19.5 -64.8 -31.9 

60 126.4 19.2 -64.2 -32.3 

70 125.9 18.8 -63.3 -32.6 

80 125.3 18.4 -62.3 -32.8 

 

7.1.5 Aspen simulation – purification section 

After the third reactor, the coke and hydrogen are removed. Subsequently, the 

methane, ethylene and propane are removed in a C2 (de-ethanizer) and two C3 

splitters (propane/propene splitter). The advantages of using two splitters is 
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energy saving and reduction of size/weight of the first column. The heat 

integration of the two columns is not implemented in this Aspen simulation.  

The dimensions and other characteristics of the splitters are determined from 

the simulation without membrane and are given in Table 7.7. These 

characteristics have been kept constant during the other simulations. The 

diameter of the splitters is calculated by fixing the maximum flooding velocity at 

85%, the position of the feed tray is determined iteratively from the 

concentration profiles inside the splitter. The reflux ratio and boiler and 

condenser duties have been optimised for every simulation case, but only the 

reflux ratio of the low-pressure C3-splitter changed significantly from 80 to 66 by 

removing the H2 (see Table 7.8 for the other conditions). The high number of 

stages and high reflux ratio are a result of the difficult separation of propane and 

propylene. 

 

Table 7.7 - Dimensions, tray spacing, number of trays, used tray efficiency and number 
of the feed tray of the C2 and C3 splitters. 

Splitter Diameter Height Tray 
spacing 

nº of 
trays 

Tray 
efficiency 

Feed tray 
a.s.1 

(-) (m) (m) (m) (-) (%) (-) 

C2 5 20 0.6 30 85 7 

First C3 9 90 0.45 200 85 180 

Second C3 13 90 0.45 200 85 110 

1) a.s.: above the stage 

 
Table 7.8 - Operating specification of the C2 and C3 splitters. 

Splitter Pressure Reflux 
ratio 

Condensor 
duty 

Reboiler 
duty 

Temp. 
top 

Temp. 
Bottom 

(-) (bar) (-) (MW) (MW) (°°°°C) (°°°°C) 

C2 25 20 -13.1 16.3 10 50 

C3 high pressure 
(HP) 

25 42 -62.0 63.5 50 60 

C3 low pressure 
(HP) 

18 81 -143.4 143.1 43 50 
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7.2 Process economics 

The investment cost will be mostly determined by the price of the membrane 

wafers, however, there are no existing prices available yet. The price of a 

membrane stack is estimated followed by the extra vacuum pump and 

additional operating costs. Then the increased income will be determined and 

finally the additional cash-flow will be presented 

7.2.1 Investment costs  

The only data available are the prices of raw materials and clean room costs of 

the membranes fabricated for this project. These costs are based on a small 

scale production and therefore not realistic for large scale production. In the 

calculations a more realistic value is used: the costs at small scale divided by a 

factor of three. In Table 7.9 the cost structure of the different components are 

shown for a stack of 32 membranes. The polycrystalline wafers are used as 

relatively cheap spacers. For the membrane holder an estimation of the cost is 

given in Table 7.10. Combining Table 7.9 and Table 7.10, it can be concluded 

that the stack holder including a stack of wafers will cost approximately 18 k$. 

Table 7.9 - Cost estimation of a stack of membranes. 

Item cost 

12 inch silicon wafer + Membrane $340 

Polycrystalline silicon spacer at retentate, 1mm thick $80 

Polycrystalline silicon spacer at permeate 5mm thick $170 

Nº wafers one column 32 

Cost of membrane wafers for one column $14880 

 

Table 7.10 - Cost estimation of a membrane holder. 

Item cost 

Top and bottom plate $162 

Spring & piping $40 

Valve $360 

Flanges $1265 

Work (incl. assembling stack) $1139 

Sum of costs holder $2966 

 

The investment cost of the membranes can be calculated with the above cost 

per stack and holder and the number of membranes determined from the Aspen 
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simulation. The cost of membranes and stack holders are multiplied with an 

installation factor of 1.3 and 2.5, respectively (based on Guthrie’s approach [8]). 

It is assumed that the membranes have a life expectancy of four years. The 

total membrane installation and replacement costs are given in Table 7.11. 

 

Table 7.11 - Total investment costs of the membranes (including holders) and 
replacement costs of the membranes alone. 

 1000 Pa 2000 Pa 

H2 

(%) 
Cost module 4 years stack 

wafer 
Cost module 4 year stack 

wafer 
50 $10.6M $8.0M $13.7M $10.3M 

60 $20.4M $12.5M $29.9M $18.3M 

70 $53.5M $29.3M $107.1M $58.6M 

80 $200.2M $109.7M $486.3M $266.3M 

 

The low pressure at the permeate side is created by a vacuum pump including 

heat exchangers. The investment costs of the vacuum system are estimated 

from the purchase costs given by Aspen Icarus multiplied by the Hand factor of 

2.5 and 3.5 for the vacuum pump and heat exchanger, respectively [8]. The 

total investment costs for the vacuum system are given in Figure 7.4 for all the 

calculated scenarios. The total investment costs rise exponentially with the 

hydrogen removal degree as a result of the exponential need of membrane area 

(Figure 7.5). For a hydrogen removal of 60% or higher, the membrane costs are 

the major investment costs. 
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Figure 7.4 - Relation between investment costs vacuum system and fraction H2 
removed by the membrane after the second reactor. 
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Figure 7.5 - Total installed cost of the membrane stacks (incl. holders) and extra 
equipment for all scenarios.  

 

7.2.2 Operating costs  

The operating cost of the reference situation will be affected by implementing 

the membranes in the process. The furnaces use more gas caused by the 

increase of propane feed and the compressor in front of the purification section 

uses less electricity caused by the pre-removal of H2 by the membrane. In 

addition the operating costs are increased by a new vacuum system at the 

permeate side of the membranes.  In Table 7.12 the new operating costs are 

given based on a price of electricity of $0.1/kWh and methane of $ 0.027/m3 

gas. 

Table 7.12 - Extra operating costs per year related to the scenarios. 

H2 

(%) 
Tot. Furnace Comp. Comp.1000Pa Comp.2000Pa 

50 $0.17M $-0.40M $2.40M $1.96M 

60 $0.18M $-0.64M $2.88M $2.32M 

70 $0.17M $-0.96M $3.36M $2.69M 

80 $0.15M $-1.28M $3.84M $3.07M 

 

7.2.3 Cash flow 

As a result of the removal of hydrogen by the membrane, the propane 

conversion rate will increase. An increase of the productivity between 12 and 

17% is obtained for the different scenarios (Figure 7.6). From these numbers 
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and the estimation that the earnings will increase with 180$/ton propylene 

(market price propylene minus propane and losses due to the 90% selectivity of 

the process) the total earnings can be calculated. 

The cash flow can be calculated from the total earnings, investment costs and 

extra operational costs. In Figure 7.7 the cash flow is given for the 50% H2 

removal scenario for permeate pressures of 1000 and 2000 Pa, respectively. 

The zigzag trend is caused by the cost of replacing the membrane stack every 

four years. For the 50% H2 removal scenario at a permeate pressure of 2000 

Pa the extra income is 4.7 M$/year, the membrane replacement costs are 10.3 

M$/4 years. Over a period of four years, the average cash flow is 2.1 M$/year. 

From Figure 7.7, it can be seen that the break-even point in the investment 

occurs after seven years for both cases (permeate pressure at 1000 or 2000 

Pa). 

The extra membrane costs in the 2000 Pa scenario are compensated by the 

lower operating costs. The cash flow of the three other scenarios are even 

worse than that of the 50% H2 removal scenario. For the 60% scenario with 

1000 Pa permeate pressure, the break-even point occurs after approximately 

18 years, and with 2000 Pa it will never occur. The other scenarios (70 and 80% 

H2 removal) will never become break-even, because of the necessary 

membrane replacement investments. Obviously, it will be necessary to improve 

the business case by increasing the membrane life time and/or to reduce the 

membrane costs significantly. 
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Figure 7.6 - Propane demand and propylene production as function of hydrogen 
removal. 
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Figure 7.7 - Cash flow for the scenarios with 50% H2 removal and a permeate pressure 
of 1000 and 2000 Pa. 

 

7.3 Conclusions 

The economic viability of applying the membrane in a 325 kton/year propylene 

plant has been investigated for four scenarios 50, 60, 70 and 80% hydrogen 

removal at two permeate pressure (1000 or 2000 Pa). The scenario with 50% 

H2 removal has the most positive business case (12.4 % more propylene 

produced, average profit increase of 2.1 M$/year (membrane replacement 

included), investments 17.5 M$ in case of a permeate pressure of 2000 Pa). It 

will be necessary to improve the business case by increasing the membrane life 

time and/or to reduce the membrane costs significantly. 
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8  
 FUTURE PERSPECTIVES 
 

8.1 Introduction 

As shown in the propylene application in the previous chapter, it is important 

that the life time of the membrane is sufficiently long (four years) and fluxes are 

several orders higher than conventional membranes in order to have a positive 

business case to implement membrane technology for this application. In the 

previous chapters, two problems have been encountered that prevent the 

implementation of the developed membranes for a wide range of applications. 

First, at elevated operating temperatures (>573 K) pin-holes were formed within 

two months of continuous operation. Secondly, the reactants of the propylene 

process contaminate the membrane surface resulting in a strong flux decline. 

In the last years, several research groups have addressed these challenges 

and published their progress. In the following sections their findings will be 

discussed in relation to the main issues identified in this research work. Finally, 

some possible future research directions are suggested. 

8.2 Membrane Stability – pinhole formation 

In chapter three of this thesis it was shown that during permeation experiments 

pin-holes were formed in the free Pd layer. In literature, various authors 

describe the phenomena, but mainly for free hanging thin Pd or Pd alloy films 

(up to several microns) [1-3]. 

McLeod [1] investigated the formation of pin-holes of free hanging Pd/Ag 

membranes prepared by sputtering. The membranes were tested for an 

extended period of time at elevated temperature. The author postulated pinhole 

formation finds its origin in structural relaxation of the internal stress in the film. 
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Although no rigorous characterization was performed, the stress in the sputter-

deposited Pd/Ag film was found to be tensile by measuring the curvature of the 

Si wafer both before and after deposition. The formation of voids in the free-

standing membrane is a result of the system approaching thermodynamic 

equilibrium by reducing the internal stress in the metal lattice introduced by the 

manufacturing process. The author concluded that the formation of voids in a 

tensile film can therefore not be avoided. To prevent pinhole formation, the 

author suggests to ensure that the deposited metal layer is compressive rather 

than tensile. The internal stress of a sputter-deposited metal film can be 

controlled by adjusting the gas pressure during deposition. This is also 

demonstrated by Castrup et al. [4]; they could influence the residual stresses in 

nanocrystalline palladium films by the Ar-sputtering gas pressure. At low 

pressures, the metal films exhibited strong compressive stresses, which rapidly 

changed to highly tensile with increasing pressure, and then gradually 

decreased upon a further increase in pressure. 

Guazzone et al. [2] studied the leak rate increase of Pd membranes 

manufactured by electroless plating using Pd layers of 3 to 10 micron thick. The 

authors claim that the high activation energy observed for the leak growth 

indicates that pinhole formation is a diffusion-limited mechanism, and therefore 

related to the sintering process. Incoherent sintering which can occur during 

membrane fabrication leads to evolution of pinholes due to local densification or 

differential shrinkage. Differential shrinkage is characteristic of sintering of 

ultrafine materials. This mechanism was also described for sputtered thin films 

of TiB2 by Chen et al. [5]. After sputtering the residual stress of the TiB2 films is 

compressive, but during an annealing step at 673 K larger grains are formed out 

of the smaller grains and the remaining stresses shift to tensile.  

Peters et al. [3] studied the long-term stability of a 2.6 micron thick Pd/23%Ag 

membrane. The thin Pd/Ag layer was prepared by sputtering a Pd/23%Ag target 

onto a polished silicon wafer. After sputtering, the metallic layer was removed 

and wrapped around a tubular macroporous stainless steel support. During 

permeation experiments it was found that the selectivity of the membrane 

decreased irreversibly after operating the membrane for 100 days at 

temperatures ranging from 623 to 723K and a feed pressure of 10 bar. After the 

permeation experiments, pieces of the membrane were thoroughly investigated 

by SEM, TEM, STEM/EDS, XRD and XPS. From these results the authors 

conclude that grain growth has taken place and pin holes are formed. 

The membranes used in this thesis are prepared at an argon pressure of 0.1 to 

1.0 Pa during sputtering [6]. The substrate temperature was chosen in the 
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range of 673 to 700 K to prevent the formation of a tensile film. Sputtering 

conditions at 700-800 K would lead to a metallic film with higher density and 

finer grain sizes. However, as can be seen from SEM pictures in Chapter 3, 

structural changes of the Pd surface are taking place during the permeation 

experiments. Following the mechanism of Guazzone et al. [2] and Chen et al. 

[5], it is expected that despite the compressive stress present after membrane 

production, during the permeation experiments tensile stresses caused by 

sintering/grain growth result in pin-hole formation. More research should be 

focused on the stress and grain development at permeation conditions for 

periods of more than 500 hours [7]. By changing the sputtering conditions 

and/or alloying of Pd less grain development could be obtained. 

8.3 Membrane Contamination 

In chapter 4 and 5 a negative effect of CO, CO2, H2O and propane was found 

on the H2 flux of Pd (alloy) membranes. These are common reactants/products 

in the WGS reaction, steam reforming/auto oxidation of methane/alcohols 

(methanol/(bio)ethanol/glycerol) and dehydrogenation of alkanes. 

Research groups have studied the effects of these components on the 

membrane layer with model-mixtures of the reactants, or studied the shift in 

reaction equilibrium by using H2 selective membranes. Some research groups 

have tried to overcome the problems of membrane contamination by alloying 

the Pd layer with secondary or even tertiary alloy elements. The results of some 

authors are described below per reaction type. The overview presented here is 

not meant to be complete but rather to give an impression of the achieved 

results of recent years. 

8.3.1 Reforming of alcohols 

Seelam et al. [8] used a Pd/PSS (Porous Stainless Steel) membrane reactor to 

produce H2 from bio-ethanol (membrane thickness of 20 micron). The reaction 

was operated at 8-12 bar, 673K with a Ni/ZrO2 or Co/Al2O3 catalyst. The flux of 

H2 through the membrane was declining after each reaction test. As a result, 

the H2 recovery per mole ethanol decreased. The cause for this was found to be 

coke deposition. Basile et al. [9] found similar results for their Pd/PSS 

membrane reactor to convert ethanol by steam reforming (25 micron thick Pd 

layer), although the reaction was performed at lower pressure, from 3.0 to 8.0 

bar, at 673K and a Co/Al2O3 catalyst was used. In this case the permeating flux 

of H2 also declined during the reaction tests. They concluded from scanning 
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Auger spectroscopy (SAM) analysis that a consistent carbon contamination, 

and in a lower degree chloride and sulfur contamination, led to a decrease in 

membrane performance. In addition, small holes of 10 to 100 nm were 

observed in the Pd layer by SEM. 

Yun et al. [10] investigated a Pd membrane and a Pd/Cu membrane (1.3 and 

2.0 micron thick, respectively) in the application of steam reforming of ethanol. 

They found that the Pd membrane showed a significant lower H2 yield due to 

contamination of CO or carbon compounds. In addition, for the Pd/Cu 

membrane the yield was 19% higher and the conversion 22% higher compared 

to a normal packed bed reactor. The H2 permeance versus H2 formation rate 

was between 0.1 and 0.3. The Pd/Cu membrane gave a better overall 

performance. 

Iulianelli et al. [11] investigated a Pd/Ag membrane reactor for the steam 

reforming of glycerol at 673K (50 micron thick membrane). A higher conversion 

rate was found compared to a traditional reactor. However, the formation of 

coke limited the performance of the membrane and resulted in a lower 

hydrogen recovery on the permeate side.  

From the research described above, the Pd/Cu membrane seems the most 

promising for steam reforming of alcohols with regard to membrane 

contamination and conversion. 

8.3.2 Dehydrogenation of alkanes 

Yu et al. [12] investigated the use of a Pd membrane reactor to increase the 

yield of styrene from the dehydrogenation of ethylbenzene. They used a 10 

micron thick supported Pd membrane and obtained 11.3% enhancement in 

styrene yield without a decrease in styrene selectivity. However, the effects of 

the reaction conditions on the membrane are not mentioned. Gimeno et al. [13] 

and Gbenedio et al. [14] investigated the application of a 6 µm thick Pd/alumina 

hollow fiber membrane reactor (HFMR) for the dehydrogenation of propane to 

propene. They concluded that as a result of the H2 removal, the coke deposition 

rate increased, which makes this reactor type more interesting for catalytic 

reactions, such as the water gas shift reaction and steam reforming (less coke 

deposition). Ryi [15] investigated the enrichment of ethylene using a 4 µm thick 

Pd/1%Au membrane. The ethylene concentration could be increased from 5% 

to 82% and a H2 recovery ratio of > 96% was attained by using the membrane 

(673 K, 15 bar). Significant amounts of methane were detected in the retentate. 

The methane was formed from the decomposition of ethylene at the stainless 

steel tubes and not at the membrane surface, as revealed by SEM/EDX. They 
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concluded that the permeation behavior was not influenced by the presence of 

5% ethylene.  

8.3.3 Reforming of methane 

Borgognoni et al. [16, 17] investigated the reforming of methane by steam or 

auto-thermal in combination with a Pd/Ag membrane (150 micron thick). The 

reforming reactor and membrane separation were decoupled. The reforming 

section was operated at a temperature in the range of 840 to 993 K and the 

membrane section between 573 to 673K.  With both methods, a hydrogen flow 

was obtained but no details were given about the membrane performance with 

regard to membrane contamination. It is expected that the membrane has 

operated diffusion limited and therefore the influence of contaminants on the 

membrane surface, if present, will only have a limited effect. 

Chiappetta et al. [18] studied the catalytic steam reforming of methane in a 

Pd/Ag-based membrane reactor (membrane is 100 micron thick). The methane 

conversion could be increased by a factor of three compared to the 

thermodynamic equilibrium of a traditional reactor. A side effect of the removal 

of H2 is the tendency of increased carbon deposition. However, the extra 

formation of carbon could be reduced by increasing the operating temperature 

and/or pressure and increase the steam/methane ratio. The permeation 

behavior of the membrane was equal before and after the reactions tests 

indicating that the steam reforming did not change the membrane behavior. 

Basile et al. [19] investigated a similar system, but with a Pd/Ag membrane of 

50 micron. In Basile’s study, the H2 permeation was lower during the operation 

of reforming methane. The authors expect that concentration polarization is the 

main cause of the drop in H2 permeation. Although, no drop in H2 permeation 

was found with mixtures of H2 and methane or H2 and N2. Bosko et al. [20] 

compared the application of a Pd and a Pd/Ag PSS supported membrane 

reactor for the dry reforming of methane at 723 and 773 K. The membrane 

thickness was 20 and 23 micron for the Pd and Pd/Ag membrane, respectively. 

Both membranes showed a good operation and a conversion enhancement 

higher than 80%. The Pd-membrane showed the best behavior with regard to 

the ratio H2 permeated / mole CH4 fed, but the Pd membrane showed the 

formation of pinholes in time, according to the authors due to the temperature 

cycling. Surface contamination effects are not clearly mentioned, but the 

authors also did not differentiate the results between the Pd or Pd/Ag 

membranes.  
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8.3.4 Water Gas Shift reaction 

Hwang et al. [21] investigated the use of Pd-Au membrane (2.6 micron thick, 

porous nickel support) in a membrane reactor to improve the WGS reaction. 

They found that steam and CO present in the feed limited the H2 flux through 

the membrane. By increasing the pressure at the retentate side the inhibition 

effect of H2O was completely stopped and that of CO decreased. The CO 

conversion could be increased with 26% at max compared to an operation 

without membrane and 81% of the H2 could be recovered at the permeate side.  

Augustine [22] used a top layer of Pd (7-10 micron thick), a Pd/Ag intermediate 

layer (5-8 micron thick) and a porous Inconel tube and found that at a retentate 

pressure of 14 bar and temperature of 623 K, CO has an inhibitory effect on the 

membrane performance. At 723 K no effect was found for CO. For CO2 a slight 

inhibitory effect was found for the temperature range measured (623-723 K). A 

CO conversion of 98% and a H2 recovery of 81% were achieved at 723 K. The 

membrane permeance remained constant over the course of permeating tests 

including the WGS testing if the H2O/CO ratio was 1.6 or 2.6. During operation 

the membrane selectivity decreased. The selectivity of two membranes 

decreased slowly and was in line with the leak growth mechanisms as 

discussed in the previous paragraph “Membrane Stability – pinhole formation”. 

However, for two other membranes the selectivity decline was too rapid to be 

explained by grain boundary rearrangements. Abdollahi [23] used a Pd 

membrane (3 micron thick) for more than a month at WGS conditions without a 

change of the permeance conditions of the membrane. They achieved a CO 

conversion of approximately 99% and a hydrogen recovery of 90% at 573K and 

4.46 bar. Guazzone et al. [24] tested the use of a highly structured Pd and Pd-

Au membrane (membrane thickness 7-14 micron, thickness of Au top-layer 0.2 

micron) in a desulfurized, H2-enriched syngas stream form a coal gasifier. No 

specific catalyst was present to promote the WGS reaction.  

The membrane was used to remove H2 from the product stream of the gasifier. 

The membrane operated stable for 200 hrs at 723 K and 12.6 bar. At the start of 

processing, the H2 permeance dropped with 50-60% due to contamination, 

probably as a result of coking. No large difference was found between the pure 

Pd and the Pd-Ag membrane. Gade [25] investigated the effect of H2S on the 

H2 permeance of Pd/Au membranes produced by cold working or by magnetron 

sputtering. Membranes with increased Au showed less flux inhibition by either 

carbon or H2S. The permeability of a Pd/20%Au membrane was equal to that of 

a membrane without Au and only dropped 40% in permeability in the presence 
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of 20 ppm H2S. Surprisingly, the stability of the magnetron sputtered membrane 

was not as good as the cold worked membrane in the presence of H2S. Gade et 

al. proposed corrosion spalling as mechanism, in which large palladium sulfides 

are formed that flake off in the gas stream. The sputtered membranes are more 

prone to sulfidation flaking. Due to the pattern of grain boundaries, sulfur can 

enter deeply into the bulk, unlike the cold worked membranes. 

8.4 Future work 

From the literature above it was shown that pin-hole formation is due to tensile 

stresses. These originate from grain growth and/or residual tensile stress in the 

crystal lattice. The tensile stress can be prevented by choosing different sputter 

conditions and by preventing the formation of larger grains. Therefore it is 

suggested to investigate the possibilities of different sputter conditions and 

search for the right alloy to prevent the formation of larger grains and differential 

shrinkage during operational conditions.  

With regard to contamination, alloying the membrane can help to prevent a drop 

in flux as result of coking or adhesion of contaminants on the membrane 

surface. However, it is clear from literature that the effects of contamination, i.e. 

steam and CO, can be limited by changing the operation conditions of the 

reaction. The Pd/Cu and Pd/Au alloy show a better resistance against 

contamination, however it is expected that the resistance can be further 

improved by optimizing the alloy composition. Probably, the first application will 

not be the dehydrogenation of propane, but the simpler WGS reaction. 

Therefore it is advisable to focus on the WGS and make the Pd alloy membrane 

successful in this application.  
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 SUMMARY 
 

The application of thin hydrogen-selective membranes suffers from the 

occurrence of pinholes and a significant resistance to mass transfer in the 

porous support. To overcome these problems, a thin Pd based membrane has 

been developed in cooperation with the Transducer Science Technology Group 

at the MESA+ Research institute of the University of Twente using microsystem 

technology. Thin Pd, Pd alloy or Pd-Ta-Pd layers have been deposited on a 

dense and smooth surface of a silicon wafer by microwave sputtering.  

After membrane deposition, the underground has been etched to release the 

membrane surface for H2 permeation. Membranes have been prepared with 

and without support layer. As support layer, a 1 µm thick microsieve with a large 

number of round openings of 5 µm diameter has been used. This fabrication 

process resulted in pinhole-free Pd, Pd/Ag and Pd-Ta-Pd membranes with a 

thickness between 0.5 and 1.2 µm. 

The focus of the research described in this thesis is the exploration of the 

membrane performance at various conditions. The selectivity and permeance of 

the membranes have been established, also with the presence of H2O, 

methane, propane, CO and CO2 at the retentate side of the membrane.  

The membranes have been characterized by determining the H2 and He flux as 

function of temperature (623-873K) and feed composition (0<pH2<1.0 bar). At 

823K, a permeance based on the free membrane area of 18 mol H2/m
2·s·bar0.58 

has been measured for a Pd membrane with a thickness of 0.5 µm. This is 

considerably higher compared to Pd membranes prepared on porous materials 

like alumina. At 873K the H2/He selectivity decreases rapidly, indicating the 

formation of pinholes at higher temperatures. At lower temperature the stability 

of the layer improves but after some weeks, pinholes are still formed. Therefore, 

further research is necessary to increase the stability of the membrane layer. 

The rate limiting transport step of H2 has been determined from a combination 

of experiments and computer simulations. At elevated temperatures the limiting 

transport step has been determined to be H-atom diffusion through the 

membrane and at lower temperatures the H2 surface reactions at the retentate 
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side. A reduction of membrane thickness is only meaningful as long as the 

diffusion through the membrane limits the transport of H2 across the membrane. 

An advantage of the very thin membranes is that contaminants will reveal their 

inhibitive effects more strongly than relatively thick membranes. The H2 flux 

through the membranes has been studied for periods of more than 80 hours 

during and after addition of CO2 or H2O to the feed. Measurements have been 

carried out at 623, 673 and 723K. The largest flux reductions found are 70% 

and 69% at 623K for H2O and CO2, respectively.  

After stopping the steam addition, the H2 permeance restored to its original 

value. After stopping the CO2 addition the H2 permeance increases, but to a 

value lower than before the CO2 addition. Surprisingly large time constants 

have been found for the transient permeance behavior. The inhibitive effect 

caused by the addition of CO2 is almost certainly caused by the formation of CO 

and H2O by the reverse water gas shift (WGS) reaction. Besides by adsorption 

of CO2, CO and H2O, a far stronger inhibitive effect is caused by carbon, which 

is formed by the dissociation of CO and CO2.  

In addition, the inhibitive effect of the presence of CO, methane or propane in 

the feed has been measured. The measurements have been carried out at 623 

and 723K. After adding propane or CO to the feed, the H2 flux reduces to 16% 

and 47% of the initial flux, respectively. Subsequently, the H2 flux could be 

restored to its original value by treating the membrane with steam. The inhibitive 

effect of propane and CO is probably caused by the formation of carbon at the 

Pd surface. The dynamic behavior of the H2 flux is not completely understood, 

but in the presence of CO the dynamic permeation behavior is comparable to 

that of adding CO2 to the membrane feed. The addition of methane did not 

reveal any effect on the H2 flux. 

Besides polluting compounds, the flux can be limited by the transport resistance 

in the gas phase. To investigate the possibilities to optimize mass transport in 

the gas phase, Computational Fluid Dynamics (CFD) calculations have been 

used to model the flow in the gas phase surrounding the membrane.  The 

calculations show that the largest mass transfer resistance should be chosen at 

the retentate side (58% reduction in mass transfer resistance, 30% higher flux) 

and forcing the feed through slits reduces the mass transfer resistance 

significantly (43% reduction in mass transfer resistance, 25% higher flux) at the 

cost of additional pressure drop (from 0.1 to 14.3 kPa). A three dimensional 

structure of the membrane increases the H2 throughput per wafer by 255 % 

without forced flow. Using a forced flow, even higher values can be obtained. 
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A desk-study has been made on the industrial application of the designed 

membrane and module. For this purpose a 325 kton/year propylene plant has 

been chosen to study four different scenarios with varying H2 removal. The 

scenario with 50% H2 removal shows the most positive business case in an 

ideal environment (no pinhole formation and no inhibitive effects of compounds 

present). However, it will be necessary to improve the business case by 

increasing the membrane life time and/or to reduce the membrane cost 

significantly.  Options are to increase the membrane surface by using the 3D-

membrane structure and/or improve the stability of the membrane layer by 

preventing the formation of pinholes. 

The research described in this thesis has explored the use of thin hydrogen-

selective membranes fabricated with microsystem technology. Advantages of 

the membranes obtained are high H2 fluxes and pin-hole free membranes. In 

addition, some drawbacks of the used membranes have been found: unstable 

Pd layer at elevated temperatures and difficult module fabrication as a result of 

the different thermal expansion coefficients of the materials used. Future 

research should be focused on sputter conditions and grain growth to overcome 

these drawbacks to obtain the full potential of the fabricated membranes. In 

addition, Pd/Cu and Pd/Au membranes show a better resistance against 

contamination, however, it is expected that the resistance can be further 

improved by optimizing the alloy composition and membrane (reactor) operating 

conditions. 
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