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Summary 

Carbon Capture Utilization and Storage (CCUS) can be seen as a very important 

technology to achieve the desired mitigation of anthropogenic CO2 emissions and to 

combat climate changes. Hydrogen is considered as a promising energy carrier in 

future energy systems, as the conversion at the user location does not produce CO2. 

In this thesis, both aspects are combined, and a novel process is proposed for 

hydrogen production with integrated CO2 capture. In this process, the high-

temperature CO2 capture during the production of the hydrogen fuel is carried out 

via sorption-enhanced steam-methane reforming using a Calcium-Copper (Ca-Cu) 

looping cycle. The heat needed to drive the endothermic steam-methane reforming 

reaction is matched with in-situ heat production from the calcium carbonate 

formation reaction, thereby shifting the reactions towards hydrogen. At the same 

time, the heat required to regenerate a calcium carbonate material is matched with 

in situ heat production through the reduction of CuO to Cu metal. The process is 

carried out in dynamically operated packed-bed reactors and is divided into three 

main steps: the first step is the production of a hydrogen-rich stream by the sorption-

enhanced reforming (SER) of CH4 with steam and simultaneous carbonation of CaO 

with the CO2 resulting from the reforming reaction; the second step is the oxidation 

of Cu to CuO with air, under conditions such that significant CaCO3 decomposition 

can be avoided; and the third step is the calcination of CaCO3 and the reduction of 

CuO with a fuel gas in order to obtain most or all the heat necessary for the 

calcination.  

In this thesis the development of the Ca-Cu looping process from material selection 

up to the proof-of-concept at lab-scale has been studied. First, to better understand 

and describe the system behavior and performance, the operational process 

windows have been identified for all three process steps, by selecting the required 

bed composition (catalyst, sorbent, oxygen carrier), feed composition, pressure and 

temperature, using a 1D pseudo-homogeneous model and a simplified model based 

on a sharp front approach (Chapter 2). As found in Chapter 2, in the second step of 

the process (Step B), the oxidation of Cu takes place at elevated pressures to 

minimize the loss of CO2 caused by the partial calcination of CaCO3. Although very 

important for the design of Ca-Cu loops, an extensive work specifically dealing with 

the oxidation kinetics of oxygen carrier with high Cu loadings is still lacking in the 

open literature. The oxidation reaction of a CuO/Al2O3 material with a high Cu 



loading has been therefore studied and described at atmospheric and pressurized 

conditions, in powder and pellet forms (Chapter 3). In addition, the extent of oxygen 

uncoupling of CuO, an undesirable side-reaction which may occur because of the 

high temperatures and low pressures in the third step, has been investigated. 

Reaction rate expressions for this side-reaction have been developed and 

implemented in the 1D reactor model which showed that the effect of oxygen 

uncoupling can be neglected under the conditions at which the third step of the 

process is carried out.  

In Chapter 4, an experimental campaign in a small and a medium-scale packed-bed 

reactor has been carried out at atmospheric pressure. Different temperatures, bed 

and gas compositions have been tested. The results have been used to validate the 

developed 1D dynamic pseudo-homogeneous reactor model. Subsequently, the 

proof-of-concept has been carried out in a larger packed-bed reactor setup, which 

can be operated at higher pressures (Chapter 5). With a large number of complete 

cycles, the feasibility of the process was proven, since the sorbent was regenerated 

successfully enabling to carry out the sorption enhanced reforming with production 

of hydrogen with a fraction on dry basis higher than 90 vol.%. After 285 cycles the 

solids were still chemically performing good and the results were still reproducible. 

However, the solids materials in the bed were in part pulverized at the end of the 

experimental campaign, clearly indicating that solids (and especially Cu-based 

particles) with a higher mechanical strength are needed.  

Simulations with the developed reactor model were performed in Chapter 6 for the 

different steps of the Ca-Cu process, considering a reasonable set of process 

assumptions. It has been demonstrated that, at industrial conditions, the formation 

of a high-temperature plateau during the sorption-enhanced reforming step of the 

process, caused by the decoupling between the steam methane reforming and the 

carbonation reactions at different positions along the bed, decreases the carbon 

capture efficiency that can be achieved with this process. With the aim of 

overcoming this limited capture efficiency, a novel alternative scheme for the Ca-Cu 

process has been proposed allowing to increase the overall carbon capture efficiency 

to 88 %. In Chapter 7 the full process design of a natural gas combined cycle and of 

a hydrogen plant integrated with this process has been investigated. Both plants 

were shown to be competitive with respect to the benchmark. An electricity cost of 

82.60 €/MWh and a cost of CO2 avoided of 80.7 €/tCO2, which are respectively 2.2 



€/MWh and 4.6 €/tCO2 less than the benchmark, have been estimated for the power 

production plant. Concerning the hydrogen production costs and CO2 avoided cost, 

they are respectively 5% less and 52% less than the benchmark hydrogen plant. 

Finally, we can state that the Ca-Cu looping process is a promising pre-combustion 

CO2 capture technology, which allows carrying out the energy-intensive sorbent 

regeneration with a moderate energy penalty. However, further research is still 

required for industrial implementation of the technology, especially in the field of 

functional materials (with higher stability at the same reactivity investigated in this 

work), experimental demonstration and process design. A summary of the main 

findings of the present research and the guidelines on how the research could 

proceed are presented in Chapter 8.  
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There is great consensus on the adverse human influence on climate change, 

especially in recent years, when anthropogenic emissions of greenhouse gases 

(GHG) are the highest in history. Over the last decades, changes in climate have 

caused large impacts on natural and human systems on all continents and across the 

oceans. The atmosphere and oceans have warmed, the global water cycle has 

changed, glaciers have lost mass and contributed to sea level rise throughout the 

20th century. Since the early 1970s, glacier mass loss and ocean thermal expansion 

from warming together explain about 75% of the observed global mean sea level rise 

[1]. The main cause of the observed climate change is believed to be the increase in 

greenhouse effects as a result of anthropogenic CO2 emissions [2]. CO2 

concentrations are increasing at the fastest observed rate: about half of the 

cumulative anthropogenic CO2 emissions between 1750 and 2011 have occurred in 

the last 40 years. CO2 released from fossil fuel combustion and industrial processes 

contributed about 78% to the total GHG emission increase between 1970 and 2010 

[1]. Continued emission of greenhouse gases will cause further global warming and 

long-lasting changes in all components of the climate system, increasing the 

possibility of severe, pervasive and irreversible impacts for people and ecosystems 

[1].  

On 12th December 2015 the “Paris Agreement” was adopted at the 21st session of the 

Conference of the Parties to the United Nations Framework Convention on Climate 

Change held in Paris. The agreement sets out a global action plan to put the world 

on track to avoid dangerous climate change by limiting global warming to 2 °C 

above pre-industrial levels [3]. To achieve this goal, the carbon emissions to the 

atmosphere must be reduced as soon as possible. Different strategies for reducing 

carbon dioxide emissions to the atmosphere have been proposed, among which 

Carbon Capture and Storage (CCS) is an interesting technology for the mid-term 

reduction of CO2 emissions from fossil fuels or biomass powered industries [4]. CCS 

involves CO2 capture followed by its storage in deep geological layers to prevent its 

release into the atmosphere, and can be applied to fossil fueled power plants, in 

industrial processes and in the fuel production and transformation sectors [5]. 

Three main technological options exist for CO2 capture: post-combustion, pre-

combustion, and oxyfuel combustion. Post-combustion consists of the addition of a 

final stage where the CO2 is separated from the exhaust gases of a process and it is 

the best option for retrofitting existing power plants [6]. Most existing post-
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combustion CO2 capture systems are based on chemical absorption in combination 

with heat induced CO2 recovery. New research is being carried on new processes 

using new solvents, membranes or solid sorbents [5,7] in order to improve the 

energy efficiency which is a main drawback of this process.  In the pre-combustion 

process, fuel is pretreated before combustion. Syngas (obtained by gasification of 

coal) or natural gas is converted into H2 and CO2 and then either CO2 will be 

captured using sorbents [8,9] or H2 is removed using membranes [10].  

The last option for CCS is oxyfuel combustion in which nearly pure oxygen, instead 

of air, is used to burn hydrocarbons producing exhaust gas with a high concentration 

of CO2 (80-98% depending on the type of fuel used) [6,11,12]. A variant of this last 

technology is chemical looping. In this case a solid oxygen carrier reacts with fuel to 

produce a high-concentration CO2 stream in the flue gas; the oxygen carrier is then 

regenerated to uptake oxygen from air in a second reactor [13–16].     

Another potential way to reduce energy-related CO2 emissions and to contribute to 

limiting the global temperature rise to below 2 °C is the use of hydrogen as energy 

carrier for being converted into electricity, mechanical energy or heat [17]. Most of 

the hydrogen produced worldwide (i.e. around 65 million tons per year) is 

nowadays used as feedstock within the chemical and petrochemical industries, 

while natural gas represents the principal feedstock for hydrogen production, 

accounting for more than 48% of the worldwide production, followed by petroleum 

and coal as primary energy sources [18]. Currently, three main routes are used to 

produce hydrogen from natural gas: steam reforming (SMR), partial oxidation and 

autothermal reforming [19]. SMR involves the endothermic conversion of methane 

and water vapor into H2 and CO2. It is a two-stage process: the reforming reaction, 

Eq. (1.1), which needs to be carried out at  high temperatures (usually from 700 °C 

to 1000 °C) and high pressures (from 5 to 25 bar), and an additional shift reaction at 

a lower temperature (typically from 200 °C to 400 °C) in order to maximize the CO 

conversion by means of Eq. (1.2). Both reactions are equilibrium limited, making it 

challenging to achieve complete conversion of CH4 and CO in conventional steam 

reforming. In addition, the overall process is very endothermic, demanding a high 

heat duty source [20]. 

4 2 2 298
3                       206 /

r K
CH H O CO H H kJ mol+ +  =      (1.1) 
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2 2 2 298
                         41 /

r K
CO H O CO H H kJ mol+ +  = −    (1.2) 

In the partial oxidation process, hydrogen is produced through the exothermic 

partial combustion of methane with oxygen to yield CO and H2 [21,22]. The 

autothermal reforming is a combination of the two previous technologies where 

steam methane reforming is carried out in the presence of oxygen [23,24].  

Even though the CO2 emissions associated with large scale hydrogen production 

worldwide represents only 3% of the global emissions [25], the expected growth in 

the hydrogen demand in the coming years makes the development of large fossil 

fuels hydrogen production plants integrated with CO2 capture technologies 

particularly interesting [26]. Moreover, even though the steam methane reforming 

(SMR) process of natural gas is the dominant and most economic technology for 

large scale H2 production, it presents important drawbacks associated to its 

demanding operating conditions of high temperature needed in the reforming 

reactor. Thus, there are opportunities for significant improvements in the energy 

and carbon efficiencies of this process that can reduce the H2 production costs and 

reduce CO2 emissions.  

Chemical looping reforming is one of the technologies proposed in literature for H2 

production and CO2 capture. In this system, the heat for the reforming reactions is 

supplied by the oxidation of a metal-based solid, called oxygen carrier. The metal 

oxide is then reduced resulting in a cyclic system [15]. Another way to increase the 

efficiencies of the steam reforming processes is to overcome equilibrium limitations 

by separating the H2 produced by the reforming reactions using H2 selective 

membranes in the reforming reactor with membrane reactors. This also allows 

operating the reactor at lower temperatures than those required by the conventional 

SMR process [27–29]. Recently, combinations of chemical looping and membrane 

reactors have been proposed in so-called membrane-assisted chemical looping 

reforming, either in circulating fluidized bed systems [30,31] or dynamically 

operated fluidized bed systems [32,33]. 

An alternative approach for enhancing the thermodynamics of the system is 

sorption-enhanced reforming (SER), which involves the use of a Ca-based CO2 

sorbent inside the reactor to remove the CO2 through the carbonation reaction (Eq. 
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(1.3)) simultaneously with the steam reforming (Eq. (1.1)) and water gas shift (Eq. 

(1.2)) reactions [34,35].  

2 3 298
                 178.8     /

r K
CaO CO CaCO H kJ mol+  = −  (1.3)  

The overall reaction (Eq. (1.4)) is slightly exothermic, therefore no additional energy 

is required for hydrogen production. 

4 2 3 2 298
2 4      14 /

r K
CH H O CaO CaCO H H kJ mol+ + +  = −   (1.4) 

For industrial application with integrated CO2 capture, multiple cycles are required, 

therefore, to obtain a continuous operation, the CaCO3 formed needs to be 

regenerated to CaO. The calcination reaction is highly endothermic and hence a large 

amount of heat should be supplied in the sorbent regenerator reactor. Different 

solutions have been proposed in the literature to overcome this problem. Some 

schemes propose to supply the energy required by burning some fuel directly inside 

the regenerator [36–38] or by high-temperature heat exchangers using combustion 

gases or a heat transfer fluid as heat source [39,40]. Other studies propose the use of 

a Ni/NiO-based chemical looping combustion system to supply the heat necessary 

for the regeneration of the sorbent, without CO2 capture [41].  

A novel scheme for the sorption-enhanced reforming of natural gas in the presence 

of a CaO-based CO2 sorbent was proposed by Abanades et al. [42]. The core of this 

process is the coupling of a second Cu/CuO chemical loop to supply the energy 

needed for the CaCO3 calcination. A conceptual scheme of this novel process is 

shown in Figure 1.1, which was proposed to be carried out in a series of fixed bed 

reactors operating in parallel at different pressures and temperatures to fully exploit 

its inherent advantages. The first step of the process consists of the production of a 

hydrogen-rich stream through sorption-enhanced reforming (SER) feeding a 

mixture of natural gas with steam to the reactor. Reforming, water-gas-shift and 

carbonation reactions (Eq. (1.1), (1.2) and (1.3)) occur simultaneously in the reactor, 

which operates at elevated pressures. The subsequent step (indicated as B in Figure 

1.1) consists of the oxidation of Cu to CuO by feeding pressurized diluted air to the 

reactor according to the following reaction: 

2 298

1
                                156 /

2
r K

Cu O CuO H kJ mol+ →  = −   (1.5)  



1. Introduction – 7 

 

 

The maximum temperature achieved during this exothermic step is kept below a 

reasonable limit to avoid undesired reactions or agglomeration of the Cu material 

present in the bed, and to minimize CaCO3 decomposition before the next step. 

Finally, the calcination of CaCO3 formed during the SER step of the process occurs 

thanks to the energy released by the reduction of CuO, which is carried out by 

feeding a fuel gas containing H2, CO and/or CH4 (Eq. (1.6), (1.7) and (1.8)).   

2 2 298
3                       86 /

r K
CuO H Cu H O H kJ mol+ → +  = −   (1.6) 

2 298
                        127 /

r K
CuO CO Cu CO H kJ mol+ → +  = −   (1.7) 

4 2 2 298
4 4 2      170 /

r K
CuO CH Cu H O CO H kJ mol+ → + +  = −   (1.8) 

This step of the process (referred to as C in Figure 1.1) is performed at low pressure 

with the aim of limiting the temperature needed to promote CaCO3 calcination. The 

Ca/Cu ratio of the material present in the solid bed is chosen such that the energy 

released by CuO reduction reactions during step C allows reaching the desired 

temperature and sustaining the CaCO3 calcination reaction.   

 

Figure 1.1: General scheme of the Ca/Cu chemical looping process [40,41]. 
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The research carried out and presented in this thesis relates to the development of 

the Ca-Cu looping process till the proof of concept at lab-scale. First, the operational 

process windows have been identified for all three process steps, regarding the 

desired bed composition (catalyst, sorbent, oxygen carrier), feed compositions, 

pressure and temperatures, using a 1D pseudo-homogeneous model and a 

simplified model based on sharp front approach (Chapter 2). Since this process is 

carried out in dynamically operated high pressure packed bed reactors, the pressure 

effect in the oxidation of Cu has been studied since the first two steps of the process 

are carried out at elevated pressures (Chapter 3). In addition, the extent of oxygen 

uncoupling of CuO, an undesirable side-reaction which can occur because of the 

high temperature and low pressure in the third step, has been investigated. Reaction 

rate expressions for this side-reaction have been developed. Subsequently, an 

experimental campaign in packed bed reactor setups have been carried out in order 

to demonstrate the concept (Chapter 4 and Chapter 5). Different temperatures, 

pressures, bed and gas compositions have been tested and different cycles have been 

carried out to investigate the reproducibility and stability of the materials. Three 

reactors of different dimensions have been used to perform these experiments. The 

results have been used to validate the developed 1D dynamic pseudo-homogeneous 

reactor model.  

Simulations with the developed reactor model were performed for the different 

steps of the Ca-Cu process, considering a reasonable set of process assumptions. It 

has been demonstrated that, at industrial conditions, the formation of a high 

temperature plateau during the sorption-enhanced reforming step of the process, 

caused by the decoupling between the steam methane reforming and the 

carbonation reactions at different positions along the bed, decreases the carbon 

capture efficiency that can be achieved with this process.  

With the aim of overcoming this limited capture efficiency, a novel alternative 

scheme for the Ca-Cu process has been proposed in Chapter 6. In Chapter 7 the full 

process design of a natural gas combined cycle and of a hydrogen plant integrated 

with this process has been investigated and compared with the benchmark.  

Finally, a summary and discussion of the main findings of the present research is 

presented in Chapter 8 together with guidelines on how the research on this concept 

could proceed.   
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This chapter is based on the following paper: 

M. Martini, A. van den Berg, F. Gallucci, M. Van Sint Annaland, Investigation of the 

process operability windows for Ca-Cu looping for hydrogen production with CO2 

capture, Chemical Engineering Journal, 2016, 303, 73–88 

  



 

Abstract 

In this chapter the Ca-Cu process has been simulated in detail with a one-

dimensional pseudo-homogeneous reactor model (PHM) while a reduced model 

(computationally enormously much faster and still sufficiently accurate) based on a 

sharp front approach has been developed to simplify further reactor and process 

design and optimization. Simulations with the PHM have been performed for the 

three steps of the process varying the temperatures, pressures, solids compositions, 

gas compositions and flow rates. The outcomes of the model have been compared 

with calculations performed with the sharp-front approach. The reaction and heat 

exchange front velocities calculated with both models are in very good agreement. 

Process operability windows for all three process steps have been identified. The 

overall thermal efficiency and the carbon capture efficiency have been calculated, 

resulting in 73% and 80%, respectively. 
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2.1 Introduction 

In this chapter, all separate process steps for the Ca-Cu process are simulated using 

a pseudo-homogeneous model (PHM) and a sharp front approach (SFA) to better 

understand and describe the systems behavior and performance. Different studies 

on the Ca-Cu process have already been published in the literature. Fernandez et al. 

[43] have conceptually described the process, suggesting operating conditions and 

flow rates for all steps of the process. Further work has been carried out on the 

different steps. The first step (SER) has been described by Fernandez et al. with a 

pseudo-homogeneous model [44][45]. In their work the kinetics of Xu and Froment 

[46] have been used to describe the steam reforming reaction and an empirical 

correlation by Rodriguez et al. [47] has been used to describe the carbonation 

reaction kinetics. The second step has also been studied by Fernandez et al. [48] 

using a pseudo-homogeneous model and the kinetics for the oxidation of copper 

were taken from García-Labiano et al. [49]. While in these works the physical 

properties were considered constant and independent of the temperature and 

composition, more realistic conditions were considered in this chapter (including 

the variation of physical properties with temperature and composition).   

The simplified model (after validation with the pseudo-homogeneous model) is 

used for optimization purposes, as simulation times can be reduced significantly. 

Furthermore, the effect of the amount of Cu and CaO present in the bed, the 

composition of the feed, the temperature and the pressure has been studied resulting 

in the derivation of a process operation window for all three steps. The performance 

of the process is quantified by its thermal efficiency and carbon capture efficiency 

and is compared with the projected performance from Fernandez et al. [43] and the 

performance of conventional hydrogen production processes. 

2.2 Model description 

2.2.1 Pseudo-Homogeneous model  

The behavior of the fixed bed reactor is described with a one-dimensional adiabatic 

pseudo-homogeneous model (PHM). This dynamic model simulates unsteady state 

processes accounting for axial mass and heat dispersion and reaction kinetics, 

considering both gaseous and solid components. In this work, mass and heat 

transfer resistances between the gas and solid phases have been neglected. The main 



12  

 

model equations are listed in Table 2.1 together with the equations to evaluate the 

different reaction rates.  

Table 2.1: Mass and energy balances used in the 1-D pseudo-homogeneous model. 

Component mass balance for the gas phase: 

( ) ( ) ,

, , ( )
i g

g g g g g ax g i ii g i g
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v D rM

t x x x
w w    

  
= − + +

   
 

Component mass balance for the solid phase: 

,si

s s g i i

w
rM

t
  


=


 

Energy balance: 
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Carbonation and calcination: 
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,

2

2
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0
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p
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Oxidation and reduction: 

0

0

p
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i

p
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p
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=
 
 
   

 

Steam methane reforming and water gas shift are gas phase reactions 

heterogeneously catalyzed by a nickel catalyst. The kinetics of these reactions have 

been extensively studied in the literature, for example by Xu and Froment [46] and 

Numaguchi and Kikuchi [50]. Based on the operating conditions of SER (high water 

content), the kinetics from Numaguchi and Kikuchi were used in this work. The 

carbonation of calcium oxide and subsequent calcination of calcium carbonate are 
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described using the shrinking core model (SCM). Limestone kinetics were taken 

from Martinez et al. [51] and Lee [52] for calcination and carbonation respectively. 

The carbon dioxide equilibrium pressure around CaCO3 is determined from a 

correlation by Baker et al. [53], given in Eq. (2.1). The equilibrium pressure depends 

only on temperature and matches the equilibrium pressure as acquired by 

thermodynamic analysis. 

( )
2

38000
log 7.079

4.574

eq

CO
p

T
= −       (2.1)  

Table 2.2: Kinetic data of the reactions present in the process. 

Reforming reactions (Numaguchi and Kikuchi [50]) 

 Steam Methane Reforming Water Gas Shift 

k0, kmol/(bar m3
cat h)  9.29 × 108 8.69 × 105 

Eact, J/mol  104.7 × 103 54.5 × 103 

Calcium reactions (from Martinez at al. [51] and Lee [52]) 

 Carbonation Calcination 

k0, m3/(mol s) 1.73 × 102 2.52 × 102 

Eact, J/mol 72.3 × 103 91.7 × 103 

Copper reactions (from Hamers et al. [54]) 

Gaseous 

reactant 
O2 CO H2 CH4 

k0, barqp/s 1.2 × 103 0.708 × 103 12 × 103 54 × 103 

Eact, J/mol 15 × 103 14 × 103 33 × 103 60 × 103 

n  1 0.8 0.6 0.4 

qp  0.68 0.83 0.53 1 

η  
-2.42 X3 + 2.22 X2 

– 0.50 X + 0.71 
0.7 0.84 1 

 

The oxidation and reduction kinetics for supported copper particles were taken from 

Hamers et al. [54] and García-Labiano et al. [49,55][49]. The reaction rate is expressed 

as an effective rate coefficient, based on a shrinking core model. All the parameters 

of the kinetics have been listed in Table 2.2. The amount of nickel in the bed (required 

for methane reforming) is considered to be of negligible effect regarding its 

oxidation and reduction and is not incorporated in the model. Only its catalytic 

properties for SMR and WGS are considered. Although some catalytic activity of 
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copper is known for SMR and WGS, only nickel kinetics are used to describe these 

reaction rates. 

Table 2.3: Equations for the description of heat and mass dispersion. 

Effective axial heat dispersion (Vortmeyer and Berninger): 

2 2

,0

Re Pr Re Pr

6(1 )

g g

eff bed

ax g
Pe Nu

 
 


= + +

−
 

Gunn and Misbah equation: 

( )( )
( )( )

2 0.17 0.33exp 24 / Re

1 0.17 0.33exp 24 / Re
ax

Pe
+ −

=
− + −

 

Gunn equation: 

( )( ) ( )2 0.2 1/3 2 0.7 1/3
7 10 5 1 0.7 Re Pr 1.33 2.4 1.2 Re Pr

g g g g
Nu    = − + + + − +

 

Axial mass dispersion (Edwards and Richardson): 

2

0.73 0.5

9.7Re

Re

ax g p

g

g

D v d
Sc

Sc




= +

+

 
 
 
 
 
   

 

Axial mass and heat dispersion are both considered in this model (Table 2.3). The 

importance of axial heat dispersion is highly dependent on the superficial gas 

velocity. At high gas velocities this effect is not significant, but for low velocities it 

is. Axial heat dispersion is caused by the heat conductivity of the bed and heat 

exchange with the gas flow. The sum of these effects, the effective bed conductivity 

𝜆𝑒𝑓𝑓 , is determined following Vortmeyer et al. [56]. The dimensionless Nusselt 

number and Péclet number to determine the convective heat transfer are described 

by equations from literature, applicable to packed bed reactors. The Nusselt number 

is evaluated by Gunn’s correlation [57] and the Péclet number is computed from 

Gunn and Misbah [58]. Axial mass dispersion is described using Edwards and 

Richardson equation [59]. The partial differential equations system has been solved 

very efficient finite difference technique with higher order temporal and spatial 
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discretization with local grid and time step adaptation (WENO schemes) [60] and 

the usual Danckwert-type boundary conditions were applied [61]. Physical 

properties of the gas and solid components, which depends on temperature and 

composition, were calculated according to the equations in Appendix A1. 

2.2.2 Sharp front approach 

The sharp front approach is a simplified model to study the fixed bed reactor 

behavior, as described a.o. by Noorman et al. [61]. It describes a reaction front and a 

heat exchange front and their velocities through the bed, assuming full conversion 

at the reaction front and immediate heat exchange (between gas and solids) at the 

heat exchange front, while effects of reaction kinetics and axial dispersion are not 

considered. The reaction front velocity is calculated from the number of moles fed 

to the system, divided by the adsorption capacity of the bed, Eq. (2.2), where the 

stoichiometric coefficient ζ accounts for the gas/solids reaction stoichiometry. 

,

0

in s

g g i g act

g

ct s s

r

i a

u
v M

M w

w

  
=        (2.2)  

The heat exchange front velocity is determined by the heat capacity of the gas and 

the heat capacity of the bed. The gas moves through the bed, transferring energy 

over the length of the bed, Eq. (2.3). 

,

,

p g

e

g g

s s p s

v
u

C

C

 
=           (2.3) 

At the reaction front, reaction heat causes a temperature change. At the same time, 

energy is transported through the bed by the heat exchange front. Between both 

fronts, a temperature plateau is established, and it is moving through the reactor, as 

schematically depicted in Figure 2.1. The temperature increase (for exothermic 

reaction) or decrease (for endothermic reaction) is largely dependent on the 

difference between the heat exchange front velocity and the reaction front velocity. 

The maximum temperature change can be evaluated with Eq. (2.4), which can be 

rewritten into Eq. (2.5) using the definitions of the front velocities. These equations 

confirm that the temperature change is largely dependent on the difference between 

the front velocities and is independent of the total flow rate. 
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−

       (2.5) 

The influence of the front velocities on the temperature rise and the eventual reactor 

performance depends on the difference between the front velocities, where two 

different situations are identified, viz. ur < ue and ur > ue. 

 

 

 
Figure 2.1: Temperature development in a fixed bed reactor for ur < ue (a) and at ur > ue (b).  

When ur < ue, which is shown in Figure 2.1a, the heat exchange front is faster than 

the reaction front. In the exothermal case, the bed is heated up at the heat exchange 

front and cools down at the reaction front. The found maximum temperature 

difference, Eq. (2.5), is the difference with the feed temperature. At full conversion, 

the bed temperature equals the feed temperature. 

When ur > ue, which is shown in Figure 2.1b, the reaction front is faster than the heat 

exchange front. In the exothermal case, the reaction front heats the bed and the heat 

a) 

Tmax 

Tfeed 
Tbed,in 

ur ue 

x
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exchange front cools it down. The maximum temperature difference, Eq. (2.5), is the 

difference with the initial bed temperature. At full conversion, the bed is partly at 

the feed temperature and partly at the heat plateau temperature. 

2.2.3 Extended sharp front approach 

The application of the SFA described by Noorman is limited to sharp fronts with a 

distinctive reaction front and heat exchange front. However, in the SER step of the 

process, some reactions are taking place at the heat exchange front, due to the 

temperature dependency of the CO2 equilibrium pressure of CaCO3. In addition, 

the gas phase equilibria (SMR, WGS) as a function of the temperature need to be 

considered for a proper estimation of the temperature of the heat plateau. An 

extended SFA is developed to take both effects into account, based on a principle 

used by Tuinier et al. [62] for cryogenic CO2 capture. In this model no heat transfer 

resistance and immediate conversion at fronts are considered, neglecting axial heat 

and mass dispersion. In Figure 2.2 a schematic description of the extended SFA 

(ESFA) is shown. Four different stages have been defined: the feed at temperature 

𝑇1, equilibrium in the gas phase at 𝑇2 (only CaCO3 is present in the bed), heat 

plateau at 𝑇3 (both CaO and CaCO3 are present in the bed) and the initial bed 

conditions at 𝑇4. The extended SFA considers three reaction points inside the 

reactor (see Figure 2.2), which are: 

1. Conversion of the feed gas to its equilibrium composition; this is not 

influencing the bed composition and hence not moving. 

2. Carbonation of left-over CaO, SMR and WGS reactions to a new equilibrium 

value. This is influencing the bed composition with a moving front (velocity 

𝑢1). 

3. Partial carbonation of CaO, SMR and WGS to a new equilibrium value, 

again affecting the bed composition with a moving front (velocity 𝑢2). 

The distinction between reaction and heat exchange fronts is no longer made in 

the ESFA. The detailed ESFA equations can be found in Table 2.4. This system of 

equations was solved using Matlab®.  
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Table 2.4: Equations solved in the extended sharp front approach. 

Gas equilibria: 

( )2

2 2

23

0

1H CO

SMR

CO H O

p p
K f T

p p p
= =

 
 
 

 ,         

( )2 2

2

H CO

WGS

CO H O

p p
K g T

p p
= =

, 

2

0

38000
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CO
p

p T
= −

 
 
      

Gas component mass balance, valid for all the gas components: 
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Figure 2.2: Scheme of the temperature development as described by the extended sharp front approach, 

the x-axes represent the reactor length. 

2.3 Results and discussion 

Simulations have been performed with the pseudo-homogeneous model for all the 

three process steps. Front velocities and temperatures have been calculated with the 

sharp front approach and with the extended sharp front approach, depending on 

the step, and compared with the PHM to assess the reliability of the two simplified 

approaches. The operating conditions and the results are discussed in the following 

sections. 

2.3.1 Step A: Sorption-enhanced reforming 

During this process step sorption-enhanced reforming (SER) occurs. The reactor is 

fed with a mixture of steam and methane, where the steam-to-carbon ratio (S/C) 

defines the composition of the feed, and hydrogen, steam and traces of CO, CO2 

and CH4 are formed. The aim of this step is to realize a high hydrogen purity of 

the product stream and therefore a high methane conversion.  

The operating conditions used for the simulations are shown in Table 2.5. The 

suggested values of  Fernandez et al. [43] are used as reference case and the 

parameters were changed one at a time.  

In Figure 2.3 the axial profiles of the temperature, the gas and solid composition at 

the conditions of the standard case are shown. During the process, the solid phase 

CaO at the beginning of the reactor bed is fully converted to CaCO3. There only 
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endothermic gas phase reactions prevail (SMR and WGS) and they reach their 

equilibrium, which results in a temperature decrease at the beginning of the reactor. 

The equilibrium gas moves through the bed till unconverted CaO is encountered, 

where the carbonation takes place consuming CO2 and hence subsequent SMR and 

WGS occur, leading to high methane conversions towards hydrogen. The solid 

phase is slowly converted, and a reaction front is formed. The overall reaction heat 

production is close to zero, but the heat production and consumption does not occur 

at the same place, since the different reactions do not take place at the same position: 

first SMR and WGS take place that form CO2 which then reacts with CaO. This 

separation in positions of heat consumption and heat production causes a decrease 

followed by an increase in the temperature and a heat plateau is formed. Due to the 

CaCO3 equilibrium, the reaction front will not convert all CaO at high temperatures. 

As the heat exchange front is approached, the bed cools down and immediately 

carbonation will take place again. 

To better elucidate what happens during the process the reaction rates as a function 

of the axial position for a single time frame have also been plotted in Figure 2.4. The 

initial SMR and WGS reactions to achieve gas phase equilibrium take place in the 

first part of the reactor. The carbonation and subsequent SMR and WGS reactions at 

both fronts can clearly be seen from this figure. Already here it is clear that the 

assumption of the SFA of distinct reaction and heat fronts is not valid for this 

reaction step using these operating conditions, as reactions occur at both fronts.  

Table 2.5: Operating conditions for step A: Sorption-enhanced reforming. 

Conditions Range tested Standard case* 

Feed temperature, °C 450 − 950 650 

Initial bed temperature, °C 450 − 950 650 

Pressure, bar 5-35 35 

Steam to carbon ratio 2 – 10 5 

Feed mass flux, kg/(m2s) 0.02 − 16 1 

Superficial gas velocity, m/s 0.0025 − 2 0.125 

wCaO, kg/kgbed 0.02 −0. 6 0.1 

*standard case based on the operating conditions of Fernandez et al. [43] 
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Figure 2.3: Axial temperature (a), gas (CH4 (b), H2 (c) and CO2 (d)) and solid (e) composition profiles 

inside the bed at different moments in time (t = 100 s) at the conditions of the standard case of the 

sorption-enhanced reforming step (see Table 2.5). 
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Figure 2.4: Axial temperature profile (a) and local reaction rates of carbonation (b), SMR and WGS (c) 

at t = 250 s at the conditions of the standard case of the sorption enhanced reforming step (see Table 

2.5). 

Both front velocities have been analyzed for the performed simulations with the 

pseudo-homogeneous model (PHM) varying the weight fraction of CaO in the bed. 

A comparison has been made with the predicted SFA values and is shown in Figure 

2.5a. As it can be seen, the reaction front velocities calculated with the PHM match 

reasonably well with the SFA values (except for very low values of the CaO weight 

fraction in the bed), while the heat exchange front velocities do not, and especially 

the linear trend predicted by the SFA is not found with the PHM model. This 

discrepancy is caused by the CaCO3 equilibrium; the partial carbonation of CaO is 

not taken into account in the SFA. Due to this effect, the heat exchange front is a 

hybrid front, having a different velocity than what is estimated by the SFA. The 

extended SFA (ESFA), taking this equilibrium properly into account, is very well 
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ESFA is also able to describe the temperature of the heat plateau, provided that the 

assumption of a sharp front is valid. This assumption is, however, not completely 

valid for regimes with very high or very low CaO weight fractions in the bed, 

explaining the observed small differences. 

Subsequently, the influence of several operating conditions on the system’s behavior 

and performance was investigated.  

The influence of the feed composition, described by the S/C ratio, has a major effect. 

The gas leaving the bed contains a CO2-fraction in equilibrium with the solid bed. 

This fraction depends only on the temperature and is via SMR and WGS in 

equilibrium with the CO and CH4 fractions. As the CO2 fraction is only dependent 

on the temperature, a change in S/C ratio does not change the CO2 fraction in the 

product gas. An increase in carbon content of the overall gas however, results in 

higher equilibrium fractions of CH4 and CO, decreasing the overall methane 

conversion of this process step. The simulation results confirm this effect, a lower 

S/C ratio leads to a lower yield and lower methane conversions. Also, a lower 

hydrogen purity is obtained. For example, a S/C ratio of 3 results in a hydrogen 

purity of 90%, having a yield of only 67%. For further simulations, a S/C ratio of 5 is 

assumed to achieve 95% hydrogen purity and a yield of 85%. Higher S/C ratios 

increase the purity and conversion even more, however, they are less economically 

viable as the overall efficiency of the process decreases (due to the higher energy 

requirements for steam production). 

 
Figure 2.5: Comparison of the front velocities as a function of different CaO weight fractions between 

SFA and PHM (a) and between ESFA and PHM (b) in the sorption enhanced reforming step. 
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The effects of different bed and feed temperatures were also studied. Carbonation 

kinetics have been found to be rate limiting, and thus a rather high temperature is 

needed to ensure stable operation with clear breakthroughs of the output gas. A 

temperature of 650 °C for both feed and reactor bed have been found to be sufficient 

at the given flow rates. A higher initial bed temperature is not desired, as a higher 

temperature leads to an increase in the CO2 fraction in the output gas, which would 

in its turn result in a significant decrease in hydrogen purity and yield of the process. 

The influence of the fraction of CaO in the bed was also studied. A comparison of 

different bed compositions has been made, the hydrogen purity curves as a function 

of time on stream are shown in Figure 2.6a. For all the cases three different zones can 

be identified (A, B and C in Figure 2.6a) and are described as follows: 

A. Pre-breakthrough; here we have the product of SER before the first front 

reaches the outlet of the reactor and the hydrogen purity exceeds 95% 

B. Breakthrough of the first front; this corresponds to the heat plateau, the 

gases are hot and the hydrogen dry fraction is lower due to the equilibrium 

of the carbonation reaction. 

C. Breakthrough of the second front; after the second front goes out of the 

reactor no CaO is left in the reactor and the gas is at the equilibrium at low 

temperature. 

At increasing CaO fractions, the following effects can be discerned. The length of 

plateau A increases, which is caused by the increase in the CO2 absorption capacity. 

The purity for plateau B increases as well, to a maximum value at 25 wt.% CaO. This 

increased purity is caused by the higher CaO content at the heat plateau, as well as 

the higher temperature. Plateau B is not found for 40 wt.% CaO. For this bed 

composition, the heat plateau is not hot enough to form a hybrid front, a distinct 

heat exchange front is formed. The breakthrough of the distinct heat exchange front 

is not visible, as temperatures are low, and SER is still taking place. Plateau C does 

not change, as this is the hydrogen dry molar fraction after full bed conversion, 

corresponding to SMR and WGS equilibrium. 

To be able to compare the process performance for cases with a different CaO weight 

fraction, the productivity, described as mass of hydrogen produced per mass of 

calcium oxide in the bed, was calculated (Eq. (2.6)) for all bed compositions:  
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In Figure 2.6b it can be seen that a maximum productivity is found at about 20% 

wt.% CaO. This could have already been inferred from Figure 2.6a, as the 

intermediate hydrogen purity plateau for 20 wt.% is above 95% purity. For lower 

CaO weight fractions, the intermediate plateau is below 95%. A significant 

production of second level hydrogen purities (> 88%) is found. For higher CaO 

weight fractions, the same high hydrogen purity plateau is found. However, the 

plateau temperature decreases, resulting in slower kinetics and thus a less sharp 

breakthrough curve. A small amount of CaO is then used to produce lower 

hydrogen purities, leading to a decrease in high purity hydrogen production. The 

S/C ratio has little influence on the carbonation kinetics and thereby on the front 

velocities, but it is very important for the product gas composition. The main 

product gas will be the gas that is in equilibrium with the solids at the initial bed 

temperature. A higher amount of carbon, corresponding to a lower SC-ratio, results 

in higher equilibrium CH4 and CO fractions, increasing the loss of carbon in this 

process step. 

The required inlet gas velocity is in the order of 0.1 m/s, which is up to one order of 

magnitude lower than the industrial standard for packed bed reactors. If the flow 

rates are too high, or kinetics too slow, no sharp fronts are formed, which leads to a 

loss of CO2 adsorption capacity. A way to increase kinetics and hereby allowing 

using higher flow rates is applying higher feed and higher bed temperatures or 

increasing the operating pressure. The carbonation kinetics are found to be rate 

limiting for the methane conversion, meaning that SMR and WGS kinetics have no 

direct influence. The required temperature is close to 650 °C and a high pressure of 

35 bars is needed for the carbonation at the high temperatures considered. 
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Figure 2.6: Comparison of hydrogen purity in the product gas (a) and of the process performance (b) 

for different initial bed compositions in the sorption-enhanced reforming step. 
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2.3.2 Step B: Copper oxidation 

During this process step the reactor is fed with a mixture of nitrogen and oxygen, 

using air diluted with recycled nitrogen gas as feed. The oxygen in the feed oxidizes 

the copper in the bed, forming copper oxide (Eq. (1.5)), which is needed for the third 

process step. Important for this step is to minimize the calcination of CaCO3. As the 

formed CO2 cannot be captured, any calcination that takes place in this step reduces 

the carbon capture efficiency of the overall process. 

Simulations have been performed to get a better understanding of the behavior of 

the system during the Cu-oxidation step. The standard conditions proposed by 

Fernandez et al. [43] are used and the influence of several process parameters is 

studied. The considered operating conditions have been summarized in Table 2.6.  

 

Table 2.6: Operating conditions for step B: Cu oxidation. 

Conditions Range tested Standard case* 

Feed temperature, °C 25 − 250 150 

Initial bed temperature, °C 450 − 550 550 

Pressure, bar 5-35 35 

Feed mass flux, kg/m2s 0.2 − 20 2 

Superficial gas velocity, m/s 0.007 – 0.7 0.07 

Solid bed composition** 

wCaCO3, kg/kgbed 0.199 0.199 

wCu, kg/kgbed 0.05 – 0.4 0.301 

Gas feed composition** 

yO2 0.01 – 0.2 0.036 

yCO2 0 – 0.02 0 

*Standard case based on the operating conditions of Fernandez et al. [43] 

**The remaining fraction is inert solid (Al2O3) and inert gas (N2) 
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Figure 2.7: Axial temperature (a), gas (b) and solid (c and d) profiles inside the bed at different 

moments in time (t = 300 s) at the conditions of the standard case of the Cu oxidation step (see Table 

2.6).  

The results of the PHM simulation at reference conditions are shown in Figure 2.7. 

The oxygen fed into the reactor initiates a reaction front which is moving through 

the bed. In contrast to the first process step, the copper oxidation is not an 

equilibrium reaction, leading to distinct heat exchange and reaction fronts and a 

potentially very high temperature at the formed heat plateau. Too high temperatures 

promote calcination, which should be avoided in this process step. In all simulations, 

sharp fronts have been found, as well as an established temperature plateau moving 

through the bed. As can be discerned from Figure 2.7c, for the reference conditions 

a significant fraction of CaCO3 is lost.  

To gain further insight, the axial profiles of the reaction rates after 500 s in process 

step 2 are shown in Figure 2.8. The results show that, at the beginning of the heat 

plateau copper oxidation takes place, as well as some calcination. The second front 
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does not show any reaction, proving it to be a distinct heat exchange front. Given 

the distinct fronts, the SFA may be a viable option to describe this process step.  

 

Figure 2.8: Axial temperature profile (a) and reaction rates (b) in the bed at t = 500 s at the conditions 

of the standard case of the Cu oxidation step (see Table 2.6). 

For this process step, in the sharp front approach, only copper oxidation is 

considered as gas/solid reaction, since calcination depends on the heat generation of 

the copper oxidation and is not directly dependent on the gas feed composition. To 

investigate whether the SFA is able to describe the process well, copper fractions and 

oxygen feed fractions have been varied and the resulting front velocities have been 

compared with the PHM results. As can be deduced from Figure 2.9a, the front 

velocities of both models match very well, meaning that the simple SFA can be used 

to describe this process step. 

The temperature rises as estimated by the SFA have been compared to the results 

from the PHM and are shown in Figure 2.9b. Both models predict very high 

temperature differences for certain feed and bed compositions. Of course, these high 

temperatures (> 950 °C) are never achieved in reality, due to sintering and eventually 

melting of the solids. Still, the estimation for such high temperatures can be used to 

evaluate the possibility of significant calcination during this process step. However, 

for a small range of bed and feed compositions the models’ results match. This is for 

low oxygen fractions, low copper fractions and high copper fractions, which 

corresponds to the range where not too high temperature changes are found. 
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Figure 2.9: Comparison between front velocities (a) and the temperature rise in the reactor (b) 

calculated with the PHM and the SFA as a function of initial gas fraction of O2 with an initial Cu 

weight fraction of 0.301 in the Cu oxidation step. 

To avoid too much calcination, the temperature of the heat plateau should not 

exceed 850 °C. As the initial bed temperature is approximately 550 °C, a maximum 

temperature rise of only 300 °C is allowed. However, the feed temperature is only 

150 °C, which would allow a temperature rise of 700 °C. This can be achieved by 

operating in the regime ur < ue. This means that the copper fraction should exceed 

0.25 and small oxygen fractions should be used (< 5 vol.%). Taking into account the 

total capacity of the bed, the largest amount of copper possible should be used. 

The optimization of this reaction step is found in the minimization of calcination. 

Due to the high fraction of nitrogen, the escaping CO2 cannot be captured, which has 

a negative effect on the carbon capture efficiency of the process.  

The amount of calcination is quantified by the percentage of CaCO3 that is left in the 

reactor after full copper oxidation. Several conditions can be changed to minimize 

calcination, aside from changing the bed composition: 

1. Reactor pressure 

2. CO2 addition in the feed 

3. Feed temperature 

These parameters have been varied while maintaining the other conditions as 

defined previously. 
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The reactor pressure affects the CO2 equilibrium concentration. A reduction in 

pressure leads to an increased driving force for calcination. For the reference case, 

i.e. at 35 atm, the calcination decreases the CaCO3 mole fraction to 0.14, from an 

initial mole fraction of 0.171. At lower pressures more calcination takes place, and at 

1 atm only a CaCO3 mole fraction of 0.11 is left. It is clear that lower pressures 

promote calcination, so high pressures are required for this step.  

To reduce calcination at high temperatures, CO2 can be added to the feed stream. 

With a CO2 mole fraction of 0.01 in the feed, at 35 bar and with a maximum 

temperature of 850 °C, no calcination takes place. A higher CO2 fraction in the feed 

increases the maximum allowed temperature. The loss of CaCO3 during the reaction 

is significantly reduced. A small fraction of CO2 in the gas stream reduces the loss of 

calcium carbonate by 15 percent points. One extra consideration concerns the flow 

integration, as shown in Figure 2.10. Most probably, a large part of the product gas 

of this process step, pure nitrogen with a minor CO2 contamination, will be recycled. 

This recycle stream is mixed with the air feedstock to obtain the required low O2 

fraction in the feed for this process step. Any contamination of CO2 is recycled as 

well, resulting in a fraction of CO2 in the feed. The actual loss of CO2 is then reduced 

to the CO2 in the non-recycled part of the product gas.  

  
Figure 2.10: Actual flow diagram for the copper oxidation process step. 

To reduce the maximum temperature the feed temperature can be lowered. Due to 

the lower temperature of the heat plateau, the driving force for calcination is 

decreased. For a feed temperature of 150 °C (reference case), the fraction of CaCO3 

left is 0.14, whereas for lower temperatures, e.g. 25 °C, less calcination is observed. 

However, a low inlet temperature results in a lower reactor temperature at the end 
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of this process step. Given that the bed should be very hot in the third step, an 

optimum should be found. 

 

 
Figure 2.11: CaCO3 left in the bed as a function of different operating conditions in the Cu oxidation 

step: pressure (a), CO2 fraction in the feed (b) and feed temperature (c). 

Summarizing, calcination during this process step can be minimized by reducing the 

maximum temperature achieved by decreasing the bed copper fraction and oxygen 

feed fraction. Another option is to lower the feed temperature. Using higher pressure 

is beneficial for the process performance, however, operation at higher pressures 

comes at a high cost. A viable option is to feed a small fraction of CO2 to remove the 

driving force for calcination. This small fraction of CO2 is in the product gas as well, 

which is less favorable. However, due to the recycle, there is already some CO2 in 

the feed and only a small fraction of the CO2 will be lost via the product gas.  
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Figure 2.11 shows the percentage of calcium carbonate left in the reactor after full 

copper oxidation for different operating conditions. Of course, any combinations of 

the above strategies can be used (not shown for brevity). 

2.3.3 Step C: CaCO3 calcination 

The goal of this process step is calcination of CaCO3 to CaO by using the heat 

generated by the reduction of copper oxide. To decrease the heat needed for 

calcination, the reactor is operated at atmospheric pressure. The gas feed is a 

combination of fuel gases: H2, CO and CH4. Due to the different reaction heats of 

these fuel gases, Eq. (1.6) to Eq. (1.8), the required Cu/Ca-ratio in the bed depends 

on the gas feed composition. If pure hydrogen is fed the Cu/Ca molar ratio needed 

is 1.8, for pure CO the ratio is 1.3 and for pure methane 3.5. These ratios have been 

calculated from the enthalpies of reaction in order to have energy neutral operation. 

The goal of this process step is to produce a maximum amount of high dry purity 

CO2 while regenerating the bed for process step A. Tuning variables for this process 

step are the composition of the fuel gas feed, as well as the feed and bed 

temperatures. The Cu/Ca-ratio is fixed by the choice of the fuel gas composition. 

Simulations have been performed to get a better understanding of the process step. 

The standard conditions suggested by Fernandez et al. [43] were used and the effect 

of several parameters was checked (used conditions can be found in Table 2.7). For 

all simulations, the Cu/Ca-ratio has been adjusted to keep the heat effect of the 

overall solid reaction zero.  

The outcome of the reference case is shown in Figure 2.12. The copper reduction, 

required to heat the bed, is faster than the calcination, resulting in a high 

temperature peak in the reactor. The temperature of the peak is highly dependent 

on the Cu/Ca-ratio, on the kinetics of the copper reduction and on the calcination 

kinetics of CaCO3. The temperature peak moves through the reactor, followed by a 

heat exchange front moving with a much lower velocity. The solids are converted to 

Cu and CaO and CO2 is formed in the gas phase. As the reactor gas contains all 

components needed for SMR and WGS, and given that the bed is still catalytic, SMR 

and WGS reactions take place. These reactions result in temperature changes at the 

beginning of the reactor, strongly depending on the feed gas composition. The 

product gas contains CO2 from the calcination reaction and H2O and CO2 from the 

copper reduction. This outlet stream of CO2 is the carbon capture of the entire 
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process. Of major importance for this process step is full calcination of CaCO3 and a 

stable output of carbon dioxide. Any contamination, apart from steam, reduces the 

carbon capture efficiency. 

For one single time frame, at t = 160 s, the reaction rates have been shown in Figure 

2.13. The calcination and copper reduction take place at the temperature peak, as 

expected, and a distinct reaction front moves through the bed. The gas phase 

reactions show a different behavior. At the very beginning of the bed, WGS and 

reverse SMR take place, forming an equilibrium gas. Due to these gas phase 

reactions, the gas is heated approximately 100 °C. At the temperature peak some 

reverse WGS takes place, as a consequence of the higher temperature, but after the 

reduction reactions take place H2 is removed faster than CO and the WGS 

equilibrium is shifted to the left, so the WGS reaction takes place. The WGS at the 

reaction front influences calcination, as the CO2-fraction is affected. Forward WGS 

would lead to slower calcination, as more CO2 is present in the gas phase. Reverse 

WGS has the opposite effect, which can be observed for the pure hydrogen feed case. 

Table 2.7: Operating conditions for step C: CaCO3 calcination. 

Conditions Range tested Standard case* 

Feed temperature, °C 550 − 750 650 

Initial bed temperature, °C 550 − 750 750 

Pressure, bar 1 1 

Superficial gas velocity, m/s 1 1 

Solid bed composition* 

Cu/Ca molar ratio 1.3 – 3.5 1.7 

wCaCO3, kg/kgbed 0.14 – 0.25 0.219 

wCu, kg/kgbed 0.26 – 0.4 0.296 

Gas feed composition 

yCH4 0 – 1 0.02 

yCO 0 – 1 0.24 

yH2 0 – 1 0.74 

* The remaining fraction is Al2O3. 
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As ur > ue, the feed temperature is not so important for this process step, but the 

initial bed temperature is. A decrease in bed temperature by only 100 °C leads to 

large differences as can be discerned by comparing Figure 2.12 and Figure 2.14. For 

the lower bed temperature, not all CaCO3 can be calcined at the reaction front due 

to thermodynamic limitations. Full calcination only takes place at the heat exchange 

front, which means immediate loss of high purity CO2 output suitable for 

sequestration. 

 
Figure 2.12: Axial temperature (a), gas (b) and solid (b and c) profiles inside the bed at different 

moments in time (t = 150 s) at the conditions of the standard case of the CaCO3 calcination step (see 

Table 2.7). 

As already mentioned above, three different fuel gases have been considered. 

Besides from determining the required Cu/Ca-ratio for autothermal operation, the 

fuel gas composition also influences the reactor behavior during this process step. If 

pure hydrogen is fed as fuel gas, CuO is reduced, forming H2O at the front. 

Consequently, CaCO3 is calcined, forming CO2. Reverse WGS takes place between 

the H2 feed and the formed CO2, lowering the fraction of CO2 in the system and 
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hereby stimulating calcination. Full calcination takes place at the reaction front. For 

lower temperatures however, kinetic limitations have been found to play a role. 

Feeding pure CO makes no sense from a practical point of view, but the results are 

insightful for comparison. As only CO2 and CO are present in the gas, no SMR or 

WGS reactions take place. For lower temperatures again, a kinetic limitation has 

been observed for the calcination, even more pronounced when feeding pure H2, 

because the driving force for calcination is somewhat lower due to the absence of 

reverse WGS. In addition, less sharp fronts are formed caused by the slower copper 

reduction kinetics. 

 
Figure 2.13: Axial temperature profile (a) and local rates of gas-solid reactions (b), SMR and WGS (c) 

at t = 160 s at the conditions of the standard case of the CaCO3 calcination (see Table 2.7). 

Pure methane can also be used as feed. The reduction of copper oxide leads to the 

formation of CO2 and H2O, resulting in WGS and SMR reactions. When using pure 
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methane as feed the required Cu/Ca-ratio is very high, which reduces the calcium 

content in the reactor significantly. However, for the process most probably a 

mixture of hydrogen, carbon monoxide and methane is used, as any undesired 

product gas from the other steps can be used as fuel gas for this step. It should also 

be noted that most probably feeding pure methane would also result in carbon 

deposition in the system, which reduces the carbon capture efficiency. 

 
Figure 2.14: Axial temperature (a), gas (b) and solid (b and c) profiles inside the bed at different 

moments in time (t = 200 s) at the conditions of the standard case of the CaCO3 calcination step (see 

Table 2.7) except for initial bed temperature, which is 650 °C instead of 750 °C. 

Also for this process step, the results of the PHM have been compared with the ones 

from the SFA. The approach differs from the other two steps, as the overall solid 

reaction is energy neutral. According to the SFA, assuming infinitely fast reactions, 

no temperature plateau is found between the heat exchange front and the reaction 

front at proper Cu/Ca-ratios. The front velocities as found by the SFA are compared 

to those obtained from the PHM, shown in Figure 2.15. The reaction front velocities 

are well estimated, whereas a small underestimation is found for the heat exchange 
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front velocity, probably caused by the fact that the heat exchange front is not sharp. 

For a mixture of CO and H2 similar results have been found (not shown).  

The feed composition, pure fuel gas, results in a very fast reaction front, which 

exceeds the heat exchange front velocity by at least a factor of three, so that the initial 

bed temperature is more important than the feed temperature. A very important 

requirement is full conversion at the reaction front. As ur exceeds ue significantly, it 

would be very expensive to wait for the heat breakthrough while continuously 

feeding fuel gas. This process step should therefore be ended at the breakthrough of 

the first front. 

For this process step complete reduction of copper is easily achieved, but full 

calcination of CaCO3 is not. A high initial bed temperature of 750 °C is required to 

overcome thermodynamic/kinetic limitations at the reaction front. Pressure is 

another parameter to overcome these limitations. As lower pressures promote 

calcination, the reactor should be operated at atmospheric pressure. 

The mixture of feed gases should have as low carbon content as possible, given the 

formation of CO2 due to SMR and WGS. CO2 arriving at the front inhibits calcination, 

which is undesired. This can be easily handled by setting a higher bed temperature 

and it is only important at lower bed temperatures (i.e. below 750 °C). 

 
Figure 2.15: Front velocities as a function of the feed H2 fraction (a) and as a function of the feed CO-

fraction (b) in the CaCO3 calcination step. The fractions are complemented with N2. 
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2.3.4 Process integration 

The analysis of all three process steps leads to three different operating windows 

and associated process performances. The results of the cyclic steady state computed 

with the PHM for several cycles of the three consecutive process steps are compared 

to conventional processes. The performance parameters are the hydrogen 

production capacity and carbon capture efficiency. 

The bed composition is determined by the selected fuel gas composition for the 

copper reduction process step. This fuel gas determines the Cu/Ca-ratio needed for 

energy neutral operation. An analysis has been made on the actual weight fractions 

of copper and calcium in the bed for the different fuel gases during the three process 

steps. The values are based on two starting materials: a 70 wt.% Cu material on an 

Al2O3 carrier and a 40 wt.% CaO material on an Al2O3 carrier. The nickel catalyst 

with carrier in the bed is taken into consideration as being 20 wt.% of the bed, 

considered inert for gas-solid reactions and included in the alumina fraction. 

As already shown previously, to optimize the pure hydrogen production in the SER 

step, the amount of CaO should be close to 20 wt.%. For the copper oxidation step a 

constraint has been found for the reaction front velocity. This velocity should be 

decreased to minimize the heat at the temperature plateau. A slower reaction front 

is achieved by adding more Cu in the bed. The minimum percentage of copper in 

the bed depends on the oxygen fraction in the feed during this process step but 

should at least exceed 25 wt.%. The third step determines the Cu/Ca-ratio for energy 

neutral operation at different fuel gases. The exact gas composition used is the 

tuning parameters for the bed composition.  

The constraints are combined and shown in Table 2.8. As can be seen, the constraints 

from step C are the most determining constraints. It should be noted that the wt.% 

of copper and calcium oxide are correlated and cannot be chosen independently. The 

calcium oxide constraints cannot be matched. The closest option would be the use 

of pure CO as a reduction gas. This is however not viable, as there is no logical source 

for pure CO gas in the process. More practical would be the use of a mixture of H2, 

CO and CH4. The maximum CaO weight fraction would be approximately 15 wt.%, 

resulting in a minor production of low purity H2 gas. 

Using a mixture of reduction gases, the copper constraints are satisfied, and no 

issues are found for the copper oxidation step. It is clear that the constraints match 
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quite well, and the process has a viable process window. For instance, a change in 

the bed materials would be sufficient to satisfy the constraints. 

Table 2.8: Constraints in the bed composition for every process step. 

 Step A Step B Step C 

wCaO, kg/kgbed ≈ 0.2 - 0.093 < w < 0.165* 

wCu, kg/kgbed - 0.25 0.216 < w < 0.348* 

* the upper limit for CaO comes together with the lower limit of Cu. 

The performance of the overall process is evaluated for two specific cases, defined 

by the fuel gases used in step C and shown in Table 2.9. These two cases are: pure 

H2 feed and a 20% CO/80% H2-mixture, with the Cu/Ca-ratio of 1.79 and 1.69 

respectively. 

The performance parameters are the thermal efficiency and the carbon capture 

efficiency. The thermal efficiency is the output lower heating value (LHV) over the 

input LHV, Eq. (2.7). The carbon capture efficiency is defined as the molar carbon 

output over the molar carbon input, Eq. (2.8). 

2 ,H product

thermal

feed

LHV

LHV
 =         (2.7)
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Table 2.9 shows the thermal efficiency of the process for hydrogen production: 71.9 

- 73.6%. This is in close correspondence with the value of 72.5% given by Fernandez 

et al. [43]. Ochoa-Fernandez et al. [37] determined efficiencies for different SMR and 

SESMR processes and found values in the same range. The conventional process, 

without carbon capture, has a thermal efficiency of 86%. If carbon capture is 

integrated, this value is reduced to 71%. The carbon capture efficiency of the overall 

process is close to 80%. The carbon losses in the system are found as unconverted 

methane leaving the reactor during SER (11 - 14 %), and due to undesired calcination 

of CaCO3 in step b (4 - 5 %). These losses are higher than described by Fernandez et 

al. [43], who had found an overall carbon capture efficiency of 87.5%. The difference 

is mainly caused by the fact that our model takes the physical properties of the gasses 

and solids as a function of the operating conditions fully into account. 
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Interestingly, a mixture feed containing 20% carbon gases for step C does not 

negatively affect the carbon capture efficiency, whereas the total hydrogen 

production is increased due to the lower Cu/Ca-ratio. On the other hand, the mixture 

requires a 100 °C higher initial bed temperature to reach full conversion of CaCO3. 

The fuel gas required to get to this temperature is not considered in this analysis. As 

the process is still in a very early stage of development, an elaborate heat integration 

study to determine these values is carried out in Chapter 7 of this thesis. 

Table 2.9: Total process performance for two different fuel gases in step C (CaCO3 calcination).  

 Pure H2 20% CO + 80% H2 

Bed composition 

Cu/Ca molar ratio, molCu/molCaO 1.79 1.69 

wCaO, kg/kgbed 0.142 0.146 

wCu, kg/kgbed 0.287 0.279 

Step A 

Operation time, s 400 425 

CH4 in the feed, mol/m2s 2.04 2.22 

H2 in the outlet, mol/m2s 7.01 7.61 

CO2 loss, mol/m2s 0.290 0.315 

Step B 

Operation time, s 1025 990 

O2 in the feed, mol/m2s 1.39 1.20 

CO2 loss, mol/m2s 0.112 0.315 

Step C 

Operation time, s 415 400 

H2 loss for reduction, mol/m2s 2.95 2.29 

CO loss for reduction, mol/m2s 0.00 0.572 

CO2 formed, mol/m2s 1.59 2.210 

Overall 

Total cycle time, s 1840 1815 

Carbon capture efficiency 77.8 % 79.1 % 

Thermal efficiency 71.9 % 73.6 % 
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2.4 Conclusions 

The three steps of the Ca-Cu process have been modelled successfully using a 1D 

pseudo-homogeneous model (PHM). A simplified model has been developed using 

a sharp front approach (SFA), which is able to describe the process behavior as found 

by the PHM for process steps B (Cu oxidation) and C (CaCO3 calcination). For the 

SER step in the process, an extended SFA was required, due to the CO2 equilibrium 

with the solid. The simple model has been successfully validated by the PHM and 

by simulation results taken from literature. The SFA and ESFA enable an enormous 

decrease in calculation time from days to seconds, which will also be very useful for 

process optimization. 

Operational process windows have been developed for all three process steps, 

regarding bed compositions, feed compositions, pressure and temperatures. For 

every single process step a sensitivity study has been carried out. A gas stream 

containing 95% hydrogen is produced during the SER process step with a SC-ratio 

of 5. The optimum performance of the process is found with a bed composition of 

approximately 20 wt.% CaO. Higher as well as lower CaO fractions result in a 

decrease in the high purity hydrogen production. A relatively low temperature of 

650 °C is used in this process step. During the consecutive copper oxidation step 

calcination is minimized by a small CO2 fraction in the feed due to a recycle of 

product gas. The maximum allowed temperature results in the requirements of more 

than 25 wt.% Cu in the reactor bed and less than 5 mol% O2 in the feed. The solids 

regeneration step is operated energy neutral, resulting in a Cu/Ca-ratio determined 

by the fuel gas. Combined with the starting materials, this ratio results in constraints 

for the bed composition for the entire process. For step A, the calcium oxide 

restriction is 0.093 < CaO wt.% < 0.165. For step B, the constraint is 0.216 < Cu wt.% 

< 0.348. A trade-off is found using a CaO weight fraction of about 15 wt.%, giving a 

small loss in low purity H2 production during step A. 

The found carbon capture efficiency of the process is close to 80%, which is 7.5% 

lower than the expected efficiency by Fernandez et al. [43]. In Chapter 6 a detailed 

study on how to increases the carbon capture efficiency will be shown. The thermal 

efficiency of the process is similar to their value, 71-74%, which is slightly better than 

the carbon integrated conventional process (71%) [37]. This is a preliminary 

estimation and the full integration of the process in hydrogen and power plant will 

be described in Chapter 7.  
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Abstract 

In this chapter, the reactions involved in the Cu/CuO chemical loop present in the 

Ca-Cu process are examined. The oxidation reaction of a highly loaded CuO-based 

material is investigated under both atmospheric and pressurized conditions. The 

kinetic parameters governing the oxidation reaction of this material were 

determined using a shrinking core model with chemical reaction control. The 

experimental results suggested that a SCM with chemical reaction control is able to 

describe the oxidation conversion of highly loaded CuO-based materials in powder 

and pellet form. In addition, the effect of total pressure on the material’s reactivity 

was analyzed. The kinetic parameters obtained under atmospheric conditions were 

applied to fit the experimental data obtained under pressurized conditions. The 

results confirmed that the pressure does not have an important effect on the 

oxidation kinetics of highly loaded CuO-based materials and the parameters 

obtained at atmospheric pressure can be applied to study the oxidation under 

pressurized conditions.  

A literature review on the reduction of CuO was done and the kinetics that most 

suits the conditions of the process was selected.  

The oxygen uncoupling reaction, an unwanted side reaction for the process, was also 

studied. A shrinking core type model (SCM) was developed that can well describe 

the reaction rate and final conversion. This model was then implemented in the 

packed bed reactor model described in Chapter 2 to study the effect of oxygen 

uncoupling on the Ca/Cu process. It was found that it can be neglected at the 

conditions under which this step is carried out.  

 

 



3. Behavior of the CuO oxygen carrier – 45 

 

 

3.1 Introduction 

The main novelty of the Ca-Cu process is the use of a Cu/CuO chemical loop to 

supply the energy needed for the CaCO3 calcination. Materials with high Cu-

loadings (in the range of 65 wt.%) have been proposed during the conceptual design 

of the process [43]. In the second step of the process (Step B) oxidation of Cu takes 

place at temperatures below 850 °C and at elevated pressures to minimize the loss 

of CO2 caused by partial calcination of CaCO3. Although very important for the 

design of Ca-Cu loops, an extensive work specifically dealing with the oxidation 

kinetics of high Cu loaded materials is still lacking in the open literature. A limited 

number of authors have analyzed the effect of pressure on the reduction and 

oxidation reactions of copper-based materials [55,63].  

Up to now, different gas-solid models such as the shrinking core model (SCM) [64–

71], the changing grains size model (CGSM) [55,68,72] and nucleation models [73,74] 

have been used in the open literature to determine the kinetic parameters of 

oxidation reactions of different metal oxide materials. García-Labiano et al. [64], 

applied the SCM to determine the kinetics behavior of a 10 wt.% CuO/Al2O3 material 

prepared by impregnation and they obtained a low dependency of the reaction rates 

on the temperature with activation energy values ranging from 7 kJ mol-1 to 15 kJ 

mol-1 and reaction order approaching 1. In the same way, Maya et al. [68] tested the 

oxidation of CuO-particles using a CGSM (Cu loads between 8 to 20 wt.%) and they 

found activation energy values for oxidation from 11 kJ mol-1 to 16 kJ mol-1, with 

reaction orders from 0.8 to 0.9. Abad et al. [55] studied the effect of pressure on the 

behavior of a copper-based oxygen carrier with 10 wt.% of CuO using the CGSM. 

They found that an increase in total pressure has a negative effect on the reaction 

rates of the oxygen carriers. In the same way, Hamers et al. [63] analyzed the effect 

of pressure on the kinetics of the reduction and oxidation of particles with similar 

CuO content (13 wt.%) and they also found a decrease in the reactivity of the 

particles at higher pressures. However, San Pio et al. [75] recently published results 

on the reduction kinetics of 12.5 wt.% CuO/Al2O3 particles. No negative effect of 

pressure on the reactivity of the materials was found. They concluded that the 

negative effect that has been observed by some authors could have been caused by 

external mass transfer limitations rather than physical effects of the pressure on the 

reactivity. So far, contradictory results have been reported for materials with low 
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CuO contents. Therefore, analysis of the influence of pressure on the reactivity of 

highly loaded CuO-based materials is also needed. 

After all the Cu is oxidized in step B, the regeneration step (step C) of the Ca-Cu 

process begins. During step C the calcination of the CaCO3 formed in the SER step 

takes place thanks to the energy provided by the simultaneous reduction of CuO 

present in the bed with a fuel gas containing CH4, H2 and/or CO. This step is carried 

out at atmospheric pressure and high temperature to favor the calcination of CaCO3. 

Due to these conditions, oxygen uncoupling can occur in this step. Oxygen 

uncoupling (OU) is the thermal decomposition of the CuO which generally happens 

at high temperature, above 800 °C, and it follows the following reaction [76]:   

,

,

2 2

1
2 

2

f OU

b OU

k

k
CuO Cu O O+⎯⎯⎯→⎯⎯⎯                   (3.1) 

Cu2O is formed from CuO by release of oxygen and it occurs when the concentration 

of O2 is lower than the equilibrium concentration. Contrary to many other chemical 

looping processes (CLOU) [14,76–78], this phenomenon is not wanted in this step 

since there will be a loss of CuO and then a loss in the heat produced by the reduction 

of CuO, which is needed to regenerate the calcium carbonate. 

This chapter is focused on determining the kinetic parameters for the oxidation 

reaction of a high Cu load material (65 wt.%) which will be used to describe the 

results from the experimental campaign in packed bed reactors (Chapters 4 and 5). 

The effects of reaction temperature, O2 partial pressure and total operation pressure 

on the reaction rate were evaluated. The kinetic parameters determined were 

included in a particle reaction model that served to describe the experimentally 

observed oxidation conversions of Cu-based pellets. Also, a brief review of the 

kinetics for the reduction reaction of CuO present in the literature is included. 

Moreover, the oxygen uncoupling is investigated, and rate expressions are 

developed. Finally, the effects of OU on the Ca-Cu process is examined with the help 

of the reactor model described in Chapter 2.  
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3.2 Materials and methods 

3.2.1 Experimental apparatus 

Two different thermo-balances were used during this research to work either under 

atmospheric or pressurized conditions. 

A thermogravimetric analyzer (TGA-CI Electronics Ltd.) was used to determine the 

kinetics of the oxidation reaction at atmospheric pressure (Figure 3.1a). This 

equipment consists of two concentrical quartz tubes located inside a furnace. Each 

sample was introduced in a platinum pan placed at the bottom of this device. The 

TGA allows the weight change of a sample to be measured as a function of time at a 

controlled atmosphere of reacting gas and temperature.  

 

Figure 3.1: Schematic overview of the thermo-balances used in this work: a) Low pressure 

thermogravimetric analyzer (TGA); b) magnetic suspension balance (HPMSB). 

A high-pressure magnetic suspension balance (HPMSB - Rubotherm) was used to 

study the oxidation reaction at different pressures (Figure 3.1b). This device can be 

operated between 1 and 30 bar and 200-1200 °C.  The solid sample is placed in a 

quartz glass sample holder, which is hanging to a balance with an Ir wire connected 

to a permanent magnet and the mass is determined from the changing magnet 

strength. Air, H2, CO, CO2, CH4 and steam can be fed as reactants and are supplied 

from the top of the reactor. Gas flow rates are controlled by Mass Flow Controllers 

b) a) 
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(Bronkhorst) with a maximum total gas flow rate of 500 mL/min. The reactor is 

surrounded by a vessel that is maintained at lower temperature. Argon is supplied 

to this vessel to prevent that reactant gases can enter and mix in the insulation layer.  

3.2.2 Experimental procedure  

Two highly loaded CuO-based materials, one supported on Al2O3 (Cu65Al) and one 

supported on SiO2 (Cu65Si) were studied in this work. Both materials were 

synthesized by Johnson Matthey PLC with Cu loadings around 65 wt.%. The first 

one was tested as powder (<100 µm) and pellet forms, while the second only in 

powder form (300-500 µm). The particle size was estimated with Fritsch Analysette 

22.  

Oxidation tests at atmospheric pressure were carried out in order to determine the 

kinetic parameters for the material Cu65Al. This study was complemented by the 

analysis of the effect of the total operating pressure on the oxidation kinetics of the 

materials. Preliminary tests were performed to assess the amount of sample required 

to avoid any mass transfer limitation due to sample mass and sample pan geometry, 

as well to determine the total gas flow rate that eliminated any gas film resistance. 

In every test, around 10 mg of sample in powder form, or one individual pellet was 

loaded in the atmospheric TGA (Figure 3.1a). The oxidation tests at atmospheric 

conditions were carried out using a total flow rate of 280 ml/min in streams 

containing diluted O2 in N2 (enough to avoid external mass transfer limitations). The 

effects of temperature (from 700 °C to 870 °C) and reacting gas partial pressure (from 

2.5 vol.% O2 until 40 vol.% O2) were assessed. To determine the reaction order, 

consecutive oxidation/reduction cycles were performed at a constant temperature of 

850 °C while varying the O2 partial pressure. To determine the pre-exponential factor 

and activation energy tests were made through consecutive oxidation/reduction 

cycles while varying the temperature with a constant flow rate containing 10 vol%. 

O2 for powders and 20 vol.% O2 for pellets. Each cycle included a reduction stage at 

fixed temperature and gas composition (20 vol.% H2 in N2) and 1 min of inert N2 

purge. 

To determine the effect of the total pressure, the HPMSB was used (Figure 3.1b). In 

each test, one single pellet was loaded in the pan and a total flow of 480 ml/min of 

gas was used in the apparatus. In this case, mixtures of air and N2 at different O2 

concentrations were used to study the oxidation reaction at a fixed space velocity of 
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0.019 m/s. The effects of temperature (from 700 °C to 870 °C), reacting gas partial 

pressure (from 2.5 vol.% O2 until 40 vol.% O2) and pressure (1 bar – 20 bar) were 

analyzed with these experiments. 

In addition, step B of the Ca-Cu process was also simulated in the HPMSB 

considering a similar gas composition as the one expected in the Ca-Cu looping 

process. A constant oxygen composition of 5 vol.% O2 in N2 at 850 °C and 10 bar 

were considered during these tests. Finally, the kinetic parameters previously 

determined were applied to fit the experimental results obtained under these 

conditions. 

The oxygen uncoupling reaction was studied in the HPMSB using the material 

Cu65Si. The experiments were carried out using a total flow rate of 480 l/min and 

the effects of temperature (from 700 °C to 900 °C) and O2 concentration (between 0 

and 0.875 vol.% of O2 in N2) were evaluated. Blank measurements were performed 

for each experiment, under the same conditions as the experiments, using the empty 

basket to correct the balance signal for density and volumetric flow rate changes 

inside the reactor caused by changes in the feed composition (e.g. N2 compared to 

H2) and/or reactor temperature.  

The oxidation and reduction conversion were calculated using Eq. (3.2) and Eq. (3.3) 

respectively, where m(t) is the current mass and mox and mred are the mass of the fully 

oxidized and fully reduced CuO-based material.  
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OTC is the oxygen transport capacity, defined by Eq. (3.4), and it was determined 

for each material and specific combination of Me-MeO along multiple reduction-

oxidation cycles. For the CuO-based material supported on Al2O3, the OCT was 

calculated as 0.164 for the powder form and 0.149 for the pellet, considering the 

combination Cu-CuO. For the material supported on SiO2, the OCT is 0.138, 

considering the combination Cu-CuO, 0.069 considering Cu2O-CuO and 0.075 for 

Cu-Cu2O.  
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Crystalline species were identified by X-Ray Diffraction (XRD) in a Rigaku MiniFlex 

600 diffractometer at 25 °C with a mobile Cu anode.  

3.3 Results and discussion 

3.3.1 Oxidation 

The kinetic study of the oxidation reaction of the CuO/Al2O3 material, in powder and 

pellet form, was carried out in collaboration with CSIC, Spain. Firstly, the kinetic 

parameters of the oxidation reaction of the material in powder form under 

atmospheric conditions were determined.  

 

Figure 3.2: Effect of temperature (a) and gas concentration (b) on oxidation conversion curves of the 

CuO/Al2O3 material in powder form obtained in the TGA apparatus: a) 1 bar, 10%vol. O2, b) 1 bar, 850 

°C.  

Figure 3.2a shows the effect of the reaction temperature on the oxidation conversion 

of powdered materials at atmospheric pressure (in the range of 700 °C to 870 °C) 

using a 10 vol.% O2. The conversion curves present a low dependency on the 

temperature in agreement with the results obtained by other authors that analyzed 

the oxidation reaction of CuO-based materials with significantly lower CuO contents 

(between 10 to 20 wt.% CuO).  Figure 3.2b shows the experimental results (black 

lines) on the effect of the partial pressure of oxygen on the particles conversion 

curves. It can be appreciated that complete conversion is quickly achieved (in less 
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than 100 s) for the entire range of oxygen concentrations investigated (5 vol.% O2 to 

40 vol.% O2). In addition, an almost straight slope was observed in these graphs, 

which is typical of the temporal evolution of the conversion controlled by chemical 

reaction [64]. Therefore, a control by the chemical reaction could in principle be 

suitable to model the kinetics of the oxidation reaction.  

A shrinking core model (SCM) that has been able to describe reduction and 

oxidation reactions of different metal compounds [64–67,70] was also applied in this 

work. From the straight slope of the curves it can be extracted that a plate-like 

geometry with the chemical reaction as the controlling step could be suitable to 

describe the conversion of the powdered material with time [64].   

In the case of the material in powder form, the plate-like geometry according to the 

kinetic model under chemical reaction control can be expressed as [79]:  

ox

t
X


=                                      (3.5)                                                                                       

where the time required for complete conversion has been calculated by: 

b

n
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=          (3.6) 

where L  represents the particle or pellet radius (m) and 
b

  is the molar density of 

CuO in the particle (molCuOm-3), and the reaction rate constant takes the following 

Arrhenius form: 

0
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        (3.7) 

where k0 is the pre-exponential factor (mol1-nm3n-2s-1bard), 
act

E  represents the 

activation energy (J/mol), R is the universal gas constant (J/(mol K)) and T (K) is the 

reactor temperature used in the experiment.   

From the experimental data obtained with the materials in powder form, the kinetic 

parameters were determined using the preceding equations. The reaction order has 

been determined from the slope of the representation of ( )ln
b
L   vs. ( )ln

g
c  and 

a value of 1.0 was obtained. This value is in agreement with those reported in the 
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literature by other authors that tested the oxidation reaction of CuO-based materials 

with lower Cu contents [64,68]. The kinetic parameters 
0

k  and 
act

E  were determined 

using the effect of temperature in the reaction rates by the Arrhenius expression. In 

this way, in the representation of ( )
0

ln k  vs 1 T , the term 
act

E R  is the negative of 

the slope of the representation and ( )
0

ln k  is obtained from the ordinate.  The kinetic 

parameters, together with the correlation coefficients obtained from the fitting of the 

experimental data to the SCM with chemical reaction control, are provided in Table 

3.1. 

A low dependency of the reaction rate on the temperature has been observed in the 

range of temperatures tested, with an activation energy of 21.8 kJ mol-1. This value 

is also in agreement with values reported by other authors for the oxidation of CuO-

based materials [64,68]. The derived kinetic parameters of the oxidation reaction of 

powder materials they were included in the SCM with chemical reaction control. As 

it can be observed in Figure 3.2b, the model prediction (red lines) using the SCM 

with kinetic control and plate-like geometry perfectly describe the experimental 

results (black lines). 

Table 3.1: Properties and kinetic parameters determined for the oxidation reaction of the CuO/Al2O3 

material. 

Material form: Powder Pellet 

wt.% Cu 65.5 60.1 

L, mm 75 × 10-3 3.3 

, kg/m3 5585 2300 

b, molCuO/m3 55407 21186 

n 1 (R2 = 0.9983) 

ko, mol1-n cm3n-2 s-1bard 42 (R2 = 0.9976) 

EA, kJ/mol 21.8 ± 0.6 

 2 

 

To adapt to the material requirements of the Ca/Cu looping process, that was 

designed to operate in fixed bed reactors, the material was pelletized. In this way it 

is necessary to determine the reactivity and find a suitable reaction model able to 
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predict the solid conversion. The material in pellet form was therefore tested under 

different conditions.  

Figure 3.3a shows the effect of temperature from 700 °C to 870 °C on the conversion 

of the pellets with 20 vol.% O2 and Figure 3.3b (black lines) the effect of the partial 

pressure of oxygen on the pellet conversion curves at 850 °C obtained from the 

experiments. The oxidation reaction was fast achieving complete conversion for all 

the conditions in less than 450 seconds. In the same way as for powdered materials, 

the oxidation with O2 presented a low dependency on the temperature and the slope 

of the oxidation curves at different temperatures was practically constant which 

seems to indicate that the diffusion resistance is not important during the oxidation 

reaction of these solids even at lower temperatures.     

 

Figure 3.3: Effect of temperature (a) and gas concentration (b) on oxidation conversion curves of the 

CuO/Al2O3 pellet obtained in the TGA apparatus: a) 1 bar, 20 %vol. O2; b) 1 bar,  850 °C; black lines are 

experimental results and red lines represent theoretical. 

Also in the case of the pellet, the SCM, first described by Yagi and Kunii [80] is 

proposed to fit the experimental data. Since the pellets are in cylinder form, chemical 

reaction control with a cylindrical geometry is assumed, represented by Eq. (3.8) 

[79].    
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= − −                                                  (3.8) 

The kinetic parameters calculated for powdered materials were then included in Eq. 

(3.8)  and applied to describe the evolution of the pellet oxidation conversion. Figure 

a) b) 

0 50 100 150 200
0

20

40

60

80

100

X
C

u
, 
%

Time, s

 700 °C

 770 °C

 820 °C

 870 °C

0 100 200 300 400
0

20

40

60

80

100

X
C

u
, 
%

Time, s

 10% O2

 15% O2

 20% O2

 30% O2

 40% O2

 Experiment

 Model



54  

 

3.3b shows the experimental results (black lines) and model predictions (red lines) 

on the effect of the partial pressure of oxygen on the pellet conversion curves at 850 

°C. The theoretical curves obtained by the model show that the experimentally 

determined conversion curves can be excellently described with a SCM with 

chemical reaction control and cylindrical geometry, with a correlation factor (R2) of 

0.9982.  

Therefore, the evolution of the oxidation conversion of the material in powder and 

pellet form was successfully described with a SCM with kinetic control, being able 

to use the same kinetic parameters for particles and pellets and considering that the 

geometry of the material is the only difference to be taken into account in the model. 

3.3.1.1 Effect of total pressure 

To analyze the effect of the total pressure on the behavior of the CuO-based 

materials, experiments at the same temperature (850 °C) and similar O2 

concentrations (ranging from 5 vol% O2 to 10 vol% O2) were carried out in the 

HPMSB varying the total pressure in the apparatus for 1, 5 and 10 bar in each 

experimental campaign. As it has been previously mentioned, a similar space 

velocity of the gas was used in the HPMSB in order to compare the experimental 

results at atmospheric and pressurized conditions. 

First, the kinetic parameters obtained from the powders in the TGA at atmospheric 

pressure were used to fit the experimental data obtained for the materials in the 

HPMSB at 1 bar. The results demonstrated that the kinetic parameters obtained from 

the powders in the TGA describe the experimental data obtained for pellets in the 

HPMSB quite nicely, which also indicates that no effects of gas dispersion or 

diffusion are involved in the HPMSB. 

Figure 3.4 shows the oxidation conversion curves for the pellets tested at 850 °C and 

three different total pressures. As it can be observed, the pellet was hardly affected 

by the total pressure, showing a slightly faster reaction rate of the oxidation reaction 

at higher pressures, as expected.  

An apparent pre-exponential factor (
0 , P

k ) was determined as a function of the total 

pressure and the pre-exponential factor obtained at atmospheric pressure (
0

k ) using 

the following expression: 
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d
k k P=          (3.9)  

The value obtained for parameter d is very low (equal to 0.08), which correspond to 

the observation that the total pressure on the system has practically no effect on the 

reactivity of the materials. Moreover, the pellet presents a high mechanical stability 

under pressurized conditions, since the pellet was not fractured after the 

experiments.  

 

Figure 3.4: Effect of pressure on oxidation conversion curves of the CuO/Al2O3 pellet obtained in the 

HPMSB apparatus (850 °C): a) 1 bar, b) 5 bar, c) 10 bar. Black lines are experimental results and red 

lines represent theoretical results.  

As well as in the tests at atmospheric pressure, the theoretical results obtained by 

the SCM with control of chemical reaction describe the experimental results 

obtained in the HPMSB at 5 bar and 10 bar very well (Figure 3.4). 
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shows the experimental and theoretical results of the oxidation conversion obtained 

during the simulation of step B (5 vol.% O2, 850 °C, 10 bar). The theoretical results of 

the evolution of the oxidation conversion of the pellet obtained by the SCM with 

chemical reaction control using the kinetic parameters obtained under atmospheric 

conditions nicely correspond to the experimental results obtained in the HPMSB 

under pressurized conditions.  

 

Figure 3.5: Experimental and theoretical results for the simulation of step B of the Ca/Cu looping 

process with the CuO/Al2O3 pellet in the HPMSB apparatus, 5 vol.% O2, 10 bar, 850 °C. 

The shown results clearly indicate that the total pressure has no significant effect on 

the oxidation kinetics of highly loaded CuO-based materials and these findings are 

in agreement with a recent publication [75],where the reduction reaction of 

CuO/Al2O3 particles was investigated and also no changes on the evolution of the 

reduction conversion with an increase in the pressure in the system was found. 

Concluding, the investigation of the kinetics of these materials under pressurized 

conditions has provided confirmation that the oxidation reaction of Cu-based 

materials is hardly affected by pressure, which is important information for the 

design and operation of step B in the fixed bed reactor during startup of the Ca-Cu 

looping process.   

3.3.2 Reduction of CuO 

In the regeneration step of the Ca/Cu process the CuO is reduced with a fuel gas 

containing CH4, H2 and/or CO at atmospheric pressure and high temperatures to 

favor the calcination of CaCO3.  Different works have been reported in the literature 
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on the determination of the reduction kinetics of CuO materials containing a wide 

range of Cu loadings on to different supports [49,55,63,65,67–70,73,75,81–85], mainly 

for application in CLC processes. The shrinking core model (SCM) is the most 

applied model to determine the kinetics of the reduction  [49,65,67,68,81,85], but 

some authors also reported on the use of the changing grains size model (CGSM) 

[55,68] and nucleation models [73,86].  

Most of the studies presented in the literature are focused on oxygen carriers with 

low Cu loadings (<20 wt.%) and in particle/powder form. García-Labiano et al. [49] 

studied the behavior of a 10 wt.% CuO/Al2O3 powdered material prepared by 

impregnation. These authors tested the reduction with H2, CH4 and CO at different 

temperatures determining the kinetic parameters for each reaction using the SCM. 

A low dependency of the reaction rate on the temperature was observed with 

activation energy values ranging from 14 to 60 kJ mol-1 depending on the reducing 

gas used. Maya et al. [68] developed and used a CGSM to determine the kinetic 

behavior of different oxygen carriers with Cu loading ranging between 8 and 22 

wt.%. Also in this case, a low dependency of the reaction rate on the temperature 

was found. San Pio et al. [75] studied the effect of the total pressure of a 13 wt.% 

CuO/Al2O3 material and no influence of this parameter was found.  

However, few recent works are focused on the use of highly loaded Cu materials in 

pellet form. García-Lario et al. [65] successfully applied the SCM with chemical 

reaction control for the reduction reaction of a CuO-based pellet with 60 wt.% of 

CuO on Al2O3 prepared by impregnation. The activation energies found (ranging 

from 23 to 74 kJ mol-1) correspond fairly well with values reported in the literature, 

with reaction orders between 0.9 and 1. Diez-Martin et al. [87] determined the 

reduction reaction kinetics with H2, CO and CH4 of two highly loaded CuO based 

materials in powder and pellet form, which are suitable for the Ca/Cu looping 

process. In particular they studied the Cu65Al (65 wt.% CuO/Al2O3) material which 

will be used in the experimental campaign in the packed bed reactors (Chapters 4 

and 5). They assessed the effect of the nature of the inert support on the materials 

reactivity, as well as the effect of the reaction temperature, the reducing agent used 

and the partial pressure of the reducing gas. A SCM model was proposed 

considering plate-like geometry and cylindrical geometry for the powder and pellet 

form respectively, and the kinetics parameter were determined (see Table 3.2). They 

found that for the material Cu65Al both in powder and pellet form, the reduction 
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reaction was kinetically controlled for the temperature range studied (700-870 °C) 

regardless of the reducing gas used. The expression of the reaction rate is therefore 

the same as the one considered for the oxidation reaction (Eq. (3.5) for the material 

in powder form and Eq. (3.8) for the material in pellet form – in this case 
ox

X  has to 

be replaced with 
red

X  ). 

This kinetics for the reduction reaction of CuO will be used in the reactor model to 

describe the experimental results obtained from the packed bed reactor setup 

(Chapter 4). 

Table 3.2: Kinetic parameters for the reduction reaction of CuO/Al2O3 taken from Diez et al. [87]  

Reacting gas H2 CO CH4 

n 1 (R2 = 0.9899) 0.9 (R2 = 0.9990) 0.5 (R2 = 0.9991) 

ko, mol1-n cm3n-2 s-1 35 (R2 = 0.9915) 32 (R2 = 0.9965) 5 (R2 = 0.9914) 

EA, kJ/mol 10 ± 0.3 25 ± 0.4 60 ± 0.6 

 1 1 4 

 

3.3.3 Oxygen uncoupling and its effect on the Ca-Cu 

TGA experiments were carried in order to study the oxygen uncoupling (OU) 

reaction rates, viz. the rate of conversion of CuO to Cu2O, Eq. (3.1), at different 

conditions. In Figure 3.6a the CuO conversion as a function of time is plotted for 

different O2 concentrations at 900 °C. Under pure nitrogen atmosphere practically 

full conversion is reached, while increasing the oxygen concentration in the feed 

both the reaction rate and the final conversion decrease. The same behaviour was 

also reported before in literature [77] and is related to the increase in the cuprite 

oxidation rate at higher oxygen concentrations. 

In Figure 3.6b the conversion of CuO as a function of time is plotted for different 

temperatures under pure nitrogen, showing that the final conversion (to Cu2O) is 

always close to 100% at higher temperatures, but that the reaction rate decreases at 

lower temperatures. The final conversion decreases strongly for temperatures below 

850 °C because of thermodynamic constraints, since the equilibrium oxygen 
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concentration, and thus the driving force of the reaction, decreases strongly for lower 

temperatures. At 800 °C the equilibrium concentration and thus the oxygen 

uncoupling reaction rate, is very low and at 700 °C practically null [14], even when 

feeding pure nitrogen. 

 

Figure 3.6: Conversion of CuO to Cu2O at: a) different oxygen concentrations at 900 °C; b) pure nitrogen 

at different temperatures. 

 

Figure 3.7: XRD pattern of CuO/SiO2 after the oxygen uncoupling reaction at 900 °C. 

In order to verify whether full (oxygen uncoupling) conversion was achieved for the 

case with almost 100% conversion, the sample was characterized with XRD. It was 

found that only Cu2O and SiO2 were present, confirming that the CuO was indeed 
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fully reduced to Cu2O (see Figure 3.7 showing the XRD pattern of the CuO/SiO2 

material after oxygen uncoupling at 900 °C under pure nitrogen).  

A shrinking core model has been developed to describe the kinetics of the oxygen 

uncoupling reaction at the conditions shown in Figure 3.6. The model basically 

consists of a set of partial differential equations describing the radial concentrations 

inside a grain, which is subsequently solved numerically with a standard finite 

difference technique. 

To elucidate which parameters to consider in the model, the reaction rate of the 

oxygen uncoupling has been plotted as a function of the copper oxide concentration 

after 200 s (determined from the weight change) for different temperatures in Figure 

3.8. A clear linear dependency of the reaction rate with the copper oxide 

concentration can be observed, which is subsequently used in the oxygen 

uncoupling kinetics.  

 

Figure 3.8: Reaction rate of the oxygen uncoupling (under N2) versus the solid concentration of copper 

oxide after 200 s at different temperatures. 

On the basis of the TGA and XRD experimental results the following reaction rate 

was assumed for the oxygen uncoupling, based on a shrinking core model:  

2 2 2 2

1/2 1/2

, CuO , Cu O O , CuO Cu O O

,

1
f OU b OU f OU

eq OU

r k k k
K

c c c c c c= − = −
 
 
 

   (3.10)

where 
,f OU

k  represents the forward reaction rate constant, 
,eq OU

K  the equilibrium 
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constant, and 
CuO

c  and 
2Cu O

c  are the molar concentrations of copper oxide and 

cuprite, respectively, changing in time according to the reaction rate. In several 

literature studies [76,88–90] only the oxygen concentration or partial pressure in the 

gas phase as well as in equilibrium were taken into account. In our model, the 

reaction rate of the oxygen uncoupling reaction also depends on the solids 

concentrations, following Eq. (3.10).  

The unsteady mass balance equations involved in the shrinking core model (SCM) 

for the grain are the following: 

For CuO:   
2 2

1/2CuO

, CuO Cu O O

,

1
2

f OU

eq OU

c
k c

t K
c c


= − −



 
 
 

    (3.11) 

For Cu2O: 2

2 2

1/2

, CuO Cu O O

,

1Cu O

f OU

eq OU

c
k

t K
c c c


= −



 
 
 

   (3.12) 

For O2: 2 2

2 2 2

2 1/2

, CuO Cu O O2

,

1 1 1

2

O O

O f OU

eq OU

c c
r D k

t r r r K
c c c

 
= + −

  

  
  

   

 (3.13) 

Note that in this model, diffusion of molecular oxygen and reaction of tenorite or 

cuprite with molecular oxygen has been assumed for the sake of simplicity, but the 

phenomena are most likely much more complicated and probably proceed via 

diffusion of oxygen vacancies [91], and reactions with oxygen vacancies/lattice 

oxygen. This would, however, require a much more detailed model with many more 

assumptions and with more reaction rate constants to be fitted for e.g. oxygen 

splitting and recombination, while the current experimental data cannot be 

conclusive about these details. As will be shown, the current simplified model is 

very well capable of describing the tenorite/cuprite rate of conversion. 

As boundary conditions for the oxygen mass balance, zero gradient is imposed in 

the grain center (because of symmetry), CuO
( 0) 0

c
r

r


= =


, while the oxygen bulk 

concentration is imposed on the grain surface 
2 2O O ,
( )

bulk
r R cc = = , i.e. external mass 

transfer limitations can be ignored, as was experimentally verified before [92], and 

the oxygen surface concentration equals the oxygen feed concentration, lumping the 
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oxygen distribution coefficient into the kinetic rate constants. The initial 

concentration of tenorite was 79389 mol m-3, calculated with the density and molar 

mass of CuO. All the reaction rate constants in this work are assumed to follow an 

Arrhenius dependency given by (Eq. (3.7).  

The grain diameter was estimated from SEM images at 10-7 m. The oxygen diffusion 

coefficient has been fitted together with the reaction rate constants (via minimization 

of the sum of the quadratic differences between the computed and experimentally 

determined particle conversions) with
2

O
D =10-10 m2/s.  

 

Figure 3.9: Comparison between the experimentally determined conversion and the model prediction 

for the oxygen uncoupling reaction at: a) 900 °C; b) 870 °C, c) 900 °C and 0.875% O2. 

As a first step, the oxygen uncoupling reaction rate constant (
,f OU

k ) was fitted 
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the experiments at 900 °C and 870 °C when only N2 is used as feed gas, and at 900 

°C with 0.875 vol.% O2 in the feed. In this last case a decrease in conversion can be 

clearly observed (see also Figure 3.6a). A very good agreement between the 

modelling and the experiments is obtained, showing that the model is able to predict 

the lower reaction rate at lower temperatures as well as the decrease in the final 

conversion.  

Taking into account all the temperatures shown in Figure 3.6b, the pre-exponential 

factor and the activation energy for 
,f OU

k  and 
,eq OU

K  were calculated and reported 

in Table 3.3. 
,eq OU

K  was not taken from literature because in this work, contrary to 

other researchers [76,88–90], the concentration of the solids has also been taken into 

account and not only the oxygen concentration or partial pressure in the gas phase 

as well as in equilibrium. That is why it was fitted in two different ways (first 

obtained from 
,f OU

k  and 
b,OU

k  and then fitted separately), obtaining a very good 

agreement with the values reported in the literature [14,93]. 

Once Cu2O is formed by means of the oxygen uncoupling reaction, if a reacting gas 

is present it can be reduced to Cu. Since during the third step of the Ca/Cu process 

a fuel gas is present in the bed and it contains a high amount of H2, the reduction of 

Cu2O with H2 was also studied (Eq. (3.15)).  

2 2 2 2Cu O H Cu H O+ +→       (3.14) 

 
Table 3.3: Kinetic parameters found for the oxygen uncoupling and the reduction of Cu2O reactions. 

 Pre-exponential factor 
Activation energy, 

kJ/mol 

kf,OU , 1/s 2.77∙108 249.42 

Keq,OU , (mol/m3)-1/2 9.65∙109 188.01 

kred, m3/(mol s) 1.19∙10-2 0.66 

 

Once Cu2O is formed by means of the oxygen uncoupling reaction, if a reacting gas 

is present it can be reduced to Cu. Since during the third step of the Ca/Cu process 

a fuel gas is present in the bed and it contains a high amount of H2, the reduction of 

Cu2O with H2 was also studied (Eq. (3.15)).  
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2 2 2 2Cu O H Cu H O+ +→       (3.15) 

To study the reaction rate of the Cu2O reduction, a fully oxidized CuO sample was 

treated with N2 to achieve full oxygen uncoupling (100% conversion to Cu2O as 

described above). Afterward, the sample was reduced with H2. Figure 3.10 shows 

the conversion as a function of time of Cu2O to Cu at different temperatures. It 

clearly shows that the cuprite reduction rate hardly depends on temperature, and 

that the final conversion and the initial kinetics are virtually the same for the 

experiments carried out at 900 °C, 800 °C and 700 °C.  

Eq. (3.16) was assumed as the reaction rate of the tenorite reduction and the reaction 

rate constants were found (Table 3.3) fitting the experiments shown in Figure 3.10. 

2 2Cu O Hred red
r k c c=        (3.16) 

 

Figure 3.10: Reduction conversion of Cu2O/SiO2 as a function of time at different temperatures.  

3.3.3.1 Effect of oxygen uncoupling on the regeneration step of the Ca-Cu process 

The equations found to describe the oxygen uncoupling and the tenorite reduction 

were then implemented in the packed bed reactor model described in Chapter 2 and 

the effect of oxygen uncoupling in the regeneration step of the Ca/Cu process was 

studied. The simulations were done considering the standard case evaluated in 

Chapter 2, under the following conditions: 650 °C and 750 °C as feed and initial bed 

temperature, a Cu/Ca molar ratio of 1.7 and feed composition of 74 vol.% H2, 24 

vol.% CO and 2 vol.% CH4. In Figure 3.11 the comparison between the result 
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obtained including the oxygen uncoupling and the standard case is shown. As it can 

be seen from the profiles of the outlet temperature (Figure 3.11a) and of the outlet 

gas fraction (Figure 3.11b) in the case with OU the pre-breakthrough is slightly 

shorter and some O2 is released. This means that at these conditions OU is occurring 

and the CuO available for the reduction is decreased, causing the shorter pre-

breakthrough.  

When decreasing the initial bed temperature to 650 °C the effect of OU decreases. 

This can be seen in Figure 3.12 where the outlet temperature and gas fraction profiles 

are plotted for the case with and without oxygen uncoupling in the model. The 

profiles of the two cases correspond very closely indicating that at these conditions 

almost no OU is prevailing, although the maximum temperature reached inside the 

bed is similar than in the standard case (around 850 °C). This is due to the fact that 

the thermal decomposition of CuO happens only after the reaction front, and 

therefore mainly where the temperature in the bed it is equal to the initial bed 

temperature. Before the reaction front all CuO is already reduced to Cu. These 

results are also in agreement with the experimental results obtained with the TGA 

(Figure 3.6b), where it was found that no OU was happening below 700 °C and little 

conversion was obtained at 800 °C.  

 

Figure 3.11: Comparison between simulations with and without oxygen uncoupling (OU and NOU, 

respectively) for the standard case (SC): Outlet temperature (a) and gas molar fraction (b) profiles.  
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Figure 3.12: Comparison between simulations with and without oxygen uncoupling (OU and NOU, 

respectively) for the case with initial bed temperature of 650 °C (LT): Outlet temperature (a) and gas 

molar fraction (b) profiles.  

Since in the standard case the difference in pre-breakthrough time is only about 10 

seconds and the O2 fraction present in the outlet gas stream is lower than 1 %, while 

in the case with a lower initial bed temperature almost no difference was found, it 

can be concluded that the effect of OU in the regeneration step of the Ca-Cu process 

can be neglected.  

3.4 Conclusions 

The oxidation reaction of a CuO/Al2O3 material with high Cu loading was studied 

at atmospheric and pressurized conditions. The material in powder and pellet form 

presented a low dependency on temperature in the range of temperatures 

investigated (700 °C to 870 °C). The straight slope of the oxidation curves of the 

particles at different partial pressures of oxygen suggested that the evolution of the 

conversion was kinetically controlled. The kinetic parameters, based on a SCM, 

obtained for the material in powder form were used to fit the experimental data 

obtained for the pellets. The evolution of the Cu oxidation of particles and pellets 

was successfully modeled by the SCM with chemical reaction control but adapted 

to plate-like geometry for powders and cylindrical geometry for pellets. On the other 

hand, it was found that the total pressure of the system did not have an important 

effect on the kinetics and the same kinetic parameters obtained under atmospheric 

conditions were suitable to describe the oxidation conversion rate under pressurized 

conditions.   
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A literature review on the kinetics of the reduction of CuO was carried out and the 

kinetics of the material Cu65Al from the work of Diez-Martin et al. [87] were chosen 

to be used in the packed bed reactor model to describe the experimental results in 

Chapter 4, together with the kinetics of the oxidation reaction studied in this chapter. 

The oxygen uncoupling reaction and the reduction of Cu2O to Cu with H2 were also 

evaluated. In the case of oxygen uncoupling high dependence with temperature was 

found. Moreover, increasing the concentration of O2 in the reacting gas the final 

conversion decreased. This behavior was successfully described by a model based 

on the SCM where the concentration of the solid was also considered. Regarding the 

reduction of Cu2O to Cu low dependence with temperature was encountered. Also, 

this reaction was represented by a SCM. The kinetics found were implemented in 

the packed bed reactor model described and used in Chapter 2, to evaluate the effect 

of OU during the regeneration step of the Ca/Cu process (step C). It was found that 

it can be neglected for the conditions under which this step is carried out. 



  

 

 

 

 

 

 

 

 

 

 

 

 

 

 



 

 

Chapter 4         Model validation of the Ca-Cu looping process 

 

Equation Chapter (Next) Section 1 

Chapter 4 

 

Model validation of the 

Ca-Cu looping process 
 

 

 

 

 

 

 

 

 

 

  



  

 

Abstract 

In this chapter results of an experimental study are described, that was carried out 

for all three steps of the Ca-Cu process in order to validate the model described in 

Chapter 2. The sorption-enhanced reforming step was studied at two different scales 

under different conditions. The effects of different bed compositions, operating 

temperatures, methane residence times and different steam-to-carbon ratios on the 

hydrogen production rate have been evaluated. A methane space velocity of 2.26 

kgCH4h-1kgcat-1 and a temperature range of 600-650 °C were found to be the most 

appropriate for optimal performance of the SER step and when increasing the S/C 

ratio the hydrogen fraction produced increased.  

Moreover, complete cycles (SER, oxidation and reduction/calcination) have been 

performed in a medium-scale packed bed reactor (0.6 m length), where the three 

functional materials needed for this process were present. The Ca-Cu process was 

successfully demonstrated experimentally at medium scale.  

The experimental results obtained from the experimental campaign have been used 

to validate the packed bed reactor model and a good agreement between the model 

and the experimental data was found. 
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4.1 Introduction 

In Chapter 2 a 1-D pseudo-homogeneous model was adapted and used to describe 

the Ca-Cu process under different conditions [94]. This model has been previously 

validated with experimental results of a chemical looping process in packed bed 

reactors [54,95] where reduction and oxidation cycles of Cu-based materials (with a 

content of Cu around 13 wt.%) were studied between 600 and 800 °C. Spallina et al. 

[96] validated the same model using experimental data of a chemical looping 

reforming process in a packed bed reactor as well. In their work steam methane 

reforming and oxidation/reduction cycles of a Ni-based solid (used both as catalyst 

and oxygen carrier) were studied at temperatures ranging from 600 to 900 °C. An 

experimental validation of this model under the operating conditions of the Ca-Cu 

process is still lacking.  

Different experimental works have been published in the literature on this process. 

Fernandez at al. [97] and Alarcon et al. [98] demonstrated the viability of the 

reduction/calcination step and the effect of using different reducing gases at 

laboratory scale under pseudo-adiabatic conditions. Sorption-enhanced reforming 

was studied by Grasa et al. [99] and operation limits of the materials used (CaO-

sorbent and a Ni-based catalyst) were defined. In a recent work by Diez-Martin et 

al. [100] complete and consecutive cycles (SER, Cu oxidation and 

calcination/reduction) were performed in a lab-scale fixed bed reactor (0.2 m length) 

in the presence of all three functional materials (Ca-based CO2 sorbent, the Cu-based 

material and the reforming catalyst).  

Since the reactor model used in this thesis was not yet validated with experimental 

results on sorption-enhanced reforming, an extensive study on this step is needed to 

have a more solid corroboration. Moreover, in all the previous studies on SER a 

small scale reactor was used (0.2 m length) [99,100], while the reduction/calcination 

step was already studied at a bigger scale (0.6 m length) [97,98].  

In this chapter experimental results are reported and discussed for all the three steps 

of the Ca-Cu process in order to validate the model described in Chapter 2. The 

sorption-enhanced reforming step is studied in this chapter at two different scales 

under different conditions. The effect of different bed compositions, operating 

temperatures, methane residence times and different steam-to-carbon ratios on the 

hydrogen production rate is evaluated. Moreover, complete cycles are performed in 
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a medium-scale packed bed reactor (0.6 m length), where all the three functional 

materials needed for this process are present. The experimental results obtained 

have been used to validate the packed bed reactor model. 

4.2 Materials and methods 

4.2.1 Experimental apparatus 

Two different experimental apparatuses have been used in this work: a small-scale 

(SSPB) and a medium-scale (MSPB) packed bed setup. 

The SSPB consists of a ceramic tube with an internal diameter of 0.8 cm and a total 

length of 50 cm (Figure 4.1a). Two thermocouples are fitted to measure the inlet and 

outlet temperature, one at each end of the reactor, going in 15 cm from the end of 

the reactor. This means that the actual sorbent and catalyst mixture is only used in 

the middle 20 cm of the reactor and the rest is supported by clay. The reactor is kept 

inside an oven, as shown in Figure 4.1b, which is used to heat the reactor and control 

its temperature. A schematic overview of the setup used for the experiments is 

shown in Figure 4.1c. The flow rate of the feed gas is controlled by mass flow 

controllers (Bronkhorst) and steam is produced by a CEM (controlled evaporation 

and mixing). The flow downstream the reactor is cooled down by a condenser to 

separate the water in the product. The dry gasses mixture is then sent to an infrared 

SICK analyzer, connected to PC, which measures the molar fraction of CH4, H2, CO 

and CO2 in the mixture using N2 as a base.  

The MSPB comprises a reactor whose dimensions are 1.54 m (0.6 of reactive bed) in 

length and 0.03 m as internal diameter, where 50 thermocouples are present along 

the axial axis of the reactor for detailed measurement of the axial temperature. The 

mixture of sorbent and catalyst is placed between a supporting layer of clay at both 

sides. This support is also used to heat up the inlet gases to the desired temperature 

by means of heat exchange. The reactor is kept inside a three zones oven to heat up 

the reactor and control the temperature. A scheme of the total system in provided in 

Figure 4.2. Feeding of different inlet gases (H2, CO2, N2, CH4 and air) is controlled by 

the corresponding mass flow controllers (Bronkhorst). Steam is generated by a steam 

generator and mixed with the other gases before entering the reactor. The mixture 

exiting the reactor is fed to a mass spectrometer (MKS Cirrus 2) and a CO analyzer 

(Siemens Ultramat 23) working in parallel, which are connected to the computer to 
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record the molar fractions of the different gases. A water condenser is placed 

downstream of the reactor to remove steam from the product gas stream and obtain 

a dry gas mixture.  

 

Figure 4.1: Picture of the small-scale packed bed reactor (a), picture (b) and schematic overview (c) of 

the small-scale experimental setup. 

c) 

CEM

Water

Air

Water 
Condensor

Vent

Analyser

H20

15 cm

20 cm

15 cm

T

T

Thermocouple

Thermocouple

Inlet

Outlet

Fi
xe

d
 B

ed
 R

ea
ct

o
r

N2

H2

CH4

CO2

N2

b) a) 



74  

 

 
    
Figure 4.2: Picture (a) and schematic overview (b) of the medium-scale packed bed setup. 

 
4.2.2 Experimental procedure 

The small-scale packed bed reactor was used to study the effect of bed composition, 

inlet flow rate, steam-to-carbon ratio and temperature on the sorption-enhanced 

reforming step. A commercial Ni-catalyst (17 wt.% of Ni on Al2O3) supplied by 

Johnson Matthey PLC, and a supported CaO synthesized by CSIC (93 wt.% CaO on 

Ca12Al14O33) [99] were used both with a particle size between 0.6 and 1 mm. To 

prepare the reactor for the experiments, the desired proportion of sorbent and 

catalyst particles was mixed and placed inside the reactor. Before carrying out the 

experiments, the catalyst was activated, and some cycles of carbonation/calcination 

were performed to age the sorbent. This was done by first heating up the bed to 600 

°C and then sending CO2 diluted with N2 through the bed which causes carbonation 

of CaO to CaCO3. To calcine CaCO3 back to CaO and release the CO2 captured, the 

bed was heated to 900 °C. At 900 °C, H2 diluted with N2 was fed to the bed, to reduce 

NiO to Ni, and activate the catalyst. The bed was then cooled down to the desired 

operating temperature to perform the set of experiments. All the experiments were 

performed at atmospheric pressure.  

The performance of the sorption-enhanced reforming step was studied feeding 

mixtures of CH4 and steam diluted with N2. Dilution of N2 in the inlet flow was 
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needed for the production of steam in the CEM. The effect of the bed composition 

was assessed varying the amount of catalyst between 20 wt.% and 35 wt.%. For each 

bed composition the effect of the S/C ratio was studied (between 3 and 5) by keeping 

both the total inlet flow rate and the CH4 flow rate constant at 0.5 l/min and 0.05 

l/min respectively and changing the flow rates of steam and N2, accordingly. Flow 

rates of methane between 0.05 and 0.2 l/min were used to study the influence of the 

methane residence time and steam and N2 were added in order to obtain a S/C of 4 

and a dilution of 50%. For all these tests the temperature was kept at 650 °C and the 

total pressure at 1 bar. The effect of the temperature (between 600 °C and 700 °C) 

was also assessed in separate experiments. 

The MSPB was used to study the SER step at a bigger scale and to perform complete 

cycles. At first, only the catalyst and the sorbent were present in the bed. The same 

materials as in the SSPB were used, but with a particle size of 1-2 mm and a 

composition of 16.7 wt.% of catalyst and 83.3 wt.% of sorbent.  Effects of the 

temperature (between 600 and 700 °C) and the S/C ratio (between 3 and 5) were 

evaluated with these experiments. The flow rate of CH4 was kept constant at 1 l/min 

and the steam flow rate was adjusted to achieve the desired S/C ratio. In all the 

experiments the regeneration of the sorbent was done by heating up the reactor to 

900 °C under pure N2 feeding. 

Subsequently, the Cu based material developed by Johnson Matthey PLC (Cu65Al 

in Chapter 3) was added to the bed and complete cycles were performed. The bed 

composition was calculated considering the same amount of catalyst as in the case 

without Cu and a Cu/CaO molar ratio of 1.8. This results in 17 wt.% of catalyst, 56 

wt.% of CO2 sorbent and 27 wt.% of oxygen carrier. The cycles were performed at 

atmospheric pressure and 650 °C. During the SER step methane and steam were fed 

with a S/C ratio of 3 and a total flow rate of 4 l/min. Oxidation was performed with 

2 vol.% of O2 in N2 and a total flow rate of 20 l/min, which was the lowest O2 fraction 

possible in the used setup. In the reduction step a mixture of N2 and H2 (50 vol.% H2) 

with a total flow rate of 4 l/min was used. Between each step a purge of N2 was used 

for 2 minutes.  

To ensure that the experimental error is under permissible limits, the carbon balance 

was verified over the complete cycle of an experiment (SER + sorbent regeneration 

or SER + oxidation + reduction). Removal of water by the condenser, before the gas 

reached the analyzer did not allow a detailed verification of the oxygen and 
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hydrogen balances. The overall carbon balance was quantified by comparing the net 

amount of carbon atoms exiting the reactor with the net amount of carbon atoms 

entering the reactor during the complete cycle of the experiment. The experimental 

error is calculated using Eq. (4.1) and values below 2 % were found for all the 

experiments reported in this chapter. 

    
 % 100

  

Net Carbon In Net Carbon Out
Error

Net Carbon In

−
=       (4.1) 

4.3 Model description  

The one-dimension pseudo-homogeneous model (PHM) described in Chapter 2 [94] 

was used to describe the performance of the packed bed reactors. To account for the 

fact that the reactors were placed inside an oven, heat transfer is incorporated by 

assuming that the oven has a constant temperature and the amount of heat that is 

transferred between the oven and the reactor can be calculated by using a constant 

overall heat transfer coefficient, α (W/K-m2). The energy balance then reads as 

follows: 
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For the case of the SSPB a value of 150 WK-1m-2 was estimated for the heat transfer 

coefficient  , whereas for the case of the MSPB   was calculated using a more 

detailed thermal model described by Spallina et al. [96] where the heat exchange 

between the center of the reactor and the reactor wall and from the heater to the 

reactor wall were considered. The equations used can be found in Table A2.1 in 

Appendix A2.  

Steam methane reforming and water gas shift kinetics were taken from Spallina et 

al. [96] and are based on the work of Numaguchi and Kikuchi [101] and fitted for 

the same Ni catalyst used in this work. The values of the kinetic constant are shown 

in Table 4.1. The carbonation of CaO was modeled with the kinetics of Li and Cai 

[102] and the oxidation/reduction of the Cu-based material with the models 
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described in Chapter 3 [87,103]. The rest of the kinetics remains the same as 

described in Chapter 2.  

Table 4.1: Kinetic parameters for SMR and WGS from Spallina et al. [96]. These values correspond to 

the equations in Table 2.1 in Chapter 2. 

 k0 Eact, kJ/mol 

kSMR, mol/(s kgcatbar0.404) 365 42.8 

kWGS, mol/(s kgcatbar) 245 54.5 

 

In order to account for internal diffusion resistances for the larger particles, a 

effectiveness factor ( ) was included for all the reactions. The effectiveness factor 

for the SMR and WGS reactions was estimated using the Thiele modulus (  , Eq. 

(4.3)) and a value of 1 was found in both cases.  

( )tanh
 with 

eff

k

D



=  =


      (4.3) 

 
Figure 4.3: Comparison between experimental and simulation results of the outlet CO2 profiles 

during carbonation. 

The effectiveness factor for the carbonation reaction was evaluated by comparing 

the experimental results carried out in the small packed bed reactor with the model. 

Some cycles of carbonation and calcination were performed with 22.2 vol.% of CO2 

in N2, at 650 °C and 1 atm for the carbonation and pure N2 and 900 °C for the 
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calcination. A value of 0.6 described the experimental results best, as shown in 

Figure 4.3. 

To quantify and account for the dispersion and mixing occurring in the condenser 

and empty tubes between the reactor and the analyzer, a pre-simulation study has 

been carried out. To facilitate this, methane diluted with nitrogen (14 vol.% CH4) 

was fed to the reactor and the response time of the analyzer was examined. Figure 

4.4 shows the inlet and outlet molar fraction of methane. It can be observed that the 

dispersion duration is very small (~3 minutes) with a characteristic time ( ) of 1.25 

minutes. The same procedure was repeated for the MSPB and a   of 0.35 minutes 

was found. Therefore, dispersion is accounted for during the startup phase by 

multiplying the values obtained from the simulation by the correction factor 

calculated using Eq. (4.4), where t is the real time of experiment.  

( ) 1 exp tCorrection factor


−= −       (4.4) 

 
Figure 4.4: Dispersion effect study to investigate the response time of analyzer for the small-scale 

packed bed setup. 

 

4.4 Results and discussion 

4.4.1 SER at small scale 

First, a study of the effect of bed composition, inlet flow rate, steam to carbon ratio 
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The experiments at each condition were repeated at least 3 times. Figure 4.5 shows 

the outlet gas profiles of sorption-enhanced reforming with a steam-to-carbon ratio 

of 4, a total flow rate of 0.5 l/min (including 50 % of dilution with N2) and 650 °C, 

using a bed containing 27.5 wt.% catalyst and 72.5 wt.% sorbent. During the pre-

breakthrough period (first 60 minutes in Figure 4.5), steam methane reforming, 

water gas shift and sorbent carbonation reactions take place simultaneously in the 

reactor producing mainly H2. When the sorbent starts to get fully carbonated, CO2 is 

no longer captured and the H2 content in the product decreases, while the CH4, CO 

and CO2 content increases reaching the steam reforming and water gas shift 

equilibrium. The results are quite reproducible, as it can be seen in Figure 4.5b, 

where 3 different experiments are plotted. The gas composition in the pre- and post-

breakthrough is the same in the three cases and the SER and SMR equilibrium are 

reached. However, in the breakthrough region there is some discrepancy between 

the three curves and the pre-breakthrough time is shortened as the number of cycles 

increases. This behavior is attributed to a decrease in the CO2 carrying capacity of 

the sorbent with increasing carbonation/calcination cycles [99]. The experimental 

data have been compared with simulation results using the pseudo-homogeneous 

model. As shown in Figure 4.5a the model predicts the evolution of product gas 

composition with time fairly well.  

The performance in the pre-breakthrough period is influenced by the amount of CO2 

that can be captured by the CaO present in the sorbent, thus making the quantity of 

sorbent in the reactor an important factor. However, a certain amount of catalyst is 

required for the reforming reaction to occur and to maintain reactor performance, 

but it is desirable to use the lowest amount of catalyst necessary to minimize the 

catalyst costs. Therefore, it is highly important to select the optimal ratio of sorbent 

and catalyst to achieve maximum H2 production overall during the SER process, 

along with the optimal steam-to-methane ratio (S/C ratio). As already reported in  

literature, with an increase in the S/C ratio, an increase in methane conversion is 

expected, thus increasing the H2  yield and H2 purity [104]. However, a higher steam 

consumption leads to a higher energy consumption in the process. Therefore, 

operating at relatively low S/C ratios can be economically attractive, even though it 

lower H2 purity is produced. At the same time, it is also important to ensure that a 

high catalyst activity is maintained when working at these low S/C ratios. Therefore, 

in the literature, S/C ratios above 3 have usually been studied. This limit has been 

recommended to enhance CH4 conversion, reduce the amount of CO produced and 
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prevent carbon formation via the Boudouard reaction [105]. Therefore, in the present 

work, the SER process is studied for S/C ratios between 3 and 5 (higher ratios would 

dramatically reduce the energy efficiency of the system). 

 

Figure 4.5: Outlet gas profiles for the case with S/C = 4, 650 °C, 0.5 l/min with 50 % of dilution with 

N2: a) comparison with the model; b) comparison between different experiments. 

Figure 4.6 reports the average H2 dry molar fraction during the pre-breakthrough 

(SER) and post-breakthrough (SMR) stages for all the three bed compositions as a 

function of S/C ratio. The average H2 molar fraction for the SER stage was calculated 

by averaging the exit H2 molar fraction for 30 minutes excluding the initial 2 minutes 

of the experiment. Similarly, the average H2 molar fraction for SMR region is 

calculated by averaging the exit H2 molar fraction for the last 30 mins of the 

experiment. It can be observed that for a bed composition of 35 wt.% catalyst and 65 

wt.% sorbent, the average H2 molar fraction deviates from the equilibrium 

composition during the SER stage, whereas the equilibrium compositions for the 

SMR stage are achieved for all the S/C ratios investigated. This means that sufficient 

amount of catalyst was present while the amount of sorbent was not sufficient.  

For the experiment with a bed composition of 27.5 wt.% catalyst and 72.5 wt.% 

sorbent, an improvement in the reactor performance is observed with an average H2 

molar fraction being close to the equilibrium composition also during the SER stage. 

This correspond to an increase in the CO2 capture capacity resulting from the 

increased sorbent quantity in the bed. Moreover, since also the SMR equilibrium was 

achieved, the reduction in catalyst quantity did not adversely affect the performance 

of the reactor.  
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Additionally, from the experiment with a bed composition of 20 wt.% catalyst and 

80 wt.% sorbent, it is observed that the performance of the reactor declines, 

compared to the previous cases, since the equilibrium composition even for the SMR 

stage is no longer achieved. In this case, the methane conversion is incomplete 

causing some methane slip, indicating that the amount of catalyst in the bed was 

insufficient. 

 
Figure 4.6: Average H2 dry molar fraction during the pre- (SER) and post-breakthrough (SMR) periods 

as a function of S/C and bed composition. T = 650 °C, total flow rate = 0.5 l/min.  

The methane residence time is another parameter to consider together with the bed 

composition. A small methane residence time leads to a high rate of H2 production. 

However, it is essential to ensure that it does not affect the reactor performance, since 

a too low residence time might lead to insufficient time for the reaction to be 

completed leading to significant methane slip. Thus, the lowest possible residence 

time of methane needs to be determined without significantly compromising the 

reactor performance. Therefore, experiments with different methane flow rates were 

performed for all investigated bed compositions at 650 °C, with a S/C of 4 and 50 

vol.% dilution with N2. Figure 4.7 compares the average H2 molar fractions of the 

SER and SMR stages for all the bed compositions as a function of the methane 

residence time. It can be observed that the gas compositions are close to the 

respective equilibrium values for both the SER and SMR stages for all the different 

bed compositions for a residence time above 0.8 seconds. When the residence time 

is reduced, significant deviations from the equilibrium values for both the SER and 

SMR stages can be observed. This indicates that these experimental conditions are 
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below the operational limit for the catalyst leading to insufficient time for the 

reactions to reach steady state with the used reactor configuration. This indicated 

that the methane residence time should be maintained above 0.8 seconds for 

optimum reactor performance. Additionally, it can be observed that the reactor 

performance also declines when reducing the catalyst fraction in the bed, which 

suggests having a higher catalyst fraction in the bed allows more flexibility in 

operation at higher feed flow rates. However, as seen before, an optimum sorbent 

quantity is essential for the reactor performance during the SER stage. Moreover, it 

can be observed that the reactor performance is quite comparable, up to a methane 

residence time of 0.6 seconds, for beds containing between 27.5 wt.% and 35 wt.% of 

catalyst. However, significant differences can be observed for cases with a lower 

residence time. Analyzing the overall results, the experimental results suggest using 

a bed containing 27.5 wt.% catalyst and 72.5 wt.% sorbent with a residence time of 

1.2 seconds (or equivalently, a methane flow rate of 0.05 l/min) for optimum reactor 

performance, which corresponds to 2.26 kgCH4h-1kgcat-1 as methane space velocity. 

This is in accordance with the work of Grasa et al. [99], who concluded that the 

system, catalyst and CaO-based sorbent, was able to fulfil the SER equilibrium 

composition up to 2.5 kgCH4h-1kgcat-1. Therefore, this bed composition and methane 

flow rate were used to study the effect of temperature on the SER.  

A temperature change has different effects on the different reactions involved 

during sorption-enhanced reforming due to different nature of the reactions. For 

instance, the steam reforming reaction, being endothermic, is favored at high 

temperature and thus operation at higher temperatures leads to an increase in the 

overall conversion of methane. However, the shift and carbonation reactions, being 

exothermic, are favored at low temperature and by increasing the temperature, the 

extent to which these reactions proceed decreases. Additionally, at temperatures 

below 550 °C, the activity of the catalyst starts decreasing significantly and a side 

reaction is favored which can cause Ca(OH)2 formation when part of the CaO of the 

sorbent reacts with H2O (Eq. (4.5)), which can lead to a reduction in the sorbent 

capacity and mechanical instability [104]. 

2 2 298
( )         109 /

r K
CaO H O Ca OH H kJ mol+   = −    (4.5) 

As already described in Chapter 2, a thermodynamic analysis has shown that a good 

SER process performance could be achieved at reltively low operating temperatures 

(below 650 °C). However, not accounted for in that study, there may be kinetic 
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limitations. Therefore, additional experiments have been performed to examine the 

effect of operating temperature in the range between 600 and 700 °C.  

 
Figure 4.7: Average H2 dry molar fraction during the pre- (SER, a) and post-breakthrough (SMR, b) 

period as a function of the methane residence time and bed composition. S/C = 4, T = 650 °C.  

 
Figure 4.8: Outlet gas composition of SER at different temperature: a) H2 and CO2 outlet profiles as a 

function of time compared with the model; b) CH4 and CO outlet fraction as a function of temperature 

during pre- (SER) and post- (SMR) breakthrough. S/C = 4, 0.05 l/min of methane.  

Figure 4.8 compares the outlet gas fraction at different temperatures. During the pre-

breakthrough period (Figure 4.8a), the exit H2 molar fraction (dry basis) is highest at 

600 °C followed by at 650 °C and then at 700 °C. Moreover, it is observed that the 

exit fraction of CO, CH4 and CO2 is low at 600 °C and 650 °C. This means that the 

carbon capture efficiency is high for these temperatures (around 80% at 600 °C and 

0,2 0,4 0,6 0,8 1,0 1,2 1,4
0

5

10

15

20

25

30

35

40

45

 20 % Cat

 27,5 % Cat

 35 % Cat

H
2
 d

ry
 m

o
la

r 
fr

a
c
ti
o
n

, 
%

Residence time, s

 SMR eq

a) b) 

0,2 0,4 0,6 0,8 1,0 1,2
0

5

10

15

20

25

30

35

40

45

H
2
 d

ry
 m

o
la

r 
fr

a
c
ti
o
n

, 
%

Residence time, s

 20 % Cat

 27,5 % Cat

 35 % Cat
 SER eq

a) 

0 20 40 60 80 100 120
0

5

10

15

20

25

30

35

40

45

CO2

G
a
s
 d

ry
 m

o
la

r 
fr

a
c
ti
o
n

, 
%

Time, min

 600 °C

 650 °C

 700 °C

 simulation

 experiment

H2

600 650 700
0,0

0,5

1,0

1,5

2,0

2,5

3,0

3,5

4,0

G
a
s
 d

ry
 m

o
la

r 
fr

a
c
ti
o
n
, 

%

T, °C

 CO

 CH4

 SER

 SMR

b) 



84  

 

62% at 650 °C). At 700 °C a low H2 mole fraction during the SER stage and a low 

carbon capture efficiency (around 16%) was found. This is because at very high 

temperatures, the carbonation reaction is not thermodynamically favored, and it 

proceeds slower than the reforming reaction, making the carbonation reaction rate 

limiting, thus leading to a low H2 mole fraction and a significant CO2 fraction in the 

outlet gas stream. Moreover, the WGS reaction is also less promoted at higher 

temperatures which can be observed in Figure 4.8b, where the CO fraction exiting 

the reactor is increasing with temperature.  

A steeper breakthrough is observed at 600 °C compared with experiments carried 

out at 650 and 700 °C. The breakthrough step at 700 °C shows the longest duration 

when compared to lower temperatures. This can be explained by the increase in the 

CO2 equilibrium partial pressures when operating at higher temperatures, reducing 

the driving force and decreasing the carbonation reaction rate.  

In the SMR stage, as expected by thermodynamics, increasing the temperature 

increases the H2 fraction, although the incremental improvement reduces with 

increasing temperature. This can be explained by an improvement in the catalyst 

performance and reforming reaction with increasing temperature which leads to an 

increase in the methane conversion, and the methane conversion reaches about 95% 

at 700 °C. On the other hand, theWGS reaction is not favored at higher temperatures, 

leading to a decrease in the CO conversion (to H2 and CO2 with steam) and therefore 

less H2 is produced.   

Combining the thermodynamics and kinetic effects from the equilibrium trends and 

experimental results obtained, the temperature range of 600 °C – 650 °C is 

considered as an appropriate temperature range for SER operation under 

atmospheric pressure using a bed consisting of 27.5 wt.% catalyst and 72.5 wt.% 

sorbent. 

To analyze the performance of the model at different operating temperature, 

simulations have been performed for the same conditions. As can be concluded from 

Figure 4.8a, a good correspondence between the simulated and experimental results 

for both the SER and SMR stages was found. 
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4.4.2 SER at medium scale 

Sorption-enhanced reforming was studied at medium scale in the MSPB described 

above. In this case there was no need of N2 dilution for steam production, so that 

only methane and steam were fed to the reactor. Moreover, it was possible to follow 

the temperature behavior inside the reactor thanks to the 50 thermocouples placed 

along the bed. For scaling up, the ratio between the methane flow rate and the 

amount of catalyst in the bed was kept the same as found with experiments in the 

SSPB (2.26 kgCH4h-1kgcat-1). In this way, considering 1 l/min as flow rate of CH4, a bed 

composition with 16.7 wt.% of catalyst and 83.3 wt.% of sorbent was chosen.  

Figure 4.9 shows the results of the sorption-enhanced reforming step with S/C = 3, 

650 °C and 1 l/min of CH4. Around 93 vol.% of H2 (dry basis) is formed during the 

pre-breakthrough time and almost full conversion of methane is reached (Figure 

4.9a). A distinctive temperature profile is formed along the reactor, as shown in 

Figure 4.9b. In the first part of the bed the temperature decreases since all the CaO 

is already converted to CaCO3 and therefore the only reactions which dominantly 

take place are SMR and WGS with an overall endothermic behavior. The gas mixture 

moves along the bed till the part where active CaO is still present. The carbonation 

reaction takes place from this particular point consuming the CO2. The removal of 

CO2 enhances the shift of SMR and WGS reactions, leading to the high methane 

conversion towards hydrogen. The overall reaction becomes slightly exothermic and 

a temperature increase is observed. The temperature peak decreases while moving 

towards the end of the reactor resulting in a quite constant outlet temperature 

profile, as can be seen in Figure 4.9c.  

A repetition of experiments with the same conditions was executed to investigate 

the influence of performing multiple cycles with the same bed. Figure 4.9d shows 

the outlet H2 and CO2 fractions as a function of time for 5 different experiments with 

a difference of more than 20 cycles between the first and the last experiment. Not 

many discrepancies during the pre-breakthrough phase are observed between the 

different experiments. All experiments show a rapid increase with respect to the 

fraction of hydrogen and reach the SER equilibrium which belongs to these 

conditions. The length of the flat pre-breakthrough region and the start of the 

breakthrough determines the CO2 carrying capacity of the sorbent. It can be clearly 

observed that the capacity performance reduces after every cycle. Experiments 26 

and 27 show almost the same behavior, which suggests that the activity of the 



86  

 

sorbent reaches an acceptable stability after about 30 cycles, which is in accordance 

with what was found in the small setup and also with what was reported in 

literature [99]. In all these experiments, the SMR equilibrium was not achieved. This 

could be related to an insufficient amount of catalyst for the SMR stage although the 

amount of catalyst (and sorbent) was sufficient to reach the SER equilibrium, as the 

effect of CO2 removal during the SE stage could mask possible kinetic limitations of 

the Ni catalyst during the SMR stage. 

 
Figure 4.9: SER at medium scale with S/C = 3, 650 °C and 1 l/min of CH4: a) outlet gas profiles compared 

with the model; b) axial temperature profiles compared with the model; c) outlet temperature profile 

compared with the model; d) H2 and CO2 outlet molar fraction for different experiments. 

Simulations with the pseudo-homogeneous model were performed under the same 

conditions as the experiments and a good agreement was found with the 

experimental results (Figure 4.9a-c).  
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Experiments at different temperatures were also performed in the MSPB, where the 

same trends as observed in the small reactor was found and the best performance 

was again found for temperatures between 600 and 650 °C.  

Moreover, the effect of the steam-to-carbon ratio in the MSPB was investigated, since 

the steam could be fed without N2 dilution. A good balance between operational 

costs and performance is expected for a S/C ratio ranging from 3 to 5. Figure 4.10 

shows the outlet H2 and CO2 fractions and the temperature profiles for a S/C ratio of 

3, 4 and 5. The performance in terms of H2 yield and CH4 conversion increase slightly 

with S/C ratio. In numbers, S/C ratio of 3 yields 93 vol.% H2 compared to 96 vol.% of 

H2 with S/C 5, on a dry basis. The observed increase in the H2 yield is in line with all 

equilibrium compositions for the different ratios, an indication of the feasibility of 

the catalyst to operate well under all these tested conditions. The SMR equilibrium 

is not reached in these experiments, however the trend of the lines follows the 

theoretical equilibrium predictions. The effect of the S/C ratio of the temperature 

profiles is rather small, and the prediction of the model corresponds with the 

experimental observations.  

 

Figure 4.10: Outlet gas (a) and temperature (b) profiles of SER at different steam to carbon ratio: 

comparison between experiments and model. T = 650 °C, 1 l/min of CH4. 
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4.4.3 Complete cycles  

Complete cycles of the Ca/Cu process were performed at medium scale with all the 

solids in the bed (catalyst, CO2 sorbent and oxygen carrier).  

In Figure 4.11 the gas composition (dry basis) and the temperature at the outlet of 

the reactor during the SER step are shown and compared with model predictions.  

 
Figure 4.11: Comparison between experimental and model results for step A: outlet gas composition 

(a), outlet temperature (b) and axial temperature profiles inside the bed (c). S/C = 3, 650 °C, 1 bar. 
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Figure 4.11, a lower hydrogen fraction (only 89 vol.%) than what was found for the 

case without Cu (93 vol.%) is obtained during the SER. This is due to the fact that 

not enough catalyst is present in the bed due to the dilution of the bed with oxygen 

carrier, since also during the SMR stage, the hydrogen fraction and the methane 

conversion are lower than in the previous case. A lower flow rate could improve the 

performance, but it was not possible to feed less than 1 l/min of methane due to 

limitations of the setup. The model predicts the experimental results quite well, both 

the outlet profiles and the profiles along the bed.   

 
Figure 4.12: Comparison between experimental and model results for step B: outlet gas composition 

(a), outlet temperature (b) and axial temperature profiles inside the bed (c). 2 vol.% O2, 650 °C, 1 bar. 
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work at low temperatures and O2 fractions and at high pressures. In this setup, only 

atmospheric pressure can be used, and a limitation on the flow rate of O2 limits the 

range of experiments. In Figure 4.12 the gas molar dry fraction and the temperature 

at the outlet of the reactor are plotted for the case with 2 vol.% of O2 in the inlet and 

650 °C. As can be seen, some CO2 is lost in this step. This is undesired, but very 

difficult to be avoided because of the operation at atmospheric pressure. However, 

with a lower initial temperature and a lower O2 fraction in the feed the amount of 

CO2 lost is reduced. In Figure 4.12c the progress of the reaction front can be seen 

from the axial temperature profiles inside the bed. The temperature peak due to the 

oxidation reaction is moving towards the end of the bed, while Cu is transformed in 

CuO. Simulations with the pseudo-homogeneous model were performed and, as 

shown in Figure 4.12, also for the oxidation step the model predicts the experimental 

results quite well.  

After oxidation of the Cu, the regeneration step is carried out, and all the CO2 is 

released by the sorbent thanks to the heat provided by the exothermic reduction of 

CuO. Atmospheric pressure and high temperatures are preferable in this step. For 

the same reason as in the oxidation step the temperature was kept at 650 °C. A total 

inlet flow rate of 4 l/min with 50 vol.% of H2 (the rest was N2) was used. In Figure 

4.13 the gas composition (dry basis) and the temperature at the outlet of the reactor 

are shown. As can be seen, during the first 200 seconds (Figure 4.13a) no CO2 is 

released. This is due to the fact that since the bed is already partially calcined in the 

previous step (oxidation step), the CO2 released at the beginning of the bed reacts 

with the CaO available after the reaction front, causing a large temperature peak (see 

Figure 4.13c).  

Once the reaction front of the reduction reaches the CaCO3, CO2 starts being released 

again. The H2 fraction after the breakthrough (Figure 4.13a) does not reach exactly 

50 % as expected. This is explained by the fact that some CO2 is still released after 

the breakthrough which reacts with the H2 and forms some CO and steam via the 

reverse water gas shift reaction. Again, Also for this case the reactor model predicts 

both the evolution of the outlet gas composition and temperature obtained in the 

experiments well. 
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Figure 4.13: Comparison between experimental and model results for step C: outlet gas composition 

(a), outlet temperature (b) and axial temperature profiles inside the bed (c). 50 % H2, 650 °C, 1 bar. 

4.5 Conclusions 

In this chapter the Ca-Cu process has been study experimentally using a CaO-based 

synthetic sorbent supported on mayenite (Ca12Al14O33), a Ni-based reforming 

catalyst supported on CaAl2O4, and a Cu based solid supported on Al2O3. The 

sorption-enhanced reforming step has been study at two different scales (small and 

medium) and complete cycles have been performed in the medium scale packed-

bed reactor.  

At small scale the effects of bed composition, operating temperature and methane 

residence time on the performance of the SER have been studied. Experimental 

results indicate that a bed containing 27.5 wt.% catalyst and 72.5 wt.% sorbent and a 

residence time of 1.2 seconds (or methane flow rate of 0.05 l/min) for optimum 
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reactor performance, which correspond to 2.26 kgCH4h-1kgcat-1 as methane space 

velocity in accordance with literature [99]. Operation in the temperature influence, 

temperature range from 600 to 650 °C was found optimal for SER. At higher 

temperatures, carbonation and water gas shift reactions are relatively slow leading 

to a significant CO exit fraction and a longer breakthrough period until the sorbent 

is completely saturated. 

At medium scale, the effect of the steam-to-carbon ratio and the temperature on SER 

was evaluated. When increasing the S/C ratio, the hydrogen fraction during the pre-

breakthrough period increases, however, the increase is not very pronounced. With 

a S/C ratio of 3 the equilibrium concentration is somewhat lower, but with an evident 

advantage in reduced operating costs for steam generation compared to operation 

with a S/C ratio of 5. The same conclusions from the results with the small-scale 

reactor have been found regarding the effect of the operating temperature.  

In addition, complete cycles of the Ca-Cu process were performed in the medium 

scale packed bed reactor. The H2 fraction produced during the SER step was 

somewhat lower related to the decrease in the amount of sorbent in the bed due to 

the presence of the oxygen carrier. During the oxidation step some CO2 release could 

not be avoided because of the low operating pressure. However, the Ca-Cu process 

was successfully demonstrated experimentally at medium scale.  

Simulations with the 1-D pseudo-homogeneous model described in Chapter 2 were 

performed for all the conditions used in the experiments and a good agreement 

between the model and experimental results was found. The validated model will 

be used for further studies at industrial scale in Chapter 6 and 7.  
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Abstract 

In this chapter a proof-of-concept of the Ca-Cu process was carried out. Each step 

was studied at different pressures and inlet gas compositions, while complete 

cycles (including all process steps) were performed to evaluate the feasibility of the 

complete process. 

The pressure influences the sorption-enhanced reforming step negatively, while 

the S/C ratio does not influence the average outlet H2 (dry) fraction. When 

increasing the inlet O2 concentration during the oxidation step, the amount of CO2 

released increases, whereas increasing the pressure decreases the amount of CO2 

released. In the regeneration step, increasing the H2 fraction in the feed increases 

the amount of sorbent that is regenerated, reaching 70 wt.% of the sorbent in the 

bed with 60 vol.% H2 in the feed. More than 285 cycles were performed, the solids 

were still chemically performing well and the results were still reproducible. 

Simulations with a pseudo-homogeneous reactor model were performed for all the 

separate steps. The model does not describe the experimental data well, which was 

attributed to problems with the packing of the bed at the bottom of the reactor 

(solids maldistribution), which was confirmed after opening the reactor after the 

experimental campaign. The problems with the packing of the bed was caused by 

problems with the chemical-mechanical stability of the oxygen carrier, which 

became a powder after the experiments due to the high mechanical stress it was 

exposed to.  
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5.1 Introduction 

In Chapter 4 the Ca-Cu process was successfully demonstrated experimentally at 

medium scale. All the experiments were performed at atmospheric pressure and the 

bed temperature was regulated by ovens placed around the reactors. Industrially, 

no external heat to the reactor bed would be supplied, but only the inlet gas would 

be heated up to the desired temperature. Moreover, in order to achieve a high H2 

production yield during the sorption-enhanced reforming step [45] and to limit the 

CO2 release during the oxidation step, high pressures are required [94]. In all the 

experimental works presented in the literature [97,99,100], external heat was 

supplied in order to perform the experiments. Grasa et al. [99] studied the SER step 

at pressures between 3 and 9 bar, while Diez-Martin et al. [100] performed complete 

cycles at 10 bar. However, all these studied were performed at small scale and none 

of the work presented in the literature is done in reactors bigger than 3.8 cm in 

diameter.  

In this chapter a proof-of-concept of the Ca-Cu process is provided under 

industrially more relevant conditions. Each step has been studied at different 

pressures and inlet gas compositions. Moreover, complete cycles were performed to 

evaluate the feasibility of the entire process. Finally, with the help of the 1-D pseudo-

homogeneous model an evaluation of the performance of the solids was carried out.  

 

5.2 Materials and methods 

5.2.1 Experimental setup 

The experimental device used in this work is a tubular packed bed reactor (1.6 m 

long, outer and inner diameters 0.4 and 0.063 m, respectively) constructed by Array 

Industries BV and the reactor can be operated with a maximum temperature of 

1200 °C and a pressure of 10 bar without external heat supply. A schematic overview 

is provided in Figure 5.1. The solids are packed in an Inconel tube (liner) with a wall 

thickness of 6 mm. The outer carbon steel reactor wall is used to allow operation at 

higher pressures. To decrease heat losses a thick layer of insulation material (Isofrax 

160 kg/m3) surrounds the liner and the reactor wall is heated with tracers at 300 °C. 

Moreover, the bottom flange of the reactor was completely covered with vermiculite.  
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Figure 5.1: Picture (a) and schematic overview (b) of the packed bed reactor setup and schematic 

overview of the cross section (c). 
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avoid that the reactant gases enter the reactor shell, and to equalize the pressure 

between the two zones in the reactor, a small N2 flow of 2 Nl/min is fed to the shell 

and mixed with the reactor gases at the reactor exit. A schematic representation of 

the reactor cross section is given in Figure 5.1c. As appreciated in this scheme, there 

is a tube (0.7 m long, and outer diameter of 0.014 m) inside the reactor with 20 K-

type thermocouples (Rössel, 1.5 mm thermocouples) to measure the temperature at 

different axial positions in the bed. The thermocouples are surrounded by an Inconel 

protection layer (2 mm) and some air is present between the protection layer and the 

thermocouples. Functional solids are placed in the zone where the axial temperature 

is monitored (up to 80 cm), whereas in the rest of the reactor (i.e., below and above 

the functional materials) an inert material (clay granules) has been used.  

The feed gas flow rate and its composition are controlled by the corresponding mass 

flow controllers. The feed gas is heated up to the desired feed temperature by two 

2.2 kW electric ovens, which are installed in series upstream of the reactor, as 

indicated in Figure 5.1. For the steam production, demineralized water is 

pressurized by a HPLC pump and mixed with the gas stream in the oven. The pipe 

between the oven and the reactor is traced with high-temperature tracing to 

minimize the temperature decrease of the feed gas between these components. The 

reactor outlet gases are cooled through an air cooler (pipe with fins) and a water 

cooler, where steam is condensed and separated from the gas phase. A digital back 

pressure regulator is used to control the system pressure. Downstream the pressure 

regulator, the dried gas is sent to an infrared SICK analyzer and a CO and O2 

paramagnetic analyzer (Siemens Ultramat 23) working in parallel. The residence 

time in the ovens, coolers and lines to the analyzers is about 1 min, which is 

subtracted from the experimental data. All the setup is automated and can be run 24 

hours per day for more than 500 cycles.  

5.2.2 Experimental procedure 

The packed bed reactor described above was used to prove the feasibility of the Ca-

Cu process at larger scale (TRL5) under industrially relevant operating conditions. 

For these experiments a Ca-based solid supplied by Carmeuse was used, while as 

catalyst and oxygen carrier the same Ni-catalyst (17 wt.% of Ni on Al2O3) and Cu-

based material as used in the experiments at smaller scale (Chapter 4) were utilized. 

The reactor was filled with 2.6 kg of a mixture of these solids with a particle size of 

around 3 mm. The composition of the bed was calculated to have 4 wt.% of Ni and 
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a Cu/CaO molar ratio of 2.1 and it results in 23.5 wt.% of catalyst, 54.5 wt.% of CO2 

sorbent and 22 wt.% of oxygen carrier.  

Before performing the experiments, the catalyst was activated by running some 

cycles of oxidation/reduction with O2 and H2 diluted in N2 respectively, and the 

sorbent was aged with some cycles of carbonation/calcination with CO2 diluted in 

H2. To activate the catalyst a temperature of around 900 °C during the reduction was 

required. Although the maximum initial bed temperature reachable is only around 

600 °C, due to the absence of external heating around the reactor, 900 °C was reached 

inside the reactor due to the exothermicity of the reduction reaction of the CuO.  

The performance of the sorption-enhanced reforming step was studied by feeding 

mixtures of CH4 and steam both at 2 and 7 bar. A constant CH4 flow rate of 4 Nl/min, 

which corresponds to 1.7 kg CH4 h-1 kg cat-1, was used and the steam flow rate was 

varied in order to change the steam-to-carbon ratio. Although higher space velocities 

(up to around 2.5 kg CH4 h-1 kg cat-1) are allowed, as seen from the studies at lower 

scale (Chapter 4), in this case the flow rate was limited by restrictions of the setup, 

where the production of steam flow rates was difficult. Before starting the SER step, 

the bed was heated to around 600 °C with a flow rate of N2 of 100 Nl/min, and after 

that steam is sent to the reactor together with a small amount of H2 to avoid the 

oxidation of the catalyst. If the experiment is carried out at high pressure, during the 

heating up also the pressure is built up. To regenerate the CaCO3, oxidation and 

reduction were carried out with 100 Nl/min of 5 vol.% of O2 in N2 and 40 vol.% of H2 

in N2, respectively.  

To study the oxidation step, a total flow rate of 100 Nl/min with different vol% of O2 

were fed to the reactor. In order to start always with the same conditions and with 

the same amount of CaCO3, after the oxidation step the bed was reduced by feeding 

100 Nl/min of 20 vol.% of H2 in N2 and then the sorbent was carbonated with 100 

Nl/min of a mixture of CO2 and N2 (10 vol.% CO2). Even when the oxidation step 

was investigated at high pressure (2 bar or 7 bar), both reduction and carbonation 

steps were carried out at 2 bar.  

The regeneration step was investigated by feeding 100 Nl/min of a mixture of H2 and 

N2 in different proportions. Afterward, the Cu and the Ni were oxidized with 5 vol% 

O2 in N2 and 100 Nl/min and subsequently, the CaO was carbonized with 10 vol% 

CO2 in N2 and 100 Nl/min.  
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While in the experiments described above the duration of the step was set longer 

than the breakthrough time, complete cycles were performed switching the steps at 

the breakthrough time in order to study the process at industrial conditions. During 

the SER 16 Nl/min were fed to the reactor with a S/C of 3, 100 Nl/min with 5 vol.% 

of O2 in N2 were used for the oxidation step and the regeneration step was carried 

out using 100 Nl/min of a mixture with 40 vol.% of H2 in N2. Between each step a 

purge of 2 minutes with 100 Nl/min of N2 was used.  

In all cases and for each condition studied more than 10 cycles have been performed 

in order to reach steady state and to be able to compare the data at different 

operating conditions.  

The experimental error is calculated over the complete cycle of an experiment using 

Eq. (4.1) (Chapter 4) and values between 5 and 10 % were found for all the 

experiments reported in this chapter. These values are higher than in the 

experiments carried out at smaller scale (Chapter 4) due to the higher complexity of 

the setup but deemed quite acceptable for a proof-of-concept. 

5.3 Model description 

The one-dimension pseudo-homogeneous model (PHM) described and used in 

Chapter 2 [94] and Chapter 4 was used to describe the performance of the packed 

bed reactors used to run the experiments. In this case no oven is placed around the 

reactor, hence the heat losses needed to be taken into account. Two energy balances 

were therefore included in the model to describe the temperature inside the reactor 

as described by Hamers et al. [106]. The first energy balance, given in Eq. (5.1), is 

solved to calculate the evolution of the axial temperature profile of the gas and solids 

inside the reactor (and the thermocouple), while the second energy balance Eq. (5.2) 

is solved for the axial temperature profile of the liner. Heat transfer between the 

reactor and the liner is accounted for with αrl = 90 W/m2/K and between the liner and 

the surroundings with αls = 4.5 W/m2/K.  
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The thermocouple has a significant heat transfer resistance and due to this, there is 

a delay in the temperature measurement of around 45 seconds. Because of this 

response time and the presence of heat losses, the maximum temperature reached in 

the reactor is never actually measured. This is taken into account in the model via 

Eq. (5.3) [106].  
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5.4 Experimental results and discussion 

The main objective of the proof-of-concept is to perform more than 100 complete 

cycles, meaning consecutive SER, oxidation and reduction steps. First each step has 

been studied separately, and then complete cycles have been performed to prove the 

feasibility of the process.   

5.4.1 Sorption enhanced reforming step 

Sorption-enhanced reforming has been studied under three different steam-to-

carbon ratios (S/C 3, 4 and 5) and two different pressures (2 and 7 bar). In Figure 5.2a 

the gas and temperature outlet profiles of the SER step at 2 bar and S/C 3 are shown 

for different cycles. As can be seen, all the curves of the different experiments are 

perfectly matching which means that indeed steady state is reached after a few 

cycles. The SER equilibrium was reached during the operation of this hydrogen 

production stage, and H2 contents of 97.5 vol.% (on dry basis) were reached. The 

temperature change in the bed is quite small (around 30 °C), as can also be seen in 

the axial temperature profiles (Figure 5.2b), and this is caused by the high heat losses 

present in the bed.  
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Figure 5.2: Gas and temperature outlet profile of 6 consecutive experiments (a) and axial temperature 

profile inside the bed (b) for the SER step with S/C = 3, 600 °C, p = 2 bar. 

 

 
Figure 5.3: Gas and temperature outlet profiles for the SER step with different S/C at 2 bar (a) and 7 

bar (b). 

Figure 5.3 shows the results of the experiments under different S/C ratios and 

operating pressures. At both pressures, the S/C ratio does not influence the H2 outlet 

composition. This is in disagreement with what was found in the previous chapter, 

where an increase in the S/C ratio resulted in an increase in the H2 fraction. As can 

be observed in Figure 5.3, the temperature decreases with an increase in the S/C 

ratio, and therefore the positive effect of the S/C ratio on the H2 fraction is cancelled 

by the temperature decrease. This is because in this case to produce the steam the 

water is sent to the oven where the gas is heated up, so it takes sensible heat, which 

is higher, the higher the amount of steam to be produced. Increasing the pressure, 
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the SER is less favored, as expected by thermodynamics and the H2 content in the 

outlet gas decreased to 93.5 vol.%. The gas composition stabilizes at 93.6 vol.% H2, 

5.9 vol.% CH4, 0.17 vol.% CO and 0.33 vol.% CO2 (on dry basis) when operating with 

S/C=3 at 7 bar, which are similar conditions to those tested at smaller scale by Diez-

Martin et al. [100]. The breakthrough is a bit retarded for the case at high pressure 

since the CO2 produced by steam reforming and water gas shift is lower.  

5.4.2 Oxidation step 

The oxidation step was studied under different concentrations of oxygen: 3 vol.%, 5 

vol.%, and 10 vol.%, and two different pressures: 2 bar and 7 bar. Figure 5.4a shows 

the gas and temperature outlet profiles of the oxidation step of different cycles at 2 

bar and 3 vol.% O2. Also in this case, steady state is reached, since both the 

temperature and the gas profiles are the same for all the cycles. Full conversion of 

oxygen is reached, while CO2 is released due to the high temperatures reached in 

the bed and the low pressure. From the axial temperature profiles inside the bed 

(Figure 5.4b) it can be seen that the temperature is increasing due to the oxidation 

reaction and a heat plateau is formed. This is because the reaction front is faster than 

the heat exchange front.  In the first part of the bed, the temperature is quite constant 

and lower than in the rest of the bed. This is attributed to the non-uniformity of the 

solid’s distribution in the bed and this will be discussed further in Section 5.5.  

 
Figure 5.4: Gas and temperature outlet profile of 6 different experiments (above) and axial temperature 

profile inside the bed (b) for the oxidation step with 3% of O2, 650 °C, p = 2 bar. 
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Figure 5.5: Gas and temperature outlet profiles for the oxidation step at different O2 concentrations at 

2 bar (a) and 7 bar (b). 

In Figure 5.5 a comparison between the different concentrations of oxygen at 2 bar 

and 7 bar is shown. At both pressures, when increasing the O2 concentration in the 

feed gas, the maximum temperature reached within the solid bed increases due to 

the increase of the heat of reaction. Hence, the higher the O2 concentration, the higher 

the amount of CO2 released, whereas when increasing the pressure, the amount of 

CO2 released decreases in accordance with what was found in Chapter 2 [94]. A 

lower amount of O2 would decrease the amount of CO2 released, but this cannot be 

achieved with the current setup due to limitations of the mass flow controllers.  

The results obtained are in accordance with literature [98,100] where the same step 

was studied in smaller reactors under similar conditions.  

5.4.3 Regeneration step 

The aim of the reduction step is to release the highest amount of CO2 possible. This 

can be done by increasing the temperature inside the reactor, working at low 

pressure and varying the inlet composition. Due to the fact that the reactor is not 

heated by ovens but only with hot gas, and that the heat losses are very high, the 

maximum temperature that can be reached in the bed before starting the reaction is 

around 650 °C.  The lowest pressure that can be achieved in the reactor is 2 bar, due 

to the pressure drops of the reactor itself and of all the tubing downstream. The only 

operating condition that can be varied is the gas composition. Although the reaction 

that gives the higher amount of heat is the reduction of CuO with CO, H2 was used 

as reacting gas since it was not possible to feed high flow rates of CO in the setup. 
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To be able to calcine the CaCO3 the stochiometric Cu/CaO molar ratio is 1.8 if 

hydrogen is used. In this case a Cu/CaO molar ratio of 2.1 was chosen condirering 

the relatively high heat losses.  

 
Figure 5.6: Gas and temperature outlet profile of 7 consecutive experiments (a) and axial temperature 

profile inside the bed (b) for the reduction step with 40% H2, 650 °C, p = 2 bar. 

  

Experiments with a H2 fraction of 20 vol.%, 40 vol.% and 60 vol.% have been carried 

out. Figure 5.6a shows the gas and temperature outlet profiles of the regeneration 

step of different cycles at 2 bar and 40 vol.% of H2. As can be seen steady state is 

reached also in this case, H2 is fully converted during the pre-breakthrough and CO2 

is released as expected. Around 58 wt.% of the sorbent is regenerated under these 

conditions. From the axial temperature profiles (Figure 5.6b) the reaction front can 

be seen moving towards the end of the bed. A peculiar behavior is observed in the 

first part of the bed and this is again attributed to a problem of non-uniform solids 

distribution of the reacting bed, as will be explained in more detail later.  

In Figure 5.7 the results for different H2 compositions are compared. When 

increasing the hydrogen fraction, more CO2 is released, since the temperature 

reached in the reactor is higher. With 20 vol.% of H2 53 wt.% of the sorbent is 

regenerated, while with 60 vol.% of H2 almost 70 wt.% of the sorbent is regenerated. 

Moreover, the breakthrough is sharper, and the amount of CO2 released before the 

H2 breakthrough is higher. Further increasing the H2 fraction would result in a 

higher amount of CO2 released. But, also in this case, this condition could not be 

tested in the current setup, due to a limitation in the mass flow controller.  
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Figure 5.7: Gas and temperature outlet profiles for the reduction step at different H2 concentrations 

and 2 bar. 

5.4.4 Complete cycles 

Complete cycles have been carried by switching the steps at the breakthrough, in 

order to mimic the industrial situation. Figure 5.8a shows a complete cycle at 2 bar. 

Compared to the single steps described in the previous sections, in this case the 

temperature reached is higher than in the previous cases, since the bed is not cooled 

down by unreactive gas. Therefore, at 2 bar the H2 fraction during SER is lower than 

in Figure 5.2a where the temperature is more than 150 °C higher, but the H2 fraction 

is still above 90 %. At 7 bar, the outlet temperature is lower than the case at 2 bar 

because of the pressure build-up and release. As can be seen in Figure 5.8b the 

temperature is decreasing during these two moments (PI and PD).  

Comparing Figure 5.8a and b, it can be clearly seen that at higher pressure the steam 

reforming is the limiting reaction, since unconverted CH4 is in the outlet stream, 

while in the case at low pressure the water gas shift and carbonation reactions are 

the limiting reactions due to the high temperatures reached in that case. Regarding 

the oxidation step, also in this case, confirming what was found above, less CO2 is 

released at higher pressure. The reduction step was carried out in both cases at 2 bar, 

and similar behavior was found for both cases.  

It can be concluded that the process is feasible, since the sorbent is regenerated 

successfully enabling to carry out the sorption-enhanced reforming with production 

of hydrogen fractions on dry basis higher than 90 vol.%.   

0 5 10 15 20
0

20

40

60

80

100

CO2

H2

G
a

s
 d

ry
 m

o
la

r 
fr

a
c
ti
o

n
, 

%

Time, min

 20 % H2  40 % H2  60 % H2

T

0

100

200

300

400

500

600

700

800

900

T
, 

°C



106  

 

 

Figure 5.8: Gas and temperature outlet profiles of a complete cycle at 2 bar (a) and 7 bar (b). P: purge; 

S: steam build-up; PI: pressure increase; PD: pressure decrease; SER: S/C = 3, 16 l/min; Ox: 5 vol.% O2, 

100 l/min; Red: 40 vol.% H2, 100 l/min. 

5.4.5 Reproducibility 

The total number of complete cycles that was carried out was more than 250 (thus 

more than double the required number in the DoW of the ASCENT project). Figure 

5.9 and Table 5.1 show a comparison between the results for different cycles (cycles 

100, 185 and 285) both for the SER and regeneration steps. As can be seen in the case 

of SER, after 285 cycles the H2 produced before the breakthrough is still above 95 

vol.%. At cycle 100 the breakthrough happens later than for the other two cases 

because more CaO is available. This can be due to fact that the capacity of the sorbent 

decreased with the number of cycles or because of maldistribution of the solids in 

the bed leading to less CaO accessible. Regarding the reduction step the pre-

breakthrough and the breakthrough are very similar for all the three cycles. At cycle 
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100 more CO2 is released, and therefore the maximum temperature is lower, for the 

same reason as explained above.  

It can be concluded that after 285 cycles, the solids are still chemically performing 

well and the results are still reproducible.  

 
Figure 5.9: Gas and temperature outlet profiles for the SER step (a) with S/C 3 and 2 bar and reduction 

step (b) with 40 vol.% H2 and 2 bar for different cycles.  

  
Table 5.1: Comparison between different cycles. Conditions SER: S/C = 3, 2 bar, 16 l/min; Conditions 

reduction: 40 vol.% H2, 2bar, 100 l/min.  

Cycle number 100 185 285 

% H2 during pre-

breakthrough in SER 
97.4 97.5 95.6 

Pre-breakthrough 

time in SER, min 
8 5 5 

Tmax,out in SER,  

°C 
666 669 668 

Pre-breakthrough 

time in Reduction, min 
3 3 3 

Tmax,out, in Reduction,   

°C 
760 773 772 
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5.5 Modeling results and discussion 

Simulations have been performed with the pseudo-homogeneous model for the 

different steps. Figure 5.10a compares the experimental and calculated outlet 

profiles for the SER step. As can be seen only in the first 5 minutes the simulation 

results match quite nicely the experimental data, although the simulated hydrogen 

fraction is 2.5 % lower than in the experiment. After the breakthrough the hydrogen 

fraction calculated by the model is much lower than the one found in the experiment 

(55 vol.% compared to 70 vol.%), since the methane conversion is very low due to 

the low temperature reached in the bed (400 °C). The maximum calculated 

temperature is around 720 °C, which is around 50 °C higher than the one reached 

during the experiment. In addition, it can be noted in Figure 5.10a, that the pre-

breakthrough in the simulation is about 10 minutes longer than in the experiment, 

suggesting that most probably the experimental bed is shorter than what assumed 

in the simulations.  

To better understand why the model does not describe the experimental data for the 

SER step adequately, simulations of only the carbonation step have been carried out 

and the results have been compared with the experimental results. Figure 5.10b 

shows the comparison for the case with 10 vol.% CO2 at 2 bar. When using an 

efficiency of 0.6 for the carbonation, the outlet profiles of CO2 match quite well, 

although some slip of CO2 is present in the case of the simulation, while in the 

experiments full conversion of CO2 is reached in the first minute. The temperature 

calculated by the model is around 100 °C higher than the experimentally observed 

temperature. Decreasing the reaction rate by reducing the efficiency, the 

temperature slightly decreases (around 10 °C), but the temperature is still much 

higher than the one observed during the experiment. Moreover, in this case the CO2 

slip is higher than the previous case. From this evaluation it seems that the 

discrepancy is caused by an underestimation of the simulated heat losses in 

comparison to the actual heat losses present in the reactor. This could be an 

explanation why the outlet gas profiles calculated by the model for the SER do not 

match the experimentally determined profiles.  



5. Experimental demonstration of the Ca-Cu looping process  – 109 

 

 

 
Figure 5.10: Gas and temperature outlet profiles during SER step (a) and carbonation (b) compared 

with the simulations results. SER: S/C = 3, 2 bar. Carbonation: 10 vol% CO2, 2 bar. 

 
Figure 5.11: Gas and temperature outlet profiles during oxidation (a) and regeneration (b) steps 

compared with the simulations results. Oxidation: 10 vol.% O2, 2 bar. Reduction: 60 vol.% H2, 2 bar. 

Oxidation and regeneration steps have been simulated with the model as well. 

Figure 5.11 shows the comparison between the outlet profiles calculated by the 

model and measured during the experiments. The main difference is found in the 

amount of CO2 released: the calculated amount is much higher than the one found 

in the experiments. In the case of the oxidation step (Figure 5.11a) the amount of CO2 

released calculated by the model is around 4 times higher than the one found in the 

experiments. By decreasing the calcination reaction rate (using an efficiency of 0.3) 

the amount of CO2 released decreases slightly, but the maximum temperature is 

increased. The breakthrough of the O2 calculated by the model is sharper than the 

experimentally observed, suggesting that most probably the oxidation kinetics used 

in the model is overpredicting the actual kinetics. Simulations with slower kinetics 
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(with an efficiency of 0.3) have been performed. A lower temperature, slightly less 

CO2 released and O2 slip since the beginning are found. The same trends have been 

found for the regeneration step (Figure 5.11b). This indicated that the kinetics of 

oxidation and reduction are well represented in the model, since full conversion is 

reached during the pre-breakthrough.  

In all cases the breakthrough in the experiments starts before the breakthrough in 

the simulations. Moreover, after the breakthrough some reaction is still occurring in 

the experiments carried out. This could be due to the maldistribution of the solids 

caused by the packing of the bed at the bottom of the reactor.   

To verify this hypothesis, the reactor was opened after the experiments and the 

material inside was investigated. Figure 5.12a shows a picture of the reactive bed 

from the top of the reactor. As can be seen, particles can no longer be discerned, but 

instead a compact bed is found. A drill was used to remove the material and towards 

the end of the bed (at the bottom of the reactor) chunks as the one pictured in Figure 

5.12b were found. The shape suggests that the material melted around the 

thermocouple. The gas was therefore flowing in preferred channels instead of 

homogeneously across the bed. This explains the peculiar behavior observed in the 

axial temperature profiles in the experiments and described in Section 5.4. The 

temperature in that part of the bed was lower due to the higher gas velocity caused 

by the maldistribution of the packing of the bed. Additionally, this confirms the 

hypothesis of the increase in mass transfer limitations, since the solids within the 

chunk were not easily accessible to the reactive gas.  

 
Figure 5.12: Pictures of the reactor bed from the top (a) and of a chunk that came out of the reactor (b). 

The cause of the problems with the packing of the bed is attributed to the chemical-

mechanical stability of the oxygen carrier. As shown in Figure 5.13d, both the Ni 

catalyst and the CO2 sorbent (CaO) are in the same state as the fresh material (Figure 

a) 

63 mm 
10 mm 

b) 
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5.13a and b) whereas the Cu-based particles can no longer be found separately. A 

red powder (due to the conversion of Cu to CuO) is found instead. This behavior 

was not observed in the experimentations at smaller scale (Chapter 4). In the bigger 

reactor larger amount of solids was used, causing the solid particles to be subjected 

to higher stresses, together with high temperatures, high pressure and large number 

of cycles performed.  

 
Figure 5.13: Picture of fresh CaO (a), Ni catalyst (b), Cu oxigen carrier (c) and used materials (d). 

5.6 Conclusions  

In this chapter a proof-of-concept of the Ca-Cu process was aimed for. Each step has 

been studied at different pressures and inlet gas compositions, and complete cycles 

were performed to evaluate the feasibility of the entire process. 

The pressure influences negatively the sorption-enhanced reforming step, 

decreasing the purity of H2 in the outlet stream, while the S/C ratio does not 

influence the outlet H2 fraction. During the oxidation step, if the inlet O2 

concentration increases, the amount of CO2 released increases, while increasing the 

pressure decreases the amount of CO2 released. In the regeneration step, increasing 

the H2 fraction in the feed increases the amount of sorbent regenerate, reaching 70 

wt.% of the sorbent in the bed with 60 vol.% H2 in the feed.  

The complete cycles prove the feasibility of the process since the sorbent is 

regenerated successfully enabling to carry out the sorption-enhanced reforming 

with production of fractions of hydrogen on dry basis higher than 90 vol.%. After 

285 cycles the solids are still chemically performing well and the results are still 

reproducible.  

Simulations with the pseudo-homogeneous model were performed for all the steps. 

The model does not describe the experimental data adequately. This is attributed to 

a maldistribution of the packing of the bed at the bottom of the reactor, which was 

Ni CaO 

a) b) c) d) 
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confirmed after opening the reactor after the experimental campaign and checking 

the solids inside it. The problems of the packing of the bed was attributed to the 

limited chemical-mechanical stability of the oxygen carrier, which became a powder 

due to the high mechanical stresses the material was exposed to. Although the 

material was still chemically performing well, it is not suited for industrial purposes. 

This could lead to high pressure drops and losses in energy efficiency or even safety 

problems. An oxygen carrier with higher chemical-mechanical strengths is therefore 

needed for this process. A possible solution could be to decrease the amount of CuO 

in the oxygen carrier partcles. Thus, also the melting point of the material is 

increased, increasing the strength at high temperatures. Alternatively, other 

supports could be used, such as silica [98].   
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Abstract 

To investigate the overall carbon capture efficiency of the Ca-Cu process, 

simulations with a 1D dynamic pseudo-homogeneous reactor model were 

performed for the different steps of the Ca-Cu process. It is demonstrated that the 

formation of a high temperature plateau during the sorption-enhanced reforming 

step of the process, caused by the decoupling of the steam methane reforming and 

the carbonation reactions at different positions along the bed, limits the carbon 

capture efficiency that can be achieved with this process. Concretely, a maximum 

overall carbon capture efficiency of almost 82% could be obtained with the selected 

operating conditions for the Ca-Cu process. With the aim of improving the capture 

efficiency, a novel alternative scheme for the Ca-Cu process has been proposed, 

consisting in splitting the sorption-enhanced reforming step into two steps with 

inter-stage cooling. Simulations of this new scheme demonstrated that an overall 

carbon capture efficiency of 88% can be achieved.  
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6.1 Introduction 

The inherent characteristics of the Ca-Cu process regarding operating pressure and 

hydrogen purity make it suitable for both hydrogen and power production [42]. A 

detailed and comprehensive full process design of a large-scale hydrogen 

production plant based on the Ca-Cu process has been already addressed in the 

literature [107], based on simplified reactor models that calculate the mass and 

energy balances of the different process steps [44]. A low-emission power 

production plant based on a natural gas combined cycle (NGCC) has been also 

studied with the same reactor models, integrating the Ca-Cu process as a pre-

combustion CO2 capture technology [108].  

Different operating parameters and process integration strategies should be 

considered based on the application of the Ca-Cu process. When integrated in a 

hydrogen production plant, the high-pressure hydrogen obtained during the first 

step of the process needs to be purified to remove impurities and unconverted CH4 

resulting from this process step. As in conventional large-scale commercial 

hydrogen production plants, a pressure swing adsorption (PSA) unit can be used to 

purify the hydrogen-rich gas obtained to a purity as high as 99.999%, adequate to be 

ultimately used as process gas in chemical processes or as fuel for advanced power 

generation technologies (e.g. low temperature fuel cells). In this configuration, the 

off-gas coming from the PSA unit, containing unconverted CH4, CO, CO2 and non-

recovered H2, can be used as fuel in the reduction step of the Ca-Cu process, 

avoiding in this way CO2 emissions resulting from the carbon slip in the SER step 

[107]. Therefore, when integrated in a hydrogen plant, the achievement of a high 

carbon capture ratio in the SER step is not essential to obtain a high overall CO2 

capture ratio. However, when the Ca-Cu process is integrated in a power plant, the 

rich-H2 gas produced during the SER step is used as fuel in the combustion chamber 

of a gas turbine without any downstream purification step. In this case, the carbon 

compounds in the H2-rich gas from the SER step are ultimately emitted to the 

atmosphere with the gas turbine flue gas. Therefore, for application in power 

generation plants, reaching a high CO2 capture rate in step A of the Ca-Cu process 

is crucial to limit CO2 emissions.  

Accurate simulations using the 1-D pseudo-homogeneous reactor model (PHM) 

have been carried out in Chapter 2 studying the different steps of the Ca-Cu process 
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in detail [94]. Preliminary results have demonstrated that the overall carbon capture 

efficiency of the process is limited to about 80%, due to the existence of a high 

temperature plateau during the SER step that restricts the maximum CO2 separation 

efficiency that can be reached. This result may negatively affect its application into 

a power production scheme, since this rather low CO2 capture efficiency makes the 

Ca-Cu process not competitive with benchmark pre-combustion CO2 capture 

technologies based on amine absorption, where CO2 capture efficiencies as high as 

90% are easily achievable [109,110]. 

With the intent of overcoming these limits on the carbon capture efficiency, the main 

objective of this chapter is using the aforementioned 1-D PHM to study more 

thoroughly the performance of the SER step of the Ca-Cu process and the carbon 

capture efficiency that can be achieved. A broad range of operating conditions as 

well as modifications to the traditional process scheme have been proposed and 

analyzed in detail in order to increase the CO2 capture rate.  

6.2 Process and model description 

A detailed layout of the different step s considered for the Ca-Cu process is shown 

in Figure 6.1. As already explained in the previous chapters, the first step of the 

process (indicated as A in Figure 6.1) consists of the production of a H2-rich gas 

stream at high pressure (stream #5) through the SER process using natural gas as 

feedstock. The natural gas fed into this step is first pre-reformed with steam in an 

adiabatic pre-reformer working with an inlet temperature of 490 °C (stream #2), and 

the outlet stream is subsequently heated up to the inlet temperature of step A (Tg,in,A, 

stream #4 in Figure 6.1). Pre-reforming of the natural gas is introduced in order to 

decompose the higher hydrocarbons present in the gas, avoiding in this way their 

degradation into coke inside the fixed bed reactor. The amount of steam used in this 

first step of the Ca-Cu process is controlled through the steam-to-carbon (S/C) molar 

ratio, which is one of the variables analyzed further on in this chapter. step A finishes 

when all the active CaO available in the solid bed has been converted into CaCO3.  

The next step of the Ca-Cu process starts when pressurized diluted air is fed to the 

packed bed reactor (stream #6), which operates at high pressure, and oxidation of 

the Cu present in the solid bed to CuO occurs. Due to the high exothermicity of this 

reaction, it is important to control the maximum temperature reached during this 

step (Tmax,B) in the solid bed. As described in Chapter 2 [94] and in previous analyses 
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carried out by Fernandez et al. [43,48],  Tmax,B can be kept in a reasonable range of 

values between 830 and 850 °C by limiting the temperature and the O2 concentration 

of the diluted air fed to this step to very low values (i.e. Tgin,B of 300-350 °C and 3-4 

vol.% of O2, respectively). A fraction of the O2-depleted gas at the outlet of step B is 

recycled back to the inlet of this step B to achieve the low O2 concentration needed 

(stream #8). Since the gas at the outlet of step B is at a very high temperature and the 

solid bed will remain at the temperature of Tg,in,B at the end of this step, an 

intermediate step B’ is added between steps B and C with the aim of cooling down 

the O2-depleted recycle before being mixed with the compressed air, as can be 

appreciated in Figure 6.1. Moreover, in this way the solid bed is heated up to a 

suitable temperature, which allows the reactions to start in the next step C.  

 
Figure 6.1: Process scheme of the Ca-Cu looping process considered in this thesis. 

In the last step of the process, the calcination of the CaCO3 takes place thanks to the 

heat provided by the reduction of the CuO present in the solid bed when feeding a 

fuel gas containing H2, CO and CH4. In this case the gas fed (stream #10) is coming 
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from a heated pre-reformer at 700 °C. In this way, since the inlet gas is at equilibrium, 

no SMR and WGS occur after the solid is regenerated and the temperature at the end 

of the step remains equal to the one of the inlet gas, making an extra step before step 

A unnecessary. If the inlet gas is not in equilibrium (i.e. when coming from an 

adiabatic pre-reformer), SMR and WGS reactions start to take place as soon as it 

enters the reactor and the temperature inside the bed decreases to the equilibrium 

temperature of the gas. The low temperature reached in the bed at the beginning of 

step A could favor the hydration of CaO, because the gas is at high pressure and 

with a high concentration of steam. The possibility of the formation of liquid 

eutectics in the system CaO/Ca(OH)2/CaCO3 or the effect of Ca(OH)2 formation on 

the performance of the solids or the SER equilibrium was discussed by Martínez et 

al. [107]. To avoid the adverse effects on sorbent particles (breakage and formation 

of melts) caused by CaO hydration [111,112], operating conditions in the Ca-Cu 

process have been selected so that Ca(OH)2 formation is avoided according to 

thermodynamics.  

To study this process the 1-D pseudo-homogeneous model (PHM) described in 

Chapter 2 has been used. For the SMR and WGS the effectiveness factor () was 

calculated in the model using the Thiele modulus and a value of around 0.8 for both 

reactions was found. For the carbonation reaction an   of 0.3 was used according 

to Fernandez et al. [45] while for the calcination reaction and the oxidation and 

reduction reactions an effectiveness factor of around 0.8 was considered [54].  

Simulations have been performed taking into account that in addition to the Ca-

based sorbent and the Cu-based material, a reforming Ni-based catalyst is present 

in the bed. For these calculations the following solid compositions have been 

considered: a CaO-based material (CO2 sorbent) with 85 wt.% of CaO (30% active) 

on Al2O3 [113–116], an oxygen carrier with 65 wt.% of Cu over Al2O3 [15,65] and a 

Ni-based reforming catalyst containing 18 wt.% of Ni on Al2O3[117]. A Cu/CaO 

molar ratio of 1.7 (given per mole of active CaO) was calculated from the enthalpies 

of the reactions occurring in step C  in order to have an energy neutral operation of 

this step at Tmax,C. A catalyst-to-sorbent mass ratio of 0.3 was chosen following the 

work of Fernandez et al. in order to achieve a high H2 purity in the product gas of 

step A (SER) [45].   
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Table 6.1: Natural gas properties and operating conditions of the reference case. 

Natural gas properties 

CH4 – Methane, vol.% 89.00 

C2H6 – Ethane, vol.% 7.00 

C3H8 – Propane, vol.% 1.00 

C4H10 – Butane, vol.% 0.11 

CO2, vol.% 2.00 

N2, vol.% 0.89 

Molar mass, kg/kmol 18.018 

Lower Heating Value, MJ/kg 46.482 

Higher Heating Value, MJ/kg 51.454 

Operating condition of the reference case 

Reactor diameter, m 4.5 

Reactor length, m 10 

Particle size, m 0.01 

Inlet temperature at the HP adiabatic pre-reformer, °C 490 

Steam-to-carbon molar ratio at HP adiabatic pre-reformer inlet 3 

Inlet temperature at LP heated pre-reformer, °C 490 

Steam-to-carbon molar ratio at LP heated pre-reformer inlet 1 

Inlet gas velocity in step A, m/s 0.5 

Mass flux entering step A, kg/m2/s 2.67 

Feed gas temperature to step s A, °C 700 

Feed gas temperature to step B, °C 340 

Feed gas temperature to step C, °C 700 

Operating pressure of step A, bar 25.2 

Operating pressure of step B, bar 21 

Operating pressure of step C, bar 1.8 

Molar fraction of O2 at step B inlet, vol.% 3 

 

Since the objective of this chapter is to optimize the operating conditions of the 

process in order to increase the CO2 capture rate, the main parameter used to 
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compare the different cases studied is the carbon capture efficiency, which has been 

defined as follows depending on whether it is calculated considering exclusively the 

SER step (CCESER) or the complete process (CCEtot):  

, ,
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n
CCE
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Where , ,C in SER
n  and , ,C out SER

n  are, respectively, the number of moles entering and 

exiting the SER step and ,C in
n  and ,C out

n are the number of moles entering the system 

(SER step and step C) and total number on moles of carbon lost from the process 

(step A and step B-B’).  

6.3 Results and discussion 

6.3.1 Base case: reference operating conditions 

Simulations with the PHM have been performed for the different steps of the Ca-Cu 

process shown in Figure 6.1, using the reference set of operating conditions listed in 

Table 6.1. The mass flow rate entering step A was selected in order to have a gas 

velocity at the entrance of the reactor of 0.5 m/s. The mass flow rate in steps B and 

B’ was chosen to make the steps last twice the time of step A, in order to limit the 

pressure drop (i.e with an inlet gas velocity of 1.3 m/s the pressure drop is around 

15 %) since the amount of diluted air needed to oxidize the bed is very high, while 

the mass flow rate in step C was chosen to make the step last the same time as step 

A.  

Figure 6.2a shows the axial temperature profile inside the bed at the beginning of 

step A that corresponds to the final temperature profile of step C, where the two 

parts of the bed at different temperatures (Ts0,1 and Ts0,2) can be appreciated. Figure 

6.2b-d show the axial temperature, the solid and the gas composition profiles inside 

the bed at an intermediate time during the first step of the Ca-Cu process. As shown 

in Figure 6.2b, the solid bed cools down below the inlet gas temperature (Tg,in,A) in 

the first part of the bed, reaching a temperature of Tad. The solids in this part of the 

bed do not have active CaO available that can react with the formed CO2 since it has 
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already been carbonated (see the conversion of the CaO in Figure 6.2c), and therefore 

only reforming and WGS reactions can occur, promoted by the presence of the Ni-

based catalyst. Due to the fact that the pre-reformer placed upstream of step A 

operates adiabatically with an inlet temperature of 490 °C, the gas fed to the solid 

bed is not at equilibrium at Tg,in,A. Consequently, as gas is fed to the reactor, it reacts 

according to the reforming and WGS reactions thanks to the sensible heat stored in 

the solids, causing the solid bed temperature to decrease to Tad. When the gas reaches 

the part of the solid bed where there is active CaO available (i.e. after crossing the 

front F1 indicated in Figure 6.2b), the carbonation reaction starts to take place and 

the temperature increases until the maximum temperature Tmax,A of around 850 °C is 

reached. At this Tmax,A, the carbonation reaction proceeds very slowly due to 

thermodynamic restrictions, being boosted again downstream in the solid bed when 

the temperature decreases to the initial bed temperature Ts0,2 of 707 °C (i.e. right hand 

side of front F2 in Figure 6.2b). In order to check if hydration could occur inside the 

reactor the equilibrium partial pressure was calculated along the bed according to 

Eq. (6.3) [118] and compared with the steam partial pressure present in the bed as 

shown in Figure 6.2e. It can be seen that in the first part of the bed there may be 

conditions where the hydration could occur since the steam partial pressure is 

higher than the equilibrium partial pressure. However, in this region all the CaO is 

already completely carbonated, so no hydration is expected to occur. In the second 

part of the bed, where the CaO is still present in the bed, the equilibrium partial 

pressure is much higher than the steam partial pressure, meaning that no hydration 

will occur. From these results it can be assumed that no hydration will occur in the 

bed during step A.  

2

8

,

11607
2.30 10 exp

H O eq
p

T
=  −

 
 
 

     (6.3) 

The presence of the heat plateau at such high temperature Tmax,A inside the solid bed 

is substantially due to the fact that reforming and carbonation reactions do not 

completely occur at the same reaction front, but reforming is initiated before the 

carbonation starts. Therefore, the reforming process does not completely absorb the 

energy released from the carbonation reaction, as expected in a completely mixed 

fluidized bed SER reactor. The consequent temperature increase at the carbonation 

reaction front limits CO2 absorption and thus the carbon capture efficiency (CCE) 

that can be reached. Hence, in the part of the bed at Tmax,A between fronts F1 and F2, 
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the amount of CO and CO2 in the gas phase increases, as can be appreciated from 

the gas concentration profiles along the bed shown in Figure 6.2d.  

Step A should finish when all the active CaO present in the solid bed is in the form 

of CaCO3, that is when the front F1 reaches the end of the reactor. It is important that 

there is no active CaO available at the end of step A, since the heat released by CuO 

reduction during the regeneration step may lead to temperature peaks along the bed 

that could result into agglomeration or undesired reactions of the Cu-based material. 

When step A finishes, the entire solid bed is practically at a constant temperature 

Tad. However, the gas exiting the solid bed during the whole duration of step A does 

not have a constant temperature and composition, as shown in Figure 6.3. 

Step A should finish when all the active CaO present in the solid bed is in the form 

During the first 450 s, before the first front F2 reaches the end of the reactor, the H2- 

rich gas exiting the solid bed reactor is at two different temperatures of Ts0,1 = 880 °C 

and Ts0,2 = 707 °C with a low content of carbon compounds (~ 6% of CO, CO2 and 

CH4). Carbon slip is relatively low during this period and a relatively high CCESER 

of around 71% is achieved. However, as it can be appreciated in Figure 6.3, during 

the second period of time the gas starts exiting from the solid bed at Tmax,A = 850 °C 

and the amount of carbon compounds in the H2-rich gas increases, which causes a 

decrease in the CCESER to 53% (considering the operating period between 450 s and 

850 s, before the breakthrough). After 850 s a third period corresponds to the 

breakthrough time, in which the CCESER is decreasing very fast to zero. All this 

contributes to a reduction in the overall CCESER achieved in step A to around 61%. 

The loss in the breakthrough time could be reduced by decreasing the velocity of the 

gas and thus increasing the sharpness of the profiles. However, the decrease in the 

gas superficial velocity would result in larger reactor volumes and so in an increase 

of the corresponding capital costs.  
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Figure 6.2: Axial temperature profiles at the beginning of step A (a) and axial temperature (b), solid 

composition (c), gas composition (d) and steam partial pressure (e) profiles along the bed at an 

intermediate time during step A under the conditions of the reference case.  
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Figure 6.3: Temperature (a) and gas composition and carbon capture efficiency (b) of the outlet stream 

from step A as a function of time for the reference case.  

6.3.2 Sensitivity analysis on the step A operating parameters 

A sensitivity analysis on the performance of step A has been carried out in order to 

understand the influence of the different operating conditions on the CCE achieved 

in this step of the Ca-Cu process. Different simulations with the 1-D PHM have been 

performed varying the following operating conditions: pressure, initial bed 

temperature (Ts,0), inlet gas temperature (Tg,in,A) and steam-to-carbon (S/C) ratio. For 

these analyses, an initial flat temperature profile in the bed (i.e. entire solid bed at 

Ts,0) was considered to reduce calculation time of the PHM, which has been run 

exclusively for step A conditions. As demonstrated from the results shown in this 

analysis, the CCE obtained for step A is not significantly influenced by the shape of 

the initial bed temperature profile. In particular, the CCESER of step A of the reference 

case changes from 61% when calculated with the rigorous initial temperature profile 

of Figure 6.2a, to 61.5% when calculated with a uniform initial temperature equal to 

Ts0,2. To analyze the results, the conversions of CH4, CO and CO2, calculated 

according to Eq. (6.4), (6.5) and (6.6), respectively, have been monitored. 
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Figure 6.4: Carbon capture efficiency (CCESER), conversion of CH4, CO and CO2 as a function of 

pressure (a), S/C ratio (b), initial bed temperature (c), inlet gas temperature (d)and productivity under 

the following conditions: a) S/C = 3, Tg,in,A = Ts,0 = 700 °C and inlet gas from adiabatic pre-reforming at 

490 °C; b) P = 25 bar, Tg,in,A = Ts,0 = 700 °C and inlet gas from adiabatic pre-reforming at 490 °C; c) P = 25 

bar, S/C =5, Tg,in,A = 700 °C and feed gas from adiabatic pre-reforming with inlet temperature of 490 °C; 

d) P = 25 bar, S/C = 5, Ts,0= 700 °C and feed gas from adiabatic pre-reforming with inlet temperature of 

490 °C. 
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In Figure 6.4a the CCESER and the conversion of CH4, CO and CO2 as a function of 

the total pressure are plotted. The operating pressure has been varied between 15 

and 30 bar while maintaining the other operating conditions of step A equal to those 

of the reference case (see Table 6.1). As the figure shows, the operating pressure of 

step A does not have a pronounced influence on the CCE reached in this step, 

remaining almost constant over the range of values investigated. When reducing the 

pressure, the conversion of CO and CH4 increases, while for the CO2 conversion the 

opposite trend is observed. When the pressure is varied, these effects compensate 

each other resulting in a minimal effect on the CCESER. Considering that the 

application envisaged in this chapter for the Ca-Cu process is on power production 

(i.e. using the H2-rich gas produced as fuel in the gas turbine of a combined cycle), a 

pressure of the H2-rich stream around 25-30 bar is needed at the outlet of step A. 

Increasing too much the pressure in step A above these values would increase the 

probability of Ca(OH)2 formation. Lower pressures than 25-30 bar would reduce the 

risk of Ca(OH)2 formation, but an additional compression step for the H2-rich gas 

produced to be fed to the gas turbine would be needed. Based on these facts, a 

reasonable pressure value of 25 bar has been selected for step A, which was kept 

constant in the following analyses.  

To assess the effect of the S/C ratio, simulations have been performed with S/C 

between 3 and 5. Two sets of simulations were performed for two different values 

of the initial bed temperature (Ts,0) and inlet gas temperature (Tg,in,A) of 650 °C and 

700 °C. In Figure 6.4b the CCE and CH4, CO and CO2 conversions are plotted as a 

function of the S/C ratio for the case with Ts,0 = Tg,in,A = 700 °C. It can be seen that when 

increasing the S/C ratio at step A inlet, the CCESER increases. The same trend is also 

noticed for the conversion of CH4, while the CO and CO2 conversions remain almost 

constant for different S/C. This is due to the fact that increasing the amount of steam 

in the gas enhances the CH4 conversion through the reforming reaction, producing 

more CO2 that is ultimately separated from the gas phase through the reaction with 

CaO. The same behavior was found for the case with Ts,0 = Tg,in,A = 650 °C (which is 

not reported in Figure 6.4 for brevity). Since from this study an S/C ratio of 5 was 

found to give the highest CCE, this value was kept for the following analyses.  

Another important parameter studied is the initial solid bed temperature at the 

beginning of step A (Ts,0), which has been varied between 650 °C and 800 °C. 

Simulations were performed considering a Tg,in,A of 700 °C. In Figure 6.4c the CCESER 
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and the conversion of CH4, CO and CO2 are plotted as a function of Ts,0. It can be 

seen that the CCE reaches a maximum value of 74 % for Ts,0 = 700 °C. Increasing the 

Ts,0 above this value enhances the CH4 conversion through the reforming reaction. 

On the other hand, the WGS and carbonation reactions are favored at low 

temperature, which makes the conversions of CO and CO2 increase when reducing 

the temperature. At lower temperatures, the CCESER is limited by the CH4 conversion 

by the SMR reaction (CH4 conversion and CCE have the same trend below 700 °C in 

Figure 6.4c). The best compromise between these two opposite effects at the selected 

pressure and S/C is found at an initial bed temperature Ts,0 of 700 °C. 

The influence of the inlet gas temperature to step A (Tg,in,A) was also studied, 

modifying its value in the range 500-700 °C. In Figure 6.4d the CCESER and the 

conversion of CH4, CO and CO2 are plotted as a function of Tg,in,A. When lowering 

the Tg,in,A, the reforming reaction at the initial part of the bed is less favored, resulting 

in a higher amount of CH4 in the gas reaching the part of the bed where active CaO 

is available. In this way, since the reforming of CH4 acts as a heat sink in the reaction 

system, the amount of heat released in this section of the bed due to SER reactions is 

lower, and so the temperature plateau at Tmax,A becomes shorter. Moreover, the 

carbonation and WGS reactions are favored at lower temperatures (Tad decreases 

with Tg,in,A) and therefore CO and CO2 are consumed by the two reactions favoring 

the equilibrium of the SMR. Oppositely, as confirmed by the results plotted in Figure 

6.4d, the CO and CO2 conversions decrease when increasing the inlet gas 

temperature. For temperatures higher that 575 °C the CCESER follows the same trend 

as the conversion of CO and CO2, increasing by decreasing the inlet temperature, 

while for lower temperatures the low conversion of CH4 is the limiting factor. This 

is due to the fact that decreasing the temperature the SMR kinetics become really 

slow compared to the gas velocity and therefore the residence time is too low. This 

could be improved by decreasing the inlet flow rate and thereby the productivity, 

but then the cycle time would increase, and more reactors would be needed. As can 

be seen from Figure 6.4e, by decreasing the productivity the CCE increases due to 

the increase in CH4 conversion, reaching a maximum of 80 %, which is not much 

higher than the 78 % found with an inlet temperature of 575 °C.  

As the initial bed temperature decreases, the conditions for the formation of hydrates 

could be attained in the first part of the bed at Tad. However, in this part of the bed, 
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only CaCO3 is present when reaching the temperature Tad, which should prevent the 

reaction of the sorbent with steam.  

From the point of view of CCESER, the best operating conditions for step A found 

from this sensitivity analysis correspond to a pressure of 25 bar, a S/C ratio of 5 at 

the pre-reformer inlet, an initial bed temperature Ts,0 of 700 °C and an inlet gas 

temperature Tg,in,A of 575 °C. For these conditions, a CCE in step A of around 78% 

was found. A complete cycle was simulated with these new operating conditions in 

step A, while for the other steps the same operating conditions as the reference case 

were chosen. For this case an overall carbon capture efficiency (CCEtot) of around 

82% was found, that is still rather limited compared to alternative CO2 capture 

technologies for combined cycle power plants. 

6.3.3 Characteristics of an ideal catalyst 

As discussed above, the main problem of the low CCE during step A of the Ca-Cu 

process is associated with the high temperature plateau that is formed inside the bed 

during this step, caused by the decoupling of the SMR and the carbonation reaction 

fronts. A way to decrease the maximum temperature reached in the bed is to 

consider an ideal reforming catalyst inactive under 700 °C, so that limited 

advancement of the SMR reaction occurs in the first part of the bed already 

carbonated. In this case, the bed temperature in the first part of the bed cannot 

decrease below 700 °C because of SMR, and most of the reforming would occur at 

the same reaction front of the carbonation reaction. As a consequence, a lower value 

of Tmax,A will be reached and a higher advancement of the carbonation reaction is 

obtained, leading to a higher expected CCE.  

For analyzing the performance of step A under this assumption, axial temperature 

and concentration profiles along the bed were calculated with the PHM considering 

the S/C ratio, the pressure and the initial bed temperature equal to those of the best 

case from the sensitivity analysis and an inlet gas temperature of 700 °C. Simulations 

have been performed considering that below 700 °C the activity of the ideal 

reforming catalyst is so low that the reforming reaction does not occur (i.e. SMR 

kinetic rate r1 = 0). In Figure 6.5 the axial temperature and concentration profiles 

inside the bed are shown. As can be appreciated, all the reactions (carbonation, SMR 

and WGS) take place at the same front and just one temperature peak is present due 

to the different rates of the reactions involved. The temperature rise in the bed is 
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much lower than in the reference case (c.f. Figure 6.2), reaching in this case a 

maximum value of around 715 °C. In the first part of the bed, when all CaO has 

already been carbonated, the temperature remains constant at 700 °C since no 

reaction occurs, as well as in the last part of the bed (at the right-hand side of the 

temperature peak) where the bed is at Ts,0 and it has not been reached yet by the 

reaction front. In Figure 6.6 the composition, CCESER and temperature of the outlet 

gas stream of step A are shown. It can be seen that during the whole duration of the 

step (that finishes after around 800 s, when the temperature peak, and thus the 

reaction front, reaches the outlet of the reactor), the gas composition is constant, and 

this is due to the absence of the high temperature plateau inside the bed. Also, the 

CCESER is constant during the pre-breakthrough time at a value of around 86% and 

decreases to zero after the breakthrough.  

 
Figure 6.5: Axial temperature (a), active CaO conversion (b) and gas (c) profiles inside the bed after 400 

s of step A for the case with no reforming under 700 °C; P = 25 bar, S/C = 5, Tg,in,A = Ts,0 = 700 °C.  
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Figure 6.6: Temperature (a), composition and carbon capture efficiency (b) of the outlet gas stream of 

step A in the case with no reforming under 700 °C; P = 25 bar, S/C = 5, Tg,in,A = Ts,0 = 700 °C.  

Although the catalyst used in this calculation is an ideal material, the results 

obtained from this analysis demonstrate that the low CCESER observed for the 

reference case study is largely due to the decoupling of the reforming and 

carbonation reactions on two different reaction fronts. Consequently, the operation 

of this Ca-Cu process would greatly benefit from reforming catalysts with rather 

limited reforming activity below 700 °C, which can open a new research window for 

this emerging process. 

6.3.4 Alternative Ca-Cu process configurations 

As highlighted before, the main issue to overcome the problem of limited CCE in 

the Ca-Cu process is the high temperature plateau formed inside the bed during step 

A of the process. Two new schemes are proposed and explained in the following 

sections.  

6.3.4.1 Ca-Cu process configuration with H2-rich stream recycle in step A 

To improve the CCE, the possibility of recycling part of the outlet gas stream of step 

A has been investigated in order to dilute the inlet gases to this step (as shown in 

Figure 6.7). In this way the recycled gas would act as a thermal ballast, and so reduce 

the value of Tmax,A reached inside the bed. However, when recycling the outlet gas, 

the partial pressure of CO2 in the gas phase along the bed is noticeably decreased 

and so the carbonation reaction kinetics turns out to become very slow, resulting in 

a situation where profiles are very broad. In Figure 6.8 the temperature and gas 

composition of the outlet gas stream of step A are shown for the case with a recycle 
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of 53% of the outlet stream, with a S/C ratio of 3, at 20 bar and 700 °C of Tg,in,A and 

Ts,0. As it can be seen from the figure, the breakthrough lasts around 700 s, which 

compared to the total time of the step is quite high. The CCESER of the first 1900 s is 

around 62% while the CCESER calculated considering the breakthrough time (i.e. 2000 

s) is around 59%.  

 
Figure 6.7: Scheme of the Ca-Cu process with H2-rich stream recycle in step A. 

If only the gas exiting during the first 1900 s were considered, the CCESER would be 

slightly higher than the one of the reference case, but part of the bed would not be 

carbonated. This can be seen in Figure 6.9, showing the axial temperature and solid 

conversion profiles along the bed. At 1900 s some CaO is still present in the bed, 

therefore if the step is stopped at this time some CaO would not be used and this 

may lead to temperature peaks along the bed during the regeneration step (as 

discussed in section 6.3.1). Four different recycles were investigated, but the 

behavior found was the same and the CCESER was always around 60%. By increasing 

the recycle ratio the broadness of the profiles is increased, whereas if the recycle ratio 
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is decreased, not much benefit on the CCE is accomplished. An alternative scheme 

is therefore suggested and explained in the following section. 

 
Figure 6.8: Temperature (a) and composition (b) of the outlet gas stream of step A for the case with a 

H2-rich stream recycle; P = 20 bar, S/C = 3, Tg,in,A = Ts,0 = 700 °C. 

 
Figure 6.9: Axial temperature (a) and active CaO conversion (b) profiles inside the bed during step A 

for the case with a H2-rich stream recycle at different moments in time. P = 20 bar, S/C = 3, Tg,in,A = Ts,0 

= 700 °C. 
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6.3.4.2 Ca-Cu process configuration with a two stage SER with gas intercooling 

This scheme is based on splitting the SER step into two stages, named A and A’, 

according to Figure 6.10. In this configuration, the fresh charge (pre-reformed 

natural gas and steam, stream #4) is sent to reactor in step A’ and the gas from step 

A’ (stream #5) is sent to step A. The idea of this configuration is to capture in step A 

the carbon that is not separated in step A’ due to the equilibrium of the carbonation 

reaction and due to the CO2 slip during the breakthrough period.  

 
Figure 6.10: Scheme of the Ca-Cu process with two beds in series for the SER step and with 

intermediate gas cooling. 

From the simulations it was found that it is convenient to cool stream #5 down before 

feeding it to step A, since it exits step A’ at a very high temperature (around 850 °C) 

with low carbon content, and therefore the carbonation reaction would not be 

favored under these conditions in step A. In absence of this intermediate cooling, 

step A would behave more as a bed preheating stage rather than a CO2 capture stage, 

which will not provide any significant benefit to the process. For this configuration 

the operating conditions found as optimum from the sensitivity analysis were used.  
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Figure 6.11: Axial temperature (a), CaO conversion (b) gas molar fraction (c, d and e) and steam partial 

pressure (f) profiles inside reactor in step A at different moments in time. 
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Figure 6.12: Axial temperature (a), CaO conversion (b) gas molar fraction (c, d and e) and steam partial 

pressure (f) profiles inside reactor in step A’ at different moments in time. 
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In Figure 6.11 the axial temperature, solid conversion, gas molar fraction and steam 

partial pressure profiles inside the reactor in step A at different moments in time are 

shown, using an intercooling temperature of 700 °C. It can be seen, that in this step 

the CaO is converted slowly due to the fact that there is low carbon content in the 

gases coming from step A’. A heat plateau at Tmax,A is also formed during step A, but 

at a lower temperature due to the lower amount of CO2 reacting at the reaction front. 

In this step hydration is not occurring since the steam partial pressure is always 

below the equilibrium partial pressure as can be seen in Figure 6.11f.  

The final configuration of step A is the initial configuration of step A’, where the 

fresh charge coming from the adiabatic pre-reformer is fed. In Figure 6.12 the axial 

temperature, solid conversion, gas molar fraction and steam partial pressure profiles 

inside the bed at different moments in time of step A’ are shown. It can be seen, that 

the behavior of this step is similar to step A explained previously. At the entrance of 

the bed, the CaO has been carbonated to a higher extent compared to the reference 

case, due to the carbonation of the sorbent in step A, and the gas fed reacts according 

to SMR and WGS reactions until the equilibrium of both reactions is reached, which 

makes the temperature decrease to a value of Tad. The same behavior is obtained for 

the steam partial pressure and also in this case it is expected that no hydration will 

occur at the bed inlet, where the H2O partial pressure is higher than the hydration 

equilibrium pressure, because the sorbent was already completely carbonated.  

 

 
Figure 6.13: Temperature (a), composition and carbon capture efficiency (b) of the outlet gas stream of 

step A and A’. 
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In Figure 6.13 the temperature, gas composition and CCESER of the outlet stream of 

steps A and A’ is plotted. As can be seen in this figure, the CCESER in step A is quite 

stable at around 88% while in step A’ it shows the same behavior of step A described 

for the base case. With this two-stage SER step the problem of the carbon loss during 

the high temperature heat plateau and the breakthrough period is avoided because 

the slipping carbon is largely captured in the following A step. 

Finally, as a comparison between the balances of the full Ca-Cu process for the 

reference case shown in Figure 6.1 (Case 1), the case using the best operating 

conditions found from the sensitivity analysis (Case 2) and for the proposed scheme 

using a two-stage SER process (Case 3), the simulation of the whole process in Figure 

6.10 was carried out. Also in this case, the operating conditions of steps B and C were 

taken the same as the reference case. Table 6.2 shows the carbon mass balances for 

the three cases. As can be seen, the carbon exiting from step A with the H2-rich gas, 

which will end up as CO2 emitted to the atmosphere when being burnt in the gas 

turbine, an improvement of almost 45% can be seen already using optimized 

operating parameters (Case 2), resulting in an increase of the CCE of the SER step 

from 61.4% to 78.4%. The two-stage SER step in the Ca-Cu process allows reducing 

the emissions of carbon compounds in the H2-rich gas per unit of carbon fed to step 

A by almost 70% in comparison with Case 1 and by 41% compared with Case 2, 

further improving the CCESER to 87.2%. This result confirms the higher CCE reported 

for this scheme, which results in a global CCEtot of 88% for the whole Ca-Cu process.  

The CCE of 88% obtained for the Ca-Cu process scheme depicted in Figure 6.10 is 

similar to the CCE reported in the literature for commercial pre-combustion CO2 

capture systems in NGCC based on chemical absorption with amines (i.e. MDEA), 

which may range between 90 and 92% [109,119]. The autothermal operation of the 

different reaction stages in the Ca-Cu process allows for a reactor design without 

high temperature heat transfer surfaces, which are needed in well-established 

technologies for syngas production based on fired tubular reforming processes. 

Moreover, the process intensification linked to the Ca-Cu process, where reforming, 

water gas shift and CO2 separation stages are integrated in just one stage, as well as 

the avoidance of dealing with liquid solvents that may lead to operational problems 

like amine degradation or aerosol formation, represent potential advantages of the 

Ca-Cu technology. Therefore, even if the CCE reached for this technology when 

integrated into a NGCC power plant is similar to that reported for commercial 
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technologies, the aforementioned advantages make the Ca-Cu process a promising 

second-generation capture technology. 

Table 6.2: Mass balances of the complete process for the reference case (Case 1, Figure 6.1, Table 6.1), 

the case with the best operating conditions found from the sensitivity analysis (Case 2, Figure 6.1)  and 

the case with two stages in the SER step shown in Figure 6.10 (Case 3). 

 Case 1 Case 2 Case 3 

kmol/s of C entering step A or A’ 0.604 0.462 0.462 

kmol/s of C entering step C 0.237 0.254 0.261 

kmol/s of C lost from step A* 0.236 0.100 0.059 

kmol/s of C lost from step B-B'* 0.033 0.031 0.028 

kmol/s of C captured in step C* 0.572 0.585 0.636 

CCESER, % 60.9 78.3 87.2 

CCEtot, % 68.0 81.7 88.0 

*these flow rates are averaged on the cycle time 

 

The CCE of 88% obtained for the Ca-Cu process scheme depicted in Figure 6.10 is 

similar to the CCE reported in the literature for commercial pre-combustion CO2 

capture systems in NGCC based on chemical absorption with amines (i.e. MDEA), 

which may range between 90 and 92% [109,119]. The autothermal operation of the 

different reaction steps in the Ca-Cu process allows for a reactor design without high 

temperature heat transfer surfaces, which are needed in well-established 

technologies for syngas production based on fired tubular reforming processes. 

Moreover, the process intensification linked to the Ca-Cu process, where reforming, 

water gas shift and CO2 separation stages are integrated in just one stage, as well as 

the avoidance of dealing with liquid solvents that may lead to operational problems 

like amine degradation or aerosol formation, represent potential advantages of the 

Ca-Cu technology. Therefore, even if the CCE reached for this technology when 

integrated into a NGCC power plant is similar to that reported for commercial 

technologies, the aforementioned advantages make the Ca-Cu process a promising 

second-generation capture technology. 
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6.4 Conclusions 

In this chapter the performance of the carbon capture efficiency of the Ca-Cu process 

has been investigated with the 1-D pseudo-homogeneous model. Based on a 

reference set of operating conditions where a carbon capture efficiency in the SER 

step of 61% and a global CCE lower than 70% was obtained, a sensitivity analysis 

was carried out in order to assess the influence of different operating parameters of 

the SER step on the performance of the process (viz. the total pressure, the inlet gas 

temperature and the initial bed temperature and the S/C ratio). From this analysis a 

maximum CCESER of around 78% was obtained, with process parameters 

corresponding to a S/C ratio of 5, an initial bed temperature of 700 °C, an inlet gas 

temperature of 575 °C and 25 bar. A complete cycle with these conditions in step A 

was carried out and an overall CCE of 82% was found.  

Furthermore, an ideal case was studied assuming the use of an ideal reforming 

catalyst inactive under 700 °C, in order to have all the reactions occurring at the same 

reaction front within the solid bed. A CCE of 86% was obtained for this idealized 

case in the SER step, which demonstrated that the low CO2 capture efficiency is 

largely due to the advancement of the steam methane reforming reaction before the 

carbonation reaction front.  

Finally, two alternative process schemes were proposed in order to increase the CCE: 

a scheme with a recycle of the H2-rich stream of step A and a configuration where 

the SER step was split into two stages with an intermediate gas cooling stage. The 

first configuration did not increase the CCE, mainly due to the reduction of the 

carbonation reaction kinetics, caused by the lower CO2 partial pressure associated 

with the dilution with the recycled H2. On the other hand, with the second 

configuration the CCE was increased significantly because the carbon lost from the 

first SER step A’ was captured in the second step A. For this new alternative 

configuration, a CCE of 87% was obtained for the SER step and the overall CCE of 

the Ca-Cu process was increased to 88%. The integration of this final configuration 

in a power plant will be studied in the next chapter. 
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Abstract 

In this chapter a techno-economic analysis has been carried out for both a natural 

gas combined cycle integrated with a pre-combustion CO2 capture process and for a 

hydrogen production plant based on the Ca-Cu process.  

The calculations include the balances of the entire power plant and the modelling of 

the packed-bed reactors using a detailed pseudo-homogeneous reactor model and a 

simplified sharp front approach for all steps of the Ca-Cu process.  

An electricity cost of 82.6 €/MWh has been obtained for the Ca-Cu based power 

plant, which is 2.2 €/MWh below the benchmark power plant based on an auto 

thermal reformer with an MDEA absorption process for CO2 capture. The improved 

performance of the Ca-Cu based power plant in terms of electric efficiency and 

reduced capital cost expenditure is the reason for the reduced electricity costs. 

Moreover, a lower cost of CO2 avoided is also obtained for the Ca-Cu plant with 

respect to the benchmark (80.75 €/tCO2 vs. 85.38 €/tCO2), which features 89% of CO2 

capture efficiency. 

The Ca-Cu based hydrogen production plant operating at a high pressure has been 

demonstrated to be cost effective with respect to a benchmark hydrogen production 

plant based on a conventional fired tubular reformer and CO2 capture by MDEA 

absorption. A hydrogen production cost of 0.178 €/Nm3 and a CO2 avoided cost of 

30.96 €/ton have been calculated for this Ca-Cu hydrogen production plant, which 

are around 8% and 52% lower than the corresponding costs of the benchmark, 

respectively. 
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7.1 Introduction 

Due to its inherent characteristics, the Ca-Cu looping process can be designed for 

integration in ammonia production plants, allowing to reduce the specific primary 

energy consumption per unit of NH3 produced by 14% with respect to the 

commercial process [120]. Moreover, this Ca-Cu process has been also studied as a 

decarbonisation process for blast furnace gas in steel mills in a process configuration 

based on atmospheric fluidized bed reactors [121,122].  In this chapter the 

integration of the Ca-Cu looping process in a power production plant and in a 

hydrogen production plant is discussed and compared with benchmark 

technologies.  

The contribution of the electricity production sector to the global CO2 emissions is 

quite substantial, accounting for around 14 GtCO2 in 2015 (i.e. around 42% of 

worldwide CO2 emissions that year) [123]. Coal represents the main primary energy 

source for electricity production worldwide, covering almost two-thirds of the 

electricity share in countries like China, Australia, South Africa or Poland. However, 

looking into the evolution of the coal and natural gas shared in the electricity 

production sector, a switch from coal to natural gas has been noticed in the last years 

due to the lower CO2 intensity and the decreasing cost trend of such fossil fuel due 

to the availability of shale gas reservoirs [123]. NGCC is the state-of-the-art 

technology for power production from natural gas, characterised by high electric 

efficiency (more than 60% with state-of-the-art gas turbines), reduced environmental 

impact (thanks to the low-carbon fuel used and the improved efficiency, the low 

NOx burners and zero SOx and dust emissions), high flexibility and reduced 

investment cost with respect to coal-fired plants. Several studies have assessed the 

natural gas-fired auto-thermal reformer (ATR) based power plant with pre-

combustion CO2 capture, which is considered the benchmark technology for power 

generation with pre-combustion CO2 capture. Different process conditions 

regarding the ATR operating temperature, the steam-to-carbon ratio (S/C) and the 

type of CO2 capture process have been considered for these studies [109]. Electric 

efficiencies range from 42% (or efficiency penalties of around 14%-points with 

respect to benchmark NGCC without CCS) to 49-51% (or about 7.5%-points of 

efficiency penalty) [109,119,124–128]. An air-blown ATR is the configuration most-

widely considered in the reviewed literature, with the exception of the work by Stork 

Engineering Consultancy [128] that considered an oxygen-blown ATR. Typically, 
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chemical absorption with Methyldiethanolamine (MDEA) has been the preferred 

option for CO2 separation from the hydrogen-rich gas, except for the case where very 

high pressures or O2-blown conditions were considered for the ATR, using a 

physical separation with Selexol. Regarding the integration of the Ca-Cu process in 

a NGCC-based power production plants, Martinez et al. [38] studied the overall 

performance of a stand-alone power production plant based on this technology, 

considering a simplified calculation for the Ca-Cu process reactors in agreement 

with Fernández et al. [44]. Axial diffusion effects as well as reaction kinetics for the 

main reactions involved in each step of the process were not included in this 

analysis, which have been latterly demonstrated to influence significantly the 

performance and have been useful for designing a more accurate operation strategy 

and operation window for the Ca-Cu process [129,130].  

Regarding the hydrogen production worldwide, 90% is used as a raw material in the 

synthesis of ammonia and methanol and in the oil refining industry for the 

hydrocracking of the heavy feedstocks as well as for the desulphurization of diesel 

fuel [4].  Hydrogen consumption is expected to keep on rising in the future due to 

the increase in the need of ammonia-based fertilizers and liquid hydrocarbons as a 

result of a growing global population and possibly due to the emerging economy 

based on the use of hydrogen as a clean fuel for transport and heating. Steam 

Methane Reforming (SMR) is the most widely used technology for hydrogen 

production at a commercial scale nowadays, being adopted in more than 50% of the 

hydrogen produced worldwide. This is a well-established technology with high 

hydrogen production efficiencies of 72-77 % and the lowest hydrogen production 

costs with respect to the other hydrogen production processes based on coal 

gasification, water electrolysis or biomass gasification [4]. Regarding the carbon 

footprint of a large scale SMR-based plant, 8.1 tons of CO2 per ton of H2 are produced 

in the reformer furnace, where the energy needed for the endothermic reforming 

process is supplied by air-fired combustion [131]. Modern SMR plants may achieve 

up to 10% of reduction in the CO2 emissions to the atmosphere thanks to improved 

efficiency, but if a significant CO2 emissions reduction has to be achieved, CO2 

Capture and Storage (CCS) technologies need to be implemented, with CO2 

avoidance cost between 40 and 85 €/t, largely depending on natural gas and 

electricity price [4]. Among the different emerging technologies for hydrogen 

production with inherent CO2 capture, there is a strong need of processes with 

reduced energy penalties and costs. The Ca-Cu looping process is one of such 



7. Process integration and economic analysis – 145 

 

 

emerging technologies, having shown a noticeably improved performance when 

focused on hydrogen production with respect to the commercial SMR systems [129]. 

Equivalent hydrogen production efficiencies as high as 77% and CO2 capture rate of 

the order of 94% were reported in previous studies on hydrogen production plant 

based on the Ca-Cu process, which are significantly better (i.e. 6 and 10%-points 

above, respectively) than those reported for a benchmark ATR-based hydrogen 

production technology with CO2 capture using MDEA [107,129].  

In this chapter a techno-economic analysis of a NGCC integrated with a pre-

combustion CO2 capture process and of a hydrogen production plant both based on 

the Ca-Cu process is carried out. Mass and energy balances of the whole power plant 

have been calculated, based on the results of a 1-D pseudo-homogenous model 

(PHM) (in the case of the power plant) and a 1-D sharp front reactor model (SMF) 

(in the case of the hydrogen plant) for the Ca-Cu fixed bed reactors. Performance 

results obtained for the proposed NGCC configuration have been assessed and 

compared with a benchmark NGCC power plant based on autothermal reforming 

with an MDEA solvent process for CO2 absorption. With respect to the previous 

process modelling works on hydrogen production through the Ca-Cu process, this 

chapter includes a sensitivity analysis on the key design and process parameters 

such as the steam-to-carbon ratio, the reactors pressure and the CO2 sorbent 

capacity. An economic analysis is also performed to calculate the cost of the 

electricity, the cost of hydrogen produced and the CO2 avoided and to compare the 

Ca-Cu process with the benchmark. A conventional hydrogen production plant 

based on a fired tubular reformer (FTR) is considered for the sake of comparison. 

The performance and economics of this benchmark plant without and with CO2 

capture with a MDEA process are also calculated and presented in this chapter. 

7.2 Processes description and assumptions 

7.2.1 Power production plant 

The proposed integration of the Ca-Cu process in a full-scale combined cycle-based 

power plant is shown in Figure 7.1. The main assumptions used for calculating the 

heat and mass balances of this power plant are given in Table A3.1 in the Appendix 

A3.  
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Figure 7.1: Flowsheet of the NGCC power plant integrated with the Ca-Cu process. 

The Ni-based reforming catalyst used for hydrogen production in the Ca-Cu process 

is extremely sensitive to sulphur poisoning, which makes the desulphurisation of 

the natural gas (NG) a needed step. Typically, such NG desulphurisation is carried 

out through the reaction with ZnO in a non-regenerative solid bed [132] after 

properly converting the organic sulphur compounds into H2S in a hydrogenation 

section. NG entering the power plant (stream #1 in Figure 7.1) is first mixed with a 

fraction of hydrogen-rich gas (stream #28) to achieve a H2 concentration of around 

2.0%vol. that ensures a sufficiently fast hydrogenation rate [127], and then it is 

heated up to 365 °C to be sent to a hydrogenator reactor. In this reactor the organic 

sulphur and mercaptans are converted to H2S over a catalytic bed of cobalt and 

molybdenum oxides supported on alumina. Afterwards, the H2S is separated in the 

ZnO solid bed that operates at the same temperature as the hydrogenation step and 

allows reducing the sulphur content in the NG to values below 0.1 ppm [133].  
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After desulphurisation, the higher hydrocarbons present in the NG need to be 

decomposed into CH4, H2 and CO before being introduced into the fixed bed 

reactors of the Ca-Cu process, to avoid coke formation. A pre-reforming unit 

consisting of an adiabatic solid bed filled with a commercial Ni-based catalyst and 

operating at temperatures of 380-500 °C is used. Desulphurised NG is split into two 

streams. The main NG fraction (stream #17 in Figure 7.1) is mixed with steam at 27 

bar bled from the steam turbine (stream #18) in a steam-to-carbon (S/C) ratio of 5 

and then heated up to 490 °C to be sent to an adiabatic pre-reformer operating at 

26.4 bar. The outlet pre-reformed gas (stream #21) is further heated to 575 °C and fed 

to the reforming step A’ of the Ca-Cu process. The other NG fraction, which is 

ultimately introduced into the reduction/calcination step C of the Ca-Cu process 

(stream #4), follows a similar route as the previous one but a lower S/C=1 is used in 

the adiabatic pre-reformer since the objective of such pre-reformer is decomposing 

the hydrocarbons while keeping a minimum amount of steam at the inlet of the 

reduction/calcination step to avoid carbon formation from CH4. After being pre-

reformed (stream #8), the mixture is expanded and heated up to the 

reduction/calcination Ca-Cu step feed temperature.  

The process scheme considered for the Ca-Cu process is the configuration with a 

two-stage SER with gas intercooling, as discussed in Chapter 6 (Figure 6.10), with 

the only difference of the pre-reforming unit placed before the reduction/calcination 

step. A HP adiabatic pre-reformer has been considered for this chapter instead of a 

LP heated pre-reformer as done previously [134], in order to reduce the capital cost 

of the pre-reforming unit.  

The steps of the Ca-Cu process have been calculated with the new assumptions with 

the 1-D pseudo-homogeneous reactor model described in the previous chapters. 

Figure 7.2 and Figure 7.3 show the evolution of the axial profiles along the bed for 

the temperature, CaO conversion (XCaO) and gas molar fraction of CH4, CO, CO2 and 

H2 during steps A and A’ operation, respectively. The profiles are slightly different 

than what was shown in Chapter 6 [134] due to the different behavior of step C. This 

causes a different initial condition of step A. However, the behavior remains the 

same as discussed previously.  
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Figure 7.2: Evolution of the axial profiles of temperature (a), CaO conversion (b) and gas molar fraction 

(c and d) inside the bed during step A operation.  

Once step A’ has finished, reaction step B starts, where diluted air at high pressure 

is fed into the solid bed reactor to oxidize the Cu to CuO. An O2-depleted gas at high 

pressure and high temperature is obtained at step B outlet, which is split into two 

fractions as indicated in Figure 7.1. Compressed air from the GT compressor (stream 

#37 in Figure 7.1) is mixed with a recycled fraction of O2-depleted gas exiting step B 

after being cooled down (stream #44) to keep the O2 content in step B feed at a 

reduced value to limit the maximum temperature reached in the bed, as discussed 

previously in chapters 2 and 6.  

Figure 7.4 shows the evolution of the axial profiles of temperature, CaO and Cu 

conversion and gas molar fraction of CO2 and O2 along the bed during the operation 

of step B. When O2 reaches the part of the solid bed with unconverted Cu the 

temperature increases to around 850 °C due to the exothermic oxidation reaction, 
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which causes the release of some CO2 due to the undesired calcination of CaCO3. 

However, a small fraction of CO2 is always present in the feed gas thanks to the 

recycle of the N2-rich gas exiting this step, which reacts with the CaO formed by 

calcination in step B. Due to the low temperature of the diluted air fed to step B, the 

packed-bed remains at a temperature of 340 °C at the end of this step, and therefore, 

as already discussed in Chapter 6, an intermediate heating step between steps B and 

C needs to be included to allow step C to initiate. Moreover, since the recycled O2-

depleted gas should be cooled down to be mixed with the compressed air, the solid 

bed is heated during step B’ by extracting heat from this recycled O2-depleted gas 

(Figure 7.1).  

 
Figure 7.3: Evolution of the axial profiles of temperature (a), CaO conversion (b) and gas molar fraction 

(c and d) inside the bed during step A’ operation.  
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Figure 7.4: evolution of the axial profiles of temperature (a), solid conversion (b) and gas molar fraction 

of CO2 and O2 (c) inside the bed during step B operation. 

Figure 7.5 shows the profiles inside the bed for this solid bed heating step. As 

indicated in Figure 7.1, this step is fed counter-currently to the rest of steps of the 

Ca-Cu process and therefore the temperature heat fronts within the solid bed move 

from the end to the beginning of the solid bed (i.e. from the right to the left hand 

side of Figure 7.5a). Part of the CO2 present in the recycled stream (that has been 

released during step B) reacts with the CaO formed in the previous step, reducing 

in this way the carbon loss caused by the oxidation reaction. Specifically, the average 

bed sorbent conversion, which reduces from 100% to 76.2% during step B, increases 

back to 94.9% during step B’. At the end of stage B’, all the solid bed will be left at a 

constant temperature of around 695 °C, which was the temperature of the gas fed to 

this step. At step B’ outlet, the average temperature of the gas is 545 °C (stream #42 

in Figure 7.1), which is too high to be mixed with the compressed air from the 
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compressor. Therefore, a heat exchanger is introduced to cool down this recycled 

gas to 340 °C before being mixed with the compressed air. Non-recycled O2 at step 

B outlet is directly sent to the GT combustor to be expanded (stream #45). 

 

Figure 7.5: Evolution of the axial profiles of temperature (a), solid conversion (b) and gas molar fraction 

of CO2 (c) inside the bed during step B’ operation. 
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Figure 7.6: Evolution of the axial profiles of temperature (a), CaO conversion (b) and gas molar fraction 

(c and d) inside the bed during step C operation. 

Since the regeneration step is carried out at atmospheric pressure, a depressurization 

stage followed by a rinse step for solid bed cleaning may be introduced between 

steps B’ and C, as already considered by Martínez et al. (2014). As anticipated before, 

pre-reformed NG coming from a high-pressure adiabatic pre-reformer is fed to step 

C at 670 °C. The S/C ratio used for this pre-reforming is around 1, which is high 

enough to avoid carbon formation during step C. Figure 7.6 shows the evolution of 

the axial profiles of temperature, CaO and Cu conversion and molar fraction of CH4, 

CO, CO2 and H2 within the solid bed during this step. As this step proceeds and CuO 

has already been reduced to Cu in the initial part of the solid bed (XCu becomes 0), 

SMR, WGS and carbonation reactions occur causing the carbonation of a small 

fraction of CaO in the initial part of the solid bed. The gas reaching the reaction front 
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ratio of 2.1 has been chosen to reach a temperature in the bed of around 870 °C 

needed for a sufficiently fast reaction rate. When the gas reaches the unreacted CuO, 

the reduction reaction to Cu happens, the temperature increases and the CaCO3 is 

calcined (XCaO decreases), resulting in CO2 and H2O as main reaction products. The 

reaction front is faster than the heat exchange front due to the increase in the flow 

rate caused by the CO2 released by the sorbent, causing the formation of a heat 

plateau which remains in the solid bed after this step is finished to the next one (see 

Figure 7.6a). The outlet gas of step C basically consists of CO2 and H2O (stream #11 

in Figure 7.1), which is cooled down before being sent to the CO2 compressor. 

The power island in the proposed configuration, as shown in the process flowsheet 

in Figure 7.1, consists of a combined cycle that uses the H2-rich gas produced in the 

Ca-Cu process as fuel in the combustor of the GT. Air needed in the oxidation step 

B of the Ca-Cu process is split from the compressed air from the GT compressor and 

further compressed by a booster compressor (stream #36).  

Flue gas from the gas turbine (stream #34) is cooled down in a heat recovery steam 

generator (HRSG) in order to produce superheated steam at 565 °C and 123.4 bar 

that is sent to a steam turbine. It must be pointed out that most of the steam 

expanded in the steam turbine is not generated in the HRSG downstream the GT 

(here it is partly economized/heated and partly superheated/reheated), but from the 

N2-rich gas cooling in heat exchangers G and H shown in Figure 7.1. From the total 

amount of superheated steam sent to the high-pressure steam turbine (208 kg/s), 

almost 91% is produced in these heat exchangers (71.2 and 117.4 kg/s in heat 

exchangers G and H, respectively). 215 MWth is recovered in the evaporators placed 

in the N2-rich gas coolers G and H. A small amount of superheated steam (8.6 kg/s) 

is generated from the intermediate gas cooler between steps A’ and A, where the H2-

rich gas at 785 °C (stream #23) is cooled down to 700 °C before being introduced into 

step A for recovering 17 MWth. Finally, a fraction of the CO2-rich gas from step C 

(stream #12) is also used for producing a small amount of additional saturated steam 

at 130 bar and 331 °C (stream #54), that is ultimately superheated within the HRSG. 

The remaining fraction of the CO2-rich gas (stream #13) is used for pre-heating the 

NG fed into the Ca-Cu process in heat exchanger K in Figure 7.1. 

Because of the large fraction of high-temperature heat available in the chemical 

island (i.e. at temperature above the HP evaporation level), the steam cycle features 
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a single evaporation pressure level and a series of four regenerative feedwater 

preheaters heated by steam bled from the steam turbine.  

7.2.2 Hydrogen production plant 

As introduced above, the Ca-Cu process has been also integrated in a medium scale 

hydrogen plant producing 30’000 Nm3/h of high purity hydrogen. Two different 

pressures have been considered: 11 bar and 25 bar. In Figure 7.7 the plant flowsheet 

of the complete Ca-Cu based plant with steps A, B and B’ operating at 25 bar is 

shown. For the case study with a lower operating pressure in these steps, the inlet 

pressure of the natural input to the plant is adjusted according to the process 

assumptions given in Table A3.2 in the Appendix A3 for reaching 11 bar at step A 

inlet.  

 
Figure 7.7: Scheme of a full-scale H2 production plant integrated with the Ca-Cu process-case at 25 bar. 
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Before entering step A, the natural gas is desulfurized and pre-reformed as in the 

case of the power production plant, and then heated in HX4 and HX5 to the target 

temperature of 700 °C needed at step A inlet (#10). The H2-rich gas produced in step 

A (#11) is cooled down to 40 °C. Part of the heat recovered is used to preheat the feed 

of step A and step C and the natural gas entering the adiabatic pre-reformer. Part of 

the thermal power is also used to produce high pressure steam at 100 bar and 485 

°C. After final cooling by cooling water, condensed water is separated and the 

resulting gas (#20) is sent to a Pressure Swing Adsorption (PSA) unit where the 

purity of the hydrogen recovered achieves 99.999%. It is assumed that 90% of the 

inlet hydrogen is recovered as high purity hydrogen in the PSA unit which is 

subsequently compressed to the final delivery pressure of 29 bar. In the cases where 

the Ca-Cu reactors are operated at 11 bar, the hydrogen-rich syngas is compressed 

up to 25 bar before the PSA unit, in order to keep a sufficiently high feed pressure 

allowing to achieve the 90% of hydrogen recovery factor [135]. It must be observed 

that the assumed PSA hydrogen recovery factor is the same in the Ca-Cu and in the 

benchmark hydrogen plants. This is therefore a conservative assumption for the Ca-

Cu plant, which may take advantage of the higher hydrogen content in the PSA feed 

and achieve a higher recovery factor after proper PSA optimization. The carbon-rich 

PSA off-gas (#24) is heated to 200 °C against the N2-rich gas from the turbine and 

mixed with the low-pressure steam (#64) to reach a S/C around 1. This stream is then 

further heated up in HX10 and HX6 to around 700 °C with the CO2-H2O mixture 

from step C and with the hot syngas from step A and then fed to step C for bed 

regeneration. As discussed further on, the best plant performance is obtained when 

the S/C ratio in step A is tuned to generate a PSA off-gas flow rate that matches the 

fuel requirement in step C. This condition is represented in Figure 7.7. For higher 

S/C in step A, the PSA off-gas would not be sufficient for bed regeneration and 

additional natural gas should be fed to step C. The CO2-rich gas stream leaving step 

C (#29) is cooled down to 40°C to be compressed after water removal for CO2 storage 

(#36). 

Air needed in step B is delivered by an adiabatic compressor and then mixed with 

part of the N2-rich stream recycled from step B outlet. Recycle flow rate is tuned to 

achieve an oxygen concentration of around 3% at step B inlet (#39). The oxygen-

depleted stream produced by step B (#40) is partly sent to a turbine (#41) and partly 

recycled (#44). Part of this recycle is used for bed heating in step B’ (#45) as indicated 

in Figure 7.7. 
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In this case the simulation of the Ca-Cu process reactors is performed with a 

simplified sharp front model already used by Martinez et al. [120] with the same 

approach as described in Chapter 2 [61,94]. An improvement has been implemented 

by considering the partial re-carbonation of the sorbent during step C and the new 

model was validated with the 1D pseudo-homogeneous model used in this thesis 

[136]. From the more accurate PHM [94], it was found that as the reduction-

calcination front advances during step C, the bed is progressively left calcined and 

reduced. In these conditions, carbonation is favored since reforming of the fuel, 

which is continuously fed to step C, cools the bed and generates CO2 with a partial 

pressure higher than the carbonation-calcination equilibrium pressure. Therefore, 

thesorbent in the initial part of the bed is partly re-carbonated after it is calcined.  

The use of the simplified model has been preferred for the process simulations due 

to the fast convergence time of a complete cycle (order of seconds), which allowed 

to perform a wide sensitivity analysis, to be compared with the much longer 

convergence time (order of days) needed with the PHM. The high computational 

time of the PHM in this plant is due to the dependency of the composition and flow 

rate of the gas fed to step C on the results of step A simulation. Because of this, the 

S/C ratio at step A inlet has to be tuned to obtain the same duration of all the steps, 

as shown in Figure 7.8. This computational time issue is not present in Ca-Cu process 

integrated in power plants, where the flow rate and composition of the fuel fed to 

step C is independent of the heat and mass balances of step A.  

Assumptions for the calculation of the plant are reported in Table A3.2 in the 

Appendix A3. Most of the heat from the Ca-Cu process is recovered from the H2-rich 

and N2-rich gas from steps A and B, respectively. The energy recovered from the N2-

rich gas recirculated from step B outlet in SH1, EVA1 and ECO1B represents a great 

heat source in the Ca-Cu process since it allows generating 9.43 kg/s of superheated 

steam (#55) sent to the steam turbine for power production, which corresponds to 

87% of the total superheated steam produced. A minor fraction of the steam sent to 

the steam turbine is produced in the heat exchanger EVA2 situated in the cooling 

line of the H2-rich gas, which is mainly used for pre-heating the feed gas to steps A 

and C.  
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Figure 7.8: Conceptual scheme used for the simulations.  

7.3 Mass and energy balances results 

7.3.1 Power production plant 

The mass and energy balances of the power plant components  have been calculated 
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hydrogen-fired cooled gas turbines [138,139]. The Ca-Cu reactors have been 
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capture is considered for the sake of comparison. This plant, which reproduces the 

flowsheet and design criteria discussed by Romano et al. [109], includes an ATR unit, 

a two-stage WGS section, a MDEA-based CO2 absorption unit and combined cycle 

power plant [140]. A reference state-of-the-art NGCC power plant without CO2 

capture has been also considered. The steam cycle is based on a three-pressure level 

HRSG with reheat, with evaporation pressures of 130/28/4 bar and live steam SH/RH 

temperatures of 565 °C. Both benchmark power plants (i.e. with and without CO2 

capture) have also been calculated with the GS code, with the exception of CO2 

compression and the MDEA-based CO2 separation unit. 

For evaluating the performance, the net electric efficiency of the whole power plant 

and the CO2 capture rate (CCR) are used. Moreover, the specific primary energy 

consumption for CO2 avoided (SPECCA) has been also considered. The SPECCA is 

calculated according to Eq. (7.1), where  and ref correspond to the net electric 

efficiencies of the power plant with CO2 capture considered (i.e. the Ca-Cu power 

plant or the benchmark with CO2 capture) and the benchmark power plant without 

CO2 capture, respectively, and ECO2 are the specific CO2 emissions per unit of net 

electricity produced. 

2 , 2

1 1

3600

ref

ref

CO CO

SPECCA
E E

 
−

= 
−

 
 
        (7.1) 

Table 7.1 summarises the results obtained for the NGCC benchmark power plants 

with and without CO2 capture and for the Ca-Cu process integrated with the 

combined cycle considering the operating conditions given in A1 (referred to as 

‘base case’). The electric efficiency of the base case power plant integrated with the 

Ca-Cu process is 45.29% (LHV-based), 1.8%-points lower than that of the benchmark 

NGCC power plant with CO2 capture. The gross electric efficiency (referring to the 

power of the GT and of the steam turbine) is higher in the Ca-Cu plant with respect 

to the benchmark plant with CO2 capture. Therefore, the reason of the lower net 

efficiency is related to the electric consumption of auxiliaries in the Ca-Cu power 

plant, which is noticeably larger than that of the benchmark plant. This is especially 

due to the electric consumption of the N2 recycle fan from step B’ to step B that 

consumes 68.2 MWe. Regarding the CO2 capture ratio, a slightly lower CCR value 

results for the Ca-Cu process compared to the benchmark plant (89.1 vs. 91.6 %).  
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Table 7.1: Performance obtained for the Ca-Cu NGCC plant for the base case, the ‘compact reactor’ 

case and the ‘optimized case’ analysed and for the benchmark NGCC without and with CO2 capture. 

 

Benchmark plants Ca-Cu plants 

NGCC 

w/o 

capture 

ATR+MDEA 

NGCC 

Base 

case 

Compact 

reactor 

Optimized 

case 

Reactor module size DxL, 

m 
-- -- 4.5x10 2.25x5 2.25x5 

Number of parallel B-B’ 

reactors 
-- -- 4 4 5 

Power balance (MWe) 

Gas turbine gross power 273.2 291.3 315.3 315.3 315.3 

Gas turbine auxiliaries -1.09 -1.17 -1.26 -1.26 -1.26 

Steam turbine gross power 147.1 119.7 224.2 216.2 206.1 

Steam Cycle Pumps power -1.79 -3.41 -4.28 -4.15 -3.98 

Auxiliaries for condenser 

heat rejection 
-1.86 -1.09 -1.89 -1.82 -1.72 

Air booster compressor 

power 
-- -10.91 -5.27 -5.27 -3.05 

MEA/MDEA plant 

auxiliaries 
-- -5.13 -- -- -- 

N2-rich gas recycle fan  -- -68.17 -50.12 -29.56 

CO2 compressor power  -14.73 -17.16 -17.16 -17.16 

Auxiliaries for heat 

rejection other than 

condenser 

 -1.06 -0.77 -0.77 -0.77 

Natural gas expander  -- 9.72 9.72 9.72 

Other auxiliaries  -0.19 -0.03 -0.03 -0.03 

Net power output 415.6 373.3 450.5 460.7 473.6 

General performance indicators 

Thermal input, MWLHV 711.3 792.2 994.6 994.6 994.6 

Gross electric efficiency, 

%LHV 
59.09 51.88 54.24 53.44 52.42 

Net electric efficiency, 

%LHV 
58.42 47.12 45.29 46.31 47.61 

Carbon capture ratio, % -- 91.56 89.14 89.14 89.14 

Specific emissions, kg/MWh 350.6 39.6 51.53 50.39 49.01 

CO2 avoided, % -- 88.7 85.30 85.63 86.02 

SPECCA, MJLHV/kgCO2 -- 4.75 5.97 5.36 4.64 
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Based on these results, a sensitivity analysis on the most significant pressure drops 

of the Ca-Cu process has been carried out. This sensitivity analysis is not performed 

on the pressure drops of all the reactors and heat exchangers but is limited to the 

pressure drops that have a direct influence on the design of the Ca-Cu reactors and 

of the heat exchangers with the highest capital cost. Concretely, the impact of the 

pressure drop through the heat exchangers placed on the N2-rich gas recycled and 

at step B inlet (H and G in Figure 7.1, respectively) and through the fixed bed reactors 

have been analysed.  

Concerning the pressure drop over the fixed bed reactors, the reactor dimensions 

chosen for the base case (given in Table A1) result in a pressure drop of 2 bar and 3 

bar in each reactor operating in step B and B’ respectively, calculated according to 

the Ergun equation used in the 1-D pseudo-homogenous reactor model [94]. Such 

pressure drop, together with the pressure drop in the heat exchanger H placed 

downstream step B’ of the Ca-Cu process, make the pressure difference along the 

recycle fan almost 7 bar, which leads to an electric consumption of 68.2 MWe. 

Therefore, the possibility of working with a ‘compact reactor’ Ca-Cu process has been 

analysed, where each reactor is divided into four sub-reactors with a diameter of 

2.25 m and a length of 5 m (i.e. keeping the original L/D ratio), sharing the same set 

of valves and leading to reduced pressure drops. Since the reactor length in this 

configuration is halved with respect to that of the base case while the overall cross-

section remains unchanged, the pressure drop along the reactor in each Ca-Cu step 

halves compared to the base case. For carrying out this analysis, the outlet pressure 

of step B has been fixed to 19 bar, which is the pressure assumed for the base case. 

In this way, when reducing the pressure drop across the reactor, the inlet pressure 

to step B is consequently reduced, resulting also in a higher pressure drop along heat 

exchanger G (i.e. outlet pressure for the booster and recycle fan is kept at 21.3 bar as 

indicated in Table A1 for the base case). Performance results obtained for this case 

have been included in Table 7.1 referred to as ‘compact reactors’ case. As noticed, the 

electric consumption of the N2-rich gas recycle fan is greatly reduced to 50.1 MWe 

for this case, which causes an increase in the electric efficiency of the whole plant by 

1%-point. Moreover, as will be shown in the economic analysis section, such 

reduction in the reactor dimension allows reducing the corresponding capital and 

operating costs since the total reactor volume is also reduced.  
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Regarding the pressure drop in heat exchanger H, a reference value of 1.6 bar, 

corresponding to 10% of pressure inlet in such heat exchanger, was assumed for the 

base case (Table A1 in the Appendix). When reducing the pressure drop in this heat 

exchanger, the electric consumption of the downstream recycle fan is consequently 

reduced, since the pressure ratio gets smaller, with a positive impact on the capital 

cost of both the heat exchanger (which features a lower heat duty) and the N2-rich 

gas recycle fan, in addition to the operating costs. This reduction in the compression 

ratio of the recycle fan also translates into a lower amount of heat recovered in the 

downstream heat exchanger G, that makes the thermal power absorbed by the steam 

cycle lower, causing a lower plant gross efficiency. The impact on the plant 

performance of reducing the pressure drop along heat exchanger H to 0.5 bar (which 

corresponds to 2.9 % of the gas inlet pressure) has been calculated for the ‘compact 

reactor’ configuration described before. The electric consumption of the N2-rich gas 

recycle fan reduces by 24% and the power produced by the steam turbine decreases 

by 5 MWe down to 205.1 MWe. As a result, the net electric efficiency of the whole 

power plant reaches 47%, which is about 0.7%-points higher than the ‘compact 

reactor’ case taken as a starting point.  

The effect of decreasing the outlet pressure of the air booster from the value of 

21.3 bar considered thus far is also evaluated. Similar to the previous analysis, this 

change has been implemented for the ‘compact reactor’ case, keeping the pressure at 

step B outlet equal to 19 bar. In this case the possibility is studied of reducing the 

booster outlet pressure to 20.3 bar and thus work with a limited pressure drop in 

heat exchanger G of 0.3 bar. Such reduction in the booster outlet pressure also results 

in a reduction of the compression ratio of the N2-rich gas recycled fan, which should 

work with the same outlet pressure of the booster. According to these assumptions, 

both air booster and fan electric consumptions decrease by 20% and 17% 

respectively, when booster outlet pressure reduces to 20.3 bar, which makes the net 

electric efficiency reach 46.9%. 

Based on the optimization of the cost of electricity discussed in the following section, 

an optimum pressure drop of 1.3 bar in heat exchanger H has been calculated. 

Moreover, working with a booster outlet pressure of 20.3 bar allows reducing the 

investment and operating costs of the plant. Considering such set of optimized 

conditions, the possibility of having 3 or 5 reactors working in steps B and B’ instead 

of 4 as in the ‘base case’ and ‘compact reactor’ case is finally evaluated. Increasing the 
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number of reactors in B-B’ to 5 allows reducing the pressure drop in steps B and B’, 

since the gas velocity in each sub-reactor operating in these steps would decrease, 

while reducing also the booster outlet pressure. As a result, air booster and fan 

electric consumptions decrease by 42% and 41% respectively, with respect to the 

‘compact reactor’ case, which results in a net electric efficiency of 47.6 that is 0.5%-

points higher than that of the benchmark power plant with CO2 capture. Despite 

such increase in the efficiency, the larger number of reactors working in steps B/B’ 

will have an impact on the economics of the power plant, and it is therefore 

evaluated from the economic point of view in the following section. Performance 

results obtained for this case have been included as ‘optimized case’ in Table 7.1.  

7.3.2 Hydrogen production plant 

The tool employed for process simulations is the commercial software Aspen Plus. 

Gas properties have been evaluated with the cubic equation of state of Peng 

Robinson [141] with the exception of the CO2 compression section where the 

Redlich-Kwong-Soave equation of state with modified Huron-Vidal mixing rules 

has been used [142]. Pure water and steam thermodynamic properties have been 

evaluated through STEAMNBS. 

7.3.2.1  Base case discussion 

Results of the simulation of the complete hydrogen plant integrated with the Ca-Cu 

process are reported in Table 7.2. As a basis for the comparison, a hydrogen 

production of 30000 Nm3/h has been kept for all the cases analysed in this work. 

Moreover the benchmark FTR hydrogen production plants without CO2 capture and 

with CO2 capture by Methyl Diethanolamine (MDEA) (originally developed in [38] 

and updated in the Ascent project [143]) have been considered and the results are 

also shown in the last two columns of Table 7.2. 

In this case the performance is evaluated by plant key performance indexes (KPI), 

considering the same approach of Martínez et al. [38], in which it was considered 

that the hydrogen production plant has natural gas as main input, and CO2 for 

storage, vented gas and steam exported as main outputs. In addition, there may be 

an exchange of electricity with the grid, since it can be exported from the plant or 

imported when the turbine output is not enough for fulfilling the consumption of 

the auxiliaries. Together with hydrogen production efficiency (H2) and the carbon 

capture ratio (CCR), the equivalent hydrogen production efficiency (H2,eq) and the 
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equivalent carbon capture ratio (CCReq) were defined as Eq. (7.2) and Eq. (7.3) 

respectively in order to be able to compare homogeneously different hydrogen 

production plants working with different outputs of electricity and heats since the 

use of the equivalent NG consumption (Eq. (7.4)) neutralises these outputs.  
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The equivalent specific primary energy consumption for CO2 avoided is also 

considered in this case and calculated according Eq. (7.5).  
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Results of the Ca-Cu plant operated at 25 bar with a S/C ratio of 2.27 at the inlet of 

step A pre-reformer are included in the first column of Table 7.2. This S/C value is 

such that the PSA off-gas matches the amount of fuel gas needed for sorbent 

regeneration in step C. The hydrogen production efficiency (𝜂𝐻2) obtained for the 

Ca-Cu plant (74.1%) is higher than the efficiency of both the FTR with and without 

CO2 capture (+0.7 and +1.5% points, respectively). The equivalent hydrogen 

production efficiency (𝜂𝐻2,𝑒𝑞) of the Ca-Cu plant is also significantly higher (+3.7% 

points) than the efficiency of the FTR plant with CO2 capture. The reason of the 

increased difference in 𝜂𝐻2,𝑒𝑞 is the higher export of LP steam, which compensates 

for the higher net electric consumption.  
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Table 7.2: Energy balance and performance comparison of the benchmark hydrogen production plants 

(FTR with and w/o CO2 capture) and the hydrogen production plants including a Ca-Cu process.  

 Ca-Cu plants Benchmark plants 

Pressure at step A and B 

inlet, bar 
25  11  25  25  25  

FTR 

w/o 

capture 

FTR 

with 

capture 

Active CaO in bed, % 30 30 30 20 40   

S/C at pre-reformer inlet  2.27 1.93 3 2.38 2.17 3 4 

Relative step duration (fixed 

reactor size)  
1 0.40 1.02 0.78 1.21   

Relative reactor size (fixed 

step duration)  
1 2.53 0.98 1.28 0.83   

Cu/Ca 0.60 0.57 0.60 0.42 0.79   

ṁair/ṁNG,inA 6.12 5.60 6.10 5.95 6.20   

ṁN2,turbine/ṁNG,inA 4.62 4.23 4.60 4.48 4.67   

ṁN2,recyclebypass/ṁNG,inA 15.52 13.29 15.45 13.67 16.50   

Carbon loss in step B 4.28 9.09 4.27 4.17 4.34   

Natural gas input, kg/s 2.61 2.48 2.60 2.57 2.63 2.62 2.64 

Natural gas thermal input, 

MW 
121.4 115.3 121.1 119.3 122.3 121.7 122.9 

Equivalent natural gas 

input, MW 
117.6 115.0 121.1 120.1 113.5 107.5 122.7 

Hydrogen thermal output, 

MW 
89.9 89.9 89.9 89.9 89.9 89.3 89.2 

Thermal power output (as 

LP steam), MW 
6.33 3.94 3.28 3.58 8.00 9.56 2.15 

Electric power output, MW 

Steam turbine 4.28 3.52 3.28 3.71 4.59 3.80 3.30 

MDEA process -- -- -- -- -- -- -0.70 

CO2 compressors -2.41 -2.17 -2.40 -2.38 -2.43 -- -2.10 

Air compressor-N2 turbine 

group 
-2.27 -0.20 -2.26 -2.13 -2.34 -- -- 

Recycle fan (step B) -0.90 -0.91 -0.87 -0.98 -0.84 -- -- 

Hydrogen compressor -0.30 -0.20 -0.31 -0.30 -0.30 -- -- 

Syngas compressor  -- -1.76 -- -- -- -- -- 

Natural gas expander -- -- 0.22 -- -- -- -- 

Other auxiliaries (pumps, 

heat rejection, H2 recycle 

compressor) 

-0.31 -0.24 -0.34 -0.31 -0.30 -1.70 -1.70 

Net electric power output, 

MW 
-1.90 -1.97 -2.11 -2.39 -1.62 2.13 -1.25 

𝜼𝑯𝟐, %LHV 74.07 77.99 74.26 75.35 73.49 73.33 72.56 

𝜼𝑯𝟐,𝒆𝒒, %LHV 76.44 78.68 74.27 75.28 77.36 83.07 72.70 

𝑪𝑪𝑹, % 95.61 90.82 95.63 95.73 95.56 -- 75.18 

𝑪𝑪𝑹𝒆𝒒, % 98.68 91.62 95.64 95.64 101.00 -- 75.34 

𝑬𝒆𝒒, gCO2/MJLHV,H2 0.99 6.07 3.34 3.30 -0.44 68.62 19.34 

𝑺𝑷𝑬𝑪𝑪𝑨𝒆𝒒, MJLHV/kgCO2 1.54 1.07 2.32 1.90 1.29 -- 3.48 
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After CO2 compression, the second main electric consumption of the Ca-Cu plant is 

associated with the air compressor-N2 turbine group, since the gas flow rate 

expanded in the turbine is less than the one compressed by the compressor because 

of the uptake of O2 from the air flow in step B. Moreover, this relatively high-power 

consumption is due to the low thermodynamic efficiency of this gas cycle, which is 

related to the low turbine inlet temperature combined with a high compressor 

pressure ratio (about 25). Non-negligible power absorption is also associated with 

the step B recycle fan, which recirculates a significant gas flow rate. 

As for the CO2 capture efficiency, the Ca-Cu plant achieves a 𝐶𝐶𝑅 of 95.6% and a 

𝐶𝐶𝑅𝑒𝑞 of 98.7%. The higher value for the 𝐶𝐶𝑅𝑒𝑞 is due again to the CO2 credits 

associated to LP steam export. Compared to the benchmark, the 𝐶𝐶𝑅 is significantly 

higher than in the FTR plant with CO2 capture (~75%), where CO2 is absorbed from 

the syngas by an MDEA process, but CO2 generated in the FTR burners is emitted. 

By combining the equivalent hydrogen production efficiency and the 𝐶𝐶𝑅, a 

𝑆𝑃𝐸𝐶𝐶𝐴𝑒𝑞 of 1.54 MJLHV/kgCO2 is calculated for the Ca-Cu process, which is less than 

half of the 𝑆𝑃𝐸𝐶𝐶𝐴𝑒𝑞 of 3.48 MJ/kgCO2 calculated for the benchmark plant with CO2 

capture.  

Most of the energy penalty (about 20% of the inlet natural gas heating value) is 

associated with the heat released in the step B recycle cooler (i.e. cooling of stream 

#47 to #49 in Figure 7.1). 

7.3.2.2 Effect of step A and step B pressure 

In this section, the effects of a reduction in the operating pressure of steps A and B 

are evaluated. As shown in Table 7.2 operating at a reduced pressure of 11 bar 

(second column) leads to an increased CO2 loss in step B. As a result, compared to 

the higher pressure case (first column) discussed in the previous section, a lower 

amount of sorbent has to be regenerated in step C, less fuel is therefore needed in 

this step and a lower amount of air is needed in the oxidation of step B per unit of 

natural gas fed to step A (ṁair/ṁNG,inA). 

As for the electric balance (Table 7.2), the compressor-turbine group consumes less 

electric power when step A and step B are operated at a lower pressure. This is a 

consequence of the lower pressure ratio, which is preferable from a thermodynamic 

efficiency point of view for moderate maximum temperatures of the gas cycle. The 

CO2 compression train has a slightly lower consumption in the low-pressure case 
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due to the lower amount of CO2 captured by the process. On the other hand, a syngas 

compressor is needed to raise the step A syngas pressure up to the PSA pressure of 

25 bar. 

When comparing the KPIs between the two cases case, the lower pressure leads to 

higher 𝜂𝐻2 and a lower 𝐶𝐶𝑅. The higher 𝜂𝐻2 is mainly due to the lower air flow rate 

and N2 recycle in step B, leading to lower thermal power transferred to the gas and 

the steam cycles and lower stack loss. The resulting 𝑆𝑃𝐸𝐶𝐶𝐴𝑒𝑞 of the 11 bar case is 

1.07 MJLHV/kgCO2, i.e. 30% less than for the 25 bar base case. 

7.3.2.3 Effect of S/C in step A 

The effect of S/C ratio in the step A pre-reformer has been investigated by increasing 

it up to 3, starting from the base case at 25 bar (third column of Table 7.2). The effect 

of higher S/C is a higher H2 production in step A, leading to a reduced amount of 

PSA off-gas which becomes insufficient to sustain sorbent regeneration in step C. 

Therefore, part of the inlet natural gas (about 12% of the total) is introduced in the 

system to feed step C and an additional pre-reformer is employed to treat this NG 

stream. 

Results of the simulations show that higher S/C ratio favours CH4 conversion and 

CO2 capture in step A (CCRA increases from 51.4% in the base case to 57.7% in the 

high S/C case). However, the CCR of the plant hardly depends on the S/C because 

carbon slipping from step A is not emitted but recovered in the downstream PSA 

unit. The 𝜂𝐻2 is only 0.2% points higher in the high S/C case than in the base case. 

Because of the higher amount of steam used in the process, the case with higher S/C 

features lower LP steam export and lower steam turbine power output, leading to 

lower 𝜂𝐻2,𝑒𝑞, lower 𝐶𝐶𝑅𝑒𝑞 and ultimately to a higher 𝑆𝑃𝐸𝐶𝐶𝐴𝑒𝑞 (i.e. 2.32 MJ/kgCO2) 

compared to the base case. 

7.3.2.4 Effect of sorbent capacity 

The effect of the CO2 sorbent capacity has been assessed by changing the fraction of 

active CaO between 20% and 40% (fourth and fifth columns of Table 7.2) in order to 

analyse the impact of this parameter on the global performance. Typical active CaO 

contents achieved in the literature for this functional material are close to 30% 

[116,144], as considered for the base case. The value of 20% of active CaO has been 

chosen as a possible residual capacity of a highly cycled sorbent after many years of 
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operation subjected to mechanical and thermal stresses. As shown in Table 7.2, a 

higher sorbent capacity leads to an increase in the CCRA. When the CaO capacity is 

increased, more energy is needed for bed regeneration (the Cu/Ca ratio increases 

from 0.42 to 0.79 when the CaO capacity increases from 20% to 40%) because the 

fraction of CaCO3 in the bed at the beginning of step C is increased. Therefore, a 

higher amount of PSA off-gas fuel is needed in step C. In case no natural gas is fed 

to step C (justified by the better performance results discussed in the previous 

section), the S/C ratio at step A inlet needs to be such that the PSA off-gas fulfils the 

energy consumption in step C. Therefore, in order to increase the amount of energy 

in the PSA off-gas, the S/C ratio at step A inlet should be reduced, as shown in Table 

7.2 for this case. The use of a lower S/C ratio results in a lower CH4 conversion in the 

initial part of the bed during step A, where CaO is fully carbonated and CH4 is 

converted according to the equilibrium of conventional adiabatic SMR. 

Consequently, when the S/C is reduced, a higher amount of unreacted CH4 remains 

at the carbonation reaction front. This additional methane is reformed at the 

carbonation reaction front, balancing the exothermic carbonation reaction heat and 

reducing the temperature increase at this reaction front, favouring in this way CO2 

absorption in this step and so 𝐶𝐶𝑅𝑒𝑞. 

When the CaO capacity is increased, the Cu/Ca ratio needed in the solid bed is also 

higher since the amount of CaCO3 to be calcined is increased. As a result, a higher 

air flow rate has to be fed to step B (ṁair/ṁNG,inA) to oxidize the Cu present in the solid 

bed, which turns into a higher N2 flow rate sent to the N2 turbine (ṁN2,turbine/ṁNG,inA) 

and a larger flow rate of the step B’ recycle bypass (ṁN2,recyclebypass/ṁNG,inA) per kg of 

NG to step A. The increase in these two N2 flow rates leads to a higher thermal power 

transferred to the steam cycle in the N2 recycle heat exchanger and in the N2 turbine 

off-gas, leading to a lower cold gas efficiency and therefore to a lower 𝜂𝐻2, which 

reduces from 75.35 to 73.49% when the sorbent capacity is increased from 20 to 40%. 

The higher N2-rich gas flow rate from B to the N2 turbine also causes a small increase 

of in the CO2 losses from step B for the case with the higher sorbent capacity, and 

thus reduces the CCR slightly. 

As for the overall energy balance reported in Table 7.2, the main effect of the 

variation of the CaO capacity is related to the variation of the S/C at step A. As 

discussed previously, an increase in the sorbent capacity brings about a reduction of 

the S/C ratio and an increase in the heat recovered in the N2 recycle, which leads to 
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an increase in the steam turbine power output and of the exported steam. As a result, 

𝜂𝐻2,𝑒𝑞 and 𝐶𝐶𝑅𝑒𝑞 increase with the sorbent capacity and 𝑆𝑃𝐸𝐶𝐶𝐴𝑒𝑞 reduces to 

1.29 MJLHV/kgCO2 in the case with 40% of active CaO (i.e. ~16% less than in the Ca-Cu 

base case). 

According to these results, for a plant intended to maximize the hydrogen 

production efficiency 𝜂𝐻2, it seems better to operate with a relatively low sorbent 

conversion. In a few words, this is because the higher CO2 capture ratio in stage A is 

not beneficial from the point of view of the heat balance. As a matter of fact, carbon 

slipping from step A is separated with no significant energy penalty in the PSA, 

while CO2 captured in step A leads to higher gas flow rates in step B-B’ for 

supporting sorbent calcination and higher energy losses associated to the N2 recycle. 

On the other hand, when considering the net electric input and the thermal power 

exported, a higher sorbent conversion appears advantageous, since it allows 

achieving better equivalent indeces 𝜂𝐻2,𝑒𝑞, 𝐶𝐶𝑅𝑒𝑞 and 𝑆𝑃𝐸𝐶𝐶𝐴𝑒𝑞. Moreover, a higher 

sorbent conversion leads to longer cycle durations (see Table 7.2) and therefore to 

longer expected lifetime of the valves (or alternatively to smaller and cheaper 

reactors for given cycle duration). 

7.4 Economic analysis 

For the two cases considered an economic analysis was performed by Politecnico di 

Milano. The direct cost or capital cost of each component is evaluated through any 

of these routes: (i) an exponential cost scaling technique like that indicated in Eq. 

(7.6), which is used to calculate the capital cost of a piece of equipment starting from 

a reference capital cost (C0) for a reference size (S0), a scaling parameter (SP) and an 

exponent (n); (ii) other cost functions available in the literature; (iii) data supplied 

from industrial partners of the ASCENT project [143]; or (iv) data from commercial 

software Aspen Exchanger Design & Rating [145]. The complete economic models 

and assumptions can be found in Martinez et al. [140] for the case of the power 

production plant and in Riva et al. [136] for the case of the hydrogen production 

plant.  
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7.4.1 Power production plant 

Regarding the power production plant, the economic analysis was carried out for 

the three cases discussed above, namely ‘base case’, ‘compact reactor’ case and 

‘optimized case’. Details of all the costs associated to the plant can be found in the 

work of Martinez at al. [140]. The economic assessment allows the calculation of the 

Breakeven Selling Price (BESP) or Levelized Cost of Electricity (LCOE) and the Cost 

of CO2 Avoided (CCA). The CCA is calculated as follows: 
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CO ref CO

LCOE LCOE
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E E

−
=
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For the calculation of the CCA the reference NGCC plant without CO2 capture has 

been considered. The calculated LCOE for this benchmark is 58.25 €/MWh. 

Table 7.3 summarizes the cost of the electricity breakdown for the NGCC power 

plant integrated with the Ca-Cu process for the three cases analysed in detail in this 

work, together with the costs of the benchmark ATR+MDEA NGCC power plant. A 

reduction in the LCOE of around 8 €/MWh is possible when moving from the Ca-

Cu ‘base case’ to the ‘optimized case’. The reasons of this reduction are mainly related 

to the decrease in the reactors volume and hence of vessels and functional material 

cost, and the higher efficiency related to the reduction of the pressure drops in step 

B-B’ loop. As discussed in the plant performance section, decreasing pressure drops 

in both the main heat exchangers and in the reactors (by reducing the length and 

increasing their number) turns out to be convenient from the point of view of the 

electric plant efficiency since the electric consumption of the N2 recycle fan and the 

air booster compressor is reduced. This improvement in the net electric efficiency 

translates into a reduction in both the cost for NG and of the specific capital cost of 

the whole plant (thanks to the increase in the net power output). Considering the 

optimized case conditions, the NGCC integrated with the Ca-Cu process has an 

electricity cost of 82.60 €/MWh, which is 2.2 €/MWh below the benchmark power 

plant with CO2 capture. As to the CCA, the Ca-Cu based power plant has a CCA of 

80.75 €/tCO2 which is 4.6 €/tCO2 lower than that of the benchmark power plant 

(85.38 €/tCO2). 
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Table 7.3: Cost of electricity breakdown for the NGCC power plant integrated with the Ca-Cu process 

 Benchmark plants Ca-Cu plants 

 
NGCC w/o 

capture 

ATR+MDEA 

NGCC 

Base 

case 

Compact 

reactor 

Optimized 

case 

Capital cost, €/MWh 11.16 19.84 21.97 19.15 18.85 

Natural gas, €/MWh  41.13 52.08 53.07 51.89 50.48 

Other variable 

O&M, €/MWh 
0.52 2.43 3.95 3.85 3.73 

Fixed O&M, €/MWh 5.44 10.45 11.56 9.62 9.54 

Cost of electricity 

(LCOE) , €/MWh 
58.25 84.80 90.55 84.51 82.60 

Cost of CO2 Avoided 

(CCA), €/tCO2 
- 85.38 108.01 87.48 80.75 

 

The economic analysis carried out has demonstrated that the NGCC plant integrated 

with the Ca-Cu process can be economically competitive with respect to the 

benchmark NGCC integrated with the ATR+MDEA. However, reactors, valves and 

initial fill strongly affect the economic indicators of the plant: to have both the LCOE 

and the CCA below the reference ATR+MDEA plant the reactors material costs and 

the valves cost of the Ca-Cu process should be lower than around 130 M€ (in the 

cases calculated it was around 100 M€) while the initial fill cost should be lower than 

around 30 M€ (the cost considered in this analysis was around 20 M€). Moreover, 

for a proper economic optimization of the reactors size, the impact on the lifetime of 

the valves and of the functional material, as well as on the dynamics of temperature 

and composition of the gas generated by the reactors should be taken into account. 

7.4.2 Hydrogen production plant 

The economic analysis was carried out also for the Ca-Cu hydrogen plants compared 

with the benchmark hydrogen plants. Details of all the costs associated to the plant 

can be found in the work of Riva et al. [136].  

The resulting cost of hydrogen and of CO2 avoided are reported in Table 7.4. The 

lowest cost of hydrogen is obtained for the FTR without capture. The calculated cost 

of hydrogen for the benchmark FTR plant of 0.153 €/Nm3 is higher than 0.114 €/Nm3 

reported by IEAGHG [4], where however 8% lower natural gas price was assumed 

and a significantly larger plant was considered (100000 vs. 30000 Nm3/h), leading to 
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lower Capital and fixed O&M (Operating and Maintenance) costs. Both hydrogen 

plants integrated with the Ca-Cu process result in lower hydrogen production costs 

than the FTR plant with CO2 capture. For the high-pressure Ca-Cu case, the 

hydrogen cost results 0.178 €/Nm3, i.e. ~2% less than the low-pressure Ca-Cu case 

and ~8% less than the benchmark FTR plant with capture. The capital cost is 

significantly influenced by the operating pressure, since when lower pressure of the 

Ca-Cu reactors is selected, the volume of the reactors and so their cost increases. The 

most important expense is related to the purchase of the natural gas. Since the size 

of the plant is determined on the target hydrogen production of 30000 Nm3/h, the 

cost associated to the purchase of natural gas is lower in those cases with higher 

hydrogen production efficiency. The high-pressure Ca-Cu plant also achieves the 

lowest CO2 avoided cost (30.96 €/ton), which is ~16% less than the 11 bar case and 

~52% less than the benchmark FTR plant with CO2 capture. 

Table 7.4: Cost of hydrogen and cost of CO2 avoided of the assessed hydrogen plants 

  
Ca-Cu 

25 bar 

Ca-Cu 

11 bar 

FTR 

w/o capture 

FTR 

with capture 

Natural Gas, €/Nm3  0.097 0.092 0.098 0.099 

Steam Export, €/Nm3 -0.006 -0.004 -0.009 -0.002 

Electricity Purchase, €/Nm3 0.004 0.004 -0.004 0.002 

Other variable O&M, €/Nm3 0.002 0.002 0.003 0.003 

Fixed O&M, €/Nm3 0.043 0.046 0.038 0.046 

Capital cost, €/Nm3 0.038 0.041 0.027 0.045 

Cost of Hydrogen, €/Nm3 0.178 0.181 0.153 0.194 

CCA, €/tCO2 30.96 36.79 - 64.07 

 

If deviations from the assumptions made in this work regarding the functional 

materials and reactors & valves costs of the Ca-Cu system occur, which would make 

these costs to be raised, there is still margin for competitiveness for the Ca-Cu system 

with respect to the FTR-based technology. Considering the CCA, the maximum cost 

for the reactors and valves of the Ca-Cu system is about 43 M€ for this process to be 

competitive with respect to the FTR plant with CO2 capture, which implies more 

than three times the cost calculated in this work.  Regarding the initial fill cost, this 

maximum cost for the initial fill would be about 20 M€, which would imply an 

increase of almost 10 times the cost calculated in this work, maintaining constant the 
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reactors and valves cost. Considering the cost of hydrogen, the breakeven point lies 

at about 30 M€ for the vessels and valves system (considering the baseline costs of 

the functional material) and to about 13 M€ for the initial fill (considering the 

baseline vessels and valves cost).  

7.5 Conclusions 

In this chapter, a techno-economic analysis of a natural gas combined cycle 

integrated with the Ca-Cu process has been carried out. Balances of the whole plant 

have been calculated and the cost of electricity and of the CO2 avoided have been 

estimated and compared with the benchmark technology. Moreover, the 

performance of a Ca-Cu based hydrogen production plant operating under different 

conditions has been assessed and compared from a thermo-economic point of view 

with a benchmark hydrogen plant based on conventional SMR technology.  

In the case of the power production plant, from an economic point of view, it is 

important to optimize the Ca-Cu reactor size and the pressure drop in the heat 

exchangers with the highest capital cost in order to achieve a competitive efficiency 

and economic performance. Vessels of reduced size for the Ca-Cu process are 

important to limit pressure drop, which will reduce the electric consumption 

associated with the auxiliaries needed in the Ca-Cu process. Moreover, reduced Ca-

Cu reactors volume needs lower amount of functional material and therefore lower 

initial fill and replacement cost. On the other hand, smaller reactors volume involves 

shorter cycle time, increased chemical and thermal cycling of the functional material 

and more frequent opening and closure of the valves. The effects of the increased 

cycling on the design of the Ca-Cu system and on the lifetime of the material should 

be taken into account in future studies aiming at economically optimizing the size 

of the Ca-Cu reactors. An optimized case has been calculated, considering reduced 

vessel size and optimised pressure drops in the crucial heat exchangers. For this case, 

the net electric efficiency results 0.5% points higher than the benchmark power plant 

based on an ATR and MDEA process for CO2 capture. An electricity cost of 82.60 

€/MWh has been estimated, which is 2.2 €/MWh less than the benchmark. Regarding 

the CCA, the Ca-Cu based power plant has a cost of CO2 avoided of 80.7 €/ tCO2, 4.6 

€/tCO2 lower than that of the benchmark power plant integrated with the 

ATR+MDEA. 
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Regarding the case of the hydrogen production plant, the following conclusions can 

be drawn:  

• Increasing the CO2 sorption capacity of the Ca-based sorbent up to 40% is not 

advantageous from the point of view of the hydrogen production efficiency and 

of the CO2 capture ratio. A high sorbent capacity involves a higher CO2 

separation in step A and therefore higher energy losses associated with sorbent 

regeneration. A low CO2 separation in step A is not disadvantageous from an 

energy balance point of view because of the small energy penalty for removing 

the carbon species downstream step A, in the PSA hydrogen purification unit. 

On the other hand, a high sorbent capacity leads to a higher equivalent 

hydrogen production efficiency and higher equivalent carbon capture ratio (i.e. 

accounting for the credits associated to the net electricity consumption and the 

heat export), but also a lower 𝑆𝑃𝐸𝐶𝐶𝐴𝑒𝑞.  

• Operating the Ca-Cu system at moderate pressure (11 bar) is beneficial from 

the energy efficiency point of view because it leads to a higher hydrogen 

production efficiency and a lower SPECCA than in the base case operating at 

25 bar. However, from an environmental point of view, the lower pressure 

leads to higher CO2 losses in step B and therefore to lower CO2 capture 

efficiency. Moreover, from an economic point of view, the lower Ca-Cu 

pressure brings about larger vessels and therefore a higher capital cost 

expenditure, leading to a higher cost of hydrogen and a higher cost of CO2 

avoided. 

• The hydrogen production plant based on the integrated Ca-Cu process turns 

out to be economically competitive with respect to the benchmark fired tubular 

reforming (FTR) plant with CO2 capture as far as hydrogen production costs 

(~8% less) and CO2 avoided cost (~52% less) are concerned. 
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8.1 Scope 

On 12th December 2015 the “Paris Agreement” was adopted setting out a global 

action plan to put the world on track to avoid dangerous climate change by limiting 

global warming to 2 °C above pre-industrial levels [3]. To achieve this goal, the 

carbon emissions to the atmosphere must be greatly reduced in the short/mid-term. 

Carbon Capture and Storage (CCS) is an interesting technology proposed for mid-

term reduction of CO2 emissions from fossil fuels or biomass powered industries [4]. 

Among the different emerging technologies for hydrogen production with inherent 

CO2 capture, there is a strong need of processes with reduced energy penalties and 

costs and the Ca-Cu looping process discussed in this thesis is one of such emerging 

technologies. In this last chapter an overview of the main findings of the present 

research will be presented together with guidelines on how the research on this 

concept should proceed.  

8.2 This thesis 

To better understand and describe the system behavior and performance a first 

analysis on the different operating conditions has been carried out (Chapter 2). The 

three steps of the Ca-Cu process have been modelled successfully using a 1D 

pseudo-homogeneous model (PHM) and a simplified model which has been 

developed using a sharp front approach. The simplified model has been able to 

adequately describe the process behavior for process steps B (Cu oxidation) and C 

(CaCO3 calcination), while for the SER step, an extended sharp front approach has 

been developed, due to the CO2 equilibrium with the solid. The simple model has 

been successfully validated by the PHM and by simulation results taken from 

literature. From this study operational process windows have been determined for 

all three process steps, regarding bed compositions, feed compositions, pressure and 

temperatures. The optimum performance of the SER step has been found for a S/C 

of 5 with a bed composition of approximately 20 wt.% CaO at 35 bar and 650 °C.  

During the copper oxidation step, calcination is minimized by a small CO2 fraction 

in the feed due to the recycle of product gas. The maximum allowed temperature 

results in the requirement of more than 25 wt.% Cu in the reactor bed and less than 

5 mol% O2 in the feed. The solids regeneration step is operated energy neutral, 

resulting in a Cu/Ca-ratio determined by the fuel gas. Combined with the starting 

materials, this ratio results in constraints for the bed composition for the entire 
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process. For step 1, the calcium oxide restriction is 0.093 < CaO wt.% < 0.165. For step 

2, the constraint is 0.216 < Cu wt.% < 0.348. A trade-off is found using a CaO weight 

fraction of about 15 wt.%, giving a small loss in low purity H2 production during 

step 1. The found carbon capture efficiency of the process is close to 80% which is 

7.5% lower than the expected efficiency by Fernandez et al. [43], while the thermal 

efficiency is similar to their value, 71-74%.  

As found in Chapter 2, the second step of the process (Step B) oxidation of Cu takes 

place at temperatures below 850 °C and at elevated pressures to minimize the loss 

of CO2 caused by the partial calcination of CaCO3. Although very important for the 

design of Ca-Cu loops, an extensive work specifically dealing with the oxidation 

kinetics of high Cu loadings materials is still lacking in the open literature. The 

oxidation reaction of a CuO/Al2O3 material with high Cu loading has been therefore 

studied at atmospheric and pressurized conditions, in powder and pellet forms. The 

evolution of the Cu oxidation of particles and pellets was successfully modeled by a 

shrinking core model with chemical reaction control but adapted to plate-like 

geometry for powders and cylindrical geometry for pellets. Moreover, the extent of 

oxygen uncoupling of CuO, an undesirable side-reaction which can occur because 

of the high temperature and low pressure in the regeneration step, has been 

investigated. Reaction rate expressions for this side-reaction have been developed 

and implemented in the 1D reactor model which showed that the effect of oxygen 

uncoupling is negligible under the conditions at which step C is carried out.  

An experimental campaign in a small and medium-scale packed-bed reactor has 

been carried out at atmospheric pressure and the results have been used to validate 

the developed 1D dynamic pseudo-homogeneous reactor model (Chapter 4).  

Moreover, a proof-of-concept has been provided in a larger packed-bed reactor 

setup, which can be operated at higher pressures. With a large number of complete 

cycles the feasibility of the process has been proven, since the sorbent is regenerated 

successfully enabling to carry out the sorption-enhanced reforming with production 

of hydrogen with a fraction above 90 vol.% on dry basis. After 285 complete cycles 

the solids were still chemically performing well and the results were still 

reproducible. However, the solids materials in the bed were in part pulverized at 

the end of the experiments, clearly indicating that solids with a higher mechanical 

strength are needed.  
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In Chapter 6, simulations with the validated reactor model were performed for the 

different steps of the Ca-Cu process, considering a reasonable set of process 

assumptions. It has been demonstrated that, at industrial conditions, the formation 

of a high-temperature plateau during the sorption-enhanced reforming step of the 

process, caused by the decoupling of the steam methane reforming and the 

carbonation reactions at different positions along the bed, decreases the carbon 

capture efficiency that can be achieved with this process. With the aim of 

overcoming this limited capture efficiency, a novel alternative scheme for the Ca-Cu 

process has been proposed, where the SER step was split into two stages with an 

intermediate gas cooling stage. For this new alternative configuration, a CCE of 87% 

was obtained for the SER step and the overall CCE of the Ca-Cu process was 

increased to 88%. 

Finally, in Chapter 7, a techno-economic analysis of a NGCC integrated with a pre-

combustion CO2 capture process and of a hydrogen production plant both based on 

the Ca-Cu process has been carried out. Both plants were found to be competitive 

with respect to the benchmark. Concerning the power production plant, an electric 

efficiency of 47.6% was calculated which is 0.5% points higher than the benchmark 

power plant based on an ATR and an MDEA process for CO2 capture. An electricity 

cost of 82.60 €/MWh and a cost of CO2 avoided of 80.7 €/tCO2, which are respectively 

2.2 €/MWh and 4.6 €/tCO2 less than the benchmark, have been estimated. Hydrogen 

efficiencies higher than 75% have been obtained in the case of the hydrogen 

production plant, which are more than 2% higher than the benchmark fired tubular 

reforming plant with CO2 capture. Concerning the hydrogen production costs and 

CO2 avoided cost, they are respectively 5% less and 52% less than the benchmark 

hydrogen plant.  

8.3 Recommendations for future research 

The Ca-Cu looping process is a promising pre-combustion CO2 capture technology 

which allows carrying out the energy-intensive sorbent regeneration with a 

moderate energy penalty. Although this novel technology can be performed in 

different reactor configurations, the feasibility of each reaction step has been 

experimentally demonstrated so far only in packed-bed reactors up to TRL 4-5, as 

described in this thesis.  Moreover, significant progress has also been made in 

process modelling and simulation oriented to the generation of power and its 

integration in industrial processes, such as H2, ammonia and steel production. 
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However, further research is needed to facilitate the development of the Ca-Cu 

process at a large scale.  

Regarding the functional materials, additional investigation should be conducted to 

obtain solids with sufficient mechanical and chemical stability after prolonged use 

(i.e. thousands of cycles) under shifting temperatures, pressures and redox 

atmospheres. Especially an oxygen carrier with higher mechanical strength is 

needed, as shown in Chapter 5.  Regarding the catalyst, Ni-based materials were 

always used for this process, because of the relatively low cost. The use of Rh- or Ru-

based catalysts could be studied due to their activities which are twice as large as 

the activity of the Ni-based catalyst [146]. This would allow performing the SER step 

at lower temperatures [147], and therefore avoiding the problem associated with the 

temperature plateau that is formed during the SER step (Chapter 6) and enhancing 

the carbonation reaction. Moreover, due to the double activity, the amount of 

catalyst would be halved, which results in higher quantities of sorbent and oxygen 

carriers that can be used in the reactor or to smaller reactors. This is beneficial in 

terms of energy saving, production rates, and capital investment of the integrated 

reactors. 

As for the lab-scale validation of the Ca-Cu process, the different steps of the process 

should be tested under industrially relevant conditions (i.e., adiabatic reactors, SER 

step at pressures above 20 bar, conditions that allow assessing the effect of the 

hydration issue on process performance, etc.). The setup used for the experiments in 

Chapter 5 can be further improved to reach operating conditions closer to the 

industrial ones. Until now a pressure of 7 bar is reached due to the limitation in the 

pressure of the gas supply line, although the setup can reach up to 10 bar. A solution 

could be to connect bottles directly to the setup and a compression system for air 

and N2, since high flow rates are needed. Also, the production of steam should be 

improved increasing the number of ovens or their power. Another problem that has 

been encountered is associated with the heat losses. Further insulation or more high-

temperature tracings around the reactor are needed.  

Furthermore, as with other emerging technologies, it remains important to evaluate 

the performance of the materials in the long term when exposed to harsh conditions 

after repeated cycles. It is also needed to better understand the response of the 

system when the chemical properties of the materials (kinetics, sorbent capacity, etc.) 
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are partially lost, allowing for the process control design and the process model 

validation at larger scale.  

In addition, some research gaps have been detected for the process design 

depending on the reactor type used. Reducing the volume of the reactors as much 

as possible allows reducing the pressure drops across the reactors and the amount 

of functional material, turning down in this way both operational and capital costs. 

However, the decrease in the reactor volume may be limited by fluid-dynamic and 

manufacturing constraints, and the resulting short cycles may cause excessive 

stresses for the valves, increasing the importance of auxiliary purge, rinse, 

pressurization and depressurization steps, often neglected in process analysis 

reported so far. When focused on power production, process performance studies 

have always been designed to achieve the highest electric efficiency under full load 

operation, resulting in highly thermally integrated process configurations. 

However, the flexibility of the system and the effect of part-load operation on the 

performance of the Ca-Cu based power plant, whose importance is dramatically 

rising in the electric market, needs to be assessed and may make simpler and more 

flexible process configurations preferable over the highest efficiency process.  

8.4 Impact of the Ca-Cu process on society 

Although a lot of work still needs to be done for the implementation in industry, the 

Ca-Cu looping process is a promising technology for hydrogen production with CO2 

capture. The deployment of this process would help mitigating pollution, the 

climate change and their consequences (health problems, global warming, rising of 

the sea level, etc.) by reducing anthropogenic CO2 emissions. Moreover, although in 

this thesis only methane or natural gas was used as fuel, biogas could be used as an 

alternative to the fossil fuel, with which negative CO2 emissions could be achieved. 

Additionally, high efficiencies and low costs of the hydrogen produced are obtained, 

which decreases the final cost of all the products which would use the hydrogen 

obtained by this process.  
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Appendix A1 

 

In the pseudo-homogeneous reactor model the physical properties of the gas and 

solid components are considered as a function of temperature and are calculated 

using the following correlations (using the values in the tables A1.1-A1.5): 

 

- Gas heat capacity (J/mol/K): 
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- Solid heat capacity (J/kg/K): 
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- Gas Conductivity (W/m/K): 
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Table A1.1: Values of the parameters used for the calculation of the gas heat capacity and molar 

enthalpy.  

 A B C D E Hcon Hf0 

CH4 3.33 × 104 7.99 × 104 2.09 × 103 4.16 × 104 9.92 × 102 - 7.45 × 104 - 1.35 × 105 

CO 2.91 × 104 8.77 × 103 3.09 × 103 8.46 × 103 1.54 × 103 - 1.11 × 105 - 2.20 × 104 

CO2 2.94 × 104 3.45 × 104 - 1.43 × 103 2.64 × 104 5.88 × 102 - 3.94 × 105 - 4.22 × 104 

H2 2.76 × 104 9.56 × 103 2.47 × 103 3.76 × 103 5.68 × 102 - 2.91 × 104 0 

H2O 3.34 × 104 2.68 × 104 2.61 × 103 8.90 × 103 1.17 × 103 - 6.87 × 104 - 2.42 × 105 

O2 2.91 × 104 1.00 × 104 2.53 × 103 9.36 × 103 1.15 × 103 - 2.25 × 104 0 

N2 2.91 × 104 8.61 × 103 1.70 × 103 1.03 × 102 9.10 × 102 - 2.25 × 104 0 

 
Table A1.2: Values of the parameters used for the calculation of the solid heat capacity. 

 A B C D E 

CaO 671 0.560 -3.83 × 10-4 1.296 × 10-7 -1.585 × 10-11 

CaCO3 -23.73 4.622 -7.353 × 10-3 5.568 × 10-6 -1.568 × 10-9 

Cu 312.5 0.333 -3.68 × 10-4 1.73 × 10-7 0 

CuO 380.7 0.7255 -6.08 × 10-4 1.96 × 10-7 0 

Al2O3* 4.33 × 104 194 -0.171 6.94 × 10-5 -1.03 × 10-8 

*The heat capacity if Al2O3 resulting from this formula is in J/kmol/K 

 
Table A1.3: Values of the parameters used for the calculation of the solid molar enthalpy. 

 A B C D E 

CaO - 6.48 × 105 38.21 1.37 × 10-2 - 4.94 × 10-6 7.69 × 10-10 

CaCO3 - 1.23 × 106 39.23 0.105 - 6.57 × 10-5 1.79 × 10-8 

Cu - 6675 19.86 1.06 × 10-2 - 7.79 × 10-6 2.75 × 10-9 

CuO - 1.67 × 105 30.28 2.89 × 10-2 - 1.61 × 10-5 3.90 × 10-9 

Al2O3 - 1.71 × 106 84.32 3.37 × 10-2 - 1.12 × 10-5 1.65 × 10-9 

 

 



Appendix – 197 

  

 

 
Table A1.4: Values of the parameters used for the calculation of the gas viscosity. 

 A B C D 

CH4 5.25 × 10-7 0.590 106 0 

CO 1.11 × 10-6 0.534 94.7 0 

CO2 2.15 × 10-6 0.460 290 0 

H2 1.56 × 10-7 0.706 - 5.87 210 

H2O 6.18 × 10-7 0.678 847 - 7.39 × 104 

O2 8.04 × 10-7 0.605 70.3 0 

N2 7.63 × 10-7 0.588 67.8 0 

 
Table A1.5: Values of the parameters used for the calculation of the gas conductivity. 

 A B C D 

CH4 6.33 × 103 0.43 7.70 × 108 - 3.87 × 1010 

CO 8.39 × 10-4 0.641 86.1 0 

CO2 3.69 - 0.384 964 1.86 × 106 

H2 2.46 × 10-3 0.744 9 0 

H2O 2.16 × 10-3 0.768 3940 - 4.45 × 105 

O2 4.94 × 10-4 0.734 70 0 

N2 3.51 × 10-4 0.765 25.8 0 
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Appendix A2 

In this appendix the thermal model from Spallina et al. [96] used to calculate the 

radial heat transfer coefficient a is shown. This coefficient has been calculated by 

modelling the reactor as a series of thermal resistances, as shown in Figure A2.1 and 

Figure A2.2. The equations used to determine each one of the heat transfer 

components are listed in Table 3.8. 

 

Figure A2.1: Schematic representation of the cross section of the reactor.  

 

RCF Conductive resistance from the 

center of the bed to the fluid phase 

RFS Resistance from the fluid phase to the 

solid phase 

RFW Resistance from the fluid phase to the 

reactor wall 

RCS Conductive resistance from the 

center of the bed to solid phase 

RSW Resistance from the solid phase to the 

reactor wall 

Rsteel Resistance to conduction in the 

reactor thickness 

Rrad Resistance to radiation between the 

reactor and the oven 

Rair Resistance to conduction between the 

reactor and the oven 

 

Figure A2.2: Representation of the overall heat transfer coefficient by means of thermal resistances.  
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Table A2.1: Equations used to determine the radial heat transfer coefficient  [W/m2/K] [96]. 
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Appendix A3 

Table A3.1: Main assumptions used for calculating the balances of the NGCC integrated with the Ca-

Cu process 

Natural gas 

Composition [vol%]: CH4 89.00, C2H6 7.00, C3H8 1.00, C4H10 0.11, CO2 2.00, N2 0.89 

LHV 46.482 

HHV [MJ/kg]: 51.454 

Natural gas pre-treatment 

Operating temperature of the desulphurization unit [°C] 365 

Inlet temperature at the HP/LP adiabatic pre-reformers [°C] 490 

S/C molar ratio at HP adiabatic pre-reformer inlet before step A-A’ [-] 5 

S/C molar ratio at HP adiabatic pre-reformer inlet before stage C [-] 1 

Pressure at the adiabatic pre-reformers inlet [bar] 26.4 

Pressure drop in the adiabatic pre-reformers [% of inlet pressure] 3 

Ca-Cu process 

Inlet temperature of gas to stage A/A’ [°C] 700/575 

Inlet pressure of stage A’ [bar] 25.2 

S/C molar ratio at pre-reformer of stage A’ inlet [-] 5 

Inlet gas velocity of stage A [m/s] 0.58 

Inlet gas velocity of stage A’ [m/s] 0.44 

Inlet temperature of gas to stage B [°C] 340 

Inlet pressure of stage B 21 

Outlet pressure of stage B [bar] 19 

O2 fraction in the gas fed to stage B [%vol.] 3.0 

Inlet gas velocity of stage B [m/s] 1.28 

Inlet temperature of stage C [°C] 670 

Inlet pressure of stage C [bar] 1.8 

S/C molar ratio at pre-reformer of stage C inlet [-] 1 

Inlet gas velocity of stage C [m/s] 1.47 

Gas turbine (GT) 

Mass flow rate of the flue gas at GT outlet [kg/s] 665 

Compressor pressure ratio [-] 18 

Compressor polytropic efficiency [%] 92.5 

Pressure drop in valve and piping of N2-rich gas from stage B to GT 

combustor [%] 
4 

Fuel pressure drop in the combustor [%] 25 

Air pressure drop in the combustor [%] 3 

Turbine Inlet Temperature [°C] 1360 

Turbine expansion stages cooled/uncooled [-] 3/1 

Isentropic efficiency of the expansion stages [%] 89.5/90.8/92.1/91.6* 

Organic efficiency of compressor/turbine [%] 99.6 

Electric generator efficiency [%] 98.5 

Steam cycle 

Live steam temperature SH/RH [°C] 565/565 

Minimum gas-water ΔT in heat exchangers [°C] 10 
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Evaporating pressure [bar] 130.0 

RH inlet pressure [bar] 27.0 

Pressure losses in SH/RH tubes [% of inlet pressure] 5.1 

SH/RH steam pressure losses at turbine inlet valve [% inlet pressure] 2 

Feedwater pump outlet pressure [bar] 150 

Pressure loss in the deaerator [bar] 2.0 

Deaerator pressure [bar] 3.6 

Condensing pressure [bar] 0.048 

Number of LP/HP feedwater heaters (including deaerator) [-] 2/2 

HP turbine isentropic efficiency [%] 94.7 

IP turbine isentropic efficiency [%] 92.7 

LP turbine isentropic efficiency [%] 91.3 

Turbine mechanical efficiency [%] 99.6 

Electric generator efficiency [%] 98.5 

Feedwater pump hydraulic efficiency [%] 85.0 

Mechanical-electric efficiency of the feedwater pump [%] 94.0 

Auxiliaries 

Booster compressor polytropic efficiency [%] 88.1 

Booster compressor organic efficiency [%] 94.0 

Booster compressor outlet pressure [bar] 21.3 

NG expander isentropic polytropic efficiency [%] 82.1 

NG expander organic efficiency [%] 94.0 

Recycle N2-rich gas fan polytropic efficiency [%] 89.8 

Recycle N2-rich gas fan organic efficiency [%] 96.0 

Pressure at NG expander outlet [bar] 2 

Gas pressure drop in heat exchanger G [bar] 0.3 

Gas pressure drop in heat exchanger H [% of inlet pressure] 10 

Inter-cooled CO2 compressor 

Number of inter-cooled compression stages [-] 5 

Isentropic efficiency [%] 84.0 

Electric-mechanical efficiency [%] 94.0 

Pump hydraulic efficiency [%] 80.0 

Pump electric-mechanical efficiency [%] 94.0 

CO2 pressure at compressor discharge [bar] 89.1 

*Calculated using the GS model for the H2-rich gas fuelled turbine described by Chiesa and Macchi [138]  
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Table A3.2: Main process assumptions for the calculation of the H2 production plant integrated with 

the Ca-Cu process 

Natural gas 

Composition [vol%]: CH4 89.00, C2H6 7.00, C3H8 1.00, C4H10 0.11, CO2 2.00, N2 0.89 

LHV 46.482 

NG supply temperature [°C]: 15 

Natural gas pre-treatment 

Operating temperature of the desulphurization unit [°C] 365 

Pressure loss in the desulphurization unit [bar] 0.36 

Adiabatic pre-reformer inlet temperature [°C] 490 

Pressure loss in the pre-reformer [bar] 0.36 

S/C molar ratio at stage A pre-reformer inlet 2.27-3* 

S/C molar ratio at stage C inlet 1 

Ca-Cu process 

Feed gas temperature to stages A and C [°C] 700 

Feed gas temperature to stage B [°C] 300 

Operating pressure of stage A [bar] 11-25* 

Operating pressure of stage B [bar] 11-25* 

Operating pressure of stage C [bar] 1.8 

Heat recovery system 

Evaporation pressure [bar] 100 

Superheated steam temperature [°C] 485 

Minimum ΔT in gas-gas heat exchangers [°C] 20 

Minimum ΔT in gas-liquid water heat exchangers [°C] 10 

Minimum ΔT in gas-evaporating water heat exchanger [°C] 10 

Water subcooling ΔT at evaporator drum inlet [°C] 5 

Pressure loss in gas heating/cooling line   

[% of the inlet pressure of each heat exchanger] 1 

Heat losses in each heat exchanger [% of the heat transferred] 0.7 

Pressure of the steam export [bar] 6 

Steam turbine isentropic efficiency [%] 85 

N2 turbine 

Isentropic efficiency [%] 85 

Mechanical-electric efficiency [%] 96 

Air compressor 

Polytropic efficiency [%] 80 

Mechanical-electric efficiency [%] 96 

Recirculating fan and H2 compressor 

Polytropic efficiency [%] 80 

Mechanical-electric efficiency [%] 94 

Inter-cooled CO2 compressor 

Number of intercooled compression stages 3 

Intercooling temperature [°C] 28 

Intercooling pressure loss [% of inlet pressure] 1% 

Outlet pressure after compression stages [bar] 79.2 

Final CO2 storage pressure [bar] 110 
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Polytropic efficiency of compression stages [%] 80/80/75 

Pump hydraulic efficiency [%] 75 

Other assumptions 

PSA feed pressure in the HP/LP stage A cases [bar] 23.3/25 

PSA hydrogen recovery efficiency [%] 90 

Heat rejection auxiliaries power consumption [% of heat transferred] 0.8 

*values subject to sensitivity analysis 
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Nomenclature 

Acronyms and abbreviations 

ATR  Auto Thermal Reforming 

BESP  Breakeven Selling Price 

CCA  Cost of CO2 Avoided 

CCE  Carbon Capture Efficiency 

CCR  Carbon Capture Rate 

CCS  Carbon Capture and Storage 

CEM  Controlled Evaporation and Mixing 

CGSM  Changing Grains Size Model 

CLOU  Chemical Looping with Oxygen Uncoupling 

ESFA  Extended Sharp Front Approach 

FTR  Fired Tubular Reforming 

GT  Gas Turbine 

HPSMB  High Pressure Magnetic Suspension Balance 

HRSG  Heat Recovery Steam Generator  

KPI  Key Performance Indexes 

LCOE  Levelized Cost of Electricity 

LHV  Low Heating Value 

MDEA  N-methyldiethanolamine 

MSPB  Medium Scale Packed Bed setup 

NG   Natural Gas 

NGCC   Natural Gas Combined Cycle 

OCT  Oxygen Transport Capacity 

OU  Oxygen Uncoupling 

PHM  Pseudo-Homogeneous Model 

PSA  Pressure Swing Absorption 

S/C  Steam to Carbon molar ratio 

SCM  Shrinking Core Model 

SER   Sorption Enhanced Reforming 

SFA  Sharp Front Approach 

SMR  Steam Methane Reforming 

SP  Scaling Parameter 

SPECCA Specific Primary Energy Consumption for CO2 Avoided 
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SSPB  Small Scale Packed Bed setup 

TGA   Thermogravimetric Analyzer 

WGS  Water Gas Shift 

XRD  X-Ray Diffractometer  

ZEG   Zero Emission Gas 

 

Symbols    

ci  Concentration of gas component i   mole m-3 

C  Capital cost      € MWh-1 

Cp  Heat capacity      J kg-1K-1 

d  Particle diameter     m 

D  Diffusion coefficient     m2 s-1 

Dax  Axial mass dispersion      m2 s-1 

Eact  Activation energy     J mol-1 

F  Mass flow      kg m-2 s-1 

k  Reaction rate constant 

k0  Pre-exponential factor  

Ki  Equilibrium constant  

L  Particle or pellet radius     m 

Lbed  Length of the active bed     m 

m  Mass       kg 

Mi  Molecular weight of component i   kg mol-1 

n  Reaction order  

ni  Number of moles of specie i      

Nu  Nusselt number 

P  Total pressure      Pa 

Pbed  Productivity 

pi  Partial pressure of component i     Pa 

p0  Atmospheric pressure      Pa 

Pe  Péclet number 

Pr  Prandtl number 

qp  Exponent of pressure correction factor 

r  Reaction rate       mol m-3s-1 

R  Grain radius      m 

Re  Reynolds number 
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Sc  Schmidt number 

t  Time        s 

T  Temperature       K 

Tad  Gas equilibrium temperature reached in step A   °C 

Tg,in,i  Inlet gas temperature of step i     °C 

Tmax,i  Maximum temperature in the bed during step i   °C 

Ts,0  Initial bed temperature      °C 

u  Front velocity      m s-1 

vg  Superficial gas velocity      m s-1 

wi  Weight fraction of component i      

X  Solid conversion       

yi  Molar fraction of specie i      

 

Greek letters 

   Heat transfer coefficient     W m-2 K-1 

rH  Reaction enthalpy      J mol-1 

Tmax  Maximum temperature change    °C  

  Porosity      m3m-3 

  Stoichiometric factor 

η  Effectiveness factor  

ηH2  Hydrogen production efficiency    %LHV 

ηi  Conversion of component i    

ηthermal  Thermal efficiency    

  Thermal conductivity      W m-1K-1 

  Extent of reaction     mol m-2 s-1 

  Density       kg m-3 

  Time required for complete conversion (Chapter 3) s 

  Characteristic time (Chapter 4)    min 

TC  Time delay in the thermocouples   s 

Ф            Thiele modulus        

 

Subscript  

A  Step A 

act  Active 

ax  Axial 
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C  Carbon 

Carb  Carbonation 

e  Heat exchange 

eff  Effective 

eq  equivalent 

g   Gas 

in  Inlet 

ls  From liner to surroundings 

out  Outlet  

ox  Oxidation 

p  Particle 

r  Reaction (Chapter 2) 

r  Reactor (Chapter 5) 

red  Reduction 

ref  Reference case 

rl  From reactor to liner 

s  Solid 

SER  Sorption Enhanced Reforming 

SMR  Steam Methane Reforming 

TC  Thermocouple 

tot  Total 

w  Wall 

WGS  Water Gas Shift 

 

Superscript 

g   Gas 

in  Inlet 

s  Solid 

0  In oxidized or calcined state 
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