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SUMMARY
CO 2 capture from natural gas using ionic liquids: A thermodynamic study
The global energy demand is expected to increase in the coming years with about 40%
by 2030 and it will nearly double by the second half of the current century. While
renewable energies are expected to corner a steadily increasing percentage of the energy
mix in the coming decades, inevitably fossil fuels will still bear the largest fraction of the
energy burden. Oil is supposed to reach its peak in the coming years, while natural gas is
expected to expand its market and to cover a larger percentage of the growing energy
demand.
As conventional gas fields are depleting, more complex fields are being developed,
including those containing large percentages of the acid gases carbon dioxide (CO 2 ) and
hydrogen sulfide (H 2 S). These gases represent a major challenge for gas processing, for
instance equipment damage by corrosion, health issues because of the high toxicity of
H 2 S, and environmental concerns related to the emission of CO 2 to the atmosphere and
its relation to global warming.
The removal of acid gases from natural gas, the so-called gas sweetening, is commonly
based on chemical or physical absorption. This thesis deals with the thermodynamic
aspects and phase equilibria of CO 2 absorption, focusing on the properties of ionic
liquids as alternative solvents for gas sweetening.
A new high pressure phase equilibria apparatus has been designed and constructed to
withstand high corrosive mixtures to pressures up to 20 MPa. The apparatus was made
of titanium and alloy C276 (nickel-molybdenum-chromium with a small amount of
tungsten), which are highly resistant to corrosion.
Chemical absorption using aqueous alkanolamines solutions is the current preferred
technology because of its capacity to reduce the acid gases concentration to very low
levels. However, it exhibits a significant disadvantage: the high energy consumption of
the solvent regeneration step due to the chemical bond between the solvent and the
solute. In addition, other problems like degradation of the amines, foam formation and
corrosion are often encountered. This technology can also be applied in power plants for
CO 2 capture from flue gas. Despite the different conditions, the main challenge still is
the high energy consumption of the recovery steps, which would reduce the energy
output of the plant up to 40%.
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Foam formation and corrosion issues in aqueous alkanolamines processes should be
considered as early as the process design stage. An optimum design of the plant would
prevent the conditions that favor the occurrence of foaming inside the absorber and the
corrosion of sensitive parts of the plant. Operational actions, such as working at an
optimum temperature and reducing the acid gas loading of the amine, are essential to
prevent these two problems to happen. Nonetheless, punctual remediation as batch
injection of antifoaming agents or addition of corrosion inhibitors to the aqueous
solutions are usually required.
The effect of these additives on the CO 2 absorption in alkanolamine solutions are not
well-known. Therefore, the phase diagrams of the systems composed of CO 2 in 45
mass% aqueous N-methyl-diethanolamine (MDEA) solution were compared to those
when the SAG 7133 (polydimethylsiloxane) and VP 5371 (organic silicone) antifoaming
agents or the corrosion inhibitor CRO27005 were added to the solution. It was found
that (i), the antifoaming agent precipitates at high loadings of CO 2 , forming a gel-like
phase, (ii), they reduce the CO 2 capacity of the solution up to 2% and (iii), the
corrosion inhibitor slightly increased the CO 2 solubility of the system.
Physical solvents, on the other hand, do not chemically bond with the acid gases,
resulting in lower energy requirements for the regeneration. Additionally, they are
commonly water-free, so foaming is seldom encountered, and the corrosiveness is
substantially reduced. In this way, the main inconveniences of chemical solvents are
overcome. The main drawback of physical solvents is that they rarely achieve as high a
separation degree as chemical absorbents do.
Ionic liquids have been proposed as promising alternatives for CO 2 capture because of
their remarkable properties, such as negligible vapor pressure, non-flammability, high
thermal and chemical stability and significantly high CO 2 solubility. Ionic liquids
containing fluorine atoms in their chemical structure have been reported to dissolve high
amounts of CO 2 . However, these ionic liquids are usually viscous and they can
decompose into toxic hydrogen fluoride in the presence of water. For that reason, CO 2 philic ionic liquids based on the cyanide (CN-) group have been proposed as alternative
to fluorinated ionic liquids.
The ionic liquid 1-hexyl-3-methylimidazolium tetracyanoborate ([hmim][TCB]) has
been selected because previous studies had shown a significantly high CO 2 affinity using
the 1-ethyl-3-methylimidazolium tetracyanoborate ([emim][TCB]) and it shows a lower
viscosity compared to other ionic liquids. The physical properties such as density,
viscosity, surface tension and the decomposition temperature of [hmim][TCB] were
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measured. The phase behavior of CO 2 and the three main components of natural gas,
i.e. methane (CH 4 ), ethane (C 2 H 6 ) and propane (C 3 H 8 ), were determined in the
synthetic static Cailletet apparatus at temperatures ranging from 280 to 400 K and
pressures up to 12 MPa.
As expected, outstanding CO 2 solubility was found in [hmim][TCB]. For example, this
ionic liquid can dissolve 50 mol% of CO 2 at 293 K and moderate pressures of 2 MPa.
Moreover, by isothermally increasing the pressure to 6 MPa, the solubility increases to
70 %. From this point on, further increasing the pressure does not lead to an increase in
the CO 2 solubility, as the phase diagram reaches a very steep vertical immiscibility line.
The solubility values are only comparable with those found in highly fluorinated ionic
liquids

such

as

the

1-ethyl-3-methylimidazolium

tris(pentafluoroethyl)

trisfluorophosphate ([emim][eFAP]) ionic liquid. Remarkably, the solubility of CO 2 in
[hmim][TCB] is even higher than dimethyl ethers of poly(ethylene glycol) (PEGDME,
or Selexol®), commonly used in the gas industry as physical solvent.
The solubility of CH 4 in [hmim][TCB] was found to be almost independent of
temperature, and reaching maximum values of 15% at the temperature and pressure
range studied. The fact that CH 4 is a non-polar supercritical gas explains to a large
extend the significantly lower solubility with respect to the CO 2 . Ideal selectivity of
CO 2 over CH 4 using [hmim][TCB] was estimated to be higher than 20 at 300 K and 6
MPa. This is higher than the selectivity found in Selexol®, which is approximately 15.
Thus, the co-absorption of the valuable CH 4 is reduced compared to Selexol® .
The critical points of C 2 H 6 and C 3 H 8 fall within the temperature and pressure ranges
studied, resulting in interesting binary gas + ionic liquid phase diagrams. At pressures
below the critical point, both gases exhibited normal vapor-liquid equilibria. However,
at temperatures just below the critical point and pressures just below or above it, liquidliquid equilibria were found.
The C 2 H 6 solubility was higher than the CH 4 solubility in [hmim][TCB], but their
solubilities are still lower compared to CO 2 . The ideal selectivity of CO 2 over C 2 H 6 was
around 4. The C 3 H 8 exhibited a solubility closer to the one of CO 2 , but still giving
some room for selectivity towards the latter. At low pressures, the solubility increased in
the following order: CH 4 < C 2 H 6 < C 3 H 8 <= CO 2 . Noteworthy is the fact that at high
pressures the trend changes as follows: CH 4 < C 3 H 8 <= C 2 H 6 < CO 2 .
The phase behavior of the four binary mixtures was modelled using two equations of
state (EoS): the cubic Peng-Robinson (PR) EoS and the Group Contribution (GC) EoS.
Both models require the knowledge of the critical properties of the components.

iii

Unfortunately, experimental determination of the critical point of ionic liquids is not
possible because they decompose before reaching those conditions. So, the critical values
had to be estimated otherwise using group contribution methods or correlations.
Binary interaction parameters of the four binary systems for both EoS were regressed
using a heuristic optimization algorithm: the particle swarm optimization (PSO). The
results show that PR EoS overall matches the experimental data more accurately, but for
that, it requires at least a temperature-dependent binary interaction parameter (k ij (T)).
However, GC EoS exhibited better accuracy when only a temperature-independent k ij
was optimized. In addition, GC EoS was able to predict the occurrence of the liquidliquid immiscibility in the C 2 H 6 + [hmim][TCB] and C 3 H 8 + [hmim][TCB] system,
when the parameters were regressed solely using vapor-liquid equilibrium data.
Finally, the gas sweetening process was simulated in ASPEN PLUS®(AspenTech). The
process modeled was based on the pressure swing absorption of an equimolar mixture of
CO 2 and CH 4 using [hmim][TCB] as physical solvent. The results of the simulation
were compared to the benchmark absorption process using Selexol®. As expected from
the higher solubility and selectivity, [hmim][TCB] presents some advantages compared
to Selexol. It was found that lower solvent flow and lower energy are required for the
absorption with [hmim][TCB].
In conclusion, the ionic liquid [hmim][TCB] is an excellent candidate for gas
sweetening from the thermodynamic point of view. It exhibits a very high CO 2 /CH 4
ideal selectivity, while having CO 2 solubility higher than the light hydrocarbons C 2 H 6
and C 3 H 6 .
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SAMENVATTING
Afvangen van CO 2 met ionische vloeistoffen: een thermodynamisch onderzoek
Het is de verwachting dat het wereldwijde energiegebruik toeneemt met 40% tot 2030
en eind deze eeuw zelfs bijna verdubbeld is. Hoewel energie uit hernieuwbare bronnen
een steeds groter percentage van de beschikbare hoeveelheid energie inneemt, is het
onvermijdelijk dat

fossiele brandstoffen nog steeds de grootste plaats innemen.

Verwacht wordt dat olie de komende jaren tot een maximum komt, terwijl het gebruik
van aardgas toeneemt en een groter percentage inneemt van de groeiende vraag naar
energie.
De gasvelden van waaruit aardgas eenvoudig te winnen is, raken uitgeput. Daarom
worden nu ook gasvelden geëxploiteerd van mindere kwaliteit, die bijvoorbeeld hoge
concentraties aan koolstofdioxide (CO 2 ) en waterstofsulfide (H 2 S) bevatten. Deze
gassen vormen een grote uitdaging voor verwerkingsprocessen, mede door aantasten van
de bouwmaterialen door corrosie, gezondheidsproblemen door de hoge giftigheid van
H 2 S en milieu gerelateerde kwesties met name veroorzaakt door de uitstoot van CO 2 in
de atmosfeer. Deze laatste wordt in verband gebracht met de opwarming van de aarde.
Het verwijderen van zure gassen uit aardgas, dat wordt aangeduid met de Engelse term
“gas sweetening” en in het Nederlands “verzoeten” wordt genoemd, is over het algemeen
gebaseerd

op

chemisorptie

of

fysisorptie.

Dit

proefschrift

beschrijft

de

thermodynamische aspecten en fasenevenwichten van de absorptie van CO 2 , met de
focus op de eigenschappen van ionische vloeistoffen als alternatieve oplosmiddelen voor
gas verzoeten.
Een nieuw hogedrukapparaat om de fasenevenwichten te meten is ontworpen en
gebouwd om zeer corrosieve mengsels te doorstaan tot drukken van 20 MPa. Het
apparaat is gemaakt van titanium en de legering C276 (nikkel-molybdeen-chroom en
een kleine hoeveelheid wolfraam). Deze materialen zijn zeer goed bestand tegen corrosie.
Chemisorptie met behulp van een waterige alkanolamine mengsel is momenteel de
meest gebruikte techniek voor verzoeten, omdat het mogelijk maakt de zure
componenten tot een zeer lage concentratie terug te brengen. Er is echter een belangrijk
nadeel: de regeneratiestap vergt veel energie. Daarnaast zijn er nog andere
veelvoorkomende problemen zoals afbraak van de amines, schuimvorming en corrosie.
Deze techniek kan ook gebruikt worden voor het afvangen van CO 2 uit het afgas van
energiecentrales. Ondanks de verschillende condities, vormt de voornaamste uitdaging
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nog steeds de benodigde hoeveelheid energie voor de regeneratiestap, omdat deze het
rendement van een energiecentrale tot wel 40% kan verlagen.
Schuimvorming en corrosie gerelateerde problemen moeten vanaf het begin in het
procesontwerp meegenomen worden. Een optimaal ontwerp van de procesinstallatie kan
ervoor zorgen dat procescondities waarbij schuimvorming optreedt in de absorptie
kolom en corrosie van de kwetsbare delen van de procesinstallatie voorkomen worden.
Aanvullende maatregelen zoals het werken bij een optimale temperatuur en het
reduceren van de zure gas belading van de amine zijn essentieel om de twee genoemde
problemen te voorkomen. Naast deze maatregelen is het ook vaak noodzakelijk om
antischuimmiddelen of corrosie werende chemicaliën stapsgewijs te injecteren.
Het effect van deze additieven op de oplosbaarheid van CO 2 in alkanolamines zijn niet
goed bekend. Daarom, werden de fasediagrammen van de systemen bestaande uit CO 2
in een waterige N-methyl-diethanolamine (MDEA) oplossing van 45 massaprocent
vergeleken met dezelfde systemen waaraan ook de antischuimmiddelen SAG 7133
(polydimetylsiloxaan) en VP 5371 (organische siliconen) of het corrosiewerende middel
CRO27005 waren toegevoegd. Uit het onderzoek is gebleken dat (i), het
antischuimmiddel precipiteert bij hoge CO 2 concentraties en een gelachtige fase vormt,
(ii) dat de CO 2 capaciteit van de oplossing met 2% gereduceerd wordt, en (iii) het
corrosiewerende middel de CO 2 oplosbaarheid enigzins verhoogt.
Fysische oplosmiddelen gaan geen chemische reacties aan met de zure gassen. Hierdoor
is er minder energie nodig voor de regeneratie van het oplosmiddel. Daarnaast zijn ze
over het algemeen watervrij, waardoor schuimvorming zelden aan de orde is, en de
corrosiviteit is substantieel lager. Op deze manier worden de belangrijkste nadelen van
de chemische oplosmiddelen overwonnen. Het belangrijkste nadeel van fysische
oplosmiddelen is dat vrijwel nooit dezelfde mate van scheiding bereikt wordt als door de
chemische oplosmiddelen.
Ionische vloeistoffen worden beschouwd als een veelbelovend alternatief voor de afvang
van CO 2 vanwege hun opmerkelijke eigenschappen, zoals een te verwaarloosbare
dampdruk, onontvlambaarheid, hoge thermische en chemische stabiliteit en significant
hoge CO 2 oplosbaarheid.
Uit onderzoek naar ionische vloeistoffen met fluor atomen in hun chemische structuur
is gebleken dat deze een hoge CO 2 oplosbaarheid hebben. Helaas zijn deze ionische
vloeistoffen vaak sterk viskeus en kunnen ze ontleden naar het giftige waterstoffluoride
als zij in contact komen met water. Daarom wordt onderzoek gedaan naar ionische
vloeistoffen met een hoge CO 2 oplosbaarheid, gebaseerd op cyanide (CN-) als alternatief
voor de fluorhoudende ionische vloeistoffen.
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De ionische vloeistof 1-hexyl-3-methylimidazolium tetracyanoboraat ([hmim][TCB]) is
geselecteerd voor dit onderzoek, omdat voorgaande studies hebben uitgewezen dat
tetracyanoboraat gebaseerde ionische vloeistoffen een hoge affiniteit hebben voor CO 2 .
Daarnaast heeft [hmim][TCB] een opvallend lage viscositeit.
Voor [hmim][TCB] zijn de volgende eigenschappen gemeten: dichtheid, viscositeit,
oppervlaktespanning en decompositietemperatuur. Ook het fasegedrag van dit ionische
vloeistof met CO 2 en de drie hoofdbestanddelen van aardgas, namelijk methaan (CH 4 ),
ethaan (C 2 H 6 ) en propaan (C 3 H 8 ), is onderzocht door middel van de synthetische
methode met een Cailletet-apparaat in het temperatuurbereik van 280 tot 400 K en
drukken tot 12 MPa.
Zoals verwacht is de oplosbaarheid van CO 2 in [hmim][TCB] zeer hoog. Ter illustratie:
deze ionische vloeistof kan 50 mol% CO 2 oplossen bij een temperatuur van 293 K en
matige drukken van 2 MPa. Als de druk isotherm verhoogd wordt tot 6 MPa, is de
oplosbaarheid van CO 2 zelfs 70 mol%. Vanaf dit punt neemt de oplosbaarheid van CO 2
niet meer toe met de druk, omdat daarna ontmenging plaatsvindt. Dit wordt beschreven
als een steile, verticale lijn in het fasediagram. De oplosbaarheid is alleen vergelijkbaar
met die in sterk gefluoreerde ionische vloeistoffen, zoals 1-ethyl-3-methylimidazolium
tris(pentafluoroethyl) trisfluorofosfaat ([emim][eFAP]). Opmerkelijk is het feit dat de
CO 2 oplosbaarheid in [hmim][TCB] hoger is dan in dimethyl ethers van poly(ethyleen
glycol) (PEGDME, or Selexol®) dat hedendaags als fysisch oplosmiddel gebruikt wordt in
de gas industrie.
De gemeten oplosbaarheid van CH 4 in [hmim][TCB] was vrijwel onafhankelijk van de
temperatuur. Er werd een maximale oplosbaarheid van 15 mol% bereikt in het
bestudeerde temperatuur- en drukbereik. Het gegeven dat CH 4 een apolair
superkritische gas is verklaart in grote mate de lage oplosbaarheid in vergelijking met
CO 2 . De ideale selectiviteit van CO 2 ten opzichte van CH 4 is naar schatting hoger dan
20 bij 300 K en 6 MPa. Dit is hoger dan de geschatte selectiviteit van 15 in Selexol®.
Dus, wordt de co-absorptie van CH 4 , een waardevol product, gereduceerd vergeleken
met Selexol®.
De kritische punten van C 2 H 6 en C 3 H 8 vallen binnen het bestudeerde temperatuur- en
drukbereik. Dit leidt tot interessante binaire gas + vloeistof fasediagrammen. Bij
drukken lader dan de kritische druk, waren bij beide gassen de normale vloeistof-damp
evenwichten aanwezig. Daarentegen, als de temperatuur net onder het kritische punt
was en de druk in de nabijheid van de kritische druk, waren vloeistof-vloeistof
evenwichten aanwezig.
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De oplosbaarheid van C 2 H 6 in [hmim][TCB] was hoger vergeleken met CH 4 in
dezelfde ionische vloeistof. Desalniettemin zijn de beide oplosbaarheden lager dan die
van CO 2 . Verder is de ideale selectiviteit van CO 2 ten opzichte van C 2 H 6 ongeveer 4.
De oplosbaarheid van C 3 H 8 was in dezelfde ordegrootte als CO 2 , maar de ionische
vloeistof had nog steeds een hogere selectiviteit voor CO 2 . Bij lage drukken nam de
oplosbaarheid toe in de volgorde: CH 4 < C 2 H 6 < C 3 H 8 <=CO 2 . Het is het vermelden
waard dat bij hogere drukken de volgorde verandert: CH 4 < C 3 H 8 <= C 2 H 6 < CO 2 .
Het fasegedrag van de vier binaire mengsels werd gemodelleerd met twee verschillende
toestandsvergelijkingen, namelijk de Peng-Robinson (PR) en de Group Contribution
(GC) toestandsvergelijkingen. Beide modellen vereisen de kritische parameters van de
componenten. Helaas is het experimenteel bepalen van deze parameters onmogelijk voor
ionische vloeistoffen, omdat ze ontleden voordat de kritische temperatuur en druk wordt
bereikt. Daarom zijn deze kritische waarden op een andere manier afgeschat.
Binaire interactieparameters van de vier binaire systemen zijn bepaald met behulp van
regressieanalyse door gebruik te maken van een heuristisch optimalisatie algoritme: de
‘particle swarm optimization’ (PSO). De resultaten laten zien dat de PR
toestandsvergelijking in het algemeen een betere benadering van de experimentele data
geeft, maar dat kan alleen bereikt worden als ten minste de binaire interactieparameter
k ij temperatuurafhankelijk wordt gemaakt. Als k ij onafhankelijk van de temperatuur
wordt genomen, geeft de GC toestandsvergelijking betere resultaten. Daarnaast kan met
de GC methode ook de aanwezigheid van vloeistof-vloeistof ontmenging voorspeld
worden voor de systemen C 2 H 6 + [hmim][TCB] en C 3 H 8 + [hmim][TCB], wanneer
voor de regressie van de parameters alleen gebruik wordt gemaakt van de gegevens van
het vloeistof-gasevenwicht.
Ten slotte is het proces van gas verzoeten gesimuleerd met Aspen Plus®(AspenTech). Het
gemodelleerde proces is gebaseerd op een drukwisselabsorptieproces van een equimolair
mengsel bestaande uit CO 2 en CH 4 in [hmim][TCB]. De resultaten van deze simulatie
zijn vergeleken met die van het benchmark absorptieproces gebaseerd op Selexol®. Zoals
verwacht op basis van de hogere oplosbaarheid en selectiviteit, vertoont [hmim][TCB]
menige voordelen ten opzichte van Selexol®. Zo zijn de oplosmiddelstroom en het
energieverbruik lager bij het [hmim][TCB] absorptieproces.
Concluderend kan gezegd worden dat vanuit een thermodynamisch oogpunt de ionische
vloeistof [hmim][TCB] een zeer geschikte kandidaat is voor gas verzoeten. Het heeft een
zeer hoge ideale CO 2 /CH 4 selectiviteit, terwijl de oplosbaarheid van CO 2 hoger is dan
die van de lichte koolwaterstoffen C 2 H 6 en C 3 H 8 .
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Chapter 1

Introduction

ABSTRACT
According to estimates of the United Nations the world population will grow to over 10 billion
people in the second half of the present century. As developing countries go up in welfare and
climbing the technologic ladder, energy demands are expected to double. The projected energy
scenarios for the next decades predict an energy mix, be it that fossil fuels will still remain to be the
predominant energy source. From an environmental point of view, natural gas is the most
acceptable fossil fuel because of a low carbon dioxide emission per unit of energy produced. However,
with the depletion of high quality reservoirs, gas fields of lower quality have to be brought into
production. Consequently, we are dealing with higher concentrations of sour gas, i.e. both carbon
dioxide and hydrogen sulfide. In this thesis, the need for new, safe and feasible technologies to
develop these sour reservoirs is studied. This chapter presents an outline of this study.
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1.1. Global energy demand
The world population was estimated to be 7.2 billion in 2013. Demographic future projections
indicate that it will increase to 9.5 billion by 2050 and to 10.9 billion by 21001. The
demographic conditions and trends are very diverse worldwide. The population in developed
countries is likely to have a small or even a negative growth. An example of negative growth are
European countries, where the population pyramid is already inverting. On the other hand,
developing countries are expected to increase their population by at least 70% with respect to the
2010 values. The population in these fast emerging countries will evolve from poverty to a new
skilled middle class, which will improve their living standards and will go up on the technology
ladder. Consequently, the demand for energy and other resources will inevitably increase.
A more populated and globalized world requires complex solutions to the growing energy
demand where sufficient energy can secure fueling economic growth in a sustainable way.
National and international organizations, Oil & Gas companies and other corporations use past
demographic data and energy demand trends and apply social and economic models to project
the most-likely trajectory of the energy use. Figure 1.1 summarizes the global energy production
since 19602 and present four future scenarios, reported independently by three different sources24

. They all agree that the energy demand will continue rising steadily, increasing to about 40% by

2030 (according to scenarios I and III presented in Figure 1.1) and it will nearly double by the

Total Energy Produced / EJ·year -1

second half of the current century.
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Figure 1.1: Energy Production per year. Solid line, past trend2. Scenarios I3, small dashed line; scenario II3, dotted line;
scenario III4, dashed-dotted line; scenario IV2, double dotted-dashed line.

Currently, the global energy demand is largely covered by fossil fuels (coal, oil and natural gas).
These fuels are environmentally disadvantageous because of the emission of the greenhouse gas
(GHG) carbon dioxide (CO 2 ). The relation between transient global warming and cumulative
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CO 2 emissions on a multi-decadal time-scale has been reported to be nearly proportional5.
Energy production is accountable for 75% of the total CO 2 stationary emissions6, as shown in
Figure 1.2.

Petrolechemical
Iron and steel
industry
Refineries

Coal
Energy
Production

Cement
Production

Natural Gas
Gas Fuel Oil
Fuel Oil

Natural Gas
Sweetening Others

Figure 1.2: Global stationary CO 2 emitters6.

Other GHG are methane (CH 4 ), nitrogen oxides (NO x ) and fluorocarbons (CFs and CFHs). A
Global Warming Potential (GWP) scale has been developed7, where CO 2 has potential 1 and
serves as a baseline for GWP values of other gases, as shown in Figure 1.3. In spite of having the
lowest GWP among all the other GHGs, CO 2 is globally the largest absolute contributor (larger
area in Figure 1.3) to global warming due to the large emissions (78% of GHG emissions in
2010)8.

Figure 1.3: Comparative chart of GHG contribution to global warming as function of their emissions8 and GWP7.

Renewable energies are starting to corner the energetic market. Unfortunately, they face
important challenges: (i), intermittent production; (ii), storage during peak-production; (iii),
economic competitiveness with fossil fuels. The last issue has become more evident after the
dramatic drop of oil prices, which started by the end of 2014.
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The energy mix of the future will be inevitably linked to the advances in technology, which will
enable improvements of renewable energy efficiency, and the exploitation of unconventional gas
and oil fields (shale gas, sour gas, tight oil, etc.). As development in renewable energies occurs,
presumably in solar and wind energy, they will gain market share, surpassing nuclear energy3, as
shown in Figure 1.4. For now and upcoming decades, fossil fuels will still be playing a leading
role. The utilization of coal will remain growing, mainly in Asia, while it is expected that oil will
reach its peak production in the coming decades.
Total Energy Produced / EJ·year -1

1000
Renewable

800

Biofuels

600

Hydroelectricity
Nuclear

400

Coal

200

Natural Gas

0
1960 1970 1980 1990 2000 2010 2020 2030 2040 2050 2060
Year
Figure 1.4: World energy demand trend by source in scenario II3.

Natural gas will be the fastest growing fossil fuel in the coming 20 years. Natural gas is an
affordable source, widely distributed, and it is the most environmentally acceptable fossil fuel: it
possesses the highest energy per unit of mass, decreasing the CO 2 emissions per unit of energy
produced8. Natural gas demand will experience an increase by 2035 between 55%, in some
scenarios, and 80%, in the most optimistic ones, as shown in Figure 1.4, to produce between 180
and 200 EJ per year (5640 and 5000 millions of tons of oil equivalent).
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Figure 1.5: Regional proven gas reserve evolution from 1960 to 2013 2.
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1.2. Natural gas production
Natural gas is the cleanest burning fossil fuel, becoming the preferred fuel option for power
generation in Organization for Economic Co-operation and Development (OECD) countries.
According to the 2014 Annual Statistical Bulletin published by OPEC, there were 200 trillion
standard cubic meters (SCM) proven gas reservesa worldwide2. The reserves steadily increase year
by year (see Figure 1.5) as new gas reservoirs are discovered and advances in technology permit
the gas fields exploitation.
Two thirds of the gas reserves are possessed by six countries, as shown in Figure 1.6. The largest
natural gas volumes are situated in the Middle East (80 trillion SCM, 40% of total share) and
Russia (which controls 24% of the total reserves). Russia, Iran and Qatar possess the largest
proven reserves by the end of 2013. United Arab Emirates (U.A.E.) has the seventh largest gas
accumulation (6 trillion SCM), and the Netherlands is the second largest West-European country
with natural gas reserves (1.1 trillion SCM) after Norway (2.7 trillion SCM).
Netherlands
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India
Libya
Uzbekistan
Kuwait
Kazakhstan
Canada
Egypt
Malaysia
Norway
Indonesia
Iraq
China
Australia
Algeria
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Gas Volume / trillion SCM

Figure 1.6: 25 largest gas reserves in 2013 per country2.

However, roughly half of these gas reserves are estimated to contain more than 2% CO 2 and/or
hydrogen sulfide (H 2 S)10, which are known as sour gases when H 2 S is present in large percentage
or acid gases when only CO 2 is present.

Gas reserves refers to the discovered gas resources that can be produced with the available infrastructure, current
technology.

a
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Most of the reserves containing these gases are underdeveloped or not being developed at all
because of the limits in economic and environmental viability and safety issues. In Canada, it is
estimated that one third of the gas production comes from sour fields11. In fact, some gas fields in
Alberta contain more than 80% of H 2 S. The LeBarge field in Wyoming (U.S.A.) contains 5%
H 2 S and 65% CO 2 11. In Kazakhstan, the fields in the Caspian Sea contain more than 10% H 2 S
and 5% CO 2 12. The emirate of Abu Dhabi (U.A.E.) has several sour gas fields. One of the most
challenging and recently developed is the Shah Field, which contains 23% H 2 S and 10% CO 2 13.

1.3. Problem definition
Exploitation of sour gas fields becomes essential to cover the world energy demand as natural gas
is gaining an increasing share in the energy mix and the conventional gas fields start to deplete.
The significant potential of sour natural gas in the U.A.E. is still largely untapped. It constitutes
an opportunity for fulfilling two long term and strategic objectives of the U.A.E.: (i) increase
sweet gas production for local consumption and exportation as well and, (ii) make readily acid gas
available for enhanced oil recovery14,15.
However, the removal of sour gases from natural gas by a so-called gas sweetening process usually
is the most costly part of a gas purification process. Up to now, absorption has most often been
the preferred process for gas sweetening. Chemical absorption using aqueous alkanolamine
solutions is the leading technology to meet pipeline specifications. However, these chemical
absorbents are corrosive at high loadings and can degrade to products that cause foaming during
absorption. Anti-foaming agents and corrosion inhibitors are, therefore, frequently added batchwise for stable operation. Understanding the chemistry and physics behind the effect of these
agents on the absorption process is of utmost importance for optimal operation of gas sweetening
facilities.
The main disadvantage of chemical absorption is the high energy cost for solvent regeneration.
This regeneration process becomes economically unfeasible when gas streams with a large content
of sour gases have to be treated. Instead, physical absorption is preferred for gas sweetening of
natural gas streams with a high concentration of sour gas. However, most physical solvents have
the disadvantage to co-absorb small hydrocarbons (ethane, propane), which are most valuable side
products of natural gas. Therefore, researchers have investigating alternative physical solvents that
are more selective for acid gases than hydrocarbons. In this respect, ionic liquids are promising
solvents that could serve as alternative physical absorbents for sour gases. This thesis aims to
contribute to this objective.
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1.4. Scope and outline of the thesis
The aim of this work is to provide a better insight of the thermodynamics governing the CO 2
capture from natural gas in physical absorption processes. This thesis will focus on understanding
the capabilities and limitations of ionic liquids as solvents for gas sweetening. In that respect, a
low viscosity and high thermally stable ionic liquid, the 1-hexyl-3-methylimidazolium
tetracyanoborate ([hmim][TCB]) was selected because of its outstanding CO 2 loading capacity.
The goal is to collect extensive experimental data on the solubility of several gases in this ionic
liquid and interpret the phase behavior and the thermodynamic relations governing the
absorption process.
An overview of different gas sweetening methods and their advantages and disadvantages is given
in Chapter 2. The chemical and physical absorption principles are described in more detail, and
the suitability of using physical solvents over chemical absorbents at high sour gas concentrations
is discussed. The potential use of ionic liquids as physical solvents for gas sweetening is
elucidated, focusing in the advantages of the selected ionic liquid ([hmim][TCB]) over other
fluorine-based ionic liquids.
Knowledge of phase equilibria is crucial for the design of separation processes. Therefore,
Chapter 2 is concluded with a description of the experimental phase equilibria methods and a
brief introduction of the Cailletet equipment, which was the workhorse for the thermodynamic
measurements in this thesis.
One of the limitations of the Cailletet apparatus is the inability to experimentally determine the
composition of equilibrium phases. For that reason, a new experimental high pressure static
analytic facility, made of titanium and alloy C276 (nickel-molybdenum-chromium with some
tungsten) to withstand high corrosive mixtures, has been designed, built, and commissioned. As
this apparatus is totally new, all details of this facility are extensively presented in Chapter 3.
Chemical absorption of sour gas using aqueous alkanolamine solutions is well reported in
literature. Some additives, such as anti-foaming agents and corrosion inhibitors are frequently
added to the alkanolamine solution, but their effects on the CO 2 absorption capabilities of the
mixture are often mistakenly disregarded. Therefore, the effects on the CO 2 absorption in
aqueous MDEA solutions in presence of these additives have been studied experimentally. These
results are reported in Chapter 4. A detailed description of the Cailletet apparatus is given in this
chapter.
The remaining chapters of the thesis focuses on the thermodynamics involved in the potential use
of ionic liquids as alternative physical solvents for CO 2 capture from natural gas mixtures. A
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detailed knowledge of the solubility of the key constituents of natural gas and the understanding
of the phase behavior is the basis of the application ionic liquids for gas absorption.
The solubility of the acid gas CO 2 in [hmim][TCB] was extensively measured with a Cailletet
apparatus in a wide range of pressure, temperature and composition. In Chapter 5, these
experimental results are presented together with equally important physical properties like
density, viscosity, and surface tension the selected ionic liquid ([hmim][TCB]). This information
is essential in optimizing the absorption process parameters.
An optimized separation process for the CO 2 removal from natural gas should minimize the coabsorption of significant amounts of the main components of natural gas, i.e. methane (CH 4 ),
ethane (C 2 H 6 ) and propane (C 3 H 8 ). In order to determine the potential application of ionic
liquids for gas sweetening, knowledge of the absorption and its related phase behavior of these
three gases is essential and will be presented in Chapter 6.
Experimental determination of phase behavior of mixtures is cumbersome and time-consuming.
Therefore, thermodynamic models, describing and predicting the experimental results, are of
major interest.
In Chapter 7, the Peng Robinson equation of state (PR EoS) and a Group Contribution
equation of state (GC EoS) are described. A brief explanation of the bubble point method and
the Particle Swarm Optimization model, a heuristic optimization algorithm, are provided. The
CO 2 solubilities in [hmim][TCB] are fitted using several sets of binary interaction parameters,
and the results are discussed.
The modelling of the binary systems CH 4 + [hmim][TCB], C 2 H 6 + [hmim][TCB] and C 3 H 8 +
[hmim][TCB] using PR EoS and GC EoS is discussed in Chapter 8. The capability of both
models to predict the appearance of the experimentally observed liquid-liquid immiscibility in the
binary systems C 2 H 6 + [hmim][TCB] and C 3 H 8 + [hmim][TCB], at near- and supercritical
conditions is presented in this chapter. A modeling strategy for these type of system is provided at
the end of this chapter.
Chapter 9 analyses the absorption process using the ionic liquid [hmim][TCB] to separate CO 2
from CH 4 is modeled using ASPEN PLUS, and it is compared with the absorption using
dimethyl ethers of polyethylene glycol. The favored energy balance of the absorption using ionic
liquids with respect dimethyl ethers of polyethylene glycol is discussed.
Finally, overall conclusions are discussed in Chapter 10 and, in addition, an outlook for
alternative processes involving ionic liquids for gas sweetening is discussed.
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Background

ABSTRACT
As more sour gas fields are been developed, the need of economically feasible technology for gas
sweetening increases. The current preferred process for gas sweetening is the chemical absorption of
carbon dioxide (CO 2 ) and hydrogen sulfide (H 2 S) using aqueous alkanolamines solutions.
However, the large energy consumption during the recovery step of the solvent is non-economically
viable when large amounts of sour gases have to be treated. Other alternative processes like the use of
physical absorbers, membranes or cryogenic technology are explored. Ionic liquids are a chemically
and thermally stable, non-volatile and versatile solvents. They have been proposed as alternative
solvents for physical absorption of CO 2 and H 2 S. In this chapter, an overview of the current
technologies for natural gas sweetening and the properties of ionic liquids will be reviewed.
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2.1 Natural gas components
Natural gas is a mixture of tens or even hundreds of hydrocarbons and other components which
exist as gas phase at atmospheric conditions. It is primarily composed of methane (CH 4 ), with a
significant presence of Natural Gas Liquids (NGL) like ethane (C 2 H 6 ) and the Liquefied
Petroleum Gas (LPG) such as propane (C 3 H 8 ), propene (C 3 H 6 ) and butane (C 4 H 10 ), traces of
alkenes and heavier hydrocarbons. Other gases, which are frequently contained in large
percentages in the raw gas mixture are nitrogen (N 2 ), carbon dioxide (CO 2 ) and hydrogen sulfide
(H 2 S). Some gas traces might include hydrogen (H 2 ), helium (He) and argon (Ar). Other
components that are usually present include sulfur-based components such as mercaptans (RSH), carbonyl sulfide (COS), and carbon disulfide (CS 2 ). Traces of heavy metals (arsenic,
selenium, mercury, etc.) or radioactive compounds (uranium) are also occasionally found in
natural mixtures. In most of the cases water is present, so the gas is assumed to be saturated with
water1.

Figure 2.1: Natural Gas Composition2.

The percentage of each component in the gas mixture varies tremendously in different reservoirs,
or in different wells within the same gas field, and even with the time within the same well.
Figure 2.1 shows the composition of a gas field in Abu Dhabi2, where acid gases (CO 2 and H 2 S)
account for more than 10% of the dry volume. 5% of other impurities like N 2 are also present, so
that the liquefied natural gas (LNG) is around 85%.

2.1.1 CO2 and H2S
Among all the components of the gas mixture, CO 2 and H 2 S are the main subject of concern
because of their technical challenges and Health, Safety and Environmental (HSE) issues.
H 2 S is a very toxic gas, which produces irritation to the eye tissues at concentrations as low as 50
ppm. When inhaled, H 2 S’ irritating action is exerted through the respiratory track, causing
digestive upset and altered breathing. At concentrations of 1000 ppm, it produces hyperpnoea,
followed by apnea, and finally respiratory arrest and death from asphyxia. The European Union
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has set the Threshold Limit Value (TLV) to 5 ppm of H 2 S in air for a period of 8 hours timeweighted average (TWA) and 10 ppm for a short-term exposure limit (STEL)3, while the Emirate
of Abu Dhabi has stricter limits: 1 ppm for TWA and 5 ppm for STEL4.
CO 2 is a non-toxic gas, but it can cause asphyxia due to oxygen displacement. From an efficiency
point of view, the presence of CO 2 decreases the heating capacity per volume of gas fuel, and
thus, it reduces the commercial value. Regarding environmental issues, CO 2 is a Green House
Gas (GHG). As shown in Figure 1.3 in Chapter 1, it is the main contributor to global warming
due to its large emissions5, even though it has the lowest Global Warming Potential6.
The main technical problems of CO 2 and H 2 S are related with corrosion and flow assurance.
Both CO 2 and H 2 S form weak but corrosive acids in the presence of water. Corrosion is
commonly found in stressed areas, near welds, parts with high acid concentration (e.g. overhead
in the solvent regenerator in an absorption process) or hot equipment (reboiler tubes).
Corrosion can be prevented following some design, operating and remediation strategies.
Identifying those sections in pipelines or plant equipment that are prone to corrosion is essential,
so they can be constructed with stainless steel or corrosion resistant alloys. If that option is not
economically viable, carbon steel might be used in the entire plant as long as the process is
operated at low temperature or at low acid gas loading (in aqueous solutions). Often, corrosion
inhibitors are added to inhibit the oxidation of iron7.
In addition, the presence of CO 2 and H 2 S might cause pipe clog problems because of hydrate
formation8.
Both CO 2 and H 2 S are acid gases. However, only H 2 S is sour. The terms acid gas and sour gas
might be found to be used interchangeably. Nevertheless, they are not strictly synonyms: acid gas
is any gas containing either CO 2 or H 2 S, or a mixture of both, while sour gas is used when
significant amount of H 2 S is present.

2.2 Gas sweetening
As reported in Chapter 1, half of the current proven gas reserves contain at least 2% of CO 2
and/or H 2 S9. Certain fields contain up to 80%. Some of them were discovered a few decades ago,
but the technology at that time was not developed enough to make those sour reservoirs safe and
economically and environmentally viable.
The need of exploiting more complex gas field, and complying with stricter regulations, has
impelled the engineering of new processes for the removal of CO 2 and H 2 S, the so called gas
sweetening. The large span of field conditions and locations has boosted the development of
different technologies which can cope with the diverse requirements. Absorption has been the
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preferred process, cornering 95% of gas sweetening market in the U.S.10, although important
innovations in adsorption and membrane technology are enhancing the use of alternative
technologies.
Figure 2.2 presents a schematic diagram of the most common gas sweetening processes.
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Gas
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Polypropylene

Figure 2.2: Gas sweetening processes11.

Most of the processes used for natural gas sweetening can also be applied for post-combustion
CO 2 capture in power plants12. The drivers for CO 2 capture in the natural gas industry differ
from those in power generation plants. In the latter, CO 2 is produced after the exothermic
oxidation reaction of the fossil fuel, which releases the energy used for the power generation.
Thus, the energy produced is the product, while CO 2 is the waste. Because of CO 2 being a
GHG, strict regulations are in place to control its emission to the atmosphere. Therefore, CO 2
should be captured, for reuse, e.g. enhanced oil recovery, or sequestration13.
The raw natural gas, on the other hand, contains CO 2 (and frequently H 2 S) as an impurity
which should be removed to meet the pipeline requirements, improve the energy capacity per
volume of gas, and prevent the problems mentioned in section 2.1.1. In addition, natural gas
sweetening is only responsible of the 0.4% of CO 2 emissions, as shown in Figure 1.2 of Chapter
114. Consequently, the drivers for CO 2 removal from natural gas are not environmental concerns
but technical and economic reasons.

2.2.1 Absorption
Currently, gas absorption is the technique most widely used for CO 2 capture12,15. Absorption
using alkanolamines is a mature technology16, which has been in use since it was first patented in
193117. The main advantage of absorption process is the capability of treating large volumes of
natural gas and significantly reducing the CO 2 content to very low concentrations.
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Absorption of acid gases can be conducted by solvents which chemically react with the acid gases,
or by physical solvents, where the acid gases are just dissolved in the liquid. The process
properties of both type of solvents are presented in Table 2.1. Chemical solvents are frequently
preferred because of their capability of reducing the concentration of acid gases to ppm levels.
Furthermore, they are relatively insensible to the acid gas partial pressure.
Table 2.1: Comparison between chemical and physical absorption.

Properties

Chemical Solvent

Physical solvent

Most common solvent

Aqueous alkanolamine

Selexol

Handle high concentrations of acid gas





Reduce H 2 S and CO 2 to ppm levels





Energy Requirements





H 2 S/CO 2 selectivity





However, the energy required to reverse the reaction and recover the solvent is considerably high,
and it becomes non-economical when large concentrations of acid gases have to be treated. In
addition, the vast majority of the chemical solvents are water-based, thus, the treated gas leaves
the gas sweetening unit saturated with water, and so a dehydration step would be required
afterwards.

Figure 2.3: Absorption process selection for H 2 S and CO 2 removal as a function of their partial pressure. Adapted from
Tennyson and Schaaf18.

Physical solvents overcome the drawback of high energy consumption of the regeneration step.
Since the gas is only physically absorbed, lower energy is required to recover the solvent.
Furthermore, some physical solvents are selective to either H 2 S or CO 2 , which is desirable when
the gases are going to be processed separately (i.e. to produce elemental sulfur or to use CO 2 for
enhanced oil recovery19,20). On the other hand, physical solvents might not be capable of reducing
the concentration of acid gases to as low levels as chemical solvents can achieve. Moreover, they
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usually dissolve large amounts of pentene-plus hydrocarbons. Figure 2.3 shows the most
convenient absorption process as a function of the partial pressure of acid gas in the feed and the
partial pressure which can be attained in the product.
2.2.1.1 Chemical absorption using alkanolamines
Absorption using aqueous alkanolamines solutions is the most common technology for gas
sweetening10,12. The primary amine monoethanolamine (MEA), the secondary amine
diethanolamine (DEA), and the tertiary amine methyldiethanolamine (MDEA) are the most
typical amines used for natural gas processing. Their chemical structures can be found in Figure
2.4.

Figure 2.4: Chemical structure of (a), MEA; (b), DEA; and (c), MDEA.

Table 2.2: Advantages and disadvantages of the three most common alkanolamines.

Amine
MEA

DEA

Advantages
• Most reactive
• High solution capacity

Disadvantages
• Relatively high vapor pressures, i.e. solvent loses
• Formation of irreversible heat stable salts, which
might be carried over and form foaming
• No selective removal of CO 2 and H 2 S
• Corrosion when moderate high relative acid gas
partial pressure when concentration of amine is
higher than 20%
• Numerous irreversible reaction forming corrosive
degradation products

• Effective when COS and CS 2 are present
• Negligible vapor pressure
• Loading above stoichiometric ratio at high
pressures
MDEA • Selective absorption of H 2 S
• Slow reaction
• Negligible vapor pressure
• High molecular weight
• Thermal and chemical stable
• Higher CO 2 /amine loading

Table 2.2 summarizes the advantages and disadvantages of MEA, DEA and MDEA. MEA has a
high solution capacity as a result of its low molecular weight. However, its applications are
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nowadays reduced to the treating of low concentration of acid gases because of its high vapor
pressure and other operational disadvantages. DEA and other secondary amines are the preferred
option when CS 2 and COS are present, beside CO 2 and H 2 S21. MDEA is the best choice for very
sour gases because it selectively absorbs H 2 S22.
The H 2 S reacts with any of the amines via direct proton-transfer reaction:
R1R2R3N + H2S ↔ R1R2R3NH+HS-

(2.1)

The CO 2 molecule follows a more complex reactive path, and it exhibits two different
mechanisms depending on the type of alkanolamine. The reaction with primary and secondary
alkanolamines, which have at least one hydrogen atom bonded to the nitrogen, follows the
zwitterion mechanism: it involves the formation of a carbamate intermediate, which reacts with
another amine:
CO 2 + R 1 R 2 NH ↔ R 1 R 2 HN+COO

(2.2)

R 1 R 2 HN+COO-+ R 1 R 2 NH ↔ R 1 R 2 H 2 N+ + R 1 R 2 NCOHO-

(2.3)

The overall reaction is:
CO 2 + 2 R 1 R 2 NH ↔ R 1 R 2 H 2 N+ + R 1 R 2 NCOO-

(2.4)

Since tertiary alkanolamines do not have any hydrogen atom attached to the nitrogen, the
carbamate cannot be formed during the reaction with CO 2 . Instead, the CO 2 hydrolyzes into
bicarbonate, and the free hydrogen can protonate the amine:
CO 2 + H 2 O ↔ H+ + HCO 3 -

(2.5)

H+ + R 1 R 2 R 3 N ↔ H+ + R 1 R 2 R 3 N+H

(2.6)

The overall reaction is:
CO 2 + R 1 R 2 R 3 N ↔ HCO 3 - + R 1 R 2 R 3 N+H

(2.7)

Primary and secondary amines might follow the latter path as well, although the carbamate
formation is the predominant mechanism. As a result, the CO 2 loading is 0.5 mole of acid gas per
mole of alkanolamine. Tertiary amines, on the other hand, can attain a theoretical ratio of 1 mole
of CO 2 per mole of amine.
Other side reactions might occur, but usually they are not considered important for a general
description of the absorption/desorption process. Examples of these side reactions are the
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disassociation of bicarbonate into carbonate, or the non-reversible reaction of the amine with
other intermediates.
The equilibrium of carbamate or bicarbonate in the solution depends on the amount of CO 2
dissolved in the solution, which is a function of the partial pressures in the gas phase and of the
vapor pressures of the acid gases. And the vapor pressures depend on temperature. By increasing
pressure and reducing temperature, the dissolution of CO 2 is enhanced, and consequently, its
reaction with the alkanolamine. When pressure is reduced and temperature is increased, the
reactions are reversed, so CO 2 is released back to the gas phase. As a result, it is possible to
regenerate the alkanolamine in a closed flow diagram as the one shown in Figure 2.523.

Figure 2.5: Process flow diagram for amine treating by use of MEA 23.

2.2.1.2 Chemical absorption using alkali salts
Hot potassium carbonate (K 2 CO 3 )24, and its blends with other components like amines and
piperazine 25, have been used for gas sweetening. The process bears some similarities with the one
of alkanolamines. Once CO 2 and H 2 S are dissolved in the aqueous solution, they react with
K 2 CO 3 . The reaction path is very complex, but the overall reaction is:
K 2 CO 3 + CO 2 + H 2 O ↔ 2 KHCO 3

(2.8)

K 2 CO 3 + H 2 S ↔ KHS + KHCO 3

(2.9)

The main inconvenience of the alkali salts process is the relatively low rate of absorption of CO 2
in

carbonate-bicarbonate

investigated25,26.
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2.2.1.3 Physical absorption
When acid gas makes up a considerable fraction of the treating gas, the elevated cost of
regenerating the chemical solvent might make the gas sweetening unfeasible. Non-reactive
solvents overcome this problem provided that physical solvents are not chemically bonded to the
CO 2 , and that the heat of (dis)solution is remarkably lower. This has been the main drive for
their development. Another advantage of physical solvents is that they are relatively noncorrosive, so stainless steel is not required for the equipment and pipelines.
A potential physical solvent for gas sweetening should meet the following requirements27:
1. Low absorption capacity for hydrocarbons and hydrogen.
2. Acid gases several times more soluble than water.
3. Low viscosity.
4. Low or moderate hygroscopicity.
5. Non-corrosive to common metals and non-reactive with all components in the gas.
6. Very low vapor pressure at ambient temperature.
7. Economically feasible.
Several physical solvents have been used for gas sweetening. Table 2.3 summarizes the processes’
names, the main components and the licensors.
Table 2.3: Physical solvents process27.

Process Name

Solvent

Fluor SolventSM

Propylene carbonate (PC)

Selexol®

Dimethyl ether of polyethylene glycol (DMPEG)

Sepasolv®

Methyl isopropyl ether of polyethylene glycol (MPE)

Purisol®

N-Methyl-2-p yrrolidone (NMP)

Rectisol®

Methanol

Ifpexol®

Methanol

Estasolvan®

Tributyl phosphate

Methylcyanoacetate

Methylcyanoacetate

Sulfinol®

Sulfolane and DIPA or MDEA

Amisol®

Methanol and secondary alkylamine

Selefining®

Undisclosed physical solvent and tertiary amine

The first commercially available process was Rectisol®. It is capable of reducing the acid gas
concentration to ppm levels. The main disadvantage is that it operates at low temperature (even
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as low as 200 K) to avoid solvent losses because of the high vapor pressure of methanol (0.168 bar
at 298.15 K28) and low normal boiling point (337.85 K28). Nowadays its use is limited to syngas
treating.
The three most common physical solvents nowadays are propylene carbonate (PC or Fluor
SolventSM), N-Methyl-2-p yrrolidone (NMP or Purisol®) and the dimethyl ether of polyethylene
glycol (DMPEG or Selexol®). Table 2.4 shows their relative solubilities of gases with respect to
CO 2 29.
Fluor SolventSM does not selectively absorb H 2 S relatively to CO 2 , as it is done by Selexol® or
Purisol®, as shown in Table 2.4. In addition, it becomes unstable above 365 K, and therefore,
complete stripping of H 2 S in not possible. It is used when trivial amounts of H 2 S are present, but
CO 2 removal is important.
NMP (Purisol® Process) presents the largest H 2 S relative absorption among the three physical
solvents in Table 2.4. However, it has a relatively higher vapor pressure than other solvents.
DMPEG, used in the Selexol® process, is a mixture of dimethyl ether of polyethylene glycols
(CH 3 O(C 2 H 4 O) n CH 3 , where n varies from 3 to 9). It is used for selective H 2 S removal. As other
glycols, it also dehydrates the gas. The main disadvantage is the higher viscosity with respect the
other solvents, which reduces the mass transfer rates. The optimum operating temperature is 250
K, although it can be used up to 450 K, where evaporative losses might happen.
Table 2.4: Relative solubilities of gases with respect to CO 2 for three physical solvents at 298.15 K and 1 atm 29.
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Selexol

Purisol

Fluor Solvent

Gas

(DMPEG)

(NMP)

(Propylene Carbonate)

C0 2

1

1

H2S

1
8.93

10.20

3.28

C1

0.07

0.07

0.04

C2

0.42

0.38

0.17

C3

1.02

1.07

0.51

iC 4

1.87

2.21

1.13

nC 4

2.33

3.47

1.75

iC 5

4.46

-

3.49

nC 5

5.54

-

4.99

nC 6

10.99

-

13.49

H2

0.01

0.01

0.01

N2

-

-

0.01

CO

0.03

0.02

0.02

COS

2.33

2.73

1.88

NH 3

4.88

-

-
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In general, H 2 S is more soluble than CO 2 , so some degree of selective acid gas removal can be
attained with any of the three solvents shown in Table 2.4. Small impurities, especially sulfurbased chemicals like carbonyl sulfide, carbon disulfide and mercaptans are dissolved in similar
ratios in the solvents. As a rule of thumb, the solubility of hydrocarbons in these solvents
increases with the molecular weight.
The solubilities of gases in physical solvents are purely physical phenomena, where either
enthalpic or entropic factors promote or prevent the dissolution of the natural gas components.
In general, the higher the pressure and the lower the temperature, the higher the solubility of acid
gases is. An exception to this case is hydrogen, which shows an incensement of the solubility in
these solvents with increasing the temperature.
Although reducing the temperature enhances the dissolution of acid gases, the viscosity of the
solvent increases, limiting the mass transport capabilities. So a trade-off temperature should be
found. In most cases, Henry’s law applies up to 20 bars. A thorough optimization of the
temperature and pressure conditions in the absorber is needed to maximize the acid gas
absorption, minimizing the dissolution of hydrocarbons and other components.

Figure 2.6: Schematic process flow diagram for a Selexol gas treating facility 23.

The regeneration of the physical solvent is typically carried out by flashing the reach solvent at
atmospheric or even vacuum conditions, with the so called pressure swing absorption (PSA)
process. By using several stages, as the process flow diagram shown in Figure 2.6, the most-likely
absorbed hydrocarbons can be recovered. Stripping with an inert gas, e.g. steam or N 2 , enhances
the solvent recovery when flashing fails to provide a sufficiently lean solvent. If flashing and
stripping do not meet the required acid gas purity requirement, a configuration including thermal
regeneration is commonly used. Although the energy requirements are higher in this case, this
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process is still less energy intense than chemical absorption, because the heat of desorption of acid
gases from a physical solvent is only a fraction of the energy required to desorb them from
chemical solvents.

2.2.2 Adsorption
Adsorption is a process that involves the attachment of the gas (CO 2 in this case) to a solid
surface. Several materials have been tested for CO 2 capture including activated carbon alumina,
metal organic framework and zeolites30.
The adsorbed gas is desorbed by PSA, or by increasing the temperature, i.e., temperature swing
adsorption (TSA). The main advantage of adsorption is the low energy required for adsorbent
regeneration and the low chance of corrosion. However, the low adsorption capacity and the low
selectivity make their use at large scale not feasible15 with the current technology, although
promising highly selective materials and optimized adsorption cycles are being developed for
natural gas treating30.

2.2.3 Cryogenic fractionation
Cryogenic fractionation separates CO 2 by condensation. The main advantage is the high pressure
of the CO 2 stream, which provides a more economic process for transport and sequestration.
However, the selectivity might not be so high, and other problems like the solidification of CO 2
or the formation of azeotropes with ethane and propane makes this technology challenging.
Cryogenic separation is more suitable for CO 2 capture from oxyfuel process15, where purified
oxygen is used for combustion.

2.2.4 Membrane separation
Membrane technology is an attractive alternative to the absorption process due to the low energy
requirements of the process. The development of new polymeric and inorganic materials and
transport facilitated membranes has broadened the possible applications of membrane technology
for gas sweetening, although they only pre-empt less than 5% of the market30,31. The chemical
and mechanical stability and the performance loss over time are the main challenges that
researchers are trying to overcome to fully exploit the potential of this technology.
The hybrid combination of the membrane treating for bulk removal of CO 2 followed by
chemical absorption for final reduction to ppm levels has been found to be economically feasible
at high CO 2 loadings31.
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2.3 Ionic Liquids
Ionic liquids are a type of ionic salts which, unlike molten salts, they are already liquid at room
temperature, or at least, the melting point is below 100°C. Their molecular structure is preferably
unsymmetrical, with distributed ionic charge, so that the interionic interactions are spread,
leading to a low melting point.
There is a large diversity of ionic liquids. At least a million potential ionic liquids can be
synthesized32. By choosing the correct cation-anion pair, the molecular structure can be designed,
so its properties can be tuned to meet the requirements for a certain process: yield, selectivity,
substrate solubility, product separation, enantioselectivity, etc. Some of the most common types
of anion and cations are presented in Table 2.5 and Table 2.6 respectively.
The interest in the applications of ionic liquids started in the late 1990’s, after Seddon33,
Freemantel34,35 and Huddleston et al.36 described them as novel solvents for clean technology
between 1997 and 1998. However, the first work about an ionic liquid in literature dates back to
1888, when S. Gabriel and J. Weiner reported the melting point of ethanolammonium nitrate
(52 - 55ºC)37. But it is the work from Walder in 1914, who synthesized the low melting
ethylammonium nitrate ionic liquid (13 - 14ºC), which is usually accepted as the first publication
on ionic liquids per se38. A more extended overview on the development of ionic liquid technology
including their successful industrial application is given by Plechkova and Seddon39. Until 1997,
only 432 articles were published, while the total number published by the end of 2014 rockets up
to more than 46700, according to Scopus, and almost 10000 patents on the use of ionic liquids
have been filed. Figure 2.7 shows that the number of new publications on ionic liquids is still
increasing very year.

New Publications per year

6000
5000
4000
3000
2000
1000
0

Year

Figure 2.7: Number of articles on ionic liquids per year since 1914.
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The reason why ionic liquids have attracted the attention of so many researchers is their
remarkable properties such as nearly negligible volatility33,40,41, high thermal stability42, chemical
stability32 and the aforementioned tunability.

Figure 2.8: Applications of ionic liquids.

Ionic liquids have been successfully employed in diverse fields in chemistry, electrochemistry, and
in mechanical, chemical and biochemical engineering39,43,44. Figure 2.8 presents some of the most
significant applications of ionic liquids. One of the most successful uses of ionic liquids is
alternative solvents as replacements for volatile organic compounds. In this respect, intensive
work has been made in synthesis45 and in separation technology36,46,47.

2.3.1 CO2 solubility in ionic liquids
The solubility of CO 2 in ionic liquids has been widely studied for several applications such as
carbon capture48-55. The catalyzer of this research field was a work from Blanchard et al.56
reporting a high solubility of CO 2 in imidazolium-based ionic liquids, whereas the ionic liquid
did not dissolve in CO 2 , not even at supercritical conditions.
The solubility of CO 2 has been mostly studied in imidazolium-based ionic liquids pairing with
different anions including [PF 6 -]57-64, [BF 4 -]57,63-68, [Tf 2 N-]64,69-72 and others. Other cations like
pyridinium73, pyrrolidinium74,75, phosphonium76 and ammonium-based cation77 have also been
investigated.
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Table 2.5: List of anions and their chemical structure.

Anion
-

[PF 6 ]

-

[BF 4 ]

-

[Tf 2N ]

-

Name

Structure

hexafluorophosphate

F
F -F
P
F
F
F

tetrafluoroborate

F
F B F
F

bis(trifluoromethylsulfonyl)amide

- O
O
N
F
F
S
S
OO
F
F
F
F

[NO 3 ]

nitrate

[dca]

dicyanamide

[TfO]

trifluoromethanesulfonate

-

O

C

N

O
+
N

N

-

O

C

N

O
S O
O

F
F
F
F F
F

O
S
O
O C O
O
O S
S
O
F
O
F F
O

[methide]

[FAP]

tris(trifluoromethylsulfonyl)methide

tris(pentafluoroethyl) trifluorophosphate

F
F
F

F
F
F FF
F
F
F
P FF F
F F
F
F
F
F F
N

[tcm]

tricyanomethanide

C

-

N

N
N

[TCB]

tetracyanoborate

N

B

-

N

N
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Increasing the length of the alkyl chains of cations was found to increase the solubility of CO 2 78,
although the improvement is not significant57. Attempts to improve the solubility of CO 2 in ionic
liquids included the addition of a functional CO 2 -philic group by fluorination, carbonylation or
sulfonation of the cation or the anion71,79-81. For example, fluorination of the alkyl chain of the
imidazolium cation was found to remarkably increase the CO 2 solubility in the ionic liquid up to
20%, but also resulted in an undesired increase of the viscosity and eco-toxicity71,81.
Table 2.6: List of cations and their chemical structure.

Cation

Name

[C npyr]

pyridinium

[C nPyrr]

pyrrolidinium

[P 6,6,6,14]

trihexyltetradecylphosphonium

[N 8,8,8,1]

trioctylmethylammonium

Structure
N R
R

R
N

P

+

N
[emim]

1-ethyl-3-methylimidazolium

[bmim]

1-butyl-3-methylimidazolium

[hmim]

1-hexyl-3-methylimidazolium

[emmim]

1-ethyl-2,3-dimethylimidazolium

+

N

N

+

N

N
N

N

N

+

N

+

+

Nevertheless, systematic study of the effect of the anion and the cation concluded that the
solubility of CO 2 was far more influenced by the nature of the anion than by the cation of the
ionic liquid52,74,82. The solubility of CO 2 in ionic liquids was even more effectively enhanced by
incorporation of fluorinated groups71 in the anion as compared to sulfate or ether groups79. The
solubility of the CO 2 in ionic liquids with the [bmim] cation was found to increase in the
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following order82: [NO 3 ] < [dca] < [BF 4 ] ∼ [PF 6 ] < [TfO] < [Tf 2 N] < [methide]. These results
were similar to those obtained using COSMO RS83: [NO 3 ] < [dca] < [BF 4 ] <[TfO] < [PF 6 ] <

[Tf 2 N].

In fact, highly fluorinated anions, such as [Tf 2 N-]64,69-72 or [FAP]79,84,85, were found to show very
high CO 2 solubility. Unfortunately, fluorinated ionic liquids hydrolyze in the presence of water,
forming, among other components, the toxic hydrogen fluoride (HF)86,87. Therefore, other
fluoride-free anions have to be explored. Excellent results were obtained for ionic liquids with
amine-based anions, but the viscosities were too high for practical application88.
The cyano-based anions are an outstanding alternative. One of the main advantages compared to
other ionic liquids is that they have a very low viscosity. For example, viscosity of [emim][dca] at
298 K is only 21 cP89, [emim][tcm] 14.4 cP90, and [emim][TCB] 17.7 cP91 or [hmim][TCB]
49.8 cP92.
Mahurin et al.93 studied the performance of ionic liquids with nitrile-containing anions in
supported ionic liquid membranes (SILM), including [emim][Tf 2 N], [bmim][dca], [bmim][tcm]
and [emim][TCB]. The latter presented the highest CO 2 solubility, even higher than the
fluorinated [emim][Tf 2 N]. In other work from the same authors, it is shown that increasing the
alkyl chain of the cation (e.g. [bmim][TCB]), or substituting the hydrogen in the position 2 of
the imidazolium ring for a methyl (e.g. [emmim][TCB]), increased even further the large CO 2
solubility of the [emim][TCB]94.
The reason behind the exceptionally high solubility of CO 2 in the tetracyanoborate anion family
of ionic liquids was given by Babarao et al.95 using molecular simulations and quantum
mechanical calculations. The results indicate that the hydrogen bonding between the [emim]
cation and the [TCB] anion is less strong than between the same cation with [Tf 2 N]. The
consequence is a weaker cohesion between the cation and the anion resulting in a greater
expansion of the ionic liquid upon the dissolution of the CO 2 . In addition, it was found that the
interactions between the CO 2 and the [TCB] were stronger than those between the CO 2 and the
[Tf 2 N] anion. Blahut et al.96, based on the interactions of volatile organic compounds with the
[emim][TCB], found that the acidic hydrogen in the position 2 on the imidazolium ring is more
available for hydrogen bonding with basic compounds. This means that somehow the [emim]
cations prefer to form hydrogen bonding with other basic compounds (like CO 2 ) rather than
with the [TCB] anion.
In fact, the work of Kazarian et al.97 suggested that the interaction between the CO 2 molecule and
the ionic liquid are Lewis acid-base type, where the CO 2 acts as the acid and the anion serves as
the Lewis base. However, in some cases, experimental data contradicts this hypothesis: [BF 4 ]
anion is a stronger base than [PF 6 ], but the solubility of CO 2 in [hmim][PF 6 ] is larger than in
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[hmim][BF 4 ]98. So, the free volume has been found to be the predominant factor99,100 together
with other entropic factors101.
A good review for CO 2 solubility in ionic liquids is the publication from Lei et al., where they
compiled all the available experimental data on solubility of gases in ionic liquids by August
2013102.
Only limited data have become available on the solubility of CH 4 in ionic liquids52,58,103-106,
whereas solubility data of other light hydrocarbons in ionic liquids105,107-110 are even scarcer.

2.4 Phase equilibria measurements
2.4.1 Gibbs phase rule
Chemical equilibrium is a state where the system has no tendency to deviate from the present
condition or variables. For a system with N components and π phases, the equilibrium is attained
when the temperature T, the pressure P and the chemical potential of each component μ i are
identical in all the phases:
𝑇 𝛼 = 𝑇𝛽 = ⋯ = 𝑇 𝜋

𝑃𝛼 = 𝑃𝛽 = ⋯ = 𝑃𝜋
𝛽

𝜇𝑖𝛼 = 𝜇𝑖 = ⋯ = 𝜇𝑖𝜋

(2.10)
(2.11)
𝑖 = 1, 𝑁

(2.12)

So any system can be characterized by π(N + 1) system-independent variables (T, P, and N-1
compositions). According to the Gibbs Phase Rule, the number of degrees of freedom F is
defined by:
𝐹 =𝑁−𝜋+2−𝜑

(2.13)

where φ is the number of additional constrains (i.e., azeotropy, criticality, reactions, etc.).
For a vapor-liquid system (π = 2) with no constrains (φ = 0), the number of degrees of freedom is
equal to the number of components (F = N). If the composition of the mixture (N – 1 variables)
inside the reactor is fixed, the number of degrees of freedom is reduced to one. In other words, at
specified composition, by fixing T or P, the system is fully described.
Binary systems are represented in tridimensional phase diagrams, where the axis are temperature,
pressure and composition. The number of dimensions increases for multicomponent systems. For
practical purposes, bi-dimensional cross-section graphs are usually preferred in phase equilibria
discussions.
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2.4.2 High pressure phase equilibria methods
Chemical processes require extensive and accurate data on the thermodynamic properties and
phase equilibria for process design. A change in pressure or temperature may induce an unwanted
phase transition, such as the condensation of a vapor phase, reaching a liquid-liquid immiscibility
region or the precipitation of solids. Precise knowledge of the phase behavior of a system is
essential to determine the conditions at which optimum separation can be attained, and to design
the separation column. An error of 5% in the separation factor might lead to a change of more
than 100% in the column height111.
Accurate description of physical properties and phase equilibria of binary and multicomponent
mixtures might be cumbersome and time consuming, but it is indispensable for process design.
Although computational molecular modeling is providing lots of data generated by simulations,
there is still a need for accurate, reliable, and thermodynamically consistent experimental data112.
Isothermal
Visual
Non visual

With phase
transition

Synthetic
mehtods

Isothermal
Isobaric

With sampling

Isothermal /
Isobaric

Analytical
methods

Without phase
transition

Others

Isobaric

Spectroscopic
Without sampling

Gravimetric
Others

Figure 2.9: Types of experimental methods for phase equilibria. Adapted from Dohrn, et al. 113.

Several methods have been described in the literature for phase equilibria measurements113-116.
Experimental methods for high pressure phase equilibria are traditionally classified as analytical
systems, if the composition of the phases is determined, or as synthetic, if only the overall
composition is known, as shown in Figure 2.9. Other classifications are based on the mobility of
the sample. In dynamic systems, one or more phases are recirculated outside the equilibrium cell,
usually in closed loop systems, while in static methods the sample is stirred in a closed cell. The
cell can have a constant or a variable volume. In the latter configuration, the pressure is generated
by the displacement of a piston. If the position of the piston can be accurately read, the volume
inside the cell can also be determined.
Choosing the most convenient experimental method will determine, up to some degree, the
accuracy and the reliability of the experimental data.
The main advantage of synthetic methods is their simplicity. Since they do not have an analytical
device, the design and operation is easier and generally less costly. Furthermore, operation might
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be faster since it is not required to wait for the perfect attainment of phase separation. Synthetic
methods relying on phase transitions need enough detectable amount of the new phase, resulting
in deviations of the intrinsic variable (temperature or pressure) from the real phase envelope
value. In most apparatuses, these deviations are negligible and within an acceptable confidence
interval. Synthetic methods provide very accurate data which are reliable even near the critical
point. The main disadvantage of synthetic methods is that they do not provide tie-lines. This
information is essential for designing separation processes.
Analytical methods, on the other hand, are preferred for multicomponent systems at subcritical
conditions of the mixture. The measurements in the proximity of the critical point are very
sensitive to fluctuations of pressure or temperature, resulting in large disturbances of the
equilibrium. In analytical methods, knowing the overall composition is not required.
Temperature (isobaric method) or pressure (isothermal method) is adjusted to achieve phase
separation.
In most cases, the system is analyzed by the extraction of a sample which is subsequently
analyzed. The main challenge of these methods is the handling of the sample117. Two main
problems are encountered: (i), the pressure drop inside the pressurized equilibrium cell during the
sampling, and (ii), the disturbance of the equilibrium because of the withdrawal of relatively large
samples. The approaches to minimize them include the recirculation in a sample loop e.g.
through a six-way valve and the use of micro-samplers, as the Rapid Online Sampling Injector
(ROLSITM)118,119. Isothermal analytical methods have been reported to produce reliable data as
long as careful procedure is performed120.

2.4.3 The Cailletet Apparatus
The Cailletet apparatus was already described for the first time in 1878121 and is one of the most
accurate equipment for measuring phase equilibria. It is based on the static synthetic method.
The Cailletet equipment allows measurement of phase equilibria within a pressure range of 0.1 to
15 MPa and temperatures from 255 to 470 K, depending on the heat-transferring fluid used.
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Chapter 3
Design and Start-Up of a
New High Pressure Equipment

ABSTRACT
A new static analytical apparatus for high-pressure phase equilibrium measurements was designed
built and commissioned. The facility is capable to measure vapor-liquid and liquid-liquid
equilibria. As it is expected that highly corrosive systems have to be handled in our applications to
the gas industry, the apparatus has been made of titanium and alloy C276. The apparatus can
operate at temperatures ranging from 225 K to 475 K and pressures up to 20 MPa. Two RapidOnline-Sampler-Injector (ROLSI™) have been integrated in the cell to enable sampling for
composition analysis of the equilibrium phases using a gas chromatograph. A previously reported
system (carbon dioxide + methylcyclohexane) has been measured to test the new apparatus.
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3.1 Introduction
Operations in oil and gas industry frequently require the use of high pressure conditions. Gas
reservoirs are encountered at elevated pressures and temperatures. Gas sweetening, gas
dehydration or hydrocarbon recovery are examples of high pressure processes in the gas industry.
As more sour gas fields are being developed, the need of accurate experimental data involving
corrosive mixtures increases. Detailed thermodynamic data are essential for pipe transport and
process design. In particular, the availability of experimental data of systems with hydrogen
sulfide (H 2 S) involved are very limited. The highly non-ideal behavior of these mixtures,
particularly at moderate and high pressures, and the lack of predictive thermodynamic models1,
urges the development of reliable and safe experimental equipment for phase equilibrium
measurements. Knowledge of the liquid-gas distribution of a component is crucial for gas
separation processes. In addition, the accurate description of the phase boundaries is essential to
prevent the appearance of undesired phases, i.e., vaporization, (retrograde) condensation of
streams during transportation, formation of hydrates, etc.
A brand new static analytical apparatus was designed to be able to withstand highly corrosive
mixtures at pressures up to 20 MPa and temperatures ranging from 225 K to 475 K. Preventing
corrosion is a major challenge and a great concern for equipment integrity as well as operational
safety. Therefore, the new apparatus was constructed on titanium and alloy C276 (nickelmolybdenum-chromium and a small amount of tungsten), both exhibiting excellent corrosion
resistance. These materials are commonly used in chemical and petrochemical industry.
The main challenge of analytical methods is the way the handling of the sampling is performed2,
which should not cause any disturbance of the equilibrium conditions. Most important is also
that the samples should accurately represent the composition of the phases, without noticeably
changing the overall compositions. In this new apparatus, a Rapid Online Sampling Injector
(ROLSITM) is used for accurate sampling of phases. These injectors have been already successfully
used for sampling systems at high pressures3-6.

3.2 Equipment Description
3.2.1 Overview
The general view of the high-pressure phase equilibrium apparatus is presented in Figure 3.2.
This system comprises six main parts: (1), gas pressure vessels; (2), variable volume pump; (3),
high-pressure equilibrium cell; (4), ROLSITM IV sampling system; (5), gas chromatograph; and
(6), vacuum system. The process flow diagram is shown in Figures 3.1(a) and 3.1(b).
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Figure 3.1 (a): Process Flow Diagram. Gas vessels and vacuum pump.
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Figure 3.1 (b): Process Flow Diagram. Liquid variable volume pump, equilibrium reactor and gas chromatograph.
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Figure 3.2: General view of the Titanium high-pressure phase equilibrium apparatus.

Gas pressure vessels
The gas dosing system is composed of three titanium pressure vessels (Figure 3.3). They are
designed to operate at pressures up to 20 MPa, with a pressure limit of 30 MPa. Two of the
vessels, with an internal volume of 191 cm3, are used to load two different gases. These vessels are
connected to a third vessel with an internal volume of 111 cm3, connected to the equilibrium cell.
In this vessel, the two different gases can be mixed.

Figure 3.3: Pressure vessels of the gas dosing system.

The gas dosing system can be submerged in a temperature controlled bath (e.g. water, ethanol or
oil bath, depending on the working temperature range) to allow thermal stabilization and to
prevent condensation when the gas is expanded to another vessel. The pressure of the gas pressure
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vessels is measured by three pressure transmitters (Keller, PA35X HTT-200 bar), with an
accuracy of 0.2 % full scale (F.S.).
The high-pressure equilibrium cell
The equilibrium cell, constructed in titanium and with an internal volume of 50 cm3, can operate
up to 20 MPa and in the temperature range between 225 K and 475 K. The titanium highpressure equilibrium cell is presented in Figure 3.4.

Figure 3.4: Titanium high-pressure equilibrium cell.

The cell consists of two separate segments which are assembled together via a screw connection.
This construction enables the maintenance and cleaning of the interior of the cell. Two sapphire
windows on the side of the cell allow the visual observation of the phases inside. The equilibrium
cell is connected with the mixing vessel, with a gas inlet/drain connection and with the variable
volume pump and the vacuum pump. A platinum stirrer, operated by an external magnetic rotor,
is used to agitate the sample inside the cell, enhancing the mixing of the phases and reducing the
time to attain equilibrium pressure.
The capillary tubes from two ROLSI™ IV samplers are inserted from the top of the cell at two
different levels, allowing sampling from the lower and upper phases of the system. The cell is
installed inside the chamber (Benchtop, model TMX 55), where the temperature is kept constant
by a PID (proportional, integral and differential) controller in the temperature range between
223 K and 473 K.
The pressure inside the cell is measured with two pressure transmitters, one for low pressure
(Keller, PA35X HTC - 5 bar) and another for high pressures (Keller, PA35X HTC - 200 bar).
The temperature at the top and at the bottom of the cell is recorded by two Pt-100 sensors with
an uncertainty of ±0.1 K.
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ROLSI™ IV sampling system
The electromagnetically-controlled ROLSI™ IV sampler injector is an advanced version of
sampling system based on the U.S. Patent number 4,688,436 7. It consists of a capillary of 0.1
mm internal diameter, connecting the equilibrium cell to a micro-chamber where the sample is
swept by the carrier gas of the chromatographic circuit. The ROLSI™ sampler is capable of
withdrawing micro-samples without disturbing the equilibrium conditions in the cell. The
sampler chamber and the lines connecting the equilibrium cell and the gas chromatograph are
heated by an electric resistance system. Figure 3.5 shows the two ROLSiTM valves in the apparatus
(left) and dismounted for maintenance (right).

Figure 3.5: Liquid and Gas sampling ROLSI™ IV.

Gas chromatograph
The composition of the phases is analyzed using gas chromatography (Agilent, model 7890 A).
The chromatograph is equipped with two inlets, one used for manual injection of samples (e.g.
calibration) and the other one is connected to the ROLSITM IV valves. The gas chromatograph is
equipped with a PORAPAK R 80/100 packed column with a stainless steel shell. The
chromatographic bed is made of polydivinylbenzene copolymers. The column is suitable for acid
gas in aqueous amines analysis. Helium or nitrogen can be used as a carrier gas. The gas
chromatograph accommodates two detectors: a thermal conductivity detector (TCD) and a flame
ionization detector (FID).
Vacuum pump
The vacuum pump (Leybold, model TRIVAC D2,5 E) is used to evacuate the system before the
start of a new experiment and after the cleaning process.
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3.3 Experimental Procedure
3.3.1 Overview of the experimental procedure
All the system should be under vacuum conditions for at least one hour before loading the
components. The liquid sample is injected into the reactor using the variable volume pump. Two
different gases can be dosed into the system through the two larger pressure vessels and are mixed
in the smaller mixing vessel (see Figure 3.1(a) and Figure 3.3). From this vessel, the gas is injected
into the reactor, where the liquid has been previously added, until the required overall
composition is reached. The temperature of the equilibrium cell is kept constant by a PID
controller of the chamber. A magnetically powered stirrer inside the reactor enhances the contact
of the two phases, speeding up the time required to reach the equilibrium pressure. Two ROLSI™
IV valves withdraw samples from the coexisting phases, which are sent to the GC for composition
analysis.
The uncertainty of the temperature measurements is estimated to be within ±0.1 K and the
uncertainty of the pressure measurements is within ±0.02 MPa.
In the following paragraphs, equipment components, valves and instruments will be cited. More
details on their location in the equipment can be found in Figure 3.1 (a) and (b).

3.3.2 Vacuum
The first step of the experimental procedure is to set all the apparatus components and
connections, including the equilibrium cell, the pressure and mixing vessels and tubing
connections, under vacuum conditions for at least one hour to degas and to eliminate any traces
of volatile chemicals.
All valves should be closed before staring the vacuum pump. Then, the valves should be opened,
starting from the ones closer to the vacuum pump until reaching the unit where vacuum is
required. For example, to make vacuum in the equilibrium reactor, first valve VM16 should be
opened and afterwards VM14. Same procedure is followed to evacuate the gas vessels.

3.3.3 Sample preparation
Liquid filling procedure
The liquid filling procedure can be divided in two main parts: the sample preparation and the
sample injections to the system.
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When a single-component liquid or a non-volatile liquid mixture is going to be injected in the
reactor, a 100 cm3 balloon shaped flask, like the one shown in Figure 3.6, is filled with the liquid
and then vacuum is created to degas the sample.
When a mixture is going to be prepared, the following steps are followed:
1. A 100 cm3 balloon shaped flask is degased under vacuum conditions and its empty weight
is determined with a high-precision balance.
2. The flask is filled with one of the liquid components.
3. Its elbow connection is cleaned with ethanol (or any other suitable solvent) and dried
with air to remove any traces of the liquid.
4. The liquid is degased under vacuum conditions.
5. The weight of the flask and the liquid is determined with a high-precision balance.
6. Steps 2-5 are repeated with the rest of the components.

Figure 3.6: Balloon-shaped flask connected to the system prior to the liquid filling.

Once the sample has been prepared, the flask is connected to the equipment, which should be
under vacuum conditions. The liquid is introduced in the system following these steps:
1. The flask is connected to the set up via the valve VM19. The valve is opened to create
vacuum in the flask elbow.
2. The liquid filling part is disconnected from the vacuum pump by closing VM16.
3. VM19 is opened to start filling the pump.
4. The pump is filled up with the solution. VM19 is closed once the pump is loaded.
5. The desired amount to be injected in the reactor is set in the control system, VM14 is
opened and the pump is run at a flow rate of 25 cm3·min-1.
6. Once the solution has been loaded in the reactor, VM14 is closed.
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Gas/vapor filling procedure
Once vacuum is attained in all the gas vessels and pipes, all the valves are closed, and the vacuum
is pump stopped. When two or more gases are going to be mixed in the mixing vessel, steps (3-5)
are followed. If a single component gas or a prepared gas mixture from a cylinder is going to be
used, they can be skipped. The gases should be added from the lower pressure to the higher
pressure to avoid countercurrent gas transfer.
1. The gas cylinder (e.g., CO 2 ) is connected to the equipment through one of the pressure
vessels (e.g., vessel 1).
2. Add the gas to the mixing vessel via valve VM4 (o VM5 for vessel 2). Record
temperature and pressure in mixing vessel when steady.
3. The other gas cylinder (e.g., CH 4 ) is connected to the equipment through one the other
pressure vessel (e.g., vessel 2).Check that pressure in vessel 2 is higher than in the mixing
vessel.
4. Temperature and pressure in vessel 2 and in the mixing vessel are recorder before the
mixing.
5. VM5 is open until the desired pressure is reached. Record temperature and pressure when
steady in both vessel 2 and mixing vessel.
6. Record temperature and pressure in both the mixing vessel and the reactor.
7. The gas is transferred to the reactor via VM12.
8. VM12 is closed and once the pressure and the temperature in the mixing vessel and the
reactor are steady, they are recorded.
The exact number of moles transferred into the reactor can be determined using the ideal gas
equation or the virial equation of state truncated until the second term for high pressure. The
volume of the vessels and the reactor is accurately known, and the pressure and temperature are
recorded before and after adding the gas in the reactor.
When higher absolute pressure is needed, an inert gas such as N 2 can be added to the system
following the same procedure. Before loading a second gas, the gas-dosing system should be
under vacuum conditions for at least half an hour. In this case, it might not be necessary to know
the exact number of moles of the inert gas.

3.3.4 Equilibrium conditions determination
The titanium reactor is a volume-constant cell. Provided that the pressure cannot be controlled
independently from the other variables, temperature is the only adjustable variable. Therefore, the
most convenient experimental procedure is to determine isothermal lines, starting at low
pressures, and increase the pressure step by step by adding more gas, if necessary.
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Based on the Gibbs phase rule (see section 2.4.1), once the gas and the liquid have been loaded in
the reactor (fixed composition), and the temperature has been set, the system tends to equilibrate
by changing the pressure while the gas in being absorbed in the liquid (equalizing the chemical
potential). Eventually, the pressure inside the reactor will remain steady, indicating that the
equilibrium has been attained.
From that moment, the composition of the phases is determined by extracting samples from the
vapor and the liquid phases using the ROLSITM IV valves. The samples are sent to the GC for
chromatographic analysis. The lines between the ROLSITM IV valves and the GC, and the GC
oven should be at such a temperature that the liquid sample vaporizes and the sample for the
vapor phase does not condensate.
The detailed steps for one equilibrium point are:
1. Purge one of the lines between the ROLSITM IV valves and the GC by extracting samples
from the corresponding phase. At least three samples should be purged until two
consistent and repeatable peaks are shown in the GC. The opening time of the valves can
be adjusted so all the peak areas of the chromatograph are significant. If needed,
temperature of the GC and the carrier gas flow can be adjusted to have separate peaks.
2. Once the line is purged, extract at least three samples from the corresponding phase
which produce consistent and repeatable peaks in the G.C. record the temperature and
pressure at the time of the extraction.
3. Repeat points 1 and 2 for the other phase.
For the next point, the overall composition might be changed by injecting more liquid or by
adding more gas, which is usually the preferred option:
4. Check that the pressure on the mixing vessel is higher than in the reactor.
5. Repeat points 6-8 of the 3.3.3.2 Gas/vapor filling procedure section.
6. Repeat points 1-2 of this section.

3.3.5 GC calibration
Calibration of the GC is done by analyzing pure components, so only one large peak is obtained.
Each component has a retention time, or time at which the peak is observed. Knowing the
retention time is important to identify the peak corresponding to each component in a
multicomponent system. The retention time can be adjusted by changing the carrier gas flow or
the GC temperature. By knowing the retention time of all components, these parameters can be
adjusted so overlap of peaks is prevented.
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The calibration curve is obtained by running GC analysis on several well-known mass/volume
samples of pure components injected with micro-syringes as the ones shown in Figure 3.7.
Special gas-tight syringes are used to calibrate gases.

Figure 3.7: Micro-syringes for GC analysis.

1. Clean the needle. Insert the needle into the vial with the sample without touching the
walls of the vial.
2. Take the needle out of the vial and empty it by slowing purging the sample.
3. Repeat step 1 and 2 at least twice.
4. Insert the needle in the vial, and slowly pump a few times to remove any air bubble and
wet the walls.
5. Fill the needle with the sample and remove it from the vial without touching the walls. If
needed, carefully dry the needle with a paper, preventing any sample loss.
6. Insert the needle into the GC septum and instantly inject the sample, and press START.
The last point is the most critical step in the GC analysis. The sample should be injected in a fast,
continuous motion.
Repeat these steps until three consistent areas are obtained for each mass of the sample.

3.3.6 Unloading and cleaning the equipment
Once the equilibrium experiments are completed, the sample has to be unloaded from the
reactor, and the equipment must be thoroughly cleaned so traces of all substances are totally
removed. A careful clean-up and vacuuming is crucial to ensure that no contaminants are present
in the set-up which might disturb the equilibrium measurements of other systems.
1. The reactor is unloaded by first releasing the gas and then evacuating the liquid as follows:
2. VM13 followed by VM21 should be opened to release the gas and decrease the pressure
inside the reactor.
3. The liquid is evacuated from the reactor through valves VM14 and VM17.
4. A carrier gas such as N 2 can be used to further wash way the liquid. VM14 is closed, the
gas is added through VM12 or VM13 until 5-10 bars are achieved inside the reactor.
Then the gas valve is closed and VM14 is opened again.
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5. Switch on the vacuum pump in order to evacuate the gas dosing system and the reactor.
Once the reactor is empty, a suitable solvent (water, ethanol, etc.) is injected in the system to
dissolve the remaining liquid phase in the variable volume pump, the reactor and the lines:
1. Drain any remaining liquid in variable volume pump by closing VM19, opening VM18
and VM17 and running the pump.
2. Attach a balloon flask filled up with the solvent to the valve VM19.
3. Fill completely the variable volume pump with the solvent and drain it through valve
VM17 at least three times.
4. Once the variable volume pump is cleaned, it is again loaded with the solvent.
5. A volume of solvent equivalent to approximately 90% of the reactor capacity (45 cm3) is
injected in the reactor with a flow rate of 20 cm3·min-1 by opening VM18 and VM14.
Check that VM17 and VM19 are closed.
6. The stirrer inside the reactor is set to 600 RPM for 2-3 minutes.
7. Unload the solvent from the reactor by opening valves VM14 and VM17.
8. All the valves should be closed again.
9. Repeat points 5-8 at least three times.
10. A high volatility solvent (e.g., acetone), is injected once in the reactor following the same
procedure.
11. The variable volume pump is completely emptied, and its piston is moved to the filled
position.
Finally, all the liquid injection system and the reactor are connected to the vacuum pump. The
valves should be opened starting from the ones closer to the vacuum pump until reaching the unit
where vacuum is required. All the equipment is left under vacuum conditions at least 2 hours.

3.4 Results
The quality and performance of the new pressure phase equilibrium apparatus were evaluated by
measuring the CO 2 + MCH system. This system is well reported in the literature8 in a wide range
of temperatures and pressures up to 11.5 MPa using the Cailletet apparatus, which is described in
section 4.3. The experimental data obtained in our work were compared with the Cailletet data.
Four isotherms, ranging from 290 to 350 K and pressures up to 4.4 MPa were determined using
the new apparatus described in this work and following the procedure described in the previous
section. The composition (x CO2 ) of the liquid phase was analyzed with the TCD. The
experimental results are presented in Table 3.1. The associated uncertainty of the CO 2
composition was calculated based on the standard deviation of the samples analyzed for each
equilibrium point.
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Table 3.1: Experimental isotherms of the binary system CO 2 + MCH measured with the new apparatus.

T/K

290

P / MPa

x CO2

P / MPa

x CO2

P / MPa

x CO2

P / MPa

x CO2

1.098

0.131 ± 0.008

1.305

0.09 ± 0.027

0.920

0.04 ± 0.016

1.050

0.06 ± 0.014

1.975

0.199 ± 0.039

2.401

0.16 ± 0.018

2.143

0.14 ± 0.026

2.062

0.12 ± 0.013

3.180

0.430 ± 0.047

3.450

0.24 ± 0.003

3.240

0.23 ± 0.046

3.320

0.19 ± 0.011

4.190

0.655 ± 0.037

4.844

0.40 ± 0.034

4.140

0.29 ± 0.002

4.358

0.24 ± 0.018

5.091

0.40 ± 0.002

5.261

0.30 ± 0.018

310

350

330

The four isotherms are graphically compared to the Cailletet data8 in Figure 3.8. The
compositional uncertainty reported for the literature data (± 0.002)9 is smaller than the size of the
symbol in Figure 3.8, so these error bars are not represented. Considering the uncertainty
associated, the obtained results by the new apparatus are in good agreement with the literature
data.

Figure 3.8: Comparison of experimental isotherms of the CO 2 + MCH system measured with the titanium reactor (solid
symbols) and literature data 8 (open symbols) at: , 290 K; , 310 K; , 330 K; and , 350 K.

The main source of uncertainty of this apparatus is the analytical procedure. The calibration of
the gas chromatograph is one of the most challenging steps of the analytical procedure and a
major source of uncertainty. The CO 2 used to calibrate the gas chromatograph was withdrawn
from the gas cylinder through a septum using a gas-tight micro syringe. Although the calibration
was performed in a stable and controlled environment, experimental errors can arise mainly for
low volumes of CO 2 gas. Another reason for the uncertainty of the measurements is that a TCD
was used to analyze the CO 2 composition in the liquid. Despite of being a universal non-
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destructive detector, TCD presents a lower sensitivity compared to other detectors. Some
disadvantages of TCDs is the fact that it detects impurities present in the carrier gas and that it is
highly sensitive to variations in the flow rate.
Analytical methods present a trade-off between accuracy and applicability. As shown in Figure
3.8, the Cailletet apparatus produces highly precise phase equilibrium data, while the results
obtained with the new apparatus exhibits a higher uncertainty. However, the Cailletet apparatus
is mainly suitable for pure and binary systems, where only phase boundaries can be determined.
The new apparatus also allows analytical determination of multi-component systems and tie lines,
which contributes for a higher versatility. Additional advantages of this new apparatus are: (i)
precise injection of liquid sample in the equilibrium cell, (ii) isothermal operation in temperaturecontrolled chamber and prevention of heat losses, (iii) fast, easy and flexible operation, (iv) semiautomatic composition analysis by gas chromatography, and (v) mercury-free apparatus
preventing any mercury leaks into the environment.
The major objective of designing and building the new facility, is the need for experimental phase
equilibrium data on highly corrosive systems (high concentrations of H 2 S and/or CO 2 and the
presence of other corrosive contaminants) by the gas and oil industry. The new facility is able to
handle these corrosive systems, while the mercury containing Cailletet facility cannot handle
systems with sulfur-containing components. Another application of this new apparatus is the
determination of the solubility of medium chain hydrocarbons in aqueous mixtures of
alkanolamines and the effect of additives on their solubility10, which is of main interest for the
local gas industry in the UAE.

3.5 Conclusion
In conclusion, a new static analytic high pressure phase equilibria apparatus has been designed
and tested to withstand highly corrosive systems. The apparatus is made of titanium and alloy
C276 because of their excellent corrosion resistance. Furthermore, the possibility of analytical
determination of diverse multicomponent systems makes this apparatus with a wider range of
application.
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Chapter 4
Effect of additives on the solubility of
carbon dioxide in alkanolamines solutions

ABSTRACT
The use of anti-foaming and corrosion inhibitor agents to prevent foaming and corrosion,
respectively, is widely used in the carbon dioxide (CO 2 ) absorption process using alkanolamines.
However, the effect of these agents on the capacity of the alkanolamine solutions to absorb CO 2 is
unknown. We present a study on the phase equilibria and solubility of CO 2 in mixtures of aqueous
N-methyl-diethanolamine (MDEA) solutions with and without these additives and show how the
liquid phase properties and CO 2 loading capacity is affected.
This chapter is adapted from the following publication: M.T. Mota-Martinez, S. Samdani, A. S. Berrouk, M. C. Kroon, C. J. Peters,
Effect of Additives on the CO 2 Absorption in Aqueous MDEA Solutions, Ind. Eng. Chem. Res 53 (2014) 20032-20035.

Chapter 4 |

4.1 Introduction
Aqueous solutions of alkanolamines have extensively applied for gas sweetening, as discussed in
Chapter 2, after the first patent was awarded in 19311. Since then, several alkanolamine have
been developed. The advantages and disadvantages of the three most common ones, i.e.
monoethanolamine (MEA), diethanolamine (DEA) and N-methyl-diethanolamine (MDEA),
where summarized in Table 2.2. MDEA selectively removes hydrogen sulfide (H 2 S) in the
presence of carbon dioxide (CO 2 )2. Since then, numerous publications have been reported on the
solubility of CO 2 and H 2 S in MDEA3-7.
Gas sweetening with aqueous alkanolamines solutions is very mature process, but operating
problems still frequently occur. The most serious problem of alkanolamine processes is the
corrosion, because it compromises not only operation effectiveness but also safety. In addition to
selecting suitable equipment materials, corrosion inhibitors are often used during operation8.
Foaming is another major issue during operation of an absorption process using alkanolamines.
Several causes for foaming formation have been identified, such as the presence of contaminants
like liquid hydrocarbons, amine degradation products and other process chemicals including
lubricant oil, corrosion inhibitors and suspended particles. Foaming can be prevented by injection
of anti-foaming agents, which are commonly silicones. They are added batch-like to the aqueous
amine solution when needed.
The use of corrosion inhibitors and anti-foaming agents is very common, but their effect on the
CO 2 absorption is not clear and frequently overlooked. In this chapter, the effects on the
absorption of CO 2 in aqueous MDEA (45.0 mass%) solutions by the addition of these agents is
studied from a thermodynamic point of view.

4.2 Materials
The two anti-foaming agents, namely SAG 7133 and VP 5371, were tested. SAG 7133 was
received in an aqueous solution with one part of active component (polydimethylsiloxane) per
nine parts of water (10 mass%), whereas VP 5371 contained two parts of active component
(organic silicone) per eight parts of water (20 mass%). Both anti-foaming agents were further
diluted to 1.0 mass% in water. Therefore, one part of SAG 7133 was added to extra nine parts of
water and one part of the original VP 5371 solution was diluted in nineteen parts of water.
Similar guidelines were followed to prepare the solution with the corrosion inhibitor CRO27005.
The aqueous solution containing one part of active compound (benzotriazole) per nine parts of
water (10 mass%) was further diluted in one part of solution per nineteen parts of water.
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MDEA was added to the samples, so that in all cases 45 parts of the amine were present per 55
parts of water.

4.3 The Cailletet Apparatus
The effects of additives in MDEA were determined using a Cailletet apparatus, which operates
following the synthetic static method (see Section 2.4).
The main part of the Cailletet apparatus is a transparent thick-walled Pyrex glass tube which acts
as high-pressure vessel and equilibrium cell. A well-known amount of the liquid placed inside the
Cailletet tube. Thereafter, the tube is connected to a gas rack. A schematic illustration of tha gas
rack is found in Figure 4.1. The liquid is first thoroughly degassed under high vacuum. A vessel
with calibrated volume is filled with the gas and mercury is used to seal it inside the volume.
Since the pressure and temperature are recorded and the volume is known, the amount of moles
of the gas in the calibrated vessel can be calculated from the virial equation of state truncated in
the second term. Next, mercury is used to push the gas inside the Cailletet tube, sealing the
sample inside it. Mercury is also acting as pressure-transmitter fluid.

Figure 4.1: Schematic representation of the gas-rack.

The Cailletet tube is connected to a hydraulic pressing system. A screw type hand pump is used
to pressurize the mercury column in order to generate the desired pressure in the sample. A deadweight pressure gauge is used to measure the pressure. The temperature of the system is
controlled by a circulating fluid in a jacket surrounding the tube, and it is measured with a
platinum resistance thermometer inserted in the jacket in contact with the liquid and near the top
of the Cailletet tube. A stainless steel ball inside the tube is vertically moved by magnets to
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homogeneously mix the sample. The different components of the Cailletet apparatus are
represented in Figure 4.2.

Figure 4.2: Schematic representation of the Cailletet apparatus: A, autoclave; B, magnets; C, Cailletet tube; D, drain; E,
stirring motor; H, hydraulic pump; Hg, mercury; I, inlet thermostat liquid; L, connection with dead-weight pressure
gauge; M, sample of mercury; Ma, manometers; O, outlet thermostat liquid; Or, oil reservoir; P, closing plug; R, O-rings;
S, silicone rubber stopper; T, mercury trap; Th, glass-thermostat; V, valve.

The Cailletet apparatus can stand pressures up to 15 MPa. The operating temperature are
subjected to the heat-transferring fluid used. Water allows working at a temperature range
between 278 and 368 K; Dow Corning 550 Silicon Oil from 340 up to 450 K; and with ethanol,
from 248 to 313 K.
The uncertainty of the measurements is ±0.005 mole fraction in the composition, ±0.01 K for the
temperature measurements and the accuracy of the pressure gauge is ±0.003 MPa.
The measurement of phase equilibria with the Cailletet equipment is based on visual observation
of the phases and their transitions by adjusting the temperature or the pressure until the
appearance or disappearance of a phase occurs.
The solubility of CO 2 in the amine solution has been determined following the bubble point
pressure method. This method visually observes the disappearance of the CO 2 gas phase by
gradually changing the temperature and/or the pressure of the system.
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4.4 Results and discussion
4.4.1 Solubility of CO2 in MDEA solution
The Cailletet apparatus has been used for numerous phase equilibrium and solubility studies, the
majority of the systems being non-reactive. Although the high accuracy of this apparatus is
unquestionable, the applicability to a reactive system had to be checked. Therefore, the solubility
of CO 2 in a 45 mass% aqueous MDEA solution was determined and compared with literature
data. Four isoplets (lines of constant composition) were measured at four different CO 2 loadings
(α = 0.8, 0.9, 1.0 and 1.5 mole CO 2 per mole pure MDEA). The results for the bubble point
measurements of CO 2 in the 45 % MDEA solution are presented in table 4.1.

Table 4.1: Bubble pressure points of four isopleths (constant α) of CO 2 in a 45 % aqueous MDEA solution.

α =

0.801

T/K

P / MPa

T/K

P / MPa

T/K

P / MPa

T/K

332.87

0.63

313.11

0.51

302.53

0.93

288.74

P / MPa
5.08

337.12

0.78

323.14

0.81

313.02

1.33

294.89

5.97

342.65

1.04

333.03

1.34

323.07

1.96

301.09

6.88

343.02

1.06

343.01

2.21

332.97

2.86

304.56

7.44

353.01

1.76

352.98

3.32

342.99

4.15

362.95

2.80

352.97

5.96

362.84

8.48

0.901

1.001

1.502

The theoretical solubility limit for the absorption of CO 2 in the aqueous solution of MDEA is
one mole of CO 2 per mole of MDEA according to the data and the chemical reaction model
proposed by Jou et al.3:

𝑅3 𝑁 + 𝐻2 𝑂 + 𝐶𝑂2 ⇔ 𝑅3 𝑁𝐻 + + 𝐻𝐻𝑂3−

(4.1)

Figure 4.3 shows that the samples with a CO 2 loading (α) lower than 1.0, i.e. α = 0.901, 0.901
and 1.001, the system presents a vapor-liquid equilibrium (VLE) curve. At higher loading (α =
1.5), only the vapor-liquid-liquid equilibrium (VLLE) was found sample because of being above
the theoretical solubility limit.
The experimental VLLE almost overlaps the pure vapor pressure line of CO 2 9.This means that it
is beyond the solubility limit of CO 2 in the MDEA solution.
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Figure 4.3: Bubble pressure points of CO 2 in 45% MDEA solution at CO 2 loadings of , α = 0.8; , α = 0.9; , α =
1.0; and, , α = 1.5. Closed symbols, VLE; open symbols, VLLE; solid line, VLE of pure CO 2 9.

By fitting the measured isopleths to a third order polynomial function, the isotherms at 343.15 K
and 348.06 K were calculated and compared to literature data3, as shown in Figure 4.4. The data
in literature at 343.15 K3,10 have been used as reference data in handbooks11, although it has been
claimed that the data of Sidi-Boumedine et al.10 are more reproducible, less scattered and more
reliable for modeling12.
The reported values at 348.06 K10 were measured at lower pressures, even below the minimum
pressure of the data measured in our system. Nevertheless, both sets of data clearly follow a
similar trend, i.e. the data we measured with the Cailletet apparatus agree with literature data.

Figure 4.4: Solubility of CO 2 in aqueous MDEA solution at 343.15 K () and 348.06 K (). Solid symbols, this work.
Open symbols, literature data at 343.15 K 3 and 348.06 K 10.
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4.4.2 Effect of additives
The effect of adding anti-foaming agents and corrosion inhibitors on the solubility of CO 2 in
aqueous solutions of MDEA was determined next. Figure 4.5 shows the evolution of the solution
containing any of the anti-foaming agents (SAG 7133 or VP 5371) in the Cailletet tube with
increasing CO 2 pressure.

Figure 4.5: Effect of the CO 2 on the homogeneity of the liquid phase. (a) At low pressure, the CO 2 has not reacted yet.
(b), the pressure is increased and the CO 2 starts reacting. (c), a second liquid phase is observed in the top of the Cailletet
tube, near the CO 2 bubble interface. (d) at high pressure all the CO 2 has reacted and two liquid phases are observed.

At low pressure (Figure 4.5a), most of the CO 2 is in the vapor phase and the liquid is a
homogeneous transparent mixture. As the sample is pressurized (Figure 4.5b), CO 2 starts
dissolving in the liquid solution and a second gel-like liquid phase appears, which becomes more
pronounced at higher pressures (near the bubble point) as shown in Figures 4.5c and 4.5d. Thus,
at the given experimental conditions CO 2 acts as an anti-solvent for both anti-foaming agents,
causing the precipitation of a gel-like silicon-based substance from the liquid phase. Because
antisolvation behavior of pressurized fluids are usually caused by physical interactions, it is
expected that the interaction between CO 2 and the antifoaming agents is of physical nature.
In order to study if it is the interaction of the anti-foaming agent with CO 2 or simply a pressure
effect causing the precipitation, a sample with a loading of 0.1 mole of methane (CH 4 ) per mole
of MDEA in the aqueous solution containing the anti-foaming agent VP5371 was prepared. The
formation of the gel-like phase was not observed at any temperature-pressure condition up to 15
MPa. This proves that the interaction with CO 2 and not the pressure effect prompted the
precipitation of the silicon-based anti-foaming agent.
Precipitate formation did not occur upon addition of the corrosion inhibitor CRO27005 to the
MDEA aqueous + CO 2 solution.
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Table 4.2: Bubble pressure points of α = 0.80 of CO 2 in a 45 % aqueous MDEA solution without and with the additives.

No additive

SAG 7133

VP 5371

CRO27005

T/K

P / MPa

T/K

P / MPa

T/K

P / MPa

T/K

P / MPa

332.87

0.63

332.45

0.70

333.18

0.70

332.99

0.60

337.12

0.78

338.04

0.94

338.22

0.90

343.03

1.01

342.65

1.04

343.16

1.22

343.02

1.15

353.23

1.69

343.02

1.06

353.17

1.96

353.25

1.91

363.22

2.70

353.01

1.76

362.98

3.04

357.82

2.37

362.95

2.80

362.94

2.97

α=

0.801

0.799

0.801

0.801

Measured results for the effect of adding anti-foaming agents and corrosion inhibitors on the
solubility of CO 2 in aqueous MDEA solutions at CO 2 loadings of 0.8 and 1.0 can be found in
the Tables 4.2 and 4.3. Figure 4.6 shows the experimental bubble point pressure with and
without the anti-foaming agents or corrosion inhibitor for solutions of 0.8 and 1.0 CO 2 loading.
Table 4.3: Bubble pressure points of α = 1.00 of CO 2 in a 45 % aqueous MDEA solution without and with the additives.

No additive

SAG 7133

VP 5371

CRO27005

T/K

P / MPa

T/K

P / MPa

T/K

P / MPa

T/K

P / MPa

302.53

0.93

303.07

1.03

303.14

1.02

303.11

0.71

313.02

1.33

313.1

1.48

313.21

1.44

313.23

1.16

323.07

1.96

323.18

2.06

323.06

2.07

323.22

1.72

332.97

2.86

333.16

2.98

328.36

2.49

333.09

2.55

342.99

4.15

343.07

4.29

333.03

2.97

343.22

3.71

352.97

5.96

343.03

4.26

353.13

5.35

362.84

8.48

353.06

6.13

361.09

7.12

362.75

8.57

α=

1.001

1.002

1.001

1.000

It has been found that the addition of any of the anti-foaming agents increases the bubble point
pressure, as shown in Figure 4.7. Consequently, the absorption of CO 2 in the aqueous amine
solution is negatively affected. Based on these data, we estimate that the CO 2 loading in the
amine solution is reduced up to 2% when SAG 7133 is added and 1% when VP 5371 is present
in the solution.
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Figure 4.6: Bubble pressure points of α = 0.80 and α = 1.00 of CO 2 in a 45 % aqueous MDEA solution without the
additive (), and with the additives SAG 7133 (), VP 5371 () and CRO27005 ().

Figure 4.7: Effect of the additives on the bubble pressure of aqueous MDEA solutions. Solid line, α=0.8; dashed line,
α=1.0. Blue line, solution with SAG 7133; red line, solution with VP 5371; green line, solution with CRO27005.

On the other hand, the solubility of CO 2 in the solution seems to be higher in the presence of the
corrosion inhibitor agent CRO27005. Thus, unlike the anti-foaming agents, the corrosion
inhibitor decreased the bubble point pressure and increased the CO 2 absorption.

4.5 Conclusions
The effect of adding the anti-foaming agents SAG 7133 or VP 5371 and the corrosion inhibitor
CRO27005 on the CO 2 absorption capacity of an aqueous MDEA solution (45%), which is
usually overlooked, was found to have an impact on the system. It was established that the
solubility of CO 2 was negatively affected by the addition of both anti-foaming, decreasing the
capability of absorbing CO 2 up to 2%. In addition, at high loadings, CO 2 acts as an anti-solvent
for both anti-foaming agents and causes precipitation of the gel-like and silicon-based active
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agent. This new phase could induce the occurrence of fouling in the absorber. On the other
hand, the addition of the corrosion inhibitor CRO27005 increased the solubility of CO 2 in the
system.
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Chapter 5
1-hexyl-3-methylimidazolium tetracyanoborate:

Physical properties and solubility of CO2

ABSTRACT
The solubility of carbon dioxide (CO 2 ) in the low-viscosity and non-fluorinated ionic liquid, 1hexyl-3-methylimidazolium tetracyanoborate ([hmim][TCB]) has been studied experimentally
using a synthetic method. Bubble point pressures (up to 12.34 MPa) of the system CO 2 +
[hmim][TCB] are reported for CO 2 concentrations ranging from (10.09 to 70.16) mol% and
within a temperature range of (283.56 to 364.04) K. The experimental values of the density, the
viscosity and the surface tension of [hmim][TCB] are also reported. It is found that [hmim][TCB]
shows higher CO 2 absorptive capacity (higher solubility) as well as faster CO 2 mass transfer kinetics
(lower viscosity) than other ionic liquids, and even higher than poly(ethylene glycol) dimethylether.
This chapter is adapted from the following publication: M.T. Mota-Martinez, M. Althuluth, M. C. Kroon, C. J. Peters, Solubility of
carbon dioxide in the low-viscosity ionic liquid 1-hexyl-3-methylimidazolium tetracyanoborate, Fluid Phase Equilib. 332 (2012) 3539.
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5.1 Introduction
In Chapter 2, the advantages of using physical solvents for the removal of acid gas from natural
gas flows were discussed. Ionic liquids have been proposed as alternative solvents for gas
sweetening thanks to their unique properties such as negligible vapor pressure and high thermal
stability up to temperatures about 600K. In the same chapter, an overview of the studies on the
solubility of CO 2 in different ionic liquids was given. CO 2 was found to be highly soluble in
fluorine-based ionic liquids, and therefore, many of the research on CO 2 capture have focused on
this type of ionic liquids. Conversely, they are not chemically stable in moisture air, and even they
might form hydrofluoric acid (HF) at high temperatures1.
New kind of non-viscous and non-fluorinated ionic liquids based on nitrile (-CN) anions have
been reported as a remarkable high CO 2 -affinity ionic liquids2. Among them, the
tetracyanoborate ([TCB-]) anion presented the highest CO 2 solubility. In this chapter, the
physical properties of the low viscosity 1-hexyl-3-methylimidazolium tetracyanoborate
([hmim][TCB]) ionic liquid and the high pressure CO 2 solubility data are investigated. The
chemical structure of [hmim][TCB] is shown in Figure 5.1. These data are of utmost importance
for designing gas separation processes using this promising ionic liquid as physical solvent.

Figure 5.1: Molecular structure of 1-hexyl-3-methylimidazolium tetracyanoborate ([hmim][TCB]).

5.2 Physical properties of [hmim][TCB]
5.2.1 Experimental methods
The [hmim][TCB] ionic liquid was provided by Merck KgaA, Germany, and was used as such.
The only precaution taken was the dry storage under vacuum conditions to avoid any water
uptake by the ionic liquid, because it is known that the properties of ionic liquids are significantly
altered by water uptake3-6. Even though [TCB]-based ionic liquids are hydrophobic7, they can be
hygroscopic8. Therefore, the water content of every sample was measured using Karl-Fischer
moisture analysis for every sample and was less than 381 ppm in all cases.
The density and the dynamic viscosity of [hmim][TCB] was determined at atmospheric pressure
and at temperatures ranging from 293 to 363 K using an Anton Paar SVM 3000 viscosimeter
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with an uncertainty of ±0.0005 g.cm-3 for the density, ± 0.005 mPa·s for the viscosity and ± 0.01
K for the temperature.
The surface tension of the ionic liquid [hmim][TCB] was measured at room temperature with a
Drop Shape analysis System Krüss DSA100 V1.9 using the pendant drop approach. The ionic
liquid is pressed out of a syringe through a needle of known diameter forming a drop. The shape
and the angle formed by the drop is analyzed by the software DSA3 using the Young-Laplace
equation to obtain the surface tension value. The uncertainty of this value is ± 0.3 mJ.m-2.

5.2.2 Results
The density and dynamic viscosity of pure [hmim][TCB] was measured at different temperatures.
Table 5.1 presents the density and viscosity data of [hmim][TCB]. As expected, the density
decreases with increasing temperature. The value of the density of [hmim][TCB] at 293.15 K is
0.9934 g.cm-3. The density which is in good agreement with the values reported by Koller, et al.9,
which were measured applying a vibrating-tube method (Anton Paar, DMA 5000). The deviation
between the two set of data is between 0.04% and 0.08%.
Table 5.1: Experimental values of the density (ρ) and the dynamic viscosity (µ) of [hmim][TCB] as a function of
temperature.

T/K

ρ / g·cm-3 µ / mPa·s

T/K

ρ / g·cm-3

µ / mPa·s

T/K

ρ / g·cm-3 µ / mPa·s

293.15

0.9934

66.608

318.15

0.9756

20.798

343.14

0.9583

9.584

298.15

0.9898

49.800

323.15

0.9721

17.411

348.14

0.9549

8.445

303.15

0.9862

38.921

328.14

0.9686

14.764

353.15

0.9515

7.497

308.15

0.9827

31.036

333.14

0.9652

12.664

358.14

0.9481

6.701

313.15

0.9791

25.200

338.14

0.9617

10.970

363.14

0.9448

6.026

The experimental density data of [hmim][TCB] in this work were fitted in a semi-logarithmic
plot according to the follow equation:
𝑙𝑙(𝜌) = 𝐴 + 𝐵(𝑇 − 273.15)

(5.1)

where ρ is the density in g·cm-3 and T is the temperature in K. For temperatures ranging from
283.15 to 363.15 K, A = 7.610·10-3 and B = -7.169·10-4.
The dynamic viscosity of pure [hmim][TCB] was also measured at different temperatures. A
general expression to analytically calculate the viscosity is10,11:
ln(ν ) = C +

D
T

(5.2)
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where ν is the kinematic viscosity (ν = µ / ρ) of the liquid in mm2.s-1. The fitted values for C and
D in this work for temperatures ranging from 298 to 353 K are C = -7.916 and D = 3512.9.
The density and dynamic viscosity of [hmim][TCB] were compared to those of other ionic
liquids sharing the same cation in Table 5.2, i.e., 1-hexyl-3-met hylimidazolium
hexafluorophosphate

([hmim][PF 6 ])10,

([hmim][BF 4 ])10,

1-hexyl-3-methylimidazolium

([hmim][Tf 2 N]10,
([hmim][eFAP])

12

1-hexyl-3-methylimidazolium

1-hexyl-3-methylimidazolium

tetrafluoroborate

bis(trifluoromethylsulfonyl)amide
tris(pentafluoroethyl)trifluorophosphate

and 1-hexyl-3-methylimidazolium tricyanomethane ([hmim][tcm])13. Their

chemical structures can be found in Table 2.5.
It can be noticed that the density of [hmim][TCB] is only slightly lower than the density of other
ionic liquids with the same cation, while the viscosity of [hmim][TCB] is significantly lower than
that of the other [hmim+]-based ionic liquids,
Table 5.2: Molecular Weight (MW), density (ρ) at 298 K, and dynamic viscosity (µ) at 298 K of various 1-hexyl-3methylimidazolium-based ionic liquids with different anions.

Ionic liquid
[hmim][PF 6 ]
[hmim][BF 4 ]
[hmim][Tf 2 N]
[hmim][eFAP]
[hmim][TCM]
[hmim][TCB]

MW / g.mol -1

ρ / g.cm-3

µ / mPa.s

Ref.

312.24
254.08
447.42
555.30
257.3
282.16

1.293
1.145
1.372
1.557
1.021
0.989

607
102
68
88.2
42.0
49.8

10
10
10
12
13

This work

For example, the viscosity of [hmim][TCB] is one order of magnitude lower compared to that of
[hmim][PF 6 ] and [hmim][BF 4 ], and it is almost half the value compared to that of
[hmim][Tf 2 N], which was chosen by IUPAC as a reference ionic liquid to standardize the
discrepancies in thermodynamic and physicochemical data, including viscosity, of ionic liquids
among different research groups14-16.
The surface tension of pure [hmim][TCB] was measured using the pendant drop method.
According to our measurements, the surface tension of [hmim][TCB] is 41.1 mJ.m-2 at 298.15 K,
which is in good accordance with the value estimated previously with a group contribution model
(41.9 mJ.m-2) 17.
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5.3 Solubility of CO2 in [hmim][TCB]
5.3.1 Experimental
The solubility of CO 2 in [hmim][TCB] was determined using the Cailletet apparatus described
in Chapter 4, following the bubble pressure point method, i.e., by adjusting the temperature or
the pressure until a (liquid + vapor)-to-(liquid) phase transition is visually observed. Water was
used as heat-transferring fluid, so the temperature range was limited to 278 and 368 K. The
uncertainty of the measurements is ±0.005 mole fraction in the composition, ±0.01 K for the
temperature measurements and the accuracy of the pressure gauge is ±0.005 MPa.
The CO 2 used for the measurements was supplied by Hoek Loos, The Netherlands, and had an
ultra-high purity of 99.995%. Within the temperature range of the experiments the ionic liquid
[hmim][TCB] did not show any decomposition or reaction with CO 2 .

5.3.2 Results and discussion
The solubility of CO 2 in the ionic liquid [hmim][TCB] was determined at temperatures ranging
from 283.56 to 364.04 K and pressures up to 12.34 MPa. The results are shown in Table 5.3.
Table 5.3: Experimental bubble-point pressures (p) of the binary CO 2 + [hmim][TCB] system for various molar
composition of CO 2 (x CO2 ) and temperatures (T).

x CO2

T/K

0.1009

288.48
293.72
303.67
303.12
313.20
283.56
293.56
303.81
293.33
303.37
313.42
283.72
293.55
303.72
283.78
293.86
303.86
283.88
293.76
303.79
293.74
303.68

0.2000
0.2518

0.3251

0.4076

0.5007

0.6007

0.7016

p / MPa
0.271
0.298
0.363
0.772
0.935
0.703
0.861
1.038
1.325
1.577
1.849
1.446
1.747
2.095
1.902
2.372
2.895
2.505
3.167
3.932
5.714
7.111

T/K

p / MPa

T/K

p / MPa

313.72
323.78
333.70
323.19
333.11
313.62
323.66
333.67
323.58
333.61
343.62
313.73
323.64
333.70
313.93
323.77
333.94
313.85
323.93
333.89
313.76
323.75

0.429
0.506
0.587
1.108
1.291
1.236
1.453
1.690
2.189
2.560
2.940
2.520
2.989
3.514
3.492
4.134
4.885
4.830
5.857
7.013
8.883
11.086

343.76
353.89
363.88
343.23

0.672
0.763
0.862
1.479

343.63
353.72
363.80
353.65

1.947
2.228
2.510
3.366

343.72
353.68
363.82
343.93
353.84
364.03
343.93
353.85
364.04
328.74

4.057
4.620
5.253
5.680
6.514
7.442
8.297
9.699
11.240
12.336
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From Figure 5.2 it is clear that the bubble point pressures increase when higher temperatures are
used at fixed concentrations (isoplets). This means that the solubility of CO 2 in the ionic liquid
decreases at higher temperatures. When the mole fraction of CO 2 is increased isothermally, the
bubble point pressures increase sharply.

Figure 5.2: Experimentally determined isopleths of the bubble point pressures for several compositions of carbon dioxide
(CO 2 ) in the binary system CO 2 + [hmim][TCB]: ,10.09%; , 25.18%; , 32.51%; , 40.76%; ◄, 50.07%; ,
60.07%; , 70.16%.

This can be easier observed in Figure 5.3, in which the bubble point pressure is plotted against
the mole fraction of CO 2 at fixed temperature or isotherms. For instance, at room temperature
only 0.3 MPa is required to dissolve 10 mol% of CO 2 in [hmim][TCB]. However, the bubble
point pressures rapidly increase with higher concentrations of CO 2 .
As the molar fraction of the gas in the ionic liquid goes beyond 0.6, the slope of the isotherm gets
steeper resulting in enormous incensement of the pressure required to dissolve further the CO 2 .
For example, at 60 mol% of CO 2 the bubble point at 303 K is 3.86 MPa, and at 65 mol%, the
pressure is increased to 4.95 MPa (28% higher). When the concentration is further increased to
70%, the pressure should be increased to 6.98 MPa (41% higher than at 65 mol%) in order to
dissolve the CO 2 in the liquid phase.
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Figure 5.3: Isotherms of the bubble point pressures (p) at several temperatures of the binary system CO 2 +
[hmim][TCB]:, 303 K; , 313 K; , 323 K; , 333K; , 343 K; , 353 K; , 363 K.

This type of phase behavior of CO 2 + ionic liquid systems most likely shows type III phase
behavior according to the classification of Scott and van Konynenburg18. However, this
classification has been the object of controversy in literature. From our point of view, CO 2 +
[hmim][TCB] presents behavior type III, following the same pattern as other ionic liquids
reported in previous publications16,19,20, although type V cannot be discard yet21. This behavior is
commonly found in other CO 2 + ionic liquid systems16,21-27.
The solubility of gases in liquids is frequently expressed in the terms of Henry’s law defined as:
𝑓

𝐻𝑖 (𝑇) ≡ 𝑙𝑙𝑙𝑥𝑖→0 𝑥𝑖

(5.3)

𝑖

where H i is the Henry’s constant of component i in the solvent and f i is its fugacity.
The Henry’s constant are calculated using the Krichevsky-Kasarnovsky equation:
𝑓𝑙

𝑙𝑙 𝑥𝑖 ≈ 𝑙𝑙(𝐻𝑖 ) +
𝑖

𝑠𝑠𝑠
�
𝑣�𝑖∞�𝑃−𝑃𝑠𝑠𝑠𝑠𝑠𝑠𝑠

𝑅𝑅

(5.4)

where l stands for the liquid phase, R is the gas constant (8.314 cm3·MPa·K-1·mol-1), 𝑣𝑖∞ the
𝑠𝑠𝑠
infinite dilution molar volume, and 𝑃𝑠𝑠𝑠𝑠𝑠𝑠𝑠
is the vapor pressure of the solvent.

𝑠𝑠𝑠
The vapor pressure of ionic liquids is negligible and therefore 𝑃𝑠𝑠𝑠𝑠𝑠𝑠𝑠
is assumed to be zero. The

fugacity in the liquid phase can be calculated using the equifugacity property of systems in

equilibrium (see Section 7.2), i.e., the fugacity is equal in all the phases in equilibrium.
Consequently, the fugacity of the liquid phase is equal to that of the vapor phase. Because

[hmim][TCB] does not vaporize, the vapor phase can be considered to be pure CO 2 . The
fugacity of CO 2 is calculated using the virial equation of state:
𝑓

𝐵𝐵

𝑙𝑙 𝑃𝑖 = 𝑅𝑅

(5.5)
| 71

Chapter 5 |

where B is the second virial coefficient. The temperature dependency of B can be expressed as
follows:
𝑇

𝐵(𝑇) = ∑𝑘 𝑎𝑘 � 𝑇0 − 1�

𝑘−1

(5.6)

where T 0 is the reference temperature 298.15 K and a k are component dependents parameters.
The values for CO 2 are presented in Table 5.4.
Table 5.4: Temperature-dependency parameters of the second virial coefficient of CO 2 28 .

CO 2

a1

a2

a3

-127

-288

-118

The Henry’s constant were calculated for temperatures ranging from 293 to 363 K. The values
are presented in Table 5.5.
Table 5.5: Henry's constant for the CO 2 in [hmim][TCB].

T/K

293

303

313

323

333

343

353

363

HCO2 / MPa

2.80

3.34

3.91

4.57

5.27

6.01

6.80

7.62

The logarithm of the Henry’s constants values are plotted in Figure 5.4 as a function of inverse
temperature. They follow a linear relation:
𝐹

𝑙𝑙�𝐻𝑒𝐶𝑂2 � = 𝐸 + 𝑇

being E = 6.124 and F = -1517.1 (R2 = 0.999).

(5.7)

Figure 5.4: Logarithm of Henry's constant of the CO 2 + [hmim][TCB] system as a function of inverse temperature.
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In Figure 5.5, the solubilities of CO 2 in [hmim][TCB] at 333 K are compared to the solubilities
of CO 2 at the same temperature in other ionic liquids sharing the same cation i.e.,
[hmim][PF 6 ]29, [hmim][BF 4 ]19 [hmim][Tf 2 N]16, and [hmim][eFAP]30.

Figure 5.5: Comparison of the isotherms at 333 K for several binary systems consisting of CO 2 + 1-hexyl-3methylimidazolium-based ionic liquids: , [hmim][PF 6 ] + CO 2 ; , [hmim][BF 4 ] + CO 2 19; , [hmim][Tf 2 N] + CO 2 16;
, [hmim][eFAP] + CO 2 30; , [hmim][TCB] + CO 2 (This work).

It can be observed that the solubility of CO 2 in [hmim][TCB] is higher than that in the ionic
liquids [hmim][PF 6 ] and [hmim][BF 4 ], and very similar to the CO 2 solubility in [hmim][Tf 2 N].
However, the most highly fluorinated ionic liquid, [hmim][eFAP], which was reported as one of
the most CO 2 -philic ionic liquids30, still presents a slightly higher CO 2 solubility compared to
[hmim][TCB]. Nevertheless, its higher viscosity (88 mPa.s at 298 K)31 with respect
[hmim][TCB] (49 mPa.s at 298 K) is a great disadvantage towards transport properties of the gas,
and it balances out the higher CO 2 solubility for future applications.

Figure 5.6: Comparison of the Henry’s constant of CO 2 in [hmim][TCB] () and DEPEG32 () as a function of
temperature.
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Furthermore, [hmim][TCB] exhibits lower Henry’s constant for the CO 2 than dimethylether of
poly(ethylene glycol) (DEPEG of Selexol®)32 as shown in Figure 5.6 meaning that the solubility of
CO 2 is higher in [hmim][TCB] than in DEPEG.
Carvalho et al.33 claimed that the solubility of CO 2 in most of the ionic liquids when expressed in
terms of molality (m) do not differ much, and proposed a theoretical common P-m curve.
However, many ionic liquids were not included in their analysis. Ramdin et al.34 proved that the
CO 2 solubility in many ionic liquids, including those with acetate or formate-based cation or
with diverse anions such as [xSO 4 ], [SCN] and even simpler [TFO] or [BF 4 ], do not follow the
trend proposed by Carvalho et al.33.
Their theoretical common curve underestimates the solubility of CO 2 in [hmim][TCB]. As it can
be seen in Figure 5.7, the equation proposed33 predicts bubble pressure points up to 70% higher
than those measured in our work. This is another proof of the remarkable high CO 2 solubility in
[hmim][TCB] as compared to other ionic liquids.

Figure 5.7: Comparison of the isothermal molality of [hmim][TCB] (symbols) with the theoretical common line
proposed by Carvalho et al. 33 (lines) at 303 K ( and solid line), 323 K(  and dashed line), 343 K ( and dotted line)
and 363 K ( and dotted-dashed line).

5.4 Conclusions
The solubility of CO 2 in the new low-viscosity and non-fluorinated ionic liquid [hmim][TCB]
has been determined. Moreover, the density, viscosity and surface tension of pure [hmim][TCB]
have been measured. It is shown that CO 2 has a high solubility in [hmim][TCB], comparable to
the CO 2 solubility in highly fluorinated CO 2 -philic ionic liquids, but that the viscosity and ecotoxicity of [hmim][TCB] are significantly lower. Moreover, [hmim][TCB] exhibits a higher CO 2
solubility than the commercial physical solvent Selexol®. [hmim][TCB] shows good CO 2
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absorptive capacity (high solubility) as well as potential faster CO 2 mass transfer kinetics (lower
viscosity), and is therefore interesting for industrial gas separation applications.
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Chapter 6
Solubility of light hydrocarbons in
1-hexyl-3-methylimidazolium tetracyanoborate

ABSTRACT
To investigate the applicability of ionic liquids for gas sweetening, the solubility of the main
components of natural gas, i.e., methane (CH 4 ), ethane (C 2 H 6 ) and propane (C 3 H 8 ), in 1-hexyl-3methylimidazolium tetracyanoborate ([hmim][TCB]) is investigated in this chapter. The solubility
of CH 4 was found to be almost temperature-independent, and several times lower than CO 2 . The
critical points of C 2 H 6 and C 3 H 8 occur in the experimental temperature-pressure range studied,
resulting in more complex phase diagrams than those of CH 4 + [hmim][TCB] and CO 2 +
[hmim][TCB] (Chapter 5). Not only vapor-liquid, but also liquid-liquid and vapor-liquid-liquid
phase transitions were encountered. The three hydrocarbons presented a lower solubility than CO 2 ,
indicating that [hmim][TCB] is highly selective for CO 2 .
This chapter is adapted from the following publication: M.T. Mota-Martinez, M. Althuluth, A. S. Berrouk, M. C. Kroon, C. J.
Peters, High pressure phase equilibria of binary mixtures of light hydrocarbons in the ionic liquid 1-hexyl-3-methylimidazolium
tetracyanoborate, Fluid Phase Equilib. 362 (2014) 96-101.

Chapter 6 |

6.1 Introduction
While in recent years extensive research has been conducted on the CO 2 solubility in ionic
liquids1, only limited data became available on the solubility of CH 4 in ionic liquids2-8. Solubility
data of other light hydrocarbons, e.g. ethane (C 2 H 6 ) and propane (C 3 H 8 ), in ionic liquids6,9-12 are
even scarcer. This information is of crucial interest for the application of ionic liquids as
alternative solvents for gas sweetening. The higher the solubility of light hydrocarbons in the
ionic liquid, the higher the loss of these valuable compounds in the process. Consequently,
understanding of the high pressure phase behavior of these gases in ionic liquids is of vital
importance for the design of the industrial absorption process.
In Chapter 5, the solubility of CO 2 in the low viscosity ionic liquid 1-hexyl-3methylimidazolium tetracyanoborate ([hmim][TCB]) was presented. This ionic liquid was found
not only to show a low viscosity (49 mPa·s13,14 at 298.15 K), but it also presented a very high
CO 2 affinity. Therefore, [hmim][TCB] was identified to be a promising absorbent for gas
sweetening provided that the solubility of light hydrocarbons in this ionic liquid is low enough.
In this chapter, the phase behavior of CH 4 , C 2 H 6 and C 3 H 8 in the same ionic liquid at near- and
supercritical conditions is analyzed.

6.2 Experimental
The solubility of CH 4 , C 2 H 6 and C 3 H 8 in the ionic liquid [hmim][TCB] was experimentally
determined using a Cailletet apparatus described in section 4.3. Following the same experimental
procedure than in Chapter 5, bubble point measurements were carried out at pressures up to 13
MPa. In this work, water was used as heat-transferring fluid for most of the measurements, i.e.
the temperature range was limited from 278 to 368 K. Only in a few cases silicon oil (Dow
Corning type 550) was used for temperatures up to 390K. The uncertainty of the measurements
is ±0.005 in the mole fraction of the composition, ±0.01 K for the temperature measurements
and the accuracy of the pressure gauge is ±0.005 MPa.
The CH 4 used for the measurements was supplied by Hoek Loos, The Netherlands, and had an
ultra-high purity of 99.995%. The C 2 H 6 and C 3 H 8 were supplied by Linde with a purity of
99.95% for both gases. The ionic liquid [hmim][TCB] was provided by Merck KgaA, Germany,
and was used without further purification. The ionic liquid was stored at 350K and under
vacuum conditions for at least 24 hours prior to the sample preparation. The water content of
each sample was measured using Karl-Fischer moisture analysis. It was established that in all cases
the water content was less than 400 ppm. Within the temperature range of the experiments the
ionic liquid did not show any decomposition or reaction with CH 4 , C 2 H 6 or C 3 H 8 .
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6.3 Results
6.3.1 CH4 + [hmim][TCB]
The phase behavior data of the binary system CH 4 + [hmim][TCB] was experimentally
determined at five different concentrations, ranging from 5.01 mol% to 15.03 mol%. The results
are presented in Table 6.1.
The high pressure bubble point values found for this system are a sign of the low solubility of
CH 4 in [hmim][TCB]. In fact, concentrations higher than 15 mol% require pressures that are
above the pressure limit of the Cailletet apparatus.
Table 6.1: Experimental bubble-point pressures (P) for various concentrations of CH 4 (x CH4 ) and temperatures (T) in the
CH 4 + [hmim][TCB] system.

x CH4

T/K

p / MPa

T/K

p / MPa

0.0501

293.17
303.18
313.15
323.11

2.515
2.600
2.688
2.770

333.18
343.19
353.17
363.18

2.845
2.910
2.965
3.015

0.0747

293.18
303.15
313.16
323.18

3.948
4.086
4.214
4.329

333.11
343.17
353.12
363.15

4.435
4.520
4.605
4.670

0.1002

293.22
303.23
313.22
323.23

5.896
6.062
6.218
6.358

333.13
343.18
353.13
363.14

6.483
6.594
6.679
6.749

0.1249

293.18

7.670

333.15

8.385

303.19
313.13

7.875
8.064

343.12
353.19

8.520
8.634

0.1503

323.15

8.230

363.16

8.724

292.96
303.16
313.13
323.12

10.097
10.297
10.481
10.646

333.16
343.14
353.15
363.12

10.802
10.937
11.048
11.133

Figure 6.1 shows nearly horizontal isopleths, which indicate a weak dependence of the CH 4
solubility on temperature. These isopleths are slightly concave downwards, while the isopleths in
the binary system CO 2 + [hmim][TCB] are clearly concave upwards (see Figure 5.2). This
behavior was also found for other CH 4 + ionic liquid systems15.
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Figure 6.1: Experimentally determined isopleths of the bubble point pressures for several compositions of the binary
system CH 4 + [hmim][TCB] at x CH4 = 0.0501 (), 0.0747 (), 0.1002 (), 0.1249 () and 0.1503 ().

6.3.2 C2H6 + [hmim][TCB] and C3H8 + [hmim][TCB]
Tables 6.2 and 6.3 show the experimental results of the phase behavior for the systems C 2 H 6 +
[hmim][TCB] and C 3 H 8 + [hmim][TCB], respectively. Due to the fact that, compared to CH 4 ,
both C 2 H 6 and C 3 H 8 have critical points within the pressure and temperature ranges studied,
several types of phase transitions were encountered. At low concentrations, only VL transitions
were found for both C 2 H 6 + [hmim][TCB] and C 3 H 8 + [hmim][TCB]. But the systems also
showed a liquid-liquid immiscibility (LL) at moderate concentrations of the hydrocarbon in the
ionic liquid at pressures near and above the respective critical points of the hydrocarbons. In fact,
the second liquid is formed when a vapor phase may still be present, presenting a vapor-liquidliquid (VLL) equilibria.
According to the phase rule (eq. 2.13 in section 2.4.1), a binary system with three coexisting
phases (two liquid phases and one vapor phase in this case) has only one degree of freedom. If the
temperature is set, the pressure and the composition of each phase in the system are fixed. For
this reason, the VLL equilibrium is not a region in the P,T-phase diagram, but it is limited to a
line, the three-phase equilibrium line.
As can be seen in Figure 6.2, the three-phase line VLL in the C 2 H 6 + [hmim][TCB] system
almost coincides with the bubble point curve of pure C 2 H 6 , which was calculated using the
Wagner equation 16. The upper critical endpoint (UCEP) was determined to occur at 305.32 K
and 4.876 MPa, which is within the experimental error of the critical point of pure C 2 H 6
(305.33 K and 4.871 MPa). The same behavior applies for the three-phase line and the UCEP in
the system C 3 H 8 + [hmim][TCB] (Figure 6.3). The UCEP in this system was found to occur at
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369.87 K and 4.252 MPa, while the critical point of pure C 3 H 8 is located at 369.83 K and 4.248
MPa.
Table 6.2: Experimental phase transition points of type liquid-vapor (VL) , liquid-liquid (LL) or liquid-liquid-vapor
(VLL) and the UCEP for the binary system C 2 H 6 + [hmim][TCB] for several concentrations (x C2H6 ).

x C2H6

T/K

p /MPa

type

T/K

p /MPa

type

0.0998

283.07
291.33
303.06
312.85
322.97

0.865
0.990
1.171
1.331
1.491

VL
VL
VL
VL
VL

332.99
343.00
353.06
362.99

1.651
1.816
1.977
2.137

VL
VL
VL
VL

0.1999

282.76

2.141

VL

332.96

4.119

VL

293.08
303.09

2.527
2.902

VL
VL

342.96
353.06

4.534
4.940

VL
VL

312.99
323.02

3.297
3.714

VL
VL

363.87

5.405

VL

0.2507

283.00
293.01
293.24
303.02

2.717
3.382
3.342
3.943

VL
VL
VL
VL

313.02
322.97
333.11
343.01
353.02

4.588
5.269
5.929
6.590
7.215

VL
VL
VL
VL
VL

0.2750

283.18
284.58
290.05
293.02
298.94
302.97

8.552
8.203
6.892
6.597
5.892
5.781

VL
VL
VL
VL
VL
VL

307.90
312.98
323.04
332.96
343.00
353.19
363.11

5.862
6.033
6.793
7.578
8.334
9.064
9.719

LL
LL
LL
LL
LL
LL
LL

0.2814

282.98
287.90
293.06
297.97
302.99
305.24

11.605
10.054
8.462
7.728
7.246
7.131

VL
VL
VL
VL
VL
VL

306.30
312.99
323.04
332.94
343.25
352.79
363.38

7.086
6.982
7.422
8.063
8.868
9.490
10.165

LL
LL
LL
LL
LL
LL
LL

0.2899

295.09
298.27
303.09
307.96
313.04
315.46
320.50

12.858
11.568
10.658
10.023
9.643
9.537
9.417

VL
VL
VL
VL
VL
VL
VL

325.00
329.95
333.05
343.08
352.99
363.24

9.442
9.553
9.667
10.147
10.702
11.303

LL
LL
LL
LL
LL
LL

-

292.98
297.92

3.781
4.201

VLL
VLL

303.14
305.32

4.687
4.878

VLL
UCEP
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Table 6.3 Experimental phase transition points of type liquid-vapor (VL) , liquid-liquid (LL) or liquid-liquid-vapor
(VLL) and the UCEP for the binary system C 3 H 8 + [hmim][TCB] for several concentrations (x C3H 8 ).

xC 3 H 8

T/K

p / MPa

type

T/K

p / MPa

type

0.0996

298.00
302.99
313.01
322.97

0.406
0.445
0.533
0.628

VL
VL
VL
VL

332.98
342.97
353.01
362.98

0.733
0.843
0.964
1.084

VL
VL
VL
VL

0.1513

292.97

0.624

VL

332.95

1.223

VL

303.00
313.03

0.757
0.896

VL
VL

342.98
352.88

1.410
1.605

VL
VL

323.03

1.051

VL

362.97

1.810

VL

283.00
292.98

0.611
0.765

VL
VL

333.00
343.01

1.649
1.940

VL
VL

303.03
312.99

0.950
1.157

VL
VL

352.95
362.96

2.241
2.578

VL
VL

323.00

1.392

VL

289.85

3.301

LL

317.98

1.445

VL

293.05
298.16

2.721
1.940

LL
LL

322.92
333.00

1.600
1.916

VL
VL

302.98
307.08

1.600
1.400

LL
LL

338.01
342.96

2.095
2.270

VL
VL

309.00
312.96

1.350
1.340

LL
VL

353.02
362.97

2.656
3.071

VL
VL

0.2500

325.80
328.58
333.79
337.68
342.88
348.75
352.99
357.17

9.605
8.354
6.503
5.328
4.452
3.747
3.517
3.441

LL
LL
LL
LL
LL
LL
LL
LL

362.94
360.34
366.43
368.80
371.74
378.19
381.07

3.698
3.532
3.903
4.047
4.217
4.607
4.792

LL
LL
VL
VL
VL
VL
VL

0.2719

365.59
367.29
368.47
369.47

11.936
10.960
10.585
10.436

LL
LL
LL
LL

371.05
374.73
379.48
384.46

10.270
10.250
10.936
12.712

LL
VL
VL
VL

-

293.1
303.0
313.0
323.0

0.839
1.079
1.368
1.712

VLL
VLL
VLL
VLL

333.0
343.0
366.6
369.9

2.117
2.583
4.016
4.253

VLL
VLL
VLL
UCEP

0.1914

0.2251
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Figure 6.2: Experimental isopleths of the binary system C 2 H 6 + [hmim][TCB] at x C2H6 = 0.0998 (), 0.1999 (),0.2507
(),0.2750 (),0.2814 (), and 0.2899 (). Filled symbols, VL; Open symbol, LL; Black star (), VLL;
Dotted line (---), pure ethane VL.

From Figures 6.2 and 6.3, it can be observed that above the three-phase line, the isopleths in both
systems show a pressure minimum near the critical temperature of the hydrocarbon. Therefore, a
slope-inversion can be observed with the consequence that also a solubility inversion occurs. For
temperatures above this minimum, a positive slope of the isopleths is found, which is similar to
the bubble point curves at lower concentrations. On the other hand, at lower temperatures the
slope of the isopleths becomes negative, resulting in an increasing hydrocarbon solubility with
temperature. The minimum pressure point of the isoplet is displaced towards higher pressures
and temperatures as the concentration of the hydrocarbon increases.
For the C 3 H 8 + [hmim][TCB] system, it can be noticed from Figure 6.3 that two bubble point
pressure curves (at 22.51 and 25.00 mol%) intercept with the three-phase line at the point where
the phase behavior changes from LL to VL. However, the isopleth at a concentration of 27.19
mol% can be found at much higher pressures and temperatures. In this region, the solubility of
the gas in the ionic liquid hardly increases with increasing pressure, so that a very steep slope in
the solubility curve is obtained.
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Figure 6.3: Experimental isopleths of the binary system C 3 H 8 + [hmim][TCB]. Filled symbols, VL; Open symbol, LL;
Black star(), VLL; Dashed line (---), pure propane VL.

Figure 6.4 shows the experimental VLL of the C 2 H 6 + [hmim][TCB] and C 3 H 8 + [hmim][TCB]
systems and the occurrence of the UCEP in more detail together with the VL curve of both pure
C 2 H 6 and C 3 H 8 . It is evident that the VLL and the pure gas VL overlap. It can be concluded
that in both binary systems the second liquid phase is pure C 2 H 6 and pure C 3 H 8 , respectively. In
other words, [hmim][TCB] does not dissolve in the liquid hydrocarbon phase.

Figure 6.4: Detailed VL curves of pure C 2 H 6 and C 3 H 8 and their critical point (CP) [22] and the experimental VLL
curve and their UCEP of the binary systems C 2 H 6 + [hmim][TCB] and C 3 H 8 + [hmim][TCB].
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6.4 Discussion
6.4.1 Solubility and selectivity
Figure 6.5 shows the comparison between the solubility of CO 2 (see Chapter 5), CH 4 , C 2 H 6
and C 3 H 8 in [hmim][TCB] at three different temperatures. The isotherms have been calculated
by interpolating the experimental isopleths using a quadratic equation.

Figure 6.5: Isotherms for the systems CH 4 +[hmim][TCB] (left in purple), C 2 H 6 +[hmim][TCB] (middle-left in red),
C 3 H 8 + [hmim][TCB] (middle-right in green) and CO 2 +[hmim][TCB], (right, blue) for 313 K (dashed line), 333K
(continuous line) and 363K (dotted line).

For all isotherms, the ionic liquid shows a much larger capacity for CO 2 absorption compared to
CH 4 , as was observed for other ionic liquids before3,4,6,8. For instance, at 333K, 15 mol % of CO 2
could be dissolved in [hmim][TCB] at 0.95MPa. However, in order to dissolve 15 mol% of CH 4
in the same ionic liquid and at the same temperature, the system should be pressurized up to 10.8
MPa. At this pressure, the CO 2 solubility is above 60 mol%. Another observation from Figure
6.5 is that the temperature has a much stronger influence on the CO 2 solubility than on the CH 4
solubility. As the temperature increases, the isotherms of CO 2 significantly move towards the left
hand side of the graph (the CO 2 solubility decreases), whereas the three CH 4 isotherms almost
coincide. The latter is in agreement with the almost horizontal shape of the isopleths in Figure
6.1.
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Additionally, not only the temperature but also the pressure has less influence on the absorption
of CH 4 compared to CO 2 . Steeper CH 4 isotherms indicate that changing the pressure of the
system will have a lower impact on the solubility of CH 4 than on the solubility of CO 2 .
The selectivity S in case of an ideal mixture has been calculated following two methods: (i), as the
ratio between the moles of CO 2 dissolved in 1 mole of [hmim][TCB] at a certain temperature
and pressure over the moles of CH 4 at the same conditions; and (ii), as the quotient between of
the Henry’s constants of CH 4 and CO 2 .
Figure 6.6 shows the results of the first method. It was found that higher pressures and lower
temperatures results in higher selectivity. As discussed in section 6.3.1, the solubility of CH 4 in
[hmim][TCB] is less affected by temperature than the solubility of CO 2 . Therefore, when the
temperature of the system is reduced, the capacity of the ionic liquid to dissolve CO 2 will
increase, as shown in Figure 6.5, while the solubility of CH 4 will remain almost constant,
resulting in higher selectivity. At 323 K and 5 MPa the selectivity is 14.1 mole of CO 2 per mole
of CH 4 , but when the system is at 303K, it increases to 20.2 mole of CO 2 per mole of CH 4 .
Temperature has a much larger impact on the selectivity than pressure, but the effect of the
pressure is not negligible: at 323 K, the selectivity at 2.0 MPa is reduced to 11.1 mole of CO 2
mole CH 4 .

Figure 6.6: Ideal selectivity of CO 2 over CH 4 in [hmim][TCB] as a function of temperature and pressure.

At low pressure, the solubility of light hydrocarbons in [hmim][TCB] increases with the number
of carbon atoms at low pressure, as shown in Figure 6.5. However, at higher pressure a miscibility
switch occurs because C 3 H 8 reaches the immiscibility region at lower composition than C 2 H 6 .
The solubility of C 2 H 6 at 313 K and 5 MPa is 27%, while C 3 H 8 the solubility of C 2 H 6 is 25% .
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Both values higher than the solubility of CH 4 (8.3%), but still they are much lower than the
solubility of CO 2 (62%). The ideal selectivity at this condition is 4.4 mole of CO 2 per mole
C 2 H 6 and 4.9 mole of CO 2 per mole of C 3 H 8 which favors the dissolution of CO 2 over the
hydrocarbons.
The Henry’s constant of CH 4 , C 2 H 6 and C 3 H 8 in [hmim][TCB] have been calculated following
the same procedure than in section 5.3.2. The second virial coefficient (B) of CH 4 , C 2 H 6 and
C 3 H 8 are estimated at several temperatures using Eq (5.6) and the parameters shown in Table
6.4. The Henry’s constant are presented in Table 6.5.
Table 6.4: Temperature-dependency parameters of the second virial coefficient for CH 4 , C 2 H 6 and C 3 H 8 17.

CH 4
C2H 6
C3H 8

a1

a2

a3

a4

-43
-184
-386

-114
-376
-844

-19
-143
-720

-7
-54
-574

Table 6.5: Henry’s constants of CH 4 , C 2 H 6 and C 3 H 8 in [hmim][TCB].

T/ K

CH 4

C2H 6

C3H 8

293
303
313
323
333
343
353
363

45.72
47.45
49.21
50.83
52.31
53.57
54.72
55.72

9.11
10.46
11.80
13.07
14.43
15.84
17.27
18.71

3.67
4.30
5.10
6.00
6.97
7.86
8.80
10.31

The logarithm of Henry’s constant follow a linear trend when plotted against the inverse of
temperature (Eq (5.7)). The values are found in Table 6.6.
Table 6.6: Parameters of Eq 5.7 for the Henry’s constant temperature dependency of CH 4 , C 2 H 6 and C 3 H 8 in
[hmim][TCB].

a
b
R2

CH 4

C2H 6

C3H 8

8.537
-1523.94
0.9999

7.166
-303.45
0.9959

8.129
-1051.49
0.9991

The Henry’s constant of CH 4 is up to 5 times higher than that of C 2 H 6 and up to 12.5 higher
than the Henry’s constant of C 3 H 8 . Comparing these values to those of CO 2 presented in Table
5.5 of the previous chapter, it can be seen that the Henry’s constant of CH 4 is 16.32 times higher
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than that of CO 2 at 293 K, or in other words, the ideal selectivity of CO 2 over CH 4 in
[hmim][TCB] is 16.32. The selectivity decreases rapidly with temperature, as shown in Figure
6.6. At 298.15, it is 15.22 and at 333 K, it drops to 9.93.
The Henry’s constant of C 2 H 6 in [hmim][TCB] is about 3 times higher than that of CO 2 and its
ratio (i.e., ideal selectivity) does not change significantly with temperature. At 293, the selectivity
of C 2 H 6 over CO 2 is 3.23, whereas at 333 K is 2.86. The solubility of C 3 H 8 at low pressures was
found to be very close to that of CO 2 . This fact is reflected in the ratio of their Henry’s constants,
which and approximately invariable over the temperature range with a value of 1.3.
Henry’s constant of CH 4 and C 2 H 6 in tetraethylene-glycol dimethyl ether (TTEGDME), whose
molecular weight is similar to that of Selexol®18, are 38.1 and 5.9 MPa at 298.15 K respectively19.
The Henry’s constant of CH 4 and C 2 H 6 in [hmim][TCB] at the same temperature higher, i.e.
46.8 and 9.97 MPa. This means that [hmim][TCB] dissolves less hydrocarbons that
TTEGDME.
The selectivity of CO 2 over CH 4 in Selexol® is reported to be 1518. It is calculated based on the
ratio of the mole fraction of the component in the vapor phase to its mole fraction in the liquid
phase. The Henry’s constant of CO 2 in TTEGDME is 3.0 at 298.15 K{Henni, 2005 #485}.
Therefore, the selectivity of CO 2 over CH 4 in TTEGDME is 12.7. Both polyethylene glycols
present a lower selectivity than [hmim][TCB] at the same temperature, so the ionic liquid is
favored from this point of view for gas sweetening.

6.4.2 Fluid phase behavior
The temperature and pressure range used to determine the solubility of CH 4 in [hmim][TCB]
provides very limited information about the type of fluid phase behavior for this binary system.
CH 4 is far above its critical point, and only VL phase transitions were found.
Studies at very high pressures of CH 4 + ionic liquid systems show that a solubility inversion with
temperature occurs at high concentration of the gas20. Up to a certain point, the solubility of CH 4
decreases with temperature, as found in this work. But at very high pressure the trend reverses
and the solubility increases at higher temperatures20. This positive temperature dependency was
also found for the binary hydrogen (H 2 ) + ionic liquid system21. H 2 is also a small molecule with
very low critical temperature. The authors assumed that the H 2 + ionic liquid system belongs to
type III according to Scott- van Konynenburg22 and they were able to explain the phase behavior
accordingly based on the negative slope of the critical locus curve.
As discussed before, the CH 4 + [hmim][TCB] system has slightly concave downwards roughlyhorizontal isopleths as if the curve was reaching a maximum. It is obvious that at an inversion of
solubility may happen as well at higher pressures. Following the discussion of the H 2 + ionic
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liquid system 21, we can expect also type III for the CH 4 + [hmim][TCB] system, although any
other type cannot be discarded. This conclusion is in line with the earlier suggestion that Type-III
fluid phase behavior also applies for the binary systems CO 2 + ionic liquids13,23.
In the binary systems C 2 H 6 + [hmim][TCB] and C 3 H 8 + [hmim][TCB] a VLL equilibrium, a
LL equilibrium as well as an UCEP of the identity L 1 =V+L 2 were established. The latter
information limits the possible types of fluid phase behavior to Types III, IV and V. Type V also
requires the presence of a lower critical endpoint (LCEP) with de identity L 1 =L 2 +V, leading to a
VLL three-phase equilibrium with a limited existence in temperature. In both binary systems a
LCEP has not been observed, although it should not be excluded that a LCEP is occurring at
lower temperatures than the limit of the experimental set-up (<273 K) or even hidden by the
occurrence of a solid phase at low temperatures. The absence of a LCEP also makes it most
unlikely that Type IV can be assigned to any of the two binary systems as the high temperature
part of the VLL three-phase equilibrium has the same resemblance as Type V fluid phase
behavior. In conclusion this means that, based on the limited experimental information, most
likely both binary systems belong to Type III fluid phase behavior.
Therefore, we expect that the two binary systems C 2 H 6 + [hmim][TCB] and C 3 H 8 +
[hmim][TCB] belong to Type III as well. Type III has been suggested for the system C 3 H 8 +
triphenylmethane 24, where the system also presented a minimum in pressure above the critical
point of C 3 H 8 . Similar behavior has been found for the system C 2 H 6 + 2-methylnaphthalene 25,
although the authors did not suggested any type of phase diagram.

.
Figure 6.7: Qualitative isotherms and isobars for the systems C 2 H 6 +hmimTCB and C 3 H 8 + hmimTCB. (a), Px section
at T<Tc; (b) Px section at T>Tc; (c), Tx section at P<Pc; (d), Tx section at P>Pc.
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Figure 6.7 shows the qualitative isotherms (a) and (b) and isobars (c) and (d) encountered for the
systems C 2 H 6 + [hmim][TCB] and C 3 H 8 + [hmim][TCB] below the critical point of the gas (a)
and (c) and above it.

6.5 Conclusions
The solubility of CH 4 in the ionic liquid [hmim][TCB] has been found to be nearly temperature
independent and much lower than the solubility of CO 2 in the same ionic liquid. CO 2 /CH 4
ideal selectivity has been estimated to be above 16 mol CO 2 /mol CH 4 from the ratio of their
Henry’s constants at 293 K. At pressures above 6 MPa, it is expected to achieve a higher degree of
separation, being the ideal selectivity nearly 20. The ideal selectivity of CO 2 over C 2 H 6 higher
than 3.3 at 293 K and that of CO 2 over C 3 H 8 is 1.3. [hmim][TCB] selectivity outperforms those
of commercial Selexol® and TTEGDME. This fact makes [hmim][TCB] a potential candidate for
CO 2 separation from natural gas.
Partial liquid-liquid immiscibility has been found in both binary systems C 2 H 6 + [hmim][TCB]
and C 3 H 8 + [hmim][TCB]. The second liquid phase can be considered to be pure condensed gas
as the VLL three-phase equilibrium locus overlaps the vapor pressure curve of pure C 2 H 6 and
C 3 H 8 . A pressure minimum has been found for the isopleths at pressures above the critical point
of the pure gas. This observation supports that we are dealing with Type III fluid phase behavior
according to the Scott-van Konynenburg classification.
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Chapter 7
Modeling the solubility of CO2 in
[hmim][TCB] with PR EoS and GC EoS

ABSTRACT
Two equations of state (EoS) have been used to describe the vapor-liquid equilibria of carbon
dioxide (CO 2 ) in the low viscosity ionic liquid 1-hexyl-3-methylimidazolium tetracyanoborate
([hmim][TCB]) at pressures up to 12 MPa. The first model is the cubic Peng-Robinson (PR) EoS
using both the quadratic van der Waals mixing rules and the free energy model-based WongSandler mixing rules. The second model is the Group Contribution (GC) EoS from SkjoldJorgensen, which combines the advantages of an EoS with those of an activity coefficient model
using a group contribution approach. In both models the parameterization of the ionic liquid is very
challenging. The main reason is the lack of experimental data on pure component vapor pressure
and critical properties due to the negligible volatility and the decomposition of the molecule before
reaching the critical point. This chapter analyzes the different alternatives available for calculating
the pure component parameters of [hmim][TCB] of both PR EoS and GC EoS and discusses how
the accuracy of the models changes with the number of fitted binary interaction parameters. The
results of both EoS are compared and the suitability of both models for different applications is
discussed.
This chapter is adapted from the following publication: M. T. Mota-Martinez, M. C. Kroon, C.J. Peters. Modeling CO 2 Solubility
in an Ionic Liquid: A Comparison between a Cubic and a Group Contribution EoS. J. Supercritical Fluids 101(2015) 54-62.
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7.1 Introduction
The description of solubility of carbon dioxide (CO 2 ) in ionic liquids using thermodynamic
models is fundamental for understanding the complex interactions governing these systems.
Although the use predictive of models capable of describing the systems with the minimum
experimental data is preferred, it has been found that most models fail to predict the phase
behavior at high pressures and they require to fit their parameters to experimental data.
Equations of state (EoS) have been widely applied to model this type of systems. One of the first
works published in the field is the modeling of the CO 2 1 and CHF 3 2 solubility in ionic liquids
using the cubic Peng-Robinson equation of state (PR EoS)3. The PR EoS is simple but yet very
accurate for moderately non-ideal systems. It has been applied to model the solubility of CO 2 in
different ionic liquids, either using the van der Waals mixing rules (vdW MR)4-8, or using mixing
rules based on Gibbs Energy model such as the Wong-Sandler mixing rules (WS MR)9-13.
The Group Contribution equation of state (GC EoS) by Skjold-Jorgensen14,15 was also
successfully applied to model the solubility of CO 2 and other gases in ionic liquids16-18. This
model is based on four theories: (i) the van der Waals EoS, (ii) the Carnahan-Starling expression
for hard spheres, (iii) the Non-Random Two-Liquid (NRTL) model, and (iv) the group
contribution principle. Thus, the GC EoS combines the advantages of an EoS (i.e., applicability
at high pressures and VLE), the power of a Gibbs Excess energy model (NRTL) to describe nonideal liquids, and the flexibility of a group contribution approach.
A more extensive literature review on the modeling of CO 2 in ionic liquids, including other EoS
like the Cubic plus Association model and the Statistical Associating Fluid Theory (SAFT) family
of EoS, can be found elsewhere19,20.
In chapter 5, the phase behavior of CO 2 in the 1-hexyl-3-methylimidazolium tetracyanoborate
([hmim][TCB]) ionic liquid was explored. In this chapter, the advantage of using a cubic EoS or
a more advance one such as GC EoS and their capability to be applied for process design
involving ionic liquids will be discussed on the grounds of simplicity against accuracy. The main
objective is to determine the best procedure to model this highly non-ideal system.

7.2 Thermodynamics of phase equilibrium
By definition, multiple phases are in thermal, mechanical and chemical equilibrium when the
temperature (T) and the pressure (P) are uniform throughout the system and the chemical
potential (μ) of each component is equal in all the phases.
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𝑇 𝐼 = 𝑇 𝐼𝐼 = ⋯ = 𝑇 𝜋

(7.1 a)

𝑃𝐼 = 𝑃𝐼𝐼 = ⋯ = 𝑃𝜋

(7.1 b)

𝜇𝑖𝐼 = 𝜇𝑖𝐼𝐼 = ⋯ = 𝜇𝑖𝜋

(7.1 c)

The chemical potential is an abstract concept. In 1901, Lewis introduced the concept of fugacity
(f i ) which is defined as the pressure at which an ideal gas has the same chemical potential as the
real gas21. It is an effective pressure at non-ideal conditions. Fugacity is a more tangible concept
than chemical potential, and therefore is preferred in chemical engineering.
The fugacity is related to the chemical potential via
𝑓

𝜇𝑖 = 𝜇𝑖0 + 𝑅𝑅 ln 𝑓0𝑖

(7.2 )

𝑖

where μ i 0and f i 0 are the chemical potential and the fugacity at an arbitrary reference state
respectively.
When Eq (7.2) is substituted in Eq (7.1 c),
𝜇𝑖𝐼,0 + 𝑅𝑅 ln

𝑓𝑖𝐼

𝑓𝑖𝐼,0

= 𝜇𝑖𝑖𝑖,0 + 𝑅𝑅 ln

𝑓𝑖𝐼𝐼

𝑓𝑖𝐼𝐼,0

(7.3 )

Considering that the reference state in both phases is the same, the isofugacity equation is
obtained:
𝑓𝑖𝐼 = 𝑓𝑖𝐼𝐼

(7.4 )

The fugacity of component i in a mixture (𝑓̂𝑖 ) related to the composition of the phase I (x i I) and

the pressure via:

𝑓̂𝑖𝐼 = 𝑥𝑖𝐼 𝜑𝑖𝐼 𝑃

(7.5 )

where φ i I is the fugacity coefficient of the component i in the phase I.
Substituting in Eq (7.4):
𝑥𝑖𝐼 𝜑𝑖𝐼 𝑃 = 𝑥𝑖𝐼𝐼 𝜑𝑖𝐼𝐼 𝑃 → 𝑥𝑖𝐼 𝜑𝑖𝐼 = 𝑥𝑖𝐼𝐼 𝜑𝑖𝐼𝐼

(7.6 )

The fugacity coefficient is evaluated using equations of state.
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7.3 Bubble point method
The bubble point method estimates the pressure (or the temperature) at which the first bubble
will appear and its composition (y i ), given the composition of the liquid (x i ) phase and the
temperature (or the pressure). Commonly, for bubble point calculations, Eq (7.6) is expressed as:
𝐹 (𝑃) = ∑𝑖 𝐾𝑖 𝑥𝑖 − 1

(7.7 )

where the K i is the K-factor, which is the coefficient of y i over x i and it is related to the fugacity
coefficients in the vapor phase (φ i v ) and in the liquid phase (φ i l):
𝑦

𝜑𝑙

𝐾𝑖 = 𝑥𝑖 = 𝜑𝑣𝑖
𝑖

(7.8 )

𝑖

Initial guess for P, yi

Evaluate
φil, φiv,

Calculate
Ki

Update
yi

Evaluate
Fi+1, dF

Update
P

No

Is Pnew – Pold < ε ?
Yes
P, yi

Figure 7.1: Flowchart for the bubble pressure point calculation

The pressure which satisfies Eq (7.7) is evaluated by the iterative process shown in Figure 7.1. A
initial pressure and gas phase composition is used to evaluate the fugacity coefficients of the
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phases, e.g., using an equation of state. Then, the K-factor is calculated, and from Eq (7.8), a new
value of gas phase composition is obtained. The value of pressure is updated using Eq (7.7) and
the Newton method:
𝐹(𝑃)

𝑃𝑘+1 = 𝑃𝑘 − 𝑑𝑑(𝑃)/𝑑𝑑

(7.9 )

The derivative of F can be written as:
𝐹(𝑃)
𝑑𝑑

= ∑𝑖 𝐾𝑖 𝑥𝑖

(𝑑 ln 𝐾𝑖 )
𝑑𝑑

= ∑𝑖 𝐾𝑖 𝑧𝑖 �

𝜕 ln 𝜑𝑖𝑙
𝜕𝜕

−

𝜕 ln 𝜑𝑖𝑣
𝜕𝜕

�

(7.10 )

7.4 Particle Swarm Optimization (PSO) algorithm
Besides the mathematical programming methods for optimization, new non-traditional
algorithms, based on biological behaviors, have emerged as popular methods for solving complex
engineering problems. It was first proposed by Kennedy and Eberhart in 199522.
The particle Swarm Optimization (PSO) is based on the behavior of block of birds, school of fish
or a swarm of insects, where the model takes its name, during the search for food.
PSO allows optimizing a problem using a swarm of m number of particles with n dimensions
whose coordinates are the parameters to be optimized. These particles are allowed to move
through the solution space with a certain velocity. Each particle of the swarm records its best
position (P best ) in their pursuit of the food source, or in mathematical terms, of the best objective
function value. The individual particle best is the position where the particle j got the best
function value. The global best (G best ) is the position where the function had the best value
among all particle best. Particles are able to communicate their best position to the swarm, so
they can adjust their position and velocities accordingly. Over several iterations, the particles are
able to find their target. The flowchart of the algorithm is shown in Figure 7.2.
The particle’s position (X j (i)) can be described at iteration i as follows:
𝑋1 (𝑖 ) = �𝑥1,1 (𝑖 ) 𝑥1,2 (𝑖 ) … 𝑥1,𝑘 (𝑖) … 𝑥1,𝑛 (𝑖 )�
𝑋2 (𝑖 ) = �𝑥2,1 (𝑖 ) 𝑥2,2 (𝑖 ) … 𝑥2,𝑘 (𝑖) … 𝑥2,𝑛 (𝑖 )�
⋮
𝑋𝑗 (𝑖 ) = �𝑥𝑗,1 (𝑖 ) 𝑥𝑗,2 (𝑖 ) … 𝑥𝑗,𝑘 (𝑖) … 𝑥𝑗,𝑛 (𝑖 )�
⋮
(
)
(
)
(
�𝑥
𝑋𝑚 𝑖 = 𝑚,1 𝑖 𝑥𝑚,2 𝑖 ) … 𝑥𝑚,𝑘 (𝑖) … 𝑥𝑚,𝑛 (𝑖 )�

(7.11 )

The particle velocity (V j (i)) at the iteration i can be expressed as:
𝑉𝑗 (𝑖 ) = �𝑣𝑗,1 (𝑖 ) 𝑣𝑗,2 (𝑖 ) … 𝑣𝑗,𝑘 (𝑖) … 𝑣𝑗,𝑛 (𝑖 )�

(7.12 )
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The velocity of the particles is updated as follows:

where

𝑉𝑗 (𝑖 + 1) = 𝑤 𝑉𝑗 (𝑖 ) + 𝑐1 𝑟1 �𝑃𝑏𝑏𝑏𝑏 ,𝑗 − 𝑋𝑗 (𝑖 )� + 𝑐2 𝑟2 �𝑃𝑃𝑏𝑏𝑏𝑏 ,𝑗 − 𝑋𝑗 (𝑖 )�

(7.13 )

c 1 and c 2 are cognitive (individual) and social (collective) learning rates
r 1 and r 2 are uniform random numbers in the range of [0,1].
w is a weight or inertia factor introduced by Shi and Eberhart

23

which damps the velocity over

the iterations to improve the search velocity. A large value of w enhances global exploration at the
beginning of the optimization, and a smaller value promotes local search.
𝑤 (𝑖 ) = 𝑤𝑚𝑚𝑚 − �

(𝑤𝑚𝑚𝑚 −𝑤min )
𝑖𝑚𝑚𝑚

�𝑖

(7.14 )

Initial guess for
Xj (i = 1) and Vj (i = 1)
i=1
Evaluate the fitness
for each of the m
particle

Is the current fitness for
each particle the best?

Yes

Update
Pbest(j)

No
No
j = j +1

j=m
Yes
Set Gbest

Update velocity and
positioin

No
j=1
i=i+1

Optimum
conditions
reached?

Yes

Figure 7.2: Flowchart for Particle Swarm Optimization method.

The new particle swarm positions are calculated as:
𝑋𝑗 (𝑖 + 1) = 𝑋𝑗 (𝑖 ) + 𝑉𝑗 (𝑖 + 1)
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7.5 Equations of State
7.5.1 Peng-Robinson
The PR EoS3 is one of the most popular and widely used cubic EoS:
𝑃=

𝑅𝑅

𝑣−𝑏

𝑎·𝛼(𝑇)

− 𝑣(𝑣+𝑏)+𝑏(𝑣−𝑏)

(7.16 )

where P is the pressure, T is the absolute temperature, v is the molar volume, a is the attractive
intermolecular interaction parameter, α(T) is the temperature dependence term of the attractive
interactions, and b is the repulsion parameter.
The parameters a, α(T) and b are component-specific, which can be calculated using the critical
temperature and pressure (T c and P c ) and the acentric factor (ω):
𝑎=
𝑏=

0.45724(𝑅𝑇𝑐 )2

(7.17 )

0.07780(𝑅𝑇𝑐 )

(7.18 )

𝑃𝑐

𝑃𝑐

𝛼 (𝑇) = �1 + (0.37464 + 1.54226𝜔 − 0.26992𝜔2 )�1 − 2�𝑇𝑟 ��

2

(7.19 )

The PR EoS can be extended for mixtures using several mixing rules. Two approaches are used in
this work: (i) the one-fluid van der Waals mixing rules (vdW MR), and (ii) the Wong-Sandler
mixing rules (WS MR).
The vdW MR uses quadratic composition dependency for the binary interaction parameters of
the mixture (a m and b m ), the geometric mean rule for the cross-energy (a ij ) and the arithmetic
mean rule for the cross co-volume parameter (b ij ):
𝑎𝑚 = ∑𝑖 ∑𝑗 𝑥𝑖 𝑥𝑗 𝑎𝑖𝑖

𝑎𝑖𝑖 = 2� 𝑎𝑖𝑖 𝑎𝑗𝑗 (1 − 𝑘𝑖𝑖 )
𝑏𝑖𝑖 =

𝑏𝑖𝑖 +𝑏𝑗𝑗
2

𝑏𝑚 = ∑𝑖 ∑𝑗 𝑥𝑖 𝑥𝑗 𝑏𝑖𝑖

�1 − 𝑙𝑖𝑖 �

(7.20 )
(7.21 )
(7.22 )

The WS MR24 was derived by inserting an activity coefficient model and equating it to the excess
Gibbs energy GE of an EoS at infinite pressure:
𝐺𝐸

𝑎

𝑖
𝑎𝑚 = 𝑏𝑚 𝑅𝑅 �𝐶 𝑅𝑅 + ∑𝑖 𝑥𝑖 𝑏 𝑅𝑅
�
𝑖

(7.23 )
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𝑏𝑚 =
�𝑏 −

�𝑅𝑅 ∑𝑖 ∑𝑗 𝑥𝑖 𝑥𝑗 �𝑏−
𝑅𝑅−�

𝑎

𝑎
� �
𝑅𝑅 𝑖𝑖

1

� = ��𝑏 −

𝑅𝑅 𝑖𝑖

(7.24 )

𝑎
𝐺𝐸
+∑𝑖 𝑥𝑖 𝑖 �
𝐶
𝑏𝑖

2

𝑎

� + �𝑏 −

𝑅𝑅 𝑖

𝑎

� � (1 − 𝑘𝑖𝑖 )

𝑅𝑅 𝑗

(7.25 )

where C is EoS-dependent. For PR EoS, C = [ln(√2-1)]/√2=-0.6232324. In most cases, GE is
considered to be approximately equal to the excess Helmholtz free energy AE.

7.5.2 Group contribution
Group contribution models are based on the idea that each molecule can be divided in functional
groups that have a specific contribution to the global property of the component. If it is possible
to isolate and calculate the contribution of each group in a molecule, the value obtained can be
used in any other molecule which contains this same group.
The GC EoS by Skjold-Jorgensen14 is based on the assumption that the residual Helmholtz
energy (AR) is the function of two contributions: a repulsive or free volume term (AR fv ) and an
attractive term (AR att ):
𝑅
𝐴𝑅 = 𝐴𝑓𝑓
+ 𝐴𝑅𝑎𝑎𝑎

(7.26 )

Skjold-Jorgensen used for the free volume term the expression derived by Mansoori and Leland25
from the Carnahan-Starling equation for hard spheres26:
𝐴𝑅

with:

and

�𝑅𝑅 �

𝑓𝑓

= 3�

𝜆1 𝜆2
𝜆3

𝜆3

� (𝑌 − 1) + �𝜆22 � (−𝑌 + 𝑌 2 − ln(𝑌)) + 𝑛 ln(𝑌)
3

𝑘
𝜆𝑘 = ∑𝑁𝑁
𝑗 𝑛𝑗 𝑑𝑗

𝑌 = �1 −

(7.28 )

𝜋𝜆3 −1
6𝑉

(7.27 )

�

(7.29 )

where n is the total number of moles , n i the number of moles of component j, V the total
volume, T the absolute temperature, R the gas constant, d j the hard-sphere diameter for one mole
of species j and NC the number of components.
The hard-sphere diameter d i is assumed to be temperature-dependent and is described by14:
2𝑇

𝑑𝑖 = 1.065655𝑑𝑐 �1 − 0.12 𝑒𝑒𝑒 �− 3𝑇𝑐��
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where d c is the critical diameter.
Attractive energy interactions, as in the UNIFAC equation, are considered to occur through the
surfaces of functional segments rather than through the surfaces of the molecules. The model uses
a density-dependent type of NRTL expression to describe this attractive term of the residual
Helmholtz free energy:
𝐴𝑅

�𝑅𝑅 �

𝑎𝑎𝑎

𝑧

𝑁𝑁 𝑖
𝑁𝑁
= − � � ∑𝑁𝑁
�𝜏𝑘𝑘 ⁄𝑅𝑅𝑅)�∑𝑁𝑁
𝑙 𝜃𝑙 𝜏𝑙𝑙
𝑖 𝑛𝑖 ∑𝑗 𝜈𝑗 𝑞𝑗 ∑𝑘 𝜃𝑘 (𝑔𝑘𝑘 𝑞
2

𝑁𝑁 𝑖
𝑞� = ∑𝑁𝑁
𝑖 𝑛𝑖 ∑𝑗 𝜈𝑗 𝑞𝑗

𝜃𝑗 =

𝑞𝑗
𝑞�

𝑖
∑𝑁𝑁
𝑖 𝑛𝑖 𝜈𝑗

𝜏𝑗𝑗 = exp �

𝛼𝑗𝑗 ∆𝑔𝑗𝑗 𝑞�
𝑅𝑅𝑅

∆𝑔𝑗𝑗 = 𝑔𝑗𝑗 − 𝑔𝑖𝑖

(7.31 )
(7.32 )
(7.33 )

�

(7.34 )
(7.35 )

in which NG is the number of groups, q j is the group surface area of group j, θ j the surface
fraction of group j, νi j the number of groups j in the molecule i, g ji the attractive energy between
groups i and j, and α ij the corresponding non-randomness parameter.
The interactions between unlike groups are defined by:
1

𝑔𝑖𝑖 = 𝑘𝑖𝑖 �𝑔𝑖𝑖 𝑔𝑗𝑗 �2

(7.36 )

where g ii is the pure group attractive energy and k ij is the binary interaction parameter. Their
temperature dependences are described as follows:
∗
′
𝑔𝑗𝑗 = 𝑔𝑗𝑗
�1 + 𝑔𝑗𝑗
�

𝑇

𝑇

′′
− 1� + 𝑔𝑗𝑗
ln � ∗��

(7.37 )

∗
′
𝑘𝑖𝑖 = 𝑘𝑖𝑖
�1 + 𝑘𝑖𝑖
ln � ∗ ��

𝑇

(7.38 )

𝑇𝑖𝑖∗ =

(7.39 )

𝑇𝑖∗+𝑇𝑗∗
2

𝑇𝑗∗

𝑇𝑗

𝑇𝑖𝑖

where T i * is a reference temperature for the group i. It is set equal to the critical temperature for
pure components (that are not split into segments). For all segments, T i * is generally set to 600 K.
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7.6 Parametrization
7.6.1 Critical Properties
Ionic liquids decompose at temperatures much below their critical point, so their critical
properties cannot be experimentally determined and they should be otherwise estimated. Several
approaches have been reported in literature.
One of the first methods was reported by Rebelo et al.27 who estimated the critical temperature of
ionic liquids using the Guggenheim28 and Eötvos29 empirical equations, which relates the surface
tension (γ) with the temperature and by applying the corresponding states principle. The
Guggenheim equation will be used, as it is believed to yield more accurate results28,30.
0

𝑇

𝛾 = 𝛾 �1 − �
𝑇𝑐

11
9

(7.40 )

Although the typical experimental data range of surface tension is at temperatures much below
the hypothetical critical temperature, and concerns about their extrapolation could be raised,
Weiss et al.30 used molecular simulation to obtain surface tension of an ionic liquid at
temperatures up to 800 K and proved that their predicted T c matched the values correlated with
experimental data.
Another popular approach is a group contribution method based on the modified model of
Lydersen-Joback-Reid proposed by Valderrama and Robles31 for ionic liquids. Conveniently, this
method can be used to estimate not only T c , but also P c and ω among other properties and
therefore has been used in multiple works19.
Table 7.1 shows the critical properties of the ionic liquid [hmim][TCB] determined by using
both methods. The surface tension values of the ionic liquid [hmim][TCB] were taken from
literature32. Following the group contribution approach, the ionic liquid was divided into seven
different functional groups: two –CH 3 groups, five –CH 2 – , four –CN, one –B, three =CH-, one
>N– and one =N–. The critical parameters were calculated using the equations and the revised
parameters taken from Valderrama et. al.33.
Table 7.1 Critical properties of [hmim][TCB].

T c / K P c / MPa

ω

Surface tension correlation 32

735.1

-

-

Lydersen-Joback-Reid GC method 33

1276.8

1.697

1.366

Method
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Noticeably, the value obtained using the surface tension correlation (T c = 735.1 K) is about half
the value obtained with Valderrama’s modified Lydersen-Joback-Reid group contribution
method (T c = 1276.8 K). Interestingly, if the values are compared to those of the similar ionic
liquid 1-hexyl-3-methylimidazolium tetrafluoroborate ([hmim][BF 4 ]), whose only difference with
the [hmim][TCB] ionic liquid is the replacement of the fluoride atoms by the cyano (-CN)
groups, we found the opposite trend: the value reported by Valderrama (T c,[hmim][BF4] = 690 K) is,
in this case, lower than the value expected from Rebelo’s approach (T c,[hmim][BF4 ] ≈1100 K) and half
of what molecular simulation with the Gibbs ensemble Monte Carlo predict (T c,[hmim][BF4] = 1218
K )34. Several factors are affecting this discrepancy: (i), the surface tension of ionic liquids has
been found to decrease with increasing the size of the anion35, so the critical temperature of
[hmim][TCB] is expected to be lower than those of [hmim][BF 4 ] when both are calculated using
Eq (7.40). (ii), we consider that the –CN group contribution for the critical temperature of
Valderrama’s work33 (∆T c (-CN) = 0.0506) is too large compared to the contribution of the –F
contribution (∆T c (-F) 0.0228). In fact, the ∆T c (-CN) is the third largest value of group
contribution after the highly polar groups –COOH and -OH. (iii), the uncertainty of the surface
tension values of [hmim][TCB], which were obtained by molecular simulations 32.
In order to resolve which critical temperature should be selected for the EoS, the density (ρ = 1/v)
of pure [hmim][TCB] is calculated using both PR EoS and GC EoS as a function of the critical
temperature. The experimental density values of [hmim][TCB] were presented in Table 5.1. As
shown in Table 7.2, the density is better predicted using the T c obtained from the surface tension
correlation (T c = 735.1 K) than the one obtain by Valderrama’s group contribution (T c = 1276.8
K). This effect is more pronounced for the PR EoS. For this reason, only T c = 735.1 K will be
used
Table 7.2: Comparison of estimated density (ρ) of pure [hmim][TCB] at 298 K and 0.1 MPa as a function of T c and the
thermodynamic model.

Experimental 36

PR EoS

GC EoS

T c,[hmim][TCB] / K

-

1276.8

735.1

1276.8

735.1

ρ [hmim][TCB] / g·cm-3

0.990

0.569

0.964

0.823

0.863

The critical diameter (d c ) can be estimated in three different ways. The first one is using the
critical properties via:
𝑑𝑐 =

1

𝑅𝑇 3
�0.08943 𝑃 𝑐�
𝑐

(7.41 )

This correlation is used in this work to calculate the d c of CO 2 .
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The second option is regressing the value of d c using pure-component vapor pressure data.
However, these data are usually unknown for most ionic liquids because of their negligible
volatility.
The third option is using a correlation like the one of Espinosa et al.37 using the reduced van der
Waals molecular volume (r vdW ) for high molecular weight organic compounds:
log(𝑑𝑐𝑐 ) = 0.4152 + 0.4128 log�𝑟𝑖𝑣𝑣𝑣 �

(7.42 )

This correlation has been successfully applied for ionic liquids16,18,38
The value of r vdW can be calculated with the group contribution method proposed by Bondi39,
dividing the ionic liquid molecule in units as proposed in literature16. A more straight-forward
method to estimate r vdW was proposed by Vera et al.40, who found that the van der Waals volume
is closely proportional to the molar volume at 20ºC (𝜈𝑖,293𝐾 ).

Figure 7.3: Linear relation between the liquid molar volume at 298 K and the reduced van der Waals molecular volume of
1335 substances of different chemical families taken from DIPRR41.

Figure 7.3 shows the relation between r vdW and the molar volume of more than 1300 organic
compounds at 298 K taken from DIPRR41. The linear correlation is evident also at 298 K. The
slope should be divided by the UNIQUAC constant 15.17 to obtain the following equation:
𝑟𝑖𝑣𝑣𝑣 = 0.04 𝜈𝑖,298𝐾
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which has been successfully applied for ionic liquids42,43. Because the density of [hmim][TCB] at
298 K is 0.9898 g·cm-3 (see Table 5.1) and the molecular weight is 282.16 g·mol-1, the r vdW of
[hmim][TCB] is 10.832 cm3·mol-1 (Eq. (7.43)), so d c = 6.955 cm·mol-1 (Eq. (7.42)).

7.6.2 Parameterization of the PR EoS
For comparison purposes, we propose to use a pseudo-reduced temperature proportionality for
the vdW MR similar to Eq. (7.38) used in the GC EoS:
𝑇

𝑘𝑖𝑖 = 𝑘1𝑖𝑖 + 𝑘2𝑖𝑖 ln � ′ �
𝑇

𝑇

𝑙𝑖𝑖 = 𝑙1𝑖𝑖 + 𝑙2𝑖𝑖 ln � ′ �
𝑇

(7.44 )

where T’ is the average critical temperature of components i and j so, T’=0.5*(T c,i + T c,j ).
The NRTL model was used to calculate AE from the WS MR:
𝐺 𝐸𝐸
𝑅𝑅

= ∑𝑖 𝑥𝑖

𝜏𝑗𝑗 =

∆𝑔𝑗𝑗

∑𝑗 𝑥𝑗 exp�−𝛼𝑗𝑗 𝜏𝑗𝑗 �𝜏𝑗𝑗
∑𝑘 𝑥𝑘 exp(−𝛼𝑘𝑘 𝜏𝑘𝑘 )

(7.45 )
(7.46 )

𝑅𝑅

The binary interaction parameter k ij (Eq. (7.25)) for the WS MR is assumed to be independent of
temperature.
The binary interaction parameters for the CO 2 + [hmim][TCB] system (k1 ij , k2 ij , l1 ij and l2 ij of
the PR EoS using the vdW MR and ∆g 12 , ∆g 21 , α12 , and k ij for the WS MR) were fitted to
experimental VLE data36 by minimizing the average absolute relative deviation (AARD) of
pressure:
𝐴𝐴𝐴𝐴(%) =

100
𝑛𝑛

∑

|𝑃𝑒𝑒𝑒 −𝑃𝑐𝑐𝑐|
𝑃𝑒𝑒𝑒

(7.47 )

where np is the total number of points. The PSO algorithm has been used to regress the models’
parameters.

7.6.3 Parameterization of the attractive term of the GC EoS
The parameterization of the attractive term involves splitting large molecules into smaller
functional groups or segments. The [hmim][TCB] molecule is decomposed into three different
functional groups following the methodology developed by Breure et al. 16. as shown in Figure
7.4. The imidazolium ring, which carries the positive charge, is grouped together with the
tetracyanoborate anion in a group we will call mimTCB. In this way, the group is neutrally
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charged. By having a neutral mimTCB group, the need of including an extra Debye–Hückel
term in Eq.(7.26) to account for the electrostatic contributions is averted.

Figure 7.4: Decomposition of [hmim][TCB] into three different functional groups: 1 x CH 3 , 5 x CH 2 and 1 x mimTCB.

The attractive term of the GC EoS assumes that the interactions between the segments occurs
through their surface. The parameter q j is calculated using a group contribution approach as in
UNIFAC 44:
𝑗

𝑞𝑗 = ∑𝑘 𝜈𝑘 𝑞𝑘

(7.48 )

The relation between q k and r k vdW is:
𝑧

𝑙𝑘 = �𝑟𝑘𝑣𝑣𝑣 − 𝑞𝑘 � − (𝑟𝑘𝑣𝑣𝑣 − 1)
2

(7.49 )

If the bulky factor l k is set to 0, and the coordination number z to 10 (which are both common
assumptions), then Eq. (7.49) reduces to:
𝑞𝑘 = 0.8 𝑟𝑘𝑣𝑣𝑣 + 0.2

(7.50 )

Because the rvdW of [hmim][TCB] is known from Eq. (7.43) ( 10.832 cm3·mol-1) , q mimTCB can be
calculated by subtracting the surface area of the alkyl chain from the surface area of the ionic
liquid. The surface areas of the CH 3 and CH 2 (groups are available in literature)14,15.
The reference temperature (T*) for the group mimTCB is set to 600 K16. The number of
parameters to be fitted has been minimized following the strategy proposed previously by Martin
et al. with the GC EoS17,18, i.e. g’’ = 0, and the binary interaction parameters of CH 3 with
mimTCB are assumed to be equal to those of CH 2 with mimTCB. The pure mimTCB group
attractive energy parameters g* and g’ and the binary interaction parameters between the mimTCB
segment and the functional groups CH 3 and CH 2 were estimated by fitting them to available
infinite dilution activity coefficients (γ∞) of n-pentane, n-hexane, n-heptane, n-octane, n-nonane
and n-decane in [hmim][TCB]45 by minimizing:
𝐹𝐹𝐹𝐹 = ∑ �
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2

(7.51 )
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The binary interaction parameters (k ij *, k ij ’ and α ij ) between the CO 2 and the mimTCB group
were fitted to VLE experimental data36 by minimizing the AARD of pressure (Eq. (7.46)) using
the PSO algorithm.
Finally, it should be mentioned that the GC EoS parameters are always fitted using R = 82.05
atm·cm3·mol-1·K-1 following the procedure of Skjold-Jorgensen14.

7.7 Results and Discussion
When a model has multiple parameters, which might also be temperature-dependent, usually the
number of parameters to be fitted are chosen based on experience and/or trial-and-error. Some
works only report one set of parameters. The computational effort of fitting an extra parameter
might not be worth if the result is not significantly improved. On top of that, an additional
parameter in general increases the quality of representing experimental data, but at the same time
it reduces the predictive capability of the equation. In this study, the effect of the number of
fitted parameters on the AARD and the maximum average absolute relative deviation (MaxRD) is
investigated for both the PR EoS and GC EoS.

7.7.1 PR EoS
In total 57 points of VLE data equilibrium data for the CO 2 + [hmim][TCB] system presented in
Table 5.3 were used to correlate 7 different parameter sets for the PR EoS. The temperature
ranged from 280 to 370 K, with pressures up to 12 MPa and compositions as high as 60.10%
CO 2 in [hmim][TCB] were used.
Table 7.3: Binary interaction parameters of the PR EoS with vdW MR for the CO 2 + [hmim][TCB] system. Underscore
values are the selected “best” set of parameters.

Case

k1 ij

k2 ij

l1 ij

l2 ij

AARD

MaxRD

Prediction

0

0

0

0

24.15

52.92

1
2
3
4
5
6
7

-0.037
-0.045
0
0
-0.070
-0.128
-0.133

0
-0.016
0
0
0
-0.112
-0.124

0
0
-0.602
2.400
0.334
0.364
0.408

0
0
0
6.962
0
0
-0.122

12.10
12.08
18.46
16.81
4.99
3.06
3.04

22.77
23.40
45.53
40.92
16.64
10.13
10.75

We studied the convenience of using only the binary interaction parameter for the attractive
interactions (k ij ) or adding the binary interaction parameter for the repulsive parameter (l ij ) and
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their temperature dependencies in the vdW MR (Eq. (7.44)). The results are presented in Table
7.3. The ‘0’s in the table were not fitted, but given this specified (ideal) value. In general, good
agreement between experimental and calculated values is obtained with the PR EoS with vdW
MR. The ‘best’ set of parameters had only an AARD of 3.06%.
In cases 1 and 2, only k ij is fitted, resulting in a moderate accuracy, and in cases 3 and 4, were
only l ij is fitted, are the least accurate. This could be expected, since the main non-ideal
interactions occur in the attractive energy rather than in the free volume, so l ij by its own cannot
describe the VLE of CO 2 in ionic liquids8.
When k ij is used together with l ij (case 5, 6 and 7) the results significantly improve. Case 5, where
both k ij and l ij are chosen to be temperature independent, a satisfactory description of the system
is achieved. This set of parameters is the best from a computational point of view: the model
quantitatively matches the experimental data, and by avoiding the temperature dependence of k ij ,
it prevents carrying over the term in the thermodynamic derivatives with respect to temperature,
i.e., to calculate heat capacities, etc.

Figure 7.5: Isoplets of the CO 2 + [hmim][TCB] system. Symbols: experimental data36 at x CO2 = , 10.09%; , 25.18%;
, 32.51%; , 40.76%; , 50.07%; , 60.07%. Lines, PR EoS with vdW MR; dashed line, k ij = -0.037 (case 1); solid
line, k1 ij = -0.128, k2 ij = -0.112, l ij = 0.364 (case 6).

The best result from an accuracy point of view is case 6, where k ij is temperature-dependent and
l ij is kept constant. It describes the VLE of the CO 2 + [hmim][TCB] system by taking into
account the interaction energy changes with temperature and a temperature-independent free
volume parameter. Case 7 hardly improves the results as found in case 6, but makes it much more
complex and even inconsistent, because a temperature dependent l ij will not fulfill the condition
of thermodynamic consistency46. The graphical comparison between case 1 and case 6 is
110 |
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presented in Figure 7.5, showing that case 1 does not represent the experimental data as
accurately as in case 6.
The binary interaction parameter for the attractive interactions (k ij ) has negative values for all the
parameter sets studied. Negative k ij has been observed in other CO 2 + ionic liquids systems
before4,8,19 and it can be explained by looking at the geometric mean rule (Eq. (7.21)) when k ij
gets negative values it means that the cross interaction is larger than the ideal interaction
calculated by the geometric mean47. This is in line with the strong interactions between the polar
ionic liquid and the quadrupolar CO 2 , and, strictly spoken, with the physical shortcomings of the
PR EoS to describe this kind of systems. The value of k ij becomes more negative with increasing
temperature (negative k2 ij ), meaning that at higher temperatures the limitations of geometric rule
and the PR EoS to describe this system at CO 2 supercritical conditions become more evident.
This trend can be found in other CO 2 + ionic liquid systems6-8,48 , although the authors did not
comment on it.
The value for k ij is, however, very low in spite of the high non-ideality of the system, whereas l ij is
much larger. A large value of l ij can be attributed to highly asymmetrical size of the CO 2 and
ionic liquid molecules4. This is in line with the results of other ionic liquids: average k ij of -0.04
and l ij = 0.64 are reported for CO 2 in 1-ethyl-3-methylimidazolium tris(pentafluoroethyl)trifluorophosphate ([emim][FAP])8, claiming an AARD lower than 3%. Smaller differences
between the two parameters’ values are found in the CO 2 + 1-alkyl-3-methylimidazolium
bis(trifluoromethylsulfonyl)imide ([C n mim][TF 2 N]) systems, where n = 2,4 and 6, where k ij
values between -0.0124 and 0.011 are reported while l ij had values of about 0.060 at
temperatures between 303 K and 343 K and pressures up to 45 MPa 4. Only the
[C 2 mim][TF 2 N] presented negative k ij . Their mean AARD is 10%, which is a reasonable value
considering the high pressures studied and the highly non-ideal behavior at supercritical
conditions of CO 2 . The CO 2 in 1-ethyl-3-methylimidazolium tetrafluoroborate ionic liquid
([emim][BF 4 ]) was also modeled with PR EoS and vdW MR7, reporting large positive k ij values
(from 0.1475 to 0.1059 at temperatures from 303 to 323 K) and negative low l ij value (from
−0.0443 to −0.0644).
Nevertheless, some of these works report temperature-dependent l ij values, which is
thermodynamically inconsistent46 as aforementioned. This problem comes from attempting to fit
the parameters to single isotherms, instead of fitting them to all the data simultaneously, preestablishing a temperature dependency of the parameters when corresponding49.
As explained before, the mean geometric rule in the vdW MR under-predicts the cross term and a
negative k ij is the result. WS MR can be used to overcome this issue, because they are able to
reproduce non-ideal systems over wide ranges of pressures50. The NRTL model was used as excess
Gibbs energy model.
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In the case of PR EoS with WS MR only one set of model parameters (Δg ij , Δg ji , α ij , and k ij ) was
fitted. The optimal values can be found in Table 7.4. The PR EoS exhibit a higher accuracy with
the WS MR (AARD = 2.08%) than with the vdW MR (AARD = 3.06%). This is in agreement
with previous works12,13. Only Arce et al.51 report better results for the vdW MR, but they used
the WS MR for the gamma-phi approach, while we used the phi-phi.
Table 7.4: Binary interaction parameters of the PR EoS with the WS MR for the CO 2 + [hmim][TCB] system.

∆g ij
-303.0

∆g ji

α ij

-1075.3

0.2181

AARD
2.08

k ij
0.848

MaxRD
8.06

However, at supercritical pressures, the WS MR exhibit a larger deviation than the vdW MR.
This is expected since the approximation:
𝐸
𝐸
𝐸
𝐺low
P ≈ 𝐴𝑙ow 𝑃 ≈ 𝐴high 𝑃

(7.52 )

is not valid at high pressures for asymmetric system52 such as the CO 2 + ionic liquids

7.7.2 GC EoS
Infinite dilution activity coefficients of n-pentane, n-hexane, n-heptane, n-octane, n-nonane and
n-decane in [hmim][TCB]45 were used to obtain both the pure mimTCB group parameters (g*,
g’) and the binary interaction parameters between the mimTCB and the CH 3 and CH 2
functional groups (k ij *, k ij ’ and α ij ) by optimizing Eq. (7.51). The parameters of the pure group
components are summarized in Table 7.5. The pure CO 2 , CH 3 and CH 2 pure group parameters
were taken from Skjold-Jorgensen15.
Table 7.5: Pure group parameters in the GC EoS.

group

T*/K

q

g*

g'

g'’

CH 3
CH 2
CO 2
mimTCB

600
600
304
600

0.848
0.540
1.261
5.318

316910
356080
531890
521040

-0.9274
-0.8755
-0.5780
-0.8494

0
0
0
0

Ref
15
15
15

This Work

The binary interaction parameters are presented in Table 7.6 (except for the interaction between
mimTCB and CO 2 ). The binary interaction parameters between CH 2 , CH 3 and CO 2 were taken
from literature15. It was found that a temperature-dependent k mimTCB-CH3 (and k mimTCB-CH2 ) is
needed to satisfactorily describe the CO 2 + [hmim][TCB] system with the GC EoS.

112 |

| Modeling the solubility of CO2 in [hmim][TCB] with PR EoS and GC

Following the same procedure as with the PR EoS, several sets of the CO 2 + mimTCB binary
interaction group parameters have been fitted to the same set of 57 experimental VLE points that
were used to correlate the parameters of PR EoS. The results are summarized in Table 7.7 (the
‘0’s and ‘1’ were assigned values, not fitted).
Table 7.6: Binary interaction parameters in the GC EoS (except for the interaction between mimTCB and CO 2 ).

i
CH 3
CH 3
CH 2
mimTCB
mimTCB

j
CH 2
CO 2
CO 2
CH 3
CH 2

k’ ij
1
0.892
0.814
0.583
0.583

k* ij
0
0
0
-0.385
-0.385

α 12
0
3.369
3.369
1.016
1.016

α 21
0
3.369
3.369
1.016
1.016

Ref
15
15
15

This work
This work

In the fully predictive mode (no fitted parameters) the AARD is large, but still lower than the one
obtained with the predictive PR EoS. The accuracy of the model improves significantly when k ij
is fitted (case I). Making k ij temperature-dependent (case II) does not significantly improve the
result. Following the same reasoning as with the PR EoS, the best parameter set from a
computational point of view is case III (underlined in Table 7.7), where k ij is not temperaturedependent and where the non-randomness parameter α ij is considered symmetrical (α ij = α ji ).
Making k ij temperature-dependent (case IV), and making α ij asymmetrical (α ij ≠ α ji ), case V,
does not substantially decrease the AARD.
Table 7.7: Binary interaction parameters of the GC EoS for the CO 2 + [hmim][TCB] system. i refers to CO 2 and j to
mimTCB.

case
Prediction
I
II
III
IV
V

k* ij
1
0.959
0.942
0.911
0.884
0.883

k’ ij
0
0
-0.050
0
-0.081
-0.075

α ij
0
0
0.
7.067
7.251
6.871

α ji
0
0
0
7.067
7.251
9.296

AARD
16.67
6.15
6.06
5.18
5.03
5.00

MaxRD
27.56
12.02
12.66
13.02
10.82
10.85

In all cases, α ij gets a very high value. There is a tendency to find a theoretical meaning for this
parameter, although in most cases it is only a mathematical solution to a highly non-linear
equation like Eq. (7.31), where τ ij , and thus α ij , is present in both the numerator and the
denominator. Nevertheless, the large value of α ij can be attributed to the shortcomings of the
mixing rules to describe these complex systems, with highly asymmetrical molecular volumes and
the presence of intermolecular forces between the mimTCB group and CO 2 .
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Case I and case III are graphically compared in Figure 7.6.

Figure 7.6: Isoplets of the CO 2 + [hmim][TCB] system. Symbols: experimental data36 at x CO2 = , 10.09%; , 25.18%;
, 32.51%; , 40.76%; , 50.07%; , 60.07%. Lines, GC EoS; dashed line, k ij = 0.959 (case I); solid line, k ij = 0.911;
α ij = 7.067 (case III).

For comparison reasons, some of the GC EoS’ binary interaction parameters reported in literature
for CO 2 + ionic liquid systems are presented in Table 7.8, which were adapted from the work of
Bermejo et al.38. The parameters for the [Tf 2 N]-anion based ionic liquids are close to the ideal
value of 1, which are in accordance with the results obtained in this work for the mimTCB group
(case III), whereas the mimBF 4 group presents the lowest value. In the cases where asymmetric
non-random parameters have been reported, the values are very uneven, e.g., large α ij and almost
zero α ji , or α ij negative and α ji positive, showing that not only the interactions are highly nonideal, as aforementioned, but also that the CO 2 molecule’s affinity for the mimTCB group is not
reciprocal.
Table 7.8: Binary interaction parameters of the GC EoS for the CO 2 + ionic liquid systems. Adapted from 38.
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group

k’ ij

k* ij

α 12

α 21

Ref

mimPF 6
mimBF 4
mimNO 3
mimTf 2 N
dmimTf 2 N
mpyrrTf 2 N
mimTCB

0.885
0.601
0.824
0.946
0.9201
0.9781

0
0
0
0.342
0
0

−5.6560
0.471
−0.0033
−2.1820
0
0

0.833
11.068
−0.0033
4.824
0
0

16

0.911

0

7.067

7.067

This work

16
53
42
18
18
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One of the main advantages of a group contribution model is the possibility of using the group
parameters to explore the behavior of other molecules containing those functional groups. In that
respect, the solubility of CO 2 in 1-ethyl-3-methylimidazolium tetracyanoborate ([emim][TCB]),
an ionic liquid with shorter alkyl-chain than [hmim][TCB], is predicted. The critical temperature
has been calculated using Eq. (7.40) and surface tension data from literature54 (T c = 948 K). The
density of [emim][TCB] is 1.03 g·cm-3 55.
Only one isotherm of the CO 2 + [emim][TCB] system, expressed in 0.131 mol·L-1·atm-1 , has
been found in literature55. Figure 7.7 compares this isotherm with the predicted values by the GC
EoS using the parameters regressed for the CO 2 + [hmim][TCB]. The GC EoS is able to
reasonably match the literature data, with an estimated AARD of 15%, which is an acceptable
value given the limited availability of experimental data 55.

Figure 7.7: Isotherm at 298.15 K of the system CO 2 + [emim][TCB]. Solid line: literature data 55, dashed line, this work.

7.7.3 Comparison of PR EoS vs GC EoS
Determining which of the two studied models is more suitable for describing the CO 2 +
[hmim][TCB] system is not straightforward and depends on the level of accuracy required for
each application.
Figure 7.8 and Figure 7.9 present the modeling of the experimental data using the PR EoS with
WS MR, the selected best set of parameters for the PR EoS with vdW MR (case 6 in Table 7.3),
and those of the GC EoS (case III in Table 7.7). The PR EoS matches the experimental data
throughout the temperature-pressure range studied and it can be seen that WS MR exhibit better
results AARD (2.08%) than the vdW MR (AARD = 3.06%), but the difference is not
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significantly large. However, vdW MR is more accurate at supercritical pressures. The GC EoS
(AARD = 5.18%) deviates from experimental data at high pressure as well, but gives very similar
results to those obtained from the PR EoS at low and moderate pressures.

Figure 7.8: Isoplets of the CO 2 + [hmim][TCB] system. Symbols: experimental data [8] at x CO2 = , 10.09%; ,
25.18%; , 32.51%; , 40.76%; , 50.07%; , 60.07%. Dashed line, PR EoS with vdW MR using case 6 set of
parameters; dotted line, PR EoS with WS MR; solid line, GC EoS using case III set of parameters.

When the models are used in a fully predictive mode (without fitting parameters) and when only
one parameter is fitted, the GC EoS is more accurate. However, when two parameters are fitted
(k ij and l ij for PR EoS and k ij and α ij = α ji for the GC EoS), both models give similar results. If
the temperature dependency term of k ij is also fitted (three fitted parameters), the accuracy of the
PR EoS with vdW MR is much higher than that of the GC EoS.
It is evident from Figure 7.8. that the PR EoS is the most reliable EoS when high accuracy is
required, provided that enough data in a broad range of temperatures is available to fit the
parameters. When the model is going to be used for solvent screening or at low pressures, the GC
EoS is advisable, because it describes the solubility of CO 2 by fitting only one parameter.
Furthermore, GC EoS can be used to screen the solubility of the gas in the same ionic liquid
family, as shown in Figure 7.7. The GC EoS is also expected to better describes the physical
properties and the solubility of multicomponent systems compared to the PR EoS. This is based
on the facts that (i) the Carnahan-Starling is used to describe the repulsive term of the GC EoS
and (ii) the attractive term is based on the NRTL model, so the GC EoS represents better the
behavior of the liquid phase.
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Figure 7.9: Isotherms of the CO 2 + [hmim][TCB] system. Symbols: experimental data [8] at , 303 K; , 323 K; ,
343 K; , 363 K. Dashed line, PR EoS with vdW MR using case 6 set of parameters; dotted line, PR EoS with WS MR;
solid line, GC EoS using case III set of parameters.

7.8 Conclusions
The PR EoS and the GC EoS were used to describe the solubility of CO 2 in [hmim][TCB] with
different sets of parameters. Two types of mixing rules were used with the PR EoS, i.e., vdW MR
and WS MR. For the GC EoS modeling, the [hmim][TCB] molecule was divided into three
different functional groups (CH 3 , CH 2 , mimTCB). The mimTCB pure group parameters and its
binary interaction parameters with the groups CH 3 and CH 2 were estimated using infinite
dilution activity coefficient data of six hydrocarbons. Binary ionic liquid-CO 2 interaction
parameters for both the PR EoS and the GC EoS were fitted to 57 experimental data points.
It was found that the PR EoS with the WS MR describe the CO 2 + [hmim][TCB] system more
accurately, but the difference with the vdW MR is not substantial enough to justify the extra
effort of fitting the GE model parameters. The GC EoS was found to predict the system behavior
more accurately when none or only one parameter was fitted.
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Chapter 8
Modeling the solubility of CH4,
C2H6 and C3H8 in [hmim][TCB]

ABSTRACT
In the previous chapter, the carbon dioxide (CO 2 ) + [hmim][TCB] system was modeled using the
Peng-Robinson equation of state and the Group Contribution equation of state. In this chapter, the
same models are applied to describe phase behavior of methane (CH 4 ), ethane (C 2 H 6 ) and propane
(C 3 H 8 ) in [hmim][TCB] to pressures up to 11 MPa. As reported in Chapter 6, the C 2 H 6 +
[hmim][TCB] and C 3 H 8 + [hmim][TCB] systems presented both vapor-liquid equilibria (VLE)
and liquid-liquid equilibria (LLE). Both EoS are assessed for their capability to describe the
complex phase behavior of these binary systems.
This chapter is adapted from the following publication: M.T. Mota-Martinez, M. C. Kroon, C. J. Peters, Modeling the complex
phase behavior of methane, ethane and propane in an ionic liquid up to 11 MPa - a comparison between the PR EoS and the GC
EoS. J. Supercrit. Fluids. 101 (2015) 63-71.
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8.1 Introduction
In comparison with the number of publications reporting the modeling of binary systems
consisting of carbon dioxide (CO 2 ) and ionic liquid1,2, the modeling of the phase behavior of
light hydrocarbons and ionic liquids is very limited. Only a few works have assessed the feasibility
of using equations of state (EoS) for the modeling of these systems.
In one of the earliest studies, a Square Well Chain Fluid (SWCF) EoS was used to correlate the
experimental data of CO 2 , propane (C 3 H 8 ), propylene (C 3 H 6 ) and butane (C 4 H 10 ) in several
ionic liquids3. Cubic EoSs have been the most popular approach to model the solubility of light
hydrocarbons in ionic liquids. For example, the Peng-Robinson4 (PR) EoS and the SoaveRedlich-Kwong5 (SRK) EoS with quadratic van der Waals mixing rules (vdW MR) were used to
model the solubility of CO 2 , ethane (C 2 H 6 ), trifluoromethane (CHF 3 ) and 1,1,1,2tetrafluoroethane (R-134a) in various ionic liquids6. The PR EoS with the vdW MR was recently
applied by our group to model the solubility of CO 2 , methane (CH 4 ), C 2 H 6 , C 3 H 8 and C 4 H 8 in
the

ionic

liquid

1-ethyl-3-methylimidazolium

tris(pentafluoroethyl)trifluorophosphate

([emim][eFAP]) . The modified Peng-Robinson by Stryjek–Vera (PRSV) EoS8, coupled with the
7

Wong-Sandler mixing rules (WS MR)9, was used to model the binary mixtures of CO 2 , C 2 H 6 ,
and CHF 3 with several ionic liquids10. The solubility of CO 2 and CH 4 in ionic liquids was also
modeled with non-cubic EoS, such as an electrolytes extension of the Perturbed-Chain Statistical
Associating Fluid Theory (ePC-SAFT)11,12.
The Group Contribution (GC) EoS by Skjold-Jorgensen13, which was described in Chapter 7,
was successfully applied to model various light hydrocarbon + ionic liquid systems14,15.
In Chapter 6, the phase behavior of binary systems consisting of the 1-hexyl-3-methylimidazolim
tetracyanoborate ([hmim][TCB]) ionic liquid and CH 4 , C 2 H 6 and C 3 H 8 was presented. The
solubility of CH 4 in [hmim][TCB] was found to be almost temperature-independent. More
complex phase behavior was found for the C 2 H 6 + [hmim][TCB] and C 3 H 8 + [hmim][TCB]
system because of the occurrence of the critical points of C 2 H 6 and C 3 H 8 in the temperature and
pressure range studied. Not only vapor-liquid equilibria (VLE), but also liquid-liquid equilibria
(LLE) was encountered.
Following the same strategy than in Chapter 7, several sets of parameters of both PR EoS and GC
EoS are presented for the systems composed of hydrocarbon + ionic liquid The parameters were
fitted to the experimental data reported in Chapter 6 using the Particle Swarm Optimization
(PSO) algorithm described in Chapter 7.
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The performance of a cubic EoS with a more advance GC EoS for modeling these complex phase
diagrams is assessed. In addition, the capacity of both EoS of predicting the LLE when the
parameters are only fitted to VLE is studied.

8.2 Parameters
The critical properties of ionic liquids cannot be experimentally determined because they
decompose before reaching the critical point. In Chapter 7, the critical properties of
[hmim][TCB] were estimated. The critical temperature (T c ), the critical pressure (P c ), the
acentric factor (ω) and the critical diameter (d c ) are summarized in Table 8.1.
Table 8.1: Critical properties of [hmim][TCB].
[hmim][TCB]

Tc / K

P c / MPa

ω

d c / cm3·mol-1

735.1

1.697

1.366

6.955

The pure group component parameter of the GC EoS used in this chapter are summarized in
Table 8.2, where the CH 3 , CH 2 , CH 4 , C 2 H 6 and propane pure group parameters were taken
from literature16. Pure mimTCB group parameters were presented in Chapter 7, where T* was set
to 600 K, q was calculated from the van der Waals radio, g’’ was assumed to be equal to zero, and
g*,g’ and were fitted to infinite dilution activity coefficients17.
Table 8.2: GC EoS pure group parameters.
group

T* / K

q

g*

g'

g'’

Ref.

CH 3

600

0.848

316910.0

-0.9274

0

16

CH 2

600

0.540

356080.0

-0.8755

0.

16

CH 4

190.6

1.160

402440.0

-0.2762

0.0221

16

C2 H6

305.4

1.696

452560.0

-0.3758

0

16

propane

396.8

2.236

436890.0

-0.4630

0

16

mimTCB

600

5.318

521040

-0.8494

0

Chapter 7

8.2.1 Binary interaction parameters
Improving the accuracy of these models is at the expense of the predictability. The temperature
dependency of k ij and the need of fitting extra parameters was investigated for both PR EoS and
GC EoS in each of the three binary systems. The binary interaction parameters were fitted to the
experimental data presented in Chapter 6 by minimizing the average absolute relative deviation
(AARD) between the calculated pressures and the experimental determined bubble points (Eq.
(7.47)).
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The modeling strategy was the following: for PR EoS, a temperature independent k ij (case 1), a
temperature dependent k ij using Eq. (7.44) (case 2), a temperature independent k ij and l ij (case 3)
and a temperature dependent k ij using Eq. (7.44) and l ij (case 4) were correlated to experimental
data; for GC EoS, a temperature independent k ij (case I), a temperature dependent k ij using Eq.
(7.38) (case II), a temperature independent k ij and symmetrical α ij (case III) and a temperature
independent k ij and asymmetrical α ij (case IV) were considered.
The binary interaction parameters between the other pairs were taken from literature16,18 and are
summarized in Table 8.3.
Table 8.3: Binary interaction parameters in the GC EoS (except for the interaction between the mimTCB
and the CH 4 , C 2 H 6 , C 3 H 8 groups).
Ref
i
j
k* ij
k' ij
α 12
α 21
CH 3

CH 2

1

0

0

0

16

CH 3

CH 4

0.998

-0.061

0

0

16

CH 3

C2 H6

0.892

0

0

0

16

CH 3

C3 H8

0.987

0

0

0

16

CH 2

CH 4

0.940

0.056

0

0

16

CH 2

C2 H6

0.814

0

0

0

16

CH 2

C3 H8

0.987

0

0

0

16

mimTCB

CH 3

0.583

-0.385

1.016

1.016

18

mimTCB

CH 2

0.531

-0.385

1.016

1.016

18

8.3 Results and discussion
The binary interaction parameters of the PR EoS and the GC EoS were optimized to describe the
phase equilibria of the binary systems CH 4 + [hmim][TCB], C 2 H 6 + [hmim][TCB] and C 3 H 8 +
[hmim][TCB]19, which were presented in Chapter 6.
The best set of parameters (underlined values in Tables 8.3-8.8) was selected based on the tradeoff between accuracy and predictability of the models.

8.3.1 The CH4 + [hmim][TCB] system
The parameters of both the PR EoS and the GC EoS were fitted to 40 experimental data points
at temperatures from 280 to 370 K, pressures up to 11 MPa and CH 4 mole fractions (x CH4 ) as
high as 15 mole % of CH 4 in [hmim][TCB] presented in Table 6.1.
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The results are presented in Table 8.4 and Table 8.5 for the PR EoS and the GC EoS,
respectively. MaxRD stands for the maximum absolute relative deviation. Figure 8.1 and Figure
8.2 show how the models compare to the experimental isoplets (lines of constant composition).
Table 8.4: Parameters of the PR EoS for the binary system CH 4 + [hmim][TCB].
MaxRD
Case
AARD
k1 ij
k2 ij
l ij
1

0.122

0

0

2.97

7.54

2

0.159

0.096

0

1.95

4.02

3

0.108

0

0.164

2.30

5.96

4

0.139

0.080

0.130

0.84

3.82

Figure 8.1: Isoplets of the CH 4 + [hmim][TCB] system. Symbols: experimental data19 at x CH4 = , 5.02%; , 7.47%;
, 10.02%; , 12.03%; , 15.03%. Lines, PR EoS; dashed line, k ij = 0.122 (case 1); solid line, k1 ij = 0.159, k2 ij = 0.096 (case 2).

Case 1 for the PR EoS (Table 8.4) assumes that k ij is temperature independent and l ij is zero. As
it can be seen in Figure 8.1, when using case 1 set of parameters, the predicted isoplets are nearly
horizontal, while the experimental data are slightly concave downward. By making k ij
temperature dependent (case 2), the PR EoS is able to accurately agree with the experimental
data. Fitting l ij together with temperature-independent k ij (case 3) and with temperaturedependent k ij (case 4) also improves the accuracy of the model compared to case 1. However, case
4 requires much more computational effort for a minimal improvement in accuracy compared to
case 2. For this reason, case 2 has been selected as the best set of parameters. In all cases, the
values of k ij and l ij are not excessively high considering the large density asymmetry between CH 4
and [hmim][TCB].
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The GC EoS is able to predict the solubility of CH 4 in [hmim][TCB] with the same degree of
accuracy as the PR EoS. However, the highly non-ideal interactions between a neutral group like
CH 4 and a polar group like mimTCB are not satisfactory described by only adjusting k* ij (case I
of Table 8.5). As can be seen in Figure 8.2, the GC EoS using k ij = k ij *= 0.737 predicts isoplets
with negative slope at high pressure, while the experimental data present a slightly positive
gradient. When k ij is assumed to be temperature-dependent (case II), the result significantly
improves.
Table 8.5: Parameters of the GC EoS for the binary system CH 4 + [hmim][TCB].
MaxRD
Case
AARD
k* ij
k’ ij
α ij
α ji
11.01
I
0.737
0
0
0
5.43
2.94
II
0.691
-0.309
0
0
1.46
3.71
III
0.534
0
1.399
1.399
1.06
3.12
IV
0.422
0
2.768
-3.665
0.91

Figure 8.2: Isoplets of the CH 4 + [hmim][TCB] system. Symbols: experimental data 19 at at x CH4 = , 5.02%; , 7.47%;
, 10.02%; , 12.03%; , 15.03%. Lines, GC EoS; dashed line, k ij = 0.737 (case I); solid line, k ij = 0.534, α ij = 1.399
(case III).

However, the temperature derivatives become more complicated, making it computationally
more expensive. By optimizing the non-random parameter α ij while keeping the k ij temperatureindependent, the GC EoS also gives better results (case III). Furthermore, the non-symmetrical
interactions are evident by the improvement of the AARD when α ij ≠ α ji (case IV), although the
reduction of the AARD with respect case III is not significantly larger to justify the fitting of an
extra parameter. As it can be seen in Figure 8.2, case III satisfactorily matches the experimental
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data. Therefore, case III is selected. The moderate-high value of α ij is a sign of the highly nonrandom distribution of the molecules.
The GC EoS was used before for modeling the solubility of CH 4 in 1-alkyl-3methylimidazolium
alkyl sulfate ionic liquids15. Similar to our results, a temperature-independent k ij and a
symmetrical non-randomness parameters were also fitted to describe the interactions between the
CH 4 and the [-mim][MeSO 4 ] group.
When comparing our results with other models, we find that generally there is a need of having a
temperature dependent binary interaction parameter for CH 4 + ionic liquids systems using other
models, e.g. PR EoS7, and soft-SAFT20. The solubility of CH 4 in 1-butyl-3-methylimidazolium
tetrafluoroborate ([bmim][BF 4 ]) was quantitatively predicted (without fitting any binary
interaction parameter) using the ePC-SAFT equation, but only qualitatively agreement was found
for 1-butyl-3-methylimidazolium bis(trifluoromethylsulfonyl)imide ([bmim][TF 2 N]) and 1hexyl-3-methylimidazolium bis(trifluoromethylsulfonyl)imide ([hmim][TF 2 N]), so the size
binary interaction parameter was also needed12.

8.3.2 The C2H6 + [hmim][TCB] system
The critical point of C 2 H 6 (T c,ethane = 305.3 K, P c,ethane = 4.87 MPa) falls within the range of
temperatures and pressures studied. This makes the phase diagram of the C 2 H 6 + [hmim][TCB]
system more complex, showing both VLE and LLE regions19.
The parameters of both the PR EoS and the GC EoS were fitted to 66 VLE and LLE
experimental data from Table 6.2 at C 2 H 6 mole fractions (x C2H6 ) up to 29 mole % of C 2 H 6 in
[hmim][TCB], temperatures ranging from 280 to 370 K and pressures up to 11 MPa.
Table 8.6: Parameters of the PR EoS for the binary system C 2 H 6 + [hmim][TCB].
MaxRD
Case
AARD
k1 i
k2 ij
l ij
1

0.130

0

0

14.77

53.51

2

0.182

0.093

0

4.82

13.78

3

0.089

0

0.292

11.40

27.87

4

0.158

0.080

0.129

3.14

9.93
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Figure 8.3: Isoplets of the C 2 H 6 + [hmim][TCB] system. Symbols: experimental data 19 at x C2H6 = , 9.98%; ,
19.99%; , 25.07%; , 27.50%; , 28.14%;, 29.00%. Lines, PR EoS; dashed line, k ij = 0.130 (case 1); solid line,

k1 ij = 0.158, k2 ij = 0.080, l ij = 0.129 (case 4).

The optimized parameters of the PR EoS are presented in Table 8.6. The AARD drastically
improves from case 1 to case 2 and from case 3 to case 4, showing that k ij is highly dependent on
the temperature. It is also evident that correcting the co-volume by fitting l ij (case 3 and 4) is also
required. Therefore, the best parameter set for the PR EoS is case 4. Case 1 and case 4 are
compared in Figure 8.3. Case 1 is able to qualitatively predict the concave upwards trend of the
system pressures near and above the critical point of C 2 H 6 , but it significantly deviates from the
experimental data. Case 4 quantitatively describes the experimental data, both at sub- and
supercritical pressures.
Table 8.7 presents the four optimized sets of parameters for the C 2 H 6 + [hmim][TCB] system
using the GC EoS. Similar to the PR EoS, the GC EoS is able to predict the existence of LLE,
but it does not match the experimental data when only k ij is fitted (case I), even when k ij is
assumed to be temperature-dependent (case II). The randomness parameter α ij is needed to
describe the LLE of the C 2 H 6 + [hmim][TCB]. AARD remarkably drops from 25.81% in case I
to 3.78% in case III. It even drops further when an asymmetrical α ij is assumed (case IV).
However, as stated in the Section 8.3.1 for the CH 4 + [hmim][TCB] system, the improvement of
the AARD with the asymmetrical α ij does not compensate the extra computational effort of
fitting an extra parameter. Hence, case III is selected. The moderate-high values of α ij confirm the
non-randomness of the system.
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Table 8.7: Parameters of the GC EoS for the binary system C 2 H 6 + [hmim][TCB].
MaxRD
Case
AARD
k* ij
k’ ij
α ij
α ji
67.85
I
0.745
0
0
0
25.81
99.51
II
0.832
-0.858
0
0
18.67
10.27
III
0.577
0
1.907
1.907
3.78
8.94
IV
0.526
0
2.927
-0.801
3.10

Figure 8.4 compares case I and case III sets of parameters using the GC EoS for the C 2 H 6 +
[hmim][TCB] system. It clearly shows that case I predicts a much steeper LLE isoplet and a lower
minimum than the experimental data. Case III, on the contrary, satisfactorily matches the
experimental isoplets, even at supercritical pressures.
The GC EoS was used in another work before15 to model the solubility of C 2 H 6 in 1-ethyl-3methylimidazolium ethylsulfate [emim][EtSO 4 ] to pressures up to 4 MPa. In that case, only k ij *
was fitted, but large deviation were found (34%), which backs our conclusions regarding the need
of fitting not only k ij but also the non-randomness parameter.

Figure 8.4: Isoplets of the C 2 H 6 + [hmim][TCB] system. Symbols: experimental data

19

at x C2H6 = , 9.98%; ,

19.99%; , 25.07%; , 27.50%; , 28.14%;, 29.00%. Lines, GC EoS; dashed line, k ij = 0.130 (case I); solid line, k ij
= 0.577, α ij = 1.907 (case III).

8.3.3 The C3H8 + [hmim][TCB] system
The critical point of C 3 H 8 (T c,propane = 369.8 K, P c,propane = 4.25 MPa) is within the studied range of
conditions. Therefore, similar to the C 2 H 6 + [hmim][TCB] system, the C 3 H 8 + [hmim][TCB]
phase diagram presents not only VLE but also LLE at supercritical pressures. The parameters
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were fitted to 54 VLE and LLE experimental points at temperatures ranging from 280 to 385 K
and pressures up to 10 MPa with a maximum C 3 H 8 mole fraction of 25 mole % of C 3 H 8 (x C3H8 )
in [hmim][TCB]19, which can be found in Table 6.3.
Table 8.8: Parameters of the PR EoS for the binary system C 3 H 8 + [hmim][TCB].
MaxRD
Case
AARD
k1 ij
k2 ij
l ij
1

0.124

0

0

26.61

83.61

2

0.225

0.157

0

6.21

50.88

3

0.134

0

-0.113

26.45

83.95

4

0.206

0.140

0.092

5.51

51.00

The results for the PR EoS are presented in Table 8.8. The temperature dependence of k ij is
evident: AARD drops from 26.61% to 6.21% (case 1 and case 2) and from 26.45% to 5.51%
(case 3 and case 4) when k2 ij is optimized. Figure 8.5 shows that, if only k ij is optimized (dashed
line), the PR EoS predicts an almost vertical LLE, while experimental data show a much
smoother curve. The model most accurately predicts the system’s behavior when k ij is
temperature dependent and when l ij is used (case 4), which is considered to be the best case.

Figure 8.5: Isoplets of the C 3 H 8 + [hmim][TCB] system. Symbols: experimental data

19

at x C3H8 = , 9.96%; ,

15.13%; , 19.14%; , 22.51%; , 25.00%. Lines, PR EoS; dashed line, k ij = 0.124 (case 1); solid line, k1 ij = 0.206,
k2 ij = 0.140, l ij = 0.092 (case 4).

The optimized sets of parameters for the GC EoS are presented in Table 8.9. Optimizing only k ij
(case I), even when it is temperature-dependent (case II), is not sufficient to describe the LLE,
although it qualitatively predicts its occurrence. As it was discussed for the system with C 2 H 6 , the
system presents a very non-random packing of the molecules, and by taking it into account (case
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III and case IV), the model is able to fit the experimental data. Case III (symmetrical nonrandomness parameter) is simpler than case IV, but shows almost similar accuracy, and is
therefore selected as the best case.
Figure 8.6 shows how the accuracy of the GC EoS improves from case I to case III set of
parameters.
Table 8.9: Parameters of the GC EoS for the binary system C 3 H 8 + [hmim][TCB].
MaxRD
Case
AARD
α ij
α ji
k* ij
k’ ij
85.06
I
0.755
0
0
0
31.94
65.71
II
0.835
-0.028
0
0
29.51
49.77
III
0.524
0
2.458
2.458
5.71
49.76
IV
0.529
0
2.355
2.774
5.64

When a SWCF model was previously used to correlate the experimental data of the C 3 H 8 in
[bmim][Tf 2 N]3, a temperature dependent parameter was also required.

Figure 8.6: Isoplets of the C 3 H 8 + [hmim][TCB] system. Symbols: experimental data19 at x C3H8 = , 9.96%; , 15.13%;
, 19.14%; , 22.51%; , 25.00%. Lines, GC EoS; dashed line, k ij = 0.755 (case I); solid line, k ij = 0.524, α ij = 2.458
(case III).

8.3.4 Predictability of the LLE
In the Sections 4.2 and 4.3, experimental VLE and LLE data of the systems C 2 H 6 +
[hmim][TCB] and C 3 H 8 + [hmim][TCB] were used to fit the parameters of both the PR EoS
and the GC EoS.
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Most of the experimental solubility data of C 2 H 6 and C 3 H 8 in ionic liquids in literature have
been measured at pressures below the critical pressure of the gas21-24, so they only report VLE
data. In this section, we analyze the capacity of both EoS to predict the occurrence of LLE when
only VLE data are available. Therefore, the parameters of both EoS for the systems C 2 H 6 +
[hmim][TCB] and C 3 H 8 + [hmim][TCB] were refitted only to the three lower-concentration
isoplets, where only VLE occurs. Afterwards, these parameters were used to predict the other
isoplets at near- and supercritical pressures, where the LLE occurs.
In total 27 experimental VLE points of the binary system C 2 H 6 + [hmim][TCB] were used to fit
the model parameters. Table 8.10 shows the new parameters for the PR EoS and the GC EoS
together with the AARD and the MaxRD of (i) 27 VLE fitted points,(ii) the predicted 39 high
pressure points, (iii) all the 66 points. In all cases, the parameters values were found to be close to
those obtained when all the data points were used (See Table 8.6 and Table 8.7).
Table 8.10: Parameters of the PR EoS and the GC EoS fitted to 27 VLE points for the C 2 H 6 +
[hmim][TCB] system and the deviations of VLE, LLE and all data points.
EoS
PR

GC

Parameters

27 fitted points

39 predicted points

All points

k1 ij

k2 ij

l ij

AARD

MaxRD

AARD

MaxRD

AARD

MaxRD

0.129

0

0

6.78

16.28

20.57

39.64

14.93

39.64

0.165

0.095

0.128

1.62

7.84

7.12

31.13

4.87

31.13

k ij

α ij

α ji

0.738

0

0

11.69

25.39

47.46

275.7

32.82

275.7

0.521

3.005

-0.675

2.10

7.14

10.09

38.61

6.85

38.62

Figure 8.7: Isoplets of the C 2 H 6 + [hmim][TCB] system. Close symbols: experimental data 19 used to fit parameters,

x C2H6 = , 9.98%; , 19.99%; , 25.07%; open symbols: experimental data at x C2H6 =, , 27.50%; , 28.14%; ,
29.00%. Left: PR EoS, right, GC EoS. Dashed line: only k ij fitted; solid line: multiple parameter fitted.
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Figure 8.7 shows that by fitting only k ij to VLE data, both models qualitatively predict the phase
diagram of the C 2 H 6 + [hmim][TCB] system. The PR EoS, however, predicts that LLE occurs
for the isoplet at 25.07 mole % at temperatures below 300K; but the experimental data show that
LLE did not occur at this concentration in the temperature range studied. When more
parameters are fitted, both models satisfactorily predict the LLE isoplets, being the GC EoS more
accurate.
Next, 25 VLE data points were used to fit the parameters of both models for the C 3 H 8 +
[hmim][TCB] system. The results are presented in Table 8.11. The PR EoS was not able to
predict the phase behavior at high pressures for this system. As it can be noticed in Figure 8.8, the
predicted isoplets near and above the critical pressure of C 3 H 8 are far from the experimental ones,
even when a temperature-dependent k ij and the co-volume l ij are fitted to VLE data. It is evident
that the GC EoS is a more powerful model to predict the LLE at high pressures.
Table 8.11: Parameters of the PR EoS and the GC EoS fitted to 25 VLE points for the C 3 H 8 + [hmim][TCB] system and
the deviations of VLE, LLE and all data points.

EoS
PR

GC

Parameters

25 fitted points

29 predicted points

All points

k1 ij

k2 ij

l ij

AARD

MaxRD

AARD

MaxRD

AARD

MaxRD

0.138

0

0

7.80

19.93

184.0

2634

102.4

2634

0.180

0.108

0.230

6.52

299.2

1085

161.2

k ij

α ij

α ji

1.14

0.736

0

0

12.65

28.46

198.0

2705

112.2

0.571

2.095

2.095

3.01

7.17

52.90

499.2

29.80

1085

2705
499.2

Figure 8.8: Isoplets of the C 3 H 8 + [hmim][TCB] system. Close symbols: experimental data 19 used to fit parameters,
x C3H8 = , 9.96%; , 15.13%; , 19.14%; open symbols: experimental data at x C3H8 =, , 22.51%; , 25.00%. Left:
PR EoS, right, GC EoS. Dashed line: only k ij fitted; solid line: multiple parameter fitted.
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The differences between the AARDs of the Tables 8.5-8.8 and Tables 8.9-8.10 prove that when
only low pressure solubility data (VLE) of the light hydrocarbons in ionic liquids are available,
the parameters can be used to predict the occurrence of LLE at higher pressures with both
models. However, the GC EoS has been found to be a more powerful model to accurately predict
the LLE. This was expected because of the NRTL-based attractive interactions term of the GC
EoS are supposed to better describe the non-idealities of the liquid phases.

8.3.5 Recommended parameterization strategy
We have proven in the previous sections that only a qualitative (but not quantitative) description
of the phase behavior of the CH 4 + [hmim][TCB], C 2 H 6 + [hmim][TCB] and C 3 H 8 +
[hmim][TCB] systems at high pressures is obtained when just one (temperature-independent)
binary interaction parameter is fitted to experimental data using either PR EoS or GC EoS.
Based on our results, we recommend the use of a temperature-dependent k ij in the PR EoS for
the modeling of light hydrocarbons in ionic liquids. In addition, the use of l ij improves the
accuracy for the C 2 H 6 + [hmim][TCB] and C 3 H 8 + [hmim][TCB] systems, as well as for the
CO 2 + [hmim][TCB] system, as discussed in Chapter 7.
In the case of the GC EoS, we recommend the use of a temperature-independent k ij and the
symmetric non-randomness parameter α ij = α ji .
Table 8.12: Recommend fitted parameters for the modeling of light hydrocarbons in ionic liquids using the
PR EoS and the GC EoS, where kij (T) is temperature-dependent parameter.
PR EoS

GC EoS

CH 4

k ij (T)

k ij , α ij = α ji

C2 H6

k ij (T), l ij

k ij , α ij = α ji

C3 H8

k ij (T), l ij

k ij , α ij = α ji

CO 2

k ij (T), l ij

k ij , α ij = α ji

As a matter of fact, it was found that the value of k ij in the GC EoS was almost constant for the
three systems (k mimTCB-CH4 = 0.534, k mimTCB-C2H6 = 0.577, k mimTCB-C2H8 = 0.524), whereas α ij
increased with the chain length of the hydrocarbon (α mimTCB-CH4 = 1.399, α mimTCB-C2H6 = 1.907,
α mimTCB-C2H8 = 2.458).
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8.4 Conclusions
The PR EoS and the GC EoS were successfully applied to describe the phase equilibria of the
binary systems CH 4 + [hmim][TCB], C 2 H 6 + [hmim][TCB] and C 3 H 8 + [hmim][TCB] at
pressures up to 11 MPa. Different set of parameters were presented for each system.
Good results for VLE data were found for both models when only one temperature-independent
parameter (k ij ) was fitted to all experimental data available whereas they only exhibited qualitative
agreement with LLE.
Excellent overall description of the phase behavior (VLE and LLE) of the systems was obtained by
both EoS when multiple parameters were fitted. It was found that when the solubility of CH 4 in
the ionic liquid is modeled using PR EoS, a temperature-dependent k ij is needed. Both C 2 H 6 +
[hmim][TCB] and C 3 H 8 + [hmim][TCB] systems required a temperature-dependent k ij and l ij
because of the occurrence of not only VLE, but also LLE. This was also found for the CO 2 +
[hmim][TCB] system in Chapter 7. In the GC EoS, a temperature-independent k ij and the nonrandomness parameter α ij was needed for all the systems. In addition, a non-symmetrical α ij (α ij ≠
α ji ) improved further the accuracy for the CH 4 + [hmim][TCB] and the C 2 H 6 + [hmim][TCB]
systems. Similar AARDs for both PR EoS and GC EoS were obtained: 1.95% and 0.91%
respectively in the CH 4 + [hmim][TCB] system, 3.14% and 3.10% in the C 2 H 6 +
[hmim][TCB], and 5.51% and 5.71% for the C 3 H 8 + [hmim][TCB].
In addition, the capability of both EoS to predict the occurrence of the LLE at near and
supercritical pressures when the parameters were fitted only to low pressure VLE data was
analyzed. It was found that fitting only one temperature-independent parameter was not enough
to quantitatively predict the LLE for any of the EoS. The PR EoS was only able to qualitatively
describe the LLE for the C 3 H 8 + [hmim][TCB] system, even when multiple parameters were
fitted to VLE data. The results reinforce the idea that PR EoS presents some limitations when it is
used to predict the complex phase behavior of these type of systems outside the range where the
parameters were fitted. GC EoS is a better tool to predict LLE when only VLE data are available.
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Process Evaluation

ABSTRACT
The separation process of carbon dioxide (CO 2 ) from methane (CH 4 ) using the ionic liquid 1hexyl-3-methylimidazolium tetracyanoborate ([hnim][TCB]) as physical solvent has been
investigated by simulation in ASPEN PLUS V.8.6. The process selected was based on the pressure
swing absorption, where the CO 2 is selectively absorbed at moderate pressure, and the solvent is
recovered at atmospheric pressure. The results were compared to those of the absorption using
dimethyl ethers of polyethylene glycol (DEPEG), which is commonly used in industry as physical
solvent for gas sweetening.
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9.1 Introduction
As discussed in chapter 2, chemical or physical absorption is the predominant technology for gas
sweetening. Chemical absorption is capable of substantially reduce the acid gas loading in the
natural gas. The main advantage of physical solvents for CO 2 absorption compared to chemical
absorption is the lower energy required to recover the solvent. Physical absorption is based on the
different affinity of the physical solvent for the CO 2 compared to other components of the
natural gas. Their solubility, and consequently their selectivity, is highly influenced by the
temperature and the pressure. In general, gases exhibit a higher solubility in liquids at higher
pressure and at lower temperature. Therefore, the solvent can be regenerated by reducing the
pressure or by increasing temperature of the solvent. The first process is called pressure swing
absorption (PSA) and the second temperature swing absorption (TSA).
Dimethyl ethers of poly(ethylene glycol) (DEPEG or Selexol®) are commonly used industry as
physical absorbent for CO 2 capture from flue gases and in gas sweetening processes.
The ionic liquid 1-heyxl-3-methylimiazolium tetracyanoborate ([hmim][TCB]) presents an ideal
selectivity of carbon dioxide (CO 2 ) over methane (CH 4 ) above 16, as discussed in section 6.4.1.
The CO 2 solubility and selectivity in [hmim][TCB] are higher than those in DEPEG. These facts
make [hmim][TCB] an excellent potential candidate for gas sweetening.
Until now, the [hmim][TCB] ionic liquid has been assessed in this thesis from a thermodynamic
point of view, analyzing the binary phase diagrams of some major natural gas components, like
C 2 H 6 , C 3 H 8 , etc., in [hmim][TCB].
In this chapter, the physical absorption process of CO 2 in [hmim][TCB] is investigated from the
process point of view. The program ASPEN PLUS V8.6 has been used as a simulation tool.
An equimolar mixture of CO 2 and CH 4 is assessed using the PSA process at four different
absorption pressures, i.e. 20, 25, 28 and 35 bar. The separation capacity of the ionic liquid and
the energy requirements of the process are analyzed. The results are compared to the benchmark
solvent DEPEG1.

9.2 Properties of [hmim][TCB]
The data bases of ASPEN PLUS® V8.6 do not contain the component [hmim][TCB], so its
properties should be implemented. Some of the pure component properties such as density and
viscosity were experimentally determined and presented in chapter 5. Other properties, such as
the critical values of [hmim][TCB] were estimated using a correlation or group contribution
methods, as explained in chapter 7. The remaining pure component properties were taken from
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literature1-3. This information was fitted to the available ASPEN models. The pure [hmim][TCB]
temperature-independent properties are presented in Table 9.1, and Table 9.2 presents the
temperature-dependent physical properties of the [hmim][TCB] ionic liquid.
Table 9.1: Properties of [hmim][TCB].

Parameters

Units

Value

Reference

Molecular weight

g·mol-1

282.16

Chap. 5

Critical Temperature

K

1276.8

Chap. 7

Critical pressure

bar

16.97

Chap. 7

Critical volume

ml/mol

1000.62

Chap. 7

Critical compression factor

0.16

Chap. 7

OMEGA

1.366

Chap. 7

Boiling temperature

K

1043

Chap. 7

Liquid molar volume

ml/mol

560

Chap. 7

Dipole moment

debye

0

-

Enthalpy of formation

MJ/kmol

350

1

Table 9.2: Temperature-dependent properties of [hmim][TCB]. a. b. c and d are the parameter of the corresponding
temperature-dependent model.

Parameter

Units a

ASPEN
model

a

b

c

d

Ref

Ideal gas heat capacity

kJ/kmol-K

CPIGPO

15.28

1.2318

-2.238·10-5

Enthalpy of vaporization

MJ/kmol

DHVLWT

155.2

298.15

-2.127

Viscosity

cP

MULAND

-220.1

13763.6

31.22

Chap. 5

Surface tension

mN/m

SIGDIP

73.2

1.415

3.283

2

Molar volume of liquid

ml/mol

VLPO

222.8

0.209

Liquid thermal conductivity

W/ m K

KLDIP

-2.226

0.0227

1
3.918

1

Chap. 5
7.068·10

-5

7.223·10

-8

3

The NRTL-RK is known to be a reliable model for ionic liquid systems in ASPEN PLUS v8.61.
Therefore, it was selected for modeling the vapor-liquid equilibria of CO 2 and CH 4 in presence
of [hmim][TCB]. The binary interaction parameters of the CO 2 + [hmim][TCB] and CH 4 +
[hmim][TCB] were fitted to the experimental data presented in Table 5.3 (to pressures up to 60
bar and composition up to 50 mol%) and Table 6.1. respectively. The non-randomness
parameter of NRTL was kept constant at the value of 0.3. The correlated values for the NRTLRK binary interaction parameters are presented in Table 9.3.
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Table 9.3: Binary interaction parameters of CO 2 and CH 4 (i) with [hmim][TCB] (j) respectively.

CH 4

C0 2

a ij

1.064

0.488

a ji

-1.065

-0.515

b ij

-40.11

135.6

b ji

181.2

-206.6

α ij = α ji

0.3

0.3

9.3 Process description
A gas stream of an equimolar mixture of CO 2 and CH 4 is treated with [hmim][TCB]. The
process specification are: (i) reducing the CO 2 moles content in the CH 4 -rich or sweet gas stream
to 5%, and (ii) the CO 2 -rich or acid gas stream should contain maximum of 1 mole % of the
valuable CH 4 . The CO 2 is compressed to 100 bar to be transported to a carbon storage site4 or to
be re-injected for enhanced oil recovery 5,6.

Figure 9.1: Process flow diagram of absorption of CO 2 in [hmim][TCB] with pressure swing process.

The PSA process was assessed at four different absorption pressures, i.e. 20, 25, 28 and 35 bar.
Figure 9.1 shows the flow diagram of the PSA process. The core of the process is an absorber
composed by 12 stages. 50 kmol·h-1 of the equimolar gas mixture is fed at the bottom. An
intermediate pressure isothermal flash tank (FT1) is used to recover the CH 4 co-absorbed in the
solvent. The top stream (gas phase) leaving FT1 is recompressed (ME-COM) and cooled down
(ME-HX1 and ME-HX2) before being recycled to the bottom of the absorber. The
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[hmim][TCB] is recovered at atmospheric pressure in an adiabatic flash tank (FT2),
recompressed (SOL-PUMP) and cooled down (SOL-HX). The lean [hmim][TCB] is fed to the
column at the top. The CO 2 -rich gas exiting the process is compressed to 100 bar in several
stages (CO2-COM 1 to 4)4.
Two parameters are optimized using the equation oriented mode in order to meet the
aforementioned specifications: the solvent flow rate and the pressure of the FT1. The solvent flow
rate is related to the amount of CO 2 that can be absorbed, or in other words, the purity of the
sweet gas. The pressure of the FT1 is related to the amount of CH 4 that can be desorbed from
the solvent and recirculated back to the system, preventing it from leaving the system with the
acid gas stream.
The composition profiles of the two gases in the absorber are shown in Figure 9.2.
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Figure 9.2: Molar fraction of CO 2 () and CH 4 () in the vapor phase (dashed line) and the liquid phase (solid line) in
each stage of the absorber.

The absorption using the conventionally applied physical solvent DEPEG has also been simulated
in ASPEN PLUS for comparison purposes with [hmim][TCB]. DEPEG is a mixture of (CH 3 (CH 2 -O-CH 2 ) n -CH 3 ), where n ranges from 3 to 9. For this work, the pentaethylene-glycoldimethyl-ether was used.
The PFD is shown in Figure 9.3. It is based on the work of Guo et al.7. Their original flow
diagram presented a three steps solvent recovery process. In this work, only an adiabatic flash tank
has been used, similarly to the process flow diagram of [hmim][TCB].
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Figure 9.3: Process flow diagram of absorption of CO 2 in DEPEG with a pressure swing process.

9.4 Results and discussion
The summary of the results of the absorption of CO 2 with [hmim][TCB] at 20, 25, 28 and 35
bar and the absorption using DEPEG at 28 bar is shown in Table 9.4. More detailed results of
the main streams of the process and the energy requirements of each block is summarized in the
Appendix.
It was found that the absorption at 20 bar was not able to meet the sweet gas concentration
specification. The minimum CO 2 concentration that could be achieved using a reasonably low
[hmim][TCB] flow was 0.056, instead of the 0.05.
It is well known that the solubility of CO 2 in solvents, including ionic liquids such as
[hmim][TCB], increases with the pressure. As a result, it is required a lower solvent flow rate to
attain the same concentration specification at the top of the absorber at higher pressure.
Table 9.4: Summary of results.

Solvent

[hmim][TCB]

Selexol
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P abs / bar

Solvent flow
/ kmol·hr-1

P FT1 / bar

20

133.2

25

Energy consumption / kW
pumping

flash

cooling

compression

7.44

21.5

66.6

-256.5

130.5

82.9

11.70

16.9

45.3

-226.5

119.8

28

76.5

12.86

17.6

48.4

-227.0

117.3

35

61.8

15.98

17.9

50.1

-227.9

118.0

28

142.9

9.23

44.4

140.1

-402.6

151.05
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The flow rate reduction is therefore is paid by a raise in the energy requirements, although the
differences at 25, 28 and 35 are not substantial.
The recompression of the lean [hmim][TCB] stream from atmospheric pressure to absorber
pressure (25, 28 or 35 bar accordingly) results in higher net duty at the pump and the cooling
afterwards. In addition, higher energy is required in the isothermal FT-1.
The results of the absorption using [hmim][TCB] at 28 bar are compared to those of DEPEG at
the same pressure applying the same process specifications.
It is found that:
(i)

Less [hmim][TCB] than DEPEG is required

(ii)

Lower energy requirements

The first conclusion is expected from the fact that the solubility of CO 2 in [hmim][TCB] is
higher than the solubility in DEPEG, as discussed in chapter 5. In addition, the selectivity of
CO 2 over CH 4 in [hmim][TCB] was found to be higher than that of DEPEG, as reported in
chapter 6.
Consequently, the required solvent flow is lower in the absorption using the ionic liquid. This
results in higher pumping and heat exchange duty in the recovery step.
Because DEPEG co-absorbs higher percentage of CH 4 , lower pressure in the isothermal FT1
flash tank is required to meet the purity requirements of the CO 2 rich stream. Moreover, higher
compression power is required in the gas recycle stream as a result of a larger mole flow of gas
leaving FT1 (1605.8 kg·hr-1 in the DEPEG absorption compared to 707.22 kg·hr-1 in the
[hmim][TCB]).
From an overall energy analysis point of view, the use of the ionic liquid [hmim][TCB] is favored
over the use of DEPEG, because less energy is needed for the gas sweetening process. Another
advantage is the lower co-absorption of small hydrocarbons (see Chapter 6). Additionally, lower
solvent flow rate does required less capital cost expenses. So technically, well-chosen ionic liquids
like, for instance, [hmim][TCB], outperform DEPEG. However, the price of the ionic liquid
(~€40 per kg. if produced at large scale)8 is much higher than that of DEPEG (~€ 2.5 per kg)8 so
that the investment costs of the ionic liquid process will be higher. If ionic liquids would be
produced at a multi-ton scale, the price could certainly would be further reduced, making the
ionic liquid based process competitive with DEPEG-based solvents.
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9.5 Appendix
Table 9.5: Streams properties at 20 bar for the absorption of CO 2 in [hmim][TCB] process.

Units

GAS-MIX

ABS-BOT

ABS-TOP

FT1-TOP

ABS-SOL

CO2-EXIT

Temperature

C

20

27.5

20.2

27.5

20

25

Pressure

bar

28

20

20

7.438

20

100

1

0

1

1

0

0.602

Vapor Frac
Mole Flow

kmol/hr

50.00

186.43

26.23

25.14

137.52

23.77

Mass Flow

kg/hr

1501.3

39857.6

461.9

1036.5

37781.7

1039.5

Mole Flow

kmol/hr

CO 2

kmol/hr

25.00

50.45

1.47

22.64

4.28

23.53

CH 4

kmol/hr

25.00

2.75

24.76

2.51

0.00

0.24

[hmim][TCB]

kmol/hr

0.00

133.23

0.00

0.00

133.23

0.00

CO 2

0.500

0.271

0.056

0.900

0.031

0.990

CH4

0.500

0.015

0.944

0.100

0.000

0.010

[hmim][TCB]

0.000

0.715

0.000

0.000

0.969

0.000

Mole Frac

Table 9.6: Streams properties at 25 bar for the absorption of CO 2 in [hmim][TCB] process.

Units

GASMIX

ABSBOT

ABSTOP

FT1TOP

ABS-SOL

CO2EXIT

Temperature

C

28

30.6

20.3

30.6

20

25

Pressure

bar

25

25

25

11.698

25

100

1

0

1

1

0

0.602

Vapor Frac
Mole Flow

kmol/hr

50.00

126.56

26.06

17.12

85.50

23.94

Mass Flow

kg/hr

1501.3

25251.41

454.6

707.2

23497.5

1046.8

Mole Flow

kmol/hr

CO 2

kmol/hr

25.00

41.80

1.30

15.47

2.63

23.70

CH 4

kmol/hr

25.00

1.90

24.76

1.65

0.00

0.24

[hmim][TCB]

kmol/hr

0.00

82.87

0.00

0.00

82.87

0.00

CO 2

0.500

0.330

0.050

0.903

0.031

0.990

CH4

0.500

0.015

0.950

0.097

0.000

0.010

[hmim][TCB]

0.000

0.655

0.000

0.000

0.969

0.000

Mole Frac
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Table 9.7: Streams properties at 28 bar for the absorption of CO 2 in [hmim][TCB] process.

Units

GASMIX

ABSBOT

ABSTOP

FT1TOP

ABS-SOL

CO2EXIT

Temperature

C

28

31.6

20.3

31.6

20

25

Pressure

bar

28

28

28

12.856

28

100

1

0

1

1

0

0.603

Vapor Frac
Mole Flow

kmol/hr

50.00

121.51

26.06

18.36

79.21

23.94

Mass Flow

kg/hr

1501.3

23502.8

454.6

759.7

21696.5

1046.8

Mole Flow

kmol/hr

CO 2

kmol/hr

25.00

43.07

1.30

16.63

2.74

23.70

CH 4

kmol/hr

25.00

1.97

24.76

1.73

0.00

0.24

[hmim][TCB]

kmol/hr

0.00

76.47

0.00

0.00

76.47

0.00

CO 2

0.500

0.354

0.050

0.906

0.035

0.990

CH4

0.500

0.016

0.950

0.094

0.000

0.010

[hmim][TCB]

0.000

0.629

0.000

0.000

0.965

0.000

Mole Frac

Table 9.8: Streams properties at 35 bar for the absorption of CO 2 in [hmim][TCB] process.

Units

GASMIX

ABSBOT

ABSTOP

FT1TOP

ABS-SOL

CO2EXIT

Temperature

C

28

34.1

20.5

34.1

20

25

Pressure

bar

35

35

35

15.981

35

100

1

0

1

1

0

0.603

Vapor Frac
Mole Flow

kmol/hr

50.00

107.16

26.06

19.28

63.95

23.94

Mass Flow

kg/hr

1501.3

19369.2

454.7

799.7

17522.8

1046.8

Mole Flow

kmol/hr

CO 2

kmol/hr

25.00

43.41

1.30

17.53

2.18

23.70

CH 4

kmol/hr

25.00

1.99

24.76

1.75

0.00

0.24

[hmim][TCB]

kmol/hr

0.00

61.76

0.00

0.00

61.76

0.00

CO 2

0.500

0.405

0.050

0.909

0.034

0.990

CH4

0.500

0.019

0.950

0.091

0.000

0.010

[hmim][TCB]

0.000

0.576

0.000

0.000

0.966

0.000

Mole Frac
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Table 9.9: Streams properties at 28 bar for the absorption of CO 2 in DEPEG process.

Units

GASMIX

ABSBOT

ABS-TOP

HP-TOP

ABS-SOL

CO2ENR

Temperature

C

20

33.1

20.8

33.1

20

25

Pressure

bar

28

28

28

9.23

28

100

1

0

1

1

0

0

Vapor Frac
Mole Flow

kmol/hr

50.00

208.74

26.06

38.58

146.22

23.94

Mass Flow

kg/hr

1501.3

40849.1

454.6

1605.9

38196.5

1046.7

Mole Flow

kmol/hr

CO2

kmol/hr

25.00

62.35

1.30

35.29

3.36

23.70

CH4

kmol/hr

25.00

3.53

24.76

3.29

0.00

0.24

DEPEG

kmol/hr

0.00

142.86

0.00

0.00

142.86

0.00

CO2

0.500

0.299

0.050

0.915

0.023

0.990

CH4

0.500

0.017

0.950

0.085

0.000

0.010

DEPEG

0.000

0.684

0.000

0.000

0.977

0.000

Mole Frac

Table 9.10: Energy requirement for the absorption of CO 2 in [hmim][TCB] process at 20, 25, 28 and 35 bar.

Q / W / V (kW)
Duty

Cooling

Heating

Compression

Pumping
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Block

20 bar

25 bar

28 bar

35 bar

CO2-HX1

-24.2

-13.1

-15.0

-17.2

CO2-HX2

-4.4

-3.1

-3.4

-3.8

CO2-HX3

-21.4

-21.8

-22.0

-22.3

CO2-HX4

-31.2

-31.5

-31.6

-31.6

ME-HX1

-34.5

-34.8

-35.6

-35.6

ME-HX2

-66.7

-67.1

-62.3

-62.3

SOL-HX

-74.1

-55.1

-57.1

-55.0

TOTAL

-256.5

-226.5

-227.0

-227.9

FT-1

66.6

45.3

48.4

50.1

ME-COM

23.2

11.7

12.9

13.5

CO2-COM1

27.6

27.8

27.9

27.9

CO2-CMP2

29.7

29.9

29.8

29.8

CO2-COM3

28.7

28.9

28.7

28.7

CO2-COMP4

21.4

21.5

18.1

18.1

TOTAL

130.5

119.8

117.3

118.0

SOL-PUMP

21.5

16.9

17.6

17.9
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Table 9.11: Energy requirement for the absorption of CO 2 in DEPEG process at 28 bar.

Block

Cooling

Heating

Compression

Pumping

Block

Q/W/
V (kW)

CO2-HX1
CO2-HX2
CO2-HX3
CO2-HX4
RE-HX
SOL-HX

-23.11
-31.84
-36.17
-91.08
-55.40
-165.05

TOTAL

-402.64

HP-FL

140.1

CO2-COM1
CO2-COM2
CO2-COM3
CO2-COM4

28.18
29.95
29.21
22.43

RE-COM

41.28

TOTAL

151.05

SOL-PUMP

44.38
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10.1 Conclusions
This thesis focused on the application of the ionic liquid [hmim][TCB] as a physical solvent in
gas sweetening processes. Physical solvents for gas absorption have the advantage of a lower
energy penalty in the solvent recovery step compared to chemical solvents. Moreover, they are
usually non-corrosive and, in addition, foaming is unlikely to occur, as these solvents in general
are not aqueous.
Because of their unique properties, such as chemical and thermal stability and their negligible
volatility, ionic liquids are considered as innovative solvents for gas sweetening processes. In
particular, their negligible vapor pressure prevents solvent losses into the treated gas streams. The
ionic liquid 1-hexyl-3-methylimidazolium tetracyanoborate ([hmim][TCB]) was selected among
other ionic liquids because of its low viscosity, high thermal stability, and the molecule contains
no fluorine atoms. Fluorine-containing ionic liquids showing high CO 2 solubilities might deplete
HF at elevated temperatures when water is present in the gas streams. The decomposition
temperature of [hmim][TCB] was found to be 620 K, which allows a broad range of operating
temperatures.
From the experimental work it became apparent that CO 2 has a remarkably high solubility in
[hmim][TCB], e.g., 50 mol% at 293 K and at moderate pressures of 2 MPa, and went up to 70
mol% at 6 MPa. The solubility of CO 2 is even higher than in the physical solvents based on
dimethyl ethers of polyethylene glycol (DEPEG or Selexol®), which are commonly used in
industry as physical absorbents for CO 2 capture.
Besides high solubility, selectivity is the key parameter for an adequate separation. The absorption
capacity of CH 4 in [hmim][TCB] was found to be notably lower than that of CO 2 , resulting in
an ideal selectivity (moles of CO 2 per mole of CH 4 absorbed in the solvent) higher than 15.
Furthermore, the solubility of CH 4 in [hmim][TCB] was found to be almost temperature
independent, whereas the absorption capacity of [hmim][TCB] for CO 2 is highly affected by
temperature and pressure, as shown in Figure 6.5. This fact enables the recovering of the
[hmim][TCB] by pressure and/or temperature swing.
One of the main challenges of the application of physical solvents for gas sweetening is the coabsorption of light hydrocarbons such as C 2 H 6 and C 3 H 8 . The results presented in chapter 6
shows that the solubilities of C 2 H 6 and C 3 H 8 in the ionic liquid, [hmim][TCB], were lower than
the one observed for CO 2 . However, at low pressures, C 3 H 8 absorption was only slightly lower
than that of CO 2 . The occurrence of liquid-liquid immiscibility of C 2 H 6 and C 3 H 8 in the ionic
liquid at relatively low concentrations and moderate-high pressures favored the selectivity towards
CO 2 . The following trend for the solubility of the gases in the studied ionic liquid at low
pressures was found to be: CH 4 << C 2 H 6 < C 3 H 8 < CO 2 , while at high pressure, the order of the
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hydrocarbons inverses: CH 4 << C 3 H 8 ≈ C 2 H 6 < CO 2 . These observations open up the
opportunity of using [hmim][TCB] to selectively absorb CO 2 , and minimizing the co-absorption
of the lighter hydrocarbons. Based on the solubility measurements of CO 2 , CH 4 , C 2 H 6 and
C 3 H 8 in [hmim][TCB], it was established that [hmim][TCB] is an excellent candidate for gas
sweetening.
Another objective of this thesis was to test two selected equations of state (EoS) to model the
experimentally obtained phase equilibria data. The aim was to assess the predictive capabilities of
the EoS to calculate properties of interested systems at conditions not covered by experimental
data. The Peng-Robinson (PR) EoS was found to accurately match the experimental data, but at
the cost of introducing temperature dependent fitting parameters. On the other hand, the Group
Contribution (EoS) was capable of describing all systems without the need of temperature
dependent parameters. The GC EoS was found to describe more accurately the occurrence of the
liquid-liquid immiscibility when the parameters were fitted to vapor-liquid equilibrium data only.
Simulations of a pressure swing absorption process of CO 2 in [hmim][TCB] from an equimolar
mixture of CO 2 and CH 4 was performed using the process simulator Aspen Plus®. It was
established that from an energetic point of view, the application of ionic liquids for gas
sweetening is more favored than DEPEG. This was expected due to the higher CO 2 solubility
and selectivity of [hmim][TCB] compared to DEPEG. On the other hand, the current cost of
ionic liquids is significantly higher than DEPEG-based solvents. A more detailed economic
analysis should be performed to establish the feasibility of using ionic liquids for gas sweetening.
If ionic liquids would be produced at the multi-ton scale, the price could be further reduced,
making the ionic liquids based-process competitive.
Although this thesis is primarily focusing on the potential application of the ionic liquid
[hmim][TCB] as a physical solvent in gas sweetening, also attention was given to the effect of
additives like anti-foaming agents and corrosion inhibitors on the CO 2 absorption in an aqueous
MDEA solution. Foaming formation and corrosion commonly are addressed by addition of antifoaming agents and corrosion inhibitors. Their effects on the absorption process are usually
overlooked or even ignored.
In this thesis, the effect of these additives on the solubility of CO 2 in alkanolamines solutions was
explored (Chapter 4). A reduction of about 2% of the solubility of CO 2 in a 45 mass% aqueous
N-methyl-diethanolamine solution was established when a silicon-based anti-foaming agent is
added to the absorbent. In addition and most importantly, the anti-foaming agent precipitates as
a gel-like liquid phase at high CO 2 loadings. At high concentrations, CO 2 starts to behave as an
anti-solvent, forcing the anti-foaming agent to precipitate. This phenomenon might be a source
of additional fouling problems in gas sweetening processes. The obtained results prove that the

| 155

Chapter 10 |

effect of additives cannot be ignored and should be taken into consideration by engineers and
operators of gas treating plants.
The experimental work in this thesis has been based on the thermodynamic and phase equilibria
assessment of some of the main components present in raw natural gas in the ionic liquid
[hmim][TCB], i.e., CO 2 , CH 4 , C 2 H 6 and C 3 H 8 . Although of major importance, the extreme
toxicity of H 2 S, resulting in very strict limitations in using this gas in research, particularly at
universities, made the conducted research not fully complete. Even if experiments with H 2 S
would have been allowed, the issue remains that the Cailletet apparatus uses mercury as sealing
and as pressure-transmitting fluid, which makes this facility unsuitable for experiments with H 2 S.
In that respect, the availability of the titanium high-pressure phase equilibrium apparatus
presented in chapter 3 is a major step forward to the possibility to do experiments at elevated
concentrations of H 2 S in the future.

10.2 Outlook
As was concluded already, it is highly recommended to extend the research as presented in this
thesis to experiments with elevated concentrations of H 2 S because more and more the gas
industry is facing reservoirs of lower quality, i.e. with higher to very high concentrations of sour
gases. Especially the lack of reliable experimental information on natural gas systems with H 2 S
needs attention. For example, it is to be expected that [hmim][TCB] will exhibit a higher
selectivity of H 2 S over CO 2 and, consequently, over CH 4 . However, precise experimental
determination of this qualitative assumption requires solubility measurements of H 2 S and also of
mixtures of CO 2 and H 2 S in the ionic liquid for a proper assessment of the feasibility of using
this ionic liquid for gas sweetening.
In chapter 3, a new analytical high-pressure phase equilibrium apparatus was presented, which
can withstand highly corrosive environments. This apparatus has been specifically designed for
the study of the solubility of acid gases in liquid mixtures. It is expected to be in full use once the
premises of the Petroleum Institute Research Center (PIRC) is opened. If the Petroleum Institute
finds possibilities to lift the ban on the use of H 2 S, this new apparatus will offer an extraordinary
opportunity to study the feasibility of diverse solvents, including ionic liquids, to separate H 2 S
from gas streams.
Furthermore, the versatility of this analytical apparatus, and more facilities to come, provides a
great research prospect on numerous multi-component systems. For example, the experimental
work on ionic liquids presented in this thesis was limited to the solubility of single gases in the
ionic liquid. Although the ideal selectivity of the CO 2 over the hydrocarbons has been estimated,
it is well known that the presence of other components can significantly affect the absorption of
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the gaseous constituents in the solvent. In that respect, the real solubility and selectivity of a
mixture of gases in ionic liquids could be determined with this new apparatus.
In the last decades, a large variety of thermodynamic approaches have been developed to model
phase equilibria1. Several literature works studied the suitability of some equations of state,
including the PR EoS and GC EoS used in this thesis, to model the solubility of CO 2 , CH 4 , and
other hydrocarbons in ionic liquids. However, most of the works in literature used different ionic
liquids and diverse ranges of conditions (temperature, pressure and concentration), making their
comparison difficult. A systematic study with different equations of state on the modeling of gas
+ ionic liquid systems is essential for assessing their capability to describe these systems.
One of the main reasons why the number of industrial applications of ionic liquids is still low, is
their high cost, which balances out the advantages of ionic liquids over conventional solvents in
many cases. So far, the production of ionic liquids has been limited to laboratory-scale or in some
cases, to medium scale. However, it might be expected that the production of ionic liquids at
industrial scale will reduce the price significantly, making them competitive with conventional
solvents.
A promising approach is the application of hydrophilic ionic liquids such as the
tricyanomethanide-based ionic liquid. The water + ionic liquid mixture presented an enhanced
CO 2 solubility and diffusivity with respect to the dry ionic liquid2. Together with excellent
physical properties, i.e. low viscosity and high thermal stability, the process is attractive for CO 2
capture because of the substantial reduction of the solvent cost.
Current research on the application of ionic liquids as separation solvents is focusing on the use of
supported ionic liquid membranes and on the application of high G-forces in rotating packed
beds (RPB). These two approaches combine efficient state-of-the-art process intensification
technology together with the advantages of ionic liquids, e.g., chemical stability and negligible
vaporization. Additionally, the amount of solvent required in a RPB for gas separation is
significantly reduced compared to the traditional absorption processes.
Recently, a novel class of solvents received attention, the so-called deep eutectic solvents (DES),
which are a mixture of solid components that become liquid upon mixing and melting. They
share similar properties with ionic liquids, but are much easier to prepare. DESs are generally
composed of an organic proton donor and acceptor, chemicals that are often abundantly available
and, therefore, cheap. The research on the suitability of DESs as a more economically viable
solvent for absorption processes is in its infancy. More DES are expected to be synthesized in the
coming years so their properties such as viscosity and CO 2 capacity will be further explored.
It is to be expected that process intensification using ionic liquids and / or DES combined with
high G-forces will be a breakthrough in gas sweetening technology.
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