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Abstract
The intrinsic kinetics for the hydrogenation of lauronitrile were determined by fitting a proposed
kinetic model on the obtained experimental data using a nonlinear least squares solver. Data was
gathered for temperatures ranging from 116 to 140 °C at different initial ammonia and hydrogen
pressures of respectively 0 to 17 bar and 12 to 32 bar, comparable to typical industrial process
conditions. Using the obtained kinetic model with optimal fit parameters a comparison was made
between the performance of a conventional batch reactor and a rotor-stator spinning disc reactor (RSSDR). The RS-SDR, as new reactor concept, shows promising mass transfer characteristics, possibly
being able to intensify the current batch process for the hydrogenation depending on the intrinsic
kinetics.
Prior to the kinetic experiments, the role of ammonia in the reaction mechanism was investigated and
solubility measurements were performed. Solubility tests demonstrated non-ideal behavior for the
ternary system of lauronitrile, ammonia and hydrogen. As a consequence Henry’s law could not
adequately describe the system, requiring a more extensive model. Ammonia was found to affect the
selectivity of the reaction by shifting the equilibrium of the condensation reaction, responsible for the
degree of secondary or primary amine formation.
A simplified reaction mechanism for the hydrogenation of nitriles was proposed from the general
mechanism based on Langmuir-Hinshelwood kinetics and the role of NH3 played in the reaction
system. Experimentally it was determined that competitive adsorption between lauronitrile,
dodecylamine, ammonia and hydrogen occurs on the catalyst surface. Furthermore, surface reactions
were found to be rate limiting for lauronitrile, hydrogen and ammonia. Using these findings, the
pseudo steady state hypothesis and assuming low surface coverage for the primary imine two
different kinetic models were derived.
The first model gave the best fit for the experimental data. The experimentally found competitive
adsorption and the surface limited reaction behavior for the components was well described.
Furthermore the model accurately predicted the kinetics for the different process conditions.
However, the 95% confidence intervals of the fit parameters were very broad, indicating correlated fit
parameters. An adjusted model was thus presented, assuming an instantaneous equilibrium for the
condensation reaction and fixing the adsorption enthalpy for hydrogen, this to reduce the amount of
fit parameters. Furthermore, scaling and centering were applied on the rate coefficients. The
confidence intervals for the fit parameters improved in this model. Nevertheless, still correlations
between parameters existed, making them not unique.
Despite the fact that the optimal fit parameter were not unique, they could accurately fit all
experimental results. Therefore the first kinetic models was incorporated in models for both the RSSDR and batch reactor. Preliminary results showed a conversion of 50% for a residence time of only
30 seconds in a RS-SDR, while for the batch reactor this conversion is reached only after 10 minutes.
Further optimizing the RS-SDR could even result in almost 100% conversion for 30 seconds residence
time. Showing the potential and possibilities of the RS-SDR for the hydrogenation of lauronitrile.
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Abbreviations
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Concentration [mol m-3]
Weisz-Prater parameter [-]
Diffusion coefficient [m2 s-1]
Impeller diameter [m]
Particle diameter [m]
Activation energy [J mol-1]
Mole flow [mol s-1]
Vapor phase fugacity [Pa]
Gravitational constant [m s-2]
Henry constant [Pa]
Jacobian matrix
Adsorption constant [m3 mol-1]
Pre-exponential factor adsorption constant [m3 mol-1]
Rate coefficient
Pre-exponential factor rate coefficient
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Liquid side mass transfer coefficient [m3L mg-3 s-1]
Solid side mass transfer coefficient [m3L ms-3 s-1]
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Minimum impeller speed for complete gas dispersion [rev/s]
Impeller speed [rev/s]
Minimum impeller speed for solid suspension [rev/s]
Power number [-]
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Gas constant [J mol-1 K-1]
𝑅𝑒̈𝜔 = 𝑅𝑒𝜔 × 10−6. Rotational Reynolds number, 𝜔𝑟𝑑 2 𝜈 −1 [-]
Radius particle [m]
Residual sum of squares
Reaction rate [mol s-1 kg-1]
Radius disc [m]
Zwietering’s constant [-]
Schmidt number, νD-1 [-]
Sherwood number, ksdpD-1 [-]
Estimated variance
Standard error
Temperature [K]
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V
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x
Y
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Volume [m3]
Catalyst weight [kg]
Conversion [-]
Liquid phase mole fraction [-]
Yield [-]
Vapor phase mole fraction [-]

Greek letters
𝜶0
𝜶
ϕ
γ
εs
εg
εpor
εdis
ϴ
ρ
τ
ω
ν
ϕv
𝜙̃𝐿
𝐼𝐼
𝜙̃𝐺,𝑚𝑎𝑥
∆𝐻𝑎𝑑𝑠

Adjusted pre-exponential factor
Adjusted rate coefficient
Volumetric flow [m3 s-1]
Catalyst concentration [kg m-3]
Solid holdup [m3s m-3r]
Gas holdup [m3g m-3r]
Porosity catalyst [-]
Heat of dissipation per unit mass of liquid [m2 s-3]
Surface coverage [-]
Density [kg3 m-3]
Tortuosity catalyst [-]
Disc rotational speed [rev s-1]
Kinematic viscosity [m2 s-1]
Vapor phase fugacity coefficient [-]
𝜙̃𝐿 =𝜙𝐿 × 106 . Volumetric liquid flow rate [m3 s-1]
𝐼𝐼
𝐼𝐼
× 106 . Transition volumetric gas flow [m3 s-1]
𝜙̃𝐺,𝑚𝑎𝑥
= 𝜙𝐺,𝑚𝑎𝑥
Adsorption enthalpy [J mol-1]

Subscripts and superscripts
G/g
Gas
L/l
Liquid
N
Nitrile, lauronitrile
PA
Primary amine, dodecylamine
PI
Primary imine
S
Schiff base
SA
Secondary amine, didodecylamine
V
Vapor
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1. Introduction
Fatty amines are aliphatic amines with a hydrocarbon chain length ranging from 8 to 22 carbon atoms.
They can be classified as primary, secondary or tertiary depending on the number of hydrocarbon
chains attached to the amine group. The polar nature of the amine group combined with the nonpolar hydrocarbon chain makes them excellent surfactants. Causing particular interest in industry for
fatty amines and its derivatives due to their various commercial applications, see Figure 1. The diverse
applications and the continually growing demand makes it worthwhile to invest in this sector and to
investigate intensified ways to produce fatty amines [1], [2].

Figure 1: Commercial applications of fatty amines and their derivatives [2].

Currently, fatty amines are mostly produced by the hydrogenation of nitriles in batch reactors, having
limited controllability on the conversion and selectivity [3], [4]. Due to the presence of three phases
in the reactor, i.e. liquid nitriles/amines, hydrogen/ammonia gas and solid catalyst multiple mass
transfer steps limit the productivity Subsequent charging and discharging times result in a further loss
of productivity. By shifting to an intensified continuous process, mass transfer and thus productivity
could be increased, the process safer and cheaper.
A Rotor-Stator Spinning Disc Reactor (RS-SDR) may be a feasible option to intensify the current
process. The RS-SDR consists of a rotating disc, rotor, in a cylindrical housing, see Figure 2. The rotor
spins at a high speed, while the stator is fixed. Consequently, a high shear force is generated, forming
small bubbles, with a large liquid-gas surface area. Furthermore, the turbulence intensity is high,
resulting in a large mass/heat-transfer coefficient [5].
Intensified reactors in general can only increase productivity when the reaction is limited by mass/heat
transfer and not kinetics. Therefore it is important to know the intrinsic kinetics of the hydrogenation
of nitriles to determine its suitability to switch to a RS-SDR.
The goal of this research is to determine these intrinsic kinetics of the hydrogenation of lauronitrile.
This to judge the feasibility of the RS-SDR as option for this process. To judge the feasibility of this
process in a RS-SDR, lauronitrile (CH3(CH2)10CN) was selected as reactant, which can be readily formed
from natural fatty acids, and this reactant is hydrogenated to dodecylamine (CH3(CH2)11NH2).
1

Dodecylamine, a primary amine, is of particular interest as it has many applications such as latex gel
sensitizers, lubricants and waterproofing sealants and is industrially produced by Henkel and
AkzoNobel [1], [6]. An extended overview of the current industrial process to produce amines from
nitriles, the reaction mechanism for nitrile hydrogenation and a more detailed description of the RSSDR will be given in the theoretical section, paragraph 2. Afterwards the experimental setup will be
visualized in paragraph 3 and the results will be presented and discussed in section 4. Finally, using
the obtained kinetic model, a performance comparison will be made between the RS-SDR and a
conventional batch reactor.

Figure 2 : Single stage of a rotor-stator spinning disc reactor.
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2. Theoretical section
2.1 Industrial production of fatty amines
Currently the most common way to produce fatty amines is from natural oils and fats. Depending on
the starting material, different compositions of fatty acids mixtures can be found, see Table 1. By
distillation of these fatty acids or the final amine mixture, high purity amines are obtained. The
principal industrial route converts these fatty acids into fatty nitriles, which will form fatty amines
after hydrogenation. Another common way to produce fatty amines is from fatty alcohols, either
petroleum based or prepared from fatty acids [1], [3].

Table 1: Typical composition of natural fatty acids [1].

Lauronitrile is easily obtained from coconuts and palm kernel consisting for a large amount of lauric
acid, which is converted to a fatty nitrile by adding ammonia at elevated temperature (> 250 °C). At
these high temperatures, the formed ammonia soap readily dehydrates to an amide and afterwards
to a nitrile by catalytic hydrogenation, see the reaction scheme below [1].

Figure 3 : Reaction scheme for the production of fatty nitriles from fatty acids and oils.

The obtained nitrile is hydrogenated, mainly in a batch reactor, to obtain different amines based on
the process conditions, summarized in Table 2 [3], [4]. Ammonia will be formed during the reaction
which suppresses the production of higher order amines, making it necessary to purge the reactor
with hydrogen to remove ammonia when the primary or secondary amine is the desired product.
When the desired product is a primary amine, like dodecylamine, ammonia is added to increase
selectivity.
Table 2: Process condition for typical amine production.

Product

Temp (ᵒC)

Pressure (bar)

Catalyst

Conditions

Primary amine
Secondary amine
Tertiary amine

80-140
150-210
230

10-400
50-200
7

Ni or Co
Ni or Co
Ni

NH3 addition
H2 purge
Secondary amine feed
and H2 purge
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2.2 Reaction mechanism for the hydrogenation of nitriles
The commonly agreed upon reaction mechanism for the hydrogenation of nitriles is proposed by von
Braun and adjusted by Greenfield, as shown in Figure 4 [7], [8]. The nitrile is hydrogenated to the
primary imine (or aldimine), which can in turn either be hydrogenated to form a primary amine, or it
can react with the primary amine to form component 5, 1-amino-dialkylamine. The latter component
can directly react with hydrogen to form a secondary amine by splitting of ammonia (hydrogenolytic
reaction) or first split of ammonia and give raise to the Schiff base (secondary imine), which can further
hydrogenate to the secondary amine. The secondary amine may react with the primary amine to
eventually form the tertiary amine. The intermediate primary imine has not been detected analytically
in literature [9]. This could be due to several reasons:




The intermediate reacts so quickly which makes it impossible to detect.
It is firmly adsorbed on the surface of the catalyst.
It is unstable and undeterminable analytically.

However, indirectly the existence of the primary imine was proved by the formation of benzaldehyde
from benzonitrile when water was added in excess as shown by Chatterjee et al. [10].
The role of ammonia in regulating the selectivity of the hydrogenation is debated in literature. The
first explanation is that ammonia affects the equilibrium of the condensation reaction suppressing the
formation of the Schiff base and secondary amine. Another explanation is based on the place of
occurrence of the condensation reactions. Acid sites on the catalyst may catalyze the condensation
reaction, while the basic ammonia will block these sites, preventing the condensation reaction to
happen [10]–[19].

Figure 4 : Complete reaction mechanism for the hydrogenation of nitriles.

Based on the later observation Verhaak et al. proposed a different mechanism, where the primary
imine migrates to an acid site, see Figure 5. This acid site can either be located on an acid catalyst
support or at the catalyst-support interface. For a Ni-SiO2 catalyst they explained the acidity at the
nickel-silica interface due to the formation of nickel hydrosilicates, which possess a high acidity shown
4

by temperature programmed desorption (TPD) of NH3 [11]. By reducing the Ni-SiO2 catalyst they
lowered the amount of nickel hydrosilicates and thereby the degree of acidity, and as a result a higher
selectivity towards the primary amine was achieved [18]. For nickel catalysts with supports having
different degrees of acidity they observed the same trend. When using a less acidic support the
selectivity towards the primary amine was higher.
Even by physically mixing the active catalyst for hydrogenation with either a basic or acid support
Verhaak et al. observed a change in selectivity. This brought them to the conclusion that the
condensation reaction is not limited to happen close to the direct neighborhood where the primary
imine is formed by hydrogenation of the nitrile.
Liu et al. performed the liquid phase hydrogenation of isophtalonitrile using a 20wt%Ni-5wt%Co/Al2O3
and 20wt%Ni-5wt%Co/SiO2 catalyst. By adding respectively SiO2 and Al2O3 to the reaction mixture they
found a change in selectivity. However not only for the acid Al2O3, but also after adding the relatively
neutral SiO2, the selectivity towards the primary amine decreased [14]. Gluhoi et al. and Chen et al.
reported similar results finding an effect of surface basicity/acidity on selectivity [16], [15].
Contrary to the aforementioned results, Severa found for the hydrogenation of butyronitrile in the
liquid phase that the yield of the primary amine is independent of the used nickel catalyst [12]. As
described by Krupka and Pasek, Severa performed the hydrogenation reaction using different nickel
catalysts like: Raney-Ni, Ni/SiO2, Ni/Al2O3, Ni/ZSM-5, Ni/beta-zeolite and Ni/Mordenite [19]. Also after
adding alumina together with the Raney-Ni catalyst no change in selectivity was found. Huang and
Sachtler observed the same, by varying the number of acid sites of different metal/zeolites catalyst,
without an effect on the selectivity. They criticized the dual-mechanism by stating that, higher order
amines are also formed on unsupported metals and on catalysts with a neutral support and acid sites
would be quickly neutralized in the basic atmosphere of nitriles and amines [17].
It can be concluded that several observations and explanations exist in literature. This report aims to
experimentally elucidate the effect of adding catalyst support and/or ammonia as discussed in section
4.1.3 and 4.1.4.

Figure 5: Proposed reaction mechanism by Verhaak et al. [18].
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2.3 Rotor-stator Spinning disc reactor
A new type of multiphase reactor is the rotor-stator spinning disc reactor (RS-SDR), which has a
spinning disc enclosed in a narrow cylindrical housing (the stator) with a gap of a millimeter, see
Figure 2 [20].
The small rotor-stator gap and the high disc speed lead to very high shear forces. When gas and liquid
is fed simultaneously to the reactor, small gas bubbles are suspended in the liquid, creating a high gasliquid interfacial area. Furthermore the high energy input per unit volume induces a high degree of
turbulence, increasing the mass transfer coefficient as described by Meeuwse et al. [5]. Overall these
two combined effects provide an increase in gas-liquid mass transfer rates, but also volumetric liquidsolid mass transfer coefficients are one order of magnitude higher than for packed bed reactors [21].
This makes the RS-SDR suitable for mass transfer limited processes.
When co-feeding gas and liquid, the RS-SDR can be divided into two regions. The top part is called the
film flow region (F), here the liquid flows as a thin film over the disc and the gas is in between the
liquid film and the top stator. The bottom part is called the dispersed region (D), here gas bubbles are
dispersed in the liquid phase. The hydrodynamics in these two parts can be translated into reactor
engineering models using combinations of PFRs and CSTRs. The gas phase in region F behaves as a
CSTR, while the liquid phase shows plug flow behavior. For the dispersed region the opposite holds,
the gas bubbles can be described as a PFR and the liquid phase as a CSTR. A schematic overview is
shown in Figure 6 [20].
Two hydrogen molecules are needed to convert one lauronitrile molecule to the desired
dodecylamine, therefore to reach full conversion one should add two times the number of moles of
lauronitrile. Due to the low density of the gas phase this may result in very high volumetric gas flow
rates, which can lead to a heterogeneous dispersion in region D. The dispersion type depends on the
rotation speed of the disc and the liquid volumetric flow. The maximum volumetric gas flow rate for
the transition between these dispersion types is described by the following formula:
2.33±0.42 0.40±0.12
𝑎
𝐼𝐼
𝜙̃𝐿
𝜙̃𝐺,𝑚𝑎𝑥
= 𝑎2 𝑅𝑒̈𝜔

(1)

𝑎1 = (5.32 ± 0.48) ∗ 10−4

(2)

𝑎2 = (1.2 ± 0.81) ∗ 10−3

(3)

1

For the homogenous dispersion only type II bubbles, i.e. small gas bubbles with a narrow size
distribution, are present in region D. On the other hand, in the heterogeneous dispersion type II
bubbles coexist with the larger type I bubbles, as shown in Figure 7. Type I bubbles move faster
through the RS-SDR, due to their larger volume, and have a lower surface area per unit volume
compared to the smaller type II bubbles [22]. Hence a very high volumetric gas flow results in the
formation of bigger gas bubbles, resulting in a decrease of gas hold-up and interfacial area between
the two phases. The combination of these two effects results in a decrease in mass transfer rate,
despite the increase in the mass transfer coefficient (kgl) for larger bubbles. Nevertheless, it is
beneficial to increase the gas flow rate, since this increases the overall volumetric mass transfer
coefficient (kglaglεg) as shown by Meeuwse [23]. However it would be even more beneficial to increase
the gas flow rate and prevent the formation of large bubbles.
An option which might prevent the formation of large bubbles is by adding the gas by co-feeding with
the liquid as in Figure 2 and using multiple feed points. The gas can be equally distributed over the
reactor using injection points in the bottom stator, preventing the necessity to directly feed the gas at
high volumetric flows. Also a perforated disc used by Haseidl et al. may be an alternative, gas can be
6

evenly distributed over the whole surface of the disc [24]. However more research is needed about
the effects of these transformations on the hydrodynamics and mass transfer coefficient to make a
substantiated decision. For these new configurations more interaction between bubbles will take
place. Furthermore the place of insertion will probably influence the bubble formation, since at feed
points close to the middle of the disc the shear force is lower.
The easiest way to add more hydrogen molecules is by increasing the pressure of the gas, but this
does not result in a higher mass transfer coefficient, since the volumetric gas flow remains constant.
However, increasing the pressure results in a higher solubility of hydrogen in the liquid. This can both
increase the driving force when mass transfer is limiting or increase the reaction rate due to the
kinetics. Furthermore, when for a certain case the reaction is limiting for the added amount of catalyst,
it is not necessary to increase the gas-liquid mass transfer and increasing the pressure is an easy option
to add more hydrogen, at the expense of a less safe and more expensive process.
High purity Lauronitrile and fresh catalyst are used for all the experiments. However in the
conventional process natural oils and fats are used, in which small concentrations of sulfur or other
components are present [25]. These components could lead to deactivation of the catalyst. Depending
on the rate of deactivation, considerations have to be made on how the catalyst will be incorporated
in the reactor. Which can be done in two ways either by adding the catalyst as a slurry, or by coating
the catalyst on the disc.
Several other aspects have to be investigated to make well-found decisions about the design of a RSSDR for the hydrogenation of lauronitrile. However incorporating the intrinsic kinetics with the simple
hydrodynamic model can give a first insight into the performance of the reactor and follow-up steps
on how to optimize the reactor.

Figure 6: Simple model for the RS-SDR.

Figure 7: Heterogeneous dispersion regime with type I and II
bubbles in the RS-SDR.
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3. Experimental
3.1 Reactor setup
A schematic overview of the experimental setup for the kinetic experiments is shown in Figure 8, while
the complete P&ID is given in Appendix 9.1. In the schematic overview, the stirrer inside the reactor
and the motor on top have been left out for clarity. A limbo350 100ml autoclave manufactured by
Büchi was used.
A maximum temperature of 140 °C was selected since at higher temperatures the formation of higher
order amines would become more favorable as summarized in Table 2. For safety reasons the
maximum applied reactor pressure will be 40 bar. In case of unexpected pressure buildup in the
reactor above the set pressure, a maximum pressure of 50 bar can be reached, since a Kalrez pressure
relief valve set at 50 bar is connected to the exhaust line.
The reactor is connected to three gas cylinders, consisting of H2, N2 and NH3. For hydrogen and
nitrogen the cylinder pressure is reduced to 40 bars, while for ammonia the reactor is directly
connected with the cylinder at 8 bar.

Figure 8: Schematic overview of the experimental setup.

Hydrogen and nitrogen are passed into the semi-batch reactor in a controlled way using a mass flow
controller (EL FLOW Prestige FG 110C by Bronkhorst) coupled to a pressure meter (EL PRESS P-502C).
Making it possible to perform the hydrogenation at constant hydrogen pressure. The pressure is
continuously monitored. When the reactor pressure drops below the set point due to the catalytic
reaction, H2 is supplied to the reactor. N2 is an inert used to flush the reactor, so to remove O2 (in air)
prior to the experiment and also to perform a pressure test to be able to completely exclude any
leakages in the system.
The reactor is surrounded by a heating mantle, which is filled with oil that is heated by an external
Lauda bath. A thermocouple is present in the reactor to record the reactor temperature. After heating
the reactor to the desired temperature and filling it with H2 and optionally NH3, the reaction can be
initiated by enabling the stirring. A small capillary tube is connected to the reactor to take samples,
which are analyzed using Nuclear Magnetic Resonance (NMR) or Gas Chromatography with Flame
Ionization Detector (GC-FID). Temperature, pressure and hydrogen flow rate are continually
8

monitored. When full conversion is reached, the pressure is released using a valve connected to the
exhaust line.
The whole reactor setup is fixed in a safety box with ventilation inside. Two gas detectors for ammonia
and hydrogen are present in the box, which are connected to an alarm. When either hydrogen or
ammonia is detected, or the ventilation power is insufficient, the alarm will sound. Furthermore
electronically operated valves connected to the detectors/alarm will automatically stop the supply of
hydrogen and ammonia to the reactor.

3.2 Experimental procedure
The liquid lauronitrile together with the catalyst (NiSAT-320RS) is added to the reactor. Air/O2 is
removed by flushing and pressurizing/depressurizing the reactor with nitrogen for multiple times.
Afterwards a pressure test is performed at a higher pressure than the experimental set value. When
the pressure is stable for 15 minutes the reactor will be depressurized and flushed with hydrogen,
removing the remaining nitrogen in the reactor both in the gas phase and dissolved in the nitrile.
Depending on the selected experimental conditions, the reactor is pressurized with ammonia before
the heating step, after the heating step or not at all. By adding ammonia prior to the heating step an
ammonia pressure of around 18 bar can be reached, the exact value depending on the set
temperature. When ammonia is added afterwards the ammonia pressure will be equal to the pressure
in the gas cylinder of around 8 bar.
After heating the reactor to the desired temperature, hydrogen is passed into the reactor until the set
pressure is reached. Finally, the reaction is started by enabling the stirring. Samples are taken at
regular intervals, which is analyzed using GC-FID or NMR. Mostly NMR is used, since this technique
makes a clear distinction between the different components in the reaction mixture.
As a final step, the reactor is cleaned using ethanol as solvent. The sample capillary line is flushed with
ethanol preventing contamination of samples which are then taken for the following experiment. In
this manner, the setup is ready to use for the next experiment.

3.3 Catalyst properties
The catalyst used for the hydrogenation reaction is the nickel catalyst: Ni-SAT320RS provided by
Clariant Chemicals. According to the supplier, the nickel catalyst is supported by SiO2 and it contains
55 wt% of nickel [26]. The advantage of this nickel catalyst over Raney-Ni is its non-pyrophoric
behavior at room temperature, making it easier and safer to work with.
Several analyzing techniques were used to investigate the catalyst properties including, SEM, EDX, BET
and gas pycnometry, and the results are summarized in Table 3. In Appendix 9.2 the individual results
for the different techniques are shown.
Table 3: Ni-SAT320RS catalyst properties.

Property

Value
3

Skeletal Density (kg/m )
2

2500

BET Surface Area (m /g)

195

Approximate Crystallite Size (nm)

5

Average Particle Size (µm)

7

Average Pore Width (nm)

4.7

9

3.4 Reactor model
Concentration profiles for the different components in the reactor are obtained by solving the molar
balances, see equations 4 and 5. By calculating the residuals from the obtained concentrations and
experimental values, the optimal fit parameters for the reaction rates are determined using a
nonlinear least squares solver. The following molar balances for the batch reactor were derived.
For H2:
𝑑𝑁𝐻2
𝑑𝑡

= 𝐹𝐻2 − 𝑟𝐻2 𝑊𝑐𝑎𝑡

(4)

For the other components:
𝑑𝑁𝑥
𝑑𝑡

= ± 𝑟𝑥 𝑊𝑐𝑎𝑡

(5)

The Langmuir-Hinshelwood model is used to describe the kinetics, for which the general form is shown
in equation 6. The exact form will be determined later from the performed experiments and proposed
assumptions.
𝑘𝐶𝑥 𝐶𝑦

𝑟𝑥 = (1+𝐾

𝑥 𝐶𝑥 +𝐾𝑦 𝐶𝑦 )

(6)

Where the dependency of the rate coefficients and adsorption constants on temperature were
described using Arrhenius and van ‘t Hoff equations, based on either activation energy or enthalpy of
adsorption.[27][28]:
𝑘𝑥 = 𝑘𝑥,𝑜 𝑒

−𝐸𝑎,𝑥
𝑅∗𝑇

(7)

−∆𝐻𝑎𝑑𝑠,𝑥
𝑅∗𝑇

(8)

𝐾𝑥 = 𝐾𝑥,0 𝑒
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4. Results
4.1 Preliminary experiments
Prior to the kinetic experiments several other experiments were performed. Starting with solubility
measurements of hydrogen and ammonia in lauronitrile and dodecylamine, this to obtain a relation
for the liquid concentration of both species, which will be used in the kinetic model. Secondly, since
the goal is to determine the intrinsic kinetics, the exclusion of mass transfer limitations should be
guaranteed. By using correlations and experimental results this criterion was checked for the most
extreme process conditions. Finally, the effect of adding catalyst support and basic components to the
reaction mixture was investigated, this because of the found contradictions in literature for the
hydrogenation mechanism.

4.1.1 Solubility measurements
The gas solubility in the liquid was determined by measuring the pressure change in the reactor after
enabling the stirring. First gas was added rapidly till a certain pressure, then the stirring was started
and the pressure decrease was monitored. The measured pressure change was converted to the molar
change using two equations of state, the ideal gas law and the Soave-Redlich-Kwong equation. This
was done at multiple initial pressures and for different temperatures.
The data was fitted to Henry’s Law for gas solubility:
𝑦2 𝜙2𝑉 𝑃 = 𝑥2 𝐻2,1

𝑓2𝑉 = 𝑥2 𝐻2,1

→

(9)

Where 𝑓2𝑉 is the vapor phase fugacity of the solute, 𝑥2 the molar fraction of the solute in the liquid
phase and 𝐻2,1 the Henry constant for solute 2 in solvent 1 [30]. The gas phase was assumed to consist
of pure solute, because of the low vapor pressure of lauronitrile and dodecylamine [27][28]. The ideal
gas law and the Soave-Redlick-Kwong (SRK) equation of state (EOS) were used to calculate the gas
phase fugacity coefficient, which for the ideal case corresponds with the total gas pressure. Using the
SRK EOS and the pure substance critical properties, the fugacity coefficient can be calculated, see
Appendix 9.3 [33].
4.1.1.1 Solubility H2
In Figure 9 and Figure 10 the solubility of hydrogen in both lauronitrile and dodecylamine is shown at
different pressures at 377K. No large differences in Henry’s constant is observed between the reactant
nitrile and product amine, therefore it was assumed that the solubility of hydrogen doesn’t change
during the reaction. The difference between the ideal gas law values (pH2) and SRK EOS values (fH2)
increases at higher pressures due to stronger repulsive forces for the non-polar hydrogen molecules.
The Henry constant was fitted for the fugacity values obtained from the SRK EOS. In Table 4 the Henry
constants for five temperatures in the process temperature range are displayed. The hydrogen
solubility increases with increasing temperature, however the effect was very small especially for
dodecylamine.
Table 4: Henry constants for hydrogen and ammonia in Lauronitrile.

Temperature (K)
348
368
377
387
406

Henry constant hydrogen,
HH2,Lauronitrile (bar)
1805.7
1767.0
1750.3
1764.5
1816.0

Henry constant ammonia
HNH3,Lauronitrile (bar)
85.87
111.28
120.85
156.77
-
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Figure 9: Hydrogen solubility in Lauronitrile for T=377K.

Figure 10: Hydrogen solubility in Dodecylamine for T=377K.

4.1.1.2 Solubility NH3
The same procedure was followed for ammonia in lauronitrile, see results in Table 4. The effect of
temperature was more pronounced, the solubility of ammonia decreased at higher temperatures. For
the fitted straight line, a R2 of 0.9049 was found, therefore describing the system using Henry’s law
may be too simplistic. Furthermore it can be seen that the solubility of ammonia is much higher
compared to hydrogen, which is expected to be caused by the positive polar interactions between
ammonia and lauronitrile/dodecylamine.
The Henry constant can be fitted as a function of temperature using the Arrhenius dependency.By
doing this the following relation was obtained.
1937.0674
)
𝑇

𝐻𝑁𝐻3 ,𝐿𝑎𝑢𝑟𝑜𝑛𝑖𝑡𝑟𝑖𝑙𝑒 (𝑇) = 21828.95 · 𝑒 (−

(10)

4.1.1.3 Effect ammonia on hydrogen solubility
To see if there is an effect of ammonia on the solubility of hydrogen both components were added to
the reaction mixture. When there is no effect, both solubilities should follow Henry’s law for the binary
mixtures. An experiment was done to verify this, in which five subsequent actions are performed
during one run:
1.
2.
3.
4.
5.

Fast addition of ammonia into the reactor.
Start stirring, ammonia dissolves.
Stop stirring and quickly add hydrogen.
Start stirring, hydrogen can dissolve.
Release pressure and stir for a short period of time to remove all dissolved hydrogen and
ammonia.

For an ideal system, a decrease in reactor pressure would be expected during step 4. However as
shown in Figure 11 the pressure increases when enabling the stirring, indicating the release of
ammonia by the solvent. The interaction between the molecules has as a consequence that Henry’s
law used above cannot adequately describe the system when both ammonia and hydrogen are added.
A more extensive model is needed, however accurate ternary data is required for such a model [30].
To obtain accurate date it is necessary to adjust the experimental setup enabling the determination
of the liquid concentration of ammonia and hydrogen, this was not possible within the scope and
timeframe of this project. Therefore, the fitted Henry’s constant will be used to describe the
concentration of ammonia and hydrogen in the liquid phase, keeping the above non-ideality in mind.
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Figure 11: Solubility measurement when adding both ammonia and hydrogen to Lauronitrile.

4.1.2 Mass transfer
For the catalytic hydrogenation of lauronitrile three phases are present in the reactor. Hydrogen has
to be transported from the gas phase to the solid catalyst particle to undergo the reaction, resulting
in several mass transfer steps prior to the reaction. These steps could limit the overall reaction rate,
such as in Figure 12. For the kinetic experiments, mass transfer limitations should be completely
excluded, since then the observed reaction rate equals the intrinsic rate. In the ideal case this would
result in flat concentration profiles for Figure 12, the bulk concentration of hydrogen in the liquid
being equal to the equilibrium gas-liquid concentration and the hydrogen concentration in the whole
catalyst particle being constant and equal to the bulk concentration.

Figure 12: Mass transfer steps for the three phase reactor.

The maximum possible flow through the mass flow controller is 150 mln/min. To be able to monitor
the added amount of hydrogen one should remain below this value. Therefore, a safe value around
100 mln/min, corresponding to around 7.5·10-5 mol(H2)/s, was selected to use as maximum flow. This
can be controlled by adjusting the initial amount of inserted fresh catalyst. The added amount of
hydrogen equals the observed reaction rate for hydrogen.
By increasing the stirring speed, external mass transfer, gas liquid and liquid solid transfer of H2, can
be enhanced. The mass transfer limitations can be understood by checking the mass flow rate of H2.
If the mass flow rate of H2 increases with increasing in the stirring speed, external mass transfer
limitations are present. An experiment was performed to determine the transition stirring speed from
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the mass transfer limited regime to the kinetically controlled regime. The results for this experiment
are visualized in Figure 13, the observed reaction rate (determined from the added hydrogen flow)
reaches its maximum at 1000 RPM, after which it decreases. The found decrease matches with the
decline in reactor temperature, following Arrhenius behavior. The observed temperature drop is
probably a result of contact between the hot liquid and the colder metal at the top part of the reactor,
which was not heated and insulated. Due to the enhanced stirring speed, the liquid was able to touch
more of the colder part of the reactor, resulting in a decrease in temperature.
From these results, it could be concluded that exclusion of external mass transfer limitations is
justified at stirring speeds above 1000 RPM for a maximum reaction rate around 7.5·10-5 mol(H2)/s.
Ultimately a stirring speed of 2000 RPM was selected for the kinetic experiments.

Figure 13: Observed reaction rate and corresponding reactor temperature for the executed mass transfer experiment at the
selected maximum hydrogen flow of 7.5×10-5 mol(H2)/s.

An increased stirring speed is known to enhance gas liquid mass transfer by raising the gas liquid
interfacial area and volumetric mass transfer coefficient due to the better mixing. However, the effect
of augmented stirring speed on the volumetric liquid solid mass transfer coefficient can be negligible.
So there might be a chance for liquid solid mass transfer limitations for the kinetic experiments at the
selected stirring speed. To verify the validity of this approximation, Sano’s correlation was used to
estimate Sherwood’s number [34]:
1

4 4
𝜀𝑑𝑖𝑠 𝑑𝑝

𝑆ℎ = (2 + 0.4 (

𝜈3

1

) 𝑆𝑐 3 ) 𝜑𝑐

(11)

Where 𝜀𝑑𝑖𝑠 is the rate of energy dissipation, 𝑑𝑝 equals the particle diameter, ν the kinematic viscosity,
Sc Schmidt number and 𝜑𝑐 surface factor. According to this correlation, the very small catalyst
particles may negatively influence the Sherwood number. However, after evaluating the Sherwood
number, still a pronounced increase was found when increasing the stirring speed and thereby the
energy dissipation. The very low particle size was countered by the high energy dissipation rate and
relatively low kinematic viscosity of lauronitrile. Therefore, it was concluded that for both gas liquid,
and liquid solid, mass transfer limitations were absent at 2000 RPM.
For determining possible internal mass transfer limitations in the catalyst particle the Weisz-Prater
criterion can be used [35]:
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𝐶𝑊𝑃 =
𝐷𝑒 = 𝐷

−𝑟𝐻2 (𝑜𝑏𝑠)𝜌𝑐 𝑅𝑝 2

(12)

𝐷𝑒 𝐶𝑥,𝑠
𝜀𝑝𝑜𝑟

(13)

𝜏

Where 𝜀𝑝𝑜𝑟 is the porosity of the catalyst, 𝜏 the tortuosity, D the diffusion coefficient (m2/s), 𝑅 the
catalyst particle radius (m), 𝜌𝑐 the catalyst density (kg/m3), 𝐶𝐻2 ,𝑠 the concentration of H2 at the surface
of the catalyst particle (molx/m3) and 𝑟𝐻2 (𝑜𝑏𝑠) the observed reaction rate for H2 (molH2/(s kgcat)).
The criterion was applied for 1.25 times the highest observed hydrogen reaction rate at the highest
operating temperature. The tortuosity of the catalyst is not known, therefore a value of 4 was chosen
as also was done by Mathieu et al. for their Raney Nickel catalyst [36]. The diffusion coefficient of
hydrogen in n-dodecane was used at 100°C and 34 bars [37]. The solubility of hydrogen found
previously was used for the concentration at the surface, since no external mass-transfer limitations
are present. The very small catalyst particles are now favorable, since 𝐶𝑊𝑃 should be as low as
possible. After evaluating the Weisz-Prater parameter, using equation 12, a very low value, more than
10 times below the limiting value of 0.3, for 𝐶𝑊𝑃 was calculated [38].
The stirring speed needed to accurately perform kinetic experiments was thus determined and set at
2000 RPM. For this value external mass transfer limitations are absent for a maximum reaction rate
of around 7.5·10-5 molH2/s and slightly higher. After determining the Weisz-Prater number, internal
mass transfer limitations could also be excluded, making it possible to perform the experiments in the
kinetically controlled regime.

4.1.3 Effect addition support
Contrasting observations were reported in literature about the effect of catalyst supports and
ammonia, on the selectivity to the primary amine. The addition of silica and alumina was both found
to lower the primary amine yield and to have no effect at all.
Experiments were performed with and without alumina and silica addition, while keeping all other
process conditions almost constant, see Figure 14. The final selectivity was similar for all cases, the
small deviations in process conditions for the different runs resulted in the dissimilarity for the
reaction rates. The results disagree with the findings of Liu et al., however noting that they added
respectively 8.75g Silica and Alumina together with 1.25g Ni-Co catalysts, much more than what was
done here [14].
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Figure 14: Mass fractions of dodecylamine (Pa) and didodecylamine (SA) over time when adding solely Ni, Ni + Silica and Ni
+ Alumina catalysts. Experiments executed at T=132 °C, pH2 = 12bar, pNH3,i = 0 bar and WNi =0.2 wt%, for only Ni addition
or Ni addition with 0.12 wt% SiO2 or Al2O3.
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4.1.4 Effect addition basic components
To further investigate the effect of the basicity of ammonia on selectivity, other basic components
were added to the reaction mixture. This to see if these components, expected to behave as inert,
changed the selectivity by adsorbing on acid sites as proposed by Verhaak et al. [18].
Firstly piperazine was selected as basic inert, this because at the applied conditions no tertiary amine
production was observed, so that it was expected that piperazine would not be converted to a tertiary
amine. By analyzing the NMR spectra of the reaction mixture, the progress of the reaction could be
monitored. However, after analyzing the spectra, the formation of a piperazine derivative was
detected:

Figure 15: Piperazine derivative formed.

The triplet at 2.85 ppm in Figure 16 corresponds with the hydrogen atoms attached to the carbon
atom as indicated in Figure 15 [39]. Apparently piperazine shows more affinity with the catalyst
surface compared to didodecylamine. The found behavior may suggest that molecular size influences
the ease to adsorb on the catalyst. Compared with lauronitrile and dodecylamine, didodecylamine and
the Schiff base have one more hydrocarbon chain, making it harder to adsorb. This could explain the
accumulation of the Schiff base and inhibition of didodecylamine conversion.

Figure 16: NMR spectra for the addition of piperazine to the reaction mixture at 15 minutes (bottom part) and 150 minutes
(top part). T=132 °C, pH2 = 32bar, pNH3,i = 0 bar and Wcat =0.225 wt%.
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Since piperazine participated in the reaction, no conclusion could be drawn on the selectivity effect.
Therefore, instead of a secondary amine like piperazine, tributylamine was added as inert tertiary
amine. Tributylamine could be detected by NMR separately from the other components allowing the
determination of the reaction mixture’s composition over time. As can be seen in Figure 17 the
amount of tributylamine remained constant over time. No significant differences were found with the
case where no tributylamine was added; i.e. similar selectivities and reaction rates were observed.

mass fraction (-)

Based on these findings it was assumed that acid sites on the catalyst support have no pronounced
effect on the selectivity and furthermore that ammonia influences the selectivity by shifting the
equilibrium between the Schiff base and primary imine, instead of blocking acid sites. These
assumption were used in the constructed kinetic models, by discarding the bi-functional mechanism
of Verhaak et al. and by the participation of ammonia in the reaction scheme.
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Figure 17 : Experimental results for the addition of tributylamine at T=132 °C, pH2 = 32bar, pNH3,i = 0 bar and Wcat =0.20 wt%.

4.2 Kinetic experiments
By performing the preliminary experiments, more insight was obtained in the effect of ammonia,
required for setting up the kinetic model. A relation for the hydrogen and ammonia concentration in
the liquid was determined, needed in the rate expressions. Furthermore the conditions were found
for being able to safely execute the kinetic experiments without mass transfer limitations.
For the kinetic experiments, measurements were done at the following process conditions:




T = 116, 124, 132 and 140 °C
pNH3,i = 0, 8 and 17 bar
pH2,i = 12, 23 and 32 bar

The maximum experimental temperature was set to be 140 °C, equal to the maximum favored
temperature for primary amine production, see Table 2. Typical results for an experimental run with
corresponding conditions are visualized in Figure 18. Didodecylamine is formed continually during the
experiment, while the hydrogen/ammonia ratio is found to largely determine the selectivity.
After performing all the experiments, a simplified reaction scheme was derived, based on LangmuirHinshelwood kinetics which was set fitted to the obtained data. These steps will be discussed in the
next sections.
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Figure 18: Results for the experiment executed at T=132, pH2,i = 32 bar, pNH3 = 0 bar and Wcat = 0.225wt%.

4.2.1 Simplified reaction mechanism and Langmuir-Hinshelwood model
Since process conditions favorable for primary amine production were applied, it was expected to be
valid to exclude the lower part of Braun’s reaction mechanism for nitrile hydrogenation. This
assumption was confirmed when no tertiary amine was detected in the reaction mixture for all
experiments. Also disproportionation and dehydrogenation reactions of the amines were not
observed for the working conditions applied here, in agreement with the findings of Krupka and Patera
[9]. Furthermore, component 5 in Figure 4, 1-amino-dialkylamine, was not detected in the reaction
mixture, while the Schiff base was formed in large amounts. The same behavior was observed by Volk
and Pasek for the hydrogenation of lauronitrile on Cobalt. The Schiff base accumulated in the reaction
mixture until all the nitrile was consumed, after which it was hydrogenated to the secondary amine
[13]. For the hydrogenation of lauronitrile on nickel, they found a more continuous formation of
didodecylamine during the complete experiment, concluding that the irreversible hydrogenolytic
reaction is of less importance. Also, the primary imine is not observed in the reaction mixture, which
could be caused either by its strong adsorption to the catalyst surface, its rapid consumption or its
instability [9]. Another remarkable observation was the continued production of primary amine even
after complete conversion of lauronitrile was achieved. The extent to which dodecylamine was formed
depending on the ammonia pressure, implying a reversible reaction between the Schiff base and
ammonia at one side and the primary imine and amine at the other side. Based on these experimental
observations, the following assumptions were made, resulting in the reaction mechanism in Figure
19:
1) No tertiary amine formation.
2) Hydrogenation reactions are irreversible.
3) The 1-amino-dialkylamine formed by the attachment of the primary amine on the
primary imine reacts directly to the Schiff base by splitting off ammonia.
4) The reaction from the primary imine to the Schiff base is reversible.
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Figure 19: Simplified reaction mechanism.

Using this simplified reaction scheme, a kinetic model was set up. Langmuir-Hinshelwood models are
often used to describe the hydrogenation of nitriles, this is because of a shifting reaction order for the
nitrile [36], [40], [41]. Consequently, a power law model would often fail to describe the kinetic data
over the entire concentration range. To find the correct form of the model several experiments were
conducted.
Two experiments were performed to determine the extent to which dodecylamine and ammonia
adsorb on the catalyst, by investigating the effect of their addition on the consumption rate of
lauronitrile. The effect of ammonia was investigated by monitoring the reaction rate with and without
ammonia addition, while keeping other process parameters constant (pH2 = 12 bar, wcat = 0.225%, Tr
= 132 °C and mnitrile,I = 40g). The left part of Figure 20 shows a decrease in reaction rate when adding
ammonia, consequently adsorption of ammonia was included in the model. A similar experiment was
conducted to determine the extent to which dodecylamine adsorbs on the catalyst. Initially the reactor
was filled with a mixture of around 75 wt% dodecane or dodecylamine together with 25 wt%
lauronitrile for two separate tests. Dodecane was assumed to behave as inert and therefore not being
able to adsorb on the catalyst. The results of the two experiments are visualized in the right part of
Figure 20, the other process parameters affecting the reaction rate were kept constant again (pH2 =
32 bar, wcat = 0.225%, Tr = 132 °C). A clear decrease in reaction rate is observed when adding
dodecylamine, hence also the adsorption of dodecylamine was included in the model.
For the secondary amine and Schiff base, no competitive adsorption was assumed. Didodecylamine
was expected to desorb quickly after it was formed, since it was not converted to intermediate
products prior to the tertiary amine. As mentioned before, the Schiff base was found to accumulate
in the mixture for cobalt catalysts and only after the nitrile was completely converted it was
hydrogenated to didodecylamine [13]. For the nickel catalyst, the secondary amine was formed
continually during the reaction, however after full conversion of lauronitrile, the Schiff base was slowly
consumed. Therefore also for the Schiff base negligible adsorption was proposed, assuming a high
coverage for lauronitrile, dodecylamine, ammonia and hydrogen.
Catalytic reactions can be limited by adsorption of molecules or by the surface reaction between
different molecules on the catalyst. Depending on the limiting case, the description of the model
changes. Adsorption limited behavior can be concluded when the observed reaction rate decreases
with increasing temperature (keeping all the other parameters constant). However when the observed
rate increases with increasing temperature adsorption can still be the limiting factor. This is the case
when hydrogen adsorbs much stronger on the catalyst compared to lauronitrile or vice versa. The
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catalyst surface will be fully covered with either hydrogen or lauronitrile. When the temperature
increases, and the adsorption constant of the abundant adsorbed specie decreases more than for the
limiting component, an increase in reaction rate is observed, even when there is adsorption limitation
for the limiting component. This however also implies that when the concentration of the abundant
adsorbed component is lowered, the reaction rate will increase. The limiting factor for the catalytic
reaction was determined by changing the process conditions.
Experimental results showed an increase in reaction rate with increasing temperature. To be able to
fully exclude adsorption limitation for hydrogen and lauronitrile, their starting concentration was
changed. In Figure 21 the results for different hydrogen pressures can be seen, the reaction rate
decreases for a lower hydrogen pressure. The lauronitrile concentration was lowered by diluting the
starting mixture with dodecane, the same experiment as mentioned before in Figure 20. The initial
hydrogen consumption rates were compared for the diluted a non-diluted mixture having the
following experimental settings: pH2 = 32 bar, wcat = 0.225%, Tr = 132 °C. An initial hydrogen
consumption rate of 8.56·10-5 mol/s was found without addition of dodecane, while adding dodecane
resulted in a consumption rate of 6.84·10-5 mol/s. Hence lowering the concentration of hydrogen or
lauronitrile decreases the reaction rate, indicating that both species are not fully adsorbed on the
catalyst surface. Combined with the increase in reaction rate at higher temperatures it was concluded
that adsorption of hydrogen and lauronitrile for the catalytic reaction was not the limiting step. Since
dodecylamine was found to readily adsorb on the catalyst, it was assumed that the adsorption step of
for this molecule is also not limiting.
Summarizing all the assumptions based on the described experimental observations and used in the
Langmuir-Hinshelwood model are as follows:





Competitive adsorption on the catalyst between hydrogen, ammonia, lauronitrile and
dodecylamine.
Weak adsorption on the catalyst for the Schiff base
No adsorption on the catalyst for didodecylamine.
No adsorption limitation for lauronitrile, hydrogen and dodecylamine.

Using these assumptions, two kinetic models were derived. The first one assuming a surface reaction
limitation for the Schiff base, while for the second one the opposite case of adsorption limitation for
the Schiff base was investigated. The first model was found to describe the experimental data best
and therefore will be discussed here.

Figure 20: Left figure- mass fraction of lauronitrile over time with and without ammonia addition. Right figure - mass fraction of lauronitrile over time with
dodecylamine and dodecane (inert) addition. For both figures the reaction rate is compared for the two different cases, keeping all the other process
conditions constant.

20

Figure 21: Mass fraction lauronitrile over time for different hydrogen pressures. Settings for both experiments: T=124°C,
pNH3,i = 0 bar, wcat = 0.27 wt%.

4.2.2 Model 1: Surface reaction limitation for the Schiff base
For this model all adsorption and desorption reactions are in equilibrium, allowing the description of
the surface concentration of the different components as a function of their bulk concentrations and
adsorption constants. Dissociative adsorption of hydrogen was assumed, giving the following
equilibrium adsorption reactions:

H2 + 2 * ⇌ 2H*
N + * ⇌ N*
PA + * ⇌ PA*
S + * ⇌ S*
NH3 + * ⇌ NH3*
The used abbreviations are defined according to Table 5. After adsorption of the molecules, the
following surface reactions take place, following the simplified reaction scheme in Figure 19:

r1: N* + 2H* → PI* + 2*

𝑟1 = 𝑘1 ′′ 𝐾𝑁 𝐶𝑁 𝐾𝐻2 𝐶𝐻2 𝜃∗ 3

r2: PI* + 2H* → PA* + 2*

𝑟2 = 𝑘2 ′′ 𝐶𝑃𝐼∗ 𝐾𝐻2 𝐶𝐻2 𝜃∗ 2

PI* + PA* ⇌ S* + NH3*
r3: PI* + PA* → S* + NH3*

𝑟3 = 𝑘3 ′′ 𝐶𝑃𝐼∗ 𝐾𝑃𝐴 𝐶𝑃𝐴 𝜃∗

r4: S* + NH3*→ PI* + PA*

𝑟4 = 𝑘4 ′′ 𝐶𝑆 𝐾𝑁𝐻3 𝐶𝑁𝐻3 𝜃∗ 2

r5: S* + 2H* → SA + 3*

𝑟5 = 𝑘5 ′′ 𝐶𝑆 𝐾𝐻2 𝐶𝐻2 𝜃∗ 3

Where 𝑘1 ′′ = 𝑘1 𝐶𝑎𝑐𝑡 3 , 𝑘2 ′′ = 𝑘2 𝐶𝑎𝑐𝑡 2 , 𝑘2 ′′ = 𝑘2 𝐶𝑎𝑐𝑡 2, 𝑘3 ′′ = 𝑘3 𝐶𝑎𝑐𝑡 , 𝑘4 ′′ = 𝑘4 𝐾𝑆 𝐶𝑎𝑐𝑡 2 , 𝑘5 ′′ = 𝑘5 𝐾𝑆 𝐶𝑎𝑐𝑡 3.
𝐶𝑎𝑐𝑡 corresponding with the concentration of active sites on the catalyst, which is constant, since no
catalyst deactivation is presumed. Furthermore, the adsorption constant for the Schiff base was
incorporated in 𝑘4 ′′ and 𝑘5 ′′, even further reducing the number of fit parameters.
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As mentioned before, the primary imine has not been detected analytically, possibly due to its fast
reaction. That’s why the coverage of the primary amine on the catalyst is assumed to be negligible
and the pseudo steady state hypothesis is used to describe the concentration of the adsorbed primary
imine. For 𝜃∗, the surface coverage of free sites, and 𝐶𝑃𝐼∗ , the primary imine concentration, derived
from the pseudo steady state hypothesis the following formulas were obtained:
𝜃∗ =

1
(1 + 𝐾𝑁 𝐶𝑁 + √𝐾𝐻2 𝐶𝐻2 + 𝐾𝑃𝐴 𝐶𝑃𝐴 + 𝐾𝑁𝐻3 𝐶𝑁𝐻3 )

𝐶𝑃𝐼∗ =

𝑘1 ′′ 𝐾𝑁 𝐶𝑁 𝐾𝐻2 𝐶𝐻2 𝜃∗ 3 + 𝑘4 ′′ 𝐶𝑆 𝐾𝑁𝐻3 𝐶𝑁𝐻3 𝜃∗ 2
(𝑘3 ′′ 𝐾𝑃𝐴 𝐶𝑃𝐴 𝜃∗ + 𝑘2 ′′ 𝐾𝐻2 𝐶𝐻2 𝜃∗ 2 )

By combing the individual reaction rates the following rates of reaction for the products/reactants
were found:
𝑟𝑁 = −𝑟1
𝑟𝑃𝐴 = 𝑟2 + 𝑟4 − 𝑟3
𝑟𝑆 = 𝑟3 − 𝑟4 − 𝑟5
𝑟𝑆𝐴 = 𝑟5
𝑟𝑁𝐻3 = 𝑟3 − 𝑟4
𝑟𝐻2 = −𝑟1 − 𝑟2 − 𝑟5
See Appendix 9.4 for the derivation of the hydrogen and ammonia concentration in the liquid, as well
as the calculation of the required hydrogen flow needed to maintain constant pressure.
Table 5: Abbreviations used in the kinetic models.

H
N
PA
S
PI
SA
*
X*
Cx
Cx*
rX

Hydrogen atom
Nitrile, lauronitrile
Primary amine, dodecylamine
Schiff base
Primary imine
Secondary amine, didodecylamine
Free site on catalyst
Specie X adsorbed on the catalyst
Concentration of X in liquid [mol/dm3]
Concentration of X on the catalyst [mol/dm3]
Reaction rate component X [mol/(min gcat)]

4.3 Optimal fit results for kinetic models
For the kinetic models, the optimal fit parameters were determined, by minimizing the sum of squares
of the objective function, in this case the residual sum of squares. The lsqnonlin function in Matlab
was used to solve the nonlinear least-squares fitting problem. Experiments were conducted at varying
process conditions:
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T = 116, 124, 132 and 140 °C
pNH3,i = 0, 8 and 17 bar
pH2,i = 12, 23 and 32 bar

This resulted in 824 data points to fit the data to. The results of the experiments described in section
4.2.1, used for the proposed assumptions, were included in the fit data. This to validate if the solver
converges to the right solution, matching the proposed assumptions. The obtained optimal fit
parameters, their accuracy and sensitivity for both models will be treated in the next sections.

4.3.1 Results model 1:
For the reaction rate coefficient the Arrhenius equation was used, while the adsorption constant was
described using a van t’ Hoff equation. In Table 6 the optimal values for the fit parameters are given.
Table 6 : Found optimal fit parameters for model 1.

𝑘1
𝑘2 ′′
𝑘3 ′′
𝑘4 ′′
𝑘5 ′′

k0
3.446·10 [mol/(g min)]
1.699·105 [dm3/(g min)]
1.600·107 [dm3/(g min)]
1.100·107[dm3/(g min)]
5.371·106 [dm3/(g min)]

Ea [kJ/mol]
70.46
32.29
32.93
31.14
47.43

𝐾𝑁
𝐾𝑃𝐴
𝐾𝐻2
𝐾𝑁𝐻3

K0 [dm3/mol]
2.515·10-6
3.366·10-6
5.033·10-6
7.700·10-3

∆H [kJ/mol]
-53.83
-49.30
-82.51
-33.61

′′

8

Typical results obtained by the model are visualized in Figure 22 and Figure 23. For the optimal
adsorption constants, the catalyst’s active sites are almost fully covered. When ammonia is added, the
coverage of lauronitrile and hydrogen is lowered, resulting in a slightly lower reaction rate.
Furthermore it is important that the found experimental results, competitive adsorption of
dodecylamine and surface limited catalytic reaction for lauronitrile and hydrogen, are well described
by the model. Figure 24 and Figure 25 show the fit for the experiments adding dodecylamine and
dodecane to the mixture. The found parameters fit these experimental results reasonably well
(especially the reaction rate for lauronitrile, affected by competitive adsorption). The added
dodecylamine lowers the surface coverage of lauronitrile, slowing down its reaction. Dodecane lowers
the concentration of lauronitrile, also lowering the surface coverage of lauronitrile, however to a
lesser extent than dodecylamine, since it doesn’t adsorb on the catalyst itself. The found results
indicate that all the assumptions based on experimental data are adequately described by the model.
Concluding, the fit parameters match with the assumption based on experimental results.
Nevertheless the parameters should also be statistically plausible, which will be validated in the
following section.
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Figure 22: MODEL 1 Experimental and modelling results for T = 132 °C, pH2,i = 32 bar, pNH3,I = 0 bar and Wcat = 0.225%.

Figure 23: MODEL 1 Experimental and modelling results for T = 132 °C, pH2,i = 32 bar, pNH3,I = 8 bar and Wcat = 0.225%.

Figure 24: MODEL 1 Experimental and modelling results for the initial addition of dodecylamine at T = 132 °C, pH2,i = 32 bar,
pNH3,I = 0 bar and Wcat = 0.225%.
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Figure 25: MODEL 1 Experimental and modelling results for the initial addition of dodecane at T = 132 °C, pH2,i = 32 bar,
pNH3,I = 0 bar and Wcat = 0.225%.

4.3.2 Validation model 1
A common way to determine the significance of the found parameters is to determine their 95%
confidential interval. Using the Jacobian matrix, obtained from lsqnonlin, the linear-approximation
confidence intervals can be calculated. The Jacobian at the ijth entry is the derivative of the residuali
with respect to fit parameter, kj:
𝐽𝑖,𝑗 =

𝑑𝑟𝑒𝑠𝑖
𝑑𝑘𝑗

(14)

The whole Jacobian is thus a matrix of derivatives the residuals with respect to the fit parameters. The
linear-approximation standard error evaluated at the best fit can be calculated as:
0.5

𝑠𝑒 = 𝑠 ([𝐽𝑇 𝐽]−1 𝑝𝑝 )

(15)

With s2 being the estimated variance:
𝑅𝑆𝑆

𝑠 2 = (𝑁−𝑃),

(16)

equal to the residuals sum of squares (RSS) divided by the degrees of freedom, N – P, with N being the
number of experimental data points and P the number of fit parameters. The RSS can be calculated
as:
𝑁𝑒𝑥𝑝
2
𝑅𝑆𝑆 = ∑𝑖=1 ∑𝑁𝑑𝑎𝑡𝑎
𝑗=1 ( 𝑛𝑒𝑥𝑝 − 𝑛𝑚𝑜𝑑 )

(17)

Using the linear approximated standard error, the marginal confidence interval follows from the
student t distribution [42]:
𝛼
2

𝑘𝑗 ± 𝑡 (𝑁 − 𝑃; ) 𝑠𝑒

(18)

Using this method, very broad confidence intervals were found, with unphysical values below zero.
Broad confidence intervals is a common problem when fitting the highly nonlinear LangmuirHinshelwood model [43]. Making the obtained confidence intervals from the linear approximations
highly misleading, this because as stated by Watts: ‘’the behavior of parameter estimates in a
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nonlinear model is a very complex function of the formulation of the equation (the specific way in
which the variables and the parameters are combined in the equation), the parameterization (the
specific way the parameters are expressed in the equation), the experimental design used (the settings
of the factors in the experimental runs), the residual variance, and even the parameter estimates’’
[44].
Profiling is a method which can overcome this problem as described by Watts. For a single parameter
a series of values is taken, the conditional minimum for every value is determined. At this minimum
the corresponding values of the other parameters and the sum of squares is evaluated. This procedure
should be followed for every parameter, after which profile t and profile traces plots can be made.
Normally, the standard error of each parameter at the optimal minimum can be used to scale and shift
the concerned parameter. However due to the calculated unrealistic standard errors the parameters
can be shifted randomly. Plotting the shifted values against the square root of the relative excess sum
of squares gives the profile t plot. The square root of the relative excess sum of squares is defined as:
𝜏(𝑘𝑗 ) = 𝑠𝑔𝑛(𝑘𝑗 − 𝑘𝑗,𝑜𝑝𝑡 )

(𝑅𝑆𝑆(𝑘𝑗 )−𝑅𝑆𝑆𝑜𝑝𝑡 )
𝑠

(19)

When the plotted values of 𝜏(𝑘𝑗 ) against 𝑘𝑗 form an almost straight line with slope equal to one, linear
approximated confidence limits can be used.
After evaluating 𝜏(𝑘1 ′′) something strange was observed, while changing 𝑘1 ′′ and finding the new
minimum the residual sum of squares remained constant or improved even a little bit. After changing
other parameters one by one the same behavior was observed. An example is given in Figure 26 for
k2,0’’, for increased values of k2,0’’, starting from the found value in Table 6, a very small decrease in
RSS from the starting RSS is observed. The other parameters can be adjusted in such a way that the
RSS remains almost constant. This behavior denotes that no pronounced unique solution exists for the
model, the increase in RSS by changing a parameter at the ‘’optimal condition’’ can be overcome by
changing the other parameters. Approximate linear combinations can be made between parameters,
which can be observed by looking at the [𝐽𝑇 𝐽] matrix. When this matrix is ill-conditioned at the
‘’optimal’’ point approximate linear combinations can be made [43]. The evaluated [𝐽𝑇 𝐽] matrix was
indeed ill-conditioned at the found optimal solution.

Figure 26: Change in RSS compared with the starting RSS at k2'' is 1.699·105 the ‘’optimal’’ found value in Table 6. When
increasing k2'' minima with an even lower RSS can be found by changing the other fit parameters, showed by the decreasing
line.
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For ill-conditioned problems profiling can’t be used to examine the results, however as suggested by
Asprey and Naka in such a case surface/contour plots for the residual sum of squares can be made as
alternative. This is done by fixing all but two fit parameters at their least square estimates indicated
in Table 6. The two remaining parameters are perturbed around their least square estimates, while
evaluating the RSS. Subsequently a contour plot or surface plot can be constructed for RSS as function
of the two parameters.
First contour plots were obtained by changing the pre-exponential factor with its corresponding
activation energy for a certain parameter, since it was expected that both terms are highly correlated.
As an example the obtained surface and contour plot for k1,0’’ and corresponding activation energy is
visualized in Figure 27. The parallel lines indicate a correlation between both parameters, k0 can be
increased from 2.8·108 till 4.2·108 giving the same value for RSS by slightly decreasing Ea. The
corresponding surface plot also shows the continuous minimum for RSS. In the ideal behavior for no
inter correlation ellipses will be formed on the contour plot corresponding with a pronounced
minimum in the surface plot.
Correlation between parameters were found for all pre-exponential factors with corresponding
activation energies/reaction enthalpies, such as for k1’’. However also for k3’’0 and k4’’0 parallel lines
for the contour plot are observed as can be seen in Figure 28 . Concluding that, despites the model
describes all assumptions and experimental results well, there is no unique solution for the current
model. Several parameters are correlated, this making the found values meaningless, since other
values could describe the experiments equally well.

Figure 27: Contour and surface plot for the K0 and ∆H of KN.
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Figure 28: Contour plot k3,0’’ against k4,0’’.

4.3.3 Adjusted Kinetic model:
Based on the validation results, an adjusted model was constructed, trying to solve the problems
found in the previous models. The number of fit parameters was reduced, firstly by introducing an
equilibrium constant for the equilibrium reaction between the primary imine and dodecylamine on
one side and ammonia and Schiff base on the other side. From the contour plot for k3’’0 and k4’’0 in
Figure 28 it could be concluded that both parameters are highly correlated. By describing the
equilibrium reaction using an equilibrium constant instead of a rate coefficient for the forward and
backward reaction, this problem can be overcome.
The concentration of the Schiff base could now be described using the equilibrium relation and the
primary amine concentration using the overall mole balance. Furthermore the description for the fit
parameters was transformed using the following formula for the parameters:
𝑘𝑖 =

−𝐸𝑎,𝑖 1 1
𝛼𝑖 (( 𝑅 )(𝑇−𝑇0 ))
𝑒 𝑒

Where Ea,i is changed to ∆H,i for equilibrium constants. Using the following formula for 𝛼𝑖 the original
form of the Arrhenius equation is obtained:
𝛼𝑖 = ln(𝑘𝑖,0 ) −

𝐸𝑎,𝑖
𝑅𝑇0

By centering the equation around a reference temperature 𝑇0 , here 389.15K, the parameter
estimations behave more linearly. Combining this with scaling of the pre-exponential factor by
bringing it closer to the scale of the activation energy, results in an improved behavior of the
estimates, which might solve the correlation between activation energy and pre-exponential factor
[43].
Finally also the heat of adsorption was fixed for hydrogen on the Nickel catalyst, in literature values of
around 84 kJ/mol are reported for adsorption of hydrogen on Nickel surfaces [28], [29]. The found
value in literature is similar for the optimal value found in MODEL 1, by fixing this value, the number
of fit parameters is further decreased.
For the adjusted model, the same assumptions are still valid as derived in section 4.2.1. All surface
reactions are still limiting and can be formulated as:
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r1: N* + 2H* → PI* + 2*

𝑟1 = 𝑘1,𝑎𝑑𝑗 ′′ 𝐾𝑁 𝐶𝑁 𝐾𝐻2 𝐶𝐻2 𝜃∗ 3

r2: PI* + 2H* → PA* + 2*

𝑟2 = 𝑘2,𝑎𝑑𝑗 ′′ 𝐶𝑃𝐼∗ 𝐾𝐻2 𝐶𝐻2 𝜃∗ 2

r3: S* + 2H* → SA + 3*

𝑟3 = 𝑘3,𝑎𝑑𝑗 ′′ 𝐶𝑆 𝐾𝐻2 𝐶𝐻2 𝜃∗ 3

PI* + PA* ⇌ S* + NH3*
For which 𝑘1,𝑎𝑑𝑗 ′′ = 𝑘1 𝐶𝑎𝑐𝑡 3, 𝑘2,𝑎𝑑𝑗 ′′ = 𝑘2,𝑎𝑑𝑗 𝐶𝑎𝑐𝑡 2 and 𝑘3,𝑎𝑑𝑗 ′′ = 𝑘3,𝑎𝑑𝑗 𝐶𝑎𝑐𝑡 3 𝐾𝑆 .
The Schiff base concentration can be described using the introduced equilibrium constant and
equilibrium reaction:
𝐶𝑠 =

"
𝐾𝑒𝑞
𝐶𝑃𝐼∗ 𝐶𝑃𝐴 𝐾𝑃𝐴
𝐶𝑁𝐻3 𝐾𝑁𝐻3 𝜃∗

"
𝐾𝑒𝑞
=

𝐾𝑒𝑞
𝐾𝑆 𝐶𝑎𝑐𝑡

Using the pseudo steady state hypothesis and assuming negligible coverage for the primary imine, the
following relations for the free sites coverage and primary imine concentration can be derived:
𝜃∗ =

1
(1 + 𝐾𝑁 𝐶𝑁 + √𝐾𝐻2 𝐶𝐻2 + 𝐾𝑃𝐴 𝐶𝑃𝐴 + 𝐾𝑁𝐻3 𝐶𝑁𝐻3 )

𝑟𝑃𝐼∗ = 0 = 𝑘1,𝑎𝑑𝑗 ′′ 𝐾𝑁 𝐶𝑁 𝐾𝐻2 𝐶𝐻2 𝜃∗ 3 − 𝑘2,𝑎𝑑𝑗 ′′ 𝐶𝑃𝐼∗ 𝐾𝐻2 𝐶𝐻2 𝜃∗ 2 − 𝑘3,𝑎𝑑𝑗 ′′ 𝐶𝑆 𝐾𝐻2 𝐶𝐻2 𝜃∗ 3
𝑘1,𝑎𝑑𝑗 ′′ 𝐾𝑁 𝐶𝑁 𝐾𝐻2 𝐶𝐻2 𝜃∗ 3

𝐶𝑃𝐼∗ =
′′

(𝑘2,𝑎𝑑𝑗 𝐾𝐻2 𝐶𝐻2 𝜃∗

2

"
𝑘3,𝑎𝑑𝑗 ′′ 𝐾𝐻2 𝐶𝐻2 𝐾𝑒𝑞
𝐶𝑃𝐴 𝐾𝑃𝐴 𝜃∗ 3
+
)
𝐶𝑁𝐻3 𝐾𝑁𝐻3 𝜃∗

For the reaction rate of the primary imine, the third reaction to didodecylamine was included, this
because the formation of one molecule of didodecylamine results indirectly in the disappearance of
one molecule of primary imine. 𝐶𝑃𝐴 was determined from the overall mole balance for nitrogen, while
𝑁𝑁𝐻3 ,𝑡𝑜𝑡 could be written as function of 𝐶𝑆 and 𝐶𝑆𝐴 :
𝐶𝑃𝐴 = 𝐶𝑁𝑖𝑡𝑟𝑜𝑔𝑒𝑛,𝑖 − 𝐶𝑁 − 𝐶𝑁𝐻3 − 𝐶𝑆 − 𝐶𝑆𝐴
𝑁𝑁𝐻3 ,𝑡𝑜𝑡 = 𝑁𝑁𝐻3 ,𝑖 + (𝐶𝑆 + 𝐶𝑆𝐴 )𝑉𝐿
By incorporating the ideal gas law in the model the concentration of ammonia and hydrogen in the
liquid phase could be determined using the following equations:
𝑁𝑁𝐻3 ,𝑔 = 𝑁𝑁𝐻3 ,𝑡𝑜𝑡 − 𝑁𝑁𝐻3 ,𝑙

𝑥𝑁𝐻3 ,𝑙 =
𝑁𝑁𝐻3 ,𝑙 =

𝑃𝑁𝐻3
=
𝐻𝑁𝐻3

𝑁𝑁𝐻3 ,𝑔 𝑅𝑇𝑔
(
)
𝑉
𝑔

𝐻𝑁𝐻3

(𝐶𝑁 + 𝐶𝑃𝐴 + 𝐶𝑆 + 𝐶𝑆𝐴 + 𝐶𝐻2 + 𝐶𝐼 )𝑉𝐿
𝑥𝑁𝐻3 ,𝑙
(1 − 𝑥𝑁𝐻3 ,𝑙 )
𝑃𝐻2 = 𝑃𝑠𝑒𝑡 − (

𝑁𝑁𝐻3 ,𝑔 𝑅𝑇𝑔
)
𝑉𝑔
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𝑥𝐻2 ,𝑙 =
𝑁𝐻2 ,𝑙 =

𝑃𝐻2
𝐻𝐻2

(𝐶𝑁 + 𝐶𝑃𝐴 + 𝐶𝑆 + 𝐶𝑆𝐴 + 𝐶𝑁𝐻3 + 𝐶𝐼 )𝑉𝐿
𝑥𝐻2 ,𝑙
(1 − 𝑥𝐻2 ,𝑙 )
𝐶𝑁𝐻3 =

𝑁𝑁𝐻3 ,𝑙
𝑁𝐻 ,𝑙
𝑎𝑛𝑑 𝐶𝐻2 = 2
𝑉𝐿
𝑉𝐿

Solving the above set of algebraic equations together with the differential equations for lauronitrile
and didodecylamine provides the concentration profiles for all components over time:
𝑑𝐶𝑁
= −𝑟1 𝑊𝑐𝑎𝑡
𝑑𝑡
𝑑𝐶𝑆𝐴
= 𝑟3 𝑊𝑐𝑎𝑡
𝑑𝑡
Using the found concentrations and experimental concentrations the residuals could be calculated,
which were used as input for the lsqnonlin solver.

4.3.4 Results and validation adjusted model
The found optimal values for the adjusted model are tabulated in Table 7, with corresponding
confidence intervals. The majority of the found confidence interval are still very broad, however some
values improved. For 𝛼1 ′′ , corresponding with 𝑘1,𝑎𝑑𝑗 ′′ , realistic values are observed, while 𝛼2 ′′ and
"
are unrealistic. This is caused by the fact that these parameters are correlated. The conversion of
𝛼𝑒𝑞
lauronitrile is rate limiting, while the primary imine is almost instantly converted. By raising the value
for 𝑘2,𝑎𝑑𝑗 ′′ the primary imine concentration on the surface decreases. This will shift the equilibrium
towards the Schiff base, however by increasing the equilibrium constant this effect can be countered.
Since nothing is known about the primary imine concentration during the experiment, it cannot be
checked if the value for the primary imine in the model is too high or too low. This makes it possible
"
over a wide range while still matching the experimentally found concentration
to vary 𝑘2,𝑎𝑑𝑗 ′′ and 𝐾𝑒𝑞
profiles, yet giving completely different values for the primary imine concentrations.
Table 7: Found values for adjusted with confidence intervals.

𝛼1
𝛼2 ′′
𝛼3 ′′
𝛼"𝑒𝑞

𝛼0
-2.1339 ± 0.15 [mol/(g min)]
1.1365 ± 79.15 [dm3/(g min)]
0.8580 ± 16.72 [dm3/(g min)]
-2.2592 ± 86.68 [-]

Ea/∆H [kJ/mol]
70.48 ± 12.97
32.23 ± 308.22
47.41 ± 35.43
45.34 ± 321.91

𝛼𝑁
𝛼𝑃𝐴
𝛼𝐻2
𝛼𝑁𝐻3

𝛼 0 [dm3/mol]
3.6637 ± 16.80
2.8900 ± 16.97
13.0547 ± 33.35
5.3525 ± 16.64

∆H [kJ/mol]
-53.83 ± 16.17
-49.30 ± 34.75
-84.00
-33.61 ± 11.35

′′

The adsorption constants determine the coverage of the different components, which directly
influences the reaction rates. However the coverage for a component is indirectly a function of the
ratio of its adsorption constant compared with the other ones. This causes the adsorption constants
to be correlated with each other, the effect of raising one constant can be overcome by increasing the
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others. By fixing the adsorption enthalpy for hydrogen this problem was partly overcome as can be
seen by the improved confidence intervals for the adsorption enthalpies, however the pre-exponential
factors still deviate a lot.
The above proposals were checked by fixing 𝛼2 ′′ and 𝛼𝐻2 completely, which indeed resulted in realistic
confidence intervals. In Figure 29 the contour plot for 𝛼1 ′′ is shown, visualizing the improved
accurateness of the found values compared with Figure 27.

Figure 29: Contour plot for 𝜶1,0 against Ea,1

Unfortunately no unique values for all parameters were found for all three models, due to inter
correlations between the different parameters. Experiments should be performed aiming to
individually determine certain parameters. I.e. relations for the adsorption constant for hydrogen or
ammonia could be determined by using temperature programmed desorption/adsorption
experiments [45]. Secondly, an indication about the surface concentration of the primary imine could
"
or these constants could be described as ratio of one over
help to find the exact range for 𝛼2 ′′ and 𝛼𝑒𝑞
another. Another option is to use a different model for instance by only incorporating competitive
adsorption of hydrogen and lauronitrile, being able to determine the ratio of adsorption constants for
these components at high surface coverage. Also a model could be made without incorporating the
primary imine. However these model will not describe the real physical situation. Nevertheless the
derived models here with their optimal parameters can be incorporated in reactor models to describe
the kinetics. That’s why next the goodness of the fit will be determined by looking at parity plots for
different conditions.

4.3.5 Fit accuracy
All models showed similar fit accuracy, all with the same deviations for equal experimental data points.
Here the parity plots for the adjusted kinetic model will be discussed, especially for the found
conversion of lauronitrile and yield of dodecylamine. This because these two terms determine the
performance of the process and therefore should be well described. The conversion for lauronitrile
was written as:
𝑋𝑁 =

𝑁𝑁 (𝑡 = 0) − 𝑁𝑁 (𝑡)
𝑁𝑁 (𝑡 = 0)

Where 𝑁𝑁 is the amount of moles of lauronitrile at a certain time in the reactor. The dodecylamine
yield was calculated using the following formula:
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𝑌𝑃𝐴 =

𝑁𝑃𝐴 (𝑡)
𝑁𝑁 (𝑡 = 0)

Parity plots for the four different temperatures at high ammonia pressure were constructed. This
because in reality ammonia will be added to suppress didodecylamine, therefore the model should be
accurate for these conditions. In Figure 30 the parity plot for the lauronitrile conversion is visualized,
the grey outer lines correspond to a 15% error. The model fits the data for T = 124°C and 132°C very
well, for the other two temperatures, more outliers are observed. The conversion is overestimated
during the first stages of the reaction. However this is better than to underestimate the conversion,
since now the predicted reaction heat will be higher than the observed one. After a while the predicted
conversion approaches the experimental conversion.
The predicted yield matches the experimental yield very well for the adjusted model, see Figure 31.
Only for T = 140°C more outliers are observed. The final yield at 100% lauronitrile conversion
approaches the found experimental yield, which also indicated a well predicted selectivity.
Overall all models were found to describe the experimental very well also for varying ammonia
pressure, hydrogen pressure, temperature and catalyst weight, for which parity plots are not shown
here. No strange behavior was observed when adding catalyst mass fractions up to 4wt% to the
mixture, a linear dependency between catalyst mass and reaction rate was found, which also is used
in the models. Hence all three models can be used to adequately describe the kinetics in the models
for the batch reactor and RS-SDR.

Experimental conversion(-)
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Figure 30: Parity plot for the lauronitrile conversion found by the model and corresponding experimental conversion at high
ammonia above 15 bar pressures and four different temperatures.
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Figure 31: Parity plot for the dodecylamine yield found by the model and corresponding experimental yield at high ammonia
above 15 bar pressures and four different temperatures
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5. Comparison batch reactor and RS-SDR
In this section kinetic model 1 will be incorporated in reactor engineering models for a batch reactor
and the RS-SDR. First, both models will be derived and their assumptions will be summarized, after
which the performance of both reactors will be discussed

5.1 Batch reactor model
5.1.1 Mole balances
For the batch reactor model, the gas and liquid phases are assumed to be both indivually ideally mixed
due to the turbulence stirring regime in the reactor. Furthermore, no internal mass transfer limitations
are assumed in the small catalyst particles for a temperature of 140 °C and below, as verified with the
Weisz-prater criterion in 4.1.2. This gives the following molar balances:
Gas phase:
𝑑𝑁𝐻2 ,𝑔
𝑦𝐻 𝑝𝑡𝑜𝑡
= 𝐹𝐻2 ,𝑖𝑛 − 𝑘𝐿 𝑎𝜀𝑔 𝑉𝑅 ( 2
𝐶𝑡𝑜𝑡,𝑙 − 𝐶𝐻2 ,𝑙 )
𝐻𝐻2
𝑑𝑡
𝑑𝑁𝑁𝐻3 ,𝑔
𝑦𝑁𝐻3 𝑝𝑡𝑜𝑡
= −𝑘𝐿 𝑎𝜀𝑔 𝑉𝑅 (
𝐶𝑡𝑜𝑡,𝑙 − 𝐶𝑁𝐻3 ,𝑙 )
𝐻𝑁𝐻3
𝑑𝑡
Liquid phase:
Where x equals NH3 or H2
𝑑𝑁𝑥,𝑙
𝑦𝑥 𝑝𝑡𝑜𝑡
= 𝑘𝐿 𝑎𝜀𝑔 𝑉𝑅 (
𝐶
− 𝐶𝑥,𝑙 ) − 𝑘𝑠 𝑎𝑠 𝜀𝑠 𝑉𝑅 (𝐶𝑥,𝑙 − 𝐶𝑥,𝑠 )
𝑑𝑡
𝐻𝑥 𝑡𝑜𝑡,𝑙
Where x equals all other components in the liquid:
𝑑𝑁𝑥,𝑙
= −𝑘𝑠 𝑎𝑠 𝜀𝑠 𝑉𝑅 (𝐶𝑥,𝑙 − 𝐶𝑥,𝑠 )
𝑑𝑡
Solid phase:
𝑘𝑠 𝑎𝑠 𝜀𝑠 𝑉𝑅 (𝐶𝑥,𝑙 − 𝐶𝑥,𝑠 ) = 𝑟𝑥 𝑊𝑐𝑎𝑡

5.1.2 Mass transfer correlations
In a batch reactor, different hydrodynamic regimes can be observed depending on the impeller speed
and impeller type. In Figure 32 these regimes are visualized at constant gas flow rate and increasing
stirring speed for a six bladed disc turbine impeller. The impeller speed at the transition point from
regime C to D is named Ncd, the minimum impeller speed for complete dispersion of the sparged gas
[46], [47].

Figure 32: Hydrodynamic regimes at different stirring speeds and constant gas flow [48].
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Correlations proposed by Yawalkar et al., for the gas holdup and mass transfer coefficient (kLa) in a
stirred tank reactor, will be used in the simple model for the batch reactor. In these correlations the
gas hold up in the liquid phase and the mass transfer coefficient is a function of the ratio between the
actual impeller speed and minimum impeller speed mentioned above, while normally correlations are
based on either dimensionless groups or specific energy input [48], [49]. The correlations hold for a
standard six bladed disc turbine (Rushton impeller) and a wide range of system configurations and
operating parameters.
In formula 9 and 10 the correlation used for the gas holdup in the liquid phase and the volumetric
mass transfer coefficient is shown. Where Ni is the impeller speed (rev/s) and Ncd the minimum
impeller speed for complete dispersion (rev/s). Vvm the volume of gas sparged per unit volume of the
liquid per minute, which corresponds with the inverse of the mean gas residence time (VL/QG). Tr the
inside diameter of the reactor (m), Di the impeller diameter (m) and vg the superficial gas velocity.
0.64

𝑁

𝜀𝑔 = 0.122 (𝑁 𝑖 )
𝑐𝑑

𝑁

𝐷

𝑟

1.464

𝑘𝐿 𝑎 = 3.35 (𝑁 𝑖 )
𝑐𝑑

0.14

(𝑣𝑣𝑚)0.69 (𝑇)0.22 ( 𝑖)
𝑇
𝑣𝑔

(9)
(10)

With the following expression for Ncd, depending on the volumetric gas flow rate Qg (m3/s) and the
reactor’s and impeller’s diameter:
0.5

𝑁𝑐𝑑 =

4·(𝑄𝑔 )

(𝑇𝑟 )0.25

(𝐷𝑖 )2

(11)

Similar as the stirring speed required for complete gas dispersion, an impeller speed for complete
suspension of the catalyst particles can be found. One of the most used correlations for this speed is
proposed by Zwietering. It describes the impeller speed, Njs, at which no particles remain stationary
at the bottom of the tank for more than 1 or 2 seconds. Over 1000 experiments with sand particles in
water, for different types of stirrers, were performed to be able to determine the fitting parameters
in the correlation [50]. In a more recent study Ayranci and Kresta critically analyzed the original
correlation of Zwietering at higher solid concentrations. They proposed a new correlation, which is in
better agreement with experimental results at solid concentration of 2 wt% to 35 wt% [51]. This new
correlation is used in the model:
1/6 𝑛
𝑔(𝜌𝑠 −𝜌𝑙 ) 0.5 𝑑𝑝 𝑋
𝑇𝑟
)
1/3 2/3 𝐷
𝜌𝑙
𝑁𝑝 𝐷𝑖
𝑖

𝑁𝑗𝑠 = 𝐴′ (
𝐴

(12)

1/3

𝐴′ = ( 4 )

(13)

𝜋
1

𝐴=

1

𝑑 30 𝑁𝑝3 𝜈0.1 𝐷𝑖 𝑔∆𝜌 −0.05
𝑆 𝑝 11
( )
𝑇𝑟 𝜌𝑙
𝐷 60

(14)

Where g is the acceleration due to gravity, ρ density (kg/m3), Np the power number (Newton number),
X the mass ratio of solids (%) and S is Zwietering’s constant depending on the impeller and its
dimensions. For Zwietering’s constant, data for Rushton turbines was taken from Ayranci and Kresta
[52]. The power number for Rushton turbines can be expressed as function of the number of blades
nb, off-bottom clearance h (m) and impeller diameter according to Beshay et al [53]:
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ℎ −0.178

𝑁𝑝 = 0.996𝑛𝑏0.682 (𝐷 )

(15)

𝑖

Using the minimum stirring speed, an expression similar as equation 10 can be obtained for the solidliquid mass transfer coefficient, based on the ratio between the actual and minimum stirring speed
combined with the Schmidt number [54]:
1.16

𝑁

𝑘𝑠 = 1.72 ∙ 10−3 (𝑁 𝑖 )
𝑗𝑠

𝑆𝑐 −0.53

(16)

By putting the expressions for the mass transfer coefficients and gas holdup in the mole balances,
the performance of the batch reactor for different process conditions could be determined and
compared with the Spinning Disc Reactor.

5.2 Simplified spinning disc reactor model
As discussed in the theoretical section, the RS-SDR with co-feeding of liquid and gas can be divided in
two sections, the film flow region (F) on top of the disc and the dispersed region (D) underneath the
disc. In these two regions the liquid and gas phase can either be modelled as CSTR or PFR, see Figure
6, giving the following balances for both regions:
Flow region:
Gas phase balances:
0 = 𝐹𝐻2 ,𝑔 𝑖𝑛 − 𝐹𝐻2 ,𝑔 − 𝑘𝑔𝑙 𝑎𝑔𝑙 (

𝑦𝐻2 𝑝𝑡𝑜𝑡
𝐶𝑡𝑜𝑡,𝑙 − 𝐶𝐻2 ,𝑙 )
𝐻𝐻2

𝑉

𝑡𝑜𝑡

0 = 𝐹𝑁𝐻3 ,𝑔 𝑖𝑛 − 𝐹𝑁𝐻3 ,𝑔 − 𝑘𝑔𝑙 𝑎𝑔𝑙 (
𝑦𝐻2 =

𝑦𝑁𝐻3 𝑝𝑡𝑜𝑡
𝐶𝑡𝑜𝑡,𝑙 − 𝐶𝑁𝐻3 ,𝑙 )
𝐻𝑁𝐻3

𝑉
𝑡𝑜𝑡

𝐹𝐻2 ,𝑔
𝐹𝐻2 ,𝑔 + 𝐹𝑁𝐻3 ,𝑔

Liquid phase balances:
Where H2 or NH3 equals x:
𝜑𝑣,𝑙

𝑑𝐶𝑥,𝑙
𝑦𝑥 𝑝𝑡𝑜𝑡
= 𝑘𝑔𝑙 𝑎𝑔𝑙 (
𝐶
− 𝐶𝑥,𝑙 ) + 𝑟𝑥 𝛾𝑐𝑎𝑡
𝑑𝑉
𝐻𝐻2 𝑡𝑜𝑡,𝑙

Where x equals components only in liquid phase like lauronitrile and dodecylamine:
𝜑𝑣,𝑙

𝜕𝐶𝑥,𝑙
= 𝑟𝑥 𝛾𝑐𝑎𝑡 𝑉
𝜕𝑉

Dispersed region:
Gas phase balances:
𝑑𝐹𝐻2 ,𝑔
𝑦𝐻 𝑝𝑡𝑜𝑡
= −𝑘𝑔𝑙 𝑎𝑔𝑙 ( 2
𝐶𝑡𝑜𝑡,𝑙 − 𝐶𝐻2 ,𝑙 )
𝐻𝐻2
𝑑𝑉
𝑑𝐹𝑁𝐻3 ,𝑔
𝑦𝑁𝐻3 𝑝𝑡𝑜𝑡
= −𝑘𝑔𝑙 𝑎𝑔𝑙 (
𝐶𝑡𝑜𝑡,𝑙 − 𝐶𝑁𝐻3 ,𝑙 )
𝑑𝑉
𝐻𝑁𝐻3
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𝑦𝐻2 =

𝐹𝐻2 ,𝑔
𝐹𝐻2 ,𝑔 + 𝐹𝑁𝐻3 ,𝑔

Liquid phase balances:
Where H2 or NH3 equals x:
0 = 𝜑𝑣,𝑙 (𝐶𝑥,𝑙 𝑖𝑛 − 𝐶𝐻2 ,𝑙 ) + 𝑉𝑘𝑔𝑙 𝑎𝑔𝑙 (

𝑦𝑥 𝑝𝑡𝑜𝑡
𝐶
− 𝐶𝑥,𝑙 )
𝐻𝐻2 𝑡𝑜𝑡,𝑙

+ 𝑟𝑥 𝛾𝑐𝑎𝑡 𝑉
𝑡𝑜𝑡

Where x equals components only in liquid phase like lauronitrile and dodecylamine:
0 = 𝜑𝑣,𝑙 (𝐶𝑥,𝑙 𝑖𝑛 − 𝐶𝑥,𝑙 ) + 𝑟𝑥 𝛾𝑐𝑎𝑡 𝑉

Volumetric mass transfer coefficients were taken from experimental data obtained by Meeuwseet al.
[23]. He investigated gas liquid and liquid solid mass transfer for relatively low ratios of volumetric gas
flow over volumetric liquid flow. Since for the hydrogenation reaction at least two times more
hydrogen molecules are needed to convert all the lauronitrile, the volumetric gas flow should be
increased. As mentioned before, this is beneficial due to the enhanced volumetric mass transfer
coefficient, kglagl, at higher volumetric gas flows [22]. However, since no experimental values have
been determined yet at high gas flow rates, the values found by Meeuwse at lower flows (as
summarized in Table 8) will be used.
Table 8: Used volumetric gas liquid mass transfer coefficients in the model. Values are determined at the following
𝑚3

𝑚3

𝑟𝑎𝑑

conditions: 𝜑𝑣,𝑙 = 6.7 ∙ 10−6
𝑎𝑛𝑑 𝜑𝑣,𝑔 = 7.3 ∙ 10−6
𝑎𝑡 𝑁𝑑𝑖𝑠𝑐 ≈ 160 . For a spinning disc reactor with Rrotor =
𝑠
𝑠
𝑠
-3
0.066 m, Rstator = 0.076 m, Hspacing = 1·10 m and Hdisc = 3·10-3. Gas holdup included in both values.

𝐹𝑙𝑜𝑤 𝑟𝑒𝑔𝑖𝑜𝑛: 𝑘𝑔𝑙 𝑎𝑔𝑙

0.4 mL3/(mR3 s)

𝐷𝑖𝑠𝑝𝑒𝑟𝑠𝑒𝑑 𝑟𝑒𝑔𝑖𝑜𝑛: 𝑘𝑔𝑙 𝑎𝑔𝑙

0.95 mL3/(mR3 s)

For the liquid solid mass transfer coefficient, kls, Meeuwse found a value of 7.9·10-4 mL3/(mi2 s). After
multiplying this value with the specific surface area of the small catalyst particle a value 600 times
higher than 𝑘𝑔𝑙 𝑎𝑔𝑙 was found, therefore no liquid solid mass transfer limitations were assumed. The
catalyst surface concentration equals the bulk concentration, allowing to directly insert the reaction
terms in liquid phase balance. More assumptions implemented in the model are:








No internal mass transfer limitations, since the same catalyst particles are used as for the
kinetic experiments.
Constant volumetric mass transfer coefficients.
Constant volumetric liquid flow.
A fixed catalyst holdup in the reactor/slurry phase.
Isothermal process.
RS-SDR has four stages.
No pressure drop.
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5.3 Results comparison
The performance for both reactors was compared for different amounts of catalyst holdups. At higher
catalyst holdups, the intrinsic reaction rate in mol/s will increase, while the gas liquid mass transfer
will remain almost the same. Therefore it is expected that the RS-SDR will outperform the batch
reactor at high enough catalyst holdups if the intrinsic kinetics are fast enough. In both models, kinetic
model 1 will be used with its found optimal fit parameters.

Figure 33: Lauronitrile conversion after 10 minutes in the batch reactor as
function of catalyst holdup.

Figure 34: Lauronitrile conversion after the final stage of the RS-SDR as
function of catalyst holdup.

After evaluating the results for the batch reactor model, it was found that the reaction rate was very
low caused by the low gas holdup determined by relation 9. The relation is solely a function of
reactor/stirrer dimensions, volumetric gas flow and stirring speed. However, in reality, a gas layer on
top of the batch reactor will participate in the reaction due to back mixing as is the case for part e in
Figure 32. Therefore instead of the proposed correlation an approximated value of 0.05 for the gas
holdup will be used, which is based on the amount of gas being able to participate in the mass transfer.
When the gas holdup becomes too high the height of the stagnant gas layer increases, resulting in the
lack of back mixing for the complete gas layer. A value of 0.05 looks like a reasonable value for which
all gas will be able to be mixed with the liquid. This assumption will overestimate the performance of
the batch reactor, since in reality not the complete layer will be mixed with the liquid, resulting in a
lower effective gas holdup. However this is no problem when for this value the RS-SDR still
outperforms the batch reactor. The approximated gas holdup for the batch reactor is used for all
results that will be shown.
Table 9: Set conditions for both reactors

Treactor
pH2
pNH3
Nrot
𝜑𝑣,𝑙
𝜑𝑣,𝑔

Batch reactor
140 °C
80 bar
20 bar
15 rev/s
-

RS-SDR
140 °C
80 bar
20 bar
160 rad/s
6.7·10-6 m3/s
90·10-6 m3/s

The selected operation conditions for both reactors are summarized in Table 9. For the batch reactor
the most advantageous reactor and impeller dimensions were chosen to give the lowest minimum
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rotation speed for catalyst dispersion and sufficient gas mixing. The gas flow for the RS-SDR was
raised, this to have sufficient hydrogen for the reaction.
As can be seen in Figure 33 and Figure 34 the flattening of the conversion for the batch reactor starts
already at very low catalysts holdup, while for the RS-SDR this starts at a holdup of around 7 volume%.
This already implies that the productivity for the RS-SDR can be much higher when inserting a lot of
catalyst compared to the batch reactor.
For the batch reactor the biggest issue was the drop in the mass transfer coefficient, caused by the
declining inlet flow rate of hydrogen. The higher the conversion of lauronitrile, the lower the reaction
rate, resulting in the decline of the inlet flow rate. It would be beneficial if hydrogen was added
continuously to the batch reactor maintaining a high mass transfer coefficient. The complete
concentration profiles as function of batch time is visualized in Figure 35. A catalyst holdup of 1 volume
percent was chosen, since higher values do not result in a significant higher final conversion as shown
in Figure 33.
The results for the four stage RS-SDR are shown in Figure 36, fifty percent lauronitrile conversion can
be reached after a liquid residence time of about 30 seconds for this configuration, which looks very
promising compared to value of about 10 minutes needed in the batch reactor.
By looking at possible more promising reactor conditions, the RS-SDR may perform even better. As
investigated by M. Beer, good gas dispersion can still be reached for gas/liquid volumetric flow ratios
up to 94.3. Gas volumetric through flow rates of up to 283 · 10-6 m3/s were applied for disc rotations
speeds till 470 rad/s [22]. If the same trends apply as found by Meeuwse at these increased flow rates
and rotational speeds a significant improved value for the gas liquid mass transfer coefficient can be
obtained. Caused by both the enhanced rotational speeds as well as the higher gas holdup due to the
increased gas flow rate. However this also implies that more catalyst should be added to the reactor,
to keep up with the enhanced mass transfer. For a hypothetical situation where kglagl will be equal to
3 mL3/(mR3 s) in the dispersed region, pH2 = 80 bar, pNH3 = 20 bar, TR = 160 °C, 𝜑𝑣,𝑔 = 283·10-6 m3/s,
𝜑𝑣,𝑙 = 6.7·10-6 m3/s, and the catalyst holdup equals 20 volume%, almost 100 percent conversion can
be reached in a four stage spinning disc reactor. The results for this hypothetical case are visualized in
Figure 37.

Figure 35: Performance batch reactor for the settings in Table 9 and a catalyst holdup of 1 volume%.

These final results show the RS-SDR promising capabilities and the possibility of obtaining almost 100%
lauronitrile conversion for an approximated residence time of 30 seconds, outperforming the batch
reactor definitely by conversion speed. However one should keep in mind that after 50 mins only 0.02
m3 of dodecylamine is produced, while at the same time a batch of dodecylamine is produced by the
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batch reactor, which can have a very large volume. Therefore further research should be done on how
to increase the production rate of the RS-SDR, but also on other questions like:







How much catalyst can be implemented in the reactor?
Is the loss in selectivity at higher temperatures a problem?
How severe is catalyst deactivation?
Can all the formed heat be removed?
What will be the exact mass transfer coefficient at higher gas flow rates and rotational
speeds?
Is it possible to optimize the gas insertion to obtain a better dispersion?

Nevertheless, without discussing these questions at this moment, the RS-SDR shows very promising
initial results to replace the batch process for the hydrogenation of lauronitrile to dodecylamine.

Figure 36: 4 stage RS-SDR performance for the setting in Table 9 and a catalyst holdup of 12 volume%.

Figure 37: Performance for a four stage RS-SDR for kglagl = 3 mL3/(mR3·s) in the dispersed region, pH2 = 80 bar, pNH3 = 20
bar, TR = 160 °C, 𝜑𝑣,𝑔 = 283·10-6 m3/s, 𝜑𝑣,𝑙 = 6.7·10-6 m3/s, and the catalyst holdup equals 20 volume%.
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6. Conclusion
Kinetic hydrogenation experiments of lauronitrile were performed. At the investigated conditions,
hydrogenation reactions are irreversible, the primary imine intermediate together with dodecylamine
reversibly reacts directly to form the Schiff base and ammonia. Based on this, the selectivity can be
adjusted by the introduction of NH3.
A simplified reaction mechanism was proposed from the general mechanism and experimental
observations. A Langmuir-Hinshelwood kinetic model was derived using the simplified reaction
mechanism. From the kinetic experiments, it can be concluded that competitive adsorption between
lauronitrile, dodecylamine, NH3 and H2 occurs on the catalyst surface. The rate limiting step for the
catalytic reaction is found to be the surface reaction of lauronitrile, hydrogen to dodecylamine.
The obtained kinetic models with optimal fit parameters were found to accurately describe the
experimental data. However, after analyzing the 95% confidence intervals for the fit parameters, very
broad intervals were observed, indicating correlated fit parameters. An adjusted model was
presented, setting the condensation reaction to be at equilibrium and fixing the adsorption enthalpy
for hydrogen, reducing the amount of fit parameters. Furthermore, the pre-exponential factors were
scaled matching the order of the activation energies and enthalpies, also centering on a reference
temperature was applied.
For the adjusted model the confidence regions slightly improved. However, still correlations between
fit parameters existed, making the correlated parameters not unique. Nevertheless, the kinetic
models could be incorporated in the model for the batch reactor and rotor stator spinning disc reactor,
since they predicted the experimental data very well.
By looking at the performance of both reactors, it can be concluded that 50% lauronitrile conversion
could be reached in a RS-SDR for an approximated residence time of 30 seconds, while for a batch
reactor 50% conversion is reached after 10 minutes. Since it is expected that the performance of the
spinning disc is underestimated regarding the possible mass transfer for these high gas flow rates an
even higher conversion can be reached.
Overall it can be concluded that the goal of determining the intrinsic kinetics for the hydrogenation of
lauronitrile has been fulfilled, however not all found parameters were unique. A simplified RS-SDR has
been made by incorporating the derived kinetic model with optimal parameters. The preliminary
results already showed the potential of the RS-SDR compared to a conventional batch reactor. Making
it worthwhile to do further research on this topic.

7. Outlook and recommendations
The found correlations between the fit parameters, resulting in non-unique values, are caused by the
lack of experimental data. The found adsorption constants are used to describe the surface coverage
of the adsorbed components. However, since the surface coverage for one component is determined
by the ratio of its adsorption constants divided by the other adsorption constants, no unique solution
can be found. The correct ratios can be described with numerous values for the adsorption terms.
Therefore it is recommended to measure the adsorption terms individually. For hydrogen and
ammonia this could for instance be done by using temperature programmed desorption/adsorption.
Another way could be to only take adsorption of hydrogen and lauronitrile into account and assuming
a fully covered surface, making it possible to use the ratio of the hydrogen and lauronitrile adsorption
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constant in the model. This however happens at the expense of the accurateness of the model, since
it was shown that the adsorption of dodecylamine and ammonia is significant on the catalyst.
"
The equilibrium constant for the condensation reaction (𝛼𝑒𝑞
) and rate coefficient in the reaction for

the production of dodecylamine (𝛼2" ) are also correlated. This was caused by the lack of experimental
data for the adsorbed primary imine concentration. Depending on the value of 𝛼"2 the primary imine
concentration changed, normally shifting the equilibrium, however by changing 𝛼"𝑒𝑞 this effect was
contoured. Therefore for every imine concentration, the experimental concentrations for the primary
amine and Schiff base can be described well by adjusting the two parameters. It was found that it is
"
possible to use the ratio, 𝛼𝑒𝑞
/𝛼2" , in the rate equations, being able to solve this problem.
Unfortunately due to time constraints this is not presented here.
Another aspect which may influence the performance of the model is the incorrect description of the
solubility of ammonia and hydrogen in the liquid. Henry’s law was found to be unsuitable for the
ternary mixture. Possibly less hydrogen can dissolve in the liquid due to the higher affinity of ammonia
with the liquid. Hence it is necessary to find a more extensive model being able to describe the
solubilities of both gases. An option could be to modify the current setup, making it able to measure
the ammonia content in the gas phase and liquid by measuring the pH of a solution. However, one
should think about the sensitivity and accurateness of such a setup.
The deactivation rate of the catalyst should be determined for a lauronitrile stream formed by natural
oils and fats. Depending on the deactivation rate the catalyst may be coated on the disc. This all has
effects on how much catalyst can be inserted in the reactor and on what catalyst to use. If for instance
deactivation is fast, the catalyst should be added with the liquid stream, this however implies a
necessary separation step after the reactor. Too small catalyst particles could lead to difficulties in
separating the solid from the liquid, hence maybe bigger particles should be used, which consequently
could lead to mass transfer limitations. Concluding, it is recommend to first analyze the deactivation
rate of the catalyst. Afterwards, if the deactivation rate is found to be too fast, determine if a
separation step before the RS-SDR removing contaminants may be a feasible option. Finally select the
method of inserting the catalyst in the reactor and based on this method check for mass transfer
limitations and find the maximum possible holdup.
Using this holdup it can be determined how important gas liquid mass transfer is. Depending on this
importance the design of the RS-SDR can be adjusted. High volumetric gas flow can be applied,
multiple feed points can be used or even a perforated disc feeding the gas through the holes can be
an option to increase the gas liquid mass transfer.
Following new experimental findings, the model for the RS-SDR can be improved. It is recommend to
incorporate heat balances in the model giving a proper description of the reactor temperature.
Furthermore it would be beneficial to find a correlation for the mass transfer coefficient as function
of volumetric flow rates and energy dissipation, being able to incorporate this expression in the model.
Finally more research could be done on the performance of other catalyst as well as for the addition
of solvents and basic components. Solvents and basic components are found to influence the
selectivity. When a basic component or solvent can be used taking over the role of ammonia in
enhancing the selectivity, however without lowering the reaction rate the overall performance can be
improved.
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10. Appendix
10.1 P&ID Experimental setup
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10.2 Results catalytic analyzing techniques
Table 1: EDX results Ni-SAT320RS.

Element
Symbol

3

Atomic
Conc.

Weight Oxide
Conc.
Symbol

Ni

31.68

60.10 Ni

O

56.64

29.29

Si

11.68

10.61 Si

Figure 138: EDX results Ni-SAT320RS.

Stoich.
wt Conc.
85.00

15.00

Figure 2: SEM results Ni-SAT320RS.

Figure 3: Complete particle size distribution for the Ni-SAT320RS catalyst.
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10.3 Soave-Redlich-Kwong equation of state
𝑓𝑉

ln ( 𝑃 ) = 𝑍 − 1 − ln(𝑍 − 𝐵) −
𝑃=

𝑅𝑇
𝑣−𝑏

𝑎(𝑇)

− 𝑣(𝑣+𝑏)

𝐴
𝑍+𝐵
ln( 𝑍 )
𝐵

𝑆𝑅𝐾 𝐸𝑂𝑆

Equation 2 can be written as
𝑍 3 − 𝑍 2 + 𝑍(𝐴 − 𝐵 − 𝐵2 ) − 𝐴𝐵 = 0
Where:
𝐴=

𝑎𝑃
𝑅2 𝑇 2
𝑏𝑃

𝐵 = 𝑅𝑇
𝑣=𝑍

𝑅𝑇
𝑃

For the pure substance:
𝑎(𝑇) = 𝑎𝑖 (𝑇) = 𝑎𝑐𝑖 𝛼𝑖 (𝑇)
𝑎𝑐𝑖 = 0.42747

2
𝑅2 𝑇𝑐𝑖
𝑃𝑐𝑖

𝛼𝑖 (𝑇) = (1 + (0.480 + 1.574𝜔𝑖 −
𝑏 = 𝑏𝑖 = 0.08664

0.176𝜔𝑖2 ) (1

−

𝑇 0.5
(𝑇 ) ))
𝑐𝑖

2

𝑅𝑇𝑐𝑖
𝑃𝑐𝑖

The critical temperature (𝑇𝑐𝑖 ), critical pressure (𝑃𝑐𝑖 ) and acentric factor (𝜔𝑖 ) for the pure components,
in this case needed for hydrogen and ammonia, are summarized in table 1.
Table 1: critical properties pure components

Ammonia
Hydrogen
Lauronitrile
Dodecylamine

critical temperature
(𝑇𝑐 )
405.65 K
33.18 K
720.09 K
696 K

critical pressure (𝑃𝑐 )

acentric factor (𝜔)

112.8 bar
13.13 bar
17.43 bar
18.80 bar

0.2526
-0.2150
0.720
0.764
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10.4 Evaluating hydrogen flow and pressure using ideal gas law
Using the ideal gas law the concentration of hydrogen and ammonia in the liquid mixture can be
determined as well as the required hydrogen flow to keep the reactor pressure at the set point.
Solving the following set of equations provides the concentration of ammonia and hydrogen in the
liquid:
𝑁𝑁𝐻3 ,𝑔 = 𝑁𝑁𝐻3 ,𝑡𝑜𝑡 − 𝑁𝑁𝐻3 ,𝑙
𝑥𝑁𝐻3 ,𝑙 =

𝑃𝑁𝐻3
𝐻𝑁𝐻3

=

(A1)

𝑁𝑁𝐻 ,𝑔 ∗𝑅∗𝑇𝑔
3
)
𝑉𝑔

(

(A2)

𝐻𝑁𝐻3

(𝐶𝑁 +𝐶𝑃𝐴 +𝐶𝑆 +𝐶𝑆𝐴 +𝐶𝐻2 +𝐶𝐼 )×𝑉𝐿

𝑁𝑁𝐻3 ,𝑙 =

(1−𝑥𝑁𝐻3,𝑙 )

𝑃𝐻2 = 𝑃𝑠𝑒𝑡 − (

𝑁𝑁𝐻3 ,𝑔 ∗𝑅∗𝑇𝑔
𝑉𝑔

𝑥𝑁𝐻3 ,𝑙

(A3)

)

(A4)

𝑃𝐻2

𝑥𝐻2 ,𝑙 = 𝐻

(A5)

𝐻2

𝑁𝐻2 ,𝑙 =
𝐶𝑁𝐻3 =

(𝐶𝑁 +𝐶𝑃𝐴 +𝐶𝑆 +𝐶𝑆𝐴 +𝐶𝑁𝐻3 +𝐶𝐼 )×𝑉𝐿
(1−𝑥𝐻2,𝑙 )
𝑁𝑁𝐻3 ,𝑙
𝑉𝐿

𝑎𝑛𝑑 𝐶𝐻2 =

𝑥𝐻2 ,𝑙

(A6)

𝑁𝐻2,𝑙
𝑉𝐿

Solving the following set equations provides the required hydrogen flow:
Differentiating 𝑁𝑁𝐻3 ,𝑙 ,see equation A3, with respect to time gives:
𝑛−1

𝐻𝑁𝐻3 𝑁𝑥
𝑑𝑁𝑁𝐻3 ,𝑙
=∑
𝑑𝑡
𝑥=1

𝑑𝑃𝑁𝐻3
𝑑𝑁
+ 𝑃𝑁𝐻3 (𝐻𝑁𝐻3 − 𝑃𝑁𝐻3 ) 𝑥
𝑑𝑡
𝑑𝑡
2
(𝐻𝑁𝐻3 − 𝑃𝑁𝐻3 )

Summing over all components except ammonia. For the amount of moles of ammonia in the gas
phase the following holds:
𝑑𝑁𝑁𝐻3 ,𝑔 𝑑𝑃𝑁𝐻3
𝑉𝑔
=
·(
)
𝑑𝑡
𝑑𝑡
𝑅∗𝑇
Combing the gas phase and liquid phase equations for ammonia:
𝑑𝑁𝑁𝐻3 𝑑𝑁𝑁𝐻3 ,𝑔 𝑑𝑁𝑁𝐻3 ,𝑙
=
+
𝑑𝑡
𝑑𝑡
𝑑𝑡
Where

𝑑𝑁𝑁𝐻3
𝑑𝑡

is known from the rate equations:
𝑑𝑁𝑁𝐻3
= 𝑟𝑁𝐻3 𝑊𝑐𝑎𝑡
𝑑𝑡

The same can be derived for hydrogen:
𝑑𝑃𝐻2
𝑑𝑁
𝑛−1
𝐻𝐻2 𝑁𝑥
+ 𝑃𝐻2 (𝐻𝐻2 − 𝑃𝐻2 ) 𝑥
𝑑𝑁𝐻2 ,𝑙
𝑑𝑡
𝜕𝑡
=∑
2
𝑑𝑡
(𝐻𝐻2 − 𝑃𝐻2 )
𝑥=1
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With:
𝜕𝑃𝑁𝐻3
𝜕𝑃𝐻2
=−
𝜕𝑡
𝜕𝑡
and
𝑑𝑃𝑁𝐻3 𝑉𝑔
𝑑𝑁𝐻2 ,𝑔
=−
(
)
𝑑𝑡
𝑑𝑡 𝑅 ∗ 𝑇
Solving these equation gives

𝑑𝑁𝐻2 ,𝑔
𝑑𝑡

and

𝑑𝑁𝐻2 ,𝑙
𝑑𝑡

, being able to calculate the total change in hydrogen

over time in the batch reactor and the hydrogen flow:
𝑑𝑁𝐻2 𝑑𝑁𝐻2 ,𝑔 𝑑𝑁𝐻2 ,𝑔
=
+
𝑑𝑡
𝑑𝑡
𝑑𝑡
𝑑𝑁𝐻2
𝐹𝐻2 =
+ 𝑟𝐻2 𝑊𝑐𝑎𝑡
𝑑𝑡
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