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Summary
Membrane, module and process design for
supercritical CO2 dehydration
Supercritical CO2 (scCO2 ) is used in the food industry as a water extraction agent due to its non-toxicity, near-ambient critical temperature and easy
removal from the product once the dehydration is completed. Further, clear
vapor-liquid interfaces, as present in conventional air drying, are avoided. These
interfaces induce capillary stress which results in damages in the microstructure
of the dried food. After water extraction from the fresh food products, scCO2
needs to be dewatered and regenerated to be reused for the next water extraction cycle. This is currently done in columns packed with adsorbents such
as zeolites. These zeolites, in turn, need also to be regenerated. This energy
damanding reactivation process requires temperatures up to 260 °C. Previous
studies suggest that in terms of economic feasibility dense polymer membranes
might be an interesting alternative for the drying of scCO2 . However, to date
and to the best of my knowledge, this membrane option has never been explored in more detail. The research goal of the present work therefore was to
investigate, both at the experimental and theoretical (simulation) level, the potential of a membrane-based process for the dehydration of supercritical CO2 .
Research included the permeation behavior of supercritical CO2 and dissolved
H2 O through dense polymer membranes, mass transfer effects occurring at the
membrane-feed and permeate interfaces, a detailed process design study as well
as a techno-economic evaluation of the membrane-based dehydration process.
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Summary
Chapter 2 starts with a detailed examination of the permeation behavior of
dry supercritical CO2 through three very different dense polymer membranes,
sulfonated tetrafluoroethylene (Nafion® ), natural rubber and polydimethylsiloxane (PDMS), at various pressures and temperatures reaching up to 185 bar and
55 °C, respectively. Whereas the absolute CO2 permeability differed greatly
for these three membrane materials, the CO2 permeability profiles showed very
similar trends with increasing feed pressure. This last observation confirmed the
idea that rather than the membrane material, the properties of scCO2 is the determining parameter of the CO2 permeability profiles. Sorption measurements
revealed a clear correlation between the CO2 concentration in the polymer and
the CO2 density at the feed side at elevated pressures, indicating that the CO2
density is the dominant parameter. The transition in the supercritical regime
from the gaseous-like supercritical state to the liquid-like supercritical state, demarcated by the Widom line for CO2 density, resulted in a corresponding transition in the CO2 permeability and CO2 diffusivity behavior of the membrane.
In Chapter 3, the experimental study was extended to measuring the H2 O
permeability of PDMS membranes under supercritical conditions, using either
CO2 or N2 as carrier gas. The analysis focused on the so-called residual mass
transfer resistance, defined as the difference between the total mass transfer
resistance and the resistance of the membrane layer itself. With N2 as carrier gas, the residual mass transfer resistance positively correlates with the feed
pressure. Using CO2 as carrier gas instead showed opposite behavior, i.e. the
residual mass transfer resistance decreases with increasing feed pressure down
to null above 95 bar. This is caused by a transition of the H2 O transport mechanism from diffusion based to plug flow based, due to a convergence of the H2 O
content of the CO2 rich feed bulk and permeate down to parity. For the N2
system, the difference in H2 O content of the feed bulk and permeate remained
large maintaining the diffusion-based H2 O transport and thus concentration polarization effects within the feed boundary layer.
Chapter 4 discusses mass transfer simulations of the transport of H2 O and
CO2 through a composite membrane and the adjacent fluid boundary layers.
Three types of membranes were considered, all distinctively different in respect
to their permeability towards H2 O and CO2 : sulfonated polyether ether ketone (SPEEK), Nafion® , and polyethylene oxide (PEO)-based block copolymer
(PEBAX® 1074). The simulations revealed that the feed boundary layer accounts for 80% of the total mass-transfer resistance, irrespective the type of
membrane. Even though all three types of membrane have a high intrinsic
water permeability, concentration polarization seriously reduces the water flux
across the membrane. These effects combined with a large driving force dif-

xv
ference between H2 O and CO2 transport led in part to CO2 -selective processes,
even when highly H2 O/CO2 -selective membranes were used. As a result, the
ability to reject CO2 should be a vital criterion for the material selection.
The model developed in Chapter 4 was extended for techno-economic assessment of the membrane-based process which is discussed in Chapter 5. The
aim was to optimize the system and select the experimental conditions, notably
feed pressure and temperature, that resulted in the lowest overall drying cost.
When regenerating scCO2 under these conditions (p= 130 bar and T= 65 °C),
the total drying costs of the membrane-based dehydration process was only half
of those for the currently used zeolite-based drying process. However, this is
only true within certain limits of the H2 O and CO2 membrane permeability.
These permeability limits set a restriction to the type of membrane used and because of this argument PEBAX® 1074 can be eliminated as potential membrane
material for the scCO2 regeneration process.
In the addendum to Chapter 5 the CO2 and apparent H2 O permeabilities of
the two remaining membrane materials SPEEK and Nafion® were determined
under the most economic scCO2 regeneration conditions (65 °C and 130 bar),
to assess if both materials maintained their status as viable options. Under
these conditions Nafion® exceeded the limits for CO2 permeability and was, as
PEBAX® 1074 before, eliminated as potential membrane material. SPEEK, on
the other hand, met both permeability limits and became material of choice for
the scCO2 regeneration process and the subsequent food drying experiment in
which the scCO2 technology was tested by drying four fruit types (strawberries,
bananas, kiwifruits and apples). The aim of this (preliminary) experiment was
to provide the proof-of-concept of the technology investigated during this PhD
project. The removal of the first half of the total amount of H2 O present in the
fresh products from the scCO2 occurred fast whereas the removal of the last 6%,
having a large impact on the final fruit moisture content, took disproportionally
long. Visual examination of sc-dried fruit samples showed no major signs of
shrinkage or structural damage. Some of the dried fruits showed a decrease in
color intensity, indicating co-extraction of pigments. However, all sc-dried fruits
had moisture contents comparable to industrially dried fruit products showing
the potential of the continuous sc-drying process with integrated membrane regeneration.

xvi

Summary
To summarize, this work shows that costs for supercritical food dehydration
can be cut by half when choosing membranes for scCO2 regeneration instead
of conventionally used zeolite-based absorbance. Preliminary fruit drying experiments, performed under process conditions selected by simulation, demonstrated that the selected SPEEK membrane performed as anticipated and the
drying process had hardly compromised the quality of the dried fruit. These
findings provide the proof-of-principle of the concept outlined in this thesis.
The main challenge still to tackle concerns the severe concentration polarization effects arising in the feed boundary layer. CP substantially reduces H2 O
permeation and thus H2 O/CO2 -flux ratios, especially at later drying stages during which the last traces of H2 O need to be removed. Here modification of the
membrane unit design, including additional parallel perfusion, spacers and altered membrane surface morphology, may lead to significant improvements of
the regeneration performance. Further a hybrid-regeneration system, combining the advantages of membrane- and absorption-based regeneration, may be
the ideal solution for an even more cost-effective regeneration of supercritical
carbon dioxide.

Chapter 1
Introduction
1.1

Background

Drying, the most ancient method of food preservation, was already commonly
applied in the Middle East and Asia more than 14,000 years ago [1]. The great
benefit of this method is that it inhibits bacterial growth and inactivates enzymes while maintaining the nutritional value. Another advantage of drying
is that it reduces the weight of the food down to as little as 10% of the original weight, which makes it much easier to transport [2]. Nowadays, additional
metrics such as flavor and structural integrity play a decisive role in determining
the quality of dried foods, and thus its acceptability by the customer [3]. These
quality parameters are harder to comply with when conventional air drying is
used, due to the presence of liquid-vapor interfaces [4]. These induce capillary
stresses which lead to damages in the microstructure of the dried food. Such
liquid-vapor interfaces and thus damages are prevented when using supercritical CO2 as a drying agent [5].
Supercritical CO2 (scCO2 ) is a widely used extractant, not only for water [4],
but also for caffeine [6], fatty acids [7], aromas (rosemary [8], thyme [9])
among other compounds [10, 11, 12]. The reason for its broad applicability is
that scCO2 is odorless, tasteless, non-toxic, inexpensive, chemically inert and
generally regarded as safe (i.e. Generally Recognized As Safe, GRAS) [5]. In
addition, from a process point of view, scCO2 has a relatively low, near ambient
critical temperature and is easy to remove by depressurization once the extraction process is completed [13]. Since scCO2 is humidified, and eventually even
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water-saturated, during the drying process, a dewatering/regeneration step is
required in order to reuse scCO2 in subsequent water extraction cycles. Currently, zeolite is widely used for this purpose but the drawback is that the regeneration (drying) of zeolite itself is rather energy-intensive. A previous study
by Lohaus et al. [14] suggests that dense polymer membranes can be an attractive and economically feasible alternative for the dehydration of scCO2 by
zeolites. In such scenario, moist scCO2 flows along a (selective) membrane that
(ideally) permeates H2 O but rejects CO2 . In this way, scCO2 gradually dries to
the level at which it can be reused for the next drying cycle. This thesis explores
the potential of drying scCO2 with membranes. In order to better understand
the challenges as well as the experimental results obtained, the next paragraphs
address aspects of both membrane permeation and supercritical fluids.

1.2

Penetrant transport through dense polymer
membranes

Since the 1940s the solution-diffusion model is commonly used to explain the
permeation of fluids (gases, liquids and vapors) through polymeric films, including dense membranes [15]. As its name suggests, this model describes permeability in terms of the ability of the penetrant to absorb into the membrane and
the subsequent diffusion through the membrane. The ability of the penetrant
molecule to absorb into a polymer depends on the penetrants condensability as
well as the physical interactions between the penetrant molecule and the membrane polymer [16]. These physical interactions are mainly based on van der
Waals forces and electrostatic forces, notably hydrogen bonding. Because an
increase in the prior two forces also result in elevated boiling points and higher
critical temperatures, the solubility coefficient of the penetrant correlates with
its (pressure-insensitive) critical temperature, as shown in Fig. 1.1.

1.2 Penetrant transport through dense polymer
membranes

Figure 1.1: Solubility coefficient of various molecules in polydimethylsiloxane (PDMS)
as a function of their critical temperature at 35 °C. Data obtained from [17,
18]. Note the extraordinary behavior of H2 O.

Water, known for its anomalous behavior (i.e. maximum density at 4 °C and
atmospheric pressure, pressure-induced melting) [19], shows a much lower
solubility coefficient than suggested by its critical temperature. This is due
to the strong intermolecular hydrogen bonds between water molecules, leading to high boiling points and high critical temperatures. Hydrogen bonding
does not or hardly affect the sorption inducing interactions with non-polar rubbers [20, 21]. However, the presence of hydrophilic (i.e. sulfonic) groups in
the polymer chain, as in sulfonated polyether ether ketone (SPEEK), promotes
hydrogen-bond-induced adsorption of water to the polymer chain, resulting in
much higher solubility coefficients, i.e. 1250 cm3 (STP)/(cm3 cm Hg) for SPEEK
with respect to about 0.5 cm3 (STP)/(cm3 cm Hg) for PDMS [22]. In addition
to intermolecular forces, temperature and pressure affect the sorption of penetrants in the polymer. An increase in temperature is often accompanied by a decrease in penetrant solubility. In these cases the sorption process is exothermic
and more heat is released during penetrant condensation than possibly needed
for penetrant-polymer mixing [23]. This enthalpy of sorption differs depend-
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ing on the various penetrant-polymer systems, resulting in different temperature sensitivities of various penetrant solubilities [24]. The solubility coefficient
of relatively low-sorbing penetrants such as hydrogen, nitrogen or methane is
fairly pressure independent whereas the solubility coefficient of high-sorbing
penetrants such as carbon dioxide increases with increasing pressure [17, 25].
Another parameter correlating with the solubility coefficient of the penetrant is
its fluid phase density. However, so far this behavior has only been observed for
the sorption of CO2 by polyester-based polymers [26].
Once the penetrant is dissolved into the membrane it has to diffuse through
the membrane layer towards the permeate side. During this transport, the penetrant molecule “jumps” from one void between the polymer chains to another
void [27]. These movements are only possible when both neighboring voids, referred to as free volume elements, are simultaneously open. This is not always
the case, since vibrations of the adjacent polymer chains constantly create and
eliminate these free volume elements.
The speed at which the penetrant is transported through the membrane is dependent on the penetrant size and the free volume of the polymer, which positively correlates with the mobility of the polymer chains [28]. Here, smaller
sized penetrant molecules can move more easily from free volume element to
free volume element and thus diffuse faster through the membrane than larger
molecules as illustrated in Fig. 1.2, where the diffusion coefficient of various
gases in PDMS is plotted as function of their kinetic diameter.

1.2 Penetrant transport through dense polymer
membranes

Figure 1.2: Diffusion coefficient of various molecules in PDMS as a function of their kinetic diameter at 35 °C. Data obtained from [17, 18, 29, 30].

In contrast to rubbery polymers, in the case of glassy polymers, diffusivity
is much more determined by the molecular size of the penetrant [17]. This is
due to the more rigid polymer chain structure of glassy polymers, and thus low
chain mobility, hampering the creation of large, interconnected free volume elements [28]. In general, chain mobility is inhibited by inter-chain interactions
such as hydrogen or ionic bonds and crosslinks [31, 32], as well as bulky functional groups occupying the polymer backbone [33] (i.e. aromatic rings [34]).
Contrary to this, Si-O-Si, as present in PDMS, and C-O-C backbone bonds increase polymer chain mobility which in turn increases the free volume available
[32]. Generally, the glass transition temperature (Tg ) gives a good indication
for the chain mobility of the polymer, the lower Tg , the higher the chain mobility [35]. In addition to polymer composition, the presence of highly sorbing
penetrants such as carbon dioxide can separate, thus loosen adjacent polymer
chains, making the polymer more flexible [36]. Therefore, a further increase
in the penetrant concentration through partial pressure increase depresses Tg
[22] and increases the penetrant diffusivity. Glassy polymers show a sudden
rise in chain mobility, and thus penetrant diffusivity, as soon as the penetrant
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pressure (corresponding to a critical penetrant concentration in the membrane)
exceeds a certain threshold. For carbon dioxide, for example, this threshold
value is approximately 38 cm3 (STP)/(cm3 polymer) [37]. This carbon dioxide
concentration corresponds to a plasticization pressure of about 10 to 35 bar,
depending on the polymer material [37]. A high penetrant pressure can, on the
other hand, inhibit penetrant diffusion, an indirect effect due to the mechanical
compression of the polymer matrix, thereby decreasing its free volume [17].
Temperature is, next to pressure, the second parameter affecting penetrant diffusion. Its increase, leads to increased motion of both, penetrant and polymer
chains, and thus to an increased penetrant diffusivity [38].
The product of solubility and diffusion coefficient is the permeability coefficient. Therefore, multiplying the solubility coefficients of each of the penetrant
molecules presented in Fig. 1.1 by the corresponding diffusion coefficients
(Fig. 1.2) yields their permeability coefficients, which are presented in Fig. 1.3.

Figure 1.3: Permeability coefficient, defined as the product of solubility (Fig. 1.1) and
diffusion coefficient (Fig. 1.2), of various penetrant molecules in PDMS, at
35 °C. Based on data of [17, 18, 29, 30].

1.3 Concentration polarization

7

Water shows by far the highest permeability (15,120 Barrer), followed by
carbon dioxide with 3,750 Barrer. The high water permeability in the nonpolar, rubbery PDMS membrane is due to a combination of its very small size,
implying a high diffusivity, and its moderate solubility. These two properties
make that many polymers, even though they do differ in Tg and polarity, all
show a high permeability towards water [39]. For glassy polymers, like SPEEK
and Nafion® , the size of the particular penetrant molecule is a key determinant. In addition, these polymers bear polar groups. Due to its small size and
the ability of hydrogen bonding, the water permeability can reach values as
high as 61,000 Barrer and 410,000 Barrer for SPEEK and Nafion® , respectively
[39, 40]. Compared to the water permeability, the permeability towards CO2 is
very low, 0.11 Barrer [41] for SPEEK 2.8 Barrer for Nafion® [42]. As a result
of the large difference in permeability, during gas dehydration processes, CO2
may accumulate at the feed boundary layer. At the same time, H2 O may become
depleted thereby decreasing the effective driving force for water flux and with
that compromising membrane performance. This phenomenon arising whenever two penetrants differ greatly in their permeability is commonly referred to
as concentration polarization.

1.3

Concentration polarization

Concentration polarization does not only occur in membrane-based gas separation processes but also during e.g. pervaporation, ultrafiltration and nanofiltration of liquids, including reverse osmosis [43]. However, because the diffusion
coefficient of liquids typically is 4 to 5 orders of magnitude lower than that of
gases, concentration polarization effects are much more prominent in liquids
[44].
In general, the degree of concentration polarization is negatively correlated to
the mass transfer coefficient of the involved boundary layer. Mass transfer in
the fluid boundary layer is characterized by the dimensionless Sherwood number (Sh ), defined as:
Sh =

d h · k B L,i
D AB

= a · Sc b · Re c

(1.1)

The Sherwood number represents the ratio of total mass transport (including convective mass transport) and diffusive mass transport [45]. Further, dh
is the hydraulic diameter (m), D AB is the binary diffusion coefficient (m2 /s),
k B L,i is the mass transfer coefficient of the fluid boundary layer (m/s), a , b and
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c are dimensionless adjustable parameters and Sc and Re are the dimensionless

Schmidt and Reynolds number. During the regeneration of scCO2 , concentration polarization is likely to occur within the highly dense supercritical fluid. To
counteract such effects, and with that improve process performance, a detailed
understanding of the nature of supercritical fluids is essential.

1.4

Supercritical fluids

Supercritical fluids are frequently typified by stating that they have a liquid-like
density and a gaseous-like viscosity [5, 46]. This can give rise to the rather misleading assumption that they represent a separate state of matter, very much
the same as the solid, liquid and gaseous state [47, 48]. However, a more detailed analysis of how supercritical fluids are formed, using the phase diagrams
of Fig. 1.4, makes clear that supercritical fluids are in fact gaseous in nature, as
correctly mentioned in some but certainly not all literature [49, 50].

(a)

(b)

Figure 1.4: (a) Common phase-diagram of CO2 and (b) phase-diagram superimposed on
the CO2 density profile and density Widom-line [51].

Point α in Fig. 1.4a lies with 45 bar and 10 °C on the phase transition line of
CO2 . Here adding thermal energy (heat of vaporization) results in the overcoming of intermolecular attractions (van der Waals interactions) within the liquid
phase and thus to the evaporation or transfer of CO2 to the vapor phase [52].
As the pressure increases, additional thermal energy, indicated by an increase
in temperature, is required to excite the CO2 molecules to that level where,

1.4 Supercritical fluids
again, only the intermolecular attractions prevent the CO2 in the liquid phase
from evaporation. Due to the increased excitation of the CO2 molecules (increase of kinetic energy of CO2 ), less additional energy (heat of vaporization) is
needed to overcome the intermolecular attractions, preventing the liquid CO2
from evaporating. Moving along the phase transition line towards higher pressures not only leads to an increase in the boiling point but also to a drop in
the required heat of evaporation and, thus, to a convergence of the enthalpies
of the liquid and vapor phase [51]. Here, both phases do not only converge
in their enthalpy, but also in their fluid density, as the pressure increase compresses the vapor phase and the temperature increase thermally expands the
liquid phase, as shown in the contour graph of density in Fig. 1.4 b. Within
0.01 K from the critical point (31.04 °C and 73.8 bar), the enthalpies of the
liquid and vapor phase are fairly equal indicating that the CO2 molecules in
the liquid phase have fairly enough kinetic energy to overcome intermolecular
attractions and to transform into the slightly less dense vapor phase and back,
resulting in large density fluctuations of up to several percentages [53]. The
liquid and vapor phase start merging in and a new phase called supercritical
phase, which is highly compressible near the critical point. Here, it is worth
being noted that, when crossing the critical point towards higher pressures and
temperatures, CO2 is no longer condensable and, therefore, is no longer referred to as vapor, but as gas [54]. As a prolongation of the phase transition
line, a line of maximum compressibility of supercritical CO2 called the Widom
line, extends into the supercritical region [55]. This Widom line, presented in
Fig. 1.4b, demarcates the less dense and thus more gaseous-like regime, with
respect to physical properties (i.e. viscosity, speed of sound, thermal conductivity), from the denser liquid-like regime. Although supercritical (thus gaseous,
since above critical temperature), liquid-like scCO2 can have almost the same
physical properties as liquid CO2 . An example is given in table 1.1 where several physical properties of liquid CO2 and supercritical CO2 are presented under
the conditions near point β of Fig. 1.4a.
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Table 1.1: Various physical properties of liquid and supercritical (thus gaseous) CO2 near
point β in Fig. 1.4a, obtained from [56].

Physical property

Liquid CO2
(30 °C and
140 bar)

Supercritical
CO2 (32 °C and
140 bar)

Absolute
deviation

Density (kg/m3 )

831.9

815.5

2.0%

Viscosity (10-6 Pa s)

77.2

74.5

3.5%

Speed of sound (m/s)

472.9

457.5

3.3%

Specific entropy
(kJ/kg K)

1.176

1.194

1.5%

1.5

Supercritical extraction

As indicated by the pressure temperature (P, T) phase diagram (Fig. 1.4), the
supercritical state can be reached by multiple combinations of pressure and temperature. By implication, a scCO2 process can operate under a broad range of
experimental conditions. It is for this reason that scCO2 technology is a very
versatile one. Already in the early 1970s, supercritical CO2 was applied in the
food industry on an industrial scale [57]. Here two main types of processes
emerged: fractionation processes for liquid feeds and extraction processes for
solid feeds.
In fractionation processes, the density and, therefore, the solvation properties
of supercritical CO2 can be altered by changing temperature and/or pressure.
This behavior gives scCO2 an unique property over conventional organic solvents. In a process with multiple fractional separators, scCO2 and the dissolved
components pass through the first stage, while in the second stage (with different solvation properties) some components precipitate. The components which
remain dissolved are then transported to the subsequent stages [58]. Common
fractionation processes are used for isolating triglycerides [59] and essential oils
such as peppermint [60], rosemary [8] or hemp components [10].

1.6 Regeneration of scCO2 using membranes
On the other hand, supercritical extraction processes with solid feeds are
used to isolate caffeine from coffee beans, cocoa butter and tea leaves [61] and
aromas such as vanilla [62]. Literature on the dehydration of food using scCO2
is actually quite scarce but, in general, this takes place at temperatures around
50 °C and pressures between 125 and 200 bar, respectively [4, 63]. Under these
conditions, scCO2 is liquid-like, which increases the solubility of H2 O [64].

1.6

Regeneration of scCO2 using membranes

As the previous paragraphs made clear, even though supercritical CO2 is a versatile extraction agent, reuse demands regeneration. Membrane technology offers an elegant option for regeneration, thus purification of scCO2 , because the
omission of an (expensive) absorbance reactivation step. Many examples can be
found using porous membranes for the separation of scCO2 from, for example,
modified triglycerides [65], caffeine [6]. However, these require, in contrast to
dense membranes, high permeate pressures, similar to those at the feed, which
are not benificial for continous food dehydration. Here large quantities of water, being the bulk component of food, would have to be removed again from
scCO2 of the permeate side. To date and to the best of my knowledge, no studies
were carried out on the regeneration of scCO2 using dense membranes. Only
one study, conducted by Legros et al. [66], examined the permeation of scCO2
through perfluoroelastomers in the form of Kalrez® O-rings.
The core of the present work is the investigation, both at the experimental and
theoretical level (simulation), of the permeation behavior of supercritical CO2
and dissolved H2 O through dense membranes. For the experimental part of the
research, a unique high-pressure permeation setup (Feyecon, The Netherlands)
was used, especially designed for the rather extreme conditions the membranes
tested were exposed to. With this setup, shown in Fig. 1.5, the permeability
of gases, vapors, liquids and supercritical fluids can be measured at pressures
ranging from near atmospheric to 195 bar and temperatures up to 95 °C.
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Figure 1.5: High-pressure permeation setup used to measure fluid and water vapor permeabilities of dense polymeric membranes.

1.7

Scope of this thesis

The aim of the present work is to investigate the potential of a membrane-based
process for the dehydration of supercritical CO2 . Here, the main focus is on
the permeation behavior of scCO2 and dissolved H2 O through dense polymer
membranes. In Chapter 2, the permeability behavior of dry scCO2 is investigated using various dense membranes and an experimental setup specifically
designed for this type of measurements allowing an upper temperature and
pressure limit of 95 °C and 195 bar, respectively. To gain understanding of CO2
solubility, sorption experiments with PDMS at supercritical pressures are performed. Chapter 3 investigates the effects of concentration polarization with
increasing feed pressure (from 5 bar up to 185 bar), using PDMS membranes
and either CO2 or N2 as carrier gas. In Chapter 4, the focus is shifted to H2 O
transport through the membrane and the adjacent fluid boundary layers. Simulations identify the key mass transfer resistances as well as their effects on the
H2 O/CO2 flux ratio, thus process selectivity. In Chapter 5, a techno-economic
assessment of the membrane-based process is carried out based on the model
developed in Chapter 4. The feed pressure and the temperature at which the
membrane-based process is the most economical is determined. The addendum of Chapter 5 provides the proof-of-principle of a food drying process using
scCO2 with the integrated (SPEEK) membrane-based regeneration of scCO2 .

Bibliography

[1] J. Hurt, The Complete Idiot’s Guide to Dehydrating Foods: Simple Techniques
and Over 170 Recipes for Creating and Using Dehydrated Foods. New York,
USA: Penguin Group, 2013.
[2] M. E. Dauthy, Fruit and vegetable processing. Rome: Food and Agriculture
Organization of the United Nations, 1995.
[3] Y. Hui, Food Drying Science and Technology: Microbiology, Chemistry, Applications. Lancaster, Pennsylvania, USA: DEStech Publications, Inc., 2008.
[4] Z. Brown, P. Fryer, I. Norton, S. Bakalis, and R. Bridson, “Drying of foods
using supercritical carbon dioxide — Investigations with carrot,” Innovative Food Science & Emerging Technologies, vol. 9, pp. 280–289, jul 2008.
[5] S. Khalloufi, C. Almeida-Rivera, and P. Bongers, “Supercritical-CO2 drying of foodstuffs in packed beds: Experimental validation of a mathematical model and sensitive analysis,” Journal of Food Engineering, vol. 96,
pp. 141–150, jan 2010.
[6] C. S. Tan, H. C. Lien, S. R. Lin, H. L. Cheng, and K. J. Chao, “Separation of
supercritical carbon dioxide and caffeine with mesoporous silica and microporous silicalite membranes,” in Journal of Supercritical Fluids, vol. 26,
pp. 55–62, Elsevier, may 2003.
[7] L. F. De França and M. A. A. Meireles, “Modeling the extraction of carotene
and lipids from pressed palm oil (Elaes guineensis) fibers using supercritical CO2,” Journal of Supercritical Fluids, vol. 18, no. 1, pp. 35–47, 2000.

14

BIBLIOGRAPHY
[8] E. Reverchon, “Isolation of Rosemary Oil: Comparison between Hydrodistillation and Supercritical CO2 Extraction,” Flavour and Fragrance Journal,
vol. 7, no. December 1991, pp. 227–230, 1992.
[9] M. Moldão-Martins, A. Palavra, M. L. Beirão Da Costa, and M. G.
Bernardo-Gil, “Supercritical CO2 extraction of Thymus zygis L. subsp.
sylvestris aroma,” Journal of Supercritical Fluids, vol. 18, no. 1, pp. 25–
34, 2000.
[10] C. Da Porto, D. Decorti, and A. Natolino, “Separation of aroma compounds
from industrial hemp inflorescences (Cannabis sativa L.) by supercritical
CO2 extraction and on-line fractionation,” Industrial Crops and Products,
vol. 58, no. August 2013, pp. 99–103, 2014.
[11] S. R. S. Ferreira, M. A. A. Meireles, and F. Cabral, “Extraction of Essential
Oil of Black Pepper with Liquid Carbon Dioxide,” Journal of Food Engineering, vol. 20, no. 2, pp. 121–133, 1993.
[12] A. R. Monteiro, M. A. A. Meireles, M. O. Marques, and A. J. Petenate,
“Extraction of the soluble material from the shells of the bacuri fruit (Platonia insignis Mart) with pressurized CO2 and other solvents,” Journal of
Supercritical Fluids, vol. 11, no. 1-2, pp. 91–102, 1997.
[13] A. Clifford, Fundamentals of Supercritical Fluids. New York, USA: Oxford
University Press, 1998.
[14] T. Lohaus, M. Scholz, B. T. Koziara, N. E. Benes, and M. Wessling, “Drying
of supercritical carbon dioxide with membrane processes,” The Journal of
Supercritical Fluids, vol. 98, pp. 137–146, 2015.
[15] J. G. Wijmans and R. W. Baker, “The solution-diffusion model: A review,”
Journal of Membrane Science, vol. 107, no. 1-2, pp. 1–21, 1995.
[16] E. Drioli and G. Barbieri, Membrane Engineering for the Treatment of Gases:
Volume 1: Gas-separation Problems with Membranes. Cambridge, UK:
Royal Society of Chemistry, 2011.
[17] T. C. Merkel, V. I. Bondar, K. Nagai, B. D. Freeman, and I. Pinnau, “Gas
sorption, diffusion, and permeation in poly (dimethylsiloxane),” Journal
of Polymer Science Part B: Polymer Physics, vol. 38, pp. 415–434, 2000.

BIBLIOGRAPHY
[18] S. Sato, M. Suzuki, S. Kanehashi, and K. Nagai, “Permeability, diffusivity, and solubility of benzene vapor and water vapor in high free volume
silicon- or fluorine-containing polymer membranes,” Journal of Membrane
Science, vol. 360, no. 1-2, pp. 352–362, 2010.
[19] J. B. Mandumpal, A Journey Through Water: A Scientific Exploration of
The Most Anomalous Liquid on Earth. Sharjah, U.A.E.: Bentham Science
Publishers, 2017.
[20] A.-C. Albertsson and M. Hakkarainen, “Solid-phase Microextraction,” in
Chromatography for Sustainable Polymeric Materials: Renewable, Degradable and Recyclable, ch. SPME for A, p. 192, Heidelberg, Germany:
Springer-Verlag Berlin Heidelberg, 2008.
[21] E. C. Donaldson and W. Alam, “Summary of Interactive Forces,” in Wettability, p. 336, Houston, TX, USA: Gulf Publishing Company, 2013.
[22] J. Potreck, F. Uyar, H. Sijbesma, K. Nijmeijer, D. Stamatialis, and
M. Wessling, “Sorption induced relaxations during water diffusion in SPEEK.,” Physical chemistry chemical physics : PCCP, vol. 11, pp. 298–308,
2009.
[23] S. V. Dixon-Garrett, K. Nagai, and B. D. Freeman, “Ethylbenzene solubility, diffusivity, and permeability in poly(dimethylsiloxane),” Journal of
Polymer Science, Part B: Polymer Physics, vol. 38, no. 11, pp. 1461–1473,
2000.
[24] S. R. Reijerkerk, K. Nijmeijer, C. P. Ribeiro, B. D. Freeman, and
M. Wessling, “On the effects of plasticization in CO2/light gas separation
using polymeric solubility selective membranes,” Journal of Membrane Science, vol. 367, pp. 33–44, feb 2011.
[25] M. Minelli and G. C. Sarti, “Permeability and diffusivity of CO2 in glassy
polymers with and without plasticization,” Journal of Membrane Science,
vol. 435, pp. 176–185, 2013.
[26] S. P. Nalawade, F. Picchioni, L. P. Janssen, V. E. Patil, J. T. Keurentjes,
and R. Staudt, “Solubilities of sub- and supercritical carbon dioxide in
polyester resins,” Polymer Engineering & Science, vol. 46, no. 5, pp. 643–
649, 2006.

15

16

BIBLIOGRAPHY
[27] K. Berean, J. Z. Ou, M. Nour, K. Latham, C. McSweeney, D. Paull, A. Halim,
S. Kentish, C. M. Doherty, A. J. Hill, and K. Kalantar-Zadeh, “The effect of
crosslinking temperature on the permeability of PDMS membranes: Evidence of extraordinary CO2 and CH4 gas permeation,” Separation and
Purification Technology, vol. 122, pp. 96–104, 2014.
[28] S. Thomas, W. Runcy, A. Kumar, and S. C. George, “Free Volume of the
Polymer,” in Transport Properties of Polymeric Membranes, p. 724, Amsterdam, The Netherlands: Elsevier B.V., 2017.
[29] H. Bissett and H. M. Krieg, “Synthesis of a composite inorganic membrane
for the separation of nitrogen , tetrafluoromethane and hexafluoropropylene,” South Aftrican Journal of Science, vol. 109, no. 9, pp. 1–11, 2013.
[30] A. F. Ismail, K. C. Khulbe, and T. Matsuura, Gas Separation Membranes:
Polymeric and Inorganic. Springer Science & Business Media, 2015.
[31] a. F. Ismail and W. Lorna, “Penetrant-induced plasticization phenomenon
in glassy polymers for gas separation membrane,” Separation and Purification Technology, vol. 27, no. 3, pp. 173–194, 2002.
[32] R. M. Rowell, “Performance of Bonded Products,” in Handbook of Wood
Chemistry and Wood Composites, ch. Wood Adhes, p. 706, Boca Raton, FL,
USA: CRC Press, second edi ed., 2012.
[33] S. A. Stern, V. M. Shah, and B. J. Hardy, “Structure-permeability relationships in silicone polymers,” Journal of Polymer Science Part B: Polymer
Physics, vol. 25, no. 6, pp. 1263–1298, 1987.
[34] S. Thomas, D. Ponnamma, and A. K. Zachariah, “2. Polymer processing
and characterization,” in Polymer Processing and Characterization, ch. 2.
Polymer, p. 168, Oakvill, ON, Canada: Apple Academic Press Inc., 2012.
[35] S. R. Reijerkerk, M. H. Knoef, K. Nijmeijer, and M. Wessling, “Poly(ethylene
glycol) and poly(dimethyl siloxane): Combining their advantages into
efficient CO2 gas separation membranes,” Journal of Membrane Science,
vol. 352, pp. 126–135, apr 2010.
[36] M. Wessling, “Plasticization of Gas Separation Membranes,” vol. 5,
pp. 222–228, 1991.

BIBLIOGRAPHY
[37] A. Bos, I. G. M. Pünt, M. Wessling, and H. Strathmann, “CO2-induced plasticization phenomena in glassy polymers,” Journal of Membrane Science,
vol. 155, no. 1, pp. 67–78, 1999.
[38] X. Duthie, S. Kentish, C. Powell, K. Nagai, G. Qiao, and G. Stevens, “Operating temperature effects on the plasticization of polyimide gas separation
membranes,” Journal of Membrane Science, vol. 294, no. 1-2, pp. 40–49,
2007.
[39] H. Lin, S. M. Thompson, A. Serbanescu-Martin, J. G. Wijmans, K. D. Amo,
K. a. Lokhandwala, and T. C. Merkel, “Dehydration of natural gas using
membranes. Part I: Composite membranes,” Journal of Membrane Science,
vol. 413-414, pp. 70–81, 2012.
[40] S. J. Metz, W. J. C. Van De Ven, J. Potreck, M. H. V. Mulder, and
M. Wessling, “Transport of water vapor and inert gas mixtures through
highly selective and highly permeable polymer membranes,” Journal of
Membrane Science, vol. 251, no. 1-2, pp. 29–41, 2005.
[41] H. Sijbesma, K. Nymeijer, R. van Marwijk, R. Heijboer, J. Potreck, and
M. Wessling, “Flue gas dehydration using polymer membranes,” Journal
of Membrane Science, vol. 313, pp. 263–276, apr 2008.
[42] S. H. Choi, M. S. Qahtani, and E. A. Qasem, “Multilayer thin-film composite membranes for helium enrichment,” vol. 553, pp. 180–188, 2018.
[43] O. Lüdtke, R.-D. Behling, and K. Ohlrogge, “Concentration polarization in
gas permeation,” Journal of Membrane Science, vol. 146, pp. 145–157, aug
1998.
[44] G. He, Y. Mi, P. Lock Yue, and G. Chen, “Theoretical study on concentration
polarization in gas separation membrane processes,” Journal of Membrane
Science, vol. 153, pp. 243–258, feb 1999.
[45] D. Y. Murzin and T. Salmi, “Mass tranfer coefficients,” in Catalytic Kinetics,
ch. 9.10.2, p. 492, Elsevier Science, 1 edition ed., 2005.
[46] S. P. Nalawade, F. Picchioni, and L. Janssen, “Supercritical carbon dioxide
as a green solvent for processing polymer melts: Processing aspects and
applications,” Progress in Polymer Science, vol. 31, pp. 19–43, jan 2006.

17

18

BIBLIOGRAPHY
[47] G. Jain, R. K. Khar, and F. J. Ahmad, “Supercritical fluid state,” in Theory
and Practice of Physical Pharmacy, ch. Supercriti, p. 14, Haryana, India:
Elsevier Health Sciences, 2013.
[48] J. Dupont, T. Itoh, P. Lozano, and S. Malhotra, “Bioprocesses in IL/supercritical carbon dioxide biphasic systems,” in Environmentally Friendly
Syntheses Using Ionic Liquids, ch. 3.4 Green, p. 48, Boca Raton, FL, USA:
CRC Press, 2014.
[49] G. H. Brunner, “Preface,” in Supercritical Fluids as Solvents and Reaction
Media, ch. Preface, p. 650, Amsterdam, The Netherlands: Elsevier B.V.,
2004.
[50] M. F. Kemmere and T. Meyer, “Foreword,” in Supercritical Carbon Dioxide: In Polymer Reaction Engineering, ch. Foreword, p. 358, Weinheim,
Germany: Wiley-VCH Verlag GmbH & Co. KGaA, 2006.
[51] N.-I. of-Standards-and Technology, “Thermophysical properties of fluid
systems.” [Online]. Available: http://webbook.nist.gov/chemistry/
fluid/.[Accessed:04-Oct-2018].
[52] D. L. Reger, S. R. Goode, and D. W. Ball, “Enthalpy of Vaporization,” in
Chemistry: Principles and Practice, ch. 11.2, p. 1120, Belmont,CA,USA:
Brooks/Cole Cengage Llearning, 3 ed., 2009.
[53] E. Kiran and J. M. Levelt Sengers, Supercritical Fluids: Fundamentals for
Application. Springer Science & Business Media, illustrate ed., 2013.
[54] W. Jones, “The composition of dry air,” in Air Conditioning Engineering,
ch. 2.2, p. 512, New York, NY, USA: Taylor & Francis Group, 5 ed., 2007.
[55] G. G. Simeoni, T. Bryk, F. A. Gorelli, M. Krisch, G. Ruocco, M. Santoro,
and T. Scopigno, “The Widom line as the crossover between liquid-like
and gas-like behaviour in supercritical fluids,” Nature Physics, vol. 6, no. 7,
pp. 503–507, 2010.
[56] B. Wischnewski, “Calculation of thermodynamic state variable of
air.”
http://www.peacesoftware.de/einigewerte/luft_e.html.
[Accessed:09-Jun-2017].
[57] A. R. C. Duarte and C. M. Martins Duarte, “Supercritical fluid processing
in food and pharmaceutical industries: Scale-up issues,” in Current Trends

BIBLIOGRAPHY
of Supercritical Fluid Technology in Pharmaceutical, Nutraceutical and Food
Processing Industries, ch. 10, p. 124, Bentham Science Publishers, 1 ed.,
2010.
[58] A. J. Hunt and T. M. Attard, “scCO2 Fractionation,” in Supercritical and
Other High-pressure Solvent Systems: For Extraction, Reaction and Material
Processing, ch. 3.5, p. 678, London, UK: Royal Society of Chemistry, 1 ed.,
2018.
[59] S. Sarrade, G. Rios, and M. Carlès, “Supercritical CO2 extraction coupled
with nanofiltration separation Applications to natural products,” Separation and Purification Technology, vol. 14, no. 1-3, pp. 19–25, 1998.
[60] E. Reverchon, A. Ambruosi, and F. Senatore, “Isolation of Peppermint Oil
Using Supercritical CO2 Extraction,” Flavour and Fragrance Journal, vol. 9,
no. 1, pp. 19–23, 1994.
[61] D. Villanueva Bermejo, E. Ibáñez, G. Reglero, and F. Tiziana, “Effect of
cosolvents (ethyl lactate, ethyl acetate and ethanol) on the supercritical
CO2 extraction of caffeine from green tea,” Journal of Supercritical Fluids,
vol. 107, pp. 507–5012, 2016.
[62] K. Nguyen, P. Barton, and J. Spencer, “Supercritical Carbon Dioxide Extraction of Vanilla,” Journal of Supercritical Fluids, vol. 4, no. 1, pp. 40–46,
1991.
[63] I. Djekic, N. Tomic, S. Bourdoux, S. Spilimbergo, N. Smigic, B. Udovicki,
G. Hofland, F. Devlieghere, and A. Rajkovic, “Comparison of three types
of drying (supercritical CO2, air and freeze) on the quality of dried apple
– Quality index approach,” LWT - Food Science and Technology, vol. 94,
pp. 64–72, 2018.
[64] N. Spycher, K. Pruess, and J. Ennis-King, “CO2-H2O mixtures in the geological sequestration of CO2. I. Assessment and calculation of mutual solubilities from 12 to 100 °C and up to 600 bar,” Geochimica et Cosmochimica
Acta, vol. 67, no. 16, pp. 3015–3031, 2003.
[65] J. M. L. N. de Moura, L. A. G. Gonçalves, L. A. V. Sarmento, and J. C. C.
Petrus, “Purification of structured lipids using SCCO2 and membrane process,” Journal of Membrane Science, vol. 299, no. 1-2, pp. 138–145, 2007.

19

20

BIBLIOGRAPHY
[66] J. C. Legros, A. Mialdun, P. Strizhak, and V. Shevtsova, “Permeation of
supercritical CO2 through perfluoroelastomers,” Journal of Supercritical
Fluids, vol. 126, pp. 1–13, 2017.

Chapter 2
Permeation of supercritical CO2
through dense polymeric
membranes
Supercritical carbon dioxide (scCO2 ) is used in the food industry as a waterextracting drying agent. Once saturated with water, the scCO2 needs to be
regenerated. A promising way of drying scCO2 is by using H2 O permeable membranes. Ideally, these membranes demonstrate low CO2 permeability. Here, we
investigated the CO2 permeability of three types of dense membranes, of which
PDMS in great detail because of its ease of handling. The experimental conditions, resulting in minimum CO2 permeability (=losses) were explored. Even
though the absolute CO2 permeability depends on the intrinsic membrane material properties, its trend with increasing feed pressure is defined by the behavior
of CO2 , notably its density as a function of temperature and pressure. The data
points to transitions within the supercritical regime, from the gaseous-like supercritical state to the liquid-like supercritical state, were graphically visualized
by the Widom line for CO2 density. Sorption measurements with PDMS membranes confirm this behavior that follows the diffusion-solution theory. In the
gaseous state, the (normalized) permeability follows the (normalized) solubility, indicating a constant CO2 diffusivity. With increasing pressure and when
entering the liquid-like (supercritical) regime, the diffusivity drops, resulting in
a (normalized) permeability that starts to lag behind the (normalized) solubility.
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Permeation of supercritical CO2 through dense polymeric membranes

2.1

Introduction

Supercritical carbon dioxide (scCO2 ) is a widely used agent for the extraction
of caffeine [1], lipids [2], aromas [3], water [4] and many other substances in
the food industry. Reasons can be found in its non-toxicity, its moderate critical
temperature and its easy removal from the product once the extraction process
is completed [5]. The ability to extract water without causing any abrupt phase
transition such as evaporation or sublimation makes scCO2 especially attractive
in the food drying industry where thermal or mechanical degradation should be
strictly avoided [6].
For the regeneration of scCO2 , being the removal of water, dense polymeric
membranes are a viable alternative to the currently used [7]. Patil et al. [8, 9]
experimentally investigated the permeation of (sc)CO2 at different pressures
through microporous membranes and observed a distinct maximum in CO2 permeability at 80 bar. Their finding was in accordance with other permeation
studies using porous membranes, among them Sarrade et al. [10], who examined organomineral nanofiltration membranes, and Nakamura et al. [11]
who focused on inorganic ultrafiltration membranes. Patil suggested [8] that
this maximum in permeability was rooted in the Hagen–Poiseuille model with
its density over viscosity term for viscous flow, which shows the same pressure
sensitivity, including a distinct profile maximum at equal pressures. Viscous
flow was therefore considered to be the primary mechanism for scCO2 transport within microporous membranes. Legros et al. [12] observed as well a
permeability maximum for CO2 at about 125 bar while measuring dense perfluoroelastomers in the form of Kalrez® O-rings. They concluded that the amount
of CO2 sorbed in the elastomer reached a saturation level, which in turn resulted in a maximum in CO2 permeability.
Although some studies on scCO2 permeation through porous membranes are
thus available, the number of studies on scCO2 transport in dense membranes
is limited. This study focuses on the permeation behavior of supercritical CO2
through dense polymeric membranes. The effect of process temperature, pressure, membrane material, and membrane thickness is examined systematically
to identify and explain the observed permeation behavior and the cause for
the maximum in CO2 permeability. Three different polymer membranes are selected: a Nafion® membrane based on sulfonated tetrafluoroethylene, which
is glassy at room temperature, a membrane prepared from the rubbery elastomer natural rubber (NR) and a membrane based on poly(dimethylsiloxane)
(PDMS), which is also rubbery. PDMS is chosen as it is a very frequently studied membrane material for gas separation at lower pressures, although detailed
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data on scCO2 permeation for PDMS are not available. As such, available data
in literature serve as cross-check for the observed behavior at lower pressures.
In order to assess the effect of supercritical conditions on the permeation behavior, CO2 permeation measurements were performed at feed pressures ranging
between
5 and 185 bar and process temperatures of 25 to 55 °C. The permeation behavior of the inert gases N2 , and Ar was studied under the same conditions.

2.2

Background

Fluid permeation through dense polymeric membranes is well described by the
solution-diffusion model [13]. Here the steady state permeability coefficient of
component i is determined using:
Pi =

Ji · l
f i ,o − f i ,l

(2.1)

where P i is the permeability coefficient, expressed in units of Barrer, where 1
Barrer equals 1·10−10 cm3 (STP) cm/(cm2 s · cm Hg), J i is the flux of component
i given in cm3 (STP)/(cm2 s), l represents the thickness of the dense membrane
(cm), f i ,o and f i ,l are the fugacities of component i at the feed and permeate
side (cm Hg). The fugacity is the effective partial pressure which replaces the
partial pressure in an accurate computation of the chemical equilibrium constant. The Soave-Redlich-Kwong equation of state enables the determination
of the fugacity of the examined molecules CO2 , N2 and Ar for a wide range of
pressures and temperatures [14]. Densities needed for the determination of the
fugacity coefficient can be obtained from the database of the National Institute
of Standards and Technology (NIST) [15].
f i = φi · p i

(2.2)

with φi being the dimensionless fugacity coefficient and p i being the partial
pressure of component i (cm Hg). According to the solution-diffusion model,
the permeability coefficient can be described as well by:
Pi = Si · D i

(2.3)
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Here D i is the diffusion coefficient (cm2 /s) and S i is the solubility coefficient
of component i (cm3 (STP)/(cm3 (polymer) cm Hg)). The solubility coefficient
is defined as:
Si =

Ci
fi

(2.4)

where C i is the concentration of component i in the polymer
(cm3 (STP)/(cm3 (polymer)) normalized by the surrounding fluid’s fugacity f i
which is given in cm Hg.

2.3
2.3.1

Experimental
Membrane preparation

Sylgard® 184 (Mavom B.V., The Netherlands) was used for the preparation of
PDMS membranes. The base, being a siloxane oligomer, and a curing agent
(siloxane cross-linker), were mixed in a 10:1 mass ratio, degassed in a vacuum
exicator and cast on a glass plate using a (350 to 900 µm) micrometer casting knife. After casting, the glass plate was placed in an oven at 105 °C for 75
min. After the heat curing, the produced membrane was removed from the glass
plate using an excess of ethanol, placed on a Whatman® filter paper (Grade 50;
pore size of 2.7 µm; thickness 121 µm; Sigma-Aldrich, Dutch online platform),
dried in an oven at 105 °C for 10 min and cut to the final membrane rectangular shape (4x15 cm ). The final thickness was measured with an ABS digital
thickness gauge, (Mitutoyo Nederland B.V., The Netherlands).
For the preparation of the natural rubber membranes, SIR-CV50 (Resinex UK
Ltd., United Kingdom) was added to m-xylene (purity of 99%+; Acros Organics, Belgium) in a 1:12 mass ratio and dissolved at 95 °C. The hot solution
was filtered using a Whatman® filter paper (Grade 598/1; pore size 12-25 µm;
Sigma-Aldrich, Dutch online platform) and poured on a glass plate with heightened edges to prevent running-off. The glass plate was placed in a vacuum oven
at 35 °C overnight to remove residual solvent. After drying, the membrane was
removed from the glass plate using acetone. A Whatman® filter paper (Grade
50), of the former type, was placed on top of the membrane during its removal
from the glass plate to prevent the membrane from sticking together. Throughout permeability measurements of Natural rubber, this filter paper was used as
a support. In general, Whatman® filter papers (Grade 50) were placed below
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membranes, during all permeability measurements, to prevent any pressure induced puncture of the membrane from below. After removal, the membrane
was dried in a vacuum oven at 35 °C for 1 hour and cut to the final membrane
shape. Using this method, membranes with a minimal thickness of 500 µm
(excluding filter paper) are produced. Thinner natural rubber films were prone
to damages during permeability measurements and casting and therefore were
not produced. Nafion® 115 sheets (thickness of 127 µm; Ion Power GmbH,
Germany) with a thickness of 127 µm were purchased and used as received.

2.3.2

Gas sorption

Solubilities of CO2 in PDMS were determined gravimetrically by a magnetic
suspension balance (IsoSORP® ; Rubotherm GmbH, Germany) equipped with
a high-pressure syringe pump (ISCO 260D; Beun de Ronde B.V., The Netherlands). The CO2 pressure dependent sorption was measured from 5 bar to
140 bar under isothermal conditions. Isothermal absorption curves were measured between 25 °C and 55 °C with a 10 °C interval. Before starting the CO2
sorption measurements, the sample was degassed overnight by applying a vacuum, at the targeted temperature.
To correct the measured CO2 mass uptake for the swelling-dependent buoyancy
effects, the sample volume change as a function of CO2 pressure and temperature needs to be known.
The volume of the unswollen sample was determined by measuring its weight
change in a helium atmosphere at various pressures (up to 25 bar). Here we
assumed that the helium solubility is negligible. Plotting the measured weight
of the sample by the corresponding helium density, lead to a linear plot which
slope is equal to the sample volume. To determine the volumetric change of
the sample, for a given temperature and pressure, the sample volume was multiplied by a coefficient of swelling induced expansion. This coefficient was determined by interpolation of an exponential fit of volumetric swelling rates obtained from literature [16, 17, 18]. The CO2 mass uptake of the polymer was
determined using:
mCO 2 = m s + [Vs · (1 + γ)] · ρCO 2 − m v ac.

(2.5)

where mCO 2 is the mass of CO2 dissolved in the sample (g), m s is the measured mass (g) of the sample at the selected pressure, Vs is the volume of the
unswollen sample (cm3 ), γ is the swelling induced expansion coefficient being
dimensionless, ρCO 2 is the density of CO2 in the fluid phase (g/cm3 ) at the se-
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lected pressure and temperature and m v ac. is the measured mass (g) of the sample at vacuum. The CO2 concentration in the polymer cm3 (STP)/(cm3 (polymer))
is determined by:
Ci =

mCO 2 ·Vm
MCO 2 ·Vs

(2.6)

where Vm is the molar volume of the gas at standard temperature and pressure (STP, 1.013 bar, and 273.15 K) given in cm3 (STP)/mol, MCO 2 is the molar
mass of CO2 (g/mol). The CO2 solubility coefficient is, as depicted in Eq. 2.4
the quotient of the CO2 concentration and its corresponding fugacity.

2.3.3

Membrane cell

Fig. 2.1 displays the membrane cell used for permeability measurements. Here,
the flat sheet membrane with its supporting filter paper below are placed on
top of the porous steel plate within the membrane cell. Without filter paper,
the membrane would be punctured by the small holes of the porous steel plate
(Series 1100; 316L SS; media grade 5; Teesing B.V., The Netherlands). During
measurement, the feed compartment is pressurized to the targeted pressure (up
to 185 bar) whereas the permeate compartment is maintained at atmospheric
pressure.
CO2 (or N2 or Ar) permeates from the pressurized feed side through the
membrane, into the porous steel plate and leaves the membrane cell via the
permeate exhaust. The porous steel plate, being gas permeable, also has a supporting function for the membrane sheet with its filter paper. With this design
the permeate flow rate can easily be determined at atmospheric pressures, using soap bubble flowmeters, while the feed side of the membrane is exposed to
supercritical CO2 .

2.3 Experimental

Figure 2.1: Rectangular membrane cell used to measure fluid permeabilities of dense
polymeric membranes. The dimensions of the membrane being exposed to
the feed are 3.3 and 14.5 cm (effective membrane area 47.9 cm2 ).
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2.3.4

High-pressure permeation setup

The high-pressure permeation setup used for this study (Fig. 2.2) can measure
fluid permeation through dense membranes up to feed pressures of 195 bar and
temperatures up to 95 °C. Before measurement, the membrane cell containing
the flat sheet membrane was placed in the temperature-controlled oven and
connected to the feed and permeate tubes.

Figure 2.2: High-pressure permeation setup used to measure fluid permeabilities
through dense polymeric membranes.

Before pressurization of the setup, the feed and permeate side of the membrane cell are flushed with the measured gas (i.e., CO2 ) to guarantee a pure gas
measurement, and the membrane cell is heated up to its desired temperature.
The feed line is then pressurized to its desired pressure by a high-pressure syringe pump (ISCO 500D; Beun de Ronde B.V., The Netherlands) whereas the
pressure at the permeate side was kept atmospheric. Small quantities of gas
are continuously added to the feed side to maintain the feed pressure. Pressure
transmitters at the feed and permeate stream (Series A-10; WIKA Benelux, The
Netherlands) are used for measuring the fluid pressures whereas a thermally
controlled oven (XU058; France Etuves in Chelles, France) and a thermocouple
(Type T, TC Direct in Nederweert, The Netherlands) are used to maintain the
desired process temperature. To measure the flow rate of the permeated gas, a
soap bubble flowmeter is used. For PDMS and natural rubber, the permeation
equilibrates fairly instantly, making it possible to obtain the permeate flow rate
after 5 minutes, whereas for Nafion® it can take up to 1 to 2 weeks to reach

2.4 Results and discussion
a constant permeate flow rate. Similar to the sorption experiments, permeability measurements were performed at 25 °C with a gradual increase of the feed
pressure from 5 bar to 185 bar. This was repeated at 35 °C, 45 °C and 55 °C.

2.4
2.4.1

Results and discussion
Setup validation

To ensure the setup’s functionality at low pressures, preliminary CO2 permeability measurements were performed with PDMS and compared with those
obtained by Sadrzadeh et al. [19], Stern et al. [20], Merkel et al. [21], and
Berean et al. [22] (Fig. 2.3).

Figure 2.3: CO2 permeability of PDMS at 35 °C. Data of this study were compared with
those measured by Sadrzadeh et al. [19], Stern et al. [20], Merkel et al.
[21], and Berean et al. [22].

All permeability profiles, depicted in Fig. 2.3, show little variation from their
profiles general trend. A comparison between the permeability profiles reveals
large variations, ranging between 3000 and 5000 Barrer, among them the pro-
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file of this study, having the lowest values. The substantial variation could be
the result of the differences in membrane preparation which primarily affect the
permeability. Berean et al. [22] observed a strong dependency of the PDMS permeability on the crosslinking temperature, where an increase of the crosslinking
temperature from 75 °C to 100 °C resulted in a decrease of CO2 permeability
from 3970 Barrer to 3190 Barrer. Moreover, differences in crosslinking density
and used brands could have led to those variations in permeability, depicted in
Fig. 2.3. The latter CO2 permeability (3190 Barrer) measured at a feed pressure
of 3.4 bar by Berean et al. [22] is fairly identical to 3210 Barrer measured in
this study at 4.4 bar. This is not surprising since both membranes are based on
the same brand (Sylgard® 184), show similar crosslinking temperatures
(100 °C for Berean et al. [22] and 105 °C for this study) and crosslinking densities being fairly equal (10 wt.% and 9 wt.%.).
All permeability profiles show similar slopes, except those measured by Stern et
al. [20]. Merkel et al. [21] suggested that the CO2 solubility of the polymer is
enhanced by the increasing pressure, thus leading to higher permeabilities. Although the permeability profiles in Fig. 2.3 show large systematical variations,
the presence of the predominantly positive profile slope and the accordance to
the permeability measured by Berean et al. [22], suggest that the setup measures reliable data at low pressures.
Due to the absence of experimental data on the CO2 permeability of PDMS at
elevated pressures, hysteresis tests were performed at 45 °C and feed pressures
up to 165 bar, to also validate the setup at the high-pressure range (Fig. 2.4).
The permeability was measured incrementally first with rising and then with
falling pressure. Rubbery polymers such as PDMS do not experience any hysteresis effects [23]. Therefore, irreversible changes such as damages or defects,
occurring during the pressure rise, could be identified by different permeability
values during the measurement with falling pressure. From the hysteresis experiments we concluded that the system works perfect and that no membrane
damage or other imperfections are occurring.

2.4 Results and discussion

Figure 2.4: Hysteresis test performed with PDMS having a thickness of 395 µm at 45 °C.
The CO2 permeability is measured incrementally with rising and then with
falling pressures, to identify irreversible changes (i.e., defects) occurring during the measurement.

Next to setup validation, the CO2 permeability profiles in Fig. 2.4 show a
strong resemblance to those profiles presented by Patil et al. [8], Legros et
al. [12] and others [11, 23]. Although measured with different materials, all
permeability profiles show an increase with pressure beyond the critical point
followed by a leveling off or even drop at supercritical pressures. This particular
behavior could be reproduced with PDMS membranes with different thicknesses
(Fig. 5.16). The measurements also reveal that there is no clear membrane
thickness dependency on the CO2 permeability. This finding is in accordance
with Firpo et al. [24] who could only see a change in CO2 permeability below thicknesses of about 50 µm. The transition of the permeated CO2 from
the gaseous to the supercritical state at 74 bar lead to no distinct change in the
permeability profile. The pressure of change in permeation lies in our measurements around 125 bar, thus far beyond the transition point from the gaseous to
the supercritical state.
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Figure 2.5: CO2 permeability of PDMS based membranes with various layer thicknesses.
Measurements were performed at 45 °C with feed pressures ranging from 4.4
bar up to 195 bar.

2.4.2

Various fluids

Fig. 2.6 displays the permeability profiles of CO2 , N2 and Ar normalized by
the permeability measured at 4.4 bar. For CO2 , N2 and Ar these permeabilities
(3359, 423 and 734 Barrer respectively) are in accordance with the literature
data [20, 25].

2.4 Results and discussion

Figure 2.6: Normalized permeability profiles of CO2 , N2 , and Ar obtained at 45 °C and
pressures between 4.4 and 195 bar. Membrane thicknesses of the permeability profiles of CO2 , N2 , and Ar are 282, 385 and 340 µm, respectively

For N2 , a rising feed pressure results in a decrease in permeability. Merkel et
al. [21], observed the same behavior for N2 while measuring up to 17 bar, and
assigned this decrease to the increasing mechanical pressure at the feed side.
This mechanical pressure led to a compression of the polymer matrix thus to a
reduction of the polymer’s free volume and a decrease of the penetrant diffusion coefficient. Argon shows a pressure independency throughout the whole
profile, thus leading to the assumption that the increased penetrant solubility,
being permeance promoting, are more pronounced for argon than for nitrogen and therefore balancing the permeance hampering effects of the membrane
compression.
The CO2 permeability profile is in clear contrast to those of N2 and Ar, showing
a permeability maximum in the same pressure range that Legros et al. [12] determined while measuring the perfluoroelastomers Kalrez® 6375 and Kalrez®
7090. This leads to the question: are the CO2 fluid properties, which also contribute to substantially higher penetrant solubility compared to N2 and Ar, and
not the intrinsic membrane properties determining the CO2 permeation profile.
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2.4.3

Various materials

To verify if the CO2 properties or the material properties are determining the
permeability, profile measurements were performed with two other polymeric
membrane materials, namely natural rubber and Nafion® . Their pressure dependent permeabilities curves were compared with those of PDMS (Fig. 2.7).
The permeabilities of natural rubber and Nafion® are at low pressure in agreement with the literature [26, 27]. All three polymeric materials, being significantly different in their chemical structure, their glass transition temperature
and their CO2 permeability, show a sharp rise in permeability up to around
125 bar followed by a sudden fall in the profiles slope.

Figure 2.7: CO2 permeability profiles of PDMS, natural rubber and Nafion® at 45 °C.
Membrane thicknesses of PDMS, natural rubber and Nafion® are 282, 567
and 127 µm, respectively.

This confirms the assumption that the CO2 fluid properties on the feed side
and not the intrinsic membrane material properties are dictating the CO2 permeability profile. Considering the solution-diffusion model, fluid properties
would either affect the diffusion of CO2 through the polymeric membrane or
the solubility of CO2 within the polymer. Nalawade et al. [28] concluded in
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their examination of polyester resins that the CO2 solubility was partially affected by its fluid density, thus by the fluid property. This suggests that the CO2
solubility rather than its diffusion through the membrane is the root for the
particular permeability profile of CO2 . To confirm the density dependence of
the CO2 solubility and the effect on the CO2 permeability, sorption experiments
using PDMS were conducted.

2.4.4

Sorption experiments

Solubility measurements are carried out at elevated pressures and benchmarked
with literature data to validate the used equipment and measurement protocols
[19, 20, 21, 28]. The obtained and the literature data of the CO2 solubility
profiles are displayed in Fig. 2.8.

Figure 2.8: CO2 solubility coefficients for PDMS at 30 - 35 °C. The data obtained in this
study are compared with the results of Sadrzadeh et al. [19], Stern et al.
[20] and Merkel et al. [21].

An increase in CO2 solubility coefficient in PDMS with pressure can be observed and is in good agreement with the literature data. Equipment and measurement protocols are therefore reliable.
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Fig. 2.9 (a) and (b) display the CO2 concentration in PDMS and the CO2
density, respectively. Both, refer to the CO2 mass within a unit volume and can,
therefore, be compared with each other.

(a)

(b)

Figure 2.9: (a) CO2 concentration in PDMS and (b) CO2 density for various temperatures and pressures.

The trend of the CO2 concentration in the polymer, determined using
Eq. 2.6, is highly comparable to the trend of the CO2 density outside of the
polymer. This is especially true above the critical point. Both their values rise
with decreasing temperature and increasing pressure. The sudden jump of the
CO2 concentration within the polymer at 25 °C between 60 and 75 bar is in
agreement with the density increase outside in the fluid phase due to its transition from gas to liquid at 64.4 bar. A rise of the fluid temperature from 25 °C
upwards, results in a shift of the inflection point towards higher pressures. This
shift, continuing beyond the critical point (74 bar, 31 °C), becomes weaker, due
to a lack of a clear phase transition within the supercritical region. As a result,
the curve buckling becomes less pronounced and is shifted towards higher pressures and rising temperatures.
Above 74 bar, the ratio between the CO2 concentration in the polymer and density outside the polymer is two. This means that the CO2 concentration inside
the polymer is directly dependent on the CO2 density of the surrounding fluid.
For sub-critical pressures (below 74 bar), no consistent relation between the
two can be found. Since the CO2 solubility coefficient is derived from the CO2
concentration inside the polymer, we can confirm and extend Nalawade et al.
[28] observation of the of the density dependence of the CO2 solubility coef-
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ficient for PDMS within the supercritical region. Assuming that the particular
CO2 permeability profiles in Fig. 2.7 are caused by the CO2 solubility, we can
also extend this observation of the density dependence of the CO2 solubility to
Nafion® and Natural rubber.

Figure 2.10: CO2 permeability of PDMS at 25 °C, 35 °C, 45 °C and 55 °C. The corresponding membrane thicknesses are 385, 415, 282 and 385 µm, respectively. Measurements were performed at feed pressures from 4.4 bar up to
195 bar.

Fig. 2.10 displays the CO2 permeability of PDMS at temperatures ranging from 25 °C to 55 °C. The response curve recorded at 25 °C reflects the
transition from the gas to the liquid state. Given the critical temperature of
CO2 of 31 °C, the recordings at 35-55 °C were (by definition) performed in the
gaseous and the supercritical regime. Apart from the degree of curvature, the
response curves at 35-55 °C show a large resemblance with the one at 25 °C.
As argued next, the reason is that they reflect a phase transition as well as a
quasi-transition within the supercritical regime. Physical parameters are sensitive to pressure and temperature. When plotted against pressure, the density
shows an S-shape with its inflection point shifted along the P-axis depending
on temperature. In the P, T phase diagram of CO2 , the Widom line for density
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connects these inflection points. The physical interpretation of the Widom line
is that it demarcates the regime of liquid-like from gaseous-like scCO2 behavior.
The conclusion derived from the previous paragraphs is that the permeability
response curve of Fig. 2.10 does not represent membrane characteristics but
instead reflects intrinsic properties of CO2 , notably its density as a function of P
and T. Fig. 2.11 shows the P, T phase diagram with the Widom lines for density.
The arrays of vertically aligned data points, at each temperature, are the corresponding pressure values of Fig. 2.10 at which the permeability has been
determined. Within each array, the distance (or gap) between open and solid
symbols represents the experimentally obtained pressure range in which the
inflection points of the response curves of Fig. 2.10 fall, at each measured temperature.

Figure 2.11: P, T phase diagram of CO2 with the Widom line (in the supercritical regime)
for density indicated. The vertically aligned arrays of data points represent the pressure values in Fig. 2.10 at which the permeability has been
determined. Within each array, the distance between open and solid symbols represents the experimentally obtained pressure range in which the
inflection points of the response curves of Fig. 2.10 fall at each measured
temperature.

2.4 Results and discussion
The observation that the Widom lines intercept these gaps indicates that the
behavior shown in Fig. 2.10 reflect transitions from the gaseous-like (open symbols) to the liquid-like scCO2 (solid symbols) with increasing pressure. This is
the underlying explanation for the resemblance in behavior shown in Fig. 2.10
between the phase transition at 25 °C and those quasi-transitions in the supercritical regime at 35-55 °C. The further away from the critical point, the less
pronounced this quasi-transition, hence the rather shallow curvature observed
at 55 °C compared to the one at 35 °C. The relevancy from a process engineering point of view is that membrane permeability, i.e., CO2 viscosity and density
may well depend on if supercritical CO2 is present as liquid-like or gaseous-like.
One way to visualize this is by transforming Fig. 2.10 in a plot showing the
normalized CO2 solubility versus the normalized CO2 permeability, with both
parameters normalized to their corresponding value at 4.4 bar (Fig. 2.12). The
required solubility values for Fig. 2.12, including the value at 4.4 bar, were derived from a fit based on the measured CO2 concentrations within the polymer,
displayed in Fig. 2.9a. By doing so, we could ensure that the permeabilitysolubility pairs were assigned to exactly the same pressure.
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Figure 2.12: Relative CO2 permeability plotted versus the relative CO2 solubility for
PDMS with the solubility coefficients obtained from fitting the data of Fig.
2.9a and using the permeability values of Fig. 2.10. Open symbols represent the gas or gaseous-like (sc)phase whereas the solid symbols represent
the liquid or liquid-like (sc)phase.

As can be seen, within the gas and gaseous-like (supercritical) phase (open
symbols) both parameters change at the same rate. According to the solutiondiffusion theory (with P=DxS), this behavior indicates a constant CO2 diffusivity. Right after the (quasi-)transition towards liquid or liquid-like (supercritical)
phase (solid symbols) the permeability increase starts to lag behind the increase
in solubility. This shows that a change from gaseous to liquid CO2 (at 25 °C)
or from gaseous-like to liquid-like scCO2 (at 35-55 °C) affects, i.e., lowers, the
CO2 diffusivity, thus CO2 transport within the polymer. Considering high CO2
concentrations in the PDMS when exposed to liquid-like CO2 this reduction of
the CO2 transport can be the result of increased viscosity of the CO2 molecules
within the polymer.

2.5 Conclusions

2.5

Conclusions

In this study we examined the transport of scCO2 through dense membranes,
to explore what effects are relevant to these hardly examined permeation conditions. For that we measured various membrane materials, molecule types at
pressures up to 185 bar and temperatures ranging from 25 to 55 °C. All membranes based on PDMS showed the same CO2 permeability indicating that the
permeability is independent of the PDMS layer thickness. Further, the CO2 permeation profile over pressure differed significantly from those of N2 and Ar,
by showing an increase in value with increasing pressure, followed by a maximum in permeation at around 125 bar and a leveling off. The permeability
profile of Ar was constant, whereas that of N2 decreased due to the mechanical compression effects, lowering the N2 diffusion through the membrane. The
CO2 permeability of natural rubber and Nafion® was measured as a function of
pressure and compared to the corresponding permeabilities of PDMS. All three
membrane materials, differing in their characteristics (i.e., polymeric structure,
glass transition temperature) showed similar permeation profiles, including a
sudden drop of the profiles slope at the same pressure. This confirms the assumption that the fluid properties of CO2 and not the intrinsic membrane properties, as plasticization, cause the particular permeation profile. CO2 density
was identified to be the responsible fluid property. A comparison of the trends
of CO2 concentration in the polymer and the density of the fluid phase showed
substantial similarities. At high pressures, CO2 concentration in PDMS (and
Nafion® and natural rubber) appeared to be dependent on the CO2 fluid density, whereas at low pressures this relationship does not seem to hold. The CO2
density’s Widom-line, demarcating the regime of liquid-like from gaseous-like
scCO2 behavior, lies within the experimentally obtained pressure range of the
inflection points assigned to the CO2 permeability. This indicates that the CO2
permeability profile has the biggest response at the border between the gaseouslike and the liquid-like state of CO2 .
Plotting the relative change of the CO2 permeability and solubility showed
that both parameters changed proportionally to each other within the gas and
gaseous-like phase, indicating a constant diffusion coefficient. Whereas the permeability started lacking behind within the liquid and liquid-like phase, indicating that the (quasi-)transition towards liquid or liquid-like phase lead to a fall of
the diffusion coefficient, thus CO2 transport within the membrane. When taking
high CO2 concentrations in the polymer at liquid-like conditions into account,
increased viscosity of the CO2 molecules might be the cause for the decline in
the CO2 transport.
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Chapter 3
The effect of supercritical CO2
on the permeation of dissolved
H2O through PDMS
The permeation of H2 O through dense polydimethylsiloxane (PDMS) was investigated, under supercritical conditions, to evaluate the regenerability thus
dehydratability of scCO2 after water extraction from food products. This study
experimentally examined the impact of concentration polarization on the H2 O
vapor permeation through PDMS membranes in the presence of sub- and supercritical CO2 . The results were compared to a system containing N2 instead of
CO2 . For the system with CO2 the residual mass transfer resistance, which excludes the membrane layer resistance, decreased with increasing feed pressure.
For the N2 containing system, the opposite trend was found. This discrepancy is
caused by the fact that the solubility induced CO2 permeability increases with
pressure while the diffusion controlled N2 permeability decreases with pressure.
The consequence of this is that in the scCO2 matrix the H2 O transport mechanism across the feed boundary layer shifts from a diffusion based to a plug
flow type mechanism where H2 O and CO2 molecules are transported with similar speed towards the membrane surface. In the N2 matrix the difference in
transport speed between H2 O and N2 at high pressures is maintained including the feed boundary layer contribution. Consequently, the H2 O transport rate
through the membrane is governed by the type of matrix fluid (CO2 or N2 ).
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3.1

Introduction

Dehydration of fruit and vegetables is an old method used for food preservation
and to prolong their availability throughout the year. In terms of mass transfer,
dehydration is the motion of water molecules from the inside of the product
to the surface and from the surface into the surrounding environment. The reduction in water activity to safe levels inhibits microbial growth and enzymatic
activity thereby increasing the shelf life. Convective hot air drying (CD) is a
simple technique that is often used and does not require large investments. The
drawbacks of CD are the deterioration of the product quality due to i.e. shrinkage and bad rehydration [1]. Contrary, scCO2 dried products keep their shape
as it is a mild process that gently removes the water preventing pore collapse
or shrinkage, that operates at low temperatures and has no oxidizing power because of the absence of oxygen [2]. Common fluid temperatures and pressures
during the scCO2 drying are in the range of 45 °C and 130 bar [3], which is
above carbon dioxides critical values of T = 31.04 °C and p = 73.8 bar [4].
Water extraction from the fresh food products humidifies the scCO2 . A dewatering/regeneration step is necessary that allows reusing the scCO2 in the next
water extraction cycle.
Lohaus et al. [5] suggest that membrane-based dehydration of supercritical
CO2 is a viable, mild and cost effective alternative. For that, extensive studies
with H2 O/CO2 systems have been performed to understand the effects occurring within the membrane [6, 7, 8]. However, severe concentration polarization
effects taking place adjacent to the dense membrane were not experimentally
studied for supercritical conditions.
Concentration polarization takes place when the transport of water from the
bulk to the membrane interface is slower than its transport through the selective membrane. As a consequence, the water concentration in the feed boundary
layer (BL) depletes, as visualized in Fig. 3.1. Concentration polarization leads
to a reduction of the effective driving force for water transport resulting in both
a lower water flux and a lower water/gas selectivity [9].

3.1 Introduction

Figure 3.1: H2 O concentration profile of a thick dense membrane supported by a filter
paper and a sintered steel plate and its fluid boundary layers. The resistance
of each layer towards the transport of H2 O manifests itself in the specific
concentration depletion within each layer.

For membranes showing pressure-insensitivity towards their intrinsic H2 O
permeability, the diffusion-based water transport across the feed boundary layer
slows even further with increasing feed pressures, reinforcing concentration polarization [9].
Metz et al. [9], who measured the H2 O and N2 permeability of PEBAX at 50
°C, also found a decrease in apparent H2 O permeability by a factor of 4 while
increasing the feed pressure from 4 bar to 61 bar, showing how the H2 O permeation was hampered by the rise in feed pressure. Some of the measurements
of Metz et al. [9] were above the critical values of nitrogen being T = -146.96
°C and p = 34.0 bar [10], thus with H2 O dissolved in supercritical nitrogen.
Our earlier study presented in Chapter 2, examined the permeation behavior
of supercritical CO2 , N2 and Ar through dense PDMS membranes without the
presence of water. This study revealed how different the permeation effects of
scCO2 are in comparison to supercritical N2 (scN2 ) and Ar (scAr). While the
latter two showed no difference to gases in their permeation behavior, scCO2
permeation behavior resembled those of liquids or gases depending on its temperature and pressure (above or below its Widom-line). This study focuses on
the permeation behavior of H2 O dissolved in scN2 or scCO2 through the feed
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boundary layer, where concentration polarization might dominate the dehydration process, using dense PDMS membranes. H2 O permeabilities were measured at temperatures between 25 °C and 55 °C and feed pressures up to 145
bar or 185 bar depending on whether the H2 O was dissolved in scN2 or scCO2 ,
respectively.

3.2

Background

According to the solution-diffusion model, the fluid permeability of a dense
polymeric membrane (real permeability for H2 O transport) depends on the fluids ability to dissolve in and diffuse across the membrane. As a consequence,
the permeability coefficient is described by:
(3.1)

P = S ·D

Here D is the diffusion coefficient (cm2 /s) and S is the solubility coefficient
(cm3 (STP)/(cm3 (polymer)cm Hg)). To determine the real H2 O permeability,
the apparent H2 O permeability coefficient being, due to the presence of concentration polarization and the other mass transfer resistances of all relevant
layers (Fig. 3.1) generally lower, has to be experimentally determined by:
P H2 O =

J H2 O,i · l
∆ f H2 O

(3.2)

where P H2 O is the apparent H2 O permeability coefficient
cm3 (STP) cm/(cm2 s cm Hg). When multiplied by 1 · 10−10 , P H2 O is presented
in Barrer, in SI units 7.52 · 10−18 m3 (STP) m /(m2 s Pa), J H2 O,i is the H2 O flux
given in cm3 (STP)/(cm2 s), l equals the thickness of the dense membrane (cm),
∆ f H2 O is the H2 O driving force which is derived from the components fugacity
in bulk phases of the feed and permeate side (cm Hg). The CO2 and N2 permeability are as well determined using Eq. 3.2.
The to the apparent H2 O permeability corresponding combined mass transfer
coefficient of all layers (m/s) that affects the water transport (Fig. 3.1) is determined by,
k H2 O =

P H2 O
l

·

R ·T
VST P

(3.3)

where R is the ideal gas constant (J/(mol K)), T is the temperature (K) and
VST P is the molar volume at standard temperature (273 K) and pressure (1.013
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bar) given in (cm3 (STP)/mol). The inverse combined mass transfer coefficient,
is the so-called combined mass transfer resistance (s/m), which linear fit of
its plot over different membrane thicknesses is used to determine the residual
mass transfer resistance. This residual mass transfer resistance, representing
the combined resistance of all layers affecting the H2 O transport other than the
membrane layer, is used for the determination of the real H2 O permeability.
Detailed explanations on the determination of the residual mass transfer resistance and the real H2 O permeability can be found in the studies of Metz et al.
[9] and Sijbesma et al. [11].
The fugacity f i is the effective partial pressure or the partial pressure corrected for real gas behavior using the corresponding fugacity coefficient,
f i = y i · φi · p i

(3.4)

with y i being the molar fraction, φi being the fugacity coefficient, both dimensionless, and p i being the partial pressure of component i in cm Hg. The
fugacity coefficient of CO2 , N2 can be determined for a wide range of pressures
and temperatures using the Soave-Redlich-Kwong equation [12]. The H2 O fugacity strongly depends on the fluid where it is dissolved in and differs for CO2
and N2 . When dissolved in CO2 the Redlich-Kwong based model developed
by Spycher et al. [13] can be applied whereas for H2 O being dissolved in N2 a
model using the virial equation of state, being developed by Rigby et al. [14] enables the calculation of the fugacity coefficients. The latter manuscript includes
second virial cross coefficients for 25, 50, 75 and 100 °C which are needed for
the determination of H2 O fugacity coefficient of the corresponding temperature.
The second virial cross coefficients of the desired temperature, can be calculated
by using a second order polynomial fit.
Both models enable the determination of the H2 O solubility. Note that the
maximal pressure in the N2 lies with 145 bar beyond the 100 bar being the
maximal pressure at which the model of Rigby et al. [14] was validated. A
comparison to the measured solubilities obtained by Bartlett [15] at 50 °C and
100 bar and 200 bar lead to deviations of 3.5 and 10.8% which is still reasonable
considering that the latter value is 100 bar and 55 bar larger than the maximal
validation pressure and our measured maximal pressure, respectively.
The H2 O fugacity coefficient of the permeate side, having atmospheric pressure, the Antoine equation [9] was used. Densities required for the determination of the fugacity coefficient can be obtained from the database of the National
Institute of Standards and Technology (NIST) [10].
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The driving force for the transport of water vapor equals the logarithmic
mean difference of the components fugacity at the feed and permeate side:
∆ fi =

F
P
( f 0,i
− f 0,i
) − ( f iF − f iP )

ln

F −f P
f 0,i
0,i

(3.5)

f iF − f iP

F
where f 0,i
and f iF are the fugacities of the components in the feed and retenP
tate stream and f 0,i
and f iP are the fugacities of the components in the sweep
gas and permeate stream (cm Hg). For CO2 and N2 the driving force is simply
the difference between feed and permeate fugacity.

3.3
3.3.1

Experimental
Membrane preparation

PDMS membranes were prepared using Sylgard® 184 (Mavom B.V., The Netherlands). The base and curing agent were mixed in a 10:1 mass ratio, degassed in
a vacuum exicator and cast on a glass plate using a (200 to 750 µm) micrometer adjustable casting knife. After casting, the glass plate was placed in an oven
at 105 °C for 75 min. After the heat curing, the produced membranes were
removed from the glass plate using an excess of ethanol. Then the membranes
were air dried on top of a Whatman® filter paper (Grade 50; pore size of 2.7
µm; thickness 121 µm; Sigma-Aldrich, Dutch online platform), to prevent sticking, in an oven of 105 °C for 10 min and cut into the useable rectangular shape
(4x15 cm ). This resulted in membrane thicknesses ranging from 130 to 500
µm. The final obtained thickness was measured with an ABS digital thickness
gauge, (Mitutoyo Nederland B.V., The Netherlands).

3.3.2

Membrane cell

Fig. 3.2 displays the membrane cell used for the permeability measurements.
To ensure uniform flow profiles in both the feed and permeate channel, a rectangular cell was designed. During the permeability measurements, Whatman®
filter paper (Grade 50) was placed between the membrane and the sintered
metal support plate (Series 1100; 316L SS; media grade 5; Teesing B.V., The
Netherlands) to prevent any mechanical damage.
During H2 O permeability measurements, humid CO2 or N2 is fed to the cell,

3.3 Experimental
flows across the membrane and leaves at the retentate outlet. On the permeate side sweep gas, dry N2 (-40 °Cdp), flows through the porous support plate
thereby entraining the permeated water to the permeate outlet to maintain a
high driving force for desorption.
To determine the permeability of CO2 and N2 the sweep gas inlet was closed
and the permeated gas flow rate was measured at room temperature using a
soap bubble meter. Note that a water vapor saturated stream comprises only up
to about 3 vol.% of a saturated air or CO2 stream at 1 bar and 20 °C [6, 11].

Figure 3.2: Rectangular membrane cell used to measure fluid permeabilities of dense
PDMS membranes. The dimensions of the membrane being exposed to the
feed are 3.3x14.5 cm (effective membrane area 47.9 cm2 ).
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3.3.3

High-pressure permeation setup

The high-pressure permeation setup used in this study was designed to measure
gas and water vapor permeabilities with feed pressures and temperatures up to
195 bar and 95 °C, respectively.
A detailed description of the equipment and the H2 O permeability measurements procedures are shown in the supporting information. The H2 O transmembrane flux is calculated by:
J H2 O =

P
(p PH2 O − p 0,H
) · V̇sweep · VST P
2O

A · R · Tcel l

(3.6)

P
where p PH2 O and p 0,H
are the water vapor partial pressures of the outflow
2O
(permeate) and inflow (sweep gas) of the permeate side of the membrane cell
(Pa), V̇sweep is the sweep gas volume flow rate (cm3 (STP)/s), VST P is the molar
volume at standard temperature (273 K) and pressure (1.013 bar) given in
(cm3 (STP)/mol), A is the effective membrane area (cm2 ), R is the ideal gas
constant (J/(mol K) and T is the temperature (K). To determine the CO2 and
N2 flux, Eq. 3.6 is modified:

Ji =

p iP · V̇sweep · VST P
A · R · Tcel l

(3.7)

where p iP equals the mechanical pressure of the permeate stream (cm Hg).
Throughout all water permeation measurements, the fluid dynamics were
kept constant, to enable a fair comparison. For the H2 O/CO2 system, a Reynolds
number of 1050±50 was maintained for the feed stream whereas a sweep gas
velocity 1500±50 cm3 /min was chosen. For the H2 O/N2 system, it was not
possible to use the circulation pump. Due to the lower scN2 fluid density compared to scCO2 , we were forced to operate in single passage mode. In addition,
low H2 O fluxes forced us to reduce the sweep gas flow rate down to 300±10
cm3 /min in order to reach the measuring range of the dew point meters. For
this reason lower Reynolds numbers, 150±10 were considered when scN2 was
used as feed gas. In case of humid scCO2 , H2 O permeabilities were measured
up to 185 bar, whereas for humid scN2 , H2 O permeability measurements were
limited up to 145 bar, due to different methods required to achieve the desired
feed flow rates. These methods are discussed in the supporting information
section.

3.4 Results and discussion

3.4
3.4.1

Results and discussion
CO2 and N2 permeation

The contribution of water vapor present in the feed stream on the permeation
behavior of CO2 and N2 is examined, in Fig. 3.3. Here, the permeabilities of
dry (open symbols) and water vapor saturated (closed symbols) CO2 and N2
through a PDMS film are quantified for various feed pressures at 45 °C.

Figure 3.3: The dry CO2 and N2 permeabilities of PDMS (open symbols) and the corresponding water vapor saturated permeabilities (closed symbols), at 45 °C for
various feed pressures. Membrane thicknesses are 282 µm (dry CO2 ), 273
µm (water vapor saturated CO2 ) and 187 µm (both N2 ).

No significant difference in permeability between dry and water vapor saturated fluids (CO2 and N2 ) through PDMS was measured. This observation is in
accordance with published results that also show no change in the N2 permeability of PDMS membranes when highly soluble substances such as ethylbenzene [16] or and acetone [17] were added to the feed stream.
Since, it is known that CO2 and N2 permeabilities of PDMS are insensitive
towards the presents of H2 O, the scope is shifted towards the effect of temper-
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ature. Fig. 3.4 displays the temperature effect on the CO2 and N2 permeability
through PDMS membranes for various feed pressures. The CO2 permeabilities
were taken from our previous study performed in Chapter 2 whereas N2 permeabilities were measured in this study.

(a)

(b)

Figure 3.4: Dry (a) CO2 and (b) N2 permeability isotherms as a function of the feed pressure. Membrane thicknesses are for CO2 385 µm (25 °C), 415 µm (35 °C),
282 µm (45 °C) and 385 µm (55 °C), whereas for N2 , measured in this study,
we relied on one membrane having a thickness of 187 µm.

Fig. 3.4a displays the CO2 permeability profile for PDMS as function of the
pressure for various temperatures. The typical increase in the CO2 permeability profile with feed pressure followed by a leveling off was not only observed
for dense polymeric membranes [9, 16] but also for microporous membranes
[17, 18, 19]. Here, the particular profile shapes of the dense polymeric membranes were attributed to feed density changes, whereas feed viscosity changes
were an additional factor causing the specific profile shape of the microporous
membranes. With increasing temperature, the point of leveling off shifts to
higher pressures in addition, there is also a decrease in the CO2 permeability. These effects can be explained by the lower CO2 sorption in PDMS with
increasing temperature, as observed in Chapter 2. Opposite to this, the N2 permeability, displayed in Fig. 3.4b, shows an increase with temperature, this can
be attributed to the low N2 sorption values in PDMS whereby the contribution
of the temperature driven diffusion has a decisive role in the permeation behavior. This is in agreement with Sijbesma et al. [11]. They also found an increase
in N2 permeability for PEBAX® 1074 with temperature. According to Merkel et
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al. [20], low-sorbing penetrants, being less condensable (low critical temperature), like N2 and H2 show pressure independent solubility coefficients, contrary
to the high-sorbing CO2 , being more condensable (high critical temperature).

3.4.2

H2 O permeation

Similar to CO2 , the permeability of high-sorbing, thus highly condensable H2 O
is also expected to decrease with increasing temperature. This is shown in Fig.
3.5, where apparent H2 O permeability isotherms are plotted over the feed pressure.

(a)

(b)

Figure 3.5: The apparent H2 O permeability of H2 O dissolved in CO2 (a) and N2 (b)
of PDMS for various temperatures over the feed pressure. Membrane thicknesses are for CO2 385 µm (25 °C), 415 µm (35 °C), 282 µm (45 °C) and
385 µm (55 °C), whereas for N2 one membrane with thickness 187 µm was
used.

The apparent H2 O permeabilities displayed in Fig. 3.5a show a resemblance
with the CO2 permeability profiles in Fig. 3.4a. Here, the change of the apparent H2 O permeability can only be attributed to either boundary layer effects or
to changes of the membrane properties, as observed for the CO2 in prior study
of Chapter 2.
In order to elucidate which of these two effects is leading, it is necessary to
assess the contribution of the boundary layer and membrane performance separately. This is done by determining the residue H2 O mass transfer resistance
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and the real H2 O permeability, as done by Metz et al. [9] and Sijbesma et al.
[11].
The profiles of the apparent H2 O permeabilities displayed in Fig. 3.5b, show,
when juxtaposing to the corresponding N2 permeability profiles in Fig. 3.4b, a
more substantial decrease to fairly half of the initial values. This can indicate
concentration polarization within the feed boundary layer, which impairs the
H2 O transport towards the membrane surface and thus lowers the H2 O permeation rate, as suggested by Metz et al. [9]. Here, the determination of the
residue H2 O mass transfer resistance and the real H2 O permeability will as well
help to examine if the fall of the apparent H2 O permeabilities is attributed to
the boundary layer or to the membrane layer. To determine the combined H2 O
mass transfer resistance which is needed for the determination of the residue
H2 O mass transfer resistance and the real H2 O permeability, the apparent permeabilities have to be measured with membranes having different thicknesses.
Fig. 3.6 depicts the apparent H2 O permeability profiles for various PDMS
membrane thicknesses, for a CO2 (a) and N2 (b) feed stream.

(a)

(b)

Figure 3.6: The apparent H2 O permeability of PDMS for different membrane thicknesses
over the feed pressure, at 45 °C dissolved in CO2 a and N2 b.
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A small increase of the apparent H2 O permeability with increasing membrane thickness can be observed for lower CO2 feed pressures in Fig. 3.6 (a).
For N2 this effect is much more pronounced and visible throughout the whole
feed pressure range, in Fig. 3.6 (b). The apparent H2 O permeability increase
with thickness proves the presence of a H2 O mass transfer resistance layer other
than the membrane layer itself, i.e., the feed boundary layer resistance which indicates H2 O concentration polarization. When thinner membranes are used, the
relative effect of the non-membrane related mass transfer resistances is more
pronounced, which in turn leads to lower apparent H2 O permeabilities.

3.4.3

Effect of boundary layer resistance

Fig. 3.7 depicts the residue mass transfer resistance with respect to the feed
pressure for (a) the H2 O/CO2 system and (b) the H2 O/N2 system.

(a)

(b)

Figure 3.7: The residual H2 O mass transfer resistance in (a) CO2 and (b) N2 , plotted
versus the feed pressure at 45 °C as determined using data of Fig. 3.6.

In Fig. 3.7a, the residual mass transfer resistance of H2 O falls with increasing feed pressure from about 5500 s/m at 15 bar down to fairly 0 s/m at 95
bar. Above 95 bar, the combined H2 O mass transfer resistance of the feed- and
permeate boundary layer and the filter paper and support plate is close to zero.
That means that at higher feed pressures the membrane resistance is dominant,
but at lower feed pressures also the other resistances significantly contribute,
resulting in lower fluxes and consequently apparent membrane water permeabilities.
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Since the permeate conditions are kept constant while the feed conditions are
changed, it seems that the mass transfer resistances assigned to the filter paper,
support plate and the permeate boundary layer are neglectable, for this particular membrane cell configuration. This returns that the residue resistance fairly
equals the feed boundary layer resistance. However, additional experiments
with varied permeate velocities as done by Metz et al. [9], would be necessary to fully confirm this assumption. The profile in Fig. 3.7a, implies that the
effect of concentration polarization, present at low pressures diminishes with
increasing feed pressure. This decrease of the feed boundary layer contribution
contradicts the predictions of our study [21] and the conclusions of Metz et al.
[9], where a rise of the mass transfer resistance of the feed boundary layer was
observed with increasing feed pressure. However, this decrease in the residual
mass transfer resistance with increasing feed pressure and the absence of the
feed boundary layer resistance at feed pressures above 95 bar can be explained
by comparing the H2 O content in the CO2 feed bulk and the permeate stream,
as presented in Fig. 3.8.
Fig. 3.7b displays the residue mass transfer resistance of H2 O in a N2 rich
feed stream as a function of the feed pressure at 45 °C. The mass transfer resistance increases, contrary the H2 O/CO2 system, with increasing feed pressure.
This increase indicates that the concentration polarization is not only present at
low pressure but becomes increasingly dominant with increasing feed pressure
as reported by Metz et al. [9]. An increase in feed pressure results in a denser
feed, which in turn reduces the mean free path of motion for water molecules
diffusing across the feed boundary layer.
At a feed pressure of 5 bar in Fig. 3.7, the residual mass transfer resistance
in this H2 O/N2 system is with about 7300 s/m more substantial than the corresponding resistance of the H2 O/CO2 system being about 5500 s/m in value.
This is most likely due to the more laminar fluid conditions of the feed and
permeate stream of the H2 O/N2 system which evoke slow H2 O transport via
diffusion.

3.4 Results and discussion
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Fig. 3.8a displays the H2 O content in the CO2 rich feed bulk and permeate
and its quotient being the H2 O enrichment factor over the feed pressure for 45
°C.

(a)

(b)

Figure 3.8: The H2 O content in the CO2 (a) and N2 (b) rich feed bulk and permeate and
its quotient being the H2 O enrichment factor plotted over the feed pressure
for 45 °C. The membrane thickness for the CO2 and N2 experiment was 282
and 271 µm respectively.

At a feed pressure of 5 bar, first data point in Fig. 3.8a, the H2 O content
of the CO2 rich feed bulk and permeate are 2.0 and 10.2 vol.% respectively,
which means that H2 O is enriched by a factor of 5.2 when permeating out of
the selective PDMS membrane. At 5 bar where concentration polarization is
present, water molecules are transported across the feed boundary layer via diffusion [9]. The H2 O enrichment factor decreases with increasing pressure to
1.6 (at 185 bar). At these conditions, induced by the low H2 O/CO2 selectivity
of PDMS and the very small driving force ratio between H2 O and CO2 [21], the
membrane acts as an unselective layer, where both, H2 O and CO2 permeate,
across the membrane at fairly the same rate. As a consequence, H2 O will not
only be transported from the bulk towards the membrane surface by effective
diffusion but will transport together with CO2 , which is moving towards the
membrane surface at a similar rate, in this way forming an almost ideal plug
flow (co-current flow) which means that no concentration polarization is developed in the boundary layer. The high enrichment factor of 12.8 (at 145 bar)
proves that the H2 O molecules are diffusing faster to the membrane interface
compared to the N2 molecules. In other words: compared the H2 O molecules
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the N2 molecules are virtually stagnant thereby introducing a concentration polarization layer.
The H2 O content profiles in the N2 rich feed bulk and in the permeate, depicted
in Fig. 3.8b, are gradually decreasing and thus very different from the H2 O in
CO2 profiles as depicted in Fig. 3.8a.
At a feed pressure of 5 bar the H2 O content of the feed bulk and permeate is
2.0 and 73.9 vol.% respectively, which corresponds to a H2 O enrichment factor
of 37, being considerably higher than the enrichment factor of 5.1 as obtained
with the H2 O/CO2 system (Fig. 3.8a). For the H2 O/N2 system, a feed pressure
increase to 145 bar resulted in a decrease in the enrichment factor to 12.8 which
is 8 times higher than the H2 O/CO2 system under similar conditions and still
more than two times higher than the initial enrichment factor of the H2 O/CO2
system (5 bar) where concentration polarization, H2 O depletion, was observed
(Fig. 3.7a). As a result, we can conclude that, due to the low N2 permeation
rate, concentration polarization plays a significant role in this H2 O/N2 system
whereas in the H2 O/CO2 system the contribution of concentration polarization
is neglectable especially at elevated pressures.
The derivation of the residual mass transfer resistance of the combined mass
transfer resistance makes it possible to determine the mass transfer resistance
exclusively assigned to the membrane layer. Using Eq. 3.3 and the calculated
mass transfer resistance, the intrinsic or real H2 O permeability can be determined. Fig. 3.9 compares the real H2 O permeability with the corresponding
CO2 permeability (a) and the N2 permeability (b) for various feed pressures at
45 °C.

3.4 Results and discussion

(a)
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(b)

Figure 3.9: The real H2 O permeability is compared with the CO2 permeability (a) and
the N2 permeability (b), obtained from Fig. 3.4, for various feed pressures, at
45 °C. Similarities between the real H2 O permeability profile and the profile
of the surrounding fluid is clearly visible.

The real H2 O permeability profile of Fig. 3.9a shows, as the apparent H2 O
permeability profile of Fig. 3.5a, a strong resemblance to the corresponding
CO2 permeability profile (Fig. 3.4a), including the increase of the profile with
increasing feed pressure up to 125 bar followed by a leveling off. H2 O transport
altering effects outside the membrane (i.e. concentration polarization) can be
excluded as the cause for the particular H2 O permeability profile, due to the
absence of residue mass transfer resistance at elevated feed pressures. The H2 O
permeability profile is, according to Fig. 3.6, not driven by the H2 O ability to
diffuse across the membrane but by its sorption behavior within the polymeric
membrane.
The real H2 O permeability profile of Fig. 3.9b and the corresponding N2
permeability profile decrease at fairly the same rate with the rise of the feed
pressure. This shows that the mechanical compression of the PDMS membrane
results in an even reduction of both penetrants diffusion speed within the membrane layer.
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In Chapter 2 we found that the CO2 permeability was also affected by CO2
sorption behavior. The latter, however, was strongly dependent on the CO2
density of the feed. To this end we conclude that the H2 O solubility in the
polymer and thus the H2 O permeability is related to the water concentration
in the feed stream. The high comparability of the CO2 density profile and the
concentration profile of the dissolved H2 O, depicted in Fig. 3.10 supports this
postulation.

Figure 3.10: CO2 density and H2 O concentration present in saturated CO2 is plotted for
various pressures at 45 °C. The resemblance of both profiles indicates also
for H2 O a concentration-solubility relationship similar to those of CO2 .

3.5 Conclusions

3.5

Conclusions

In this study, we have investigated the permeation behavior of H2 O, being dissolved in either N2 or CO2 , across dense polymeric PDMS membranes at temperatures ranging between 25 °C and 55 °C and feed pressures of up to 145 bar
or 185 bar for N2 or CO2 , respectively.
The apparent H2 O permeability showed very different profile trends depending
on if H2 O is dissolved in either N2 or CO2 . For the N2 system, the particular
trend is caused by concentration polarization effects in the feed boundary layer
being quantified by the increased mass transfer resistance. The mass transfer
resistance of the feed boundary layer decreased for the H2 O/CO2 system with
increasing feed pressure down to zero at 95 bar. This, in the first glance with
literature contradicting outcome, was the result of a convergence of the H2 O
content of the CO2 rich feed bulk and permeate. Since H2 O and CO2 , permeated across the membrane at fairly the same rate, the H2 O within the feed
boundary layer will not only be transported towards the membrane by diffusion but by a plug flow which it forms together with CO2 which is moving with
the similar speed towards the membrane surface. For the H2 O/N2 system, this
effect was not observed and the residue resistance increased as expected with
increasing feed pressure. The real H2 O permeability profiles showed a strong
resemblance to their corresponding CO2 and N2 permeability profiles. For the
H2 O/N2 system, the linear fall of both profiles is assigned to mechanical compression of the membrane, thus to a reduction of the penetrant diffusivity. For
the H2 O/CO2 system, the shape of the CO2 profile particular is the result of CO2
sorption which itself was affected by the CO2 density of the feed.
The high agreement of the CO2 density profile and the concentration profile of
the dissolved H2 O supports the statement that the H2 O solubility in the polymer
and thus H2 O permeability are indirectly affected by the H2 O concentration in
the CO2 rich feed.
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Supporting information
The water vapor permeability was measured with the high-pressure setup as
depicted in Fig. 3.11, using the protocols as described in this supporting information.

Figure 3.11: High-pressure permeation setup to measure gas and water vapor permeabilities of dense polymeric membranes.

Before measuring the H2 O permeability, the feed line was pressurized to
the desired pressure, using the high-pressure syringe pump (ISCO 500D; Beun
de Ronde B.V., The Netherlands), labeled with (1) and at the same time two
thermally controlled ovens (XU058; France Etuves, France) and a heating tape
(EW-36220-04, Cole-Parmer, USA) were heated up till the desired temperature.
To prevent water condensation the feed tubings temperature was set 20 °C and
the membrane cell was set 3 °C above the temperatures of the oven containing
the water column (2). The small temperature difference between the ovens ensures a fairly saturated water vapor stream with an activity above 0.8 entering
the membrane cell.
Once the desired feed pressure and temperature were reached, the pressurized
CO2 or N2 was water vapor saturated by passing it via the centrifugal pump
(5) (custom built, SEPAREX S.A.S, France), through the diffusor into the wa-
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ter column (2) and demister (3). Subsequently, the saturated feed stream was
transported to the membrane cell (4) before it was recirculated to the water
column. The centrifugal pump can only transport fluids that exceed a certain
lower density value, for CO2 this is above 55 bar. Therefore, CO2 below 55 bar
and for N2 , throughout its whole pressure range, were transported in a single
passage by releasing the retentate stream into the environment. In the later
the atmospheric flow rate was measured by means of a soap bubble flow meter
allowing back calculation of the pressurized flow rate.
The constant drain of CO2 and N2 from the feed line to the environment means
that it was necessary to continually pump the feed line to the desired feed pressure, using the high-pressure syringe pump. Because the pump did not have
sufficient capacity to compensate N2 losses over 145 bar, for the N2 experiments this was the maximal adjustable pressure. During the drain of CO2 , the
retentate discharge opening freezes due to adiabatic expansion. This was prevented using a heat gun (HGP72AC, Tracklife, USA).
While carrying out the measurement, the high-pressure syringe pump and pressure transmitters (Series A-10; WIKA Benelux, The Netherlands) were used to
control and to regulate the feed pressure, whereas thermally controlled ovens
(XU058; France Etuves, France) and thermocouples (Type T, TC Direct, The
Netherlands) were used to control and maintain the desired temperatures. The
amount of permeated water, the sweep gas flow rate and its dew point before
and after the membrane cell were determined using a soap bubble flow meter
and chilled mirror dew point hygrometers (Optidew, Michell Instruments Ltd.,
UK).

Chapter 4
Membrane-based dehydration
of supercritical CO2: Mass
transfer studies
Continuous drying processes using supercritical CO2 (scCO2 ) as a water extraction agent require 24/7 operational dehydration units for scCO2 regeneration.
Dehydration units using dense polymeric membranes are considered a cost effective alternative to the current zeolite-based units. The focus of previous studies on the membrane-based dehydration of scCO2 was always on the membrane
itself whereas boundary layer effects, e.g., concentration polarization, were not
taken into account. To quantify the boundary layer effects, simulations were
performed using three different membrane materials: SPEEK, Nafion® , and
PEBAX® 1074. Process conditions ranged from 80 to 180 bar and 40 to 100 °C.
Even though the three types of membranes examined differ in their H2 O permeability and H2 O over CO2 selectivity, in all cases 80% of the total mass-transfer
resistance can be assigned to concentration polarization effects, making it the
dominant parameter for water transport. Despite high but differing intrinsic
water permeabilities of all three membranes materials, the H2 O transport, thus
H2 O flux through the membrane is significantly reduced by concentration polarization down to similar levels. This makes it necessary to use larger membrane
areas, that result in higher CO2 fluxes. As a consequence, material selection is
predominantly based on the ability to reject CO2 .
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4.1

Introduction

Supercritical CO2 (scCO2 ) is frequently used in industrial processes for e.g. the
drying of fruits and vegetables to extent shelf life [1]. As drying is performed
at relatively low temperatures and under oxygen free conditions, vitamins, pigments and proteins are preserved ensuring the nutritional value and the dried
products keep their color, shape, structure and texture [2]. Although performed
under pressure, scCO2 drying is a very mild process.
Fig. 4.1 displays the typical outline of such an industrial drying process
using scCO2 . Dry scCO2 enters the extraction unit, extracts the water from
the product and leaves the unit as a humidified stream. This stream is then
regenerated in a dehydration unit before it is re-injected into the extraction unit
for the next water extraction cycle. Typical fluid temperatures and pressures are
in the range of 45 °C and 130 bar [2], which is beyond the critical values of T
= 31.04 °C and p = 738 bar for carbon dioxide [3].

Figure 4.1: Schematic view of a typical currently existing dehydration process using
scCO2 as the water-extraction agent (left unit) and zeolite to dehydrate (regenerate) scCO2 (right units). To enable continuous regeneration a second
dehydration unit is in standby mode.

Currently, columns packed with adsorbents such as zeolites are applied to

4.1 Introduction
dehydrate the scCO2 . The enclosed adsorbents extract water from the scCO2 until they are fully saturated. Temperatures up to 260 °C are needed to reactivate
the zeolite by water desorption [4]. While this energy demanding reactivation
step is carried out, a second zeolite packed column is switched in to continue
the scCO2 dehydration. The required reactivation energy and the additional
zeolite column make the scCO2 drying process economically less attractive. Lohaus et al. [4] showed with their model, based on Scholz et al. [5], that a shift
towards a membrane-based dehydration process, where a second dehydration
unit and reactivation steps are obsolete, could reduce the dehydration costs up
to 20%. Even though Lohaus et al. simulated and discussed water vapor concentration profiles and the driving force profiles along the membrane unit, the
combined mass transfer of the skin layer material, its porous support and the
feed- and permeate boundary layers were not taken into account in their analysis. Each of these stacked layers is very different constituted, especially under
highly pressurized scCO2 conditions, where the fluids density and viscosity are
very different to those in conventional gas separation applications. It stands to
reason that in the special case of exposure to scCO2 the contribution of each
single layer contributes differently to the total water transport resistance and
thus to the water permeance.
Composite membranes, consisting of a thick porous support and a thin selective, water permeable, skin layer, can withstand transmembrane pressures of
more than 100 bar. Due to polarization effects in the boundary layers, evoked
by severe scCO2 conditions, the overall selectivity and permeability can be very
different from those of the membrane (or skin layer) itself. Therefore, polarization effects need to be included in any analysis of mass transfer resistances
during membrane transport.
Metz et al. [6] concluded that concentration polarization effects, enhanced
by the relatively low H2 O diffusion across the feed gas boundary layer, compromise the water vapor permeability and H2 O/CO2 selectivity already at low
feed pressures. At constant temperature and increasing pressure, molecules
start gathering more densely, leading to a reduced mean free path of motion, an
increased molecular collision resulting in a lower diffusion coefficient. The relationship between the declining diffusion coefficient and increasing fluid density was also pointed out by Magalhães et al. [7]. Considering the high fluid
density under scCO2 conditions, up to 200 times higher compared to the low
pressure experiments of Metz [6], it is expected that concentration polarization
effects become even more dominant. Scholz et al. [5] analyzed non-ideal effects during gas permeation, including concentration polarization, the pressure
drop along the flow channels and the Joule-Thomson effect. Even though we fo-

73

74

Membrane-based dehydration of supercritical CO2 : Mass transfer studies
cused exclusively on the effect of concentration polarization, allowed maximum
pressure drops along the flow channels are implicitly accounted for. Because of
applying a sweep gas (in contrast to Schulz et al. [5]), the Joule-Thompson
effect has been ignored during our simulations.
During the dehydration process of scCO2 and when moving from the feed
bulk to the permeate bulk solution, the water vapor (and CO2 ) passes four layers
in series: the feed boundary layer, the active skin layer, the porous membrane
support and the permeate boundary layer, as depicted in subsection 4.2.1. The
three highly water vapor permeable and H2 O/CO2 selective membrane materials: sulfonated polyether ether ketone (SPEEK), sulfonated tetrafluoroethylene
(Nafion® ) and a polyethylene oxide (PEO)-based block copolymer (PEBAX®
1074), were included in this study. The aim of this simulation study is to delineate the contribution of each of these layers to the overall mass transport
resistance. Recommendations for membrane material selection as well as process conditions to optimize the membrane-based dehydration will be discussed.

4.2 Theory

4.2

Theory

The membrane design considered in this study contains multiple flat sheet membranes arranged in parallel and separated by feed and permeate channels (Fig.
4.2). Ideally, the membrane is highly permeable for H2 O but not for scCO2 . As a
result, humid scCO2 that enters the feed channel, gets dehydrated and exits the
feed channel as a dry scCO2 stream ready for being reused as drying agent. A
sweep gas, being pre-dried air, is used to maintain a high driving force for water
vapor transport. A with water saturated scCO2 feed stream, having pressures
and temperatures of 130 bar and 45 °C, is considered in this study.

Figure 4.2: Scheme of the flat sheet membrane stack considered for the mass transfer
examination. Water, enters the unit via the humid feed stream and permeates through the skin layer while scCO2 is rejected. This leads to a gradual
decay of the water content within the feed stream. The permeated water is
entrained by the dry air entering the unit as a sweep gas. The dried scCO2
is ready for its reuse as an extraction agent whereas the humidified air is
emitted into the environment.
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4.2.1

Transport model

The system analyzed in this study is schematically depicted in Fig. 4.3. The
during product drying hydrated scCO2 is the bulk feed solution from which the
water is transported via the feed boundary layer, (selective) skin layer of the
membrane, porous support of the membrane, permeate boundary layer into the
bulk permeate solution.

Figure 4.3: H2 O concentration profile of a composite membrane and its fluid boundary
layers. The resistance of each layer towards the transport of H2 O manifests
itself in the specific concentration depletion within each layer.

Assuming well-stirred conditions in the bulk solutions, the overall mass
transfer resistance R ov as well as the overall mass transfer coefficient kov can
be represented by four mass flow resistances in series:
R ov =

1
1
1
1
1
=
+
+
+
k ov k f k m k s k p

(4.1)

including the mass transfer coefficient of the stagnant fluid boundary layer
at the feed side k f , the selective skin layer km , the porous support k s and the
stagnant fluid boundary layer at the permeate side k p , all with the unit m/s.

4.2 Theory

4.2.2

77

Mass transfer coefficient of the skin layer

There are two expressions describing the flux of H2 O and CO2 across the selective skin layer in Fig. 4.3, the first in terms of permeability P i :
Ji =

Pi
·∆ f i
l

(4.2)

where l represents the thickness of the skin layer (m), P i the permeability
coefficient, expressed in Barrer (1 Barrer = 7.5·10−18 m3 (STP) m/(m2 s Pa))
and ∆ f i the driving force (Pa), being derived from the components fugacity
of the supercritical and gaseous bulk phases of the feed and permeate side,
respectively.
The second expression gives the flux in terms of mass transfer coefficient
(ki ).
J i = ki ·

VST P
· ∆ fi
R ·T

(4.3)

where J i is the flux (m3 (STP)/m2 s), ki is the mass transfer coefficient (m/s),
∆ f i the process driving force (Pa), T the process temperature (K), R the ideal
gas constant (J/(mol K)) and VST P the molar volume at standard temperature
and pressure (m3 (STP)/mol).
Combining Eq. 4.2 and 4.3 correlates ki and P i :
ki =

Pi R · T
·
l VST P

(4.4)

The km values for H2 O and CO2 can be calculated using Eq.4.4 and from the
data in table 4.1, showing the H2 O permeability and H2 O over CO2 selectivity
for three types of membranes: SPEEK, Nafion® and PEBAX® 1074. We selected
these three types due to their extremely high permeabilities towards water vapor [6] and their high H2 O over CO2 selectivity compared to other currently
existing membrane types. Further, Nafion® and PEBAX® 1074 are commercially used for various drying applications [8, 9]. SPEEK the other hand, has
proven in months-long experiments to dehydrate flue gas under harsh corrosive
conditions [10].
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Table 4.1: H2 O and CO2 permeability of SPEEK, Nafion® and PEBAX® 1074 membranes. The H2 O/CO2 selectivity has been derived from the H2 O and CO2
permeabilities. Data for SPEEK have been obtained from [10] (CO2 ) and [6]
(H2 O), data for Nafion® from [11] (CO2 ) and [12] (H2 O) and for PEBAX®
1074 from [10].

Polymer

H2 O
permeability
(Barrer)

CO2
permeability
(Barrer)

H2 O/CO2
selectivity(-)

SPEEK

61,000

0.11

554,545

Nafion®

410,000

2.8

146,429

PEBAX® 1074

200,000

122

1,639

4.2.3

Mass transfer coefficient of the porous support layer

The flux through the porous support layer is a combination of diffusion-promoted
flow and viscous flow [13]. At low pressures, as present at the permeate side,
and high concentration gradients, the viscous flow is small compared to the
diffusion-promoted flow, and is therefore neglected [13]. The mass transfer
coefficient of the porous support is described by the reduced Dusty gas model
[14]:
k s,i =

D comb,i · ε
τ · l supp

(4.5)

where D comb,i is the combined diffusion coefficient (m2 /s), l supp the porous
support thickness (m), ε the support porosity (-) and τ the support tortuosity
(-), approximated by Iversen et al. [15]
τ=

(2 − ε)2
ε

(4.6)

Table 4.2 lists the transport characteristics of the composite membrane used
in this simulation study. The selected values for pore size, porosity and thickness of both dense and porous support layer of the membrane are all based on
specifications of commercially available composite membranes [14].

4.2 Theory
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Table 4.2: Process parameters for the composite membrane used for the simulations.

Process parameter

Value

Process temperature

45 °C

Pore size of the porous
support
Thickness porous
support

Process parameter

Value

0.1 µm

Porosity of the support

0.7

120 µm

Thickness of the skin
layer

1 µm

with the support porosity, tortuosity and thickness known, Eq. 4.5 just requires the input of D comb,i (m2 /s). This parameter, in turn, is composed of two
separate diffusion coefficients, D AB , the binary diffusion coefficient (m2 /s) and
D knud ,i , the Knudsen diffusion coefficient (m2 /s) [14]:
1
1
1
=
+
D comb,i D knud ,i D AB

(4.7)

The Knudsen diffusion coefficient is determined according to,
D knud ,i

2
= · rp ·
3

s

8·R ·T
π · Mi

(4.8)

where r p is the pore radius of the porous support layer (m) and Mi is the
molecular weight of the component i (kg/mol),T is the considered temperature
(K) and R is the ideal gas constant (J/(mol K)).
As for the used sweep gas (dry air), we just consider the most abundant
component in air, N2 interacting with the permeating H2 O, thus present in the
binary diffusion equation 4.7. Following Massman [16], the binary diffusion
coefficient is expressed by the (empirical) relation:
µ
D AB = D AB,0 ·

¶ µ ¶1.81
p
T0
·
p0
T

(4.9)

where, D AB,0 is the binary diffusion coefficient (m2 /s) at 1.013 bar and
273.15 K (2.178·10−5 m2 /s for the H2 O/Air system), p the actual pressure (bar),
p 0 = 1.013 bar, T the actual temperature (K) and T0 = 273.15 K.
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4.2.4

Mass transfer coefficient of the boundary layers

Starting point for the mass transfer coefficient at the boundary layer at the feed
side is the Sherwood number (Sh ), under turbulent conditions defined by [17]
Sh = 0.023·Re 0.8 · Sc 0.33 =

µ

d h · k B L,i
D AB

¶

(4.10)

Here dh is the hydraulic diameter of the boundary layer (m) and kB L,i is the
mass transfer coefficients over the stagnant fluid boundary layer (m/s). The
dimensionless Reynolds (Re ) and Schmidt (Sc ) numbers are defined as [18]
Re =

ρ · v · dh
µ

(4.11)

and
Sc =

µ
ρ · D AB

(4.12)

with ρ the fluid density (kg/m3 ), v the fluid velocity (m/s), µ the dynamic
viscosity (Pa s), dh the hydraulic diameter (m) being twice the channel height
and D AB the continuum diffusion coefficient (m2 /s).
Eq. 4.9, taken from Massman [16], was used to determine D AB for the low
pressure permeate side, whereas a model developed by Magalhães et al. [7]
was used to determine D AB of the two component system H2 O/CO2 at the feed
side. Actually, our experimental conditions fall beyond the range in which Lito’s
model has been validated. However, given the fact that the model has been
successfully applied to almost five hundred binary systems in the gas, liquid or
scCO2 state for a wide range of pressures and temperatures, we feel confident
that application here is justified as well.
Calculation of Re and Sc requires knowledge of the density and dynamic
viscosity, also under scCO2 conditions. Table 3 shows values obtained from
literature, for air and water (1 bar and 45 °C) and scCO2 (130 bar and 45 °C),
including the references. Worth to note, we found at least one website that
allows the calculation of these parameters under a given set of experimental
conditions. An example is given by [19] and [20]. The values obtained from
this website were always in very close agreement with the values published in
[21, 22].
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Table 4.3: Densities and viscosities of air [20] and water [19]at 45 °C and 1 bar, and
scCO2 at 45 °C and 130 bar [19]. Supercritical CO2 shows higher Reynolds
numbers than air and water at a given geometry and fluid velocity.

Fluid

Density
ρ = (kg/m3 )

Dynamic viscosity
µ = (Pa s)

Air

1.10

19.43·10−6

scCO2

693.7

55.57·10−6

H2 O

990.2

59.61·10−5

Table 4.4 shows a number of process parameters used in and obtained from
the simulation being: fluid pressure, flow channel height, cross flow velocity
and others. The (maximum) pressure drop for the feed and sweep gas stream
were set at 1.5 bar and 0.05 bar, respectively to exclude any significant changes
in both fluid properties due to their compression. These two pressure values
were used as boundary conditions for the adjustment of the flow channel height
at each side of the membrane. Listed fluid velocities in table 4.4 resulted directly
from the simulations. In addition, table 4.4 contains the calculated Re and Sh
numbers. The first is essential to justify the use of Eq. 4.10 as it demands the
condition of turbulent flow to be fulfilled [17]. With a Re number of >20,000,
this is certainly the case.
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Table 4.4: Calculated Reynolds and Sherwood numbers and continuum diffusion coefficients for feed and permeate side.

Process parameter

Feed side value

Permeate side value

Fluid pressure

130 bar

1 bar

Flow channel height

0.8 mm

7 mm

Crossflow velocity

1.04 m/s

2.75 m/s

Reynolds number

20,828 (turbulent)

2,160 (laminar)

Sherwood number

84.3

7.92

Continuum diffusion
coefficient

3.74·10−8 m2 /s

2.91·10−5 m2 /s

As shown in table 4.4, with a Re value of 2,160, the flow regime at the
permeate side of the membrane is laminar, implying Eq. 4.10 cannot be used.
Instead two Sherwood numbers, differing in their boundary conditions, thus
in their values, are used to describe the mass transport at laminar conditions,
according to Skelland et al. [23]. In case of a uniform penetrant concentration
along the permeate side Sh equals 7.60 whereas Sh is 8.23 in case of a uniform
penetrant flux along the fluid-membrane interface. For the system considered
here, we face an intermediate regime. Following Beuscher et al. [24], the
average of both Sh values (i.e., 7.92) was used.
Once Sh is known, kB L,i is calculated according to:
k B L,i =

4.2.5

D AB · Sh
dh

(4.13)

Calculation of driving force and fluxes

with all the individual mass transfer coefficients determined, Eq. 4.1 allows the
calculation of the overall mass transfer coefficient for component i , kov,i . Apart
from kov,i , calculation of fluxes requires calculation of the driving forces. The
driving force ∆ f i , for water vapor and CO2 is given by the logarithmic mean
difference of the components fugacity at the feed and permeate side:

4.2 Theory

83

∆ fi =

¡
¢
F
P
( f 0,i
− f 0,i
) − f iF − f rP
ln

F −f P
f 0,i
0,i

(4.14)

f iF − f iP

F
where f 0,i
and f iF are the fugacities of the components in the feed and retenP
tate stream and f 0,i
and f iP are the fugacities of the components in the sweep
gas and permeate stream (Pa). At low pressures, apparent at the permeate side,
gases behave fairly ideal and their partial pressure equals their corresponding
fugacity.
Supercritical conditions are typified by high pressure and high temperature
therefore the apparent fugacity was used instead of the partial pressure to describe the (non-ideal) fluid. The model developed by Spycher et al. [25] was
used to determine the H2 O and CO2 fugacity in the feed stream. The water activity of the supercritical feed stream entering the membrane unit was assumed
to be unity, implying a feed stream saturated with water. Assuming a dehydration of the feed solution of 85%, the water activity of the retentate was set at
0.15. The CO2 fugacity in the feed was considered to be constant.
The Antoine equation [6] was used to convert the dew point temperature of
the sweep gas (of +3 °C and 3 bar) to its corresponding water vapor fugacity,
assuming a sweep gas exit stream of 60% relative humidity. The CO2 fugacity
at the permeate side was considered to be negligible small compared to that of
the feed side. By implication, the CO2 driving force is essentially insensitive to
the CO2 fugacity of the permeate stream.
With both kov,i and ∆ f i , known, Eq. 4.15 gives the flux J i in (m3 (STP)/m2
s) of component i :

J i = k ov,i ·

VST P
· ∆ fi
R ·T

(4.15)
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4.2.6

Selectivity

The H2 O over CO2 selectivity of the membrane (S M ) is defined as the ratio of
the permeability coefficients:
S M ,H2 O/CO 2 =

P H2 O
PCO 2

(4.16)

The overall mass transfer coefficient (and resistance) for H2 O and CO2 transport includes not only the composite membrane itself but also both boundary
layers (Eq. 4.1). In analogy to Eq. 4.16, the ratio of the overall mass transfer
coefficient for H2 O and CO2 (S OV,H2 O/CO 2 ) is given by:
S OV,H2 O/CO 2 =

k ov,H2 O
k ov,CO 2

(4.17)

Due to e.g. concentration polarization effects, the selectivity of the overall
mass transfer coefficients predicted by S OV,H2 O/CO 2 can significantly deviate from
the membrane selectivity represented by S M ,H2 O/CO 2 . Finally, according to Eq.
4.3, the ratio of the flux of H2 O and CO2 over the membrane (S F,H2 O/CO 2 ) is
given by:
S F,H2 O/CO 2 =

k ov,H2 O · ∆F H2 O
k ov,CO 2 · ∆FCO 2

(4.18)

4.3 Results and discussion

4.3
4.3.1

Results and discussion
Delineating the overall mass transport resistance for
water

Simulations were performed for three polymer membranes: SPEEK, Nafion®
and PEBAX® 1074, all with their distinctive properties as listed in table 4.1
and table 4.2. SPEEK and Nafion® are glassy polymers at room temperature
and show exceptionally high H2 O/CO2 selectivities compared to the elastomeric
polymer PEBAX® 1074, whereas PEBAX® 1074 and Nafion® show a water vapor permeability of 3 and 6 times higher than SPEEK, respectively.
Fig. 4.4 shows the calculated mass transfer resistance of the layers displayed
in Fig. 4.3, with either the implementation of a SPEEK, Nafion® or PEBAX®
1074 membrane.

Figure 4.4: H2 O mass transfer resistance of permeate boundary layer (BL), porous support, skin layer and feed boundary layer, calculated for three different composite membranes, SPEEK, Nafion® and PEBAX® 1074.

Irrespective the membrane type used, the feed boundary layer forms by far
the highest mass transfer resistance, comprising about 80% of the overall mass
transfer resistance. Apparently, even the diminishing effect of high turbulence
(Re = 20,800), as observed by Metz [6], cannot compensate the aforemen-
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tioned feed boundary layer. To this end we concluded that the high fluid density
substantially reduces the free path of motion of the water molecules and with
that diffusive mass transport.
The second largest contributor to the overall mass transport resistance is the
permeate boundary layer. Although the hydraulic diameter of the permeate
canal, is about 9 times larger than those of the feed canal and its flow profile
is laminar, it contributes for about 10% of the total mass transport resistance.
Given the much lower fluid density at the permeate side, this outcome underlines the dominant effect of fluid density on the boundary layer resistance.
The porous support layer of thickness 120 µm contributes minor to the overall
mass transfer resistance.
For all three membrane types, the layer showing the lowest mass transfer resistance is the dense, skin layer itself. This is a rather atypical outcome for a
gas separation process as, in general, the thickness of the skin layer is the mass
transfer limiting parameter. Our finding results directly from the combination
of the exceptionally high water vapor permeability of these fairly thin skin layers and the scCO2 condition, resulting in a high feed boundary layer resistance.
Consequently, even though Nafion® is six times more permeable for water vapor
than SPEEK, it will only marginally improve the overall water permeance.

4.3.2

Influence of temperature and pressure on the H2 O feed
boundary resistance

Given the high feed boundary resistance as outlined in the previous section,
here we investigate strategies to lower this resistance by changing temperature and/or pressure. Fig. 4.5 displays the feed boundary resistance and fluid
density in relation to feed pressure (left panel) and temperature (right panel).
Values in table 4.3 refer to process conditions of 130 bar and 45 °C. To be consistent, the process temperature for the pressure profile was set at 45 °C whereas
the process pressure for the temperature profile was set at 130 bar. As for the
effect of pressure (left panel of Fig. 4.5), fluid density and boundary layer resistance change in parallel as both parameters are affected by the reduction in
free path of motion with increasing pressure. Both parameters increase till a
pressure of around 110 bar, after which the increase slightly flattens off. The
temperature profile (right panel) also shows boundary layer resistance and fluid
density change in parallel. This parallel change suggest that the effect of temperature is indirect and via the fluid density, which again leads, according to
Magalhães et al. [7], to a reduction in free path of motion, and with that to a

4.3 Results and discussion
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declined species diffusion within the fluid-membrane interface.
Both fluid density and feed boundary layer resistance decrease with temperature, with a flattening starting at a temperature around 70 °C. Pressure or
temperature variation near the supercritical point results in a more pronounced
change in fluid density (and thus boundary layer resistance) due to its higher
compressibility at this point [25]. This might be the root of the inflection points
of the density and boundary layer resistance in the pressure profile.

(a)

(b)

Figure 4.5: Fluid density and feed boundary resistance as function of (a) feed pressure
and (b) process temperature. Process parameters: the feed fluid velocity in
(a) and (b) is 1.04 m/s, the temperature in (a) is 45 °C and the pressure in
(b) is 130 bar.

As evident from Fig. 4.5, reducing the feed pressure from 130 bar to 85
bar while increasing the temperature from 45 °C to 100 °C would significantly
diminish the boundary layer resistance with a factor 6 and thus improve the
overall water vapor transport across the system. Despite the beneficial effects
for the water vapor transport, the lower density leads to higher volume flow
rates.
In analogy to Fig. 4.4 for H2 O, Fig. 4.6 shows the relative contribution of
each transport layer to the overall mass transfer resistance for CO2 . Compared
to Fig. 4.4, differences are striking. Firstly, not only are the overall mass transfer resistances for CO2 much higher than those for H2 O, values for the three
membranes vary widely.
The calculated mass transfer resistances for CO2 are 9,300, 403,500 and
10,269,800 s/m for PEBAX® 1074, Nafion® and SPEEK, respectively. Note that
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for PEBAX® 1074, showing the lowest CO2 resistance, the value of 9,300 s/m
is already about 15 times the overall resistance for water vapor transport (Fig.
4.4). Secondly, due to the high scCO2 concentration, the feed boundary layer
resistance for CO2 is non-existent (and for that reason not shown in Fig. 4.6).
The consequence of this is that the CO2 mass transfer resistance is dictated for
more than 99% by the skin layer.

(a)

(b)

(c)
Figure 4.6: CO2 mass transfer resistance of permeate boundary layer, porous support,
skin layer and feed boundary layer, calculated for three different composite
membranes, SPEEK (a), Nafion® (b) and PEBAX® 1074 (c).

4.3 Results and discussion

4.3.3

Selectivity

Fig. 4.7 shows the H2 O over CO2 membrane selectivity (S M ), the ratio of the
overall mass transfer resistance for H2 O and CO2 (S OV ) and H2 O/CO2 flux ratio
(S F ), calculated for all three selected membrane materials. As shown by Eq.
4.16, the membrane selectivity reflects the ratio of the permeability for H2 O
and CO2 . The relatively high H2 O over CO2 membrane selectivity of SPEEK and
Nafion® , in the range of 105 to 106 , arises from the combined effect of a high
water vapor permeability and a very low CO2 permeability, see also table 4.1.
Even though the H2 O permeability of PEBAX® 1074 is comparable to that of
SPEEK and Nafion® , the permeability for CO2 of 122 Barrer is 2 to 3 orders
of magnitude higher than for SPEEK and Nafion® , resulting in H2 O over CO2
membrane selectivity of just 103 .

Figure 4.7: Membrane selectivity, ratio of the overall mass transfer coefficient and flux
ratio of H2 O over CO2 for SPEEK, Nafion® and PEBAX® 1074 at a feed
pressure of 130 bar and a temperature of 45 °C and a selective skin layer
thickness of 1 µm.
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As obvious from Fig. 4.7, the ratio of the overall mass transfer coefficient
S OV for H2 O and CO2 is for all three membranes lower than the membrane
selectivity S M being solely based on the permeability ratio of the selective skin

layer material itself. The reason is the dominance of the feed boundary layer
resistance in the overall H2 O mass transfer resistance. In our simulations this
effect is independent of the type of membrane. Therefore, differences in the
overall mass transfer resistance between the three membrane types shown in
Fig. 4.7 reflect more than anything else the differences in their CO2 permeability
as this parameter dominates the overall CO2 mass transfer resistance.
Based on the S M and S OV values (all>>1) shown in Fig. 4.7, all three membrane types favor H2 O transport over CO2 transport. This picture changes however dramatically when including driving forces in the analysis and investigating
the actual flux ratio of H2 O and CO2 (S F ) across the system. The large difference between S OV and S F values is caused by the large difference in driving
force for H2 O and CO2 . According to Spycher [25], water vapor-saturated CO2
at the feed side of 130 bar and 45 °C has a CO2 and H2 O fugacity of 67.6 bar
and 0.1 bar, respectively. Given the virtually zero H2 O and CO2 fugacity at the
permeate side, this large difference in fugacity translates in a driving force for
CO2 that is almost 700 times (=67.6/0.1) higher than the driving force for H2 O.
As a result, S F becomes <1 for Nafion® and PEBAX® 1074 membranes, implying that the membrane actually passes more CO2 than H2 O. Only the SPEEK
membranes permeates given more H2 O than CO2 . In conclusion, this outcome
shows that a very H2 O/CO2 selective skin layer, as is the case for Nafion® and
PEBAX® 1074, does not necessary lead to (desired) low CO2 crossover and high
H2 O fluxes over the membrane (S F >>1). Strong concentration polarizations effects and an unfavorable driving force ratio can severely reduce or even inverse
the H2 O/CO2 flux ratio. Given the membrane polymers included in this study
as well as the process conditions, SPEEK would be the material of choice since
even under the given scCO2 conditions the SPEEK membrane shows a S F value
of almost 10, indicating the H2 O flux is almost 10-times higher than the CO2
flux. This means that during the dehydration process with SPEEK membranes
the CO2 loss is limited.

4.3 Results and discussion

4.3.4

Effect of skin layer thickness

The mass transfer over the feed boundary layer is dictating for the H2 O transport, while the selective skin layer controls the CO2 mass transfer. Fig. 4.8
shows the effect of skin layer thickness on the overall mass transfer coefficient.

Figure 4.8: The membrane H2 O/CO2 selectivity (S M ) and the ratio of overall mass transfer resistances for H2 O and CO2 (S OV ) plotted as function of skin layer thickness. A feed pressure of 130 bar and a temperature of 45 °C is considered.

Increasing the skin layer thickness from 1 µm up to 250 µm, increases S OV.
Up to 25 µm this increase is about 1.5 orders of magnitude. Above 25 µm it
levels asymptotically approaching S M . The initial increase reflects the sensitivity
of the overall mass transfer resistance for CO2 towards skin layer thickness with
the one for H2 O remaining essentially unaffected as for H2 O the feed boundary
layer remains by far the dominant resistance.
However, upon a further increase of the skin layer thickness, the skin layer
resistance towards H2 O transport becomes more pronounced, even to the point
that it supersedes the feed boundary layer as the mass transfer limiting layer.
As a result, for both H2 O and CO2 the membrane resistance becomes the dominating term in the overall mass transfer resistance with the value of S OV asymp-
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totically approaching that of S M .
Even though the behavior outlined above is valid for all three membrane
types, they differ in detail. For SPEEK S M and S OV are already fairly the same
at a skin layer thickness of 150 µm. In contrast, at the same skin layer thickness
Nafion® still demonstrates a significant discrepancy between these two parameters, whereas PEBAX® 1074 behaves intermediately. This diverse behavior
is rooted in differences in water permeability, 61,000 Barrer for SPEEK and
410,000 Barrer for Nafion® . As a consequence, when increasing the skin layer
thickness, a SPEEK-based membrane becomes limiting towards the transport of
H2 O already at a much lower skin layer thickness than its Nafion® counterpart.
To exemplify this in more detail, Fig. 4.9 displays the H2 O/CO2 flux ratio
and the H2 O flux, both plotted for a SPEEK membrane of various thickness,
and at a feed pressure of 130 bar and temperature of 45 °C. A low skin layer
thickness leads to severe CO2 losses. This effect is also pronounced by the low
H2 O/CO2 flux ratio. To compensate for this CO2 loss, CO2 refill, is demanded
therefore installing thicker membranes is preferred from the CO2 perspective.
On the other hand, it might also not be cost-effective to install membranes with
very thick skin layers. The substantially lower H2 O flux would demand a larger
membrane area thereby inflating investment costs.

4.3 Results and discussion

Figure 4.9: The H2 O/CO2 flux ratio and H2 O flux as function of the thickness of a selective SPEEK skin layer at pressure of 130 bar and a temperature of 45 °C
of the saturated feed stream. The thickness of the porous support is kept
constant.

4.3.5

Driving force

As evident from Eq. 4.15, the H2 O and CO2 flux depends on the respective driving force. Consequently, the flux ratio can not only be manipulated by parameters affecting (the ratio of) mass transfer resistances but also by those affecting
(the ratio of) driving forces. In this section, we will explore the later in more
detail in order to gain insight how to combine a high H2 O flux with a low CO2
crossover. Changing the fluid properties by changing pressure and/or temperature affects the fugacities of CO2 and H2 O and in addition latter’s solubility
in CO2 . Fig. 4.10 displays the ratio of isothermal driving force for H2 O and
CO2 in the H2 O-saturated CO2 feed stream, each calculated using Eq. 4.14, as
a function of fluid pressure, and at various temperatures.
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Figure 4.10: The H2 O/CO2 driving force ratio as function of fluid temperature and pressure. The water activity in the feed stream is 1 and 0.15 in the retentate
stream. A dew point of 3 °C at 3 bar is considered for the sweep gas while
a water activity of 0.6 is considered for the permeate stream.

As shown in Fig. 4.10, the driving force ratio strongly depends on fluid temperature, an effect related to the H2 O solubility/fugacity enhancing effect of
the temperature. In addition, pressure increase lowers the H2 O and CO2 driving force ratio, an effect more pronounced at elevated temperatures and possibly caused by a disproportional increase of the CO2 fugacity with increasing
pressure compared to the increase of H2 O fugacity [25]. Increasing the process
temperature from 45 °C to 70 °C, combined with a pressure reduction from 130
bar to 100 bar, enhances the H2 O/CO2 -driving force ratio almost a factor 3 (see
Fig. 4.10), resulting in a similar increase of the H2 O/CO2 flux ratio. In effect,
such a change in process conditions would result in a 75% reduction of CO2 loss
while maintaining the H2 O flux.

4.3 Results and discussion

4.3.6

Summary of all discussed effects

The H2 O/CO2 flux ratio can not only be manipulated by choice of membrane
material and skin layer thickness but also by the process pressure and temperature. Fig. 4.11 compiles the possible effects of these parameters on the (intrinsic) membrane selectivity (S M ), ratio of the overall mass transfer coefficient
(S OV ) and flux ratio (S F ). Given SPEEK as material of choice, three different
dehydration systems are considered:
• System A with a skin layer thickness of 1 µm and a feed pressure and temperature of 130 bar and 45 °C, respectively. This system represents the
default state which is used as a benchmark for the other systems.
• System B with an increased skin layer thickness of 5 µm but the same feed
pressure and temperature as in A, 130 bar and 45 °C, respectively.
• System C with the same skin layer thickness as in B, 5 µm, but with a decreased feed pressure and an increased temperature of 100 bar and 70 °C,
respectively.
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Since all three systems are SPEEK-based, the (intrinsic) membrane selectivity is the same. Regarding the ratio of overall mass transfer resistance (S OV ),
Fig. 4.11 shows an incremental increase when moving from system A to system
B. The jump seen from system A to system B reflects the increase of skin layer
thickness from 1 to 5 µm and the resulting disproportional increase of CO2 ‘s
the mass transfer resistance compared to those of H2 O, as discussed previously
(Fig. 4.8). The difference between the S OV values of system B and C is the result
of the increased temperature, from 45 to 70 °C, and lower pressure, from 130
to 100 bar (see Fig. 4.11). Both adjustments of the process conditions lower
the density of the supercritical fluid and by that improve the diffusion of water
across the feed boundary layer.

Figure 4.11: Membrane selectivity, ratio of the overall mass transfer coefficient and
H2 O/CO2 flux ratio displayed for three different dehydration systems, all
three based on SPEEK. Skin layer thickness: 1 µm for system A and 5 µm
for systems B and C. Feed pressure and temperature: 130 bar and 45 °C for
systems A and B and 100 bar and 70 °C for system C.

Finally, most relevant is of course how these considered parameters translate
in the overall performance of the system, i.e., the H2 O/CO2 flux ratio, indicated
by the S F value. As shown in Fig. 4.10, the large difference in driving force

4.3 Results and discussion
for H2 O and CO2 cancels out for most part the huge differences in S M and, to
a slightly lesser extent, S OV values, resulting in S F values ranging from approximately 5·10−3 (for PEBAX® 1074) to 8 (for SPEEK). As the driving forces in
Fig. 4.11 for systems A and B are the same, the observed increase in S OV and
S F can solely be attributed to the effect of increased skin layer thickness, affecting predominantly the CO2 permeance. As discussed in Fig. 4.10, lowering
the feed pressure and increasing the feed temperature increases the H2 O/CO2
driving force ratio, and thus H2 O/CO2 flux ratio as well. This effect, in turn, is
responsible for the difference shown between systems B and C. Comparing systems A and C, it can be concluded that increasing the skin layer thickness from
1 to 5 µm, while lowering the pressure from 130 to 100 bar and increasing the
temperature from 45 to 70 °C, increases the H2 O/CO2 flux ratio up to almost
20 times.
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4.4

Conclusions

The specific flow pattern across membranes depends on the geometry of the
system. For that reason, here we consider the (relatively simple) mass transfer
behavior of flat sheet membranes, depicted in Fig. 4.2. Despite their different
geometry and more complex flow pattern, we nevertheless expect that conclusion can be (partly) extrapolated to outside-in hollow fiber membranes.
The system’s performance of a scCO2 dehydration unit was assessed by implementing a polymeric membrane based on either SPEEK, Nafion® or PEBAX®
1074, all three materials are combining a very high H2 O permeability with a
high H2 O over CO2 membrane selectivity. Apart from membrane material, the
system’s performance, with the H2 O/CO2 flux ratio as decisive criterion, was
tested for skin layer thickness and the effects of feed pressure and temperature.
One of the main findings of the analysis is that the feed boundary layer resistance is by far the principal term in the overall mass transfer resistance for H2 O.
In contrast, the intrinsic membrane permeability towards CO2 dominates the
overall mass transfer resistance for CO2 . Together with the huge difference in
driving force for CO2 and H2 O this leads to H2 O/CO2 flux ratios orders of magnitude lower than suggested by the membrane selectivity values, based solely on
the membrane permeability for H2 O and CO2 . In case of Nafion® and PEBAX®
1074 the H2 O/CO2 flux ratio even lies below unity making CO2 instead of H2 O
the dominant species in the permeate. Which means high CO2 loss during the
regeneration process, thus making the process CO2 selective.
Because of the above and given the scCO2 process conditions and driving
forces, membrane selection is based on a low CO2 permeance rather than on
high H2 O permeance. This consideration defines SPEEK as the preferred material for this specific application. In addition to the chosen membrane material,
the thickness of the skin layer has a profound effect on CO2 permeance as well,
balancing between high permeance/high CO2 losses for a thin layer and low
permeance/large required membrane areas for a relatively thick layer. Common sense predicts an optimum thickness in terms of operational and investment costs. In addition to membrane properties, process conditions will greatly
affect the S F values. For a SPEEK membrane, increasing the skin layer thickness
from 1 to 5 µm, lowering the feed pressure from 130 to 100 bar and increasing
the temperature from 45 to 70 °C, increases S F almost 20-fold.
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Chapter 5
Membrane-based dehydration
of supercritical CO2: A
techno-economical evaluation
Supercritical CO2 (scCO2 ), used in the food industry as a water extraction agent,
requires dehydration units for regeneration. The present study assesses the economics of membrane-based dehydration of scCO2 . In contrast to earlier studies, the contribution, of the mass transfer resistances of the feed and permeate
boundary are included, which have a dominant effect on the final process design
and economics. Including the mass transfer resistances of feed and permeate
boundary layer reduces the water flux across the membrane up to a factor 150,
implying a larger required membrane surface area for a given water removal
rate, and thus higher costs. Because the feed boundary layer dominates water
transport, conditions that minimize its thickness reduce total costs. A reduction
of the feed boundary layer dominance can be achieved by adjusting channel
height, cross-flow velocity and the density and viscosity of scCO2 , the latter
two by increasing the operational temperature from 45 to 65 °C (at 130 bar).
Compared to the benchmark zeolite process currently available, the membranebased process for drying scCO2 outlined and optimized in the present study
results in a 50% saving of total drying costs. These savings can be achieved by
using a dense polymeric membrane with a H2 O permeability of at least 10,000
Barrer and a CO2 permeability of at most 10 Barrer.
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5.1

Introduction

Supercritical carbon dioxide (scCO2 ) is an inexpensive and therefore attractive
solvent for the dehydration of food products because it combines non-toxicity
with a near-ambient critical temperature, preventing thermal denaturation, and
a moderate critical pressure [1]. During supercritical dehydration, the product
does not experience any capillary stresses due to the absence of clear liquidvapor interfaces. In conventional evaporation processes, these interfaces cause
shrinkage and structural damages of the product [2]. This defines scCO2 -based
dehydration as a very gentle process able to preserve the texture of the food [3].
After food dehydration, scCO2 is easily separated from the food product through
depressurization, resulting in the discharge of gaseous CO2 . Depressurization is
also used to regenerate, i.e., dehydrate, scCO2 , by making use of the fact that
the solubility of H2 O in scCO2 shows a minimum near the critical pressure of 74
bar [4, 5]. However, this regeneration method is rather energy-consuming due
to the necessity to repressurize CO2 afterwards to its extraction pressure. More
energy efficient is the absorption-based regeneration using zeolite [6], displayed
in Fig. 5.1. Here, humid scCO2 , leaving the fruit extraction unit, is regenerated
in the dehydration unit before its next re-injection into the extraction unit. The
zeolite, located in the dehydration unit, absorbs water up to its saturation level.
The re-use of zeolite demands an energy-intensive reactivation step using hot
air to desorb the water. A second, parallel regeneration unit ensures continuity
of the scCO2 dehydration process. Common fluid pressures and temperatures
of the food drying process are 130 bar and 45 °C, thus above the critical point
of CO2 (Tc = 31.04 °C, Pc = 73.8 bar) [7].

5.1 Introduction

Figure 5.1: Schematic depiction of a food dehydration process using scCO2 as the waterextraction agent (left unit) and zeolite to dehydrate (regenerate) scCO2 . A
second dehydration unit is in stand-by mode and enables continuity of the
entire process.

Even though the zeolite-based regeneration of scCO2 is energy-wise more
efficient than the depressurization of scCO2 , the method still is rather energyintensive. Lohaus et al. [8] showed that membrane-based dehydration of scCO2
can reduce the dehydration costs up to 20%. However, their conclusion was
based on pilot plant-scaled processes having scCO2 flow rates of 200 kg/h, corresponding to a water removal rate of only 0.32 kg/h. Moreover, their analysis omitted considering the individual mass transfer resistances related to the
membrane skin layer and its support as well as the feed and permeate boundary
layer. Oppositely, in Chapter 4, we did identify a distinct contribution of each of
these mass transfer resistances though. Whereas the feed boundary layer comprises up to 80% of the overall mass transport resistance of H2 O, the dominant
resistance for CO2 is located within the membrane itself, leading to different
conclusions. Inspired by Lohaus et al. [8], the present study reassesses the economics of membrane-based dehydration of scCO2 , including the contribution
of individual mass transfer resistances and thereby extrapolating the process to
industrial scale and evaluating configuration and process conditions. Also, in
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particular the contribution of membrane and membrane unit costs is discussed
in more detail.

5.2
5.2.1

Techno-economic process description
Extraction unit

The starting point of the simulations is the extraction unit, displayed in Fig. 5.1.
The determination of the water-removal rate of the process requires knowledge
of the mass of food product, its initial and final moisture content and the dehydration time. Following Kaymak-Ertekin et al. [9] the initial and final moisture
content is set to 82 wt.%. and 12 wt.%, respectively, the latter representing
the average of the moisture content of dried fruits (17 wt.%) and vegetables (7
wt.%) [10]. The water removal rate during one extraction cycle ṁ H2 O is defined
by:
ṁ H2 O =

m f ood M H2 O,i n − M H2 O,out
t c ycl e M H2 O,i n + 1kg /kg

(5.1)

where m f ood is the mass of undried food (kg), M H2 O,i n and M H2 O,out are
the initial and final moisture contents of the food given in (kgH2 O /kgdry mass ),
respectively and tcycle is the duration of one food drying cycle. The mass flow
rate of scCO2 needed for extraction ṁ scCO 2 , is described by:
ṁ scCO 2 =

ṁ H2 O
w H2 O,out − w H2 O,i n

(5.2)

where wH2 O,in and wH2 O,out are the H2 O weight fractions of scCO2 entering and exiting the extraction unit (-), respectively. For both, the zeolite and
the membrane-based process, the latter stream is considered saturated, implying that its H2 O weight fraction is determined with the model developed by
Spycher et al. [5]. The H2 O weight fraction of the scCO2 stream entering the
extraction unit differs for both processes. For the zeolite-based process, all the
water dissolved in scCO2 is considered to be fully absorbed in the dehydration
unit, indicating a completely dry regenerated stream. For the membrane-based
process, a full water removal would require infinite membrane area, which is
not possible. Therefore, a minimal amount of water will stay present in the
regenerated stream. Its concentration, being low enough to still enable food
dehydration down to its final moisture content, is determined using the GAB
model [9], as discussed in the subsection 5.2.2.
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The volume of the extraction unit is determined using the mass of the fresh
food and its bulk density (500 kg/m3 ). To include distribution equipment and
free space as well, the total volume is multiplied by a factor of 1.2 [11]. The
duration of one food drying cycle 4 hrs. This is slightly longer than the drying
time of 2.5 hours measured at lab-scale by Brown et al. [3], but necessary to
avoid extensive shear stresses which the product is exposed to due to increased
scCO2 velocities in the extraction chamber. This happens when scaling up from
lab-scale to industrial scale (increased volume to area ratio) while maintaining
the retention time of the scCO2 in the extraction chamber.

5.2.2

Membrane-based process

Fig. 5.2 displays the default configuration of the membrane-based process,
where the temperature and pressure of the feed cycle, thus in the extraction
and membrane unit, are maintained at 45 °C and 130 bar.

Figure 5.2: The membrane-based process for the dehydration of scCO2 . The temperature
and pressure of the humid scCO2 are not changed before entering the membrane unit. CO2 is cyclically used as a sweep gas to remove the permeated
water from the membrane unit.
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During the dehydration process, humid supercritical CO2 enters the feed
channel of the membrane unit, is dehydrated and exits as a dry scCO2 stream
ready for reuse as a drying agent. Pre-dried and heated CO2 at ambient pressures is used as a sweep gas to maintain a high driving force by removing water
vapor at the permeate side of the membrane unit. The usage of pre-dried air
instead as a sweep gas is strictly avoided, even though its usage might be more
cost effective, due to air permeation into the feed, thus impurification of the
feed cycle. During the drying process, CO2 permeates as well. To prevent any
accumulation in the permeate cycle CO2 is re-injected into the feed cycle using
a refill pump. Based on Chapter 4, the membrane-based dehydration unit has a
flat sheet membrane configuration (Fig. 5.3).

Figure 5.3: Schematic depiction of the flat sheet membrane design considered in previous studies [12]. A gradual decay of the water content within the feed stream
is caused by a selective water permeation through the skin layer. ScCO2 is
rejected and exits the membrane unit as a dry stream ready for reuse as an
extraction agent.

Multiple, parallelly arranged composite membranes, having a selective skin
layer on top of a porous support, are compiled into one membrane stack. These
flat sheets are separated by feed and permeate channels having heights of 0.8
mm and 3 mm, respectively. The latter channel is chosen narrower than 7 mm
as used in previous studies [12] to increase the compactness of the membrane
unit, thus to reduce its scale and the investment costs associated with it.

5.2 Techno-economic process description
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Table 5.1 lists the geometric characteristics of the evaluated composite membrane based on specifications of commercially available composite membranes
[13].
Table 5.1: Properties of the composite membrane used for the simulations.

Property

Porous support

Selective skin layer

Pore size

0.1 µm

Dense polymer

Porosity

0.7

Thickness

120 µm

1 µm

As in the previous study [12], three different selective layer membrane materials are evaluated: highly water permeable and H2 O/CO2 selective sulfonated
polyether ether ketone (SPEEK), sulfonated tetrafluoroethylene (Nafion® ) and
a polyethylene oxide (PEO)-based block copolymer (PEBAX® 1074). Especially
SPEEK proved to withstand months-long exposure to corrosive flue gas streams
[14]. The intrinsic, mixed gas H2 O permeabilities and pure gas CO2 permeabilities, measured at 30 °C and near atmospheric pressures [13, 14], were chosen
as model input (Table 5.2), due to the absence of corresponding permeabilities
within the supercritical region, up to the date of this study.
Table 5.2: H2 O and CO2 permeability of SPEEK, Nafion® and PEBAX® 1074 membranes. Data for SPEEK have been obtained from [14] (CO2 ) and [15] (H2 O),
data for Nafion® from [16] (CO2 ) and [17] (H2 O) and for PEBAX® 1074
from [14].

Polymer

H2 O permeability
(Barrer)

CO2 permeability
(Barrer)

SPEEK

61,000

0.11

Nafion®

410,000

2.8

PEBAX® 1074

200,000

122

110 Membrane-based dehydration of supercritical CO2 : A techno-economical evaluation
These permeabilities probably do not reflect the skin layer permeability at
supercritical conditions. To assess the effect of this, a sensitivity analysis of the
H2 O and CO2 permeability on the outcomes is performed.
To determine the H2 O and CO2 flux (permeability is a membrane characteristic independent of the actual process conditions) through the membrane, the
corresponding driving forces are required. The H2 O driving force equals the logarithmic mean fugacity difference of the feed, retentate, permeate and sweep
gas:
³
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where ∆ f H2 O is the H2 O driving force,
and f out
,H2 O are the fugacities
P
P
of H2 O in the feed and retentate stream and f i n,H2 O and f out
,H2 O are the fugacities of H2 O in the sweep gas and permeate stream (Pa), respectively. Since
CO2 fugacity of the permeate side is neglibly small compared to that of the feed
and retentate stream, the CO2 driving force equals the CO2 fugacity difference
between feed- and permeate stream. The required H2 O and CO2 fugacities are
determined using,

f i = φi · y i · P t ot

(5.4)

where φi and y i are the dimensionless fugacity coefficient and mole fraction
of component i in the fluid phase, respectively. P t ot is the total fluid pressure
(Pa). The CO2 fugacity coefficient is determined using the model of Spycher
et al. [5] whereas the former model and the Antoine equation [15] are used
to determine the fugacity coefficient and mole fraction of H2 O at saturation for
supercritical and ambient conditions, respectively.
For non-saturated streams, the actual H2 O fugacity is lower than the corresponding H2 O fugacity at saturation, being determined by the model of Spycher
et al. [5] and the Antoine equation [15]. Therefore, the H2 O fugacity at saturation of Eq. 5.4, is reduced by the water activity of the non-saturated stream
as shown by:
f H2 O = a w · f H2 O,sat .

(5.5)

where f H2 O and f H2 O,sat . are the required H2 O fugacity and H2 O fugacity at
saturation (Pa), respectively and a w is the water activity being dimensionless.
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The water activity of the feed stream entering the membrane unit is fully
saturated (a w = 1). The water activity of the retentate stream, leaving the
membrane unit is dependent on the final moisture content of the food product
(12 wt.%) and is determined using the Guggenheim–Andersen–de Boer (GAB)
model [9]. This model links the equilibrium moisture content of food products
to the water activity of the surrounding fluid at atmospheric pressures:
M=

Mo · C · K · a w
[(1 − K ·a w ) (1 − K · a w +C · K · a w )]

(5.6)

where Mo is the monolayer moisture content given in (kgH2 O /kgdry mass ), C
and K are dimensionless empirical GAB parameters and a w is the water activity (-). Assuming pressure insensitivity of the H2 O fugacity on the equilibrium
moisture content of food products, the model can be extended to supercritical
pressures. By doing so, the water activity of the retentate stream equals 0.25,
considering an equilibrium moisture content of 12 wt.% of the food product at
45 °C and 130 bar. The water fugacity of the retentate is determined with Eq.
5.5 . Here the calculated water activity and the water fugacity of saturated air
at the corresponding temperature at atmospheric pressures are used.
The weight fraction of H2 O in the retentate stream needed for Eq. 5.2 is derived
from its corresponding molar fraction which is determined by rearranging Eq.
5.4.
Before entering the permeate side, the sweep gas is pre-dried using a refrigeration dryer, which uses the water solubility lowering effect of gas compression
and cooling for gas drying. Cooling down the sweep gas to +3 °C (a typical
temperature for refrigeration dryers [18]), while compressing it to 3 bar results
in a dew point temperature of -11.6 °C. Using the Antoine equation [15], the
water activity of the pre-dried sweep gas entering the membrane unit is 0.026
at 45 °C. For the exiting humidified sweep gas stream a water activity of 0.45
is considered, which is high enough to enable water removal with a moderate
sweep gas volume flow rate while being low enough to maintain a sufficient
driving force for the H2 O transport.
To withstand high pressures, the membrane unit is considered to be a cylindrically shaped pressure vessel containing a stack of flat sheets. This stack is
square-shaped whereas its diagonal is considered to be equal to the vessels
diameter. An increase in the considered vessel diameter results therefore in
increased stack height and width thus to a larger membrane sheet (due to increased stack height) and a larger number of flat sheets placed within the stack
(due to increased stack width), when keeping the feed and permeate channel heights constant. Knowing the volume flow rate of the feed and permeate
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streams and the number of feed and permeate channels including their crosssectional areas, one can determine the channels fluid velocities and the mass
transfer resistances in the channels. This together with the mass transfer properties of the composite membrane results in an overall mass transfer coefficient
for H2 O and CO2 , which describes their transport from feed to permeate side.
Chapter 4 gives a detailed description of the overall mass transfer coefficient
determination and we follow a similar approach.
Together with the water transport driving force the required membrane area for
the dehydration of humid scCO2 can now be determined:
A=

ṁ H2 O · R · T

(5.7)

M H2 O · k ov,H2 O · ∆ f H2 O

where ṁ H2 O is the permeated mass flow rate of water (kg/s), R the ideal
gas constant (J/(mol K)), T the dehydration temperature in the membrane unit
(K), M H2 O is the molar mass of water (kg/mol), kov,H2 O the overall mass transfer
coefficient (m/s) and ∆ f H2 O the process driving force (Pa).
The volume flow rate of the sweep gas stream (V̇sweep ), given in m3 /s, is determined by:
V̇sweep =

ṁ H2 O · R · T
M H2 O · ( f HP

2O

P
− f 0,H

2O

)

·

(5.8)

using the membrane area and the number and the width of the membrane
stack, the length of the stack equals:
L=

A
N sheet · h sheet

(5.9)

where N sheet is the number of membrane sheets (-) and h sheet is the height
of one flat sheet membrane including spacer and channel height (m). The vessel of the membrane unit is considered 1.2 times longer than the calculated
membrane stack height to ensure enough space for equipment, distributing the
feed and sweep gas steams into its corresponding channels and collecting these
streams afterwards [11].
The membrane unit length is therefore indirectly a function of its diameter.
As in Chapter 4, its length is limited by the maximally allowed pressure drop
of 1.5 bar and 50 mbar in the feed and permeate channel, respectively. The
pressure drop ∆P , given in Pa, is determined using [19]:
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∆P = 4 · f ·
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l ρ · v2
·
dh
2

(5.10)

where f is the Fanning friction factor (-), l is the length of the membrane
(m), ρ is the fluid density (kg/m3 ), v is the fluid velocity in the feed/permeate
channel (m/s), dh is the hydraulic diameter (m) which is for rectangular channels with much greater width than height, twice the height. At laminar conditions, the Fanning friction factor is the quotient of 14.227 and the Reynolds
number, whereas for turbulent conditions the following relation is used [19],
f =³
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−4 · l og
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where ε is the surface roughness coefficient of the channel walls, which is
assumed similar to the value of polyvinyl chloride (2.1 ·10−6 m) [20].
Now after determining the final dimensions of the membrane unit, the mass
of permeated CO2 can be determined. For this, the overall mass transfer coefficient of CO2 , its driving force and the membrane area are implemented into the
rearranged Eq. 5.7.

5.2.3

Zeolite-based process

The mass of zeolite needed for absorption (m zeol . ) is determined by:
m zeol . =

m H2 O
(X 45

◦C

− X 260

◦C

)

(5.12)

where m H2 O is the amount of absorbed water per drying cycle (kg), X 45◦C
and X 260◦C are the zeolite water absorption capacities at 45°C and 260 °C being
0.20 and 0.02 kgH2 O /kgzeolite , respectively [21]. Previous absorption capacities,
determined at near atmospheric pressures, were considered due to the absence
of high pressure absorption capacities. The zeolite mass, m zeol . , is used together
with the zeolite bulk density, 728.8 kg/m3 [22], to determine the volume and
dimensions of the dehydration vessel. Likewise to the extraction unit, the total
volume is multiplied by 1.2 to account for additional vessel height due to implemented distribution equipment, required for an uniform dispersion of the humid
scCO2 in the absorption column. Lohaus et al. [8] considered 3.3 kWh as the
total energy demand needed to remove 1 kg of water from zeolite. This massspecific energy includes desorption and heating of the zeolite and its periphery
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(i.e., absorption column). The product of this mass-specific energy demand and
the absorbed water mass per drying cycle equals the thermal energy needed for
zeolite reactivation, being provided by hot air, which mass (m ai r ) is:
m ai r =

E r eac.
c p,ai r · (T zeol ,i n − T zeol ,out )

(5.13)

where E r eac. is the required thermal energy (kJ), c p,ai r is the isobaric heat
capacity of air (kJ/(kg K)), T zeol .,i n and T zeol .,out are the temperatures of the air
entering and exiting the zeolite column (K) and m ai r is the required mass of air
needed for reactivation (kg). The latter is used to determine the heat duty of
the fired air heater:
Wheat =

m ai r · c p,ai r · (T ai r,out − T ai r,i n )
t r eac.

(5.14)

where T ai r,i n and T ai r,out are the temperatures of the in- and outlet of the
direct-fired heater (K), t r eac. is the time considered for the reactivation (s) and
Wheat is the thermal performance of the direct-fired heater (kW).
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All parameters needed for the determination of the heat duty of the fired
heater are displayed in Table 5.3
Table 5.3: Required parameters for the determination of the heat duty of the fired heater
used for the reactivation of the zeolite column.

Parameter
Temperature of air entering zeolite
column
Temperature of air exiting zeolite
column
Temperature of air entering the fired
heater
Temperature of air exiting the fired
heater

Symbol

Value

Reference

T zeol ,i n

260 °C

[23]

T zeol ,out

175 °C

[23]

T ai r,i n

20 °C

[est.*]

T ai r,out

260 °C

[23]

The isobaric heat capacity of air

c p,ai r

Reactivation time per zeolite column

t r eac.

Mounting and down-cooling time of
the reactivated zeolite column
Absorption time
Energy demand for reactivation of
Zeolite

E r eac.

1.04
kJ/(kg K)
1.5 h

[est.]

0.5 h

[est.]

2h

[est.]

11,880
kJ/kgH2O

[8]

[19]

*est. = estimated

5.2.4

Cost estimation

In this study, the costs of the membrane and zeolite-based processes are subdivided in process operation costs and investments costs. Process operation
costs include consumption costs for i.e. the electrical energy, natural gas or
cooling water. The investment costs, being fixed annual expenses [24], are assigned to the purchase and mounting of the processes operation units. Since the
investment is exclusively financed through loans, it is composed of the interest
payment and the principal repayment [25].
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Costs related to labor are not taken into account in this assessment since
their prediction cannot be made without large error margins. However, fewer
shifts are needed for the continuously running membrane-based process than
for the semi-batch zeolite-based process, indicating lower labor costs for the
membrane-based process.
Table 5.4 displays a price list of various utilities, which are needed for the
operational costs calculation of both processes. Since membranes have a limited
lifetime of 4 years (yr), the mean annual expenditure assigned to their purchase
is included in the costs of the membrane-based process [8]. The same applies
to the zeolite, which has an estimated lifetime of 2 years [8].
Table 5.4: Values used for the determination of the operational costs of both processes.

Parameter

Value

Reference

Selective skin layer (based on 1 µm
thickness)
Porous support

3A
C/m2

[est.]

244 A
C/m2

[26]

Lifetime membrane

4 yr

[8]

Electrical energy

0.14 A
C/kWh

[27]

Cooling water

0.04 $/m3

[25]

0.006 $/kg

[25]

0.035 A
C/kWh

[27]

Price of zeolite

3A
C/kg

[8]

Lifetime zeolite

2 yr

[8]

Energy demand for reactivation of Zeolite

11,880
kJ/kgH2O

[8]

Steam for heating (saturated at 8 bar, 170
°C)
Price of natural gas

The major part of the electricity is used by compressors to pressurize CO2 to
its supercritical state or to recirculate or transport large air to the fired direct
heater in case of the zeolite-based process. The electrical power consumption of
compressors is determined using the adiabatic compressor power equation for
high pressures (above 70 bar) [28], as described by:
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(5.15)

P i n and P out are the pressures at the compressor in- and outlet (Pa), V̇ f l ow

is the volume flow rate of the transported fluid at the compressor outlet (m3 /s),
k i is the ratio of the specific heat capacities at constant pressure and constant
volume and ² is the compressor efficiency, both being dimensionless (-). The
compressor efficiency is considered to be 0.7 [25]. The required heat capacities
are obtained from the official website of the National Institute of Standards and
Technology (NIST) and averaged for the required pressure ranges [29]. The
electrical power consumption of commercially available air driers is used [30].
The compressors used in both processes run throughout the year (8,760
hours/year). Only the compressor blowing air through the direct-fired heater is
not in use during the cool-down phase of the zeolite, which makes up, according
to Table 5.3, 25% of the time.
The starting point for the determination of the investment costs is the estimation of the total costs related to the purchase and implementation of the
considered units (incl. piping and instrumentation) into the process. The investment costs (IC) of the process units are determined through the widely used
method developed by Guthrie [24]:
IC = BC ·U F · (M P F + M F − 1)

(5.16)

where BC are the purchase costs of the basic version of the process unit
for a particular year given in (A
C), U F is the update factor (-) taking the price
increase of the unit through inflation from the particular year to presence into
account, M P F is the materials and pressure correction factor which accounts
for additional material and design costs of the process unit beyond its basic
configuration (-) and M F is the module factor (-) which takes the costs of piping
instruments, labor during mounting and accessories into account.
The basic costs for the considered heat exchangers and the direct-fired heater
are obtained from Peters et al. [25] whereas the basic costs for the used compressors, vessels, and columns are obtained from Biegler et al. [24]. The basic
cost obtained from Peters et al. [25] and Biegler et al. [24] are dated back to
the years 1990 and 1969, respectively. The basic costs of vessels are used for
the housing of the membrane unit, the zeolite columns, and the extraction unit.
However, these costs are increased by 100% for the housing of the membrane
unit and 20% for the extraction unit and the zeolite columns due to the higher
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complexity (i.e., stack frame, distribution equipment, fixtures, trays, sensors)
compared to a simple vessel.
To determine the annual expenses related to the investment, the total investment costs are multiplied by the so-called capital-recovery factor CRF which is
represented by:
C RF =

(1 + i )n · i
((1 + i )n − 1)

(5.17)

where i is the interest rate (%), and n is the loan duration ( yr ). Table 5.5
lists the relevant parameters used for the determination of the costs of the use
of the capital to purchase the equipment.
Table 5.5: Relevant parameters needed to determine investment costs.

Parameter

Value

Reference

Interest rate of the loan

8.0%

[est.]

Duration of the loan

10 yr

[est.]

Exchange rate USD in EUR

1.14 $/A
C

[31]

Capital-recovery factor

0.15356

[calc.*]

Annual operation hours

8,760 h/yr

[32]

Chemical engineering plant cost index
(Feb. 2017)

558.3

[33]

*calc. = calculated
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5.3
5.3.1

Results and Discussion
Effect of skin layer thickness

Chapter 4 suggests that for the membrane-based process there is an ideal skinlayer thickness at which the drying costs are minimal. Fig. 5.4 displays the
effect of the skin layer thickness on the total drying costs normalized for the
amount of water removed at 45 °C for SPEEK, Nafion® and PEBAX® 1074.

Figure 5.4: Total (normalized) drying costs using either a SPEEK, Nafion® or PEBAX®
1074 selective membrane layer as a function of the skin layer thickness, for
a dehydration rate (process scale) of 100 kg water per hour at 45 °C

All three membrane types show an optimum in skin layer thickness, i.e., a
range at which the total drying costs are minimal. Despite the similarity, the
membranes differ in the position of this minimum as well as the range over
which this minimum extends. Fig. 5.5 explains in more detail the behavior
observed, i.e., the shape of the curves, by showing the same SPEEK data but in
addition the costs for CO2 refill and the membrane unit.
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Figure 5.5: Total (normalized) drying costs using SPEEK as a function of the skin layer
thickness, for a dehydration rate (process scale) of 100 kg water per hour at
45 °C. Also shown are the costs for CO2 refill and the membrane unit.

For SPEEK the total drying costs show a minimum for a skin layer thickness
ranging from approximately 0.1 to 10 µm. At a thickness <0.1 µm, costs increase because the CO2 permeation of the SPEEK layer becomes too high (due
to the low thickness of the layer), resulting in rising costs for CO2 refill. At a
thickness >10 µm, costs increase because the H2 O permeation becomes too low,
resulting in larger required membrane surface areas. From 10 µm downward,
membrane unit costs remain unchanged because at these skin layer thicknesses
concentration polarization effects dominate H2 O transport.
Compared to SPEEK, the minima of Nafion® and PEBAX® 1074 have shifted
to larger skin layer thicknesses, reflecting that PEBAX® demonstrates the lowest
H2 O/CO2 selectivity (notably due to a high CO2 permeability) whereas Nafion
shows the highest H2 O permeability combined with a moderate permeability
towards CO2 .
Based on the three examined skin layer materials discussed in Fig. 5.4,
SPEEK is considered the material of choice, since it shows with 813 A
C/twater the
lowest drying costs compared to values of 828 and 1,063 A
C/twater for Nafion®
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and PEBAX® 1074 respectively. In addition, the costs of SPEEK remain at this
minimum even at skin layers as thin as 0.1 µm, leading to less material required
and thus cost savings.

5.3.2

Process configuration

The feed boundary layer is the dominant parameter in the H2 O flux across the
membrane [12]. As such, this mass transfer resistance should be taken into
account as well, in addition to those related to the membrane itself. Fig. 5.6 exemplifies this argument and shows the calculated total membrane area required
to permeate 100 kg of water per hour taking into account the individual effect
of the mass transfer resistance of the skin layer, the feed boundary layer, the
permeate boundary layer and the porous support.

Figure 5.6: Calculated total membrane area required to permeate 100 kg H2 O per hour
at 45 °C for SPEEK, Nafion® and PEBAX® 1074. Calculations include either
( ) solely the skin layer; (Ï) the feed boundary and skin layer or (■) feed
and permeate boundary, support and skin layer.
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As expected, the porous support (low resistance) and the permeate boundary layer hardly affect the required membrane area. In contrast, ignoring the
feed boundary layer resistance lowers the required membrane area by more
than a factor of 40 (SPEEK) to 150 (Nafion® ).
Given the overwhelming impact of feed boundary resistance on the required
membrane area and the dominance of the required membrane area on membrane unit and CO2 refill costs, we investigate strategies to lower this resistance
by altering fluid dynamics within the membrane unit. Note that, a reduction of
the required membrane area is accompanied by a reduction of the membrane
unit and CO2 refill costs.
Fig. 5.7 displays the required total membrane area in relation to the feed
channel height, at different cross-flow velocities.

Figure 5.7: Required membrane area to permeate 100 kg water per hour as a function
of the feed channel height for various cross-flow velocities for SPEEK membranes at 45 °C.

One method to reduce the feed boundary layer resistance is by increasing
the cross-flow velocity, as experimentally observed by Metz et al. [15]. This
way of invoking turbulent conditions leads to a steeper cross-flow velocity profile and thus to a thickness reduction of the boundary layer [34], in which H2 O
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is transported limited by diffusion. Decreasing the feed channel height while
maintaining an average cross-flow velocity leads as well to a steeper cross-flow
velocity profile and thus to a reduced fluid boundary layer thickness [34]. This
together with an increase of the cross-flow velocity will lead to increased pressure drop, as is evident from Eq. 5.10. From here on, the feed channel height
and cross-flow velocity adopt values of 0.8 mm and 1 m/s, respectively.
Another way of reducing the feed boundary layer resistance and thus the
required membrane area is by altering the temperature and feed pressure. As
argued in Chapter 4, high pressures and low temperatures, as present in the default membrane configuration (Fig. 5.2), lead to a more dominant feed boundary layer resistance, hampering the H2 O transport. Other process parameters,
such as H2 O transport driving force, may be affected by pressure and temperature as well. Fig. 5.8 shows the required total membrane surface area in relation
to the feed chamber pressure and temperature.

Figure 5.8: Required membrane surface area to permeate 100 kg of water per hour depicted as a function of the feed pressure and the dehydration temperature.
Feed channel height and cross-flow velocity are 0.8 mm and 1 m/s, respectively. The blue dots indicate three feed conditions within the membrane unit
which corresponding dehydration processes are economically assessed.
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The general tendency is that high dehydration temperatures and low feed
pressures result in a reduction of the required membrane surface area, an effect much more pronounced at lower temperature. At an operational pressure
of 130 bar, increasing the temperature from 45 to 65 °C reduces the required
membrane surface area from 455 m2 to 127 m2 . Apart from the already argued effect on the feed boundary layer thickness, another reason for this drastic
reduction in required membrane surface area can be found in the rise of the
water fugacity coefficient from 0.143 (at 45 °C; 130 bar) to 0.278 (65 °C; 130
bar), resulting in a doubling of the water fugacity in the feed (see Eq. 5.4) and
thus to a rise of the driving force for water transport (water fugacity coefficient
determined using the model of Spycher et al. [5]). An additional reason for the
strong reduction in the required membrane surface area may be an improved
water diffusion through the feed boundary layer, due to a reduced CO2 fluid
density [12]. Even though the reduction of the membrane surface area to 127
m2 results in a drop of the costs for CO2 refill and the membrane unit, energy
consumption will go up due to the heat exchangers needed to pre-heat and cooldown the scCO2 before and after the membrane unit. A process based on this
principle is displayed in Fig. 5.9. Noteworthy, an increase of the dehydration
temperature to 75 °C will not significantly further reduce the required membrane surface area, but it will increase the costs for heat exchangers as well as
the risk of material failure.

5.3 Results and Discussion

Figure 5.9: Schematic depiction of a food dehydration process using scCO2 as the waterextraction agent (left unit) and a membrane unit to dehydrate (regenerate)
scCO2 . The pre-heated scCO2 requires a lower membrane area thus reduced
costs for the membrane unit and the CO2 refill, however, additional costs for
the purchase and investment of the additional heat exchangers.

As indicated in Fig. 5.8, a further reduction of the required membrane area
down to 61 m2 can be achieved by reducing, at 65 °C, the feed pressure down
to 100 bar. Here costs for the CO2 refill and the membrane unit are further
reduced. However, costs assigned to the circulation of the scCO2 increase, due
to the need of a costly compressor to pressurize the scCO2 steam back to 130 bar
after exiting the membrane unit, accordingly the process scheme of Fig. 5.10.
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Figure 5.10: Schematic depiction of a food dehydration process using scCO2 as the
water-extraction agent (left unit) and a membrane unit to dehydrate (regenerate) scCO2 . The pre-heated and depressurized scCO2 requires the
smallest membrane area thus reduced costs for the membrane unit and the
CO2 refill, however, additional costs for the purchase and investment of the
additional heat exchangers and the compressor.

Fig. 5.11 compares the total drying costs as function of process scale of all
three membrane based configurations, as displayed in Fig. 5.2, 5.9 and 5.10,
with the zeolite-based benchmark process of Fig. 5.1.
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Figure 5.11: Comparison of the drying costs of various membrane-based processes with
the current benchmark process based on zeolite. This is done for various
process scales.

Fig. 5.11 gives rise to several conclusions. Firstly, all processes show a decrease in drying costs with increased process scale. At larger scales, the drying
costs become essentially insensitive to process scale. This effect, where the
specific costs are reduced with rising process scale, is generally referred to as
economy of scale [35]. Secondly, independent of scale, all membrane-based
processes show lower drying costs than the zeolite-based process. Thirdly, the
process displayed in Fig. 5.2 is the least cost-effective membrane-based configuration, even though no heat exchangers nor compressors are implemented
on the high-pressure side. The costs assigned to the membrane unit and CO2
refill dominate the total drying costs. Lastly, Fig. 5.9 outlines the most costeffective configuration, operating at a feed pressure and temperature of 130 bar
and 65 °C. The cost-effectiveness of the latter configuration is the result of its
small required membrane area, being, according to Fig. 5.8, one third of the
size of the configuration operating at 130 bar and 45 °C and the absence of any
compression and depressurization step in its feed cycle. Such pressure changes
in the feed cycle, as occurrent in the configuration operating at 100 bar and 65
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°C, result in inflated drying costs. The drying costs assigned to this configuration are approximately half (48% to 57%) the costs of a zeolite-based process.
In absolute terms, the drying costs corresponding to Fig. 5.9 are 756 and 446
A
C per ton removed water, for a pilot plant scale (40 kg/h) and industrial scale
(500 kg/h), respectively.

5.3.3

Membrane unit & membrane material

Based on the configuration of Fig. 5.9, Fig. 5.12 displays the membrane unit
costs and its contribution to the total drying costs as a function of process scale.

Figure 5.12: The area specific costs of the membrane unit and its contribution to the
total process costs as a function of the process scale. Feed pressure and
process temperature are 130 bar and 65 °C, respectively.

Compared to the configuration and operational conditions displayed in Fig.
5.2 (130 bar, 45 °C), the contribution of membrane unit costs are reduced from
25 to 10%. With a membrane unit price of 4,480 A
C/m2 for pilot plant scale (40
2
kg/h) to 1,520 A
C/m for large industrial scale (500 kg/h), prices are considerably higher than those for membrane units operating near ambient pressures,
200 A
C/m2 [36]. The combination of a costly housing for the membrane unit,
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built to withstand large operation pressures, and a low area to volume ratio
of the membrane unit, is the primary cause for the inflated area specific costs.
The low area to volume ratio of the current design, 65 m2 /m3 compared to
100 – 300 m2 /m3 of typical flat sheet units [37], is the result of wide sweep gas
channels (3 mm) needed to pass sufficient sweep gas, without creating too highpressure drops. A vast quantity of sweep gas is needed to remove a sufficient
amount of permeate water without becoming too humid, thereby impairing the
driving force too much.
Fig. 5.13 displays the fictional membrane unit price at which the drying
costs of the membrane-based process would comprise 60%, 80% and 100% of
those of the zeolite process.

Figure 5.13: The area specific costs of the membrane unit as a function of the process
scale and the cost relation to the zeolite-based process. Feed pressure and
process temperature are 130 bar and 65 °C, respectively.

Using Fig. 5.13 in practice, it becomes possible to determine the upper price
limit for the purchase or development and construction of a membrane unit.
To comprise 60% of zeolites dying costs, the price of the membrane unit has to
triple at pilot plant scale (40 kg/h) and double at industrial scale (500 kg/h).
This shows that the membrane-based process will continue to be cost efficient
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even with considerably higher membrane unit prices.
Not only the membrane unit price might be different in practice but also
the considered permeability values of SPEEK obtained at 30 °C and near ambient pressures (feed pressure of 2.5 bar [14]) will most likely rise when applied
at 130 bar and 65 °C. Bos et al. [38], who examined eleven glassy polymeric
membranes (i.e., polysulfone, polyetherimide) observed a sudden increase in
CO2 permeability while exceeding a specific pressure, called plasticization pressure, which ranges between 10 to 35 bar, thus far below the applied 130 bar
of the dehydration process. This sudden change was assigned to a transition
of the polymer state from glassy to rubbery. This transition leads to increased
mobilization of the polymer chains and thus to increased penetrant diffusion.
Penetrant diffusion is also promoted by higher temperatures [14]. Fig. 5.14 (a)
and (b) display the sensitivity of the drying costs on the variation of H2 O and
CO2 permeability in a SPEEK based system.

(a)

(b)

Figure 5.14: Drying costs as a function of the process scale and (a) CO2 permeability for
(b) H2 O permeability. The permeabilities of SPEEK, being 61,000 for H2 O
and 0.11 Barrer for CO2 , are the basis for the non-altered permeability
values. Feed pressure and process temperature are 130 bar and 65 °C,
respectively.

The drying costs displayed in Fig. 5.14 (a) and (b) decrease with decreasing
CO2 permeability and with increasing H2 O permeability. This is in accordance
to the findings of Fig. 5.5 where a more CO2 permeable skin layer results in
inflated CO2 refill and thus drying costs and a less H2 O permeable skin layer
leads to larger membrane areas and increased drying costs.
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The drying costs are insensitive for H2 O permeabilities of 10,000 Barrer or
higher and CO2 permeabilities of 10 Barrer or lower. For skin layer materials
lying within these boundaries, the drying costs maintain close to optimum, thus
making them suitable alternatives to the current material of choice, namely
SPEEK. However, the CO2 permeability of SPEEK, being 0.11 Barrer (at 30 °C
and 2.5 bar) might increase significantly when applied at the high feed pressure
and temperature. Nafion® lies within these boundaries whereas PEBAX® 1074
exceeds the boundary set by the CO2 permeability. For a PEBAX® 1074 based
system costs related to CO2 refill would dominate the total drying costs up to
an extent at which the process becomes more cost-intensive than the zeolite
process.
Fig. 5.15 summarizes our findings and delineates the relative costs involved
in the scCO2 drying process using a SPEEK-based membrane with a skin layer
thickness of 1 µm, operating at feed chamber pressure of 130 bar and temperature 65 °C, for two process scales, 40 and 500 kg/h. Investment and operational
costs are represented by dark and light blue bar sections, respectively. Irrespective the scale, costs of the extraction chamber, i.e., steam and electricity costs
for heating and cooling, dominate the picture. Nevertheless, even though total
membrane costs (membrane material + housing) contribute far less, its share
in total costs still mounts up to 10% and even more at pilot plant scale. Lohaus
et al. [8], concluded that, based on their calculations, membrane costs can be
considered negligible compared to the other costs (ca. 0.3 ‰ of total investment costs). The discrepancy in outcome reflects the differences in analysis as
the present study does include boundary layer effects and costs related to the
membrane housing, not only those for the membrane material.
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Figure 5.15: Cost distribution of the membrane-based process (configuration 130 bar;
65 °C). Light blue bar sections indicate operational costs, dark blue sections
investment costs.

5.4 Conclusions

5.4

Conclusions

This study showed that there is an ideal skin-layer thickness at which the drying costs of scCO2 reach a minimum. Too thin skin layers result in inflated
CO2 refill costs due to increased CO2 permeation towards the permeate side,
whereas a too thick layer, leads to lower H2 O permeation thus to larger membrane areas and inflated membrane unit costs. Based on a selection of different
membrane materials, SPEEK was considered the material of choice since it leads
to the lowest drying costs over the broadest range of skin layer thicknesses. The
consideration of concentration polarization effects in the feed boundary layer
results in membrane areas which are 150 larger than when omitting these effects. To encounter these H2 O flux hampering effects fluid dynamics have to
be altered, such as reducing the feed chamber height, increasing crossflow velocity or altering feed pressures and dehydration temperatures. The choice of
feed pressure and dehydration temperature has a significant impact on the required membrane area. An increase of the dehydration temperature from 45
°C to 65 °C, while keeping the feed pressure at 130 bar, reduces the required
membrane area to remove 100 kg of water per hour, from 455 m2 down to
127 m2 . Therefore, three process configurations differing in their feed pressure
and dehydration temperature and the zeolite-based benchmark process were
compared regarding their drying costs, for various scales ranging from water
removal rate from 40 kg/h to above 500 kg/h. The configuration having 130
bar and 65 °C as feed pressure and dehydration temperature proved to be the
most cost-efficient comprising half the drying costs of the benchmark process
based on zeolite and was therefore considered the process of choice. The membrane unit considered in this configuration comprises only 10% of the total
drying costs but shows with 4,480 A
C/m2 (pilot plant scale) and 1,520 A
C/m2
(industrial scale) significantly high area specific costs. Reasons are found in the
costly high-pressure membrane unit housing and the low area to volume ratio
of the membrane unit.
The drying costs are insensitive for H2 O permeabilities of 10,000 Barrer or
higher and CO2 permeabilities of 10 Barrer or lower. Skin layer materials lying
within these boundaries are considered potential alternatives to SPEEK being
the current material of choice for the dehydration of supercritical CO2 .
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Addendum to Chapter 5:
Proof of principle for
membrane-based regeneration
of supercritical CO2 during fruit
drying process

Chapter 5 indicates that supercritical CO2 (scCO2 ) regeneration costs can be
halved when resorting to membranes instead of absorption technology. To
achieve this, the selected membrane should meet defined CO2 and H2 O permeability limits. In this chapter, the CO2 and apparent H2 O permeabilities of
the two most promising membrane materials, sulfonated polyether ether ketone
(SPEEK) and sulfonated tetrafluoroethylene (Nafion® ) were measured. Here
Nafion® did not meet the defined limits, due to its inflated CO2 permeability,
whereas SPEEK met these limits and was considered the material of choice for
the regeneration of scCO2 in the subsequent food drying experiment. Visual
observation of sc-dried fruit samples did not show significant shrinkage or damaging of the fruit tissue but did show a decrease in color intensity. All fruits were
sufficiently dried and had a moisture content comparable to industrially dried
fruit products, demonstrating the potential of the continuous sc-drying process
with integrated membrane-based scCO2 regeneration.
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Introduction
Supercritical CO2 (scCO2 ) can be employed to dry fruits and vegetables with
a minimal effect on the end-product quality. Therefore, scCO2 is attracting
interest in the food industry to extend the shelf life of agricultural products.
The current drying technology requires absorbance for the scCO2 dehydration
thus regeneration. However, using membranes for scCO2 regeneration instead
would reduce drying costs by half, as predicted in Chapter 5. To achieve these
costs savings, the H2 O and CO2 permeability of the selected membrane have
to lie within the defined limits. In Chapter 5, only sulfonated polyether ether
ketone (SPEEK) and sulfonated tetrafluoroethylene (Nafion® ) met these limits
and were considered potential membrane materials for the regeneration process
of scCO2 . However, permeabilities used for the assessment were determined at
30 °C and atmospheric pressures and not at the economically most favorable
supercritical conditions of the regeneration process (65 °C and 130 bar). In this
chapter, the CO2 and apparent H2 O permeabilities of SPEEK and Nafion® are
determined under the desired regeneration conditions, to assess whether both
membrane materials are still viable options for the scCO2 regeneration process. Subsequently, the food drying process with integrated membrane-based
regeneration is performed experimentally as a proof of concept. For this, real
fruits (apple, banana, kiwifruit, and strawberry) and the membrane material
of choice, determined through previous permeability experiments, are used for
the drying experiment at the process temperatures and pressures of the most
cost-efficient configuration of Chapter 5.

Background
A detailed background on the experimental determination of the CO2 and apparent H2 O permeability under supercritical conditions is presented in Chapter
3.
During the fruit drying process, the water flux J H2 O (g/(m2 s)) that is removed in the regeneration step from the humid scCO2 stream is determined
by:
J H2 O =

P
(p PH2 O − p 0,H
) · V̇sweep · VST P · M H2 O
2O

A · R · Tcel l

(1)

P
where p PH2 O and p 0,H
given in Pa are the partial pressures of H2 O in the
2O
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sweep gas stream (Pa) entering and leaving the membrane unit, respectively.
Their values are determined by inserting the dew points of the streams into the
Antoine equation [1]. V̇sweep is the sweep gas volume flow rate (m3 (STP)/s),
VST P is the molar volume at standard temperature (273 K) and pressure (1.013
bar) given in (m3 (STP)/mol), M H2 O is the molar mass of H2 O (g/mol), A is
the membrane area (m2 ), R is the ideal gas constant (J/(mol K)) and T is the
temperature in the membrane unit(K).
The water removal rate m H2 O given in (g/s) is derived from the H2 O flux:
ṁ H2 O = J H2 O · A

(2)

The total amount of water removed through permeation during the drying
process is considered equal to the weight difference between fresh fruit and
dried fruit. The dimensionless mean water content of the fruits for a given time
during the drying process (w H2 O,t ) is calculated by:
w H2 O,t =

m f r esh · w H2 O,0 − m H2 O,t
m f r esh − m H2 O,t

(3)

where m f r esh is the mass of the fresh fruit (g), w H2 O,0 is the water content
of the fresh fruit (−) and m H2 O,t is the mass of the removed H2 O at a given time
(g). The water content of the fresh fruit, w H2 O,0 , is determined by:
w H2 O,0 =

m f r esh − m d r y
m f r esh

(4)

where m d r y is the dry fruit mass (g).

Experimental
Membrane preparation
SPEEK (Fumatech, Germany) with a sulfonation degree of 40% was dissolved
in N-methyl-2- pyrrolidone (Sigma-Aldrich, The Netherlands) in a 10 wt.% solution at room temperature and cast on a glass plate using a (200 to 1300 µm)
micrometer casting knife. After casting, the solvent was evaporated under a
nitrogen atmosphere for one week at room temperature. After that, the membrane film was submerged in a demineralized water bath to release it from the
glass plate. The membrane film was left in the demineralized water bath for
three additional days to remove residual traces of solvent. During these three
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days, the demineralized water was refreshed every day. After that, the SPEEK
membrane was dried in a vacuum oven at 30 °C until the mass of the film
reached a constant value. A final thickness was measured using an ABS digital thickness gauge (Mitutoyo Nederland B.V., The Netherlands). For the CO2
and H2 O permeability measurements, a SPEEK membrane with a thickness of
128.0 µm was used, while for the food drying experiment a SPEEK membrane of
21.3 µm thickness was selected. A Nafion® membrane film (Ion Power GmbH,
Germany) with a thickness of 129.0 µm was purchased and used as received.
Its thickness is comparable to that of the SPEEK membrane considered for the
permeability measurements.

CO2 and apparent H2 O permeability measurements
The CO2 and apparent H2 O permeability at supercritical conditions were determined in the same manner as described in Chapter 3. However, the set temperatures of the thermally controlled ovens in which the humidifier and membrane
unit are located during the experiment differed. This was 45 °C for the oven in
which the humidifier is located and 65 °C for the oven in which the membrane
unit is placed.

Fresh fruit moisture content
Table 1 lists the fruits used for the supercritical drying experiment.
Table 1: Fruits used for the drying experiment.

Fruit

Brand

Origin

Strawberries

Albert Heijn

The Netherlands

Bananas

Chiquita®

Panama

Apples (Granny Smith)

Albert Heijn

France

Kiwifruit (Green New
Zealand 4030)

Zespri®

Italy
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All fruits were diced and ca. 10 g of each fruit type were given into their
corresponding jar. The weight of each of the four jars was measured before
and after the filling step. Before placing these jars in the vacuum oven for fruit
drying, their openings were covered by punctured conventional aluminum foil
to prevent the samples from leaving the jars during the vacuuming process. The
samples were dried at 50 °C under vacuum for at least 48 hours. Drying was
completed when no further decrease in mass was measured. The jars filled with
the dried fruit were measured to determine the fresh fruit moisture content.

Supercritical drying of fruits
Before the supercritical drying process, all fruits were diced into 1-2 g pieces
to form samples of approximately 5 g for each type of fruit. The exact mass of
each sample was determined. All fruit samples totaling about 20 g were distributed in two cylindrical trays, having a sieve-like bottom and a diameter and
height of 7 cm and 2 cm, respectively. The filled trays were inserted into the
temperature-controlled pressure vessel of the high-pressure permeation setup
described in the appendix to Chapter 3. Since the pressure vessel was used as
a humidifier, in previous permeability experiments, it had to be ensured that all
the water was removed before inserting the trays. For this, the entire setup was
purged with compressed air until no moisture was detected from a dew point
mirror.
A membrane of the desired material was inserted into the membrane unit together with a filter paper that was placed between the membrane and the sintered metal support plate to avoid mechanical damage. The temperatures and
pressure identified in Chapter 5 as the most cost-efficient were applied during the drying process. These were 45 °C for the extraction vessel, 65 °C for
the membrane unit, 130 bar for the entire feed cycle and atmospheric pressure
for the permeate side. Throughout the drying process, the dew point of both
the dry sweep gas stream entering the membrane unit and the wet sweep gas
stream leaving the membrane unit and the permeate volume flow were measured to monitor the water removal rate. The drying experiment ended when
the dew point of the exiting sweep gas stream was equal to that of the entering
sweep gas stream. The setup was decompressed at a rate of 10 bar/min and the
mass of the remaining dry fruit was measured to determine the final moisture
content.
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Results and discussion
CO2 and H2 O permeation of SPEEK and Nafion®
Table 2 displays the CO2 and the apparent H2 O permeabilities of SPEEK and
Nafion® measured under the process conditions most economical for scCO2 regeneration (65 °C and 130 bar). The feed stream was saturated with water during the CO2 permeability measurements, to account for possible water-induced
swelling during scCO2 regeneration.
Table 2: The CO2 and apparent H2 O permeabilities of SPEEK and Nafion® membranes
measured at 65 °C and 130 bar and a water saturated feed stream.

Membrane
material

Membrane
thickness (µm)

CO2
permeability
(Barrer)

Apparent H2 O
permeability
(Barrer)

SPEEK

128.0

7.9

13,527

Nafion®

129.0

92.8

37,481

<10

>10,000

Permeability limits (of Chapter 5)

The CO2 permeabilities of SPEEK and Nafion® measured at 65 °C and 130
bar are with 7.9 and 92.8 Barrer, respectively, much larger than their corresponding permeabilities 0.11 [2] and 2.8 Barrer [3], which were determined at
25-30 °C and near atmospheric pressures. Reasons for these dramatic increases
in CO2 permeability can be found in the presence of H2 O in the feed stream
which is highly soluble in both polymers containing sulfonic groups [4], the increased temperature increasing chain mobility and a feed pressure way beyond
typical plasticization pressures (10-35 bar) [2, 5]. All these induce plasticization
of the SPEEK and Nafion® membrane polymers, thus increase CO2 permeability.
Further, the increased feed density under the measured supercritical conditions
also increases the CO2 permeability by increasing the CO2 solubility within the
membrane, as concluded in Chapter 2.
The CO2 permeability of SPEEK falls with 7.9 Barrer below the upper limit of 10
Barrer and, therefore, meets the criteria for CO2 permeability, while Nafion® ,
with a CO2 permeability of 92.8 Barrer, exceeds this limit significantly and is
eliminated as a possible membrane material. As a consequence, the selection of
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SPEEK as the skin layer material instead of Nafion® would result in moderate
CO2 fluxes and refill costs and thus to a cost-efficient scCO2 regeneration.
Since the apparent H2 O permeability of each membrane material was measured only for one membrane thickness, it is not possible to determine the real
H2 O permeability [1]. However, the real H2 O permeability must be at least
equal to or greater than the apparent H2 O permeability, since the latter takes
into account, mass transfer inhibiting effects (i.e., concentration polarization)
of the adjacent (boundary) layers, as indicated in Chapter 3.
Therefore, an apparent H2 O permeability of at least 10,000 Barrer is needed
to ensure cost-effectiveness of the membrane-based process, which both SPEEK
and Nafion® exceed with 13,527 and 37,481 Barrer, respectively. These very
low apparent H2 O permeabilities of SPEEK and Nafion® , with respect to their
real H2 O permeabilities 61,000 [1] and 410,000 Barrer [6], respectively, which
are obtained at 30 °C and near atmospheric pressures, are an indication for severe concentration polarization in the feed boundary layer. This is predicted in
Chapter 4. To confirm this experimentally and to determine the real H2 O permeabilities, additional H2 O permeability measurements with different membrane
thicknesses are necessary.
SPEEK, which falls within the desired CO2 and H2 O permeability limits of
Chapter 5, stands out as the material of choice for membrane-based dehydration
of scCO2 . As a consequence, a SPEEK-based membrane, with a thickness of 21.3
µm, is used for the subsequent fruit drying process.
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Proof of principle: Fruit drying process
Table 3 depicts the determined initial water contents of the considered fresh
fruit, which are in agreement with the values of the literature [7, 8].
Table 3: Determined moisture content of the considered fresh fruits.

Fruit

Brand

Origin

Measured
water content
[wt.%]

Strawberries

Albert Heijn

The Netherlands

91.6

Bananas

Chiquita®

Panama

74.0

Albert Heijn

France

87.2

Zespri®

Italy

84.8

Apples (Granny
Smith)
Kiwifruit (Green
New Zealand 4030)
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Fig. 1 displays the cumulative mass of permeated water extracted from the
fruits (m H2 O,t in Eq. (3)) and the H2 O content of the fruits (w H2 O,t in Eq. (3))
throughout the drying time of 90 hours.

Figure 1: The permeated mass of H2 O during the supercritical drying process (m H2 O,t
in Eq. (3)) and the calculated mean H2 O content of all fruits (w H2 O,t in Eq. (3)) plotted
over the entire drying time of 90 hours.

After 24 hours, 7.7 grams of H2 O are already removed, which represents
approximately 50% of the total mass of H2 O removed. During this time, the
moisture content of the fruit shows a slight decrease from 84.6 wt.% to 74.4
wt.%. The mass of removed water on the first day is in stark contrast to the 0.9
grams that are removed during the last 24 hours. This latter 0.9 grams represent for only 6% of the total H2 O removed, but results in a decrease in moisture
content from 28.9 wt.% (at 66 hours) to 8.4 wt.% (at 90 hours).
After the drying experiment, the system was opened and the final mass of the
supercritical-dried fruits was weighted to determine their final moisture content. The initial and final moisture content are shown in table 4. For comparison, also the values given by the United Nations are reported [9], which show
that scCO2 drying followed by a membrane-based regeneration process is in
principle able to reach the required values for moisture content.
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Table 4: H2 O content of various fresh fruits, experimentally sc-dried fruits and the H2 O
content according to the United Nations (UN) standard for dried fruits [9].

Fruit

H2 O content
fresh fruit
[wt.%]

H2 O content
sc-dried fruit
[wt.%]

H2 O content
dried fruit UN
standard
[wt.%]

Strawberries

91.6

5.3

*

Bananas

74.0

9.6

18.0

87.2

15.4

22.0

84.8

8.1

*

Apples (Granny
Smith)
Kiwifruit (Green
New Zealand 4030)

*Strawberries and kiwifruit are often osmotically dried and do not have a United Nations
standard. In general, a water content below 20% is sufficient to achieve a water activity
below 0.6, which prevents microbial growth [10].
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Visual observation of scCO2 dried fruits
Table 5 shows images of the fresh, non-dried fruits (left column) and the supercritically dried fruits (right column).
Table 5: Images of selected fresh fruits (left column) and their dried equivalent (right
column).

Fresh fruits

Strawberries

Bananas

Apples

Kiwifruit

Dried fruits
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The fruits dried with scCO2 do not show major signs of shrinkages when
compared to the corresponding fresh fruits, which is the result of the absence
of distinct vapor-liquid interfaces in the food matrix during drying [11]. One
difference between the fresh and dried fruits is the decrease in color intensity,
especially in the dry samples of strawberry and apple peel, which indicate a
loss of pigments through extraction. A sweet scent, developed during the decompression of the system, also suggests the coextraction and release of some
aroma components. This is in line with the ability of scCO2 to extract functional
ingredients such as aromatic compounds and colors [12, 13, 14, 15]. A possible method to prevent these organic components from being extracted from
the food product is by pre-saturating the scCO2 with these components before
removing H2 O from the system.
Deterioration effects due to the long drying time used in the current experiment
are limited. The absence of oxygen in the supercritical CO2 atmosphere, during the drying process, prevents the formation of polyphenols. These brown or
black pigments lead to the characteristic browning of peeled or cut fruits when
exposed to oxygen [16].
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Conclusions
In this study, we measured the CO2 and H2 O permeabilities of the two for the
dehydration of supercritical CO2 , most promising membrane materials, SPEEK
and Nafion® . Here, we examined whether the permeabilities of both materials lied within the limits of Chapter 5. This is necessary to allow cost-efficient
membrane-based scCO2 dehydration. Nafion® , with its CO2 permeability of
92.8 Barrer, exceeded the upper permeability limit of 10 Barrer and was eliminated as a possible membrane material, while SPEEK was within the limits and
was used as the material of choice for supercritical CO2 regeneration in the subsequent food drying experiment.
In this experiment strawberries, bananas, kiwifruit and apples where scCO2
dried for 90 hours, while scCO2 was simultaneously regenerated by water removal from the scCO2 loop. 50% of the total amount of H2 O present in the
fresh products was removed in the first 24 hours, while during the last 24 hours
only an additional 6% H2 O was removed. However, the removal of this latter
6% has a significant effect on the final moisture content of the fruit, reducing it
from 28.9 wt.% to 8.4 wt.%. Visual comparison of fresh and supercritical-dried
fruit samples showed no major signs of shrinkage or structural damage. A decrease in color intensity, particularly for strawberries and the peal of the apple
and the strong aroma scent of CO2 , during the release of the pressure after the
experiment, indicated that aromas and pigments were coextracted during the
drying process.
All fruits were sufficiently dried and had a moisture content comparable to
or lower than the industrial standard for dried fruit products, demonstrating
the potential of the continuous supercritical drying process with integrated
membrane-based scCO2 regeneration.
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Chapter 6
Conclusions and Outlook
This Last Chapter summarizes the main conclusions from this thesis. In an
additional outlook we will briefly reflect on further lines of research and recommendations to further develop this technology.

6.1

Conclusions

Chapter 2 investigates the transport behavior of supercritical CO2 through dense
membranes, a research topic that so far did not receive much attention yet.
Measurements with various membrane materials and penetrant molecules were
performed at pressures up to 185 bar and temperatures ranging from 25 to
55 °C. The CO2 permeability profile versus feed pressure for polydimethylsiloxane (PDMS) membranes differed greatly from the linear profiles obtained for
N2 and Ar. A similar profile was observed for the CO2 permeability in natural
rubber and Nafion® membranes. The strong correlation of CO2 concentration
in the polymer and the CO2 fluid density revealed that the latter defines CO2
permeation behavior. This conclusion is confirmed by the observation that the
inflection points, thus points of biggest change, of the experimentally obtained
CO2 permeability data are super positioned on the theoretical Widom-line for
CO2 density. Crossing the Widom line represents a transition from the more
gaseous-like state to the more liquid-like state of scCO2 . These (phase) transitions, in turn, lead to corresponding changes in CO2 diffusivity and permeability.
This made us conclude that not the intrinsic membrane properties but the fluid
density of CO2 in the feed is the determining parameter in the CO2 permeation

156

Conclusions and Outlook
profile, at supercritical pressures.
Whereas Chapter 2 is devoted to CO2 permeability, Chapter 3 focusses on the
permeation of H2 O, evidently an evenly important parameter, if not the most
important. Experimental conditions explored included temperature (25-55 °C),
pressure (up to 185 bar) and the carrier for H2 O (N2 or CO2 ). The measured
(apparent) H2 O permeability strongly depends on the nature of the carrier gas,
an effect assumed to arise from concentration polarization effects in the feed
boundary layer. To gain more insight in this phenomenon the residual mass
transfer resistance, as assessed under different experimental conditions, was
analyzed in more detail. The two carrier gasses respond remarkably different to
an increase in pressure, a behavior that indirectly affects the H2 O permeability
as well. For the system having N2 as a carrier, an increase of the residual mass
transfer resistance with feed pressure indicated a simultaneous rise of the concentration polarizations effects in the feed boundary layer. The opposite trend
was observed for the CO2 system, leading to null residual mass transfer resistance above 95 bar. Here the transition of the H2 O transport mechanism from
diffusion to plug flow based was identified as root cause. This transition was
induced by a convergence of the H2 O content of the CO2 rich feed bulk and permeate down to parity. For the N2 system, the difference in H2 O content in the
feed bulk and permeate remained large maintaining the diffusion-based H2 O
transport within the feed boundary layer. In contrast to the apparent H2 O permeability, the real H2 O permeability profiles show strong similarity to their corresponding CO2 and N2 permeability profiles. This similarity indicates that for
each of the two penetrant pairs, irrespective their physicochemical nature, the
same mechanisms are at work. For the H2 O/N2 system, for instance, the similar permeability profiles (falling off linear with pressure) reflect a reduction of
the penetrant diffusivity due to the mechanical compression of the membrane.
For the H2 O/CO2 system, on the other hand, the similarly shaped permability
profiles images similar changes of both H2 O concentration and CO2 density.
In Chapter 4 the transport of H2 O and CO2 through a composite membrane and
its adjacent fluid boundary layers, was examined. For this, mass transfer simulations were performed considering a flat sheet membrane module design and
composite membranes based on sulfonated polyether ether ketone (SPEEK), sulfonated tetrafluoroethylene (Nafion® ) and a polyethylene oxide (PEO)-based
block copolymer (PEBAX® 1074). The effect of skin layer thickness, temperature and feed pressure was investigated. Examination of the mass transfer resistances identified the feed boundary layer and the skin layer as mass transfer
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limiting for H2 O and CO2 transport, respectively. This together with the large
difference in driving force for CO2 and H2 O led to H2 O/CO2 flux ratios orders
of magnitudes lower than suggested by the intrinsic membrane selectivity. For
Nafion® and PEBAX® 1074, this flux ratio even dropped below unity making
these membranes under certain conditions CO2 instead of H2 O selective. The
skin layer thickness has a great effect on the CO2 permeance, as a thin layer
does only lead due to CP to a limited extend to an increased H2 O permeance,
but simultaneously also involves high CO2 losses (thus high operational costs),
whereas a thick layer gives low CO2 losses but at the expense of the H2 O permeance resulting in large membrane areas (thus high investment costs). As a
result, the governing parameter for membrane material selection is a low CO2
flux, rather than a high H2 O flux, making SPEEK the material of choice. Next to
the membrane material, a decrease in feed pressure and an increase in temperature result in increased H2 O/CO2 flux ratios.
In Chapter 5 a techno-economic assessment of a food drying process with
membrane-based supercritical CO2 regeneration extending the model used in
Chapter 4 was performed. The calculations show that there is an optimum
skin-layer thickness at which the drying costs of the scCO2 reach a minimum
value. Based on the membrane materials considered in Chapter 4, SPEEK is
the material of choice since it gives the lowest drying costs over the broadest
range of skin layer thicknesses. Further, the results show that the presence of
concentration polarization effects led to up to 150 larger membrane areas compared to the situation without concentration polarization, which however can
be reduced by decreased feed chamber heights, increased crossflow velocities,
decreased feed pressures and increased regeneration temperatures. The latter
two give an increased H2 O driving force and thus H2 O flux, with respect to CO2
driving force and thus CO2 flux. Based on three process configurations with different feed pressure and dehydration temperature, the configuration operating
at 130 bar and 65 °C showed the highest potential with only half the drying
costs of the benchmark process based on zeolite drying. The membrane unit
comprised only 10% of the total drying costs. These drying costs stay low at
real H2 O permeabilities above 10,000 Barrer and CO2 permeabilities below 10
Barrer. This led to the elimination of PEBAX® 1074 as a potential membrane
material for the scCO2 regeneration process.
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In the addendum to Chapter 5, the apparent H2 O and CO2 permeability of
the two remaining membrane materials, SPEEK and Nafion® , was measured at
65 °C and 130 bar, being the desired process conditions of the membrane unit.
The apparent H2 O permeabilities and therefore real H2 O permeabilities of both
materials lied within the H2 O permeability limit (>10,000 Barrer) of Chapter 5.
This was not the case for the CO2 permeability of Nafion® which lied, contrary
to those of SPEEK, beyond the CO2 permeability limit (<10 Barrer) of Chapter
5. Consequently, SPEEK was singled out as the material of choice for the scCO2
regeneration process, and was used for the proof of concept experiment where
various fruits (strawberries, bananas, kiwifruits and apples) were supercritically
dried using membranes for scCO2 regeneration. The removal of the first half of
the total amount of H2 O present in the fresh products from the scCO2 occurred
fast whereas the removal of the last 6%, having a large impact on the final
fruit moisture content, took disproportionally long. Visual inspection of fresh
and supercritical-dried fruit samples showed no major signs of shrinkage or
structural damage upon drying, however loss of pigments which, together with
aromas, coextracted during the sc-drying process was observed. All fruits were
sufficiently dried and had a moisture contents comparable or below the industrial standard for dried fruit products, showing the potential of the continuous
sc-drying process and integrated membrane scCO2 regeneration process.

6.2 Outlook

6.2
6.2.1

Outlook
Concentration polarization

There are methods to reduce concentration polarization effects for aqueous
systems, such as e.g., the use of spacers [1] or an altered membrane surface
morphology [2]. However, it is not known whether these methods are also
suitable for both, liquid- and gaseous-like supercritical fluids. Further investigation of the extent to which concentration polarization can be reduced by
increased crossflow velocity is also important. With high sensitivity of concentration polarization towards increased crossflow, additional parallel perfusion
in the membrane unit may be a possible option to increase H2 O permeation.

6.2.2

Permeation kinetics

When measuring the permeability with time, penetrant flux normally decreases
asymptotically to a constant value. As shown in this thesis, the time required
to achieve a constant permeability varies depending on the membrane material
and penetrants chosen. With PDMS, the final CO2 flux is reached fairly instantaneously, whereas the corresponding H2 O flux measurement takes about 1 hour.
With Nafion® , the equilibrium time increases with decreasing feed pressure
to values of up to two weeks. To study the effect of kinetics and equilibrium
behavior, time-dependent permeability and sorption studies can gain our understanding and be revealing methods. Further the possibility of deliberately
disrupting equilibrium of the membrane material by, i.e. fluctuating the feed
pressure, might be a feasible method of tweaking gas permeation processes.

6.2.3

Understanding the liquid-gas phase transition

A key argument to dehydrate food with scCO2 is, in contrast to e.g., freeze
drying and evaporation, the absence of phase transitions which can have a
detremental effect on the texture of the food. This may suggest that scCO2
represents a homogenous state. However, as discussed in Chapter 2, this is not
entirely true. Within the supercritical regime, CO2 may show either more liquidlike behavior or gaseous-like behavior. The two sub-regimes are demarcated by
the so-called Widom line (Fig. 6.1), with each fluid parameter (e.g., density,
viscosity) having its own corresponding Widom line. Whereas in the subcritical
regime the different Widom lines converge, they tend to diverge once the sys-
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tem operates under supercritical conditions.

(a)

(b)

Figure 6.1: (a) Phase-diagram depicting the density, viscosity, isobaric heat capacity and
enthalpy Widom-lines of CO2 . (b) Phase-diagram depicting the CO2 density
profile.

With the experimentally obtained data superimposed, this property of the
(P, T) phase diagram can be exploited to identify the physical parameter (most)
responsible for the observed permeability behavior. The physical parameter
corresponding to the Widom line that most adequately describes the data (apparently) strongly affects the observed permeability. This approach was applied
in Chapter 2, allowing us to conclude that CO2 density is the key determinant in
the CO2 permeability profile. The same strategy can be used to determine if the
H2 O permeability is determined by the H2 O concentration of the feed stream
or if the CO2 viscosity of the liquid-like feed stream affects the CO2 transport
within the membrane.

6.2 Outlook

6.2.4

Membrane based separation of scCO2 and organic compounds

Permeation measurements were only carried out with “clean” (analytical) oneor two-component feed streams. Therefore, effects that occur when flavors,
pigments or other non-polar components co-extracted during the dehydration
of foods, are present in the feed stream have not been studied. For example, these can lead to membrane fouling, resulting in reduced permeances, to
membrane swelling or to a reduction in the chemical and mechanical stability
of the membrane. To investigate these effects, long-term permeation experiments can be performed in which the membrane is exposed to an authentic
feed stream containing all food-extractable components. If dense membranes
prove to selectively remove these components or other substances that are commonly extracted with scCO2 , the membrane-based process may as well be used
to extract and enrich these components. Feasibility studies for the extraction of
these components could therefore also be carried out.
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6.2.5

Hybrid process for scCO2 regeneration

The reported food drying experiment shows that membranes are well suitable
to remove the large bulk amount of the water present in the scCO2 stream,
whereas in the final stages where the last percentages of H2 O have to be removed, the low H2 O driving force for permeation leads to low water removal
rates and long operation times. For the removal of these last amounts of water,
an absorption-based process could be used. A process combining the benefits
of both technologies may be the most cost-effective solution for the complete
dehydration of scCO2 . Fig. 6.2 shows such a hybrid system using membranes
and absorption to regenerate scCO2 .

Figure 6.2: Schematic representation of a food dehydration process using scCO2 as the
water extractant (central unit). For dehydration (regeneration) of scCO2 , a
membrane unit (right unit) is used until the H2 O concentration in the scCO2
falls below a certain value. Subsequently, an absorption column (left unit) is
used for further dehydration.

In this configuration, humidified scCO2 exiting the extraction unit is initially
dehydrated in the membrane unit until the feed water activity falls below a certain value. At this point, the scCO2 stream with lower humidity is redirected to
the absorption column where the last percentages of water are removed until
the product in the extraction unit reaches its final moisture content. The absorption column is regenerated with the fired air heater. This reactivation step

6.2 Outlook
and the subsequent cooling phase takes place during the emptying and refilling
step of the extraction unit and the membrane-based dehydration step.

6.2.6

Membrane module for scCO2 regeneration

This thesis does not discuss a detailed evaluation of different membrane module types. The area-to-volume ratio of the membrane unit considered here was
65 m2 /m3 , being very low compared to the typical values of 100 – 300 m2 /m3
for a conventional flat sheet membrane module, 800 – 1200 m2 /m3 for a spiral
wound membrane module and 10,000 – 20,000 m2 /m3 for a hollow fiber membrane module, respectively [3]. This suggests that smaller, less bulky membrane
modules could be used instead which would reduce the associated investment
costs. Spiral wound membrane modules with 4 ends (feed, retentate, sweep
and permeate) as introduced by Bayer et al. [4] could be a compact alternative.
Hollow fiber units, on the other hand, as considered by Lohaus et al. [5], would
need to be operated in an outside-in mode to prevent entrained particles from
blocking fibers and to withstand the large transmembrane pressures. Their large
area to volume ratio, however, would lead to immense pressure drops especially
at the permeate side, since large sweep gas volumes would have to pass through
the hollow fibers of the small membrane module. For example, a hollow-fiberbased membrane module that removes 100 kg of H2 O per hour at 65 °C and 130
bar has a membrane area of 127 m2 . With an area-to-volume ratio of 10,000
m2 /m3 , the hollow fiber membrane module only occupies 0.127 m3 . Within
this volume, having an edge length of 0.50 m if being cube-shaped, each hour
approximately 60 tons of scCO2 and 1430 m3 of sweep gas have to flow simultaneously through and around the membranes, which seems quite unrealistic.
This numerical example clearly shows that a hollow fiber membrane module
configuration is not an option for this specific application. Similar calculations/simulations may point to module systems that are more efficient than the one
used in this thesis.
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