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Abstract
Methanol demand is increasing each year for producing new chemicals as well as being the new
alternative for motor fuels in addition to conventional usage. However, environmental impacts,
especially CO2 emission, forced modern society to improve the methanol production technology.
Chemical Looping Reforming (CLR) is one of the newest techniques for syngas production with CO 2
emission-free in order to capture the CO2 produced and to store it in apposite sites.
In order to investigate the efficiency and accuracy of the CLR technology for syngas production which
afterwards enters the methanol synthesis unit, complete plant of methanol production has been
proposed, in which Two-Step Reforming (TSR) were compared with CLR for production of required
syngas. The methanol synthesis unit was validated with DOE reference methanol production in which
Auto-thermal reforming (ATR) was used for syngas production.
The sensitivity analysis was carried out for determining the condition for higher efficiency as well as
methanol production. Further, CLR was modeled and optimized regarding the pervious experiments.
In order to determine the competitive chance for CLR compare to state-of-art technologies, a techno
economic comparison has been done.
The results obtained from this work shows, the high feasibility in terms of economics for CLR in which
the final cost of methanol is 155 €/ton compare to optimized Two-step Reforming with 203.7 €/ton
and Auto-Thermal Reforming with 307 €/ton.

[VII]

Chapter 1

Introduction

Methanol is one of the main chemicals, manufactured worldwide, which is of interest from both a
theoretical and plant operation point of view. It has been predicted that the annual demand for
methanol is increasing slowly due to the fact that, in recent years, methanol also has been used for
producing new products, such as DME (Di-methyl-ether), methanol-to-olefins process (MTO), and
blend feed stock for motor fuels, in addition to conventional usages, including feedstock of acetic
acid[1]. In addition of high production interest, environmental impacts should be under
consideration specifically greenhouse gases such as CO2 emission.
Chemical and petrochemical industrial processes due to the usage of fossil fuels, produce significant
amounts of CO2 that consequences in global climate changes. Hydrogen production plants are one of
the main sources of CO2 as a side product; this CO2 can get converted to methanol in an efficient way
[2] Also methanol production has very limited CO2 emissions compared to hydrogen because carbon
remains in the methanol. On the other hand, considering the desire of low amount of CO2 emission,
Carbon Capture and Storage (CCS) technologies are also useful, however, more development and
study is needed.
The CCS capture technologies consist of three known methods such as Pre-Combustion, Postcombustion, and Oxyfuel Combustion. In the following a brief summary of these technologies have
been discussed.
-

-

-

Pre-Combustion: pure oxygen comes from air separation unit reacts with fuel in the gasifier
to form syngas, which enters the shift reactor with the addition of steam to convert CO to
CO2 and H2. Then CO2 is captured and after compression and dehydration is ready for
transport and storage.
Post-Combustion: fuel is injected into the boiler and combusted in air, which produces steam
and flue gas consist of CO2, N2 and H2O. The flue gas stream passes through the chemical
wash that separates the CO2, following with compression and dehydration.
Oxyfuel: pure oxygen from air separation unit injected with fuel to the boiler where
combustion takes place. Part of the produced flue gas stream is recirculated back to the
boiler to control the temperature. Leaving the captured CO2 to be compressed and
dehydrated. [3]

All these CO2 capture technologies have been under development during the last years, however,
considering the possible drawbacks which have a significant effect on energy efficiency and increase
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in final plant costs, result in developing new low-cost technologies. Further investigation proves that
“Chemical-Looping” processes are one the most efficient technologies in energy and cost manner.
The term “Chemical looping” refers to the looping procedure of oxidizing the metal particles named
as oxygen carriers and transported to the fuel reactor for hydrocarbon conversion and to close the
loop, metal particle transported back to re-oxidize for new cycle. [4]
The final purpose of the chemical-looping can be either partial oxidation or combustion. Re-oxidizing
oxygen carrier materials with air after fuel conversion processes are known as “Chemical Looping
Combustion” (CLC). During the complete combustion, vapor water and CO2 can be separated by
condensing the water and recovering the CO2. The chemical looping concept can also be used for
generating syngas from fuel, by partial oxidation of fuel, this process is known as “Chemical Looping
Reforming” (CLR).[4]–[6]
In purpose of syngas or hydrogen production, several conventional processes can be used such as
Auto-Thermal Reforming (ATR) and Two-Step Reforming. In Two-Step Reforming, feedstock is
catalytically cracked with the addition of water in primary steam reformer following by the partial
oxidation as secondary reformer in which direct oxidation occurs. On the other hand, syngas can be
produced by the combustion of natural gas with the presence of oxygen. [7][8]
Chemical Looping Reforming (CLR) has been investigated and experimentally tested regarding the
production rate and CO2 emission and has been proved that CLR represents one of the most
promising and efficient alternatives rather than conventional ways such as Two-Step-Reforming and
Auto-Thermal-Reforming (ATR). Comparison between these two technologies shows that, although,
ATR is highly optimized in energy and cost, also, it is advantageous due to no requirement of the
supply or dissipation of thermal energy to or from the reaction, Two-Step Reforming shows higher
carbon efficiency as well as CO2 concentration in producing syngas, which counts as a drawback for
two-step reforming.[8] ATR technology can offer high availability factors and reliability of operation
[7], however, removing CO2 from syngas increases the loop carbon efficiency, thus, the total plant
carbon efficiency decreases [8] which arise the desire of improving and implementing the CLR
processes due to the fact that recent studies show that in CLR, CO2 separation is highly integrated [9].
Multiple experiments have been done on different reactor types or catalysts, but, the efficiency
optimization and cost estimation in a large-scale plant remain unexplained.
The main product of the CLR process is syngas (H2 + CO) which can be used as the feedstock of
several chemical plants such as methanol production. The current worldwide plant capacity of
methanol production is 5,000 MTPD (Metric Ton Per Day) using the conventional methods of syngas
production, however, there is a desire of extensive production to 10,000 MTPD. However, Largescale plants require a significant review of investments, comparing energy and production efficiency
as well as considering the CO2 emissions and environmental impacts.

The objective of this study is to investigate the process design, optimization and techno-economic
comparison which cover different fields of process engineering of methanol production. It consists of
three main parts: in the first part of the project the most promising plant layouts are selected and
implemented in the ASPEN software for simulation. The second part is based on a detailed analysis of
the CLR methanol plants design optimization and comparison with benchmark technologies. The
third part relates the design and scale up of the components and the economic analysis.
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Chapter 2

Methanol Production background

Methanol is one the most important and widely produced intermediates in chemical and
petrochemical industries. Methanol usage is highly diversified, ranging from a feedstock of other
chemical plants such as Ammonia and pharmaceuticals or direct fuel blending [10].
Regular raw material for methanol production range from coal to natural as well as biomass and
other renewable materials ,however, after crude oil, natural gas is the second most important
feedstock which have been used[10] and will likely remain as the main feedstock for many years,
especially after the advanced progress in shale gas which results in decline of natural gas price
,therefore, the demand for methanol production from natural gas is expected to increase[8].
The first commercial methanol plant has started in 1923 with high pressure and temperature
operation conditions. The plants’ capacity was around 1000 MTPD till late 70s and increased to 2500
MTPD in late 90s, further, it has increased to 5000 MTPD during the last decade. This MegaMethanol plants are already being built in five regions with Lurgi reactors, also, Iran has recently
announced that the current largest methanol plant with 7,000 MTPD is being built and it is going to
start the production in 2017. However, the desire of extensive production leads to investigation on
10,000 MTPD methanol production which needs further research and development. This paper
describes the techno-economic assessment of methanol production with a focus on 10,000 MTPD
production. [6],[9]

2.1 Methanol production technologies
Methanol currently is being produced by catalytic conversion of synthesis gas and the main
production can be featured into three main process sections (Figure 2-1 ):
1. Synthesis gas preparation
2. Methanol synthesis
3. Processing of crude methanol
These three sections in methanol plants can be considered separately while selecting and optimizing
the processed for each section. The effective parameters for selecting the technologies are capital
cost and energy efficiency; considering 60% of investment costs for syngas preparation as well as
high energy consumption in this criteria, makes the selection of reformer of major importance[7],
[11].
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In the following sections, a general description is given on different technologies available for the
three process units, however, the main goal of this report is the technical comparison of syngas
production technologies and economically efficiency.
Steam

Oxygen/Air

Reformer

syngas

Methanol
synthesis

Crude
Purification
methanol

Pure
methanol

Natural Gas

Figure 2-1 Simplified process flow diagram of natural gas to methanol

2.1.1 Synthesis gas preparation
Two most important reforming processes are named as:
1.A Two-step reforming
1.B Auto thermal reforming (ATR)
The produced synthesis gas is characterized by the specific stoichiometric ratio, M, which the value
of 2 is required for formation of methanol. This value may vary between 1.8 -2.0 for different process
technologies. M value should always be under consideration for producing maximum methanol yield
without facing a hydrogen deficiency.[7], [9], [11]
𝐶𝑂2 + 3𝐻2 ↔ 𝐶𝐻3 𝑂𝐻 + 𝐻2 𝑂
𝐶𝑂 + 2𝐻2 ↔ 𝐶𝐻3 𝑂𝐻

𝑀=

𝐾𝐽
)
𝑚𝑜𝑙
𝐾𝐽
= −90.7
)
𝑚𝑜𝑙

(∆𝐻298𝐾,50𝐵𝑎𝑟 = −40.9
(−∆𝐻298𝐾,50𝐵𝑎𝑟

[𝐻2 ] − [𝐶𝑂2 ]
[𝐶𝑂] + [𝐶𝑂2 ]

(1)
(2)

(3)

2.1.1.A) Two-step reforming
This process includes an adiabatic pre-reformer with a combination of fired tubular reforming
(primary reformer) with oxygen-blown adiabatic reforming (secondary reformer), in the other word,
this process is the combination of steam reforming and partial oxidation. Pre-reformer is working at
lower temperature to convert the low concentration hydrocarbons of the natural gas to syngas. The
primary reformer is working at higher temperature with addition of syngas. The secondary reformer
works at higher temperature and oxidize the remaining hydrocarbon with higher carbon
conversion.[7], [8],
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2.1.1.B) Auto thermal reforming (ATR)
This process includes an oxygen which reacts with part of natural gas to supply the required heat for
endothermic reaction of CH4 reforming. The M factor is controlled by the amount of H2O and O2 fed
to the system and it is normally in the range of 1.7-1.8 as shown in [7], [10].
These parts are explained in more detail at section 5.1 and 4.1 respectively.

2.1.2 Methanol synthesis
The produced syngas enters the methanol reactor after being compressed (p=60 bar) and heated up
(T=200 ᴼC). The methanol synthesis occurs over highly selective catalysts with an exothermic
reaction. The following reactions describe the conversion of hydrogen and carbon oxides.[7]
𝐶𝑂2 + 3𝐻2 ↔ 𝐶𝐻3 𝑂𝐻 + 𝐻2 𝑂
𝐶𝑂 + 2𝐻2 ↔ 𝐶𝐻3 𝑂𝐻
𝐶𝑂2 + 𝐻2 ↔ 𝐶𝑂 + 𝐻2 𝑂

𝐾𝐽
)
𝑚𝑜𝑙
𝐾𝐽
(−∆𝐻298𝐾,50𝐵𝑎𝑟 = 90.7
)
𝑚𝑜𝑙
𝐾𝐽
(−∆𝐻298𝐾,50𝐵𝑎𝑟 = 49.8
)
𝑚𝑜𝑙
(−∆𝐻298𝐾,50𝐵𝑎𝑟 = 40.9

(4)
(5)
(6)

The choice of the methanol reactor depends on production capacity and economic evaluation as well
as conversion rate and heat transfer. Different reactors for methanol synthesis can be mentioned as
follows with a short description of each reactor design[7], [11]

2.1.2.A) Quench reactor
This reactor type consists of a catalytic adiabatic reactor, where the synthesis gas enters the reactor,
via several fractions, between the individual catalyst beds. However, it has been proved that this
design is not feasible for large capacity plants due to lack of economic feasibility at low pressure.[7],
[11]

2.1.2.B) Adiabatic reactor
In this case, the synthesis gas passes through a number of fixed bed reactors placed in series.
Intermediate cooling is being used for heat removal among the reactors. The good economy of scale
as well as the possibility of scaling up to 10,000 MTPD, makes adiabatic reactor more feasible that
Quench reactor. [7], [11]
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2.1.2.C) Boiling water reactor
This configuration consists of a catalytic tubular reactor by using the circulating boiling water for
cooling. The principle of these reactors is similar to shell-and-tube heat exchangers which results in a
quasi-isothermal nature. Valuable advantages of this layout, such as high conversion compare to
amount of catalyst and possibility of scaling up, makes it a good option for large capacity methanol
synthesis. [7], [11]
However, choosing the reactor for methanol synthesis is not discussed in detail in this paper and the
choice on reactor design is based on reference plant and kept the same for other modeled plant;
more explanation can be found in chapter 4.

2.1.3 Processing of crude methanol
The produced methanol leaving the reactor is a mixture of methanol, water, dissolved gases and byproducts. The purification generally consists of 1-3 distillation column, which depends on the quality
of desired methanol if the methanol should be at AA* or fuel grade. [7], [11]
In this work, a 3 distillation column is being used to result in AA grade methanol, however, the
optimization on the number of distillation is being done on the final results which can be found
further in section 7.5.

* AA grade methanol, based on U.S federal specification, is the purest product which is
used for chemical applications. (wt% > 99.85)
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Chapter 3

Case description

In this work, the base case of methanol production has been taken and reproduced from the
DOE/NETL report where the assessment of the methanol baseline is presented. The results of the
report have been reproduced with ASPEN PLUS, in which, further modelling can be validated with
reference plant’s result. In DOE/NETL [12] reference, a catalytic packed bed reactor has been chosen
for methanol synthesis with the ATR syngas production process. The purification method is not
mentioned in the reference process.
The second step of this thesis is modelling the syngas production for methanol synthesis plant with
Two-Step reforming syngas production with the use of 3 distillation for purification.
The final step of simulation is modelling the Chemical Looping Reforming (CLR) for syngas production
followed by the same methanol synthesis and purification steps as Two-Step reforming in order to
compare the two technologies from a techno and economic point of view.
These two models are validated and compared with reference DOE/NETL [12], on the basis of pure
methanol production, carbon and energy efficiency in the entire plant, and electricity and heat
balances. Also, it is important to mention that the natural gas feed has kept the same for all three
models.
The final chapter is Techno – Economic analysis of results within the three models to decide on the
best choice for more technically and economically viable plant.

3.1 Assumptions and Methodology:
In this section the main assumptions and calculation methodologies of thermodynamic assessments
and total economic evaluation are discussed as Table 3-1 represents the overview of them. The main
assumptions for reformer modeling and operation conditions, syngas composition and steam to
carbon ratio are taken from Haldor Topsøe [6],[7]. Other assumptions on heat exchangers,
compressors and turbine efficiencies are taken from EBTF [13] and main assumptions regarding
Chemical Looping are taken from [14],[9]. Table4 indicates the certain range for temperature
variable, the temperature assumptions are made within the ranges for the ASPEN modelling and the
first run, further, the sensitivity analysis was determined to find the most efficient plants.
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Table 3-1 List of assumptions for the modeling

Items
Natural gas
Air composition
Process conditions
Pre-reforming inlet temperature ᴼC
Secondary reformer temperature ᴼC
Furnace temperature ᴼC
Reforming temperature ᴼC
Reduction temperature ᴼC
Oxidation temperature ᴼC
Reforming pressure, bar
Steam-to-carbon ratio
Pressure drop, % of inlet pressure
Heat exchangers
Pressure drop, % of inlet pressure
∆𝑇𝑚𝑖𝑛 gas-gas/gas-liquid
Air blower
Hydraulic efficiency
Mech-electric efficiency
Compressors and PSA
PSA H2 separation purity
Gas turbine isentropic efficiency
Mech-electric efficiency
Air compressor polytropic/isentropic efficiency
Mech-electric efficiency
Steam cycle parameters
HP steam condition T[ᴼC]/p[bar]
IP steam condition T[ᴼC]/p[bar]
Steam export pressure

Plant configuration
Two-Step Reforming
CLR
93% CH4; 3.2% C2H6; 0.7% C3H8; 0.4%C4H10; 10%CO2;16% N2
(70 bar and 15 ᴼC)
79% N2; 21% O2
500
950-1100
900-1200
680-800
--35
1.8
1

---850-1000
900-650
620-760
23
1.8
1

2
25/10

2
20/10

0.8
0.94

0.8
0.94

35%
0.9
0.99
0.8
0.94

35%
0.9
0.99
0.85
0.94

485/100
252/40
6

485/100
252/40
6

3.1.1 Thermodynamic analysis:
The parameters that affect the plant’s efficiency were represented in this section including energy
and carbon efficiency, electricity and heat balances. The schematic overview of mass and energy
balances over the plant is represented in Figure 3-1 in which the total energy efficiency is estimated
by the sum of electricity &heat production/consumption and the chemical energy of the methanol
per inlet feedstock (based on LHV of natural gas (Eqs.7)
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Figure 3-1 Simplified mass/energy exchange of Methanol plant

In addition to standard efficiency calculation, equivalent methanol production efficiency can be
calculated. Following the methodologies proposed in Martinez et al [15] the plant performance is
determined by calculating the equivalent efficiency and emissions based on the equivalent natural
gas input. This method indicates the amount of natural gas provided using the state-of-the-art
technologies for electricity and steam production in which the efficiencies for heat and electricity
production are respectively using 𝜂𝑡ℎ,𝑟𝑒𝑓 = 0.9 ; 𝜂𝑒𝑙,𝑟𝑒𝑓 = 0.583. (Eqs8)

𝑒𝑛𝑒𝑟𝑔𝑦 𝑒𝑓𝑓𝑖𝑐𝑖𝑒𝑛𝑐𝑦 =

𝑚𝑀𝐸𝑂𝐻 ∗ 𝐿𝐻𝑉𝑀𝐸𝑂𝐻 (𝑘𝑊) + 𝐸𝑙𝑒𝑐𝑡𝑟𝑖𝑐𝑖𝑡𝑦(𝑘𝑊) + 𝐻𝑒𝑎𝑡(𝑘𝑊)
𝑁𝐺 ∗ 𝐿𝐻𝑉𝑁𝐺

𝑚̇𝑁𝐺,𝑒𝑞 = 𝑚̇𝑁𝐺 −

𝑄𝑡ℎ
𝑊𝑒𝑙
−
𝜂𝑡ℎ,𝑟𝑒𝑓 ∗ 𝐿𝐻𝑉𝑁𝐺 𝜂𝑒𝑙,𝑟𝑒𝑓 ∗ 𝐿𝐻𝑉𝑁𝐺

(7)

(8)

Further methanol production efficiency can be calculated based on the fuel energy of methanol to
natural gas.

𝜂𝐶𝐻3 𝑂𝐻 =

𝑚̇𝐶𝐻3 𝑂𝐻 ∗ 𝐿𝐻𝑉𝐶𝐻3 𝑂𝐻
𝑚̇𝑁𝐺 ∗ 𝐿𝐻𝑉𝑁𝐺

(9)

3.1.2 Economic analysis:
The main purpose of economic analysis is to calculate the cost of methanol for each plant and
compare to reference cost. The overall cost of methanol (COM) was calculated with Eqs 10 relative to
Total Over Night Cost (TOC), Operation and Maintenance cost (O&M) which subdivided in fix and
variable parameters.

𝐶𝑂𝑀 =

[(𝑇𝑂𝐶 ∗ 𝐶𝐶𝐹) + 𝐶𝑂&𝑀,𝑓𝑖𝑥 + 𝐶𝑂&𝑀,𝑣𝑎𝑟 ] ∗ 106
€
[
]
𝑚̇𝑀𝑒𝑂𝐻
𝑡𝑜𝑛𝑀𝑒𝑂𝐻

(10)
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In order to calculate the TOC, it is required to define the total equipment cost. Several assumptions
were considered after reviewing accurate literatures, further each cost was adopted to required
equipment size by using the proper scale factor and actualized by chemical engineering cost index.
Table 3-2 represents the list of assumptions regarding the equipment’s cost calculation.
Table 3-2 List of assumptions for the cost calculation of the plant components

Equipment
Desulphurizer
PSA unit
Blower
Steam turbine
Methanol reactor
ASU
CLR reactors
Pre-reformer +ATR
reformer

Scaling parameter

Ref.
capacity, S0

Ref. erected
cost, C0

Scale
factor, 𝒇

Cost
year

413.8

0.6 (M€)

0.67

2011

7.2 (M€)
0.2 (M€)
33.7 (M€)
397.3 (M$)
581.7 (M$)

0.6
0.67
0.67
1
0.08

2014
2006
2007
2007
2007

0.1(M€)

0.7

2014

397.2 (M$)
5.2 (M€)

0.75
0.66

2007
2014

Thermal plant input
[MWth]
H2 flow rate
Power [HP]
ST gross power [MW]
Production rate [kg/s]
Produced O2/s

0.7
1
200
118.5
86
CLR
Reactor weight [kg]
17588
Two-Step Reforming
O2 flow rate kg/s
83
Heat transferred [MW]
29.3

Table 3-3 represents the O&M cost assumption which is required for the final calculation of the
methanol with the plant availability of 90%. Further, other O&M calculation and the final price were
described in the Techno-Economic analysis chapter.
Table 3-3 Assumptions of the calculation of the O&M costs

O&M-Fixed
Labor costs
Maintenance cost
Insurance
Catalyst costs
Desulphurization catalyst cost
Reformer catalyst cost
Lifetime
Consumables
Cooling water make-up cost
Process water cost
Natural gas cost
Miscellaneous
Steam costa
Electricity cost
a

M€
% TOC
% TOC

1.5
2.5
2.0

$/ft3
€/m3
Years

355
50,000
5

€/m3
€/m3
€/GJLHV

0.35
2
2.87

€/tonsteam
€/kWh

0.13
0.119

based on the equivalent electricity to be produced.
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Chapter 4

Methanol reference case

The first step before modelling the different technologies for syngas production and eventually
methanol production, one complete reference is needed to determine the accurate values for
methanol synthesis, which can be implemented for CLR and Two-Step Reforming. The important
parameters for choosing the reference plant are details on all streams, operating conditions for all
the equipment, pressure drop and economic evaluation.
After searching through reliable references, DOE/NETL[12] is selected due to the fact that all the
effective parameters were included in that report. From now on, the reference name DOE/NETL [12]
was shorten to DOE for the ease of use.

4.1 Case description:
DOE has focused on three cases for methanol production such as:



Coal-to-crude methanol with and without CCS (case1,2)
Natural gas-to-crude methanol (case 3)

Only case 3 of DOE reference is being considered for further study, due to the fact that the scope of
this thesis is based on the natural gas feedstock. The natural gas composition is shown in Table 4-1 .
The same composition of natural gas was used for further modelling of Two-Step reforming and CLR.
Further, as Table 4-1 shows, an essential point about natural gas is that no sufur contents were
considered, thus, the desulfurization unit is not modeled in detail, however, the cost of the
desulfurization unit was considered in the economic analysis of DOE.
Table 4-1 Natural gas composition.

Component
Methane
Ethane
Propane
n-Butane
Carbone dioxide
Nitrogen
UNITS
kJ/kg
MJ/scm

CH4
C2H6
C3H8
C4H10
CO2
N2
LHV
47,45
34.71

Volume percentage
93.1
3.2
0.7
0.4
1.0
1.6
HHV
52,58
38.46
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Case 3 consists of an Auto Thermal Reforming (ATR) in which the mixture of natural gas, steam, and
oxygen generate syngas in the reformer as Figure 4-1 shows the overall flowsheet. The syngas
production occurs using an S/C and O/C ration of 0.21 and 0.59 respectively. Oxygen is assumed to
be produced in a cryogenic air separation unit and pumped into the reforming reactor. The M factor
for this plant is 1.70. The synthesis of methanol has been modelled according to the results
presented in the DOE report. Two catalytic packed beds working in series with inter cooler in
between to avoid reaching the equilibrium and eventually higher conversion to methanol. Each
reactor is steam cooled to facilitate near isothermal operation condition at 246 ⁰C and 50.6 bar.
Further, due to equilibrium limitation and in order to continually produce methanol, 96% of the
purge gas, which is separated after condensing the product crude methanol, is compressed and
mixed with the fresh syngas to pass through the methanol synthesis again. This recycling improves
the overall carbon efficiency and higher the CO conversion in the synthesis reactors. In this
configuration, the purge gas which is not recirculated to the synthesis reactor is used to produce
additional steam for a proper heat recovery.

3

4

2

1
7

5

9

6
8

1

Figure 4-1 Overall scheme of DOE methanol plant
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4.2 Modelling and results:
After studying the DOE paper, the overall model (without ASU) including all the streams’ mass
balances, were used for ASPEN PLUS modeling and tried to achieve the same results as mentioned in
DOE reference. The flow diagram of reference plant can be found in attachment A.1 following by
ASPEN PLUS mass balances for defined streams.

4.2.1 ASPEN modelling details:
The mixture of steam, oxygen ,and natural gas (streams 1,2,3) enter the so called RGibbs reactor
working at 24.5 bar pressure and 1057 ᴼC temperature with chemical equilibrium restriction to
produce syngas (stream 4). After cooling down the syngas and separating the water, syngas is
compressed to 52 bar which is the methanol synthesis relevant pressure. The compression happens
in the 2 stage compressor using an inter cooler for keeping the temperature at 108.98 at each state.
Further the syngas passes through the methanol recycle heat exchangers which is heated up to 207
ᴼC. Methanol reactor choice in ASPEN is RGibbs with defined equilibrium reactions including two side
reactions, as shown below, working at 50.8 bar and 246 ᴼC.
𝐶𝑂 + 2𝐻2 → 𝐶𝐻3 𝑂𝐻

(11)

𝐶𝑂2 + 3𝐻2 → 𝐶𝐻3 𝑂𝐻 + 𝐻2 𝑂

(12)

𝐶𝐻3 𝑂𝐻 + 2𝐶𝑂 + 4𝐻2 → 𝐶3 𝐻8 𝑂 + 2𝐻2 𝑂

(13)

2𝐶𝐻3 𝑂𝐻 → 𝐶2 𝐻6 𝑂 + 𝐻2 𝑂

(14)

After 70% carbon conversion, the outlet of the first reactor passes through the first recycle heat
exchanger (stream6) as well as a cooler to decrease the stream’s temperature to 204ᴼC and enters
the second methanol reactor with the same setting in equilibrium reactions but with lower pressure
and temperature to result 28.4% more carbon conversion. Further, the crude methanol goes through
the second recycle heat exchanger followed by an air cooler for decreasing in temperature by 131ᴼC.
15% of the liquid crude methanol is separated by using a flash separation and 96% of the vapor
fractions are recycled back to the inlet stream of the first reactor (stream 9). The liquid crude
methanol is depressurized to 15bar and volatiles are separated by another flash column to result in
97% pure methanol (stream 10). The other 4% of vapor fractions are used as purge gas or burnt as
stack gases.
Table 4-2 shows the inlet operation condition of this plant which the exact numbers were used to
model ASPEN, and Table 4-3 shows the comparison between the DOE reference numbers and
ASPEN results
Table 4-2 Inlet operation condition of the plant.

Inlet
Natural gas
Water
Oxygen

Mass flow (kg/s)
73.55
16.48
85.62

Pressure (bar)
31.03
1.013
25.85

Temperature (ᴼC)
37.77
15
151.67
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Table 4-3
Table 4-3 indicates the small difference in methanol production results between
ASPEN simulation and DOE reference is due to different thermodynamic assumptions which can be
neglected.
Table 4-3 A comparison between DOE and ASPEN results.

O2/C
H2O/C
Raw methanol flow rate, kg/s
Syngas flowrate
methanol 1st reactor-outlet
methanol 2nd reactor-outlet

APEN
0.59
0.21
118.41
149.72
660.43
660.43

DOE
0.59
0.21
118.66
149.06
603.9
603.9

Within the DOE, all the streams are referenced with molar flow rates, therefore, it is not possible to
qualitatively compare the outlet composition of methanol as well as outcome of the methanol
synthesis reactors. However, it can be assumed that the ASPEN results in almost the same
composition as DOE in all the streams. This assumption can be accurate due to the fact that the
ASPEN flowrate results only deviates for 9%, and the final methanol production is almost equal to the
DOE.
Table 4-4 shows the composition at the outlet of each methanol reactor as well as the composition of
raw syngas before the addition of recycle purge gases. It can be observed that the synthesis gas
mixture also contains relatively small amounts of various inert gases such as methane, nitrogen, and
argon. The inert gases is being removed through the purge gas separation and further the recovered
reaction gas mixture is recirculated with the addition of the fresh synthesis gas.
Table 4-4 Reactor outlet composition (ASPEN)

Mole
Fraction
CH4
CO2
N2
CO
H2
AR
CH3OH

Raw
syngas
0,01
0,03
0,01
0,31
0,62
0.04
0.0

1st reactor
outlet
0,11
0,18
0,08
0,17
0,29
0,04
0,12

2nd reactor
outlet
0,12
0,20
0,09
0,14
0,22
0,05
0,18
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Chapter 5

Two-Step Reforming

Two-Step Reforming process contain an adiabatic pre-reformer, fired tubular reforming (primary
reformer) followed by the oxygen-blown secondary reformer. Topsøe’s conventional technology was
taken as a reference for designing this process. The process flow diagram is shown in Figure 5-1 [8].

Figure 5-1 methanol plant process layout with Topsøe Two-Step Reforming

5.1 Case description
Natural gas enters the pre-reformer after all the toxic components such as H2S is being removed. Low
temperature pre-reformer converts other hydrocarbons than methane into CH4, H2, CO, and CO2.
After being heated up, the outlet of pre-reformer enters the fired tubular steam reforming which is
heated up by number of burners to supply the required heat of steam reforming. The reformer
contains Ni based catalyst-filled tubes for catalytic conversion of methane. Further, the secondary
reformer known as oxygen blown or ATR in which the partly reformed syngas from primary reformer
and sub-stoichiometric oxygen enter the reactor which is divided in two zone: the combustion zone
where the oxygen is rapidly consumed by the CH4 and the catalytic zone where the reactions such as
steam reforming and shift reaction are proceed and they brought to equilibrium. The reactions in the
combustion zone are shown in the following:
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(15)
(16)
(17)

The produced syngas is rich in CO which results in high reactivity of the gas. The stoichiometric ratio
(M) must be about 2, which is obtained by adjusting the steam-to-carbon ration and oxygen-tocarbon ratio.[6],[7],[16]

5.2 Modelling and results
Modelling of this process was started based on the Haldor-Topsøe [7], [8], Two-Step Reforming
process with the assumptions which were mentioned in Table 3-1 and by sensitivity analysis, the
most efficient numbers were replaced. Table 5-1 represents the assumptions were considered for
the first model run. The natural gas composition and flowrate were kept the same as DOE reference.
The ASU is not modeled in detail; however, data available in literature were used to assess both the
energy cost and economics.
Table 5-1 First run assumptions for ASPEN simulation

S/C
Reformer Temp (ᴼC)
Recycle split fraction

1.5
718
0.96

7

14

4
2

6

1
8
13

9

10
11

3
5

Figure 5-2 Two-Step Reforming process flow sheet
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12

5.2.1 ASPEN modelling
As Figure 5-2 shows the detail Two-Step Reforming process flow sheet, natural gas (stream1) enters
the pre-reforming after pre-heating to 500 ᴼC and the addition of steam to fix the steam-to-carbon
ratio at 1.5; pre-reformer was chosen as RGibbs reactor working at 34 bar at equilibrium conditions.
The pre-reformer outlet (stream2), which is mainly CH4, H2, CO2 ,and CO enters the primary reformer
after being heated up to 620 ᴼC. Primary reformer is an equilibrium RGibbs reactor working at 32 bar
and 718 ᴼC which consequences in almost 30% methane conversion to syngas. Further, the reformer
outlet stream (stream3) enters the secondary reformer as well as oxygen. The minimum amount of
oxygen (stream4) was calculated based on the stoichiometric ratio M=2 at the outlet of the reformer
(O2/C=0.541 on mole basis). This reformer also is an equilibrium RGibbs reactor working at 30 bar.
The produced syngas (stream4) is cooled down to ambient temperature with steam generation and
the excess water is separated afterwards. A single stage compressor is used to compress the syngas
up to 60 bar, then heated up to 200 ᴼC to enter the methanol synthesis reactor (stream6). Methanol
reactor is the equilibrium RGibbs reactor working at 260 ᴼC (as from the DOE reference). The raw
methanol (stream7) is then cooled down till 15 ᴼC following by the flash separation in which vapor
fractions were separated (stream8); 90% of the vapor fractions are recycled back to the reactor
(stream14) and the remaining gases are known as purge-gas. The liquid fractions enter the first
distillation (stream9) at 2 bar which contains 23 stages, partial-vapor condenser, and high reflux ratio
of 3.5. The additional vapor fractions (volatile-stream10) leave the column at 4 ᴼC and the methanol
with 85% purity enters the second distillation column for additional separation. The second
distillation contains 50 stages, total condenser, and 1.5 reflux ratio. Following the methanol
distillation patent [17], the 99% pure methanol stream is leaving the column from top at 68ᴼC
(stream11) and the excess water is leaving from bottom a 111 ᴼC. “This column contains also a
purge-off take which is at the lower end of a region of the column, in which, owing to misallocation
of feed, the methanol to water ratio is substantially constant.”[17] The off-take designed at stage 46
with 0.05 kmol/hr of extra water. For extra purity and AA grade methanol, the third column can be
designed with 51 stages and total condenser as well as 1.5 reflux ratio. The main off-take from
second column which contains 12% mole fraction of methanol leaves the column at 94ᴼC and 1.4 bar,
which is pressurized up to 8 bar and heated up to 129ᴼC to enter the third column. And at last, the
methanol is separated at 130ᴼC and 7.9 bar (stream12), and with the summation of pure methanol
from second column results in 99.87% pure methanol at 68ᴼC and 1bar (stream13)
The volatile separated from the first distillation column and the purge gas are mixed (stream14) and
sent to the PSA unit where the hydrogen is separated and used for the sulphur removal in the natural
gas feedstock, while the remain off-gases are used as fuel to burn at combustion chamber to supply
heat to the primary reformer. In other word, the heat generated by the combustion of the off-gas is
used to convert part of the methane in the feedstock, reducing the O2 requirement in the secondary
reformer.
The syngas cooling process should take place immediately after secondary reformer and the excess
heat is used to produce steam. Syngas is first used to produce high pressure steam which is modeled
as single component (HPSC) but in the reality the combination of 3 heat exchangers are considered:
an HT-economizer to heat-up the hot water up to the saturation temperature (300 ᴼC at 100 bar), the
evaporator in which the liquid changes phase becoming steam (at constant pressure and
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temperature) and finally the super-heater to increase the temperature of the H2O up to 485°C and
send it to the steam turbine for power generation. Further, syngas passes through the intermediate
pressure steam (IPSC) which is modeled with the same approach. Afterwards, two LT-economizer
heat exchangers are used to cool down the syngas till ambient temperature (25ᴼC). The exhaust gas,
leaving the reformer contains mostly N2 and other gases such as steam, O2, and CO2. The exhaust gas
temperature should stay in the range of 120-140 ᴼC due to equipment limitation of stack-gas.
Figure 5-3 and Figure 5-4 represent the heat balance in the syngas cooling and convection heat
exchangers respectively.
First run of the ASPEN considering the assumptions resulted as 120.13 kg/s of pure methanol. Table
5-2 represents the first run model results over the plant. Also, The ASPEN flow diagram and mass
balance for defined stream can be found in the attachment A.2.

Figure 5-3 Syngas cooling heat balance.

Figure 5-4 Convection heat exchangers heat balance

The three assumed parameter have significant effect on the final results which later in this chapter
sensitivity analysis were studied the influence of each factor.

Table 5-2 First run results of ASPEN

Inlet
NG
AIR
Outcome
Pure methanol
Steam to export
Electricity
Steam turbine- HP
Steam turbine- IP
Air-blower
syngas compressor
Pump1 (H2O in)

Kg/s
73.5
246.9
120.1
45.16
(MW)
33.6
59.2
-4.7
-53.3
-0.9

total

-23.1
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Pump2 (HP)
Pump3 (distillation3)
Pump4 (IP)
ASU
Heat to export (kWth)

-2.9
-0.007
-0.7
-54.1
93.3

* (-) sign : consumption ; (+) sign : production

5.2.2 Efficiency parameters
Considering the efficiencies definition which were discussed in section Assumptions and
Methodology, the total plant energy efficiency as well as methanol production efficiency can be
calculated by Eqs 5 and Eqs 7 respectively.
𝑒𝑛𝑒𝑟𝑔𝑦 𝑒𝑓𝑓𝑖𝑐𝑖𝑒𝑛𝑐𝑦 =

𝑚𝑀𝐸𝑂𝐻 ∗ 𝐿𝐻𝑉𝑀𝐸𝑂𝐻 (𝑘𝑊) + 𝐸𝑙𝑒𝑐𝑡𝑟𝑖𝑐𝑖𝑡𝑦(𝑘𝑊) + 𝐻𝑒𝑎𝑡(𝑘𝑊)
𝑁𝐺 ∗ 𝐿𝐻𝑉𝑁𝐺

𝜂𝐶𝐻3 𝑂𝐻 =

𝑚̇𝐶𝐻3 𝑂𝐻 ∗ 𝐿𝐻𝑉𝐶𝐻3 𝑂𝐻
𝑚̇𝑁𝐺 ∗ 𝐿𝐻𝑉𝑁𝐺

(5)

(7)

The first run total energy efficiency was calculated as 79.78% with 70.54 kg/s of equivalent natural
gas which results in 77.88% of methanol conversion efficiency.
In addition to energy efficiency, another parameter known as carbon efficiency is also important to
consider in a plant and it can be defined as following:
𝑘𝑔
𝐶𝑀𝐸𝑂𝐻 𝑁𝐺 ( 𝑠 ) ∗ ∑(𝑚𝑜𝑙𝑒 𝑓𝑟𝑎𝑐𝑡𝑖𝑜𝑛𝑖 ∗ 𝑛𝑢𝑚𝑏𝑒𝑟 𝑜𝑓 𝐶𝑖 )
𝜂=
=
𝑚̇𝐶𝐻3 𝑂𝐻
𝐶𝑖𝑛𝑙𝑒𝑡
𝑀𝑤𝐶𝐻3 𝑂𝐻

(18)

In this case the carbon efficiency is 84.04% which means 84% of the carbon contained in the natural
gas is converted into methanol and the remaining amount is converted into CO2 after combustion
and released to the atmosphere as exhaust gases.
Another important parameters are i) the oxygen per carbon ratio (O2/C) which indicates the amount
of oxygen that consumed for the carbon consumption in the ATR reformer; ii) CO2 emission of the
plant which are discussed more at sensitivity analysis.

5.2.3 Sensitivity analysis
To study the influences of the assumed parameters, sensitivity analysis is required. The main purpose
of this analysis is to achieve the highest possible energy and carbon efficiency as well as high amount
of methanol production, also, feasibility of the plant should be considered in which other parameters
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such as exhaust gas, steam, and combustion temperature and pressure drops. Firstly, some
qualitative analysis are reported to explain the best practice for the process design and after that the
main operating conditions for syngas production are varied to quantify the change in the
performance.
Pressure drops are considered as 5% for reformers and 2% for heat exchangers. If the pressure drops
in the systems rise, the more strong syngas compressor is needed to pressurize to syngas up to level
of methanol synthesis, which results in higher electricity consumption and lower energy efficiency as
well as higher cost for stronger compressor.
Exhaust gas temperature should remain between 110-140 ᴼC due to equipment and economic
limitation. However, from an energy point of view, a higher temperature at the exhausts would
represent a net energy loss.
Combustion temperature range is between 900-1200 ᴼC which depends on the amount of off-gas
that can burn and the heat generated from reformer reaction; if the generated heat rises significantly
the combustion chamber material should be able to withstand by high temperature also the exhaust
gas would leave the system with higher temperature than required which leads to heat losses.
Sensitivity analysis was studied on the reformer temperature and steam-to-carbon ratio by changing
the recycle split fraction in order to control and consider the effective parameters mentioned above.
The effect of reformer temperature can be studied from Figure 5-5 . The ASPEN is designed to keep
the exhaust temperature in the range by changing the recycle split fraction. By increasing the
reformer temperature, the amount of produced methanol was increased due to the fact that the
steam reforming reaction is highly endothermic and higher reformer temperature leads to higher
methane conversion, however, the exhaust temperature reduced significantly due to the higher
amount of heat which is required for reactions, therefore, the exhaust gas leaving the furnace has
lower temperature. The process has been settled so that the methanol recycle split fraction was
reduced to provide the required fuel to burn and reach the required range of combustion
temperature which results in less unconverted species to the methanol synthesis and eventually less
methanol production. Therefore, the lower the temperature, the higher the methanol production
that
rate as well as higher CO2 emissions which is represented in
the kg of CO2 per ton of produced methanol increases by increasing the reformer temperature.
As previously reported, the amount of O2 is fixed by the M factor required for the subsequent
methanol synthesis, regardless to the CH4 conversion. Further, studying the O2/C ratio indicates that,
by increasing the reformer temperature, the carbon conversion increases, therefore, to keep the
stoichiometric ratio constant at 2 in syngas, more oxygen is needed (referring to reaction 19). At this
study steam-to-carbon ratio kept constant at 1.5.
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Figure 5-5 Effect of reformer temperature on methanol production
rate and O2/C ratio

Figure 5-6 CO2 emission vs. reformer temperature

The study of steam-to-carbon ratio represented in Figure 5-7 by increasing the ratio of steam-tocarbon, the syngas conversion was increased and for higher conversion, more amount of heat is
required reformer, therefore, to provide the heat, more fuel is needed which consequently lower
recirculation at methanol synthesis occurred that leads in to lower methanol production. At this
study reformer temperature kept constant at 700 ᴼC.

Figure 5-7 Effect of S/C ratio on methanol production

The most efficient model was chosen with 690 ᴼC primary reformer temperature, 1.5 steam-tocarbon ratio which results in 118.42 kg/s methanol production rate. Table 5-3 represents the final
results of ASPEN model. The carbon efficiency of this plant is 82.84% and the total energy efficiency
calculated as 78.63% as well as the methanol efficiency of 80.3% with the equivalent natural gas of
70.20 kg/s.
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Table 5-3 Final Two-Step Reforming result

Inlet
NG
AIR
Outcome
Pure methanol
Steam to export
Electricity
Steam turbine- HP
Steam turbine- IP
Air-blower
syngas compressor
Pump1 (H2O in)
Pump2 (HP)
Pump3 (distillation3)
Pump4 (IP)
ASU
Heat to export (kWth)
O2/C
CO2 emission

Kg/s
73.5
270.4
118.4
45.16
(MW)
30.7
54.02
-5.2
-53.04
-0.09
-3.0
-7E-4
-0.7
-50
96.3
0.53
273.84

total

-30.6

kgCO2/tonMeOH
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Chapter 6

Chemical Looping Reforming

CLR technology is used for partial oxidation and steam reforming of hydrocarbons, by using two
reactors known as air and fuel reactor. Oxygen and heat are transferred by circulating the metal
oxygen carrier and catalysts from air reactor to fuel reactor. Further, syngas can be produced by
partial oxidation and adopting the OC-to-fuel sub-stoichiometric ratio; the requirement for partial
oxidation is to keep the air to fuel to ratio low. Ni-based oxygen carrier is mainly studied for CLR due
to the fact that it also has high activity as catalyst for steam methane reforming. The oxygen carrier
considered to be Ni for further modeling [9], [14], [6]. Oxidation of the metal oxygen carrier is a very
exothermic reaction, the excess heat is used for reduction reactions in the fuel reactor which is highly
endothermic.
Chemical looping reforming can happen in two types of reactors, dual fluidized bed or catalytic
packed bed. Figure 6-1 represents the schematic of fluidized bed reactor which has an steady-state
inlet and outlet flow streams, however, the draw backs can be mentioned as i) at high pressure and
temperature gas-solid separation faces difficulties, smaller particles could be useful but high pressure
drop reduce the feasibility of the process. ii) Oxygen carriers should be highly separated in the cycle
to avoid solid content in turbine. iii) Air flow through the fuel reactor must be prevented due to
explosion, further, the separation becomes more complex. Finally, from a technical point of view, the
solid circulation in HP dual fluidized bed reactor has never been achieved due to the difficulties to
control the solid movement.

Figure 6-1 Fluidized bed chemical looping

Packed bed reactors represent more easy to be operated high temperature and pressure, however,
the cost of switch valves may results significantly high. The size of the reactors mostly depend on the
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oxidation time and how fast the front is moving, which then indicates the switching time between
oxidation and reduction. Figure 6-2 shows the schematic over view of packed bed chemical looping
reforming.
CLR packed bad process is carried out at three phases in parallel. At oxidation the metal base oxygen
carrier (in this thesis Ni) oxidized with the presence of oxygen from air while the N2 releases to
atmosphere. Low grade of fuel enters the reduction reactor which converts into CO2 and H2O while
reducing the OC (Oxygen Carrier). At last, the reformer in which the OC (Ni) with natural gas enter
the reactor as well as the recycle stream form reduction which contains CO 2 and H2o and additional
steam for methane conversion into syngas.

Figure 6-2 packed bed chemical looping

CLR has higher flexibility in terms of CO/H2 ratio compare to conventional processes, due to the fact
that in case of CLR CO/H2 depends on the ratio of H2O/C and CO2/C at the reforming inlet rather than
dependency on the reactants and operating conditions in case of conventional technologies.
Moreover, the CLR is suitable for changing the existing plants while keeping the chemical synthesis
units the same.
Compared to other reforming processes used for gas-to-liquids process (such as conventional oxygen
blown ATR or Fischer-Trøsch), the oxygen separation is not required, the Chemical Looping
Reforming to other syngas production methods including Fired Tubular Reforming the main
advantages results in the absence of an external furnace and high temperature heat transfer surface
due to the fact the process is isothermal, and no need of ASU and high purity of oxygen and in case
of air-blown reformer, the syngas is not diluted with N2.[9]
Comparison of dual fluidized bed and packed, packed bed reactor has advantages such as i) operating
at higher pressure, ii) higher hydrogen production efficiency due to lower temperature at oxidation
and reduction which also reduced the overall required heat duty, and iii) zero CO2 emission and
separation of CO2 is not based on ammines or other non-commercial technologies. On the other
hand, high temperature packed-bed processes are characterized by intrinsic dynamic behavior
and thus require a large number of reactors and a proper heat management strategy as it will be
discussed in this chapter.
The packed bed for chemical looping can be used in two different configurations known as co-current
and counter-current feeding which are explained and studied in details at [18]. In this work only cocurrent packed bed chemical looping was considered for further studies.
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Figure 6-3 layout of the integrated CLR packed bed for H2, CH3OH and liquid fuels production with integrated CO2
capture.

6.1 Case description
Figure 6-3 represents the detailed flow diagram of the chemical looping. The oxidation of the oxygen
carrier (Ni) into NiO occurs at the first reactor, in which air enters the reactor and N2 was released.
The reduction reactor uses the low grade fuel recycled from the incondensable gases downstream
the synthesis of methanol. In the reformer, the OC acts as catalyst for the reforming of desulfurized
natural gas with H2O and CO2, the desulphurized natural gas enters the reformer as well as steam for
higher conversion. Additional CO2/H2O from reduction is needed to reduce the H2O consumption and
increase the carbon conversion. The three reactors are working in sequence as
oxidation/reduction/reforming by switching the inlet gas streams. In order to avoid undesired mixing
of the different reactants, a short purge cycle can be added before and after the oxidation [9].
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Figure 6-4 overall schematic of CLR methanol production

After reformer, the produced syngas is cooled down by producing steam and being compressed up to
methanol synthesis desired pressure, then enters the methanol production unit which assumed to be
the same as the one for Two-Step Reforming [9].

6.2 Modelling and results
Modelling of this process was started based on the assumptions were mentioned in chapter3. For
each reactor a temperature was picked from the specific range for the first run of the ASPEN.
Further, the results were validated with the Delphi code to assess the conversion, the number of
reactors required, the temperatures, the working time of each reactor as well as the amount of
active catalysts weight.
The Delphi code was used for validation which is coded and modeled for previous projects and it is
based on a 1D adiabatic packed bed reactor model with Ni based oxygen carrier which was validated
with experiment studies on chemical looping in packed bed, more detail can be found in the
reference [9].

6.2.1 ASPEN modelling
The combination of natural gas (stream1), steam and CO2/H2O recycle stream of reduction (stream2)
enter the reformer at steam-to-carbon ratio of 1.8. Reformer was chosen as RGibbs reactor working
at 955 ᴼC and 25 bar. The produced syngas then cooled down to 25 ᴼC and passes through the same
procedure of methanol production as Two-Step Reforming. The low grade fuel (stream13) which is
the combination of flash vapor fractions and distillation volatiles, enter the reduction with oxygen.
Reduction reactor is chosen as an equilibrium RGibbs reactor working at 26 bar and 920 ᴼC. In the
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reactor operated in oxidation, the O2 from air is separated (100% separation) while the left gas (here
assumed only N2) N2 is released at 635 ᴼC and 25 bar ad sent to the gas turbine to compensate the
cost of air compressor. Figure 6-5 and Figure 6-6 represent the heat balances in the syngas cooling
and convection heat exchangers respectively. For the heat balance of CLR, the heat summation of
exothermic reduction and endothermic reforming result in an excess heat which used to heat up the
gas at the oxidation so that the process results overall adiabatic. To achieve the temperature in the
range for oxidation, the recycle split fraction to the reformer (stream2) was chosen as 62%. The
ASPEN flowsheet, the mass balance for defined stream, and CLR heat balance can be found in the
attachment A.3.

Figure 6-5 Syngas cooling heat balance for CLR

Figure 6-6 Convection heat exchangers heat balance for CLR

Table 6-1 shows the first run assumptions and results of the CLR, the natural gas composition and
flowrate kept similar to DOE reference. Temperature assumptions was based on a previous work
from Spallina et al [9], and the average temperatures were considered for the first run for reforming
and reduction and the oxidation temperature was depended on the heat.

Table 6-1 Results and Assumptions for the first run

Assumptions
Reformer temperature
Reduction temperature
Oxidation temperature
Inlet
NG
AIR
Outcome
Pure methanol
Steam to export
Electricity
Steam turbine- HP
Steam turbine- IP
N2 turbine

ᴼC
955
920
690
Kg/s
73.5
425.5
118.4
71.8
(MW)
+35.6
+72.4
+179.8

total
30.7
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Air-blower
syngas compressor
Pump1 (H2O in)
Pump2 (HP)
Pump3 (distillation3)
Pump4 (IP)
Reduction compressor
Volatile compressor
Heat to export (kWth)

-207.7
-41.6
-0.46
-2.5
-0.0007
-0.8
-2.1
-2.3
152.6

* (-) sign : consumption ; (+) sign : production

The Delphi code was used to verify the accuracy of the assumptions selected for the modelling of the
CLR in the Aspen flowsheet. Input parameters that are required for running the code are the amount
of active weight of catalyst, reactor dimensions, reformer/reduction inlet compositions, number of
reactors, and time duration of the process. The excel file for detail calculation is being attached.
However, some assumptions were made in the calculation such as reactor dimensions and active
weight of catalyst. The reactor dimensions and particle diameter were selected using the criteria
adopted in Spallina et al. [18] for the reactor design of packed bed units for chemical looping
combustion. Table 6-2 represents the assumptions and calculations for running the code for the first
time.
Table 6-2 Delphi code assumptions and calculation results for first run of Delphi

Assumptions
Particle diameter
Reactor diameter
Reactor length
Active catalyst weight
(NiO on CaAl2O4)

2
5.5
13.75
15%

mm
m
m

Results
Reduction :
Reformer :
Oxidation :
Purge
:
Total

time (each reactor)
time (each reactor)
time (each reactor)
time (each reactor)
one cycle time

600 s
900 s
900 s
150 s
2400 s

N. of reactor
N. of reactor
N. of reactor
N. of reactor
N. of reactor

4
6
6
2
18

28 | P a g e

After the convergence of the model, which is obtained when two consecutive cycles results exactly
the same in term of mass and energy balances, a quick analysis indicated that the maximum solid
temperature (for the selected active weight material) in the chemical looping is too high (>1250 ᴼC)
resulting in a fast catalyst degradation. By reducing the active catalyst mass weight fraction to 10%,
the maximum slid temperature decreases to 1119 ᴼC which is a reasonable number comparing to
experiment’s results. Figure 6-7 represents the analysis on temperature rise in CLR tested for three
active catalyst weight percentage.

Figure 6-7 Temperature rise for different active weight of material

10% active catalyst weight was chosen for further modelling and detail study of the reactors, and
other assumptions were kept constant; the new reactor calculation results are presented in Table 6-3
and, further, the reactor temperatures and pressures were derived from the model’s results.

Table 6-3 Final model redults for 10% active weight of material

Results
Reduction
Reforming
Purge1
Oxidation
Purge2

Temp. (ᴼC)
1030.40
940.59
758.48
729.38
910.76

Pressure (bar)
24.18
23.26
24.77
23.23
24.66

Pressure drop
0.27
1.44
-1.19
-Total

time (s)
400
600
100
600
100
1700 s

N. of reactor
4
6
1
6
1
18

Total required number of reactors was derived as 18, working in parallel. It is beneficial in case of
fluctuation of the gas composition to use several reactor in parallel, therefore the system works
more closely to steady state condition. By using one reactor for each phase, the composition and
temperature fluctuate significantly as well as higher recirculation would needed which increases the
inlet flowrates and reduce the conversion.
The sequence of the reactors is based on the phase time as the Figure 6-8 represents the sequence
of CLR derived from 10% active catalyst weight.
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Figure 6-8 Sequence of CLR reactors

To validate the model results, the new temperatures and pressures were implemented in ASPEN,
meanwhile the reduction split fraction kept constant to avoid sever changes in the inlet
compositions.
Table 6-4 indicates the new results for ASPEN, as it can be observed, the oxidation temperature
derived really close to what expected number form the model (2% deviation) which validates the
ASPEN model completely.

Table 6-4 Final results of ASPEN

Temperature
Reformer
Reduction
Oxidation
Inlet
NG
AIR
Outcome
Pure methanol
Steam to export
Electricity
Steam turbine- HP
Steam turbine- IP
N2 turbine
Air-blower
syngas compressor
Pump1 (H2O in)
Pump2 (HP)
Pump3 (distillation3)
Pump4 (IP)
Reduction compressor
Volatile compressor
Heat to export (MWth)

ᴼC
940
1030
714
Kg/s
73.5
433.7
Kg/s
117.1
69.2
(MW)
+33.8
+69.4
+184.15
-211.7
-41.4
-0.047
-2.5
-6.8E-4
-0.8
-184.15
-2.3
145.7

total

26.14

* (-) sign : consumption ; (+) sign : production
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6.2.2 Efficiency parameters:
With the same previous procedure, the efficiency parameters were calculated and listed in Table 6-5
below. With 73.54 kg/s inlet of natural gas and 117.12 kg/s of pure methanol production.
Table 6-5 Efficiency parameters for CLR

Carbon efficiency
Total energy efficiency
Equivalent natural gas
Methanol efficiency
O2/C
CO2 emission

81.90%
80.85%
69.21 kg/s
80.89%
2.8
0

Comparing to the final results of Two-Step Reforming efficiencies, the CLR is slightly more efficient
than the conventional plant especially in the case of total energy efficiency of the plant (80.85
compare to 79.78). The O2/C ratio is higher than the Two-Step Reforming due to oxidation process
and CO2 emission is zero; all the CO2 leaving the plant are compressed to 110 bar and 30 ᴼC.

6.2.3 Sensitivity analysis:
Sensitivity analysis of the Chemical Looping Reforming is based on the studying and understanding
the details of the operating condition, components composition at different stages of reactions.
Figure 6-Figure 6-9 9 illustrates the gas composition and outlet temperature of the CLR during the
different phases for the conditions mentioned in Table 6-3 . Natural gas is fully converted to H2O and
CO2 during reforming while the oxygen carrier is reduced to Ni during the reduction phase. As
indicated before, the inlet of the reduction is the off-gas from methanol synthesis (after some H2
separation in a dedicated small PSA unit) which is rich in H2/CO2 content (4.18 based on mole
fraction) or, in other words, low content of CO+CH4, therefore results in no risk for carbon
deposition. The outlet temperature of the reactor is almost constant (around 940 ᴼC) which is an
advantage for downstream processes, which they can be designed to operate at almost steady-state
conditions. Syngas produced during the reforming process reaches a stable composition after about
15 s at chemical equilibrium conditions. CH4 is highly converted to syngas during the reforming and
sent to methanol synthesis process. During oxidation phase, temperature slightly decreases from 766
to 708 ᴼC while the oxidation of Ni to NiO and the oxidation off-gas, as it described above, expanded
to ambient pressure and released to atmosphere. Comparing Figure 6-9 with the experiment results
mentioned in reference [9], the results are highly comparable as well as Figure 6-9 indicates the
slightly lower temperatures than what are estimated in reference [8].
The axial temperature profiles at the end of the CLR phases for 10% active catalyst weight are shown
at Figure 6-10 . At the end of reforming, the increase in bed temperature can be observed which is
about 200 ᴼC (from 850 to 1050 ᴼC). The reaction front reaches the end of the reactor after
oxidation, while the heat front only passed the 10% of the bed length. Temperature rise during
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oxidation is about 280 ᴼ and the maximum temperature at the end of the oxidation is about 1300 ᴼC.
As mentioned before, the PSA off-gas enters the reduction phase as fuel. Although the temperature
rise during reduction is about 500 ᴼ, the outlet temperature is 200ᴼ higher than the inlet
temperature.

Figure 6-9 Gas condition at the reactor outlet during the reduction, reforming, and oxidation phases for syngas
production for 10% active catalyst weight.

Figure 6-10 Axial solid temperature proﬁles at the end of the reduction, oxidation and during the reforming (REF) phases
for 10% active catalyst weight process design of syngas production.

The study on lower active catalyst weight was also carried out for further understanding on bed
temperature and reactions.
The temperature profiles at the end of each CLR phases for 3% active catalyst weight are shown in
Figure 6-10 at 3% active catalyst weight all the temperatures for CLR phases stay at same level
(around 900ᴼC). The bed temperature increases at the end of the reforming phase along the reactor
length about 550 to 923 ᴼC. The temperature rise during the oxidation phase is about 340 ᴼC with the
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maximum bed temperature of 884 ᴼC. At the end of the reduction the bed temperature eat the inlet
is about 556 ᴼC due to composition of the inlet gas (rich in H2 and CO/CO2) along with Ni acting as
catalyst, favors the exothermic methane reaction. Therefore, syngas first converted to methane to
reach the equilibrium conditions and with high temperature of solid it reformed again. More details
can be found on the reference with experiment results.[9]

33% REF

66% REF

Figure 6-11 Axial solid temperature proﬁles at the end of the reduction, oxidation and during the reforming (REF) phases
process design of syngas production.

The same approach as for 10% active catalyst was done for 3% active catalyst the axial temperature
profiles at the end of the CLR phases as Figure 6-12 shows.

Figure 6-12 Gas condition at the reactor outlet during the reduction, reforming, and oxidation phases for syngas
production for 3% active catalyst weight

Figures below represent the study on the reactions inside the each phases to study the effect of
reactors working in parallel which results of mixing gas that are in the same phase (respectively
oxidation/reduction/reforming) with a phase displacement. Figure 6-13 indicates the average gas
condition leaving the 4 reduction reactor working in parallel and the same gas condition
(composition and temperature) are repeated every 100 seconds, which results in steady state
condition in the cycle time. As Figure 6-8 indicates the reactors’ sequence, each reactor for each
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Temperature, C

phase has 100 seconds of cycle time, the average gas condition of each phase for 100s was
determined which results in steady state condition and explains the necessity of using several
reactors in parallel. This strategy is beneficial for the downstream processes, methanol production is
this case, which can be designed for the steady state operation. This condition is also accurate for
reforming and oxidation reactors which have been shown at Figure 6-14 and Figure 6-15 .
After mixing, an average M factor of 2 is achieved with selected operating condition. A constant flow
rate of N2-rich is released after oxidation cycle which is expanded in the gas turbine to supply part of
the power as it is discussed before.

Figure 6-13 reduction reactors working in parallel
(10% active weight catalyst)

Figure 6-14 reformer reactors working in parallel
(10% active catalyst)

Figure 6-15 oxidation reactors working in parallel (10% active catalyst weight)

The pressures indicated in Table 6-3 is slightly lower than what it was assumed (25 bar) at the
beginning, therefore, the pressure drops can be calculated based on catalyst particles diameter, void
fraction, fluid velocity, and sphericity. Further, deviation from calculated pressure drops is highly
unlikely due to industrial limitation and challenges. Higher pressure drop inside the reduction, would
affect the inlet pressure of reformer. Lower reduction pressure, would slightly reduce the conversion
reactions in the reduction therefore, to reach the same syngas composition, more heat is required
for the endothermic reforming reaction which affect the oxidation with heat balance and results in
higher N2 temperature. On the other hand, if the plant face the higher pressure drop at oxidation, for
N2 expansion more electric work with stronger compressor is required, therefore, the air-compressor
and N2-comprossor would not be electrically balanced which results in less efficiency and higher
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plant cost. This affect is similar to pressure drops at reformer, in which more electric work and
stronger compressor is required for syngas to reach the methanol synthesis operation condition.
Although the Delphi code was used for sensitivity analysis and model validation, the general study
was carried out on the effect of reduction temperature and steam-to-carbon ratio, however, the
changes were compared with Delphi results. Further, each ASPEN result should validate again with
the Delphi code which these following analysis did not confirm with the code.
During this analysis the other parameter such as reformer temperature, steam-to-carbon ratio and
split fractions kept constant at 940 ᴼC, 1.8 respectively, and 0.38 for reduction split faction and 0.75
for recycle split fraction.
The analysis on the reduction temperature revealed that by increasing the reduction temperature
the production of CH3OH is not changing because the conditions of the syngas at the reforming outlet
remain the same. On the basis of the Aspen simulation, the increase of the temperature of the CO2rich stream at the reduction outlet results in an increase of the gas the oxidation outlet in order to
respect the energy balance of the entire process. This slightly affects the electricity production, which
increase/decrease by increasing/decreasing (by 100 ᴼC deviation, electricity deviate for almost 25%).
In fact, when the temperature of the CO2 is higher less energy is transferred to the N2 and therefore
the Gas-turbine power production decreases.
The study was carried out on the steam-to-carbon ratio, as Figure 6-12 indicates the methanol
production is higher with higher steam-to-carbon ratio. With respect to the previous case, a higher
S/C ratio results in a higher CH4 conversion, and since the energy balance of the chemical looping
reforming energy balance can also be adjusted by the CO2/H2O recirculation, an increase in the CH4
conversion directly results in an increase in the CH3OH production. In terms of electricity production,
the average steam turbine power production is slightly higher with increasing the S/C ratio (52.6
compare to 52.5), however, the total electricity production decreases by 7% due to lower power
production of N2 turbine (156.8 compare to 185.8 MWe for S/C of 2.2 to 1.8 respectively) as well as
higher electricity consumption for syngas compressor (due to higher conversion) and more net work
required for pumping more water to generate more steam for higher S/C ratio. Therefore, overall, in
terms of energy efficiency and cost estimate, results are not convenient.

Figure 6-16 Effect of S/C ratio in CLR

The effect of operating pressure on the methanol production was studied, as Figure 6-17 indicates,
by increasing the pressure the production of methanol decreases; although at lower pressure the
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syngas conversion is higher due to higher conversion at reformer and therefore the methanol
production increases, but the electricity consumption also increases (more work for syngas
compression is needed) which increases the cost for compressor, therefore, in terms of economic it
is highly not efficient to work on low pressure. Also, keeping constant the mass flow rate of the gases
at the CLR, at lower pressure, each reactor will work with a larger volumetric flow rate and, for a
fixed superficial gas velocity, the reactor size (or number) need to be increased to avoid excessive
pressure drops.

Figure 6-17 Effect of CLR operating pressure on methanol production
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Chapter 7

Economic analysis

7.1 Economic assessment methodology
The scope of this thesis is to estimate and compare the final price of methanol production for both
Two-Step Reforming and Chemical Looping Reforming (CLR).

7.1.1 Definitions:
The economic analysis is mainly estimated with National Energy Technology Laboratory (NETL)
methodology documented in Quality Guidelines. Though, NETL evaluates power producing plant by
defining the capital cost as well as costing metrics , it can also be applied to variety of different plants
(e.g., syngas generation). This method is explained in the reference[19] and the brief summary of
important parameters can be observed in the attachments B.1.
This methodology analyzes the economics by calculating the five levels of capital cost named as: BEC,
EPCC, TPC, TOC and TASC. The first three levels are known as “overnight” costs over the base-year
and TASC is expressed over the entire capital expenditure period, which is assumed to be the three
years for natural gas plants based on NETL.
First year Carrying Charge Factor (CCF): The CCF accounts for escalation and interest over the
construction as well as the distribution in plant’s capital cost over the plant’s life time. Calculation of
the CCF mainly depends on the yearly instalment interest, loan and Equity interest, inflation and tax
rate considering the operating life time of the plant and construction times. Table 5-1 ,which is taken
from the D.Pandolfo Master Thesis [20], shows the main parameters for CCF calculation considering
90% efficient working hours in a year and intermediate risk for loan and equity interest. (The correct
description for the calculation is reported in appendix B.2).
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The detailed calculation can be found in the attachment followed by the excel sheet with the results.
The final value of CCF is calculated as 0.153. The assumptions and variables have kept constants
during the economic analysis so the CCF value for all cases is the same as 0.153. Therefore, in order
to take into account all the financial data and the profit of the investors in the plant, every year (and
for 20 years) a fraction of 15.3% of the BEC have to be accounted as fixed cost (directly related to the
CAPEX of the plant) in the final price of MeOH.
Table 7-1 Parameters used for CCF calculation

Equivalent working hours, h
Operating life time, years
Construction time, years
1st instalment, %
2nd instalment, %
3rd instalment, %
Loan interest, %
Equity interest, %
Equity fraction of the capital, %
Loan fraction of the capital, %
Inflation rate, %
Tax rate, %
Depreciation, year

7884
25
3
40%
30%
30%
8.5%
20%
40%
60%
35%
35%
20

7.1.1.A) Total plant cost
Calculation of the Total Plant Cost (TPC) starts with determining the Total Equipment Cost (TEC)
which is necessary to consider several proper references for each equipment and by using the scale
equation (19) calculating the cost of the equipment with required size.
𝑆0 𝑓 𝐶𝐸𝑃𝐶𝐼2017
𝐶 = 𝑛. 𝐶0 (
) ∗
𝑛. 𝑆
𝐶𝐸𝑃𝐶𝐼𝑦𝑒𝑎𝑟

(19)

Considering the reference equipment cost (C0) with reference size/capacity (S0), the new cost (C) for
the equipment with required capacity (S) can be calculated. Further, f is the scaling factor which is
different for every equipment and in case of lack of information the suggested value of 0.66 is used
according to “six-tenth rule”, also, n is the number of unit installed in the plant. The Chemical
Engineering Plant Cost Index (CEPCI) should also take in to consideration as a correction factor of cost
which should refer to 2017 as well as the average currency inflation rate during years till 2017 and
exchange ratio of 0.95 from US dollar to Euro.
In the following the calculation methodology for the main components are discussed; further, the
economic analysis of the DOE references is presented followed by the conventional Two-Step
Reforming and CLR. The sensitivity analysis on economics is presented in the last part of this chapter.
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7.1.1.B) O&M costs
Calculating the operation and maintenance costs was carried out by defining the fixed and variable
costs such as catalysts and chemical replacement, insurance, and maintenance as fixed and
consumption of natural gas and water in the process as well as contribution of electricity and heat if
there were import/exported as variable costs.

7.2 Equipment calculation methodology
This section represents the methodology for some of the components economic evaluation.

7.2.1 Heat exchangers
Heat exchanger’s cost can be calculated using the heat that is transferred (Q) from the surface area
(A) considering the specific heat transfer coefficient and logarithmic temperature according to
equation (20)
𝑄 = 𝑈 ∗ 𝐴 ∗ ∆𝑇𝐿𝑀𝑇𝐷

(20)

The amount of heat which is transferred between the heat exchangers is known regarding the ASPEN
modelling, ∆𝑇𝐿𝑀𝑇𝐷 can also be calculated. It is necessary to assume a proper value for heat transfer
coefficient (U), further, the surface area can be calculated and regarding the cost of heat exchanger
per area, the cost for the required heat exchangers are estimated.
For Two-Step Reforming and CLR two categories for heat exchangers were defined, due different size
and references for U assumptions, named as Convection and Syngas-Cooler. The Convection section
are the ones that are used to cooled down the exhaust gases, mainly N2 and other gases such as O2,
CO2, and steam, which are leaving the plant. For this category of heat exchangers the value of 35
W/m2K can be used for heat transfer coefficient, according to reference [21], and it kept constant for
all heat exchanger of this kind. Further, the specific cost (cost per area) of 2000 €/m 2 was assumed
for heat exchangers according to existing data from an NH3 production plant.
The Syngas-cooler section contains shell and tube heat exchangers which are implemented to cool
down the syngas in short time from very high temperature. This part was modeled using four heat
exchangers named as HPSC, IPSC, ESC1, ESC2; respectively referring to high pressure steam,
intermediate pressure, economizer one and two. Although the first three kind modeled in a single
unit each, in the real plant they divided into two or three different heat exchanger including superheating, evaporating and economizer which was considered for cost calculation. Further, the
calculation method is the same as Convection section and the heat transfer coefficients for super
heating and evaporation were estimated as 207.48 W/ m2K and 83.3 W/m2K respectively and for the
specific cost according to Uhde quotation for evaporator is 3807.94 €/m 2 and for super-heater is
3234.25 €/m2. Also, the cost for economizers were fixed to be 86 €/kW according to Ammonia plant
reference.
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7.2.2 Distillations:
Distillation cost is depending on the number of stages, vapor/liquid fraction of inlet fluid, operation
condition such as temperature and pressure, the equipment material, and the kind of tray which is
assumed for columns. The cost for each distillation was calculated by assuming the sieve trays are
used for separation and the stainless-steel material for all columns and trays. Further, the calculation
methodology was based on the reference book [22] and the detail calculation can be found in the
attachment B.3.

7.3 DOE reference economic data:
This case was costly evaluated at 2011 and all the prices mentioning in this chapter is based on US
dollar at 2011.
In this case the natural gas price was assumed to be 6.13 $/MMBtu (corresponding to 328.12 €/ton
based on a cost of natural gas of 3.8 €/GJ) and the electricity is assumed to be paid for 59.59 $/MWh.
The required selling price of methanol was assumed to escalate at three percent per year for the
thirty year economic life time. The capital and operating costs for CO2 Transport and Storage (T&S)
were estimated to be 11 $/metric ton of CO2. Table 7-2 shows the summary of the main equipment
costs followed by maintenance material cost, Total Fixed Operating Cost, Total Overnight Cost (TOC),
and Total Variable Operating Cost.
Table 7-2 Economic summary of the DOE reference.

Capital Cost summary (M$)
Item/Description

Total Plant Cost

Feed water, Natural Gas & MISC BOP systems
Air separation unit (ASU)
Reformer and gas processing equipment
CO2 removal and compression
METHANOL PRODUCTION
Steam production
Cooling water system
ACCESSORY ELECTRIC PLANT
INSTRUMENTATION & CONTROL
SITE IMPROVEMENTS
BUILDINGS AND STRUCTURES

90.5
581.7
397.3
300
397.3
80.7
61.9
93.3
23.8
25.5
16.5

Total Overnight Costs (TOC)
Total As-Spent Cost (TASC)

2,644.2
3,122.9

Fixed Operating Costs (M$)
Annual operating labor cost
Maintenance labor cost
Administrative & support labor
Property taxes and Insurance

4.5
20.9
6.4
43.4

Total Fixed Operating Cost

75.2

Variable Operating Costs (M$)
Material costs

Initial fill cost

Annual cost

MEA solvent (ton)
NG ATR reformer catalyst (ft3)

0.8
9.5

0.4
2.9
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Methanol synthesis catalyst (ft3)
Electricity for sale/buying (MWh)

2.2

0.6
-54

Total variable Operating Costs

12.5

-15.9

As Table 7-2 indicates, the equipment costs are mentioned as $ in the Total Plant Cost. These costs
are calculated with summation of the equipment cost, material cost, direct labor cost, engineering,
and process/project contingencies.
The DOE economic analysis was considered as reference for further analysis between Two-Step
Reforming and CLR.

7.4 Economic results
After the sensitivity analysis, the conditions that show the highest efficiencies as well as minimum
electricity consumption were picked. Further, the economic analysis was generated by comparing the
three cases following by the economical sensitivity analysis, which effect of different parameters
were analyzed. As it was mentioned in the assumptions, the cost of natural gas considered as 2.871
€/GJ which is the US price of natural gas at 2017.

7.4.1 Two-Step Reforming economic results
The economic calculation of Two-Step Reforming was started with the equipment costs. The cost for
the main components are shown in Table 7-3Table 6-3 .
Table 7-3 Two-Step Reforming total cost

Equipment

Reference
value, S0

Required
capacity

Desulphurization

413.8

3504.3

Pre-reformer+ ATR

83

61.15

Reformer

29.4

312.6

Methanol reactor

118.6

115.4

ASU
PAS unit

86
0.7

61.1
0.1

Gas turbine

1

185.9

Scaling
parameter
Thermal input
LHV(MW)
O2 flowrate (kg/s)
Heat transferred
(MW)
Methanol
production (kg/s)
Produced O2/s
H2 flowrate (kg/s)
Turbine net
power (MW)

Cost of
reference
(M€)

Scaling
factor

Number
of unit

Estimated
cost (M€)

0.7

0.67

2

3.8*

384.1

0.75

1

326.9

5.2

0.66

1

23.1*

384.1

1

1

377.2

562.4
7.2

1
0.6

1
1

390.5
3.1*

1

26.4*

0.09

4.9*

Total distillation
Total heat
exchangers
Total Auxiliary

187.5*
105.5*
1863.1

TPC (M€)
* TPC includes all the engineering, contingencies, and labor costs (direct and indirect) as well as equipment costs.
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As Table 7-3 represents, methanol reactor, reformers, and Air Separation Unit (ASU) have a major
effect on total plant cost. ASU is an expensive unit therefore, removing this unit may considerably
decrease the cost of the plant. Further the final price of methanol was calculated based on O&M
fixed and variable costs, which Figure 7-1 indicates the final cost of methanol for Two-Step reforming
with 90% of a year operation for 25 years of total plant working time. The assumption for O&M costs
were mentioned previously in the 3.1.2 Economic analysis (Assumptions and Methodology) section,
however, it is important to mention that the electricity is estimated to be paid for 0.119 €/kWh.
Table 7-4 O&M costs for Two-Step Reforming

O&M and
consumable costs
Natural gas cost (2017)
Steam cost
Electricity cost
Total water treatment
Labor costs
Maintenance cost
insurance
Reforming catalyst
cost
Methanol reactor
catalyst cost
Desulphurization
catalyst cost
Refractory cost
Insulation cost
Sorbent cost

unit

cost

M€/year
M€/year
M€/year
M€/year
M€/year
M€/year
M€/year

285.41
-1E-3
14.5
0.8
1.8
46.6
37.3

M€/year

9.8

M€/year

6.4E-4

M€/year

0.7

M€/year
M€/year
M€/year

0.004
1.9
0.2

Total variable
O&M cost
(M€/year)

300.76

Total fixed
O&M costs
(M€/year)

98.3

The total methanol cost can be determined by the equation 21 which is mentioned in the 3.1.2
Economic analysis (Assumptions and Methodology) section.

𝐶𝑂𝑀 =

[(𝑇𝑂𝐶 ∗ 𝐶𝐶𝐹) + 𝐶𝑂&𝑀,𝑓𝑖𝑥 + 𝐶𝑂&𝑀,𝑣𝑎𝑟 ] ∗ 106
€
[
]
𝑚̇𝑀𝑒𝑂𝐻
𝑡𝑜𝑛𝑀𝑒𝑂𝐻

(21)

Considering 118.421 kg/s of methanol production, total plant cost of 1863 M€ ,and 7884 equivalent
working hours of the plant the Cost Of Methanol was derived as 203.72 €/ton of methanol.
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Figure 7-1 Annual cost of methanol production at Two-Step Reforming

Figure 7-1 Annual cost of methanol production at Two-Step Reforming
Figure 7-1 above, shows the annual price of methanol production dependency on other parameters.
It can be observed that price of natural gas is 42% and cost of electricity consumption is about 2% of
the annual costs. Other effective parameters can be named as total plant cost, maintenance and
insurance which calculated based on 2.5% and 2% of TPC respectively.

7.4.2 Chemical Looping Reforming economic results
Likewise the Two-Step Reforming, with the same calculation methodology the total plant cost and
further, the final methanol cost was calculated and it is important to mention that, in the CLR process
the electricity is being produced and the selling price of electricity to the industry is much lower than
the price of buying electricity. The selling price was taken from reference [23] 0.067 €/kWh in US
Table 7-5 and Table 7-6 represent the main components’ costs and the O&M costs respectively.
Further, for calculating the CLR equipment, the reactor weight was calculated and the final price for
CLR is the summation of equipment cost and valve costs which are considered as 20% of the
equipment price. As Table 7-5 shows, without the use of ASU the Total Plant Cost (TPC) is decreased
considerably, which is one of the main advantages of using CLR.
Table 7-5 Total plant cost of CLR

Equipment

Reference
value, S0

Required
capacity

Desulphurization

413.8

3504.3

CLR

17855

496764.3

Methanol reactor

118.5

117.1

Scaling parameter
Thermal input
LHV(MW)
Reactor weight (kg)
Methanol production
(kg/s)

Cost of
reference
(M€)

Scaling
factor

Number
of unit

Estimated
cost (M€)

0.7

0.67

2

3.2*

0.1

0.75

18

39.7*

384

1

1

370.6
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PAS unit
Total distillation
Total heat
exchangers
Total Auxiliary

0.7

0.16

H2 flowrate (kg/s)

7.2

0.6

1

3.1*
4.9*
143.3*
106.4*
1074.3

TPC (M€)
* TPC is included all the engineering, contingencies, and labor costs as well as equipment costs.

It is important to mention that, in the CLR process the electricity is being produced and the
selling price of electricity to the industry is much lower than the price of buying electricity.
The selling price was taken from reference[23] 0.067 €/kWh in US.
Table 7-6 O&M costs for CLR

and consumable
costs
Natural gas cost (2017)
Steam cost
Electricity cost
Total water treatment
Labor costs
Maintenance cost
insurance
Methanol reactor
catalyst cost
CLR (oxygen carrier)
Desulphurization
catalyst cost
Refractory cost
Insulation cost
Sorbent cost

unit

cost

M€/year
M€/year
M€/year
M€/year
M€/year
M€/year
M€/year

285.4
-8E-5
-15.8
0.8
1.8
26.5
21.2

M€/year

6.46E-4

M€/year

41.1

M€/year

0.7

M€/year
M€/year
M€/year

0.004
2
0.2

Total variable
O&M cost
(M€/year)

270.4

Total fixed
O&M costs
(M€/year)

91.7

In addition, the final methanol price with Chemical Looping Reforming with the (Eqs 21) is
derived as 155.7 €/ton of methanol, by considering 117.124 kg/s of methanol production.

Figure 7-2 Annual costs of methanol production at CLR
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Figure 7-2 shows the dependency of the methanol price on the cost of other parameters. It
is clear that the cost of natural gas is about 55% and cost of OC is 5.3% of the annual price
of methanol. Other effective parameters can be named as total plant cost, maintenance
and insurance which calculated based on 2.5% and 2% of TPC respectively.

7.5 Further Analysis:
The three cases were compared by final price of methanol. Table 7-7 represents the final
methanol price which is based on the cost of consumptions, such as natural gas and
electricity, and productions like heat to export, methanol, and electricity in case of CLR.
Table 7-7 Annual profit and final methanol price comparison

Two-Step Reforming

Chemical Looping reforming

M€/year

M€/year

Natural gas (kg/s)

73.5

-271.1

73.5

-271.1

Electricity (MW)

-30.6

-28.7

26.1

24.5

46

0.2

69.2

0.3

118.4

1370.8

117.1

1355.8

Heat to export (kg/s)
Methanol (kg/s)

Final price of MEOH
(€/ton)

203.72

155.72

The DOE economics are based on the 6.13 $/GJ natural gas price at 2011 which resulted in 1.14 $/gal
(309.6 €/ton at year 2011), if the inflation rate (price of natural gas at April 2017 in US is slightly
lower than the price at end of 2011) is being considered that final price of methanol would reduce to
1.035 $/gal (307.1 €/ton at 2017) as Table 7-8 shows. As mentioned before, the DOE reference is
based on 30 years working plant at US and the commercial price of methanol at 2011 was assumed
as 1.28 $/gal (386.2 $/ton).
Table 7-8 DOE economic updates

RSP component detail ($/gal)
Capital
Fixed O&M
Variable O&M
Natural gas
Power
CO2 T&S
RSP total ($/gal)
RSP total (€/ton)

2011
0.52
0.07
0.03
0.57
-0.05
0.01
1.14
345.4

2017
0.54
0.073
0.031
0.41
-0.052
0.0104
1.013
307.1

Compering the three plants, the final price of methanol at CLR plant is 48% lower than DOE, and 21%
lower price than Two-Step Reforming. However, the final price of methanol highly depends on the
price of natural gas. Figure 7-3 indicates the effect of natural gas price elevation on final methanol
price. At both Two-Step Reforming (TSR) and CLR plants, the final price of methanol increases by
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increasing the natural gas price and almost with the same slope. CLR slightly face the increase in
price faster than TSR due to the fact the percentage dependency is about 10% higher at CLR.

* CLR slope = 29.9 ; TSR slope 29.5

Figure 7-3 Effect of natural gas price

On the other hand, CLR oxygen carrier OC ( which in this case also working as catalyst) price is an
remarkable cost in the O&M fixed cost and compare to other catalysts’ prices, is significantly higher
due to the amount of catalysts that are needed to load in 18 CLR reactors. Lowering the catalyst price
effects the final methanol price. Figure 7-4 represents the relation between the price of OC and the
final methanol price. Afterwards, further catalyst improvement is needed to lower the price of
catalyst that can be achieved by increasing the active weight of catalyst which reduce the amount of
required catalyst, therefore, reduce the total cost of OC and final price of methanol, however, the
temperature rise in the systems should get controlled. This improvement can happen by choosing a
cheaper catalyst in which the amount of OC will be reduced proportionally, as well as, improving the
catalyst efficiency or lifetime may reduce the O&M costs and finally the methanol price.

Figure 7-4 the affect of CLR OC price on final methanol production

Methanol selling price was taken from Methanex [24] price list for March-2017, the selling price is
elevating from 125 to 525 €/MT (Metric Ton) at 2015. The estimated final methanol price (159 €/ton)
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fits in the commercial methanol price range, and it is estimated to be equal or lower than
commercial price 93% of time (based on Methanex price list).
Considering the price of CLR reactors, it was estimated based on the cost of 18 reactor with cost of
valves which are assumed to be 20% of the cost CLR reactors. Figure 7-5 represents the effect of CLR
reactors on the final price of methanol if the total CLR cost increases. The changes may occur due to
several reasons, i) the higher costs of valves; due to the fact that the active catalyst weight was
optimized to the lower value, the cycle time reduced proportionally which increases the switch times
and consequently stronger valves are needed . ii) Considering extra reactor for emergency plant use
in case of leakage. From the graph it can be observed that even if the CLR reactor cost increase by
the factor 7, the final methanol price would be still lower than Two-Step Reforming.

Figure 7-5 Effect of CLR reactor cost on final methanol price

Considering the price of methanol reactor which is the major cost in CLR and the second major (after
ASU) in Two-Step Reforming. Lowering the cost of methanol reactor can significantly affect the final
price of methanol. The new introduced Lurgi Mega-Methanol reactor currently can produce up to
5000 MTPD with 1.5 MMBtu/MT lower natural gas demand which results in almost 20% lower
production cost compare to conventional methanol reactors.[25]
And at last, in the process description it was mentioned that based on patent and relevant
references, three distillation columns were considered for separation, however, the third column
does not affect the total plant cost, due to the fact that the inlet flowrate is very low as well as the
size of the column is relatively small. Therefore, the usage of the third column depends on the
required purity grade for produced methanol.
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Conclusion and recommendation
Methanol production was studied in this work for two different technologies of syngas production.
The results obtained in this work are based on the comparison of Two-Step Reforming (TSR) and
Chemical Looping Reforming (CLR) with the reference plant of Auto-Thermal Reforming (ATR). The
reference plant was chosen only to compare the methanol production rate and the effect of
operating conditions therefore, in terms of efficiencies due to lake of data for DOE plant only TSR and
CLR were compared.
The best conditions, chosen after sensitivity analysis compare to DOE reference plant and a technoeconomic trade-off as far as efficiency, costs, and CO2 emission, can be observed at table below.

Methanol reactor
operating condition
S/C
O2/C
CO2 emission (kg/ton MeOH)
Wel (MW)
Qth (MW)
Total energy efficiency, %
Methanol production efficiency, %
Carbon efficiency, %
Methanol production
Total plant cost (M€)
Cost of methanol (€/ton)

DOE- ATR
R1: 246.1 ᴼC
50.8 bar
R2: 221.1 ᴼC
50.1 bar
0.21
0.59
N/A
N/A
N/A
N/A
N/A
N/A
118.66
2.6
307.1 *

TSR

CLR

260 ᴼC
56 bar

260 ᴼC
56 bar

1.5
0.52
240
-30.6
96.3
79.78
77.88
84.04
118.4
1863.1
203.72

1.8
0.72
0
26.1
145.7
80.85
80.89
81.90
117.12
1074.3
155.72

* recalculated for 2017
Comparing the methanol production rate, CLR has slightly lower rate as well as carbon efficiency,
however, this plant is advantaged in terms of electricity in which production of electricity is almost
equal to amount of electricity consumption in TSR. Further, in terms of economics, due to no usage
of expensive ASU, the total cost of the plant is significantly lower which leads to lower cost of
methanol.
However, some further work can improve the efficiency and economics to make the most efficient
methanol production at current industry. Improvement can be done via considering the syngas
conversion and production rate as well as cost of the equipment.
Oxygen carrier has an important role in syngas production, in this thesis Ni was chosen as an oxygen
carrier which can also acts as catalyst in the reformer. The OC choice was based on the previous
experiments used to validate the model. For the amount of required active weight of OC, a sensitivity
analysis was carried out. The study shows that higher active weight leads to higher solid temperature
which may results in a rapid catalyst degradation, therefore, lower active weight material was chosen
for further analysis. In addition, the cost of OC is relatively high and in this thesis, as it mentioned
49 | P a g e

before, due to the fact that Ni was also used as catalyst in reformer, large amount of materials were
needed to fill 18 reactors. However, if cheaper catalyst with promising efficiency and lifetime is
chosen, then the required amount of OC will reduced remarkably which leads to lower cost of
methanol.
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Attachments:
Section A: ASPEN mass and energy balances
A.1 – Thermodynamic conditions of the selected streams of modeling the DOE reference plant by
ASPEN
A.2 – Thermodynamic conditions of the selected streams of modeling the Two-Step reforming plant
by ASPEN
A.3 – Thermodynamic conditions of the selected streams of modeling the CLR plant by ASPEN
A.4 – syngas mass balance in CLR

Section B: Economics
B.1 – Definitions
B.2 – CCF calculation
B.3 – Distillation calculation
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A.4: steam mass balance in the heat recovery units (CLR configuration)

#p

T ᴼC

P bar

M kg/s

N kmol/s

IPW1

15

1.2

154,3703

30847,88

IPW11

15.2

40

154,3703

30847,88

IPW2

173.77

41.6

154,3703

30847,88

IPW3

173.77

41.6

23,05819

4607,727

IPW4

245.35

40.8

23,05819

4607,727

IPW5

262.6

40

23,05819

4607,727

IPW6

368.3

40

191,5609

38279,69

IPW7

368,3

40

71,62854

14313,56

IPW8

342,16

40

94,69674

18923,28

IPW9

368,3

40

119,9324

23966,14

IPWEXTRA1

173,77

41,616

131,3121

26240,15

IPWEXTRA2

260,4933

41.616

131,3121

26240,15

IPMIX

310,1777

40

251,2446

50206,29

LP1

124,6198

6

251,2446

50206,29

LP2

159,6905

6

182,0407

36377,26

LP3

135,7217

6

182,0407

36377,26

LP4 (STEAM TO EXPORT)

159,6905

6

69,20384

13829,03

HPW1

1.2

15,00127

191,5609

38279,69

HPW2

100

15,6

191,5609

38279,69

HPW3

173,77

102

191,5609

38279,69

HPW4

173.77

102

191,5609

38279,69

HPW5

212.7

100

191,5609

38279,69

HPW9

485,3846

92

191,5609

38279,69

[x]

B.1: Economic definition:
The Bare Erected Cost (BEC): the cost of process equipment, supporting on-site facilities, direct and
indirect labor for construction and/or installation. Total Installation Cost (TIC) is estimated by 14% of
Total Equipment Cost (TEC) and the sum of TEC and TIC estimates the Total Direct Plant cost (TDPC);
an Indirect Cost (IC) is assumed to be 14% of TDPC.
The Engineering, Procurement, and Construction Cost (EPCC): costs engineering including detailed
design as well as procurement and construction such as contractor permitting and
project/construction cost. EPCC can be calculated by the sum of TDCP and IC
The Total Plant Cost (TPC): EPC costs plus project and process contingencies and it is the sum of EPC
and C&OC.
The Total Overnight Capital (TOC): total plant cost plus the owner’s cost as well as contingencies
(C&OC) and it does not include the escalation or interest during construction. Owner’s cost is
estimated by 10% of EPC and contingencies is 5% of EPC.
The Total As-Spent Capital (TASC): considered the escalation and interest during construction to the
sum of all the capital costs.

B.2: CCF calculation:
First year carrying charge factor calculation methodology
Economic analysis data:
-

f
d
r
Rd
Rr
m

inflation rate
Annual loan nominal (current value) interest rate
annual equity nominal (current value) interest rate (stakeholders’ share of profit)
Loan fraction of investment
equity fraction of investment Rr = 1-Rd
Annual discount rate pre-tax (weighted capital cost at currency monetary value)
m = Rd∙d + Rr∙r

m  Rr  r  Rd  d

(22)

Investment discounting at reference time (during site building)
The overnight cost is employed to work on the investment cost; the overnight cost is an
instantaneous cost (as if the plant was built in a single night) which does not include the taxes
during construction.
The voice cosr is generally referred to as “cost of technology”.
-

TC

Overnight cost of technology at the reference times expressed in €;
it includes both the field cost and the insurance and general expenses

-

BT
IN
qk
AMO

Building time (it ends at the reference time 0)
Instalments number
Fraction of TC paid in the k-th instalment
Actual Monetary Flow
NR

AMO   q k TC
k 1

1
(1  f ) E

(23)

Where

TC
IN  1
TI
Total investment (in € at the reference time 0)
TC
E  ( IN  K )
IN  1
TBSB Tax burden on cas outflow during site building (in € at the reference time 0)
TBSB = TI – AMO; out of which:
Rd ∙TBSB is considered amortizable
Rr ∙TBSB is considered NOT amortizable
E  ( IN  K )

-

-

-

AI

(24)

(25)

Gross amortizable investment (in € at the reference time 0)
AI = AMO + Rd ∙TBSB

“First year carrying charge fraction” calculation during plant operation”
Once all the total investment has been obtained, the annual cash flows economic analysis should be
performed. Every figure hereafter reported will be expressed in € at the 31st December of the J-th
year. The year counter, J, is relative to the current year and varies from 1 to the plant lifetime. The
expected profit operation is calculated throughput the plant economic lifetime and it should
reward bot the initial total invested capital and the loan and the equity interest rates.
-

-

LT
Expected economic lifetime of the plant (years)
LB0
initialization of LBj, LB0 = Rd∙TI
EB0
initialization of EBj, EB0 = Rr∙TI
aj
fiscal amortizable fraction at Jth year. The fiscal amortization should always be
considered at constant rates along the amortizable lifetime, meaning that a1….aDA = 1/DA,
whereas for aDA+1….aLT = 0
AMMj Fiscal amortizable fraction at Jth year
AMMj = aj∙AI
Rj
Gross profit at J-th year (in € at the 31st December of the Jth year). This is the figures
(initially unknown) which should be guaranteed from the energy production and sale in order
to remunerate the initial investment calculated with aforementioned hypotheses. Assuming
that the constant monetary value of the said profit remains unchanged throughout the plant
lifetime, the current monetary value increases at the inflation rate, as reported hereby
R j  R1  (1  f ) J 1  CCF (1  f ) J 1

-

(26)

R1
“First year carrying charge” which coincide with the average cost needed to reward
the total investment R1 = CCF∙TC

-

-

CCF
LDJ

First year carrying charge fraction
Loan interest rate (tax-deductible) at the Jth year. LDJ = r∙LBJ-1

ERJ

Equity interest rate (tax deductible) at the Jth year. ERJ = r∙EBJ-1

PBRJ
t
OTJ
EJ
LBJ
EBJ

Profit before taxes at the Jth year. PBTJ = RJ – LDJ – AMMJ
tax rate
outflows taxes at the Jth year. OTJ = t∙PBTJ
Marginal net profit (after taxes) for the Jth year. EJ = RJ – LDJ – ERJ – OTJ
Loan balance at the Jth year. LBJ = LBJ-1 - EJ∙Rd
Equity balance at the Jth year. EBJ = EBJ-1 - EJ∙Rr

The unknown variable of the problem is CCF which, depending on R1, includes the effect of the
invested capital on the annual cost of the olefins produced in year 1. The said variable is
determined by imposing that the sum of the marginal profits (Ej) throughout the whole lifetime
of the plants equals the initial total investment; in other words the zeros of the following
relationship ought to be determined:
LT

E
1

J

 TI  0

(27)

B.3: Distillation calculation
To calculate the tower diameter, first requires calculation of the net vapor (gas) velocity at flood
condition in the column from
𝜌𝐿 − 𝜌𝐺
𝜎
𝑉𝑛𝑓 = 𝐶𝑠𝑏 ( )0.2 √
𝜌𝐺
20
Where 𝐶𝑠𝑏 is the Sounder and Brown factor at flood conditions in m/s, 𝜎 is the surface tension in
dyne/cm, and 𝜌𝐿 and 𝜌𝐺 are the densities of the liquid and vapor streams in the column, respectively.
𝐶𝑠𝑏 is obtained from figure below after specifying a reasonable try spacing. Standard tray spacing for
large-diameter column are generally either 0.46 or 0.61 m, but 03- and 0.91-m spacing are also used.
In this case tray spacing assumed to be 0.6 m.

The actual vapor velocity Vn is selected by assuming that it is 50 to 90percent of the net vapor
velocity at flood conditions. The net column area is then obtained from
𝐴𝑛 =
And

𝑚̇𝑣
𝑉𝑛

𝐴𝑐 = 𝐴𝑛 + 𝐴𝑑

Where An is the net column area used in the separation process, Ad the down-comer area, Ac the
cross sectional area of the column, mv the volumetric flow rate of the vapor, and Vn the actual vapor
velocity. The column dimeter is then calculated form
𝐷 = (4

𝐴𝑐 0.5
)
𝜋

