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The working principle of the GBC-reactor is based on the catalytic oxidation of
hydrogen gas in a gas diffusion anode, which is electrically connected direct or
indirect, with a three-dimensional cathode in which the reduction process takes
place. If the free Gibbs energy of the overall reaction is negative, then the
oxidative and reduction processes occur spontaneously in the reactor. This
operating regime is indicated as the galvanic mode. An one-dimensional reactor
model for this operating regime is presented, which focuses on the reduction of
metal ions present in dilute concentrations. It is based on an earlier developed
model for the gas diffusion anode combined with established theory for the
pseudo-homogeneous description of three-dimensional flow-by cathodes. Results
of numerical model simulations are presented, which indicate that the metal ion
reduction rates achieved in a GBC-reactor working in a galvanic mode, can be
competitive compared to three-dimensional electrode reactors working in an
electrolysis mode. The influence of several important process parameters on the
rate and the efficiency of the reduction process is discussed. Furthermore, it is
confirmed that an empirical reaction rate equation presented earlier can be used to
identify shifts in the operating regime of the reactor. After experimental
verification the model will be extended to describe the behaviour of full-scale
industrial GBC- reactors.

1. Introduction
Experimental results on the reduction of metal ions from dilute solutions using a
GBC-reactor (Qas diffusion electrode packed Bed Cell) have been reported in a
number of papers [1-6]. The working principle of this reactor is based upon two
main reactions : the catalytic oxidation of hydrogen gas in the gas diffusion anode
(Equation 1) and the simultaneous reduction of metal ions inside the threedimensional cathode (Equation 2).
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The oxidative and reduction processes occur spontaneously when the Gibbs free
energy change of the total reaction is negative. This operating condition is
indicated as the galvanic mode, which can have certain advantages compared to
the electrolysis operation mode of traditional three-dimensional electrode reactors
[3]. In this work a detailed one-dimensional reactor model is formulated for the
galvanic operation mode.
The behaviour of the gas diffusion anode is described with the so-called
reactive plane approximation, which was presented earlier [7]. It assumes that the
entire hydrogen oxidation current is produced at a plane coinciding with the gasliquid interface inside the gas diffusion electrode. The relation between the
reaction current density and the overpotential is based on a simplification of the
Volmer-Tafel mechanism, which is valid for relatively low current densities.
The cathode model is based on established theory concerning the pseudohomogeneous description of three-dimensional electrodes [e.g. 8-10]. This
description has been applied to model the so-called flow-through and flow-by
three-dimensional electrodes [e.g. 11-24] and is also used in this work. For the
reduction process taking place inside the three-dimensional cathode a simple oneelectron transfer reaction is considered, assuming Butler-Volmer kinetics.
External mass transfer of reactants and products towards, or from, the cathode
surface are taken into account. Furthermore, the influence of a porous separator
inserted between the electrodes or placing a resistance in the external electrical
circuit is considered.
Results of numerical model simulations are presented, which indicate that the
reduction rates achieved in a GBC-reactor working in a galvanic mode can be
competitive compared to existing three-dimensional electrode reactors working in
an electrolytic mode. Furthermore, it is confirmed that an empirical rate equation
presented earlier [3] can be used to identify shifts in the operating regime.

2. Theory
2.1 Geometric aspects and major assumptions

Usually, three-dimensional electrode reactors are classified according to the
direction of current flow with respect to the direction of electrolyte flow. In the
case of the GBC-reactor the direction of current flow is perpendicular to that of
the electrolyte, which only flows through the three-dimensional cathode. This
means that the system is considered as a flow-by configuration [10].
Two reactor configurations are treated in this paper : the undivided and the
divided GBC-reactor. For the undivided reactor configuration only the active layer
of the gas diffusion anode and the three-dimensional cathode are considered,
which are directly short-circuited. The divided reactor configuration is obtained by
insertion of a porous separator between the electrodes and connecting them by an
external electrical circuit. Placement of a resistance in the external electrical
circuit and monitoring the voltage drop across it provides the possibility to register
the current flowing through the reactor. A schematic presentation of the divided
reactor configuration, including all system components, is given in Figure 1.
The formulated model is based on a rectangular reactor geometry (Figure 1),
requiring a two-dimensional description (i.e. gradients exist in both the lateral and
axial directions [10]). However, as a first approach only gradients in the lateral
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direction (x-axis) were considered. This treatment results in an one-dimensional
model, so it is applicable in the case of low reactant conversions over the threedimensional cathode (i.e. a differential reactor mode [3]). Further important
assumptions are :
(i)
(ii)
(iii)
(iv)

the reactor operates in a steady state under isothermal conditions.
the porosity and specific surface areas of both electrodes are uniform.
the conductivity of the solid phases is good (i.e. equipotential solid phases).
a high concentration of an acidic background electrolyte is present in all
hydrophilic reactor components, so ionic migration can be neglected.
(v) as the anodic and cathodic reactants are present in dilute concentrations, the
electrical state of the solution phase is completely determined by the local
composition of the background electrolyte.
Figure 1
2.2 Electrochemical kinetics and mass transfer

The kinetic and mass transfer behaviour of the gas diffusion anode is described
using a model presented earlier by Portegies Zwart et aI., called the reactive plane
approximation [7]. It is applicable in the case of relatively low hydrogen oxidation
current densities. Due to the expected low current densities [3], mass transfer of
molecular hydrogen in the gas phase is considered fast enough to prevent the
occurrence of a concentration profile inside the porous backing of the electrode.
Furthermore, it was shown that mass transfer in the solution phase limited the
penetration depth of molecular hydrogen in the active layer to a great extent.
Therefore, it is assumed that the entire anodic reaction current is produced at a
reactive plane coinciding with the gas-liquid interface (i.e. at Xl in Figure 1), at
which the concentration is equal to the maximum solubility of hydrogen gas in the
electrolyte solution. The hydrogen oxidation kinetics are described using an
approximation of the Volmer-Tafel mechanism [7], which combined with the
reactive plane approximation gives a simple expression for the anodic reaction
current density (Equation 3, [7]). This current density is based on the cross-section
area of the reactor normal to the direction of current flow. The apparent exchange
current density is defined at specified reference conditions (i.e. hydrogen gas
pressure, temperature and background electrolyte composition).
.
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For the reduction process in the three-dimensional cathode a simple one-electron
transfer reaction is considered (Equation 4).

(4)
The electrochemical kinetics are described using Butler-Volmer type of equations,
so the cathodic reaction current density, based on the true electrode surface area, is
calculated according to Equations (5-7).
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Mass transfer of 0 and R towards or from the electrode surface is described using
the film theory (Equation 8). In a steady-state the flux of a component i must be
equal to its reaction/production rate at the electrode surface (Equation 9). By
combining Equations 8 and 9 the surface concentrations of 0 and R can be
eliminated from Equation 5, to give a general reaction-diffusion equation
(Equation 10, [10]).
N·1
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2.3 Local charge and voltage balances for the reactor system components
In addition to the two reaction current densities, two other current densities are
introduced : a solution phase current density, js and a solid phase current density,
jm. These current densities are defined with respect to the cross-section area of the
reactor normal to the direction of the current flow, An. The sum of the solution
and solid phase current densities is constant (Equation 11). Subsequently,
Equation 12 must hold: another expression for the electroneutrality condition.

(11)
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Passage of an ionic current in the solution will cause a change in the solution
phase electric potential according to Equation 13 (i.e. a version of Ohm's law).

d<I>s
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The solution phase current density is constant throughout the active layer and the
porous separator as no current is generated or produced within these components
(the reactive boundary of the active layer at Xl is not included). Therefore, simple
integration of Equation 13 gives two expressions for the solution phase voltage
losses of the active layer and the porous separator (Equations 14 and 15).

(14)

(15)

As the cathodic reaction current is generated throughout the three-dimensional
cathode volume the solution current density is not constant across it. This change
in the solution current density is described by Equation 16.
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Again, Ohm's law applies, however in this case the differentiated version of
Equation 13 should be combined with Equation 16, to give a second order
differential equation (Equation 17).

(17)

The boundary conditions used to solve this equation depend on the reactor
configuration. For both configurations applies that no ionic current leaks from the
cathode boundary at X6 (Equation 18, [18]). At the other boundary (Le. xs), either
with the porous separator or the gas diffusion anode, the solution phase electric
potential will have some fixed value (Equation 19).
(18)
x:;;;;; Xs

=>

(19)

If an external resistance is present in the divided reactor system then the solid
phase potential changes also according to Ohm's law. Subsequently, the solid
phase potential change across the external resistance is given by Equation 20,
inserting the local solid phase current density.
(20)

5

2.4 Total charge and voltage balances for the complete reactor system
The different reactor components are linked by considering a total charge and
voltage balance over the complete system. As the reactor operates in a galvanic
mode, the potential driving force for the reactions to take place (Updf) is equal to
the electromotive force of the redox couples involved. The electromotive force is
expressed by the difference in the half-cell equilibrium potentials, which are
substituted by solid and solution phase electric potentials (Equation 21). Here, the
assumption of an identical solution composition is used to eliminate <1>s.
U pdf

Figure 2
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(21)

The (hypothetical) distribution of the solid and solution phase electric potentials
over the reactor at equilibrium conditions is presented in Figure 2. The solution
phase electric potential over the different components during equilibrium is
identical. However, for certain types of porous separators a discrete jump in the
solution phase electric potential at its interfaces is possible. This is caused by a
difference in the solution phase composition between the separator and the bulk
electrolyte, for instance when applying an ion exchange membrane. As we assume
that the electrolyte composition is identical in both electrodes these discrete
potential jumps on both sides of the separator are considered equal and opposite.
Therefore, these potential jumps cancel from the total voltage balance.
To start the oxidation and reduction processes the electrodes are shortcircuited. Consequently, the solid phase electric potentials of both electrodes will
become equal [25] and can be arbitrarily set to zero (Le. <1>ma = <1>mc = 0 ). However,
if an external resistance is present in the reactor system then the solid phase
potential of the three-dimensional cathode will differ from zero to an amount
equal to .6.<1>mext :
(22)
The electrode overpotentials can subsequently be expressed as :
(23)

'Ile (x) = Ee (x) - Ee,o

= (<1>~ -
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(24)
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,
During reactor operation the solution phase electric potential and the solution and
solid phase .current densities are continuous across the complete domain.
Furthermore, all voltage losses due to electrode overpotentials and Ohmic
resistances must be balanced against the available potential driving force. This
latter condition is represented by a total voltage balance (Equation 25), which is
similar to those reported for other types of galvanic systems [25] :
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(25)

Figure 3

In Figure 3 the electric potential profiles in the solid and solution phase during
reactor operation are shown for both configurations.
Besides the total voltage balance also a total charge balance applies, which
states that the absolute values of the anodic and cathodic currents generated in the
reactor system must be equal as a consequence of the electroneutrality condition :

(26)
To prevent having to specify more than one dimension (i.e. only x is used) an
equivalent expression of Equation 26 is used based on current densities:
X6

Ja

= a~

(27)

Jic(x)dx
Xs

Naturally, the distribution of the solid and liquid phase current densities differ for
both reactor configurations, as shown schematically in Figure 4. The direction of
flow of negative charge is shown, indicating the sign of the particular current
density according to the standard sign convention.
From Figure 4 it follows that the sum of js and jrn , which is constant
according to Equation 11, differs for the two reactor configurations. In the case of
an undivided reactor the sum of js and jrn is always equal to zero, as no current
leaves the system. In the case of a divided reactor the sum of the solution and solid
phase current densities is equal to the macroscopic current density. Just like js and
jrn this current density is defined with respect to the cross-section area of the
reactor normal to the direction of the current flow.
The macroscopic current density is directly related to the current which would
be measured using an external electrical circuit, and its absolute value is given by
Equation 28. In the case of an undivided reactor system this current is of course
purely hypothetical. It assumes the presence of a separator between the electrodes
which introduces no Ohmic loss and an imaginary external electrical connection.
X6

jrnacro

= ja = a~

(28)

Jic(x)dx
Xs

The solution phase current densities in both the active layer and the porous
separator, for both reactor configurations, are shown to be numerically equivalent
to the macroscopic current density. The absolute value of the solid phase current
density in the external electrical circuit is also numerically equivalent to the
macroscopic current density. Therefore, the voltage losses due to the anode
overpotential and the Ohmic resistances in the active layer, the porous separator
and the external resistance (Equations 3, 14, 15 and 20) can be expressed by a
single linear equation (Equation 29). Finally, it is important to note that both the
total voltage and charge balance can only be satisfied simultaneously as they are
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Figure 4

completely interdependent.

2.5 Simulation ofthe reactor model

The (un-)divided reactor behaviour is simulated with an iterative calculation
procedure. First, an initial guess is made for the value of <l>s(xs) (Equation 19) and
the Ohmic loss due to an external resistance is neglected : <l>mC O. So, the second
order, non-linear differential equation (Equation 17) can be solved numerically,
using a finite difference method (routine D02RAF, [26]). Subsequently, the
solution phase electric potential profile and the local cathode reaction current
densities are known. Henceforth, the total cathode reaction current density
generated can be calculated by numerical integration, for which the Trapezoidal
method is used [27]. Thus, the anode and macroscopic current density are known
(Equation 28) and the remaining voltage losses can be determined (Equation 29).
The true value of <l>mC is actually equal to .6.<I>mext (Equation 22). This means that
the calculated solution potential profile needs to be incremented with .6.<l>mext to
maintain the same local overpotentials which correspond with the calculated local
cathode reaction current densities. Next, the total voltage balance is checked
(Equation 25) and if it is correct the solution is reached. This usually necessitates
successive adjustments for the initial guess of <l>s(xs).
2.6 Comparison with empirical reaction rate equation

In the first paper of this series experimental data were reported for the reduction of
ferric ions in a sulphuric acid solution using an undivided GBC-reactor [3]. The
reduction rate in the reactor was described using an empirical reaction rate
equation, with two apparent reaction rate parameters : an apparent reaction rate
constant, kapp, and an apparent reaction order, (lapp (Equation 30). The parameter K
is a constant, with a value of 1 and the dimensions of moll-a.pp m3aapp.3. By using
this formulation kapp can have the standard dimensions of m s·1 while Equation 30
still preserves dimensional integrity.
pp
-ro = Kk app (Cob )<la

(30)

The simulated reduction rates can be expressed in terms of the empirical reaction
rate parameters. The reduction rate at specified process conditions follows from
Equation 31. By varying the concentration of 0 a plot of the left-hand side of
Equation 32 as a function of In(cob) can be constructed. The slope of this plot is
equal to the apparent reaction order, while the apparent reaction rate constant can
be calculated from the ordinate intercept.
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3. Simulation results
To explore the possibilities of the GBC-reactor concept simulations were
performed with the reactor model, using a set of base-case conditions (Table 1),
which were selected to represent realistic operating conditions. An undivided
reactor system was chosen as the standard configuration to show the maximum
achievable reduction rates, which also explains the choice of a very reactive gas
diffusion anode. Effective conductivity values for a solution in a porous medium
were estimated using the Bruggeman equation:
(33)

Table 1

An optimum use of the three-dimensional working electrode volume is often used
as a reactor design criterion. This optimum condition corresponds with the
reaction being fully limited by external mass transfer throughout the electrode
volume. This principle and its consequences with respect to the optimal design of
electrochemical flow-by reactors is well described by Kreysa and Reynvaan [21].
Based on this optimisation principle, three parameters are defined which are
used in presenting the simulation results : a dimensionless cathode reaction
current density, E>e, a total dimensionless cathode reaction current density, Ae, and
a cathode efficiency parameter, Ie (Equations 34 - 36). The dimensionless cathode
reaction current density is equal to one when the local reaction current density is
mass transfer limited. The dimensionless total cathode reaction current density is a
direct measure for the reduction capacity of the GBC-reactor. The cathode
efficiency parameter shows the degree of utilisation of the three-dimensional
cathode. It is 100% when the reduction current is mass transfer limited throughout
the electrode volume.
(34)

X6

Ae ==
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(35)

fE>e(x)dx

Xs
Ac
r e =--100%
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(36)
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Figure 5+6

Figure 7

Figure 8

Figure 9

Typical simulation results for the solution phase potential and the dimensionless
cathode reaction current density distribution over the three-dimensional cathode
are shown in Figures 5 and 6. The potential driving force of the base-case is equal
to 0.5 V. From the plots it is clear that the anode overpotential and the Ohmic
voltage loss over the active layer of the gas diffusion anode are quite small for
both values of the solution phase conductivity. However, the solution phase
potential profiles in the three-dimensional cathode (Fig. 5) show a distinct
difference between the two conductivity values, with the voltage loss being
significantly increased by lowering the conductivity of the solution. Consequently,
the cathode reaction current density profiles (Fig. 6) show a decreasing reduction
rate with a decreasing solution conductivity.
An important design parameter of the GBC-reactor is the three-dimensional
cathode thickness. In Figure 7 simulation results are shown for the variation of the
three-dimensional cathode thickness between 2.5 10-3 en 15 10-2 m for two values
of the solution conductivity. From these plots it is clear that with increasing
thickness a limiting plateau in the dimensionless total cathode reaction current
density is reached. The absolute value of this limit is dependent on the solution
conductivity. Furthermore, the cathode efficiency profiles show a maximum at
small values of the three-dimensional cathode thickness. The start and degree of
decline of the efficiency are dependent on the solution phase conductivity, a high
value of the latter being favourable. It can therefore be concluded that a proper
selection of the three-dimensional cathode thickness ensures an optimal GBCreactor configuration.
Both the mass transfer rate and the standard electrochemical reaction rate
constant for the reduction process in the three-dimensional cathode can be
optimised to a certain extent. The mass transfer rate can be varied by changing the
solution volumetric flow rate or the geometric properties of the three-dimensional
cathode (e.g. pore size and tortuosity of the material). In case of catalytic reduction
reactions the standard electrochemical reaction rate constant is dependent on the
electrocatalytic properties of the cathode material and can be optimised by
selecting a suitable electrocatalyst. The effect of the kinetic and mass transfer rate
of the reduction reaction on the reactor performance is shown in Figure 8. From
this plot it is clear that for realistic operating conditions a high cathode efficiency,
i.e. between 60 and 80 %, can be achieved.
A sufficient potential driving force is necessary to carry out the GBC-process,
which is dependent on the half-cell equilibrium potentials (Equation 20). The
potential driving force will therefore lie in the range between 0 - 1 V. Simulation
results of varying the potential driving force at different concentration levels of 0
and R are shown in Figure 9. Clearly, the cathode efficiency drops with decreasing
potential driving force and increasing concentration levels.
In a previous paper [3] it was assumed that the oxidation of hydrogen gas in the
gas diffusion anode was not rate determining in the GBC-process. To verify
whether this assumption is justified the apparent exchange current density of the
hydrogen oxidation reaction was varied between 200 and 1000 A m-2 . Again,
different concentration levels of 0 and R were used in the calculations. The
simulation results are given in Figure 10. From this figure it can be concluded that
the reactivity of the gas diffusion anode has practically no influence on the
reduction rate in the GBC-reactor.
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Figure 10

A divided GBC-reactor will always generate lower reduction rates compared to
the undivided configuration because an extra resistance is added to the system.
This resistance is caused by the insertion of a porous separator between the
electrodes and is possibly extended by the addition of an external resistance to this
system. These two resistances can be combined into one parameter : a sheet
resistance (Equation 37). This parameter is equal to the combination of the two
last terms on the right-hand side of Equation 29.
(37)

Figure 11

Figure 12
Table 2+3

In Figure 11 the effect of varying the sheet resistance between 10-6 and 5 10-3 n
m 2 is shown, for several values of the concentration levels of 0 and R. In the low
concentration range (c ~ 1 mol m-3) only high values of the sheet resistance seem
to have an effect on the cathode efficiency. In general, it can be concluded that the
effect of adding extra resistances to the reactor system is more detrimental to the
cathode efficiency at higher concentration levels of 0 and R.
It is possible to link the results from the model presented in this paper with
experimental results obtained using the empirical reaction rate equation. For that
purpose two modifications are made to the base-case parameters (Table 1). First,
the three-dimensional cathode thickness is chosen as 2 10-2 m. Second, the total
concentration of 0 and R is set equal to 20 mol m-3. These conditions are more
consistent with the system studied by Portegies Zwart and Janssen [3].
An example of a plot used to determine the apparent reaction rate parameters is
shown in Figure 12. Only the results obtained for values of Co between 1 and 20
mol m-3 are used in the linear regression procedure, which is in accordance to the
experimental study [3]. From Figure 12 it is clear that within this concentration
range a straight line can be fitted with reasonable accuracy.
In Tables 2 and 3 the resulting apparent reaction rate parameters are shown for,
respectively, varying the mass transfer rate and the three-dimensional cathode
thickness. The observation that the apparent reaction order can have values
smaller then one [3] is supported by these simulation results. To show the
complex behaviour of the apparent parameters the mass transfer rate and the
standard electrochemical rate constant were varied over a large interval (Figures
13 and 14). Under certain conditions the accuracy of the fit is not optimal, which
is indicated by the error bars in these Figures.

Figure 13+14
4. Discussion
Based on the presented detailed GBC-reactor model the influence of several
important process parameters on the reactor performance has been studied. From
the results it can be concluded that at realistic operation conditions the cathode
efficiency of a GBC-reactor operating in a galvanic mode can be competitive
compared to that realised in an ordinary electrolysis reactor system. This means
that the reduction capacity of a GBC-reactor operating in a galvanic mode is large
enough for it to be advantageously utilised in an industrial process.
In optimising the GBC-reactor design a number of key parameters have been
identified. The thickness of the three-dimensional cathode is easily varied and has
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a large effect on the cathode efficiency, with its optimal value being strongly
related to the solution phase conductivity. This effect is due to the Ohmic voltage
loss in the solution phase of the three-dimensional cathode which leads to a very
uneven solution phase potential distribution. Actually, this problem, which
increases with increasing cathode thickness and a decreasing solution
conductivity, is a common aspect of three-dimensional electrodes [10].
Also the mass transfer and standard electrochemical rate constant strongly
effect the reactor performance. A high value of the latter is favourable, and is best
combined with a moderate mass transfer rate. However, tuning of these
parameters in practice, especially over large intervals, will be difficult.
An absolute requirement for the GBC-reactor to function in a galvanic mode
is a positive and big enough potential driving force. Also the concentration levels
of the components constituting the metal redox couple should be sufficiently low.
Obviously, a too high concentration of the oxidised component generates to much
current for the three-dimensional cathode to be effectively used, as the Ohmic
voltage losses in the solution phase become excessive. A too high value of the
reduced component would strongly decrease the equilibrium potential of the redox
couple (law ofNernst) and therefore diminish the potential driving force.
Clearly, the reactivity of the gas diffusion anode does not severely affect the
reactor performance. The explanation for this is the small fraction of the potential
driving force being utilised for the anode overpotential, even when the anode
reactivity is decreased. It can therefore be concluded that a gas diffusion anode
with a low reactive catalyst can be applied in the GBC-process, without any loss in
reactor performance. This could mean a significant cost reduction, as reactive
catalysts are generally more expensive.
Theoretically, an undivided reactor configuration is the most logical choice to
be applied in the galvanic operation mode. However, depending on the process
conditions, the use of a porous separator between the electrodes can be beneficial.
This is the case when (in-)organic components are present in the process liquid,
which are able to poison the catalyst of the gas diffusion anode causing total
deactivation. Use of a porous separator (e.g. a Nafion membrane) may prevent the
transfer of the poisonous component from the cathode chamber into the active
layer of the gas diffusion anode. As shown in Figure 11 the insertion of an extra
resistance in the reactor system leads to a loss in efficiency. However, practical
values of the sheet resistance caused by inserting a porous separator will lie within
the range of 10.5 - 10.3 Q m2• From Figure 11 it can then be concluded that using
a divided GBC-reactor configuration for process liquids containing low
concentrations of reactants/products gives rise to only slightly lower efficiencies
then those obtained using an undivided reactor.
By presenting the model simulation results in terms of the apparent reaction
rate parameters, they can be compared with the available experimental data [3].
This comparison is not exact as not all parameters necessary for the model
simulation were determined in the previous experimental study [3]. However, the
trends of the calculated and experimental values of the apparent reaction rate
parameters as a function of varying process conditions should be similar.
It should be noted that the accuracy of the empirical method varies upon the
process conditions, however, acceptable linear fits were obtained within the
concentration range of COb between 1 - 20 mol m·3 • Extending the method to larger
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concentration intervals may result in a decline of this linearity, as shown in Fig. 12
for concentration values below 1 mol m-3 and k.! being equal to 10-4 m S·l.
In the experimental study the superficial liquid velocity was varied over a
relatively small interval [3], thus yielding even smaller changes in the mass
transfer coefficient. From Table 2 it is clear that small changes in the mass transfer
coefficient result in small changes in <Xapp and kapp, which is consistent with the
experimental results (Fig. 6 in [3D. The trends found for the calculated <Xapp and
kapp as a function of the cathode thickness (Tables 3) agree well with those
reported in the experimental study (Fig. 11 in [3]).
The results of variation of the standard electrochemical rate constant over a
large interval, at different mass transfer rates, show a complex behaviour of <Xapp.
In combination with the calculated values of kapp it is possible to distinguish four
different operating regimes of the reactor. At very low values of ks the reduction
process becomes fully kinetically controlled (zone I in Fig. 14). In that case the
three-dimensional cathode has an even potential distribution and it can be shown
that both <Xapp and kapp, reach a limiting value of 1 and kc,lim respectively
(Appendix). These trends for <Xapp and kapp can be easily recognised in Figures 13
and 14.
An increase in ks can lead to several different operating regimes in the reactor,
depending on the value of the mass transfer coefficient. At low mass transfer rates
the transition from a fully kinetically controlled to a fully mass transfer controlled
process is very smooth (zone II in Fig. 14). Obviously, in this case <Xapp and kapp
reach the limiting values of respectively 1 and k.! (Fig. 13-14, k.! : 10.7 m S·l).
At higher mass transfer rates the effect of the Ohmic voltage loss in the threedimensional cathode becomes predominant due to the higher current flowing
through the system, resulting in an uneven potential distribution in the cathode.
Thus, the reduction process becomes controlled by kinetics, mass transfer and
Ohmic effects. Their separate influences on the reduction process varies,
depending on the exact process conditions. This leads to a complex behaviour of
<Xapp (zone III in Fig. 14, k.! : 1 and 10-5 m s·\ while the value of kapp lies between
its limiting values, i.e. kc,lim and kd (Fig. 13, k.! : 1 and 10-5 m S·l).
In case of a very high mass transfer coefficient and standard electrochemical
rate constant another operating regime is reached (zone IV in Fig. 14). Due to the
extreme high currents flowing through the system, only the region of the threedimensional cathode next to the gas diffusion anode is still active. Furthermore, at
these high current values the hydrogen oxidation rate and the Ohmic loss in the
gas diffusion anode are becoming rate determining. Eventually, this leads to a
zero-order reduction process with kapp being depend on the anode behaviour. It
must be emphasised that it is very unlikely for this operating regime to occur in
practice.
The analysis of the behaviour of the apparent reaction rate parameters shows
that the operating regime of the reactor can be identified using the values of <Xapp
and kapp. For a kinetic or mass transfer limited process <Xapp will have a value of
one, while kapp is respectively equal to kc,lim or k.!. Smaller values of <Xapp indicate
that the Ohmic loss in the three-dimensional cathode is predominant, leading to a
mixed controlled reduction process. The value of kapp will then lie between its
limiting values, i.e. kc,lim and kd. Although the empirical reaction rate equation can
not be used for scale-up studies, it does present an easy method for evaluating
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experimental results in terms of the reactor operating regime for which only the
macroscopic reduction rate needs to be measured [3].
The presented GBC-reactor model has been validated further using recently
obtained experimental data, which will be reported in a forthcoming paper [28].
Extension of the model to two dimensions has also been carried out, which makes
it suitable to simulate the behaviour of full-scale, industrial GBC-reactors [29],
which are characterised by a high conversion per pass.
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Nomenclature
Latin

Ae
An

a.
C

D
E
H
F

i.:
id
ja
. ref

Jo,app

true electrode surface area (m2)
2
cross-section area of reactor normal to the direction of current flow (m )
3
specific surface area (m2electrode m- electrode)
concentration (mol mol)
diffusion coefficient (m2 S-I)
electrode potential (V)
height of active layer, porous separator or three-dimensional cathode (m)
Faraday constant (96487 C mor l )
cathode reaction current density based on Ae (A m-2)
mass transfer limited cathode reaction current density based on Ae (A mol)
anode reaction current density based on An (A m-2)
apparent exchange current density of hydrogen oxidation reaction at specified
reference equilibrium conditions and based on An (A m-2)

K
kale
kapp
~

ks
Lalslc

o

R

Rext
Rsheet

T
U pdf
W

constant with value 1 (moll-uappm3uapp- 3)
anodic/cathodic electrochemical reaction rate constant reduction reaction (ms- I )
apparent reaction rate constant (m S-I)
mass transfer coefficient (m S-I)
standard electrochemical rate constant (m S-I)
thickness of active layer, porous separator or three-dimensional cathode (m)
oxidised component
gas constant (8.314 J mor l KI), or reduced component
external resistance (n)
sheet resistance (n m2)
temperature (K)
potential driving force for reaction (V)
width of active layer, porous separator or three-dimensional cathode (m)

Greek
<l>
Ie
Ac

ee
U

u app
I>

T]

K

v

electric potential (V)
cathodic efficiency parameter (%)
total dimensionless cathodic reaction current density (-)
dimensionless cathodic reaction current density (-)
anodic transfer coefficient for reaction (4) (-)
apparent reaction order (-)
porosity (-)
electrode overpotential (V)
solution conductivity (n- I m-I)
stoichiometric coefficient (-)

Sub-Isuperscript

o
a
b
c
eff
m
ref
s
sd

equilibrium state
(active layer) gas diffusion anode
bulk conditions
three-dimensional cathode
effective
metaVsolid phase
reference conditions corresponding with eqUilibrium state
solution phase, porous separator or surface conditions
standard conditions
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Appendix:

Limiting values of ka pp and (lapp at fully kinetically controlled
reactor operating conditions

The equilibrium half-cell potentials are calculated using the law ofNemst :

(A.I)

Voltage losses caused by Ohmic effects and the anode overpotential are assumed
negligible, so the maximum possible negative cathode overpotential for the basecase (i.e. Ea,o equals zero, n = 1) can subsequently be expressed as :

RT1{CSJ
-

-E C,O -- - E c,sd - 'I1 c,max -E
a,O
F

c~

(A.2)

Substituting Equation A.2 into Equations 6 and 7, and using the parameter values
of the base-case it follows that:

(cSJa exp a:

k a, lim -- ks c~

T l'lc,max

(A.3)

= k s exp

k c lim
,

5 k
"'" 5910s

b
Co

- k
-

F
-aRTEc,sd "'"

s(

b

CR

== k s exp

J-(I-a)
exp

-(l-a)

F
l'lc,max
RT

(AA)

F
(l-a)-E sd
RT c, "'"
"'"

4
17
. 10 k S

It follows from Equations A.3 and AA that the anodic term contributing to the
cathode reaction current density (Equation 5) is negligible. Assuming that mass
transfer is very fast, Equation 10 can then be rewritten as :
(A.5)
As the reaction current density is constant throughout the three-dimensional
cathode volume Equation 31 can be transformed to Equation A.6, which by using
Equation 30·directly shows the limiting values ofkapp and (lapp-

b

Kk app
== k c,limc O ==

(A.6)

(b
)aa
Co

pp
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LIST OF TABLE CAPTIONS:
Table 1

Base-case parameters for numerical simulations of the GBC-reactor
model.

Table 2

Influence of the mass transfer coefficient on the apparent reaction
rate parameters (at base-case conditions).

Table 3

Influence of the three-dimensional cathode thickness on the
apparent reaction rate parameters (at base-case conditions).
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TABLEt

Units

Parameter
Porous cathode

Value

Thickness
Porosity
Electroactive area per unit electrode
volume
Metal reduction kinetics

5 10'2
0.5

m

5 103

m 2 m'3

Standard electrochemical rate constant
Anodic transfer coefficient
Concentrations of 0 and R
Mass transfer coefficients of 0 and R
Standard potential
Background electrolyte

1 10-7
0.5
1
1 10-5
0.5

m

V

Sulphuric acid concentration
Conductivity
Gas diffusion electrode

1000
40

molm-3
n- 1 mol

Thickness active layer
Porosity of active layer
Hydrogen oxidation kinetics

1 10-4
0.25

m

Pure hydrogen gas pressure
Apparent exchange current density
Equilibrium potential

1
1000
0

bar
Am'2
V

TABLE 2

k<t
(m S'I)
10°
10-1
10-2
10'3
10-4
10-5
10'6
10'7

-

S'1

mol m'3
m S-1

-

TABLE 3

10' kaf,p
(m s-)
8.0
8.0
7.9
7.0
4.2
1.0
0.10
0.010

103 Lc
(m)
0.25
0.5
1
2
4
8
16
32

a.app

(-)
0.32
0.32
0.33
0.36
0.45
0.72
1.0
1.0
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10' kaf,p
(m s')
1.0
1.0
1.0
1.0
0.86
0.48
0.24
0.12

a.app

(-)
1.0
0.99
0.93
0.72
0.53
0.49
0.49
0.49

LIST OF FIGURE CAPTIONS:
Figure 1

Schematic presentation of the divided GBC-reactor configuration.

Figure 2

Distribution of the solid and solution phase electric potentials over
the GBC-system at equilibrium conditions for both the divided
(left) and the undivided (right) configuration. A : active layer gas
diffusion anode; S : porous separator; C : three-dimensional
cathode.

Figure 3

Distribution of the solid and solution phase electric potentials over
the GBC-system during reactor operation for both the divided (left)
and the undivided (right) configuration. A : active layer gas
diffusion anode; S : porous separator; C : three-dimensional
cathode.

Figure 4

Distribution of the solid (dotted lines) and solution (full lines)
phase current densities over the GBC-system for both the divided
(left) and the undivided (right) configuration. The arrows indicate
the direction of flow of negative charge, thus +- indicates a positive
and -. indicates a negative current density according to the
standard sign convention. A : active layer gas diffusion anode; S :
porous separator; C : three-dimensional cathode.

Figure 5

Calculated solution phase potential profiles inside the threedimensional cathode for two solution phase conductivity values, K.
Voltage losses due to the anode reaction overpotential, lla, and the
solution phase Ohmic resistance in the anode active layer, ~<l>s a, are
shown on top. K : 40 (a); 4 (b) 0- 1 m- 1

Figure 6

Calculated dimensionless cathodic current density profiles over the
three-dimensional cathode, corresponding with the solution phase
potential profiles in Fig. 5. The total dimensionless cathodic current
density generated and the cathode efficiency are shown on top.
1
1
K: 40 (a); 4 (b) 0- m-

Figure 7

Influence of three-dimensional cathode thickness on the total
dimensionless cathodic current density generated and cathode
efficiency.
1
1
K : 40 (drawn lines); 4 (broken lines) 0- m-

Figure 8

Influence of the standard electrochemical reaction rate constant on
the total dimensionless current density generated and cathode
efficiency at different mass transfer rates.
kd: 10-6 (a); 10-5 (b); 10-4 (c) m

20

S-1

(~= kd,o = ~,R)

Figure 9

Influence of the potential driving force on the total dimensionless
current density generated and cathode efficiency at different
concentration levels of 0 and R in the reactor.
c : 0.1 (a); 1 (b); 10 (c) mol m-3 (c Co CR)

Figure 10

Influence of the apparent exchange current density of the hydrogen
oxidation reaction (reference conditions stated in Table 1) on the
total dimensionless cathodic current density generated and cathode
efficiency at different concentration levels of 0 and R in the
reactor.
c: 1 (a); 10 (b) mol m-3 (c = Co = CR)

Figure 11

Influence of a sheet resistance on the total dimensionless cathodic
current density generated and cathode efficiency at different
concentration levels of 0 and R in the reactor. The dots show the
values for a system without a sheet resistance present.
c : 0.1 (a); I (b); 10 (c) mol m-3 (c = Co = CR)

Figure 12

Logarithmic plot of the calculated reduction rate of 0 versus the
concentration of 0 at different values of the mass transfer rate.
Drawn lines show fitted curves by linear regression, using the
concentration range between 1 and 20 mol m-3•
kd: 10-4 (e); 10-5 (+); 10-6 (+) ; 10-7 (_) m S·I (kd = kd,O = kd,R)

Figure 13

Calculated apparent reaction rate constant as a function of the
standard electrochemical reaction rate constant at different mass
transfer rates (corresponding with Figure 14).
~ : 10-7 (a); 10-5 (b); 100 (c) m sol (~= kd,o = ~,R)

Figure 14

Calculated apparent reaction order as a function of the standard
electrochemical reaction rate constant at different mass transfer
rates (corresponding with Figure 13). Roman numbers indicate
different operating regimes (see discussion).
~ : 10-7 (a); 10-5 (b); 100 (c) m S·l (~= ~,o = ~,R)
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