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Summary
Polycarbonate (PC) is one of the most important engineering plastics, and is currently
produced by two different economically feasible routes. The first process is a two-stage
liquid-liquid interfacial reaction involving bisphenol A (BPA) and phosgene. The second,
more environmentally friendly, process involves a base-catalyzed melt transesterification
reaction between BPA and diphenyl carbonate (DPC). PC belongs to the family of stepgrowth polymers and this offers the opportunity for chemical recycling by
depolymerization with low molecular weight alcohols. The alcohol determines the
carbonate obtained in addition to BPA. For example, depolymerization with phenol
results in recovery of DPC, retaining the aromatic carbonate functionality in the most
desirable form for the melt transesterification process. Following depolymerization, it is
of course desirable to separate the components in view of reuse in a subsequent
polymerization process.
Application of supercritical carbon dioxide (SC CO2) is drawing increasing attention as a
processing medium due to its non-toxicity, low cost, abundant availability in its pure
form, easy removal etc. An additional advantage of supercritical fluids is that its
solvation characteristics are easily tailored by controlling pressure, temperature and
application of co-solvents, thereby providing an excellent medium for separation by
extraction.
The objective of our work is to explore the possibilities of a SC CO2 based system for
extraction of components following the depolymerization of BPA based polycarbonate.
Such a system would mainly consist of BPA, DPC, phenol and CO2, and a reliable
knowledge of relevant vapor-liquid equilibria (VLE) is essential for successful
development of a separation process. This is obtained here by a combination of two
methods. The first one is the measurement of bubble points in a so-called Cailletet
apparatus, i.e. the transition from a vapor-liquid equilibrium to a single liquid phase when
pressure increases. In addition, we have developed a method for obtaining phase
equilibria knowledge by efficiently collecting and characterizing vapor phase samples of
investigated systems out of a pressurized autoclave. The contents, consisting of gaseous
carbon dioxide and solid extract, are quantified by a combination of weighing and 1H
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NMR. The experimental data for the involved 3 binary and 3 ternary systems are thus
obtained.
The observed phase behavior of the multicomponent systems is next modeled by the
Peng-Robinson equation of state (PR EOS) since it offers a good balance of simplicity
and predictive ability. A software module is developed to fit the experimental data to the
PR EOS in combination with simple two-parameter classical mixing rules, and thus
obtain the optimized binary interaction parameters kij and lij and their temperature
dependency. These parameters are then used to predict the phase behavior of the
quaternary system consisting of BPA, DPC, phenol and CO2. Predictions are verified by
direct comparison with the experimental data.
The VLE knowledge (all the interaction parameters kij and lij) is used further to develop a
program for the extraction module. The module predicts the outcome of a constant
pressure and temperature separation process running in a semi-batch fashion, where CO2
is continuously fed into the extractor containing the depolymerization mixture, and the
extract is withdrawn from the vapor phase. To verify the predictive ability of the module,
the results of the simulation of the separation process are compared to experimental data.
The experimental data are obtained by trapping the outgoing vapor in a series of sample
bags throughout the semi-batch extraction process. The contents consisting of gaseous
carbon dioxide and solid extract are quantified by a combination of weighing and 1HNMR methods. The experimental results are found to be in reasonable agreement with
the dynamic predictions.
Having verified the predictive ability of our software for the SC CO2 based extraction
process, the possibility of separating PC depolymerization products is explored by
simulation. A two-stage extraction from the depolymerization mixture is proposed, where
phenol is separated in the first stage and DPC in the second stage. To utilize the major
advantage of the SC fluids that their solvent power is easily controlled by changing
pressure and temperature, the pressure and temperature dependency of the efficiency and
the capacity of the desired extraction process are analyzed first. From this, operating
pressure and temperature are chosen so as to provide high selectivity (efficiency) of SC
CO2 towards phenol. The results of the simulation show that it is possible to extract most
of the phenol from the depolymerization mixture with only a small contamination by
DPC and BPA, though only at the expense of a large amount of CO2. A higher pressure
in the second stage of the extraction process is required to provide a DPC-rich extract.
In conclusion, it is possible to design a separation process based on SC CO2 to recover
the products of BPA-PC depolymerization. Phenol, DPC, BPA and CO2 streams could be
reused in polymerization/depolymerization processes, thus recycling the materials
involved. The required purity of each of these products will determine the possible
implementation of such a SC-CO2 based separation process.

Chapter 1
General introduction
1.1 Plastics production and recycling trends
In today’s world, life without plastics is difficult to imagine. Plastics are used in
applications such as packaging, construction, textiles, automotive parts and consumer
electronics just to name a few. Ever increasing use of these materials is due to the many
beneficial properties such as:
-

Extremely versatile and able to be tailored to meet very specific technical needs
Processing at high rate and low cost
Lighter than other competing materials
Resistant to chemicals and water
Excellent thermal and electrical insulators (there are some exceptions)
Mechanical properties that are sometimes superior to other competing materials
Relatively inexpensive

Virgin plastics consumption across Western Europe rose roughly 50% since 1991 (Fig.
1.1). Each individual in the region used on average 95 kg of virgin plastics in 2002,
which is slightly less than a 48% increase since 1991. All the growth in consumption and
research in the field of plastics introduce a new question: where do plastics end up after
they fulfill their purpose? The plastics recycling or plastics recovery rates have almost
doubled in the last decade from 22 % to 38 % of plastic waste recovered (Fig. 1.2).
Increasing trends can be seen for both mechanical recycling and energy recovery, while
feedstock recycling seems to be on a slight decline in the last few years (Fig. 1.2). Many
companies have successfully developed and demonstrated technologies to process mixed
plastic streams back to feedstock. However, the implementation of these technologies is
currently limited to Germany [APME, 2003]. According to the Association of Plastics
Manufacturers in Europe (APME), the stagnant trend in feedstock recycling in recent
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years is due to the logistical and economic factors as well as to the progress being made
with other eco-efficient energy recovery technologies.
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Figure 1.1: Total virgin plastics consumption (Ó) in Western Europe and per capita (†) 19912002 [APME report, 2003].

One of the biggest challenges today is: will recycling keep pace with increasing trends in
plastics production and disposal? The answer to such a question comes from the
knowledge of what recycling is and what kind of methods it uses to achieve a certain
goal. Recycling is a type or method of solid waste management strategy [Lund, 2001]. If
it is compared to other methods like landfill or incineration, it is clearly the
environmentally preferred method of solid waste management. It involves methods where
materials are recovered from waste and reused for certain products. In a perfect situation
all the materials are reused for different applications without any loss to the environment.
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Figure 1.2: Plastics waste recycled by mechanical recycling (Ô), feedstock recycling („) and
energy recovery (Û). Total percentage plastics waste recovered (×) [APME report, 2003].

Recycling is done for at least three different reasons. The first and obvious reason is to
protect the environment and preserve natural resources, as is in everybody’s general
interest. Second, the total costs associated with recycling compared to other
environmentally acceptable ways of disposing waste, give economic justification to
recycle certain types of materials. Finally due to increasing lack of alternative waste
disposal methods (e.g. landfill space), governments require recycling while enforcing a
variety of economic and civil penalties in order to encourage recycling.

1.2 Production of aromatic polycarbonate
Bisphenol A (BPA) polycarbonate (PC) is one of the most important engineering plastics
due to its high impact strength and optical properties. The biggest manufacturers of
polycarbonate in the world are General Electric Company (GE), Bayer and Teijin
(Japan), and the global market for polycarbonate was around 2.4 million tonnes in 2003
[APME, http://www.apme.org/polycarbonate]. The most common applications can be
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found in glazing and sheet applications (transparent panels for greenhouses), electrical
and electronics applications (computers, mobile phones, etc) and optical media (compact
discs). All these applications are about two thirds of all the polycarbonate applications
today [APME, http://www.apme.org/polycarbonate]. Some other applications are medical
and healthcare, bottles and packaging, leisure and safety, and automotive.
Two industrially important and economically feasible routes of producing poly(bisphenol
A carbonate) [LeGrand and Bendler, 2000] were developed independently in the early
1960s. The first and currently still the most widely used commercial process is a twophase liquid-liquid interfacial reaction involving BPA and phosgene [Schnell et al.,
1962]. In the first stage of the process an aqueous alkali hydroxide is added to an organic
phase containing BPA to create a liquid-liquid system. Obtained di-alkali salts of BPA
react with phosgene on the interfacial border and mono and dichloroformates of BPA are
formed. In the second stage of the process, a catalyst (tertiary amines are known to be
very effective) is added to condense the oligocarbonates to high molecular weight
polycarbonate. The molecular weight is regulated by the addition of phenol or its
derivatives to endcap the polymer chains. The weight average molecular weight of the
product is up to 200,000 g/mol [Schnell, 1964] and the polymer has high optical clarity.
However the usage of highly hazardous phosgene makes this route undesirable.

O
x

HO

OH +

x

O

O

k' k
OH

O
H O

O

O

+

(2x-1)

x

Scheme 1.1: Polymerization/depolymerization of aromatic polycarbonate.

The second process [Fox, 1964 and 1964] involves a base catalyzed transesterification
reaction of BPA and diphenyl carbonate (DPC) shown in Scheme 1.1. Typically the
reaction occurs in two stages. In the first stage BPA, DPC and the catalyst are heated up
to 200 °C under vacuum to form the low molecular weight polycarbonate and remove
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most of phenol. The temperature of the second stage is increased to 280-300 °C to
evaporate the remaining phenol and DPC and form an intermediate weight average
molecular weight (~50,000 g/mol [Schnell, 1964]) polycarbonate. For optimal molecular
weight control two different catalysts are used for the lower and higher temperature
stages of the process.
The significance of the DPC is very high in this process. The alternative to diaryl
carbonates would be to use different dialkyl carbonates. Reactions of dialkyl carbonate
compounds with BPA progress very slowly. At sufficiently high temperatures and high
catalyst concentrations to give satisfactory reaction rate, part of the dialkyl carbonate and
the formed polycarbonate decompose [Schnell, 1964]. Hence this route is not technically
feasible for obtaining the high molecular weight polymer. Using DPC in the
transesterification reaction lowers the temperature and the catalyst quantity needed for
successful production of polycarbonate.
O
O

O

O
O

OH

O
-

O
O

O

O

COOH
Scheme 1.2: Possible side reaction forming the free carboxyl group that can react with other
chains to form crosslinks [Schnell, 1964; Bailly et al., 1986].

Although this method avoids the usage of phosgene, it is highly sensitive to impurities,
which in combination with thermal instability of BPA consequently may lead to
discoloration of the product [Schnell, 1964]. It is believed that the free hydroxyl groups
of BPA are responsible for its instability. Esters and ethers of BPA are however much
more stable. For this reason it is desirable to start the first stage of the process with a
slight excess of DPC to react with hydroxyl groups of BPA and form oligomers
containing phenyl carbonate end groups. Branching and crosslinking of the polycarbonate
can occur at high temperatures in the presence of alkaline catalysts (Scheme 1.2) [Bailly
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et al., 1986]. To prevent these Kolbe-Schmitt type side reactions it is important to choose
the proper catalysts for the polymerization reaction. Basic catalysts, such as alkali metals
and alkaline earth metals and their oxides, hydrides or amides are known to accelerate the
transesterification reaction without any side reactions that lead to discoloration of the
product.
The melt process is environmentally more benign than the interfacial process, thus
attracting increasing attention in the recent years. Turska and Wrobel [1970 and 1970]
and Losev et al. [1963] studied the kinetics of the involved transesterification reaction.
Hersh and Choi [1990] measured the forward and reverse rate constants and reported
equilibrium constants Keq on the basis of obtained kinetic data. Gross et al. [2002]
determined the Keq of the melt reaction directly by following monomer conversion by
NMR. They report both uncatalyzed and catalyzed values not being equal due to the
possibility of BPA side reactions of Kolbe-Schmitt type [Schnell, 1964; Bailly et al.,
1986].

1.3 Methods of recycling plastics
There are three major ways to recycle plastics:
-

Mechanical recycling
Energy recovery
Feedstock recycling

Mechanical recycling includes processes where waste plastics are processed by physical
means into plastic products [Aguado and Serrano, 1999]. Before mechanical recycling
can be done, the waste stream has to be sorted by plastic type and/or color. This is usually
done by trained staff and is costly. Alternatively the technologies based on density
differences (float-sink method, dry (air) separation, centrifugal sorting, etc), optical
sorting (based on color or transparency), spectroscopic methods (infra red and Raman
spectroscopy, UV light) or electrostatics are being introduced [Scheirs, 1998]. Sorted
waste streams can be melted and shaped into the desired product or shredded and
granulated.
Energy recovery is possible by incineration of waste plastics. Plastics are made from oil
and as such exhibit a significant calorific value. Energy recovery through incineration is
probably the best currently available means of disposal for plastics which are too difficult
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to recycle (economical and environmental issues). The heat produced by combustion of
plastics is used in the forms of hot water, steam and electricity [Akehata, 1998]. The
gross heats of combustion of some polymers are summarized in Table 1.1 and are
comparable to the gross heat of combustion of heating oil. This fact makes waste plastics
a valuable source of energy.
Table 1.1: The gross heat of combustion for some polymers [Walters, 2002] and heating oil
[Scheirs, 1998].

Polymer
Gross heat of combustion (MJ/kg)
Polyethylene
48
Polypropylene
46
Polystyrene
44
Nylon 6
31
Polyethylene terephthalate
24
Polycarbonate (BPA based)
31
Heating oil
~ 42

Feedstock recycling includes processes where waste plastics are converted into basic
elements like monomers or hydrocarbon feedstock. Technologies used in this type of
recycling include pyrolysis, hydrogenation and gasification [Buekens and Schoeters,
1998; Scheirs, 1998; Aguado and Serrano, 1999]. As seen in Fig. 1.2 the trends in
mechanical recycling and energy recovery are steadily rising but this is not the case for
feedstock recycling. Pyrolysis, hydrogenation and gasification are well known
technologies and can process mixed plastic streams. A pilot plant for feedstock recycling
began operation at the BASF plant in Germany in 1994. The BASF process converts
waste plastic to naphta, aromatic compounds and high boiling oils by pyrolysis [Scheirs,
1998]. The plastic waste stream, as obtained by the Duales System Deutschland (DSD)
collection system, has to be partially purified and pre-treated to meet the BASF process
specifications. The operation costs of this feedstock recycling process are unfortunately
higher than the value of the products obtained. The major cost for feedstock recycling
comes from collection systems, separation/sorting and preprocessing steps. This
drawback applies to all feedstock recycling processes and is most likely reason for the
stagnant trend in feedstock recycling (Fig. 1.2). This BASF pilot plant was shut down just
two years after it started operating due to the insufficient capacity of plastic waste to
supply its planned full-scale plant.

8

Chapter 1

A specific method of feedstock recycling is called chemical recycling [Scheirs, 1998;
Aguado and Serrano, 1999] where step-growth polymers react with chemicals to recover
monomers. Products obtained by any of these methods can be subsequently used for
production of new plastics or other chemicals. DSM Chemicals North America and
AlliedSignal opened their nylon 6 recycling plant Evergreen Nylon Recycling (USA) in
the late 1999 [Westervelt, 1999], which was the world’s largest commercial nylon
recycler at 90,000 tonnes of nylon recycled per year. They developed technology to
convert nylon carpet into caprolactam [Sifniades and Levy, 1997; Raets et. al. 2000],
which is the monomer used in nylon 6 production. Unfortunately, the Evergreen plant
was shut down in 2001 due to the poor caprolactam market conditions and higher than
expected production costs [Chemical Week, 2001]. At the time of the shut down, the
plant had been running at only 60% of its capacity.
The boost that feedstock recycling needs, has to come from chemical recycling where
plastics are decomposed to their building blocks, which can be used for production of
new plastics. Methods used in chemical recycling require a clean and homogeneous
plastic stream (e.g. poly(ethylene terephthalate)). Such a stream can be obtained by a
careful separation of the mixed plastic waste stream. The methods to achieve this goal are
also used in mechanical recycling and are time consuming and costly.
Nevertheless there are opportunities to be found where monomer recovery makes logistic
and economic sense. High value plastics could give such an opportunity since they are
made of also high value monomers. One such case involves the production of
polycarbonate via the melt transesterification where one of the monomers used is a diaryl
carbonate (DPC). In this process it is desired to use diaryl carbonates in preference to
dialkyl carbonates as discussed in the section 1.2. DPC can be produced by phosgenation
of phenol or by direct transesterification involving dimethyl carbonate (DMC) and
phenol. The first process is undesirable because of the usage of chlorinated compounds
[Schnell, 1964]. In the second process, high temperatures and somewhat complicated
equipment [Murata et al., 1994] make it hard to drive the reversible reaction to the
desired direction. The ability to depolymerize the polycarbonate to DPC and retain
aromatic carbonate functionality with subsequent separation and purification of DPC
from the reaction mixture is clearly of great value.
Another way of making the feedstock recycling more interesting is to replace large
quantities of commonly used toxic organic solvents with their cheap, non-toxic,
environmentally friendly counterparts. Such an opportunity comes with the use of
supercritical carbon dioxide, which is often referred to as the green solvent for its
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environmental friendliness. Furthermore, it can easily be removed from reaction mixtures
and reused in the beginning of the process. Supercritical fluids are discussed in more
detail in section 1.5.

1.4 Chemical recycling of aromatic polycarbonate
Polycarbonate as well as polyesters and nylons belong to the family of step-growth
polymers. Step-growth polymerizations are reversible reactions. This gives the
opportunity to process this type of polymers in such ways to recover their monomers, i.e.
they can be chemically recycled. An example of such a reaction of PC with phenol is
given in Scheme 1.1.
Phenol is used to cleave polymer chains in the presence of catalyst to yield BPA and DPC
[Buysch et al., 1995]. The recovery of DPC is preferred as its production from DMC or
phosgene and phenol is a very demanding process. Furthermore, both monomers can be
used after purification in the production of virgin polymer. Many authors investigated
possibilities of chemical recycling of step-growth polymers. Hu et al. [1998] investigated
the alkali-catalyzed methanolysis of polycarbonate at temperatures up to 60 °C. They
obtained extremely high yields of BPA and dimethyl carbonate (DMC), depolymerising
PC almost completely in relatively short times.
Paszun and Spychaj [1997] review the state of the art in the field of chemical recycling of
polyethylene terephthalate (PET). Advantages of the chemical recycling of PET, the
theoretical basis for the ester bond cleavage, and a wide spectrum of depolymerization
agents and final products are presented. Scheirs [1998] briefly reviews chemical
recycling of nylon 6 and 6,6 including hydrolysis, acidolysis and ammonolysis. The
relatively low price of nylon monomers makes the chemical recycling of nylons
unattractive. It has been only recently that the large amount of waste nylon products
encouraged research for an improved recycling process.
These methods, in combination with efficient separation/purification techniques, make it
possible to recover building blocks of plastics, thus closing the materials loop.
Development of separation/purification techniques is discussed in more detail in Chapters
3, 4 and 5.
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1.5 Supercritical fluids
A substance is in its supercritical state when both temperature and pressure are above
their respective critical values. This is best understood by looking at the phase diagram of
a pure single substance as shown in Fig. 1.3. It is easy to see from the diagram where the
substance exists as solid, liquid or gas, and also the triple point where all three phases
coexist. The curves represent the coexistence of two phases and if we move upwards
along the gas-liquid line we reach a point where densities of gas and liquid become
identical. This point is called supercritical point and the substance is described as a
supercritical fluid [Clifford, 1999]. At the critical point, pressure and temperature have
values that are called critical pressure (pc) and critical temperature (Tc) and are
characteristic of a particular substance.
The biggest advantages of supercritical fluids are typically not too far above their critical
temperature, where physical properties like density, change significantly with small
changes in pressure (Fig. 1.4). The solubility power of supercritical fluids is closely
related to their density and this fact makes them perfect solvents in many technical
applications, especially separation processes.

Supercritical
fluid

Critical point

Pressure

pc

Solid
Liquid

Gas
Triple point
Temperature
Figure 1.3: The phase diagram of a pure single substance.
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Figure 1.4: Density-pressure isotherms for carbon dioxide [Bush, 1994].

Table 1.2. Some of the compounds suitable for supercritical applications (rounded values for Tc
and pc) [Reid et al., 1987].

Critical temperature Critical pressure Acentric factor
Tc (K)
pc (bar)
ω
Carbon dioxide
304
74
0.225*
Water
647
221
0.344
Ethane
305
49
0.099
Ethylene
282
50
0.089
Propane
370
43
0.153
Xenon
290
58
0.008
Ammonia
406
114
0.250
Nitrous dioxide
310
72
0.165
Fluoroform
299
49
0.260
*Updated [Pfohl et al., 2000]
Substance
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Some of the substances suitable for supercritical applications and their respective critical
parameters are given in Table 1.2. Acentric factor ω was defined by Pitzer [1955] and is a
measure of how spherical the molecule is. Carbon dioxide (CO2) has so far been the most
widely used because of its relatively low critical temperature and pressure, low price,
chemical stability, non-toxicity and non-flammability. It has lower viscosity and higher
diffusivity compared to liquids, which makes it perfect for extraction applications. One
other advantage is its easy removal from reaction/extraction mixture simply by
depressurizing. Although it is a non-polar solvent, it still has some limited affinity to
polar compounds. To improve this weakness it is sometimes mixed with polar
compounds like methanol to increase its polarity.
The changes in density and other thermodynamic functions, as a function of pressure and
temperature, can be predicted and described by equations of state (EOS). These can have
many forms varying in their complexity and are available in various commercial software
packages. The most popular from all the variety of EOS available are probably the socalled cubic EOS, and the most widely used in the field of supercritical fluids is the PengRobinson equation of state (PR EOS) [Peng and Robinson, 1976] due to its better
predictive ability compared to most other EOS. This equation is discussed in more detail
in Chapter 2 of this thesis.

1.6 Supercritical fluid extraction
Scientists and engineers have been aware of the enhanced solvent characteristics of
supercritical fluid (SCF) solvents for more than one hundred years. The earliest
researchers could not take advantage of the high tech equipment known for the past few
decades, thus leaving this field of research relatively inactive until the late 1970s.
Numerous publications emerged describing the SCFs and their properties that could be
taken advantage of. However the sudden “boom” of this literature caused the
implementation of this new technology only by the early 1980s. Large-scale industrial
plants for processing coffee, tea, spices and hops have been built up and are known to run
successfully [Zosel, 1974 and 1981; Vitzthum and Hubert, 1981]. Some other
applications of SCFs like the development of low cholesterol milk or meat have also been
considered but were doomed from the start. These experiences point out that the
application of SCF technology must be evaluated on case-by-case basis to determine its
potential viability.

General introduction

13

Using a SCF solvent, it is possible to separate the constituents of a multicomponent
mixture by taking advantage of both the differences in volatilities (distillation) of the
components and the differences in the specific interactions between the mixture
components and the SCF solvent (liquid extraction). In the critical region, a substance
exhibits a liquid-like density and an increased solvent capacity, which is pressure
dependent. This, of course, makes physical sense since gases are not considered as
solvents. The variable solvent capacity of a SCF is the basis on which separation
processes can be developed. By operating in the critical region, the pressure and
temperature are used to regulate density and consequently the solvent power of a SCF. It
is important however to know that the interactions between the solvent and solute
molecules determine how much solute dissolves in the SCF. Thus increasing the SCF
density increases the probability that the solvent and solute molecules will interact.
The critical temperatures of gases and liquids can vary by hundreds of degrees as is
shown in Table 1.2. This fact can be taken advantage of by applying a specific SCF to a
specific application [McHugh and Krukonis, 1994; Savage et al., 1995]. The critical
temperatures of CO2, ethane and ethylene are near ambient and are therefore perfect for
processing heat sensitive compounds like pharmaceuticals, flavours [Zosel, 1974 and
1981; Vitzthum and Hubert, 1981] and reactive monomers [Kumar and Suter, 1987].
Less temperature sensitive substances like most industrial chemicals and polymers [Saraf
and Kiran, 1988; Kiran and Saraf, 1990] could be treated with C3 or C4 hydrocarbons
with slightly elevated critical temperatures. Even higher molecular weight hydrocarbons
like cyclohexane or benzene are used to process non-volatile substances such as coal
[Kershaw, 1989]. Supercritical water as an extreme case has a potential for processing
hazardous waste [Thomason and Modell, 1984] and hydrocarbon reforming [Savage et
al., 1995; Lilac and Lee, 2001].
Table 1.3: Comparison of density, viscosity and diffusivity of gases, SCFs and liquids.

Mobile phase
Gas
SCF
Liquid

Density (g/mL)
~10-3
0.2-0.9
0.8-1.1

Viscosity (poise)
(0.5-3.5) 10-4
(0.2-1.0) 10-3
(0.3-2.4) 10-2

Diffusivity (cm2/s)
0.01-1.0
(0.1-3.3) 10-4
(0.5-2.0) 10-5

Other physicochemical properties than the unique solubility characteristics of the SCF
have to be considered. Even though it possesses a liquid-like density over much of the
range of the industrial interest, it exhibits gas-like transport properties of diffusivity and
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viscosity [Schneider, 1978]. The comparison of these properties is shown in Table. 1.3.
The combination of the attractive gas-like and liquid-like properties and the pressure
dependent solvent power of a SCF provides for potential applications of SCF technology
to many separation problems. Even so, the application of SCF technology requires a caseby-case evaluation.

1.7 Scope of the thesis
The main objective of this thesis is to explore the possibilities of separation/extraction of
polycarbonate depolymerization products using supercritical carbon dioxide. A
depolymerization system would primarily contain phenol, DPC, BPA and CO2 with some
unreacted lower oligomers and additives. A system where presence of polydisperse
oligomers and additives are present would be considerably more complicated to study.
For this reason a model system comprising of phenol, DPC, BPA and CO2 only is
investigated. The development of separation process is explored in the following way:
In Chapter 2 the development, advantages and weaknesses of PR EOS for single
components as well as mixtures are discussed. The ability of calculating the VLE by
coupling the PR EOS and flash calculation is shown.
Chapter 3 describes the experimental methods of collecting the phase equilibria data of
binary systems involving phenol, DPC and BPA with CO2. These data are fitted to the PR
EOS to obtain the temperature dependency of the binary interaction parameters.
In Chapter 4 phase equilibria of ternary systems are experimentally investigated.
Modeling of these data is done to obtain those binary interaction parameters, which could
not be obtained by direct measurements of the corresponding binary systems.
In Chapter 5 the binary interaction parameters described in Chapters 3 and 4 are used to
predict the phase equilibrium behaviour of the quaternary system phenol-DPC-BPA-CO2.
The predictions are directly compared to our experimental measurements of this system.
The development of an extraction module based on experimental data describing the
phase behaviour of a model system is discussed in Chapter 6. The performance of the
module is evaluated by direct comparison with the experimental results from the semibatch extraction process.
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In Chapter 7 the possibilities of improving the separation process are considered. The
influence of operating pressure and temperature changes as well as modifier addition on
SC CO2 solvent characteristics are discussed.
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Chapter 2
Peng Robinson equation of state (PR EOS): short introduction
2.1 Introduction
Originally, equations of state (EOS) were designed to describe mathematically the
relation between temperature, pressure and density of homogeneous gas systems. The
application to liquid-like fluids became evident after the discovery of the continuity
between vapor and liquid [van der Waals, 1873]. This fact makes it possible to use EOS
also for vapor-liquid equilibria calculations, which are needed in many industrial
processes.

2.2 Cubic equation of state formulation
EOS can take different forms from ideal gas law to more complicated forms like that of
Lee-Kesler type [Lee and Kesler, 1975]. More complicated equations give more accurate
results but only at the expense of being more computationally complex. For this reason it
is often preferred to work with simpler EOS, which still give satisfactory results. The
analytical form of many of these equations makes the computations easier since the molar
volume is calculated directly. Most commonly used analytical equations are the so-called
cubic EOS. Cubic nature implies that the expanded form of the equation has volume
terms raised up to the third power. This means that the largest positive root corresponds
to the molar volume of the vapor and the smallest positive root to the molar volume of
the liquid. The general form of these EOS as proposed by Schmidt and Wenzel [1980] is
shown in Eq. (2.1):

p=

RT
a
− 2
v − b v + ubv + wb 2

(2.1)
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where p is pressure, R is universal gas constant, T is temperature, v is molar volume and a
and b are adjustable parameters. Constants u and w take different values depending on the
type of the EOS. For some well-known cubic EOS of van der Waals [1873], RedlichKwong (RK) [1949], Soave (SRK) [1972] and Peng-Robinson (PR) [1976], these values
are presented in Table 2.1. The first term on the right-hand side of Eq. (2.1) represents the
repulsion pressure and the second term the attraction pressure. The repulsion pressure is
expressed as if the molecules were hard spheres and the attraction pressure as a function
of a, b and v.
Table 2.1. Constants for four common equations of state.

Equation of state
van der Waals
Redlich-Kwong
Soave
Peng-Robinson

u
0
1
1
2

w
0
0
0
-1

Many authors attempted to describe their experimental data by one or more of these
equations. Chafer et al. [2002] described experimental data of systems involving different
phenolic compounds with ethanol and CO2. The role of ethanol here is to enhance the
solubility of these phenols in supercritical CO2. PR and SRK EOS were applied to these
systems and give satisfactory agreement with experimental data with PR EOS performing
better. Binary systems involving different acetates with CO2 were investigated by Lee et
al. [2001]. Three EOS were evaluated and the PR EOS gave marginally better agreement
with experimental data than other EOS. Laugier and Richon [1996] investigated vaporliquid equilibria (VLE) of binary systems containing non-polar compounds by fitting the
experimental data to SRK and PR EOS. Both equations perform well with SRK having
slight advantage over PR. The results of all of these authors as well as investigations of
others [Gordillo et al., 2003; Lee et al., 1999] seem to suggest that the PR EOS is better
suited when systems involve CO2 and slightly polar compounds at higher pressures and
temperatures (above critical point) while the SRK EOS represents systems containing
lower hydrocarbons better. For this reasons we choose to treat our experimental phase
equilibrium data with the PR EOS, which is discussed in more detail in the following
section.

Peng Robinson equations of state (PR EOS): short introduction

19

2.3 Peng-Robinson equation of state
The values of the parameters a and b in PR EOS can be calculated by taking advantage of
the fact that the first and second derivative of the pressure with respect to volume at
critical temperature are zero. Relationship of a and b with critical parameters are obtained
as shown in Eq. (2.2) and (2.3).

R 2Tc2
pc
RT
b( Tc ) = 0.07780 c
pc
a( Tc ) = 0.45724

(2.2)
(2.3)

At temperatures other than critical, a assumes the form as expressed in Eq. (2.4) while b
remains unchanged. This implies that b can be treated as temperature independent.
Dimensionless scaling factor α is expressed as Eq. (2.5), characteristic constant κ as Eq.
(2.6) and reduced temperature Tr as Eq. (2.7).

a( T ) = a( Tc ) ⋅ α ( Tr ,ω )

(2.4)

where

(

(

))

(2.5)

κ = 0.37464 + 1.54226ω − 0.26992ω 2

(2.6)

α = 1 + κ 1 − Tr

Tr =

2

T
Tc

(2.7)

Calculation of a(T) requires the acentric factor ω as defined by Pitzer [1955]. Acentric
factor is a measure of how spherical the molecule is, e.g. ω for xenon is almost zero
[Reid et al., 1987]. Values of some other compounds are presented in Table 1.2.

2.4 Application of EOS to mixtures
The equations discussed so far can be used to calculate the PVT properties of pure gases
and liquids. The ability of calculating these properties for mixtures only comes with
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modifying EOS to include the composition dependence. Modifications of this type are
usually done by equations called mixing rules and include terms of composition and pure
component parameters like critical pressure and/or temperature. The general form is
expressed as Eq. (2.8).
Qmix = ∑∑ xi x j Qij
i

(2.8)

j

where x is the composition of components i and j. Solving this Eq. (2.8) requires the
relationship given by Qij, which is typically arithmetic average or geometric mean of
properties of pure components i and j. An arithmetic average is usually used for size
parameters and a geometric mean for energy parameters. Taking these considerations into
account, the expressions for a and b parameters can be rewritten as Eqs. (2.9) and (2.10.).
a mix = ∑∑ xi x j ai a j
i

bmix = ∑∑ xi x j
i

(2.9)

j

j

bi + b j

(2.10)

2

It is difficult to imagine that these equations would perform equally well for many
different mixtures. The so-called binary interaction parameters kij or lij are usually
introduced to improve the performance. There are many ways to include these
parameters, one of them being expressed in Eqs. (2.11) and (2.12), which represent the
so-called two parameter classical or quadratic mixing rules.
a mix = ∑∑ xi x j ai a j (1 − k ij )
i

bmix = ∑∑ xi x j
i

(2.11)

j

j

bi + b j

2

(1 − lij )

(2.12)

The values of binary interaction parameters are easily obtained from VLE experimental
data. The values of kij or lij close to zero suggest only slight deviation of experimental
data from the original mixing rules (Eqs. (2.9) and (2.10)). More complex systems
usually require kij and lij values more deviating from zero for EOS to fit the experimental
data satisfactory. Binary interaction parameters generally have some kind of temperature
dependency. This makes the calculation of VLE outside of the ranges of experimental
data possible. Usually the dependency is linear although polynomials could also be used
in some cases. The nonlinear temperature dependency of kij and lij is not encouraged since

Peng Robinson equations of state (PR EOS): short introduction

21

it implies that more parameters are needed to represent experimental data. Preferably the
mixing rules should have some of the following properties:
-

-

Being simple
Having few parameters
Being invariant to the division of a component into two identical subcomponents
(not suffering from Michelsen-Kistenmacher syndrome [Michelsen and
Kistenmacher, 1990])
Predicting equally well VLE of binary and multicomponent systems
Predicting equally well VLE of non-polar and highly non-ideal mixtures

It is clear that all of these demands cannot be met in a single mixing rule, thus different
mixing rules give different performances. Some of the more important mixing rules are
studied in the work of Solorzano-Zavala et al. [1996] where they compare their
performance in predicting VLE, which is an area of great interest. We wish to choose one
set of mixing rules, which gives satisfactory representation of our experimental data. A
good compromise between the simplicity and predictive ability of the simple twoparameter classical mixing rules (Eqs. (2.11) and (2.12)) has been observed by
Solorzano-Zavala et al. [1996]. Therefore these mixing rules along with PR EOS have
been chosen to describe the VLE behavior of the systems investigated in this work.

2.5 Calculating VLE from PR EOS
A procedure for obtaining all the compositions and amounts of phases in a closed system,
which is in equilibrium, is called flash calculation [Smith et al., 1996]. A set of equations
is to be solved to obtain the VLE data of a system with known masses of non-reacting
compounds. The material balance equations could be expressed as follows:
L +V =1

(2.13)

z i = xi L + yiV

(2.14)

Here L and V are molar fractions of liquid and vapor phases respectively, zi is the overall
molar fraction with xi and yi being liquid and vapor phase molar fractions respectively. A
two-phase system consisting of vapor and liquid phases at the same p and T is in
equilibrium when the fugacity of each compound is the same in both phases.
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∧

Alternatively this relationship can be expressed in terms of fugacity coefficients ( φ iv and
∧

φ li ) and molar fractions as in Eq. (2.15).
∧

∧

y i φ iv = xi φ li

(2.15)

Using the PR EOS and Eq. (2.16) it is possible to calculate the fugacity coefficient of
species i in both phases and consequently their ratios.
∧

 p

 pv

( v − b ) +
− 1 − ln

 RT

 RT

a
 a i b i  v + 2 + 1 b

 1 + −  ln
 3/ 2
a b  v + − 2 +1 b
 2 bRT 

ln φ i =

bi
b

(

(

)

(2.16)

)

where
 ∂ (na) 
ai = 

 ∂ni  T , n j

(2.17)

 ∂ ( nb ) 
bi = 

 ∂ni  T , n j

(2.18)

The Ki, being the partitioning coefficient, is defined as in Eq. (2.19).
∧

y i φ li
Ki =
=
xi φ∧ v
i

(2.19)

Rearranging Eqs. (2.13), (2.14) and (2.19) to obtain the expression for yi, and keeping in
mind that the sum of all yi is equal to unity, Eq. (2.20) is derived.
zi K i

∑ 1 + V (K
i

i

− 1)

=1

(2.20)

The only unknown left to be calculated in Eq. (2.20) is the molar vapor fraction V. Once
its value is determined iteratively, it is used to calculate the compositions of liquid and
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vapor phases. The phase equilibria of a two-phase system with known amounts of
compounds at a given pressure and temperature is in this way determined.
A flash calculation requires an iterative process where initial guesses of phase
compositions and vapor fractions are needed. Many authors have proposed algorithms for
calculation of VLE data coupling EOS and flash calculation. Michelsen [1986] proposed
an algorithm where all binary interaction parameters were set to zero. This assumption
greatly simplifies the equations in the calculation itself although the results deviate from
the actual experimental data. Some numerical aspects of implementation of cubic EOS in
flash calculations are further discussed in the work of Veeranna et al. [1987]. They
observe that using this approach at high pressures brings up certain computational
difficulties like trivial solutions and/or false convergences. These problems are associated
to poor initial guesses of phase compositions and vapor fraction. An algorithm for the
flash calculation is proposed by Veeranna et al. [1987] with suggestions on how to avoid
these problems.

2.6 Conclusions
Many industrial processes require reliable knowledge of phase equilibria. This is usually
obtained by directly measuring the VLE of the systems concerned and correlating the
results by equations of state. PR EOS has been chosen because of its good predictive
ability in the field of SC CO2 and polar compounds. The two-parameter classical mixing
rules have been chosen for their simplicity and adequate representation of the
experimental data [Solorzano-Zavala et al., 1996]. Flash calculation can be coupled to PR
EOS to calculate the phase behaviour of investigated systems.

2.7 Nomenclature
a, b
k, l
K
L
p
R
Q
T

parameters in the Peng-Robinson equation
binary interaction parameters
partitioning coefficient
vapor fraction
pressure
universal gas constant
mixing rule
temperature
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v
V
u, w
x
y
z

molar volume
liquid fraction
constants characteristic for different EOS
molar fraction of liquid
molar fraction of vapor
overall mole fraction

Greek letters

α
φ
κ
ω

scaling factor in PR EOS
fugacity coefficient
characteristic constant in PR EOS
acentric factor

Superscripts
l
v

liquid property
vapor property

Subscripts
c
i, j
mix
r

critical property
components i and j
mixture property
reduced property

Other signs
¯
ˆ

partial property
solution property

Chapter 3
Phase equilibria of binary systems containing carbon dioxide
with phenol, diphenyl carbonate and bisphenol A
3.1 Introduction
Phase equilibrium data are essential for successful development of many industrial
processes. In recent years, much interest has arisen in applying supercritical fluids as a
medium to facilitate extraction and separation processes [Chester et al., 1998]. Another
emerging application of a supercritical fluid such as carbon dioxide (CO2) is as a reaction
medium (solvent) to facilitate mass transfer during polymerization and depolymerization
in cases where otherwise high viscosity and low diffusivities may limit the overall
reaction rates [Gross et al., 1998]. As compared to conventional solvents, the application
of CO2 offers the advantages of environmental friendliness and ease of removal from the
product. A further advantage is its wide range of solubility characteristics that are easily
controlled by pressure, temperature and application of co-solvents, in turn allowing
manipulation of the process conditions for assisting both mixing/contact of reactants and
separation of reaction products. One potentially important example is the step-growth
post-polymerization of poly(bisphenol-A carbonate), where swelling of the polymer by
SC-CO2 medium enhances the reaction rates by facilitating removal of the condensed
product [Shi et al., 2001]. The knowledge of the phase equilibrium behavior of the
involved reactants (such as diphenyl carbonate, DPC) and by-products (such as phenol)
in the solvent CO2 is clearly crucial for process design. In this chapter, the binary vaporliquid equilibrium (VLE) of phenol, DPC and BPA with CO2 are examined. The bubble
points and vapor phase composition for these binary systems were measured in the
temperature range 343.15-473.15 K and at pressures up to 300 bar. The phase equilibria
data of a binary mixture phenol-CO2 were reported in the past but in a limited range [Van
Reproduced in part from:
Margon, V.; Agarwal, U. S.; Peters C. J.; de Wit, G.; van Kasteren J. M. N.; Lemstra P. J. Journal of
Supercritical Fluids 2003, 27, 25.
Margon, V.; Agarwal, U. S.; Peters C. J.; de Wit, G.; van Kasteren J. M. N.; Lemstra P. J. manuscript
under preperation
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Leer and Paulaitis, 1980; Yau and Tsai, 1992; García-González et al., 2001; Pfohl et al.,
1997], while no literature data on VLE behavior for the other two binary systems could
be found. The phase equilibrium behavior using the Peng-Robinson equation of state (PR
EOS) with binary interaction parameters obtained by fitting with the experimental results
is also described.

3.1.1 Bubble point and dew point

Typical pressure-composition phase diagrams of a binary system are shown in Fig. 3.1.
Fig. 3.1a represents a p-x diagram of a mixture at temperature below the critical
temperatures of the two components. Fig. 3.1b represents the p-x diagram of a mixture at
the temperature above a critical temperature of the lighter component.
a

b
T = const.

T = const.

L

L
p

B

p
L+V

L+V

V

V

x

..
.

CP

D
x

x’

Figure 3.1: p-x diagram for VLE at constant temperature, a: at T below the Tc of the two
components, b: at T above the Tc of the lighter component.

At a fixed overall composition (x’ in Fig. 3.1b) a single vapor phase exists at very low
pressures. Increasing the pressure isothermally (going up the dashed line in Fig. 3.1b) the
vapor-liquid envelope is intersected (point D is called a dew point) and a liquid phase
appears. The line separating the vapor-liquid two-phase region from one phase vapor
region is called the dew point curve. The concentration of the equilibrium vapor and
liquid phases in the two-phase region is determined by a horizontal tie line (Fig. 3.1a). If
the pressure is further increased at the same fixed composition, the amount of the liquid
increases while the amount of vapor decreases. As the pressure is increases further, the
vapor-liquid envelope is intersected again and vapor bubble disappears (point B is called
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a bubble point) and single liquid phase exists. The line separating the vapor-liquid twophase region from one phase liquid region is called the bubble point curve. The dew point
and bubble point curves join at the mixture critical point CP (Fig. 3.1b).
The bubble points in this work are measured isothermally by appropriately changing the
pressure of the investigated system at constant composition (the transition from twophase system to single phase system is observed) and dew points are measured by
analyzing the vapor phase samples of a two-phase system at constant pressure and
temperature. Detailed descriptions of VLE measurement methods are described by
Nagahama [1996].

3.2 Experimental
3.2.1 Materials

Phenol (99+ % purity), DPC (99 % purity) and BPA (99 % purity) were supplied by
Aldrich and were used without further purification. Carbon dioxide (99.995 % purity)
used for bubble point measurements and vapor phase composition measurements was
supplied by Air Products and Hoek Loos respectively and used as delivered.

3.2.2 Bubble point pressure measurements

The mixture with the desired composition was prepared by mixing a weighed amount of
the solid (phenol, DPC or BPA) and by dosing volumetrically the required amount of
CO2 gas. The molar compositions of the different binary mixtures examined are shown in
Table 3.1. The systems 1-4 represent the binary system phenol-CO2, systems 5-9
represent the binary system DPC-CO2 and systems 10-13 represent the binary system
BPA-CO2. Bubble points were measured in a Cailletet apparatus (Fig. 3.2) where the
mixture was confined in the thick-walled Pyrex glass tube. At a fixed temperature, the
bubble point was determined visually by gradually increasing the pressure until the last
bubble disappeared by dissolution (inserted picture in Fig. 3.2, increasing pressure from a
to c). The pressure was measured using a dead-weight pressure gauge with accuracy
within ±0.1 bar. A platinum resistance thermometer with an accuracy ±0.01 K was used
to measure the temperature. During the experiments, the temperature was maintained
constant within ±0.01 K. The total error in mole fractions of the components was within
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±0.0001. Silicone oil was used as the thermostating fluid. A more detailed description of
the apparatus is shown in Fig. 3.2.

V
L

L

Hg

Hg

Hg

a

b

c

V
L

Fig. 3.2: The Cailletet apparatus; A, autoclave; B, magnets; C, capillary glass tube; D, drain; E,
motor; H, rotating hand pump; Hg, mercury; I, thermostat liquid in; L, line to dead weight
pressure gauge; M, mixture being investigated; Ma, manometers; O, thermostat liquid out; Or,
hydraulic oil reservoir; P, closing plug; R, Viton-O-rings; S, silicone rubber stopper; T, mercury
trap; Th, glass thermostat; V, valve. The inserted picture shows the dissolution of the vapor phase
(from a to c) when pressure is increased.
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Table 3.1: Molar fractions of components in the investigated binary mixtures.

Composition
1
2
3
4
5
6
7
8
9
10
11
12
13

CO2
0.1303
0.1801
0.2299
0.2628
0.1488
0.2025
0.2535
0.2975
0.3596
0.0521
0.0969
0.1196
0.1496

Phenol
0.8697
0.8199
0.7701
0.7372
-

DPC
0.8512
0.7975
0.7465
0.7025
0.6404
-

BPA
0.9479
0.9031
0.8804
0.8504

3.2.3 Vapor phase composition measurements

20 g of either DPC or BPA were introduced into a 65 mL stainless steel autoclave (New
Ways of Analytics, Germany) and pressurized with CO2 up to 300 bar at the desired
temperature. An air driven pump manufactured by Maximator (Germany) in combination
with the cooling system for CO2 by New Ways of Analytics (Germany) was used to
pressurize CO2. Pressure was maintained constant within ±5 bar and was measured with a
high-pressure flush diaphragm transmitter supplied by Omega with an accuracy of ±1
bar. Temperature was maintained constant within ±1 K and was measured with a NiCr-Ni
standard measuring probe “Type K” class 1 with an accuracy of ±1 K. The compositions
of the vapor phase of desired mixtures were measured by collecting a sample of a vapor
phase from a system where vapor and liquid phases coexist. After the equilibrium
between the vapor and liquid phases had been reached, a sample of the vapor phase was
trapped into a polyethylene bag by quickly opening and closing the outlet valve to let a
part of the vapor phase out of the autoclave. The composition of the sample collected in
the polyethylene bag was determined by weighing. The amount of the CO2 was obtained
by subtracting the weight of the (bag + solid) from the (bag + solid + CO2) weight. For
this, the correction for the buoyancy effect due to displaced air was applied. CO2 was
separated from the mixture by opening the bag, leaving the solid behind. The amount of
solid was later obtained by subtracting the weight of the bag from the weight of the (bag
+ solid).
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3.3 Results and discussion
The critical parameters and acentric factors of the components are summarized in Table
3.2. The values for CO2 and phenol were taken from the modeling software PE database
[Pfohl et al., 2000]. The critical temperature (Tc) and pressure (pc) of DPC and BPA were
calculated using the Joback method [Reid et al., 1987]. The acentric factor of DPC and
BPA was calculated by Lee-Kesler correlation [Reid et al., 1987].
Table 3.2: Critical parameters and acentric factors used in the equation of state.

Substance

Tc (K)
Carbon dioxide
304.10
Phenol
694.10
Diphenyl carbonate 791.33
Bisphenol A
1018.62

pc (bar)
73.80
61.30
31.74
35.47

ω
0.225
0.438
0.719
0.914

3.3.1 The binary system phenol-CO2

The experimentally measured bubble-point pressures for the phenol-CO2 system are
given in Table 3.3 and shown as symbols in Fig. 3.3. The Peng-Robinson equation of
state [Peng and Robinson, 1976] in combination with the two-parameter classical mixing
rules (see Chapter 2) was used to represent these experimental data. The binary
interaction parameters kij and lij for this system were obtained by using the PE software
[Pfohl et al., 2000] to fit the bubble point pressure measurements to the PR EOS. The
objective function average absolute deviation (AAD) given by Eq. (3.1) was minimized
during the simultaneous optimization of kij and lij.
AAD =

1 n exp
∑ xq − xqcalc
n q =1

(3.1)

n is the number of bubble point measurements, q is the bubble point measurement
number and x are molar fractions of all components in the system investigated. The
optimized values of kij and lij so obtained are presented in the Table 3.3. The
corresponding calculated bubble point pressures are represented as continuous lines in
Fig. 3.3.
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Table 3.3: Experimental bubble point pressures for the phenol-CO2 system (compositions 1-4,
Table 3.1) and the calculated kij and lij values at different temperatures.

T (K)

343.15
353.15
363.15
373.15
383.15
393.15
403.15
413.15
423.15
433.15
443.15
453.15

1
p (bar)
41.4
45.0
48.3
51.5
54.5
57.2
59.8
62.1
64.3
66.3
68.1
69.8

Composition
2
3
p (bar) p (bar)
58.6 74.8
63.6 81.5
68.3 87.8
72.7 93.6
76.9 98.9
80.7 103.8
84.2 108.2
87.5 112.2
90.3 115.8
92.9 119.0
95.3 121.8
97.3 124.3

4
p (bar)
86.8
94.6
101.8
108.5
114.6
120.2
-

kij

lij

0.0527
0.0493
0.0465
0.0435
0.0405
0.0377
0.0343
0.0309
0.0275
0.0239
0.0201
0.0163

-0.0197
-0.0207
-0.0212
-0.0217
-0.0221
-0.0224
-0.0230
-0.0235
-0.0240
-0.0247
-0.0253
-0.0261

140

Pressure (bar)

120
100
80
60
73.72 % phenol
77.01 % phenol
81.99 % phenol
86.97 % phenol

40
20

0
340 350 360 370 380 390 400 410 420 430 440 450 460
Temperature (K)

Figure 3.3: Experimental bubble point data (symbols) for the CO2-phenol system and the model
predictions (continuous lines).
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0.06
0.05
0.04
0.03
0.02
0.01
0
-0.01
-0.02
-0.03
340 350 360 370 380 390 400 410 420 430 440 450 460
Temperature (K)
Figure 3.4: Temperature dependence of kij (Ó) and lij (†) for the phenol-CO2 binary system.

Calculated compositions for the system phenol-CO2 are in agreement with experimental
data within 1 % (Fig. 3.3). The temperature dependence of the binary interaction
parameters in Table 3.3 is plotted in Fig. 3.4 and is found to be linear. This temperature
dependency of the binary interaction parameters is given in Eqs. (3.2) and (3.3). The
linearity allows an optimum predictive capability by the PR EOS in the temperature,
pressure and composition range investigated for this system.
kij(T) = -0.000327 T(K) + 0.165275

for 343 K ≤ T ≤ 453 K

(3.2)

lij(T) = -0.000053 T(K) - 0.001776

for 343 K ≤ T ≤ 453 K

(3.3)

To check the performance of the model and the interaction parameters obtained, the
predictions of the model also outside of the range of our experimental investigation are
considered. Our measurements cover the composition range of up to 27 mol% of CO2 in
the binary mixture which is on the liquid side of the phase envelope. Our model
predictions of the vapor side of the phase envelope (CO2 rich region) are compared to
those found in the literature. Fig. 3.5 shows, as solid lines, the VLE p-x predictions of the
phenol-CO2 system based on the binary interaction parameters retrieved at 373.15 K and
423.15 K. Also plotted in Fig. 3.5 are the experimental data of Yau et al. [1992] and the
experimental data from this work.
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120

Pressure (bar)

100
80
60
40
20
0
0

0.2

0.4

0.6

0.8

1

Molar fraction of CO2
Figure 3.5: Comparison of data for the phenol-CO2 system of Yau et al. [1992] (Ô at 373.15 K
and „ at 423.15 K) with experimental data of this work (Ó at 373.15 K and † at 423.15 K). The
continuous lines represent PR EOS prediction using optimized interaction parameters kij and lij
from Eqs (3.2) and (3.3) respectively.

700

Pressure (bar)

600
500
400
300
200
100
0
0

0.2

0.4

0.6

0.8

1

Molar fraction of CO2
Figure 3.6: Comparison of data for the phenol-CO2 system of García-González et al. [2001] (▲)
with experimental data of this work (Ó) at 363.15 K. The continuous line represents optimization
of kij and lij from Eqs. (3.2) and (3.3) respectively. The dashed line represents PR EOS

optimization of the 363.15 K data, with lij = 0, leading to kij = 0.0743.
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Similarly, Fig. 3.6 compares the model predictions (lines) with the experimental results
of García-González et al. [2001] (▲). A very good match indicates that the model
parameters estimated from our data have predictive capability beyond the temperature,
pressure and composition range in which our bubble point measurements were
conducted. In contrast, when the interaction parameter lij is set to zero, and the interaction
parameter kij is optimized to fit our measurements (Table 3.3) at 363.15 K, kij = 0.0743 is
obtained. The corresponding VLE p-x calculations are presented in Fig. 3.6 as dashed
line. Its poor prediction of the data of García-González et al. [2001], indicates that the
one parameter mixing rules (with lij = 0) do not represent the VLE behavior of the
phenol-CO2 system, and that the two parameter classical mixing rules used by us are
indeed necessary.
450
400
Pressure (bar)

350
300
250
200
150
100
50
0

0.2

0.4

0.6

0.8

1

Molar fraction of CO2
Figure 3.7: Comparison of experimental data for the phenol-CO2 system of Pfohl et al. [1997] (Ó)
with our bubble point measurements (†) at 373.15 K. The continuous line represents model
predictions using optimized kij and lij from Eqs. (3.2) and (3.3) respectively. The dashed line
represents PR EOS optimization of Pfohl et al. [1997] data, leading to kij = 0.0312 and lij = 0.0469.

The comparison of our model predictions (continuous line) with experimental results of
Pfohl et al. [1997] (Ó) at 373.15 K is shown in Fig. 3.7. A mismatch is observed at
pressures from 150 to 250 bar on the bubble point side and at 300 bar on the dew point
side of the phase envelope. Other experimental data from Pfohl et al. [1997] match the
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model predictions rather well. An optimization of kij and lij was carried out for only the
data of Pfohl et al. [1997] and this resulted in binary interaction parameters kij = 0.0312
and lij = -0.0469. The model predictions (dashed line in Fig. 3.7) using these kij and lij
values do not match our bubble point measurements († in Fig. 3.7) at 373.15 K for the
phenol-CO2 system.
Given the good predictive ability of PR EOS using the optimized interaction parameters
from Eqs. (3.2) and (3.3), additional vapor phase composition measurements for the
system phenol-CO2 were not necessary.

3.3.2 The binary system DPC-CO2

The experimentally measured bubble-point pressures for the DPC-CO2 system are given
in Table 3.4 and shown as symbols in Fig. 3.8. Experimentally measured vapor phase
compositions are presented in Table 3.5, and plotted as symbols in Fig. 3.9. Similar to the
section 3.3.1, the PR EOS with the two-parameter classical mixing rules are used to
represent these experimental data.
Table 3.4: Experimental bubble point pressures for the DPC-CO2 system (compositions 5-9,
Table 3.1) at different temperatures. The corresponding two sets of optimized binary interaction
parameter values are those when (i) both kij and lij values are optimized, and (ii) kij is optimized
with lij set to a constant value (Eq. (3.5)).
T (K)

Composition
5

6

7

8

9

p (bar) p (bar) p (bar) p (bar) p (bar)
353.15
363.15
373.15
383.15
393.15
403.15
413.15
423.15
433.15
443.15
453.15

23.3
25.6
27.9
30.1
32.3
34.5
36.6
38.6
40.5
42.3
44.0

33.8
37.1
40.4
43.6
46.8
49.9
52.8
55.7
58.4
61.0
63.4

43.0
47.3
51.6
55.8
59.9
63.9
67.7
71.4
74.9
78.2
81.3

52.2
57.5
62.8
67.9
73.0
77.8
82.5
87.0
91.2
95.2
98.8

67.0
73.9
80.7
87.4
93.9
100.1
106.2
111.9
117.2
122.1
-

Simultaneous two parameter kij optimization (set (ii))
optimization (set (i))
with constant lij (Eq. 3.5)
kij

lij

RRMSD

kij

RRMSD

0.0163
0.0087
0.0023
-0.0044
-0.0121
-0.0100
-0.0020
0.0006
0.0042
0.0120
0.0066

-0.0041
-0.0061
-0.0076
-0.0091
-0.0111
-0.0083
-0.0025
0.0006
0.0043
0.0101
0.0094

0.0159
0.0155
0.0162
0.0175
0.0209
0.0205
0.0133
0.0146
0.0091
0.0101
0.0162

0.0159
0.0102
0.0056
0.0013
-0.0033
-0.0048
-0.0054
-0.0076
-0.0095
-0.0107
-0.0144

0.0166
0.0178
0.0224
0.0271
0.0343
0.0247
0.0154
0.0233
0.0310
0.0482
0.0493
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Pressure (bar)

160

64.04% DPC

140

70.25% DPC

120

74.65% DPC

100

85.12% DPC

79.75% DPC

80
60
40
20
0
350 360 370 380 390 400 410 420 430 440 450 460
Temperature (K)

Figure 3.8: Bubble point pressures for the different compositions of the DPC-CO2 system.
Symbols represent the experimental values and the continuous lines represent the model
predictions with optimized kij (Eq. (3.6)) with lij set constant (Eq. (3.5)).

The software PE [Pfohl et al., 2000] was not used because of its inability to
simultaneously process our experimental bubble point and vapor composition data. Our
own program (appendix A) was developed in the software package Mathematica®,
applying algorithms similar to those presented by Smith et al. [1996], to obtain the binary
interaction parameters kij and lij at each temperature by fitting bubble points and vapor
phase compositions simultaneously to PR EOS. For chosen values of kij and lij at a given
temperature, the relative root mean square deviation (RRMSD) is given by Eq. (3.4).

RRMSD (k ij ( T ), l ij ( T ), T ) =

exp
calc
1 n  p q − p q 
∑ p exp 
n q =1 
q


2

(3.4)
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Table 3.5: Experimental molar fractions of DPC in the vapor phase for the DPC-CO2 system at
different temperatures and 300 bar.

T (K)
353.15
363.15
373.15
383.15
393.15
403.15
413.15
423.15
433.15
443.15
453.15

Experimental DPC fraction in vapor
y . 102
3.28 3.64 3.77 3.79 3.68
2.92 3.15 2.82 3.11 3.16
2.37 2.68 2.54 2.48 2.58
2.05 2.15 2.16 2.14 2.04
2.01 2.13 2.00 1.81 1.91
1.64 1.64 1.85 1.52 1.49
1.38 1.43 1.44 1.32 1.26
1.40 1.22 1.28 1.25 1.31
1.31 1.21 1.27 1.21 1.25
1.12 1.25 1.20 1.18 1.15
1.35 1.33 1.36 1.17 1.36

0.045
0.04
0.035
y (DPC)

0.03
0.025
0.02
0.015
0.01
0.005
0
350 360 370 380 390 400 410 420 430 440 450 460
Temperature (K)
Figure 3.9: Experimentally measured DPC molar fractions in the vapor phase at 300 bar
(symbols) in a binary system DPC-CO2 and PR EOS prediction (line) using the lij value set
constant (Eq. (3.5)) and kij temperature dependency as in Eq. (3.6).
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0.02
0.015
0.01
0.005
0
-0.005
-0.01
-0.015
-0.02
350 360 370 380 390 400 410 420 430 440 450 460
Temperature (K)
Figure 3.10: Temperature dependence of the binary interaction parameters for the DPC-CO2
system. Simultaneously optimized kij (Ô) and lij („) values (set (i), Table 3.4), optimized kij (Ó)
values (set (ii), Table 3.4) with constant lij (Eq. (3.5)). The continuous lines correspond to Eqs.
(3.5) and (3.6).

For a chosen value of lij(T), the kij(T) was varied as to minimize the RRMSD (Eq. (3.4)).
This exercise was repeated at various values of lij until a minimum RRMSD and
corresponding kij and lij were found. This procedure for optimizing kij and lij was repeated
at each temperature, and these optimized values as well as the corresponding RRMSD
values are included as set (i) in Table 3.4. These optimized values of the kij and lij show a
nonlinear temperature dependency (open symbols in Fig. 3.10).
In search of a linear temperature dependency of the binary interaction parameters, the kij
interaction parameter was optimized assuming the lij to be temperature independent. For a
chosen value of lij, kij was optimized at each temperature by minimizing the RRMSD (Eq.
(3.4)). All the RRMSD calculated were summed in the whole temperature range to obtain
∑ RRMSD. In this way a pair ( ∑ RRMSD (lij), lij) was obtained. By repeating this
T

T

procedure at different values of lij, more pairs ( ∑ RRMSD (lij), lij) were obtained. These
T

combinations are plotted in Fig. 3.11. The polynomial function was fitted through the
points (Fig. 3.11). Its minimum was calculated by setting the derivative of its equation to
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zero and solving this equation. The constant value of lij corresponding to the minimum
∑ RRMSD is shown in Eq. (3.5).
T

lij(T) = -0.0047

for 353 K ≤ T ≤ 453 K

After finding the constant lij at minimum

∑ RRMSD , kij was optimized again at each

(3.5)

T

temperature by minimizing the RRMSD (Eq. (3.4)). The values of so optimized kij at a
constant lij (Eq. (3.5)) show a relatively linear temperature dependency (Fig. 3.10, closed
symbols), which is given by Eq. (3.6):

kij(T) = -0.000273 T(K) + 0.107875

for 353 K ≤ T ≤ 453 K

(3.6)

0.9
0.8

T

Σ RRMSD

0.7
0.6
0.5
0.4
0.3
4

3

0.2

y = -5529522.028x - 110373.943x +

0.1

2342.440x + 26.867x + 0.377

2

0
-0.025 -0.02 -0.015 -0.01 -0.005

0

0.005

0.01

0.015

l ij
Figure 3.11: The

∑ RRMSD (symbols) at various l

ij

values during optimization of kij(T) and lij

T

for DPC-CO2 system, and the fitted polynomial (line, equation is included).

These values of the parameter kij and the corresponding deviation RRMSD are also
presented in Table 3.4 as set (ii). The deviations of both set (i) and (ii) are similar,
although for some temperatures higher deviations for set (ii) are found. The biggest
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contributions to these deviation values probably come from the difference in the
predicted and experimental molar fractions in vapor phase (see Fig. 3.9) rather than from
the bubble point predictions (Fig. 3.8). Nevertheless, these differences are small enough
to justify the usage of the set (ii) binary interaction parameters.
The bubble point pressures calculated from the interaction parameters known as set (ii)
(Table 3.4, Fig. 3.10), are in a very good agreement with the experimental values plotted
as symbols in Fig. 3.8. The calculated vapor phase fractions are in reasonable agreement
with experimental data plotted as symbols in Fig. 3.9.

3.3.3 The binary system BPA-CO2

The experimental data of the binary system BPA-CO2 were treated in a manner similar to
that of the binary system DPC-CO2. Experimentally measured bubble point pressures are
presented in Table 3.6, and plotted in the Fig. 3.12 as symbols. Experimentally measured
vapor phase compositions at corresponding temperatures are presented in Table 3.7, and
plotted as symbols in Fig. 3.13. The simultaneously optimized kij and lij values are
presented in Table 3.6 set (i) and in Fig. 3.14 as open symbols. Again the Fig. 3.14 shows
that the temperature dependence of kij and lij is not linear. The same procedure for
optimizing kij(T) with temperature independent lij and calculating the ∑ RRMSD as in
T

section 3.3.2 is used. Fig. 3.15 shows the relationship between lij and

∑ RRMSD. The
T

constant value of lij corresponding to the minimum

∑ RRMSD is shown in Eq. (3.7):
T

lij(T) = -0.0317

for 403 K ≤ T ≤ 473 K

(3.7)

The corresponding values of optimized kij at a constant lij (Eq. (3.7)) show a linear
temperature dependency (Fig. 3.14, closed symbols), which is given by Eq. (3.8). These
values of the parameter kij and the corresponding deviation RRMSD are presented in
Table 3.6 as set (ii). The kij (Eq. (3.8)) values are relatively large compared to the DPCCO2 system (Table 3.4) indicating the system BPA-CO2 being far from ideal.
kij(T) = -0.000890 T(K) + 0.283052

for 403 K ≤ T ≤ 473 K

(3.8)
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Table 3.6: Experimental bubble point pressures for the BPA-CO2 system (compositions 10-13,
Table 3.1) at different temperatures. The corresponding two sets of optimized binary interaction
parameter values are those when (i) both kij and lij values are optimized, and (ii) kij is optimized
with lij set to a constant value (Eq. (3.7)).

T (K)

Pressure (bar)

403.15
413.15
423.15
433.15
443.15
453.15
463.15
473.15

Composition
1
p (bar)
24.13
24.77
25.37
25.94
26.46
26.96
27.41
27.83

100
90
80
70
60
50
40
30
20
10
0

2
3
4
p (bar) p (bar) p (bar)
46.94 59.77 88.63
48.29 61.45 90.45
49.52 62.97 92.02
50.64 64.34 93.33
51.65 65.56 94.38
52.54 66.64 95.17
53.32 67.56 95.70
53.99 68.33 95.98

85.04% BPA
400

410

420

Simultaneous two
parameter optimization
(set (i))
lij
RRMSD
kij
-0.0992 -0.0375 0.0742
-0.0890 -0.0327 0.0704
-0.0514 -0.0209 0.0537
-0.0731 -0.0244 0.0555
-0.0984 -0.0286 0.0639
-0.1394 -0.0369 0.0664
-0.1494 -0.0371 0.0597
-0.1431 -0.0330 0.0566

88.04% BPA
430

440

90.31% BPA
450

460

kij optimization (set
(ii)) with constant lij
(Eq. 3.7)
kij
RRMSD
-0.0800
0.0817
-0.0855
0.0707
-0.0891
0.0774
-0.0987
0.0668
-0.1090
0.0656
-0.1219
0.0708
-0.1311
0.0645
-0.1387
0.0570

94.79% BPA
470

480

Temperature (K)
Fig. 3.12: Bubble points pressures for the four compositions (Table 3.1) of the BPA-CO2 system.
Symbols represent the experimental values and the continuous lines represent the model
predictions with optimized kij (Eq. (3.8)) with lij set constant (Eq. (3.7)).
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Table 3.7: Experimental molar fractions of BPA in the vapor phase for the BPA-CO2 system at
different temperatures.

T (K) Experimental BPA fraction in vapor
y . 104
403.15
3.25
5.93
4.37
4.68
413.15
4.54
4.30
2.34
2.99
423.15
2.40
2.29
1.80
1.81
433.15
2.44
3.28
2.54
2.18
443.15
2.13
3.33
3.94
4.24
453.15
5.08
6.11
5.56
3.39
463.15
7.06
4.59
4.69
5.97
473.15
5.49
7.61
4.68
5.02

0.0008
0.0007

y (BPA)

0.0006
0.0005
0.0004
0.0003
0.0002
0.0001
0
400

410

420

430

440

450

460

470

480

Temperature (K)
Fig. 3.13: Experimentally measured BPA molar fractions in the vapor phase in a binary system
BPA-CO2 (symbols) and PR EOS prediction (line) using the lij value set constant (Eq. (3.7)) and
kij temperature dependency as in Eq. (3.8).
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Fig. 3.14: Temperature dependency of the binary interaction parameters for the BPA-CO2 system.
Simultaneously optimized kij (Ô) and lij („) values (set (i), Table 3.6), optimized kij (Ó) values
(set (ii), Table 3.6) with constant lij (Eq. (3.7)). The continuous lines correspond to Eqs. (3.7) and
(3.8).
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3

y = -792304x - 85552x -

0.75
0.7
0.65

T

Σ RRMSD

2

2078.8x + 25.219x + 1.5175

0.6
0.55
0.5
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-0.04

-0.035
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-0.025
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Figure 3.15: The

∑ RRMSD at various l

ij

values (symbols) during optimization of kij(T) and lij

T

for BPA-CO2 system, and the fitted polynomial (line, equation is included).
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The bubble point pressures calculated (lines) from the interaction parameters known as
set (ii) (Table 3.6, Fig. 3.12) are in a good agreement with the experimental values
plotted as symbols in Fig. 3.12 except those of the composition with the maximum
amount of CO2. Furthermore, this suggests that using the set (ii) (Table 3.6) interaction
parameters for predicting VLE of the higher systems rich with CO2 could give higher
deviations from the actual VLE behavior. The calculated vapor phase compositions are
compared with experimental data in Fig. 3.13. The deviation is relatively large which is
probably due to the very small amounts of BPA collected in the sample bag. These
amounts are typically in the range from 5 to 25 mg and considerable weighing error could
be made.

3.4 Conclusions
VLE of the binary systems made up of phenol, DPC, BPA and CO2 are determined by
bubble point pressure measurements using Cailletet apparatus and by measuring the
vapor phase compositions of desired binary mixtures. Experimental data for the binary
mixtures phenol-CO2, DPC-CO2 and BPA-CO2 are fitted to PR EOS to obtain the values
of the binary interaction parameters kij and lij. A method was evolved to obtain the linear
temperature dependency of the binary interaction parameters for all the systems involved.
This gives the best opportunity to successfully predict the VLE behavior of these systems
even outside of the temperature, pressure and composition range investigated
experimentally.

Chapter 4
Phase equilibria of ternary systems phenol-DPC-CO2, phenolBPA-CO2 and DPC-BPA-CO2
4.1 Introduction
Application of supercritical CO2 is drawing increasing attention as a processing medium
due to its non-toxicity, low cost, abundant availability in its pure form, easy removal, etc.
An additional advantage of supercritical fluids is that its solvation characteristics are
easily tailored by controlling pressure, temperature and application of co-solvents,
thereby providing an excellent medium for separation by extraction [Chester et al., 1998].
A reliable knowledge of relevant vapor-liquid equilibria (VLE) is required for successful
development of such industrial separation processes [Dohrn and Brunner, 1995]. Fluid
phase behavior of multicomponent systems is often described by equations of state
(EOS).
The objective of this work is to explore the possibilities of developing a SCF CO2 based
system for extraction of components following the depolymerization of bisphenol-A
(BPA) based polycarbonate. Such a system would be composed of phenol, diphenyl
carbonate (DPC), BPA and CO2, and perhaps along with oligomers of polycarbonate. In
Chapter 3 of this work, the bubble point pressure and vapor phase composition
measurements of the binary systems phenol-CO2, DPC-CO2 and BPA-CO2 were reported.
The phase behavior was described by the Peng-Robinson equation of state (PR EOS)
using the quadratic mixing rules, and the involved binary interaction parameters were
optimized.
In this chapter, the VLE of the ternary systems phenol-DPC-CO2, phenol-BPA-CO2 and
DPC-BPA-CO2 is examined. While the binary interaction parameters for the phenol-CO2,
DPC-CO2 and BPA-CO2 systems are directly estimated from the experimental
measurements (Chapter 3), the ternary systems data are used to optimize the binary
Reproduced in part from:
Margon, V.; Agarwal, U. S.; Peters C. J.; de Wit, G.; van Kasteren J. M. N.; Lemstra P. J. manuscript
under preperation
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interaction parameters for the phenol-DPC, phenol-BPA and DPC-BPA systems. This is
done because the bubble point measurements and VLE for the binary systems phenolDPC, phenol-BPA and DPC-BPA are not experimentally available.

4.2 Experimental
4.2.1 Materials

Phenol (99%+ purity), DPC (99% purity) and BPA (99% purity) were supplied by
Aldrich and were used without further purification. Carbon dioxide (99.995 % purity)
used for bubble point measurements and vapor phase composition measurements was
supplied by Air Products and Hoek Loos respectively and used as received. Deuterated
chloroform CDCl3 (deuteration degree 99.8 % with 0.03 vol% TMS) was supplied by
Merck and used without further purification as a solvent for NMR sample preparation.

4.2.2 Bubble point pressure measurements

Bubble point pressure measurements were performed in a Cailletet apparatus by
isothermally raising the pressure in investigated ternary mixture until last bubble
disappeared. A more detailed description of the apparatus and the measuring technique is
given in Chapter 3.
Table 4.1: Molar fractions of the components in the ternary mixtures for the bubble point pressure
measurements.

Composition
1
2
3
4
5
6
7
8
9
10
11

CO2
0.1994
0.1992
0.1985
0.2074
0.1992
0.2002
0.0983
0.0995
0.0992
0.2004
0.2495

Phenol
0.6958
0.5990
0.5066
0.6902
0.7309
0.7601
-

DPC
0.1048
0.2018
0.2949
0.8015
0.7009
0.4989
0.4993
0.4480

BPA
0.1024
0.0699
0.0397
0.1002
0.1996
0.4019
0.3003
0.3025
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Table 4.1 shows the molar compositions of ternary mixtures examined in the Cailletet
apparatus. The compositions 1-3 represent the ternary system phenol-DPC-CO2,
compositions 4-6 represent the ternary system phenol-BPA-CO2 and compositions 7-11
represent the ternary system DPC-BPA-CO2.

4.2.3 Vapor phase composition measurements

The desired two-component mixture (Table 4.2) was placed in a 65 mL stainless steel
autoclave and pressurized with CO2 up to 300 bar at the desired temperature. Vapor
phase sample was collected into a polyethylene bag from a system where vapor and
liquid phases are in equilibrium. The contents of the bag were analyzed by a combination
of weighing and 1H NMR. The weights of the collected CO2 and solids were determined
by weighing (similar to Chapter 3). The solid contents of the polyethylene collection bag
contain two components. Their molar ratio was determined by 1H-NMR. The solids were
washed out of the collection bag with CDCl3 and transferred to the NMR measuring tube.
1
H-NMR spectra were recorded on a Varian 400 MHz spectrometer at 25 ºC. The peak
areas at the characteristic chemical shifts for phenol (δ 6.93 ppm, t, 1 H), DPC (δ 7.41
ppm, t, 4 H) and BPA (δ 7.08 ppm, d, 4 H), were integrated to determine the molar ratio
of the two components in the solid. Combining this with the weight of solid and CO2,
allowed the calculation of the composition of the ternary mixture sample obtained from
the vapor phase.
Table 4.2: The amounts of phenol, DPC and BPA used for the VLE study of the ternary systems.

Ternary system
Phenol (g) DPC (g) BPA (g)
Phenol-DPC-CO2
15
10
Phenol-BPA-CO2
15
10
DPC-BPA-CO2
10
10

4.3 Results and discussion
The critical parameters and acentric factors of the components are summarized in Table
3.2. The values for CO2 and phenol were taken from modeling software PE database
[Pfohl et al., 2000]. The critical temperature (Tc) and pressure (pc) of DPC and BPA were
calculated using the Joback method [Reid et al., 1987]. The acentric factor of DPC and
BPA was calculated by the Lee-Kesler correlation [Reid et al., 1987].
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4.3.1 Ternary system phenol-DPC-CO2

The experimentally measured bubble point pressures for the ternary system phenol-DPCCO2 (compositions 1-3 in Table 4.1) are shown numerically in Table 4.3 and plotted in
Fig. 4.1 as symbols. The experimentally measured vapor phase compositions are
presented in Table 4.4, and plotted in Fig. 4.2 as symbols.
Table 4.3: Experimental bubble point pressures at different temperatures for the ternary systems
phenol-DPC-CO2 (compositions 1-3 of Table 4.1), phenol-BPA-CO2 (compositions 4-6 of Table
4.1) and DPC-BPA-CO2 (compositions 7-11 of Table 4.1).

T (K)

353.15
363.15
373.15
383.15
393.15
403.15
413.15
423.15
433.15
443.15
453.15

Composition
1
2
3
4
5
6
7
8
9
10
11
p (bar) p (bar) p (bar) p (bar) p (bar) p (bar) p (bar) p (bar) p (bar) p (bar) p (bar)
61.2 53.9 48.8
66.1 58.5 53.1
70.8 63.0 57.3
75.3 67.3 61.3
79.4 71.3 65.2
83.3 75.2 68.8 106.2 98.8 97.0 23.4 25.4 30.0 63.3 84.3
86.9 78.7 72.3 110.0 102.4 100.6 24.7 26.9 31.5 66.4 88.3
90.2 82.0 75.6 113.5 105.7 103.9 26.0 28.2 32.8 69.4 92.1
93.2 85.1 78.6 116.6 108.7 106.9 27.2 29.5 34.2 72.2 95.8
95.9 88.0 81.4 119.3 111.3 109.5 28.4 30.8 35.4 74.9 99.2
98.4 90.7 84.0 121.8 113.7 111.8 29.6 32.0 36.7 77.4 102.4

The representation of these ternary system data by the PR EOS is possible if the binary
interaction parameters for the binary systems phenol-CO2, DPC-CO2 and phenol-DPC are
available. In Chapter 3, the binary interaction parameters for the phenol-CO2 and DPCCO2 systems given by Eqs. (3.2), (3.3), (3.5) and (3.6) were determined. However, direct
use of the PR EOS to predict the VLE of the ternary system is hindered because of our
inability to measure the VLE of the phenol-DPC system through bubble point and vapor
phase composition measurements. Therefore, experimental VLE measurements of the
ternary system phenol-DPC-CO2 were carried out. These VLE data could also be
predicted using our program (appendix B) developed in software Mathematica® along
with known kij and lij for phenol-CO2 and DPC-CO2 systems as well as any assumed kij
and lij for phenol-DPC system. Thus kij and lij for phenol-DPC could be optimized by
searching for the best match between the predicted and experimental VLE of the ternary
system phenol-DPC-CO2. A temperature independent lij was used to obtain the optimized
values of kij (similar to set (ii) type of parameters in Chapter 3).
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Fig. 4.1: Bubble point pressures for the phenol-DPC-CO2 ternary system. Symbols represent the
experimental measurements (compositions 1 (Ó), 2 (†) and 3 (▲) of Table 4.3), dashed lines
(highest line for composition 1, lowest for composition 3) represent the PR EOS prediction with
kij and lij of phenol-DPC set to zero, and continuous lines (highest line for composition 1, lowest
for composition 3) represent the PR EOS predictions with kij and lij (Eqs. (4.3) and (4.2)) for
phenol-DPC.
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Fig. 4.2: Experimentally measured molar fractions of phenol (Ô), DPC („) and CO2 (Û) in the
vapor phase in a ternary system phenol-DPC-CO2, PR EOS prediction using both kij and lij of
phenol-DPC set to zero (dashed lines) and PR EOS prediction using kij and lij values of phenolDPC from Eqs. (4.3) and (4.2) (continuous lines).
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Table 4.4: Experimental molar fractions of phenol, DPC and CO2 in the vapor phase of the
phenol-DPC-CO2 system at different temperatures.

T (K)

353.15

363.15

373.15

383.15

393.15

403.15

Experimental fraction in vapor
y . 102
DPC
phenol
CO2
1.272
4.65
94.08
1.190
4.36
94.45
1.131
4.19
94.68
1.346
5.27
93.38
1.522
5.65
92.83
1.240
4.92
93.84
1.118
4.55
94.33
1.100
4.59
94.31
1.120
4.62
94.26
0.877
4.64
94.48
0.785
3.53
95.69
1.104
4.90
94.00
0.994
4.74
94.26
1.564
5.94
92.50
1.024
4.82
94.16
0.977
4.46
94.56
0.736
4.01
95.25
0.836
4.72
94.44

T (K) Experimental fraction in vapor
y . 102
DPC
phenol
CO2
413.15 0.743
4.75
94.51
0.739
4.23
95.03
0.802
5.10
94.10
423.15 0.841
5.20
93.96
0.789
5.11
94.10
0.628
4.40
94.97
433.15 0.802
5.02
94.18
0.628
5.00
94.37
0.684
4.79
94.53
443.15 0.653
5.11
94.23
0.680
5.16
94.16
0.723
5.16
94.11
453.15 0.573
4.93
94.50
0.830
5.63
93.54
0.652
4.92
94.42

The calculation of bubble point pressures with our program (appendix B) is
straightforward because the overall compositions of the components in a ternary system
(Table 4.1) are known. These are however not known when calculating dew point
pressures (experimental inability to measure the amount of CO2) and are calculated
during the optimization process. At a given guessed dew point pressure, it is possible to
iteratively calculate the overall composition, when amounts of phenol and DPC (Table
4.2) and temperature of the investigated system are known. With calculated overall
composition, the vapor phase composition is calculated as well and directly compared to
experimental values (Table 4.4) calculating the objective function RRMSD (y) given by
Eq. (4.1):
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(4.1)

The calculation of vapor phase composition is repeated for various guessed dew point
pressures until the RRMSD (y) is minimized. The dew point pressure corresponding to the
minimum RRMSD (y) is used along with bubble point pressures to calculate RRMSD (Eq.
(3.4)).
For a chosen value of temperature independent lij, kij was optimized at each temperature
by minimizing the RRMSD (Eq. (3.4)). All the RRMSD calculated were summed in the
whole temperature range to obtain ∑ RRMSD. In this way a pair ( ∑ RRMSD (lij), lij)
T

T

was obtained. By repeating this procedure at different values of lij, more pairs
( ∑ RRMSD (lij), lij) were obtained. These combinations are plotted in Fig. 4.3. The
T

polynomial function was fitted through the points (Fig. 4.3). Its minimum was calculated
by setting the derivative of its equation to zero and solving this equation. The constant
value of lij corresponding to the minimum ∑ RRMSD is shown in Eq. (4.2).
T

lij = 0.0265

for 353 K ≤ T ≤ 453 K

(4.2)
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Figure 4.3: The

∑ RRMSD at various l
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values (symbols) during optimization of kij and lij for

T

phenol-DPC system and fitted polynomial (line, equation is included).
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Fig. 4.4: Temperature dependency of the optimized kij for the phenol-DPC system (symbols). The
continuous line corresponds to Eq. (4.3).

Using this value of temperature independent lij, the kij was optimized again at each
temperature by minimizing the RRMSD (Eq. (3.4)). These kij values do not show a linear
temperature dependency. In the absence of a better alternative, kij was represented by its
arithmetic average over the entire temperature range (line in Fig. 4.4).
kij = 0.0222

for 353 K ≤ T ≤ 453 K

(4.3)

The bubble point pressures and vapor phase fractions for the ternary system phenol-DPCCO2, calculated using the values of kij and lij from Eqs. (4.3) and (4.2) for phenol-DPC,
are presented (as continuous lines) in Figs. 4.1 and 4.2 respectively to compare with the
experimental data (symbols). The good match in Figs. 4.1 and 4.2 of all calculated bubble
point pressures and vapor phase fractions with the experimental values indicate that the
ternary system can indeed be represented by the constant values of kij and lij (Eqs. (4.3)
and (4.2)) for phenol-DPC in the temperature and composition range studied in this work.
Also presented (as dashed lines) in the Figs. 4.1 and 4.2 are the bubble point pressures
and vapor phase fractions of the ternary system phenol-DPC-CO2 calculated using kij and
lij set to zero for phenol-DPC. Although it is difficult to judge which line represents the
vapor fraction data (Fig. 4.2) better, it is clear that the bubble point pressure predictions
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(Fig. 4.1) are significantly improved when using the optimized interaction parameters
(Eqs. (4.3) and (4.2)).

4.3.2 The ternary systems phenol-BPA-CO2 and DPC-BPA-CO2

The experimentally measured bubble-point pressures for various compositions of the
ternary systems phenol-BPA-CO2 and DPC-BPA-CO2 are presented numerically in Table
4.3, and graphically in Figs. 4.5 and 4.6 respectively. The experimentally measured vapor
phase compositions are presented in Table 4.5 and plotted in Fig. 4.7 and 4.8 as symbols
respectively.
Table 4.5: Experimental molar fractions of phenol, DPC, BPA and CO2 in the vapor phase of
their ternary phenol-BPA-CO2 and DPC-BPA-CO2 systems at different temperatures.

T (K)

403.15
413.15
423.15
433.15
443.15
453.15

phenol-BPA-CO2
DPC-BPA-CO2
Experimental fraction in vapor Experimental fraction in vapor
y . 102
y . 102
BPA
phenol
CO2
BPA
DPC
CO2
0.089
4.14
95.77
0.063
0.655
99.28
0.027
0.549
99.42
0.109
4.26
95.63
0.045
0.549
99.41
0.091
4.35
95.56
0.085
4.66
95.25
0.115
4.76
95.12
0.137
6.06
93.80
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Fig. 4.5: Bubble point pressures for the phenol-BPA-CO2 ternary system. Symbols represent the
experimental values (compositions 4 (Ó), 5 (†) and 6 (▲) of Table 4.3), dashed lines (highest line for
composition 4, middle for composition 6 and lowest for composition 5) represent the PR EOS prediction
with the kij and lij of phenol-BPA set to zero, and continuous lines (highest line for composition 4, lowest
for composition 6) represent PR EOS predictions using kij and lij from Eqs. (4.5) and (4.6) for phenol-BPA.
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Fig. 4.6: Bubble point pressures for the DPC-BPA-CO2 ternary system. Symbols represent the experimental
values (compositions 7 (Ó), 8 (†), 9 (▲), 10 (µ) and 11 (+) of Table 4.3), dashed lines (highest line for
composition 11, lowest for composition 7) represent the PR EOS prediction with kij and lij of DPC-BPA set
to zero, and continuous lines (highest line for composition 11, lowest for composition 7) represent PR EOS
predictions using kij and lij from Eqs. (4.7) and (4.8) for DPC-BPA.
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Fig. 4.7: Experimentally measured molar fractions of phenol (†), BPA (Ó) and CO2 (▲) in the
vapor phase of a ternary system phenol-BPA-CO2, PR EOS prediction using both kij and lij of
phenol-BPA set to zero (dashed lines) and PR EOS prediction using kij and lij values of phenolBPA from Eqs. (4.5) and (4.6) (continuous lines).
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Fig. 4.8: Experimentally measured molar fractions of DPC (†), BPA (Ó) and CO2 (▲) in the
vapor phase of a ternary system DPC-BPA-CO2, PR EOS prediction using both kij and lij of DPCBPA set to zero (dashed lines) and PR EOS prediction using kij and lij values of DPC-BPA from
Eqs. (4.7) and (4.8) (continuous lines).

56 Chapter 4

In a manner similar to that reported in section 4.3.1, the experimentally derived binary
interaction parameters for phenol-CO2, BPA-CO2 and DPC-CO2 (Eqs. (3.2), (3.3) and
(3.5) to (3.8)) are used to optimize for the experimentally inaccessible kij and lij
parameters of the phenol-BPA and DPC-BPA systems.
A program similar to that for optimization of parameters for the phenol-DPC system
(section 4.3.1) was used also for optimization of kij and lij parameters of the phenol-BPA
and DPC-BPA systems. The difference was in the way the RRMSD (y) (Eq. (4.1)) was
calculated. The term concerning the vapor fractions of BPA in this equation was dropped
because of the small values that vapor fractions of BPA have. A small change in y(BPA)
dramatically influences the calculation of RRMSD (y) and thus effects the optimization
process. This could lead to the optimized binary interaction parameters that do not
represent the VLE behavior of these two systems.
0.08
0.06
0.04
kij

0.02
0
Phenol-BPA
DPC-BPA

-0.02
-0.04
400

410

420

430

440

450

460

Temperature (K)
Fig. 4.9: Temperature dependency of the optimized kij values (symbols) for the phenol-BPA and
DPC-BPA systems. The continuous lines from top to bottom correspond to Eqs. (4.5) and (4.7)
respectively.

Furthermore the Gibbs’ phase rule [Smith et al., 1996] given by Eq. (4.4) states that for
the ternary, two-phase system the number of degrees of freedom equals 3.
F=2–P+C

(4.4)
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P is the number of phases, C the number of components and F the degrees of freedom. If
the temperature and pressure of the system are fixed then only one vapor or liquid molar
fraction is enough to describe the system. One vapor fraction would be sufficient for the
calculation of the RRMSD (y). CO2 along with phenol or DPC fractions in the vapor
phase, depending on the system in question, were taken to calculate the RRMSD (y),
dismissing the BPA fractions in the vapor phase. The CO2 fractions are the most reliable
but the least sensitive, so the other component fraction is added to the calculation to
improve the result. The optimized kij values in this way are plotted in Fig. 4.9 as symbols.
The values of the kij for both systems do not show a linear temperature dependency. For
this reason, the arithmetic average of kij values in the whole temperature range is
calculated and the parameter is treated as temperature independent. The values of kij and
lij for the systems phenol-BPA and DPC-BPA are presented in Eqs. (4.5) to (4.8). The
plot ∑ RRMSD vs. lij for the system phenol-BPA is given in Fig. 4.10 and for the system
T

DPC-BPA in Fig. 4.11.
phenol-BPA:
kij = 0.0569
lij = 0.0612

for 403 K ≤ T ≤ 453 K
for 403 K ≤ T ≤ 453 K

(4.5)
(4.6)

DPC-BPA:
kij = -0.0254
lij = -0.0066

for 403 K ≤ T ≤ 423 K
for 403 K ≤ T ≤ 423 K

(4.7)
(4.8)

Eqs. (4.5) to (4.8) are used along with Eqs. (3.2), (3.3) and (3.5) to (3.8) to calculate
bubble point pressures and vapor phase fractions for the ternary systems phenol-BPACO2 and DPC-BPA-CO2. Bubble point pressures are plotted as continuous lines in Fig.
4.5 and 4.6 respectively and are in a good agreement with the experimental
measurements.
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The predictions of bubble point pressures for the system phenol-BPA-CO2 is poor using
kij and lij set to zero for phenol-BPA (dashed line in Fig. 4.5). Vapor phase fractions for
the ternary system phenol-BPA-CO2 are plotted as continuous lines in Fig. 4.7 while
dashed lines represent the predictions using kij and lij set to zero. The predictions using kij
and lij from Eqs. (4.5) and (4.6) are in a good agreement with the experimental data,
while predictions using kij and lij set to zero (Fig. 4.5) do not represent the VLE behavior
of this system adequately.
The predictions of bubble point pressures for the system DPC-BPA-CO2, using kij and lij
for the system DPC-BPA from Eqs. (4.7) and (4.8), do not improve significantly
compared to predictions when using kij and lij set to zero. This is not surprising since kij
and lij values for the DPC-BPA system are close to zero anyway. The prediction of vapor
phase fractions for the ternary system DPC-BPA-CO2 are plotted as continuous lines in
Fig. 4.8 and are in a good agreement with the experimental data. Dashed lines on the
same figure represent the predictions using kij and lij set to zero and deviate from the
experimental data and do not represent the VLE behavior of this system satisfactorily.

phenol + DPC

BPA

DPC
AU

phenol

453.15 K
443.15 K
433.15 K
423.15 K

7.6

7.4

7.2

7

6.8
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Figure 4.12: The NMR spectra of the vapor phase samples of the DPC-BPA-CO2 system at
elevated temperatures.

The investigation of the VLE behavior of the system DPC-BPA-CO2 above the 423.15 K
was also attempted. The NMR spectra (Fig. 4.12) of the vapor phase samples in the
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temperature range from 433.15 K to 453.15 K all reveal that the samples contain phenol
as well. At such elevated temperatures it is possible for DPC and BPA to start
polymerizing (Scheme 1.1) and form oligomers, with phenol as a reaction byproduct.
Although the reaction is expected to be extremely slow without the catalyst [Kim et al,
1992; Shi et al., 2001] the observed amounts of phenol are significant to disturb the VLE
behavior and measurements. The experimental results from this temperature range are
therefore not considered here.

4.4 Conclusions
VLE of the ternary systems phenol-DPC-CO2, phenol-BPA-CO2 and DPC-BPA-CO2 are
determined by bubble point pressure measurements using Cailletet apparatus and by
measuring the vapor phase compositions of investigated ternary mixtures. The VLE of
these systems, in combination with our binary interaction parameters of the binary
systems phenol-CO2, DPC-CO2 and BPA-CO2 (Chapter 3 of this thesis) are used to
optimize the kij and lij values for the binary systems phenol-DPC, phenol-BPA and DPCBPA. This indirect determination of these last three kij and lij pairs was necessitated by
the experimental inaccessibility of their bubble point pressures and vapor phase
compositions in our experimental setup. Even though the experimental data measured
here is limited, it was still possible to obtain the binary interaction parameters kij and lij.
The determination of all six pairs of kij and lij now enables us to predict the VLE behavior
of the quaternary system phenol-DPC-BPA-CO2. This is considered in more detail in the
next chapter.

Chapter 5
Prediction and experimental verification of the phase
equilibria behavior of the quaternary system phenol-DPCBPA-CO2
5.1 Introduction
Thermal separation processes are of great importance since they usually cause the
greatest part of costs (investment, operating) of a chemical process. Thus the synthesis,
design and optimization of separation processes require a reliable knowledge of the phase
behavior of the systems investigated. Laborious experiments must be carried out to obtain
the VLE data needed. Consequently, such experimental data are not abundantly reported
in the literature. The experimental data of more complicated systems, like phenol-DPCBPA-CO2 in this work, need to be measured.
The VLE behavior of a given system is usually represented by equations of state (EOS),
which contain binary interaction parameters. The binary interaction parameters can be
obtained by intelligent fitting of the EOS to experimental data and are usually
temperature dependent. Acquiring these binary interaction parameters and their
temperature dependency gives the optimum predictive ability of the EOS for a given
system even outside of the pressure, temperature and composition range experimentally
investigated.
In this work the VLE of binary systems of phenol, DPC, BPA with CO2 are
experimentally investigated and the binary interaction parameters for these systems are
optimized (Chapter 3). The inability to measure VLE of the systems phenol-DPC,
phenol-BPA and DPC-BPA and to determine their interaction parameters directly is
circumvented through the experimental data of their ternary systems with CO2 (Chapter
Reproduced in part from:
Margon, V.; Agarwal, U. S.; Peters C. J.; de Wit, G.; van Kasteren J. M. N.; Lemstra P. J. manuscript
under preperation
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4). The binary interaction parameters of all constituent binary systems of phenol-DPCBPA-CO2 quaternary system are in this way determined. In this chapter these binary
interaction parameters are evaluated for their ability to predict the VLE behavior of the
quaternary system.

5.2 Experimental
5.2.1 Materials

Phenol (99%+ purity), DPC (99% purity) and BPA (99% purity) were supplied by
Aldrich and were used without further purification. Carbon dioxide (99.995 % purity)
used for bubble point measurements and vapor phase compositions measurements was
supplied by Air Products and Hoek Loos respectively and used as recieved. Deuterated
chloroform CDCl3 (deuteration degree 99.8 % with 0.03 vol% TMS) was supplied by
Merck and used without further purification as a solvent for NMR sample preparation.

5.2.2 Bubble point pressure measurements

Bubble point pressure measurements were performed in a Cailletet apparatus by
isothermally raising the pressure in investigated quaternary mixture until last bubble
disappeared. A more detailed description of the apparatus and the measuring technique is
given in Chapter 3. Table 5.1 shows the molar compositions of quaternary mixtures
examined in the Cailletet apparatus.
Table 5.1: Molar fractions of the components in the quaternary mixtures investigated in the
Cailletet apparatus.

Composition CO2
Phenol
1
0.1033 0.2988
2
0.1500 0.4463
3
0.2030 0.5909

DPC
0.3058
0.2062
0.1054

BPA
0.2921
0.1975
0.1007
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5.2.3 Vapor phase composition measurements

The desired three-component mixture (Table 5.2) was placed in a 65 mL stainless steel
autoclave and pressurized with CO2 to 300 bar at the desired temperature. Vapor phase
sample was collected into a polyethylene bag from a system where vapor and liquid
phases coexist in equilibrium. The contents of the bag were analyzed by a combination of
weighing and 1H NMR. The weights of the collected CO2 and solids were determined by
weighing (similar to Chapter 4). The solid contents of the polyethylene collection bag
contain phenol, DPC and BPA. Their molar ratio was determined by 1H-NMR. The solids
were washed out of the collection bag with CDCl3 and transferred to the NMR measuring
tube. 1H-NMR spectra were recorded on a Varian 400 MHz spectrometer at 25 ºC. The
peak areas at the characteristic chemical shifts for phenol (δ 6.93 ppm, t, 1 H), DPC (δ
7.41 ppm, t, 4 H) and BPA (δ 7.08 ppm, d, 4 H), were integrated to determine the molar
ratio of the two components in the solid. Combining this with the weight of solid and
CO2, allowed the calculation of the composition of the quaternary mixture sample
obtained from the vapor phase.
Table 5.2: Starting amounts of phenol, DPC and BPA for the investigated quaternary systems at
different temperatures.

Composition Temperature (K) Phenol (g) DPC (g) BPA (g)
4
373.15
20
5
5
5
373.15
10
10
10
6
373.15
10
5
5
7
373.15
5
10
10
8
403.15
20
5
5
9
433.15
20
5
5

5.3 Results and discussion
The experimentally measured bubble point pressures for the quaternary system of various
compositions are presented numerically in Table 5.3 and graphically in Fig. 5.1 as
symbols. The experimentally measured vapor phase fractions are presented in Table 5.4.
The bubble point pressures of composition 1 were measured from 383.15 K and the
bubble point pressures of composition 2 from 363.15 K, due to the possibility of solid
BPA precipitating from the mixture (melting point at 431.15 K) thus making the
measurements below those temperatures unreliable.
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Table 5.3: Experimental and predicted bubble point pressures at different temperatures for the
quaternary systems phenol-DPC-BPA-CO2 (compositions 1-3 of Table 5.1).

T (K)

343.15
353.15
363.15
373.15
383.15
393.15
403.15
413.15
423.15
433.15
443.15
453.15
463.15
473.15

Composition 1
Exptl.
PR EOS
p (bar)
p (bar)
32.93
39.34
34.78
41.16
36.56
42.90
38.28
44.56
39.93
46.14
41.52
47.65
43.05
49.08
44.51
50.45
45.90
51.74
47.23
52.97

Composition 2
Exptl.
PR EOS
p (bar)
p (bar)
47.24
55.45
50.66
58.55
53.87
61.50
56.87
64.31
59.68
66.98
62.32
69.50
64.79
71.88
67.12
74.12
69.32
76.24
71.40
78.23
73.38
80.11
75.27
81.88

Composition 3
Exptl.
PR EOS
p (bar)
p (bar)
60.87
66.04
66.56
71.07
71.90
75.88
76.91
80.45
81.58
84.77
85.95
88.84
90.00
92.66
93.75
96.23
97.21
99.56
100.39
102.66
103.29
105.54
105.93
108.21
108.31
110.69
110.45
112.99

120

Pressure (bar)

100
80
60
40
20
0
340

360

380

400

420

440

460

480

Temperature (K)
Fig. 5.1: Experimental bubble point data (symbols) and PR EOS model predictions (compositions
1 (Ó), 2 (†) and 3 (▲) of Table 5.1) for the quaternary system phenol-DPC-BPA-CO2.
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Table 5.4: Experimental and predicted molar fractions of phenol, DPC, BPA and CO2 in the
vapor phase of the quaternary system at different compositions and temperatures.

Composition T (K)

Experimental
fraction in vapor

PR EOS predicted
fraction in vapor

y . 102

y . 102

phenol DPC
4
5
6
7
8
9

373.15
373.15
373.15
373.15
403.15
433.15

4.18
1.78
2.60
0.98
4.69
5.08

0.327
0.599
0.441
0.615
0.253
0.246

BPA

CO2 phenol

DPC

BPA

CO2

0.039
0.048
0.041
0.025
0.077
0.034

95.45
97.57
96.92
98.38
94.98
94.64

0.316
0.567
0.448
0.633
0.233
0.227

0.035
0.039
0.039
0.036
0.020
0.018

95.08
96.84
96.03
97.82
95.31
94.71

4.57
2.56
3.49
1.51
4.44
5.04

All six combinations of interaction parameters kij and lij (Eqs. (3.2), (3.3), (3.5), (3.6),
(3.7), (3.8), (4.2), (4.3), (4.5), (4.6), (4.7) and (4.8)) were used to predict the bubble point
pressures using the flash calculation coupled to PR EOS (Chapter 2) for the quaternary
system. The relative error between the calculated and experimental bubble point
pressures (Fig. 5.1) is significant (within 19,5%) when considering composition 1, and
becomes smaller for compositions 2 and 3. Another observation shows that the
predictions of bubble point pressures at lower temperatures are less satisfactory (Fig.
5.1), perhaps because the binary interaction parameters for the systems involving BPA
(Eqs. (3.7), (3.8), (4.5), (4.6), (4.7) and (4.8)) were optimized only at temperatures above
403.15 K.
The same interaction parameters were also used to calculate the vapor phase composition
using the flash calculation coupled to PR EOS. The results are shown in Table 5.4. While
a reasonable match can be seen for most cases, the deviations between the predicted and
experimental vapor compositions are bigger for the compositions with low phenol
content (compositions 5 to7). This could be due to the poor VLE predictions of ternary
system phenol-BPA-CO2 where relatively large values of kij and lij for the phenol-BPA
system (Eqs. (4.5) and (4.6)) are used. These values seem to indicate that the system
phenol-BPA is highly non-ideal (hydrogen bonding) and that PR EOS along with the
quadratic mixing rules used here may be less efficient predicting such a system. High
molecular weight of BPA and its polarity combined with low molecular weight and
apolarity of CO2 could be the possible reason for the difficulties that the model cannot
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handle satisfactory. A bigger mismatch in experimental and predicted BPA fractions
could also be observed for compositions 8 and 9. Given the low solubility of BPA in the
vapor phase it is possible that errors were made during the experimental determination of
BPA fractions.

5.4 Conclusion
The VLE of the quaternary systems consisting of phenol, DPC, BPA and CO2 are
determined by bubble point pressure measurements using Cailletet apparatus and by
measuring the vapor phase compositions of desired quaternary mixtures. The predictions
of bubble point pressures and vapor phase compositions of several overall compositions
of the quaternary system phenol-DPC-BPA-CO2 were obtained without any adjustment
of the interaction parameters for the six binary systems obtained in Chapters 3 and 4. A
reasonably good match with the corresponding experimental measurements was found.
The somewhat limited ability to describe the phase behavior is perhaps due to the
complexity of this quaternary system. An improved description of the quaternary system
could perhaps be found by using different mixing rules.

Chapter 6
The development and experimental verification of the
supercritical fluid extraction module
6.1 Introduction
In the past few decades, supercritical fluid extraction (SFE), especially with CO2, has
become an increasingly attractive alternative to conventional separation methods. This
trend is probably best attributed to the properties of CO2 like non-toxicity, chemical
stability and low cost. Furthermore, a wide range of substances are soluble in SC CO2.
An increasing number of phase behavior studies examine systems containing CO2 and
this knowledge is used to design applications involving SC CO2 like SFE and
supercritical fluid chromatography (SFC). Some state of the art methods and equipment
used by these processes is described in a review of Chester et al. [1998].
Efficient separation processes are one of the most important parts in many industrial
applications. The development of such processes requires a reliable knowledge of the
phase equilibria behavior of the components involved in these processes. This
information is often not readily available and has to be experimentally investigated.
Although such an approach is often necessary, it is also time consuming, labor intensive
and costly. The data obtained in this way is often correlated with equations of state and
so-called binary interaction parameters are obtained. This phase equilibria knowledge can
be used in the design of the separation process. Alternative approach is to try to predict
the phase behavior of the investigated systems by different group contribution methods
like UNIQAC or UNIFAC [Gmehling et al., 2002] just to name a few. The UNIFAC
model has become very popular in the recent years because of its ability to predict with
high accuracy the phase behavior of many systems. Even though the UNIFAC model can
use many different contribution groups that are stored in a large database, it is sometimes
still not possible to find the desired contribution groups and this approach cannot be used.
Reproduced in part from:
Margon, V.; Agarwal, U. S.; de Wit, G.; van Kasteren J. M. N.; Lemstra P. J. manuscript under
preperation
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For this reason the research is still going on to extend the applicability of this approach
and to improve the reliability of the UNIFAC model.
Considering the frequent unavailability of relevant VLE data, it is clearly of great value if
predictions of the phase behavior of investigated systems can be made with satisfactory
accuracy. Furthermore, the predictions of the outcome of the separation process using
these data have an even greater value. In this chapter the predictions of supercritical CO2
assisted semi-batch extractions of heavy solutes from liquid-vapor two-phase systems are
compared with experimental data. A program (Appendix C) coupling the PR EOS, flash
calculation and mass balance equations was developed to predict the extractions. The PR
EOS and flash calculation equations used are summarized in Chapter 2 and mass balance
equations are given in Appendix C, Fig. C.1. The predictions were based on the
assumption that equilibrium between the liquid and the vapor phase during the extraction
process is faster compared to extraction process. To guarantee this condition in our
experiments a low extraction rate was implemented. To demonstrate the ability of the
program to predict the results of the extraction process, first binary systems phenol-CO2
and DPC-CO2 were investigated, then ternary systems phenol-DPC-CO2 and phenolBPA-CO2, and finally the quaternary system phenol-DPC-BPA-CO2.

6.2 Experimental
6.2.1 Materials

Phenol (99%+ purity), DPC (99% purity) and BPA (99% purity) were supplied by
Aldrich and were used without further purification. Carbon dioxide (99.995 % purity)
was supplied by Hoek Loos and used as received. Deuterated chloroform CDCl3
(deuteration degree 99.8 % with 0.03 vol% TMS) was supplied by Merck and used
without further purification as a solvent for NMR sample preparation.

6.2.2 Equipment

A schematic representation of the equipment used is given in Fig. 6.1. Air driven pump
manufactured by Maximator (Germany) in combination with the cooling system for CO2
by New Ways of Analytics (Germany) was used to pressurize CO2. A 65 mL stainless
steel autoclave (New Ways of Analytics, Germany) equipped with the mechanical stirrer,
electrical heating, and pressure and temperature probes was used as the extraction vessel.
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The pressure was measured with a high-pressure flush diaphragm transmitter supplied by
Omega with an accuracy of ±1 bar. Temperature was measured with a NiCr-Ni standard
measuring probe “Type K” class 1 with an accuracy of ±1 K. The vapor phase from the
extraction vessel was allowed to escape through a restrictor. A restrictor is a device with
a very small flow through area and is used to control the pressure of the system. The
restrictor used in this work was obtained by simply flattening the standard 1/8-inch
stainless steel tubing (reducing the flow through area) by appropriate amount until the
desired flow rate was obtained. The flow rate of the supercritical fluid through the
restrictor is regulated by its dimensions and operation (temperature) [Yang et al., 1995].
A series of polyethylene bags were used for collecting the escaping vapor phase.

CO2

Pump

Autoclave

Restrictor

Collection
device

Figure 6.1: Schematic diagram of the equipment used in the extraction process.

6.2.3 Extractions

Starting compositions of the compounds to be extracted (phenol, DPC and/or BPA) from
the investigated systems as well as the temperatures of extraction processes are
summarized in Table 6.1. All the extractions were carried out at the mixture pressure of
300 bar.
The solid mixture to be extracted was placed into the autoclave at room temperature. The
autoclave was closed and purged with CO2 to wash out the remaining air through the
outlet valve. After 5 minutes of purging the outlet valve was closed and the restrictor was
attached to the outlet valve of the autoclave. The vessel was heated up to a desired
temperature and pressurized with CO2 to 300 bar. The liquid and the vapor phases of the
system have to reach equilibrium before the semi-batch extraction process can start. To
satisfy this requirement, the pressure of the investigated system had to remain constant
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Table 6.1: Starting amounts of the compounds for the extraction and the temperature at which the
extraction process was carried out for a given investigated system.

System
Phenol-CO2
DPC-CO2
Phenol-DPC-CO2
Phenol-BPA-CO2
Phenol-DPC-BPA-CO2

Phenol (g) DPC (g) BPA (g) Temperature (K)
25
373.15
15
373.15
15
10
373.15
20
10
403.15
15
8
8
403.15

CO2 + extract

Vapor phase
yi

fresh CO2

Liquid phase
xi

Figure 6.2: A schematic representation of the autoclave during the extraction process showing the
entry of fresh CO2 and exit of the extract. The system contains two phases with their respective
compositions.

for approximately 10 minutes. The inlet and the outlet valves were opened for the
extraction to start. As the extract was withdrawn from the vapor phase as shown in Fig.
6.2, fresh CO2 was pumped automatically in such way, as to keep the autoclave pressure
at 300 ± 5 bar. The temperature of the extraction mixture in the autoclave was kept
constant within ± 1 K. The restrictor was heated by hot air to avoid blocking and to
compensate for the Joule-Thomson cooling effect upon expansion. The pressure of the
extracted mixture reduced to ambient after passing through the restrictor. All the
outgoing mixtures were captured in a series of polyethylene bags for further analysis. The
amounts of CO2 and solids collected were obtained by weighing (similar to Chapter 3).
The amount of CO2 collected per bag was from 2.5 – 6.5 g in about 1 - 3 minutes. For
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this, the correction for the buoyancy effect due to displaced air was applied. The
composition of the solids collected from the ternary and quaternary systems was
additionally determined by nuclear magnetic resonance (NMR) (similar to Chapters 4 and
5). All solution 1H-NMR spectra were recorded on a Brüker 300 MHz spectrometer at 25
ºC.

6.3 Results and discussion
The critical parameters and acentric factors of the components investigated are
summarized in Table 3.2. It is important here to consider the well-known phase rule first
used by Gibbs given by Eq. (4.4).
F=2–P+C

(4.4)

Here P is the number of phases, C the number of components and F the number of
degrees of freedom. It is a simple mathematical relationship between these values and
holds for a non-reacting system in equilibrium. For example, a mixture of steam and
liquid water (C = 1 and P = 2) in equilibrium at 1 bar can only exist at 100 °C.
Consequently other such pairs for this system can be found.

6.3.1 The binary systems

The intensive state of the system at equilibrium is established when its temperature,
pressure and compositions of all phases are fixed. For the case of binary (C = 2), twophase (P = 2) systems described here the degrees of freedom F = 2, meaning that the
pressure and temperature are enough to determine the intensive state of the system.
Hence compositions of either phase during the extraction at constant pressure and
temperature remains constant as long as the system consists of two components and two
phases. In the initial stages (until liquid phase disappears) of the extraction of phenol-CO2
and DPC-CO2 systems this is exactly what happens. Although the composition of the
extracted vapor does not change in this stage of the extraction, the quantity of the phenol
or DPC in the autoclave decreases. This effectively means that the liquid phase fraction
decreases. As the extraction progresses with fresh CO2 being fed into the autoclave, and a
mixture of CO2 and extract is withdrawn from the autoclave (Fig. 6.2), the system
reaches a point where no liquid phase is present any more. According to the phase rule,
an additional degree of freedom is needed to describe the system, thus the composition
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can change. Such a behavior is observed also from our extraction predictions as well as
from the experimental data. The extraction predictions and experimental verification is
shown in Fig. 6.3 for the system phenol-CO2 and Fig. 6.4 for the system DPC-CO2.

6.3.1.1 The binary system phenol-CO2

Vapor molar fraction of phenol

The simulation of the extraction suggests that the extraction process is divided into two
stages as is shown by the vertical dotted line in Fig. 6.3. In the first stage of the extraction
process, two phases, namely liquid and vapor, coexist in equilibrium and the molar
fraction of phenol in the vapor is constant. This result is shown in Fig 6.3 by a horizontal
straight line at molar fraction of phenol at 0.0628. In the second stage of the extraction
process, only vapor phase exists and the molar fraction of phenol in the vapor decreases.
0.1
0.09
0.08
0.07
0.06
0.05
0.04

First stage

Second stage

0.03
0.02
0.01
0
0

50

100

150

200

250

Cumulative amount of CO2 in outgoing vapor (g)

Figure 6.3: The simulated (lines) and experimental (symbols) results of the extraction of phenol
from the phenol-CO2 binary mixture.

According to the simulation, the amount of phenol that needs to be extracted to reach the
vapor phase only stage is 18.75 g and to accomplish this, approximately 130 g of CO2
(Fig. 6.3) is needed. Our experimental data seem to indicate that the molar fraction of
phenol in the outgoing vapor is more than simulated. This effectively means that the
molar fraction of phenol in the vapor phase is higher than predicted. A higher value was
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also measured experimentally by Pfohl et al. [1997]. They observed that at 301 bar and
373.15 K the molar fraction of phenol in the vapor phase is 0.0843. The higher phenol
content in the vapor phase would mean that less CO2 is needed to reach the point where
only the vapor phase exists, i.e. the second stage would begin earlier (vertical doted line
in Fig. 6.3) which would be in agreement with our experimental data. The difference
between the simulated and experimental extraction results in the first stage can be
attributed to the fact that the phase equilibria predicts lower phenol fraction in the vapor
phase than actually is observed experimentally. The results of the extraction simulation,
using the VLE data from Pfohl et al. [1997], match the experimental results of extraction
better as shown by the dashed line in Fig. 6.3. However, the experimental data of Pfohl et
al. [1997] do not match our bubble point measurements (Chapter 3) and were therefore
disregarded.
The possible argument that the difference between the simulated and experimental
extraction results in the first stage could be the consequence of the two phases not being
in equilibrium is most likely incorrect. If this was the case, the experimentally observed
phenol vapor fractions would be lower. This is easy to understand since phenol is
extracted from the vapor phase and some phenol has to go from the liquid to the vapor
phase in order for the system to reach equilibrium between the two phases again.
Furthermore, to ensure that the equilibrium between the two phases is always reached,
the fresh CO2 is introduced into the liquid phase and its flow is kept low during the
extraction.
A difference between the predicted and experimental results of the extraction is also
observed in the second stage of the extraction where only vapor phase exists. However
this difference appears to be a direct consequence of the difference in the first stage of the
extraction, which determines the composition at the beginning of the second stage. Even
so the trends of phenol depletion in simulated and experimental extraction results in the
second stage are similar. This is not surprising since in the second stage the vapor phase
is only “diluted” by CO2 and a typical behavior is observed in both cases.
6.3.1.2 The binary system DPC-CO2

Similar to the phenol-CO2 extraction, two stages of the extraction process can also be
observed as shown in the Fig 6.4. According to the simulation, the molar fraction of DPC
in the vapor phase is constant at 0.0215 in the first stage of the extraction. The model also
predicts that approximately 97 g of CO2 is needed to extract 10.4 g of DPC to reach the
second stage of the extraction where only vapor phase exists.
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The experimental fractions of DPC in the first stage are slightly higher than predicted,
which is similar to the phenol-CO2 extraction case but the difference is however smaller.
The reason for the smaller difference seems to be that the experimental molar fractions of
DPC in the vapor during the first stage of extraction are in the same range as those
observed experimentally in the DPC-CO2 system VLE study (Table 3.5, Fig. 3.9). The
scatter of the experimental DPC fractions in the vapor in the first stage of extraction
could be attributed to the experimental error.
In the second stage of the extraction, a good match between simulated and experimental
results of extraction can be observed (Fig. 6.4). This appears to be a direct consequence
of a small difference in the first stage of the extraction. Furthermore, the trends of DPC
depletion in simulated and experimental extraction results in the second stage are in a
very good agreement.

Vapor molar fraction of DPC

0.03
0.025
0.02
0.015
0.01
0.005
0
0

50

100

150

200

250

300

Cumulative amount of CO2 in outgoing vapor (g)
Figure 6.4: The simulated (line) and experimental (symbols) results of the extraction of DPC
from the DPC-CO2 binary mixture.

6.3.2 The ternary systems

The Gibbs’ phase rule (Eq. (4.4)) states that in the case of a ternary, two phase systems
the number of the degrees of freedom equals 3, meaning that the pressure, temperature
and one molar fraction of either phase need to be determined to establish the intensive
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state of the system. The consequence of this fact is that the compositions during each
stage of the extraction will change. This is in contrast to the extraction of the binary twophase systems, where the compositions of both phases did not change in the first stage
(section 6.3.1). In addition to this observation it is also important to realize that the
extraction process consists of two stages, a two phase and a single-phase stage as also
seen in the previous section. However the exception here is the ternary system phenolBPA-CO2. The molar fraction of BPA in the vapor phase is so small that it would take an
enormous amount of CO2 to extract the sufficient amount of BPA to reach the stage
corresponding to only vapor phase in the extractor. For this reason the extraction from
this system is carried out only until a considerable amount of phenol has been extracted.
The extraction predictions and experimental verification is shown in Fig. 6.5 for the
system phenol-DPC-CO2 and Fig. 6.6 for the system phenol-BPA-CO2.

6.3.2.1 The ternary system phenol-DPC-CO2

The extraction process is divided (vertical dotted line) into two stages as can be seen
from the Fig. 6.5. In the first stage where both phases coexist, the simulation of the DPC
molar fraction in the vapor is in a rather good agreement with the experimental results.
The simulated molar fractions of phenol and CO2 in the vapor are however deviating
from the experimental values. The simulated phenol fraction in the vapor is in a good
agreement with the one determined experimentally at the start of the first stage, which
indicates a good predictive ability of PR EOS (no equilibrium issues). This is not
surprising since the VLE measurements used in modeling (Chapter 4) have also been
carried out at the same temperature and composition range for this system. As the
extraction progresses, the overall composition of the system changes, and limited VLE
data used in modeling could be the reason for the increasing difference between
simulated and experimental phenol fraction in the vapor (Fig. 6.5). The increasing
deviation between the two could also be the consequence of the liquid and vapor phases
not being in equilibrium. The inability of the system to reach equilibrium should have a
cumulative effect, meaning that the difference between simulated and experimental
phenol fraction in the vapor should increase. Such a behavior is also observed during this
experiment. From the experimental data it is also possible to see that the amounts of
phenol extracted seem to be lower than predicted since the phenol fraction in the vapor is
lower than predicted (Fig. 6.5). Smaller amounts of phenol extracted could be due to
experimental loss during the collection of vapors into the sample bag and/or during the
preparation of the NMR sample. The limited accuracy of NMR integrations (±5%) could
also contribute to the deviations. The possible effect of mass transfer limitation of phenol
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Vapor molar fraction of
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from liquid to vapor phase in the autoclave could also explain the lower than predicted
extraction of phenol. If the amounts of phenol extracted would indeed be smaller, that
would indicate that the second stage of the extraction should start later than predicted by
the model. According to the simulation, approximately 110 g of CO2 is needed to reach a
single-phase stage (Fig. 6.5). It is difficult to judge when a single-phase stage is reached
experimentally, but certainly more CO2 is needed than the amount predicted.

0.86
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200

Cumulative amount of CO2 in outgoing vapor (g)
Figure 6.5: The simulated (lines) and experimental (symbols) results of the extraction of phenol
and DPC from the phenol-DPC-CO2 ternary mixture.

In the second stage of the extraction, where only vapor phase exists, the same deviation
can be seen. However this is still the consequence of the first stage mismatch. Both
simulated and experimental results of extraction show similar trends of phenol and DPC
depletion. This behavior is expected because the vapor phase is diluted and phenol and
DPC are removed from it. Furthermore the ratio between the two should remain constant.
If at least the last four experimental points (Fig. 6.5) are considered to be from the vapor
phase only stage then the ratios phenol to DPC range from 1.1 to 1.4. Although all the
experimental ratios are in the same range they deviate from the predicted value, which is
2.62. The explanations applied in the first stage (except equilibrium issue) could also be
applied in the second stage.
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6.3.2.2 The ternary system phenol-BPA-CO2
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0
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Carbon dioxide

0.97
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0.955

Vapor molar fraction of CO2

Vapor molar fraction of
phenol and BPA

It is important to know that in this case the molar fraction of BPA in the vapor phase is
extremely low, in the order of 10-4. For this reason the quantity of BPA in the extract will
be significantly lower than that of phenol. Similarly, for short extraction times, the
quantity of the BPA in the autoclave will hardly change during the extraction. An
enormous amount of CO2 would be required to extract all of the BPA out of the system.
The extraction in this case has only been carried out until a significant amount of phenol
had been recovered. This means that throughout the extraction, the system always
consists of a liquid and a vapor phase, which is in contrast to what has been seen for
systems without BPA.

0.95
0

100

200

300

Cumulative amount of CO2 in outgoing vapor (g)

Figure 6.6: The simulated (lines) and experimental (symbols) results of the extraction of phenol
and BPA from the phenol-BPA-CO2 ternary mixture.

The simulated and experimental results of the extraction are shown in Fig. 6.6. As
expected, the BPA molar fraction in the vapor is low and both simulation and
experimental results reflect this. The outgoing vapor mainly contains phenol and CO2 and
the agreement between the simulated and experimental results is relatively good,
especially in the later stages of the process. It seems that the removal of phenol from the
mixture is hindered in this case. Again, the possible effect of mass transfer limitation of
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phenol from liquid to vapor phase in the autoclave could explain the lower than predicted
extraction of phenol. Alternatively, this could be the consequence of interaction
(hydrogen bonding) between phenol and BPA in the liquid phase, which could cause the
phenol to preferentially stay in the liquid than the vapor phase. This means that the
phenol fraction in the vapor is somewhat lower. The other possibility is that the system is
not in equilibrium throughout the extraction. This means that the phenol from the liquid
phase cannot pass into the vapor phase fast enough. Such behavior is not likely since this
effect should have a cumulative effect, which is not seen from Fig. 6.6.

6.3.3 The quaternary system phenol-DPC-BPA-CO2

Considering a quaternary two-phase system, the number of degrees of freedom equals 4.
The pressure, temperature and two molar fractions of either phase will determine the
intensive state of the system. The quaternary system discussed here contains all the
components of the ideal polycarbonate depolymerization mixture without any oligomers
or additives. It is however still a complicated system since all the possible interactions
between the components have to be taken into account by the phase equilibria
knowledge. Furthermore during the extraction process, two phases will coexist and their
compositions will change throughout the extraction.
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Figure 6.7: The simulated (lines) and experimental (symbols) results of the extraction of phenol,
DPC and BPA from the phenol-DPC-BPA-CO2 quaternary mixture.
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The molar fraction of BPA in the vapor phase is very small, so a very small amount of it
is extracted. The extraction process will proceed only until the significant amounts of
phenol and DPC are extracted. The simulation and experimental results of the extraction
of the quaternary system are presented in Fig. 6.7. The molar fractions of BPA in the
vapor are very low as is shown by simulation and experimental data.
However, the simulation appears to over-predict the extraction of phenol and underpredict the extraction of DPC. Such over-prediction of phenol in the vapor was also
observed in some cases during the phase equilibrium study of the quaternary system
(Chapter 5). This could be so because the binary interaction parameters (Eqs. (3.2), (3.3),
(3.5) to (3.8), (4.2), (4.3) and (4.5) to (4.8)) may be valid only in the composition ranges
in which these were optimized. Further, these binary interaction parameters were
obtained from binary and ternary systems, and it is possible that the PR EOS along with
the quadratic mixing rules used here encounters problems in describing some possible
interactions between the investigated compounds. Alternatively, certain interactions
could have not been sufficiently emphasized in the optimization using limited amount of
experimental data in the phase equilibria studies (Chapters 3 and 4). The limited accuracy
of NMR integrations (± 5%) could also contribute to the deviations. Similar to the
discussion in sections 6.3.2.1 and 6.3.2.2, the possible effect of mass transfer limitation of
phenol from liquid to gas phase in the autoclave could explain the lower than predicted
extraction of phenol. With these several factors in mind, the match between our
simulation predictions and experimental measurements is considered to be satisfactory.

6.4 Conclusions
A program for semi batch extraction (Appendix C) was developed and applied to the
following systems: binary systems phenol-CO2 and DPC-CO2, ternary systems phenolDPC-CO2 and phenol-BPA-CO2, and finally the quaternary system phenol-DPC-BPACO2. The performance of these simulations was evaluated by directly comparing the
predicted results to the experimental measurements during the semi-batch extraction
process.
For both binary systems a relatively good match between the simulated and experimental
results was observed. For the system phenol-CO2 the deviation is mainly attributed to the
modeling of the phase equilibria measurements for this system. For the system DPC-CO2
the deviation between the simulated and experimental results is not as large as for the
phenol-CO2, perhaps because the experimental extraction data are in the same range as
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examined during VLE experimental measurements. There are two different regimes
during the experimental extractions, a two-phase stage first and a vapor phase stage at the
end. The simulations also reflect this observation.
For the ternary systems phenol-DPC-CO2 and phenol-BPA-CO2, the simulation and the
experimental extraction results are in reasonable agreement with each other and the
trends of molar fractions in the vapor for both systems are identical. An improvement
would be possible with additional VLE measurements in the composition ranges similar
to those, measured during the extraction of these ternary systems.
The deviation of the experimental measurements from the simulated results for the
extraction of the quaternary system phenol-DPC-BPA-CO2 could be explained by the
combination of the following: system not reaching equilibrium during extraction, limited
amount of VLE data for binary and ternary systems used in modeling, and experimental
errors during the sample collection, and/or NMR sample preparation and measurements.
With these several factors in mind, the match between our simulation predictions and
experimental measurements is considered to be satisfactory. The simulation performance
could be improved by improving the phase equilibria knowledge of the quaternary system
through measurements of constitutive binary and ternary systems.

Chapter 7
Towards the separation process
7.1 Introduction

Efficiency

A majority of industrial processes includes separation methods that involve the removal
of impurities from raw materials, purification of products and separation of
contaminating byproducts from secondary streams like air and water. Separation
processes account for the majority of the capital and operating costs in industry and their
proper application can significantly reduce costs and increase profits. The most typical
separation processes include distillation, extraction, adsorption and membrane separation
processes. The decision, which one or a combination of these methods to employ,
depends greatly on the specific advantages of these methods. The best selection results in
the increase of plant capacity, improving the product quality and reducing costs. Two key
parameters of any separation process are efficiency and capacity, which need to be
considered to achieve these goals.

Capacity
Figure 7.1: Characteristic efficiency vs. capacity curve for any separation process.
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Efficiency is related to the mass transfer and product purity, and capacity is related to the
rate of material which van be processed without any loss in efficiency. However
efficiency and capacity are interdependent. The efficiency of a certain separation could
be excellent but the low capacity at which this process operates would not make the
economic justification to use this process. The situation could also be reversed with high
capacity but low efficiency that would not guarantee the desired quality of the product. It
is often necessary to compromise between factors, which promote efficiency and factors,
which enhance capacity. A typical relationship between these two parameters [Humphrey
and Keller, 1997] is given in Fig. 7.1 and a point on the curve has to be found where the
efficiency and capacity of the separation process are good enough to insure product
quality at reasonable cost.
There are some common steps in the design of any separation process. In the beginning it
is important to establish the compositions of the feed and the products, rate to be
processed, operating conditions (pressure, temperature) and other special conditions (e.g.
presence of other chemicals in the process). The next step is to obtain basic data like
phase equilibria, densities, diffusion coefficients, etc. It is important to realize that the
design of the separation process will not be any better than the quality of the data upon
which it was designed. The separation process selection comes next and this is crucially
influenced by the data collected so far. The performance and economic evaluations of the
selected process needs to be done, and depending on the results the process selection
might be altered.
In this chapter the supercritical carbon dioxide (SC CO2) extraction as the separation
process for the poly(bisphenol A carbonate) depolymerization mixture is evaluated. A
reasonable match between the simulation and experimental results of extraction for the
quaternary system phenol-DPC-BPA-CO2 has been observed in Chapter 6. For this
reason, the binary interaction parameters as determined in Chapters 3 and 4, could be
used for the design of the separation process. The influence of pressure and temperature
changes on the selectivity of the extraction is studied. Possible enhancement of the
selectivity of SC CO2 by addition of modifiers (methanol, acetone, etc.) is discussed.

7.2 The separation of
depolymerization mixture

the

poly(bisphenol

A

carbonate)

The objective of this thesis is to explore the possibility of separating the products of
poly(bisphenol A carbonate) depolymerization reaction by supercritical CO2 extraction.
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The depolymerization process is a reversible reaction (Chapter 1) and the degree of
depolymerization and quantity of oligomers depend on the concentration of all reacting
species. Depolymerization product mixture obtained from a commercial grade
polycarbonate could contain also additives used to enhance polymer properties, and also
low molecular weight oligomers that did not further depolymerize. The concentration of
phenol is the easiest to control simply by varying its starting quantity compared to the
polymer during the depolymerization thus controlling the reaction. However the additives
content cannot be controlled and is determined by the manufacturer of the plastic.
Furthermore it is not entirely clear how these additives would affect the kinetics of
depolymerization reaction. Possible presence of oligomers and additives in the
investigated system would complicate the phase equilibria behavior of the system and
more extensive studies would be required. In the model system here, a depolymerization
mixture consisting of phenol, DPC and BPA was considered.

Mixture of
depolymerization
products

Phase equilibria knowledge

Fresh CO2

Separator

Phenol rich
fraction

CO2 rich
fraction
DPC rich
fraction

BPA rich
fraction

Figure 7.2: Schematic of the separation of the depolymerization products into different fractions.

Ideally, the separation of the depolymerization mixture by SC CO2 extraction would yield
four streams as shown in Fig. 7.2. The desired purity of each fraction is as high as
possible but this may not be easy to accomplish. A CO2 rich fraction is straightforward to
obtain, because phenol, DPC and BPA will precipitate out of the vapor phase upon
depressurization to atmospheric pressure. The obtained gaseous CO2 would be quite pure
and could be reused for further extraction. A BPA rich fraction could be obtained with
similar ease as follows: looking at the results of the separation of the quaternary mixture
(Chapter 6, Fig. 6.6) it is possible to observe that the molar fractions of phenol and DPC
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in the outgoing vapor are considerable compared to BPA. It appears that large amounts of
phenol and DPC can be removed without significantly extracting BPA from the system.
Furthermore the amount of BPA extracted in the complete extraction procedure was
extremely small. This means that a BPA rich fraction could be left in the extractor by
extracting phenol and DPC from the mixture. Phenol rich and DPC rich fractions of high
purity without contamination from each other are not easy to obtain. Results from
Chapter 6 show that appreciable amounts of both are extracted. Phenol is extracted in
preference to DPC, but the selectivity of SC CO2 towards phenol is not high enough to
obtain very pure fractions.
The results of the extraction process (Chapter 6, Fig. 6.6) were obtained at 300 bar and
403.15 K and this corresponds to certain densities of each phase during the extraction. As
discussed before, the biggest advantage of SC fluids is that its density (and hence solvent
power) can be regulated by changing pressure and temperature. By taking advantage of
this fact it is perhaps possible to increase the selectivity of SC CO2 towards phenol and
increasing the phenol to DPC ratio in the extract. This would in turn lead to higher purity
of phenol and DPC fractions after the separation process. Another possibility to enhance
the selectivity of SC CO2 could be the addition of secondary solvents called modifiers or
entrainers (methanol, acetone) [Phelps et al., 1996]. These are usually added to the SC
fluid in low concentrations (not more than 10 vol%). The addition of these chemicals
could increase the solubility of a solute in the SC fluid by an order of magnitude [White
and Lira, 1992].

7.3 Enhancing the supercritical fluid extraction efficiency
In this section, the influence of pressure and temperature during the extraction process on
the SC CO2 selectivity is considered. Another possible way to increase solubility of
chemicals in SC CO2 is by addition of modifiers. Possible advantages and problems of
these approaches are considered.
7.3.1 Pressure and temperature influence on the solubility behavior in SC CO2

Experimental and simulation results of the extraction of the depolymerization products by
SC CO2 were discussed in more detail in Chapter 6. Extraction results of all the
investigated systems were obtained at a constant pressure and temperature. This fixes the
extraction ratios between the extracted compounds. However these ratios are dependent
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not only on the pressure and temperature alone, but also on the overall relative quantities
of compounds in the extractor.
The ratio phenol/DPC is decreasing during the extraction process as shown in Fig. 6.6
because the amount of phenol in the extractor is decreasing faster than the amount of
DPC. Adjusting the pressure and temperature of the extraction system could also change
the ratio of phenol/DPC during the extraction.
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Figure 7.3: The pressure and temperature influence on the molar ratio phenol/DPC in the vapor.
A molar phenol/DPC ratio in the extraction mixture is 10.

Before looking at pressure and temperature effects it makes sense to look at the
possibilities of depolymerization mixture compositions. Polycarbonate is a step growth
polymer and the depolymerization mixture should contain equimolar amounts of DPC
and BPA and will be treated as such throughout this section. The amount of phenol
should be high to drive the reversible depolymerization reaction (Chapter 1) to desired
products. All the calculations in this section were performed for a 65 mL extractor and 5
g of BPA, which corresponds to 0.0219 mol. A molar phenol/DPC ratio of 10 in the
depolymerization mixture is considered in Fig. 7.3. This plot was constructed using flash
calculation coupled with PR EOS (Chapter 2) using the binary interaction parameters
from Chapters 3 and 4. The plot represents the pressure and temperature influence on the
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molar ratio phenol/DPC in the vapor. The ratio is highest at low pressures and low
temperatures reaching around 240 at 100 bar and 373.15 K. Such high ratio phenol/DPC
in the vapor is not only a consequence of pressure and temperature but also because of
ten fold molar excess of phenol compared to DPC and BPA in the depolymerization
mixture.
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Figure 7.4: The pressure and temperature influence on the molar ratio phenol/DPC in the vapor.
A molar phenol/DPC ratio in the extraction mixture is 1.

To see the effect of the composition of the depolymerization mixture, a similar plot (Fig.
7.4) is constructed when a molar phenol/DPC ratio of 1 is considered. Again the ratio is
highest at low pressures and low temperatures but drops by nearly an order of magnitude
to around 28. This trend shows that higher starting phenol/DPC ratios promote higher
phenol/DPC ratios in the vapor. Furthermore it seems that the difference in the starting
ratios phenol/DPC is reflected in the difference in ratios in the vapor (10 fold). Although
the lower temperatures promote higher phenol/DPC ratios, it appears that temperature
does not have a significant effect on the phenol/DPC ratio in the vapor at pressures higher
than 300 bar.
During the extraction at constant pressure and temperature, overall phenol/DPC ratio in
the extractor becomes smaller because phenol is extracted much faster than DPC.
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Consequently the same ratio in the extract will become smaller as well (Fig. 6.6) and the
influence of the ratio in the mixture on the phenol/DPC ratio in the vapor is shown in Fig.
7.5. The pressure of the system set to 100 bar (or perhaps lower) gives the best
opportunity for the extraction process because the selectivity of SC CO2 towards phenol
is highest. The ratios of phenol/DPC in vapor could still be appreciable at pressures as
high as 200 bar when starting with high phenol/DPC ratios.
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Figure 7.5: The influence of phenol/DPC molar ratio in the mixture on the phenol/DPC ratio in
the vapor at different pressures and 373.15 K.

However working with pressures around 100 bar means that the density of SC CO2 is
very low thus decreasing its solubility power. The molar fractions of phenol, DPC and
BPA in the vapor phase at 100 bar and 373.15 K are extremely low as shown in Table
7.1. Enormous amounts of CO2 are required to extract small quantities of phenol and
DPC. The capacity of the separation process is greatly reduced even though the efficiency
to separate phenol from DPC is very good. The required purity of phenol and DPC
fractions will determine the satisfactory efficiency versus capacity ratio and compromises
have to be made to promote one or the other.

88 Chapter 7

Table 7.1: The molar fractions of phenol, DPC and BPA in the vapor phase at 100 bar, 373.15 K
and different phenol/DPC ratios in the extractor.

Phenol/DPC Molar fraction in vapor phase
ratio in
y . 103
mixture
phenol
DPC
BPA
1
1.525
0.0552 2.9 .10-5
2
2.365
0.0416 2.18 .10-5
6
3.403
0.0216 1.36 .10-5
10
3.673
0.0153 1.09 .10-5

If the efficiency is defined as the ratio between phenol/DPC molar ratios in the vapor vs.
in the feed as shown in Eq. (7.1) and the capacity as the molar ratio between phenol and
CO2 in the vapor as shown in Eq. (7.2), plots describing efficiency and capacity vs.
pressure are constructed as shown in Fig. 7.6.
Efficiency =

[n (phenol) n (DPC)]vapor
[n (phenol) n (DPC)]feed

 n (phenol) 
Capacity = 

 n (CO 2 )  vapor

(7.1)

(7.2)

The efficiency is the highest at 100 bar and 373.15 K regardless of the molar ratio of
phenol/DPC in the feed. Furthermore, the molar ratio of phenol/DPC in the feed does not
appear to have a large effect on the efficiency. The capacity is higher at high pressures
and temperatures and rises with increasing molar ratio of phenol/DPC in the feed but this
effect is slowing down at higher phenol/DPC molar feed ratios (Fig. 7.6, B and C). The
extraction of phenol from the depolymerization mixture without extracting large amount
of DPC is favorable, thus the extraction should be carried out at 100 bar and 373.15 K
regardless of the capacity. If the extraction would be carried out at higher pressure (e.g.
150 bar) the capacity would not change significantly but a huge drop in efficiency would
be observed (Fig. 7.6). After the required amount of phenol has been extracted, DPC
could be removed by a subsequent extraction stage.
To separate phenol and DPC from the depolymerization mixture, a simulation of a twostage extraction process (Fig. 7.7) has been carried out using the same program as in
section 6.3.3 (Appendix C). In the first stage of the simulation, phenol is extracted from
the depolymerization mixture at 373.15 K and 100 bar (highest efficiency, lowest
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capacity, Fig. 7.6). The starting and extracted amounts of the involved compounds in the
first stage of the extraction simulation are summarized in Table 7.2.
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Figure 7.6: The efficiency (continuous lines) and capacity (dashed lines) vs. pressure plots, A:
phenol/DPC feed molar ratio 1, B: phenol/DPC feed molar ratio 6, C: phenol/DPC feed molar
ratio 10, at different temperatures (in the direction of arrows respectively 373.15 K, 403.15 K and
433.15 K).
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Table 7.2: Starting and extracted amounts of compounds involved in the first stage of extraction
simulation.

Component
Phenol
DPC
BPA

phenol

Second extraction.
stage

Amounts of phenol, DPC and BPA.
left in the vessel (g)

14

Starting
Starting
Extracted
Leftover
molar ratio amounts (g) amounts (g) amounts (g)
6
12.37
12.08
0.29
1
4.69
0.614
4.076
.
-4
4.9996
1
5
4 10

12
First extraction stage (100 bar)

10
8
6 BPA

300 bar

4 DPC
2

400 bar

400 bar
300 bar

0
0

500
1000
1500
2000
2500
3000
Cumulative amount of CO2 in outgoing vapor (g)

3500

Figure 7.7: Simulation of a two-stage extraction process for separation of phenol and DPC from
the depolymerization mixture.

As can be observed from Fig. 6.7, the phenol molar fraction in the vapor at 300 bar is
overpredicted throughout the extraction. In the absence of experimental data for the
extraction of the quaternary system at 100 bar, it is difficult to judge how good the
simulation and experimental results would match at 100 bar. A reasonable agreement
between simulation and experimental results would mean that the results of the
simulation of extraction at 100 bar could be acceptable for the design of the separation
process.
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According to the simulation approximately 97.7 % of phenol could be extracted along
with roughly 13.1 % of DPC. The extracted amount of BPA is negligible. To achieve this
result, approximately 233 g of CO2 per g of phenol was used. Although the purity of
extracted phenol is quite high (97.8 mol %, acceptable for reuse in depolymerization), the
remains of the extraction mixture still contain most of DPC and BPA, along with residual
phenol. A second extraction stage is required to extract DPC from such a mixture.
The solubility of BPA in the vapor phase is much lower than DPC (Chapter 3) so the
operating pressure of the second stage could be increased to achieve high capacity for
DPC extraction. Furthermore, the temperature of the extraction has to be above the
melting point of BPA (Tm ≈ 431 K) to prevent its crystallization upon removal of DPC, so
433.15 K was chosen. Since it is not clear what the best choice for the operating pressure
would be, the simulation was carried out at 300 and 400 bar. The starting and extracted
amounts of the involved compounds in the second stage of the extraction simulation are
summarized in Table 7.3. The starting amounts in the second stage are the difference
between the starting and extracted amounts in the first stage. The extracted amount of
BPA in the first stage was neglected.
Table 7.3: Starting and extracted amounts of compounds involved in the second stage of
extraction simulation.

Component Starting amounts (g) Extracted amounts (g)
300 bar
400 bar
Phenol
0.29
0.29
0.289
DPC
4.076
4.00
4.00
BPA
5
0.788
2.276

Both extraction simulations, at 300 and 400 bar, were carried out until 4 g of DPC is
extracted. In both cases nearly all of phenol was extracted as well. The amounts of CO2
required to achieve this were 523 g (simulation at 300 bar) and 355 g (simulation at 400
bar), respectively. A significant amount of BPA was extracted in both cases although a
large difference is observed when comparing both simulations. It appears that the
extraction should be carried out at lower pressure if smaller amount of BPA in the extract
is desired. Small amount of BPA in the DPC rich fraction would not necessarily be a big
problem if DPC was used for the polymerization reaction (Scheme 1.1) producing
polycarbonate [Fox, 1964 and 1964]. The required DPC/BPA molar ratio for the
polymerization is 1 and could be restored simply by adding the required amount of BPA.
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The residual amount of phenol is not considered as a problem since it is also produced
(and removed) during the polymerization.

7.3.2 The influence of modifier addition on the solubility behavior in SC CO2

The solvent characteristics of SC CO2 can be modified by addition of a secondary
compound in small quantity. SC CO2 is classified as an apolar solvent and its affinity to
the polar compounds is limited. Polar modifiers like lower alcohols can be added to SC
CO2 to compensate for this inability. Different modifiers can be used to change solvent
characteristics depending on the desired effect. Adding toluene enhances the aromatic
character and tributyl phosphate improves interaction with metals [Wai and Wang, 1997].
Such modifications require phase equilibria knowledge of the modifier-SC CO2 system.
Methanol is one of the most commonly used modifiers. For the system methanol-CO2
only one phase (vapor) exists above 50 °C and 95.5 bar regardless of the composition
[Brunner et al., 1987]. It is appreciated that the modifier and SC CO2 form one phase to
take full advantage of modification. The ability of methanol-CO2 system to do so at
relatively low pressure and temperature makes methanol a perfect modifier candidate.
This thesis explores the possibilities of separating phenol, DPC and BPA from
depolymerization mixture by SC CO2 extraction. Phase equilibria knowledge required for
designing the separation process takes into account a quaternary system phenol-DPCBPA-CO2. Upon addition of modifier(s), phase equilibria studies would have to be
expanded to at least five-component system and additional measurements are required.
The quaternary system considered in this work also contains phenol and BPA, which are
fairly polar compounds. Depending on the pressure and temperature of the system,
phenol already has some solubility in the pure SC CO2 but solubility of BPA is almost
negligible. It seems straightforward to modify SC CO2 with methanol to increase their
solubility. It is difficult to say which compound solubility would increase more without
the phase equilibria knowledge. The solubility of BPA is very small and would perhaps
remain so compared to the phenol solubility. An increase in the solubility of phenol
would raise the phenol/DPC ratio, assuming that the solubility of DPC would not change
significantly upon methanol addition. The selectivity of SC CO2 towards phenol would
improve and enhance the separation of phenol. This could be a good solution for the
separation process provided that temperature is sufficiently low so that methanol does not
react with any of the compounds in the system.
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Scheme 7.1: Reversible reaction between DMC and phenol used to synthesize DPC [Murata et
al., 1994].

Depending on the temperature of operation, methanol could react with DPC to form
dimethyl carbonate (DMC). This process is actually the reverse reaction of obtaining
diaryl carbonates from dialkyl carbonates [Murata et al., 1994]. The reversible reaction
between DMC and phenol yields DPC (Scheme 7.1), which is later used in the melt
transesterification production of polycarbonate. The reaction of methanol with DPC is not
likely to proceed in the early stages of the extraction process because of the excess of
phenol in the mixture. Since phenol is extracted much faster than DPC, the reaction could
occur in the later stages of the extraction where the majority of the phenol has been
removed from the system.
Another possible modifier that could be used is acetone. The binary system acetone-CO2
VLE data is available in limited range in the literature [Chang et al., 1997]. These data
suggest that relatively low pressures (approx. 100 bar) are needed for acetone and SC
CO2 to form one phase. The carbonyl group in both DPC and CO2 increases interactions
between the two, which results in relatively high solubility of DPC in SC CO2 compared
to BPA (Chapter 3). Addition of acetone, which also contains a carbonyl group, could
enhance the interaction between DPC and CO2 and increase DPC solubility in SC CO2.
From the separation point of view this effect is not appreciated because the ratio
phenol/DPC decreases (providing that phenol solubility does not change significantly).
Modifying SC CO2 by acetone may become interesting in the second stage of the
separation when the majority of phenol is already extracted and only DPC and BPA
remain to be separated.
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7.4 Conclusions and recommendations
In this chapter the possibilities of optimizing the separation process efficiency and
capacity are explored. The changes in operating pressure and temperature, and
consequently the solvent power, are discussed. The biggest amount of extracted
compounds is obtained when using high pressures and low temperatures. Although the
capacity of such a process is at its maximum, the efficiency of such a process is very low.
The situation is reversed at low pressures where the efficiency of our separating process
is the highest.
The separation of phenol and DPC from the depolymerization mixture was simulated in a
two-stage extraction process. In the first stage phenol is removed almost completely from
the rest of the mixture. The conditions promoting high efficiency and low capacity have
been chosen. In the second stage of the extraction simulation, DPC rich fraction is
obtained with significant amount of BPA at conditions promoting high capacity and
reduced efficiency. DPC with small amount of BPA present could still be used for
production of polycarbonate via melt polymerization route [Fox, 1964 and 1964]. More
efficient alternative routes could be explored by further optimization of the separation
process but this is beyond the scope of this work.
Modification of SC CO2 by methanol and acetone is considered. Methanol modifies the
polarity of the solvent thus increasing the solubility of polar compounds like phenol and
BPA. The disadvantage of methanol addition is its ability to react with DPC to form
DMC. Modifying CO2 with acetone could enhance the solubility of DPC in the SC CO2.
The full impact of these modifications on the solubility in SC CO2, without the VLE
knowledge of investigated systems, is unknown. For this reason the application of
modifier approach is to be done with extreme caution.

Appendix A
Optimization of binary interaction parameters for binary systems DPCCO2 and BPA-CO2

Binary interaction parameters kij and lij (Chapter 2) are obtained by fitting of equation of
state to experimental phase equilibria data. The best fit is obtained by minimizing the
objective function (deviation) during the optimization. A variety of commercial software
is available to perform the optimization.
In this work PE commercial program [Pfohl et al., 2000] to optimize interaction
parameters for the system phenol-CO2 from bubble point data was used. A linear
temperature dependency of both parameters was obtained (Chapter 3). An attempt was
made to apply the same procedure for optimizing kij and lij for the systems DPC-CO2 and
BPA-CO2. This was not successful because PE could not process both bubble points and
vapor phase compositions simultaneously.
This encouraged the development of our own optimization program. A commercial
software package Mathematica® was used as a platform for all needed calculations. The
majority of equations used for VLE and flash calculation required for optimization are
presented in Chapter 2, and the objective function RRMSD is given by Eq. (3.4). A block
diagram of the program used for optimization of parameters for binary systems is
presented in Fig. A.1.
The program reads pure component data (constants like pc, Tc, etc.), experimental bubble
point and dew point pressures, guessed lij and the temperature at which the optimization
is performed. A guessed interval (kij(1), kij(2)) is required by the program assuming that
the optimum kij lies in this interval. At a given kij(1) value, bubble point pressures for the
experimentally used compositions are calculated first. This is followed by the calculation
of dew point pressures. All the bubble point and dew point pressures are compared with
the experimental results, thus allowing the calculation of the RRMSD (1) (Eq. (3.4)). This
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procedure is repeated at kij(2) and the calculated RRMSD (2) is compared to RRMSD (1).
The kij with the higher RRMSD is adjusted (Fig. A.1) and optimization (loop * in Fig.
A.1) is repeated. Basically the interval (kij(1), kij(2)) shrinks until the difference kij(2) kij(1) reaches an arbitrary small enough value ε1. The kij with the smallest RRMSD is
taken as the optimized value at a given lij and the temperature of investigation. Similar
RRMSD (lij) values are obtained for manually chosen lij values. Manual plotting of
RRMSD (lij) vs. lij leads to optimized value of lij. Corresponding to this optimized value
of lij, the calculations are repeated to obtain optimized kij.

Optimization of binary interaction parameters for binary systems DPC-CO2 and BPA-CO2

Read T, constants, chosen lij, experimental pbub and pdew
Read guessed kij(1) and kij(2) such that kij(2) - kij(1) >> ε1
Set N = 1, FLAG = 1
kij = kij(1)
*
Read zi and guessed pstart, xi and yi
Evaluate molar volume v from PR EOS
Calculate φiv and φil
Calculate xi, yi and L
Calculate pstart(new) = pstart/L

∆pstart < ε2

No

Yes
Save pstart(new) for later calculation of RRMSD

All bubble point pressures calculated?

No

Yes
Read yi,exp and guessed pstart, xi and yi
Evaluate molar volume v from PR EOS
Calculate φiv and φil
Calculate xi and yi
Calculate pstart(new) = pstart (1-yc,exp+yc)

∆pstart < ε2

No

Yes
Save pstart(new) for later calculation of RRMSD

All dew point pressures calculated?

No

Yes

Figure A.1: Block diagram of the program used for optimization of parameters.
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*

Yes
Calculate RRMSD(N) = RRMSD

If FLAG = 1

kij = kij(2)
N=2
FLAG = 2

Yes

No
kij(2) – kij(1) < ε1

Yes

Print kij(1) and kij(2)
Print RRMSD(1) and RRMSD(2)
Stop

No
RRMSD(1) < RRMSD(2)

Yes

N=2
kij(N) = kij(2) – (kij(2)- kij(1))/4

No
N=1
kij(N) = kij(1) + (kij(2)- kij(1))/4

Figure A.1: Block diagram of the program used for optimization of parameters (continued).

*

Appendix B
Optimization of binary interaction parameters for binary systems
phenol-DPC, phenol-BPA and DPC-BPA

Binary interaction parameters discussed in this section could not be optimized directly
because of the inability of collecting the VLE experimental data of the systems involved.
High boiling points of investigated compounds make the bubble point and vapor
composition measurements inaccessible with equipment used in this study. However
experimental VLE data for phenol-DPC-CO2, phenol-BPA-CO2 and DPC-BPA-CO2
ternary systems were obtained successfully. With this data it is possible to optimize the
interaction parameters for phenol-DPC, phenol-BPA and DPC-BPA systems. This is
done with already acquired VLE data of binary systems involving CO2 (Chapter 3) in
combination with VLE data of ternary systems (Chapter 4). Fig. B.1 shows a more
detailed description of this approach and phenol-DPC-CO2 ternary system is taken as
example. Both other ternary systems follow the same approach.
CO2
kij, lij

kij, lij

phenol

kij, lij

DPC

VLE (phenol-CO2) + VLE (DPC-CO2) + VLE (phenol-DPC) = VLE (phenol-DPC-CO2)
known

known

unknown

known

Figure B.1: Schematic representation of the binary VLE knowledge determining the VLE of
ternary system.
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Mathematica® software package was used as a platform for all calculations in this
section as well. A block diagram of the program used for optimization of parameters for
binary systems is presented in Fig. B.2. The program reads pure component data
(constants like pc, Tc, etc.), experimental bubble point and dew point pressures, arbitrary
lij and the temperature at which the optimization is performed. An interval (kij(1), kij(2)) is
required by the program assuming that the kij with the lowest objective function lies on
this interval. At a given kij(1) value bubble point pressures are calculated first. The
calculation of overall composition zi is required when optimizing for vapor compositions.
The program reads starting amounts of investigated compounds except CO2 (Table 4.2),
experimental vapor phase composition and guessed overall composition zi, liquid and
vapor compositions and two arbitrary pressures p(3) and p(4) as shown in Fig. B.2. At
pressure p(3) the program calculates the starting amounts of the investigated compounds
and compares these with the actual values (Table 4.2). If considerable deviation is
observed, zi is adjusted and the amounts of investigated compounds are recalculated until
they match the actual values within certain tolerance ε3 (Fig. B.2) and real zi of the
system is obtained. The calculated yi are compared with yi,exp by calculating the RRMSD
(y) given by Eq. (4.1). Using the pressure p(4) in a manner similar as above, the program
calculates zi and yi as well as RRMSD (y). RRMSDs (y) are compared and the pressure
with higher RRMSD (y) is adjusted as suggested in Fig. B.2. Basically the interval (p(3),
p(4)) shrinks until the difference p(4) – p(3) reaches a small enough value ε4 (loop *** in
Fig. B.2). The pressure with the lowest RRMSD (y) is then used for calculation of
RRMSD (1) given by Eq. (3.4). This complete procedure (loop * in Fig. B.2) is repeated
at kij(2) and the calculated RRMSD (2) is compared with RRMSD (1). The kij with the
higher RRMSD is adjusted (Fig. B.2) and optimization is repeated. Basically the interval
(kij(1), kij(2)) shrinks until the difference kij(2) - kij(1) reaches an arbitrary small enough
value ε1. The kij with the smallest RRMSD is taken as the optimized value at a given lij
and the temperature of investigation.

Optimization of interaction parameters for systems phenol-DPC, phenol-BPA and DPC-BPA 101

Read T, constants, chosen lij, experimental pbub and pdew
Read guessed kij(1) and kij(2) such that kij(2) - kij(1) >> ε1
Set N = 1, FLAG = 1
kij = kij(1)
*
Read zi and guessed pstart, xi and yi
Evaluate molar volume v from PR EOS
Calculate φiv and φil
Calculate xi, yi and L
Calculate pstart(new) = pstart/L

∆pstart < ε2

No

Yes
Save pstart(new) for later calculation of RRMSD

All bubble point pressures calculated?

No

Yes
Read mols of A (MA,set) and B (MB,set), and yi,exp
Read guessed zi, xi, yi, p(3) and p(4) such that p(3) >> p(4)
Set Q = 3, FRAC = 1

**

p = p(3)
***
Evaluate molar volume v from PR EOS
Calculate φiv and φil
Calculate xi and yi
Calculate mols of A (MA) and B (MB)

1−

MA
> ε3
M A ,set

No

zA = zA

M A ,set
MA

Yes
Calculate RRMSD(Q) = RRMSD (y) (Eq. (4.1))

Figure B.2: Block diagram of the program used for optimization of parameters.
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***
p = p(4)
Q=4
FRAC = 2

Yes

If FRAC = 1
No

No

p(3) – p(4) < ε4
Yes

No

RRMSD(3) < RRMSD(4)

Q=3
p(Q) = p(3) – (p(3) - p(4))/4

Yes

Q=4
p(Q) = p(4) + (p(3) - p(4))/4

Save p(Q) for later calculation of RRMSD
**
All dew point pressures calculated?

No

Yes
Calculate RRMSD(N) = RRMSD
*
If FLAG = 1

kij = kij(2)
N=2
FLAG = 2

Yes

No
kij(2) – kij(1) < ε1

Yes

Print kij(1) and kij(2)
Print RRMSD(1) and RRMSD(2)
Stop

No
RRMSD(1) < RRMSD(2)

Yes

N=2
kij(N) = kij(2) – (kij(2)- kij(1))/4

No
N=1
kij(N) = kij(1) + (kij(2)- kij(1))/4

Figure B.2: Block diagram of the program used for optimization of parameters (continued).

Appendix C
Simulation of the semi-batch extraction from the quaternary phenolDPC-BPA-CO2 system

Similarly as in appendices A and B, Mathematica® software package was used as a
platform to develop the program coupling the VLE knowledge and mass balances needed
for predicting extraction results. Block diagram of the program used for prediction of
extraction of quaternary system is shown in Fig. C.1. Programs for predicting extraction
behavior for binary and ternary systems are simpler versions of the one in Fig. C.1 and
are not shown here.
The program reads the operating pressure and temperature, pure component data
(constants like pc, Tc, etc.), all interaction parameters kij and lij (Chapters 3 and 4), starting
amounts of phenol, DPC and BPA (Table 6.1) and guessed overall molar fraction of DPC
zD. The starting molar ratios of phenol/DPC and BPA/DPC are calculated and
subsequently all the zi as shown in Fig. C.1. The program calculates the starting amount
of DPC and compares this with the actual value (Table 6.1). If considerable deviation is
observed, zD is adjusted and the amount of DPC is recalculated until it matches the actual
value within certain tolerance ε1 (Fig. C.1) and real zD of the system is obtained. Other
overall molar fractions zi along with liquid and vapor compositions are also obtained and
recorded. After all the starting conditions are found, the program reads an arbitrary
amount of CO2 entering the vessel in each step (AC).
The program simulates the extraction in steps which correspond to fresh CO2 entering
and a part of vapor phase leaving the vessel. This suggests that the overall composition zi
changes and is therefore recalculated. Old and new values of zi are compared and if the
difference is not small enough (ε2), the new value is used to calculate new liquid and
vapor compositions and new amounts of the compounds in the investigated system. The
overall compositions are iteratively calculated (loop ** in Fig. C.1) until their difference
from two consecutive iteration steps does not exceed ε2. The amount of CO2 leaving the
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vessel and the composition of the vapor phase yi that is left in the vessel in this step are
recorded. The program starts calculations of the next step (loop * in Fig. C.1) until the
desired amount of phenol is extracted (zP, end < ε3).

Simulation of the semi-batch extraction from the quaternary phenol-DPC-BPA-CO2 system
Read p, T, constants and all kij and lij combinations
Read starting mols of phenol, DPC and BPA (MP, start, MD, start and MB, start)
Read volume of the vessel VOL
Read guessed zD
step = 0
Calculate RatioPD = MP, start / MD, start
Calculate RatioBD = MB, start / MD, start
Calculate zP = RatioPD zD
Calculate zB = RatioBD zD
Calculate zC = 1 – zB - zD – zP
Evaluate molar volume v from PR EOS
Calculate φiv and φil
Calculate xi, yi and V
Calculate MD

1−

MD
< ε1
M D ,start

No

zD = zD

M D ,start
MD

Yes
Calculate starting mols of CO2 MC, start
Calculate total starting mols Mstart
Save starting yi, step = yi
Read mols of CO2 entering the autoclave AC

*

step = step + 1
Evaluate molar volume v from PR EOS
Calculate φiv and φil
Calculate xi, yi and V
Calculate mols in autoclave Mtotal from VOL, v and V
Calculate mols leaving the autoclave Mout = Mstart – Mtotal + AC
Calculate mols of CO2 at end of step MC, end = MC, start + AC – Mout yC
Calculate mols of the other components at end of step Mi, end = Mi, start – Mout yi
Calculate total mols at end of step Mtotal, end =

∑ M i ,end + M C ,end
i

Calculate zi, end =

M i , end
M total , end

Calculate RatioPD = zP, end / zD, end and RatioBD = zB, end / zD, end

Figure C.1: Block diagram of the program used for prediction of extraction results.
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|zD – zD, end| < ε2

No

Yes

zD = zD, end
Calculate zP = RatioPD zD, end
Calculate zB = RatioBD zD, end
Calculate zC = 1 – zB, end - zD, end – zP, end

**

Calculate mols of CO2 leaving the autoclave MC, out, step = Mout yC
Save MC, out, step
Save yi, step = yi
FLAG = step
*
zP, end < ε3

No

Yes
Print yi, step (0 ≤ step ≤ FLAG)
Print MC, out, step (0 ≤ step ≤ FLAG)
Stop

Figure C.1: Block diagram of the program used for prediction of extraction results (continued).
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Samenvatting
Polycarbonaat (PC) is een belangrijke zogenaamde “Engineering Plastic” dat wordt
gebruikt in tal van toepassingen zoals informatiedragers (compact discs), valhelmen en
kunstglas vanwege een unieke combinatie van optische helderheid, slagvastheid en een
relatief hoge verwekingstemperatuur van ca. 150 ºC.
PC wordt momenteel geproduceerd via twee polymerisatie routes, te weten:
1. Een reactie tussen Bisphenol-A (BPA) met fosgeen via een zogenaamde
“interfacial” polymerisatie;
2. Een transesterificatie reactie in gesmolten toestand tussen BPA en diphenyl
carbonaat (DPC).
De polymerisatie tot PC is een stap-polymerisatie proces en dat opent de mogelijkheid tot
depolymerisatie in aanwezigheid van alcoholen. Wanneer phenol wordt gebruikt bij de
depolymerisatie reactie dan wordt als bijprodukt DPC verkregen dat weer kan worden
ingezet bij de bereiding van PC via route 2, mits deze stof in zuivere vorm kan worden
verkregen uit het depolymerisatie mengsel.
Om de zuivere componenten te verkrijgen kan gebruik worden gemaakt van superkritisch
CO2, een oplosmiddel dat in de belangstelling staat vanwege eminente voordelen ten
aanzien van zuiverheid, beschikbaarheid, hergebruik, lage toxiciteit en een via druk en
temperatuur instelbare kwaliteit qua oplosgedrag.
Het doel van dit proefschrift was dan ook om de doeltreffendheid van superkritisch CO2
na te gaan als extractiemiddel voor de diverse componenten die ontstaan bij de
depolymerisatie van PC gebaseerd op BPA. Een mengsel dat ontstaat bij depolymerisatie
van PC met phenol bevat hoofdzakelijk de volgende componenten: BPA, DPC, phenol en
CO2.
Relevante data inzake gas-vloeistof evenwichten zijn noodzakelijk voor het ontwerpen
van een scheidingsproces. Gebruik werd gemaakt van een zogenaamde Cailletet apparaat
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om deze fasen-evenwichten te meten bij de TU-Delft (Applied Thermodynamics Group)
om de overgang van gas-vloeistof naar de volledige vloeistof-fase te bepalen. Daarnaast
werd de samenstelling van de gasfase bepaald door analyse van gasmonsters middels een
combinatie van gravimetrie en proton-NMR. Uit de experimentele gegevens konden de
drie binaire en drie ternaire systemen worden bepaald.
Voor de modellering van deze multi-component systemen werd gebruik gemaakt van de
zogenaamde Peng-Robinson toestandsvergelijking (PR EOS). Een computerprogramma
werd ontwikkeld om de experimentele data in te passen in het PR EOS model en
optimalisatie te verkrijgen van de binaire interactie parameters kij en lij en hun
temperatuursafhankelijkheid.
De verzamelde data inzake de fasen-evenwichten, inclusief de interactie parameters kij en
lij, werden gebruikt voor de ontwikkeling van de extractie module waarmee de resultaten
inzake een scheidingsproces in een semi-batch operatie bij constante druk en
temperatuur, met continue toevoer van CO2 en verwijdering van de componenten via de
gasfase, kunnen worden voorspeld.
Het model werd experimenteel gevalideerd door een combinatie van gravimetrie en
proton-NMR experimenten van de gasfase. De experimentele resultaten waren redelijk in
overeenstemming met de voorspellingen van het dynamisch model.
Na het testen van het model werd de mogelijkheid van het scheiden van de componenten
onderzocht middels simulatie en optimalisatie van het proces. Een twee-staps extractie
proces wordt voorgesteld waarbij phenol in de eerste stap wordt afgescheiden en DPC in
de tweede stap. Hierbij werd gebruik gemaakt van de mogelijkheid om via de druk en de
temperatuur de “solvent power” van superkritisch CO2 in te stellen. De resultaten van de
simulatie tonen aan dat het mogelijk moet zijn om phenol te extraheren in hoge mate van
zuiverheid en in de tweede stap, bij verhoogde druk, kan DPC worden geëxtraheerd.
Geconcludeerd mag worden, dat het mogelijk is om een scheidingsproces te ontwerpen
dat, gebaseerd op superkritisch CO2, de depolymerisatie producten van BPA-PC herwint.
kunnen
hergebruikt
worden
in
het
Phenol,
DPC,
DPA
en
CO2
polymerisatie/depolymerisatie proces en zo worden de materialen gerecycleerd. De
gewenste zuiverheid van elk van deze producten bepaalt de mogelijke toepassing van
scheidingsprocessen gebaseerd op superkritisch CO2.
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