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voor Mam

What you see depends on where you are standing.





Major goals in the field of chemical engineering include improving 
the efficiency of chemical processes, decreasing the CAPEX (capital 
expenditures) and OPEX (operating expenditures), and increasing the 
sustainability of chemical processes. One way of achieving these goals is 
intensification of the process, which can be roughly defined as the increase 
of the performance per unit volume in a reactor. This intensification leads 
to smaller and more efficient reactors, which are also safer to operate 
due to their smaller volume, especially in heterogeneous mass-transfer 
operations. Generally speaking, the driving force for a lot of conventional 
multiphase contactors is gravity, which is a rather weak driving force 
when looking at counter-current contact. Usage of rotating equipment 
can increase the performance of these contactors, as the gravity force is 
replaced by a, configurable, rotational force allowing for better control of 
the process due to the extra degree of freedom. 

One example of such a rotating piece of intensified equipment is the 
rotating packed bed reactor (RPB), which uses high centrifugal forces to 
improve the gas-liquid interfacial area and therefore increase the mass 
transfer performance per unit volume of reactor. However, the usage of 
the RPB is currently restricted due to a number of problems inherent 
to the design. For a start, the circular design in combination with a 
radial liquid flow causes a problem with the distribution of the liquid: at 
greater radii the cross-sectional area for the liquid increases and causes 
formation of preferential paths and dry spots. This makes the scaling up 
of the reactor in the radial direction inefficient. Secondly, a proper liquid 
distribution nozzle is needed to enable full initial wetting of the packing, 
where the efficiency of the nozzle is traditionally based on its design and 
the pressure of the liquid. As such stacking of multiple rotors on top of 
each other is only possible when the liquid is redistributed between each 
rotor, which also means that a lot of the kinetic energy from the rotation 
of the previous rotor is lost. Increasing the residence time is therefore 
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inhibited: scaling in the radial direction induces maldistribution, scaling 
in the axial direction by increasing the bed height forces a more elaborate 
nozzle design with increased pressure and scaling in the axial direction 
by stacking of rotors is only possible at the cost of a tremendously 
increased energy demand. Thirdly, design of packing that can withstand 
the rotational pull while still enabling heterogeneous reactions limits 
the usage of different kinds of packing. Packing used in RPBs has to be 
specifically made for a reactor and has to be fixed to the rotor as a whole. 
Finally, the heat exchange capabilities of the RPB are limited, due to the 
inability of heat transfer inside the packing, which is where the reaction 
takes place and energy transferal is needed. Therefore, the options are 
limited to external heat transfer, which induces the same problems as the 
stacking of rotors, internal heat transfer, which decreases efficiency due 
to dilution of the reaction mixture, or heat transfer through the casing, 
which has a very limited contact area.

A reactor that can overcome the previously mentioned four problems, 
while still maintaining the process intensification benefits of rotating 
equipment, could open up the technology for a much wider range of usages. 
The reactor described in this thesis, the rotating liquid redistributor, 
tackles all of the mentioned problems. The presence of liquid redistribution 
rings inside the packing limits the inherent maldistribution of the liquid, 
while also ensuring the absence of flooding due to cross-current gas-
liquid contact. This also means that an initial liquid distribution nozzle 
is not needed, the liquid is redistributed at regular intervals within the 
bed enabling larger equipment size radial and the possibility of stacking 
multiple rotors. The latter is proved by the stacking of three rotors directly 
on top of each other. Furthermore, random structured packing blocks 
can be inserted in between the redistribution rings without any extra 
modifications to the reactor. Enabling a wide range of different packing 
and thus different reactions. Finally, the presence of heat exchange tubing 
inside the packing enables the efficient removal or supply of energy at the 
location reactions are occurring, decreasing the formation of hot spots 
which decrease the selectivity of reactions.

A three-stage rotating packed bed reactor with incorporated redistribution 
rings in each rotor is designed that can operate with liquid flows up to 
10.000 kg/h and rotational speed up to 1500 RPM. Liquid enters the 
reactor from the top and is channeled towards the center of the reactor 
where it flows to the first rotor. Centrifugal forces ensure that the liquid 
is forced outwards from the initial liquid distributor towards the first 
of three redistribution rings, which are all cylindrical perforated plates. 
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At each redistribution ring the liquid is distributed both axially and 
tangentially before flowing through the perforations. After leaving the 
third redistribution ring the liquid is collected against the stationary 
casing and flows downwards due to gravity. It is collected at the bottom 
of the casing and, using its angular velocity, forced towards the center 
of the reactor with baffles. This behavior is repeated for each rotor 
after which it exits the reactor from the bottom. The gas flows overall 
counter-currently, by entering the reactor from the bottom and leaving 
the reactor from the top. It is forced to spiral inwards at each rotor based 
on the design of the redistribution rings and is therefore in cross-current 
contact with the liquid phase. Furthermore, every rotor incorporated 
60 heat exchange tubes inside the packing that enable localized energy 
transferal, ensuring that every stage has a total internal heat exchange 
area of 0.097 m2.

The effect on the distribution of the liquid by means of the redistribution 
rings is investigated experimentally in a single stage rotor with a visual 
accessible top layer by usage of a high-speed camera (Chapter 2). Three 
redistribution rings are placed at different radial positions and, using a 
colored liquid, the liquid layer thickness against the inside of the rings is 
analyzed. Results show that the redistribution rings facilitated an even 
distribution of the liquid both axially and tangentially over the rings. 
Furthermore, the rings are demonstrated to be capable of overcoming 
induced maldistributions of one quarter of the ring. Additionally, a 
correlation is presented to predict the thickness of the liquid layer on 
the inside of the redistribution rings as a function of the open area of the 
rings, the rotational speed, and the liquid flow rate. This correlation can 
be used to optimize the design of these redistribution rings.

The mass transfer performance of the three-stage rotating liquid 
redistributor is experimentally determined by oxygen desorption 
experiments with nitrogen (Chapter 3). Experiments are first performed 
without packing installed. The mass transfer performance with only 
liquid redistribution rings is at least half the mass transfer performance 
of a comparable RPB equipped with packing (but without redistribution 
rings). Furthermore, the main contribution to the overall mass transfer is 
the impingement of droplets on the redistribution rings, while the mass 
transfer of suspended droplets in the gas phase is almost negligible. The 
experimentally determined contribution to the mass transfer by droplet 
impingement correlates strongly to the mean momentum flux of the 
droplets. Finally, the energy dissipation rate of the reactor is strongly 
influenced by both liquid flow rate and rotational speed with, compared 
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to conventional RPBs, a lower dissipation rate at low operating conditions 
and a higher dissipation rate at high operating conditions. Overall, the 
mass transfer performance of this proof-of-principle reactor without 
packing is extremely promising and the stacking of multiple rotors on top 
of each other is possible without any issues.

The addition of packing and its effect on the mass transfer performance 
of the rotating liquid redistributor is tested with three different 
configurations: one with only redistribution rings present, one with only 
packing present and one with both redistribution rings and packing 
present (Chapter 4). The mass transfer performance of the configuration 
with only packing present and the configuration with both packing and 
redistribution ring present is, surprisingly, practically identical. The mass 
transfer performance of the configuration with only redistribution rings 
present is lower by 45-11% depending on liquid flow rate. This means 
that the redistribution rings have no benefit at the current operating 
conditions. However, the mass transfer performance of the redistribution 
rings is based on impingement of droplets on the rings, which is 
impossible if packing is introduced into the rotor and comparison of the 
mass transfer performance is thus illogical. Based on the engineering 
model as developed from the visual experiments, it is found that the 
combination of the liquid flow rate, rotational speed and open area of the 
redistribution rings used in the three stage reactor result in an extremely 
thin film on the inside of the redistribution rings. Thus, the experiments 
were performed at the boundary of the operating window of the reactor, 
a thicker liquid film ensures a proper redistribution of the liquid by the 
redistribution rings. However, it is not possible to operate at a higher 
liquid flow rate because flooding of the reactor occurs at those conditions, 
which is characterized by a sudden increase in pressure and power usage, 
as well by a sudden drop in the outgoing gas flow rate. It is therefore 
concluded that the reactor can still be improved to ensure a better working 
and therefore a better scale up, for instance by decreasing the open area 
of the redistribution rings or a better drainage of the liquid towards the 
next rotor. The incorporation of the randomly structured packing blocks 
show that the reactor is capable of handling different kinds of packing 
without any issue, solving one of the outstanding issues with RPBs.

The final problem addressed is the lack of heat exchange capabilities 
of conventional RPBs. Due to the incorporation of heat exchange tubes 
inside the rotor efficient internal energy transferal is possible, something 
currently not found in open literature. Experiments on the heat transfer 
characteristics of the reactor are performed by heating the cold process 
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stream with a hot heat exchange fluid (Chapter 5). The overall heat 
transfer performance is not influenced by either the gas flow rate or the 
rotational speed, but it is related to the liquid flow rate. With values for 
the heat exchange coefficient between 0.67 and 1.45 kW K-1 m-2 the heat 
exchange performance of the reactor is similar to that of conventional 
shell and tube heat exchangers showing good heat exchange capabilities.

In conclusion the rotating liquid redistributor is a proof-of-principle 
reactor that uses redistribution rings to distribute the liquid both 
angularly and axially enabling not only the easy incorporation of 
randomly structured packing, but also the scaling of the reactor in radial 
direction. Furthermore, due to the absence of an initial liquid distribution 
nozzle before the packing, multiple rotors can easily be stacked on top of 
each other, thereby also enabling axial scaling of the reactor. Finally, 
the incorporation of internal heat transfer tubes enables the reactor to 
efficiently transfer energy inside the packing, drastically increasing its 
usage in exothermic and endothermic reactions. With improvements, for 
instance to allow a higher liquid throughput by increasing the through-
flow capabilities or a better distribution of the liquid by decreasing 
the open area of the redistribution rings, the reactor can definitely be 
implemented in existing processes.
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Chapter 1 – Introduction

This thesis studies a novel rotating packed bed reactor that includes 
redistribution rings at regular intervals in the bed. These redistribution 
rings should enable for liquid to be redistributed both axially and 
angularly, improving the overall wetting of the bed and therefore the 
performance per volume. 

1.1 Process intensification
This improvement in performance, known as process intensification, 
is defined by Stankiewicz and Moulijn as ‘Any chemical engineering 
development that leads to a substantially smaller, cleaner, safer, and more 
energy-efficient technology’ [1]. With the current demand for processes 
that are cleaner and work with a fluctuating power supply while still 
being safe, process intensification is needed to prepare chemical processes 
for the future. Small, moveable, factories that can process materials on 
location are potentially the way forward. 

1.2 Rotating packed bed
One way to intensify a process is by using rotating equipment, in which 
gravity as driving force for flow is replaced by centrifugal acceleration. 
The much higher force, typically 100 -1000 times that of gravity, enables 
more intense mass transfer due to thinner films of liquid flowing over 
the packing which in turn increases the volumetric mass-transfer 
coefficient [2]–[4]. As a result, equipment size reductions of 1 -2 order 
of magnitude are possible. A typical example of rotating equipment is 
the rotating packed bed (RPB) reactor, which in its most basic form is a 
piece of packing rotating in a stationary housing with liquid flowing from 
the inside of the packing towards the outside and gas flowing from the 
outside of the packing towards the center. Due to the circular shape of 
the packing and the flow direction, the cross-sectional area of the packing 
changes, with a larger cross-sectional area at larger radii. When a liquid 
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is flowing through the packing at a fixed flow rate, this results in unequal 
distribution of the liquid and thus the formation of preferential paths 
and dry spots [5]–[7]. Different solutions for this problem have been 
proposed, mainly in the form of different reactor designs. For example, 
the RPB with split packing splits the packing in two parts, where the 
packing is alternatingly attached to the rotor and the stationary casing 
[8]. Although this design does help redistribute the liquid further, 
the increased complexity disallows the stacking of multiple rotors. 
Alternatively a design which combines baffles attached to a rotor and 
stationary baffles attached to the casing was proposed under the name 
rotating zigzag bed [9]–[13]. The liquid is flung from the rotating baffles 
onto the stationary baffles, which ensure that the liquid is redistributed 
angularly. Unfortunately, the constant re-acceleration of the liquid 
results in a large increase in power consumption.

1.3 Rotating liquid distributor
To ensure that the liquid distribution inside the RPB is improved without 
increasing the energy usage, a novel rotating liquid distributor is proposed 
in this work, see Figure 1.1. It features a rotor equipped with three rows 
of perforated plates at different radii that act as liquid distributors. 
Furthermore, every row also has incorporated channels that can be used 
to exchange heat from the reactor with a heat exchange fluid. For the 
experiments two different setups are used, the visual experiments use 
a single stage rotor with a transparent top, while the mass transfer and 
heat exchange experiments are performed in a closed, three stage, reactor 
equipped with oxygen probes. 
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Figure 1.1: Impression of the rotating liquid distributor with integrated heat exchange 
tubes. 

1.4 HighSinc project
The work in this thesis is part of the HIGHSINC project (HIgh Gravity 
High Shear for INtensified Chemicals), a collaboration between the 
Eindhoven University of Technology and Nouryon (formerly part of 
AkzoNobel) in which 12 PhD students investigated the applicability 
of rotating reactors in current and future processes of Nouryon. The 
project has three subdivisions: electrochemistry, specialty chemicals and 
rotating reactors. This work was carried out within the latter of those 
three subdivisions.

1.5 Thesis outline
The focus of this work is researching the applicability of intermediate 
redistribution rings in a rotating packed bed with respect to gas-liquid 
mass transfer. To understand the precise workings of the reactor, 
results from visual experiments on liquid behavior inside the reactor are 
combined with results from hydrodynamical studies based on stripping 
of oxygen from water.

Chapter 2 focusses on the visual study, where high speed photography 
was used to determine the effect of rotational speed and liquid flow rate 
on the shape and size of the liquid layer against the redistribution ring 
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with and without packing. Based on the results an engineering correlation 
was proposed that describes the thickness of this liquid layer based on 
operating variables. Furthermore, it explains the basic working of the 
redistribution rings and their performance.

Chapter 3 covers the mass transfer performance of the reactor without 
packing based on the stripping of oxygen from water at different rotational 
speeds, liquid flow rates and gas flow rates. The mass transfer performance 
results obtained are compared to literature values for rotating packed 
beds and rotating zig-zag beds. Finally, the energy consumption of the 
reactor is investigated and compared to literature as well.

Chapter 4 describes the effect on the overall mass transfer performance 
and its power consumption when adding packing to the reactor 
equipped with redistribution rings. The findings are compared to reactor 
configurations with only redistribution rings present and only packing 
present to fully study the reactor performance. The results cover a range 
of different rotational speeds and liquid flow rates.

Chapter 5 investigates the heat transfer performance of the reactor based 
on heat transfer experiments that use a hot liquid heat exchange stream 
to heat up the liquid process stream. Like the previous chapters, the 
effect of rotational speed and liquid flow rate is used to better understand 
the workings of the reactor.

Finally, Chapter 6 summarizes the findings and some suggestions for 
future research steps using redistribution rings inside an RPB are given.
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A novel design rotating packed bed is presented, aiming at mitigation of 
liquid maldistribution commonly encountered in rotating packed beds. 
The design consists of three concentric, perforated rings placed in the 
packing, which act as liquid redistribution rings. The effectiveness of 
the redistribution rings in a rotating packed bed was experimentally 
demonstrated, showing that an induced maldistribution of 3x 1/16th 
was mitigated by at least 90% within the design operating window. 
Furthermore, an induced maldistribution of 1/4th of the reactor was 
mitigated by at least 70%, irrespective of whether a random packing is 
present or not. The proposed repeated use of redistribution rings therefore 
enables a more uniform wetting of the whole packing, which potentially 
enables a more effective scale-up of rotating packed beds. To assist the 
design of redistribution rings, a design equation for the thickness of the 
liquid layer on the redistribution rings (which determines the operating 
window) was developed and shown to be accurate within 10%.

Chapter 2 – Visual  analysis
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2.1 Introduction
Mass transfer steps often limit the productivity of reactors and unit 
operations (e.g. mixing, separation) for multiphase processes; enhancing 
gas-liquid mass transfer rates is therefore an essential part in increasing 
production rates per equipment volume. This leads to a higher productivity 
(or a reduced equipment size) and a more efficient usage of raw materials 
and potentially safer plant operation, i.e. for process intensification [1].

Gas-liquid mass transfer rates can be improved by application of a 
centrifugal field [2], most notably in high gravity reactors [3], [4], such 
as spinning disc reactors [5], [6], annular extractors [7], [8] and rotating 
packed beds (RPB) [9]–[14]. Of these intensified reactors, the RPB reactor 
is relatively mature [15], [16]; implementations [17], [18] range from 
various countercurrent stripping processes (e.g. water deaeration [19]–
[23], dehydration [24], H2S removal [25]–[27], CO2 capture [28]–[30], SO2 
removal [31]) to nanoparticle production [32]–[35] and distillation [18], 
[36].

An RPB uses a centrifugal field to increase the gas-liquid and liquid-
solid contacting areas by decreasing the liquid film thickness and the 
mean droplet size in the packing [37]. Figure 2.1 shows the basic design 
of a single block RPB from which a range of configurations have been 
derived; all designed to solve maldistribution in the RPB and to enhance 
the gas-side mass transfer. Liquid enters the RPB in the center via a 
liquid distributor and, due to centrifugal forces, flows radially outwards 
through the packing (rotor). For counter-current gas-liquid flow, the 
gas is forced radially inward through the packing (rotor) by a pressure 
difference. The width (W) of the RPB mainly determines the throughput 
capacity and the difference between the inner radius (ri) and outer radius 
(ro) of the RPB determines the mass transfer capacity.
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Figure 2.1: Schematic overview of a single block rotating packed bed reactor.

When increasing the outer radius of the RPB for scale-up, the cross 
sectional area increases. This creates a major problem in the angular 
distribution of the liquid. Furthermore, gravity induces a maldistribution 
in the axial direction. Maldistribution is already encountered in tall 
stationary (gravity-driven) packed columns [38], but it is exacerbated 
by the centrifugal force in RPBs: preferred paths and dry spots form 
[14], [39] and efficiency decreases [10]. In literature, various solutions to 
this problem have been proposed. The most straightforward solution is 
increasing the liquid flow, which increases the wetting of the RPB and its 
performance [40][41]. However, the inner radius of the RPB determines 
the maximum gas and liquid flow through the RPB, above which flooding 
will occur [42]. This flooding limitation can be overcome by using 
cross-current flow instead of counter-current flow, as is done in cross-
current single block RPBs [11], [43]. In this case, however, the liquid 
maldistribution still occurs for large RPB outer radii [44]. Moreover, 
crossflow has a lower contacting efficiency than counter-current flow. 
RPBs with split packing enable both redistribution of the liquid at regular 
intervals, which limits the formation of dry spots, and cross-current flow 
[45]–[47]. Unfortunately, their mechanical construction is rather complex 
construction-wise, they mainly improve the gas-side resistance controlled 
mass transfer processes and they can only operate as single stage [13]. 
The rotating zigzag bed reactor (RZB) also allows counter-current flow 
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and has the ability to incorporate incoming liquid flows at different radii 
of the RZB [48]–[50]. However, it does not easily allow the use of packing 
(which excludes heterogeneously catalyzed reactions) and it has a high 
energy input due to the constant angular and radial acceleration (at the 
rotor) and deceleration (at the stator) of the liquid [51]. A combination of 
the split-packing RPB and the RZB, the two-stage counter-current RPB 
[52], is capable of redistributing the liquid internally, has packing, can 
be used multistage, and has cross-current flow, making it a promising 
improvement of the single block RPB. However, due to the complex rotor 
structure and high manufacturing precision required, this technique is 
expected to be rather costly [29]. Furthermore the liquid still loses all 
its angular and radial velocity between stages, resulting in the same 
high energy demand as the RZB. A relatively simple RPB, called the 
high-speed disperser, can operate with and without packing and uses a 
rotating pillared ring to break up flying droplets to create large gas-liquid 
interfacial areas [53]–[55]. This disperser works best when droplets 
are unhindered by other droplets after their breakup, to keep the total 
interfacial area per droplet as large as possible, this in turn results in 
relative low liquid hold-up and thus ineffective usage of the RPB.

In the current work, an alternative solution for the liquid maldistribution 
is presented. The design consists of a variable number of perforated ‘mesh’ 
rings inside the RPB which rotate together with the RPB, as shown in 
Figure 2.2. Liquid flows in from the center and is forced radially outwards 
due to the rotational velocity. Overall, the gas flows from the outside 
to the inside of the RPB in counter-current mode, but locally the liquid 
and gas are in cross-current contact, ensuring the absence of flooding 
at higher gas and liquid flows. The redistribution rings redistribute the 
liquid inside the bed both angularly and axially, with limited loss of 
tangential velocity (and hence energy) between the rings. The liquid jets 
ejected from the redistribution rings are expected to have a similar radial 
velocity as a jet uninterrupted by the redistribution rings. Therefore, the 
turbulence intensity is expected to be similar to conventional RPB designs. 
The redistribution behavior is comparable to redistribution plates used 
in tall columns, therefore these rings are indicated as redistribution rings 
in the rest of this work. An even distribution of the liquid over the RPB 
will not only improve the overall mass transfer coefficient due to more 
complete wetting of the RPB, but will also ensure a smaller spread in 
residence times due to a more even distribution of the liquid. Although 
the presence of the redistribution rings slightly decreases the volume 
available for packing, this small effect is likely offset by a gain in wetted 
packing volume. Alongside liquid redistribution in the RPB, the design 
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allows multistage cross-current gas-liquid flow and application of a 
packing between the redistribution rings, with limited increase in reactor 
complexity. 

Figure 2.2: Schematic overview of the novel reactor presented in this paper.

2.2 Theory
The relation between rotational speed, liquid flow, radius and the 
thickness of the liquid layer on the inside of the redistribution rings can 
be estimated using a combination of the Navier-Stokes equations for a 
rotating film and for flow through an orifice. In Figure 2.3a, a schematic 
overview is given for the flow through a single orifice. Point 1 indicates 
the boundary between gas and liquid on the inside of the redistribution 
ring, point 2 is at the entrance of the orifice and point 3 is at the exit of 
the orifice. A constant radial velocity over the entire redistribution ring 
area at point 2 is assumed. The radial outflow is therefore determined 
by the balance between the pressure generated by centrifugal force on 
the liquid film and the pressure drop through the orifices, using the 
ratio between the open area and the total area at the radius of point 
2. This simplification implies zero velocity and acceleration in the axial 
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direction, i.e. the flow towards the orifices is purely radial and the effect 
of gravity is negligible, and a constant velocity in the angular direction. 
Assuming equal pressures at point 1 and 3, it is possible to estimate the 
pressure difference between point 1 and 2 as done in Equation 2.1 and 
the pressure drop between point 2 and 3 as done in Equation 2.2 (for the 
derivation, see Appendix A).

Figure 2.3: Schematic representation of the liquid flow through the redistribution ring 
with (a) the simplified representation with reference points used in the calculations and 
(b) a more detailed representation showing the formation of a liquid layer against the 
redistribution ring and the subsequent formation of liquid jets. Note that the schematic is 
not drawn to scale.
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With px as pressure at point x, rx as radius at point x, θL as liquid flow, ω as 
rotational speed, W as the width of the bed (30 mm), CD as the discharge 
coefficient and AO as the ratio between area open for flow and total area 
at r2. Equations (2.1) and (2.2), when combined and simplified, result in 
the liquid layer thickness (ΔrF), defined as r2-r1, and given in Equation 
(2.3):
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The redistribution rings should be properly designed in order to enable 
maximum wetting of the RPB, while avoiding bypassing of the gas phase, 
which can only be achieved by completely covering the redistribution 
ring with a liquid film. Therefore, a thorough understanding of the liquid 
hydrodynamics and the influence of design and operating parameters 
is needed. This work uses high speed camera imaging to obtain visual 
data on the liquid flow inside the RPB, which also includes the liquid 
layer thicknesses distribution over the RPB and the formation of jets and 
droplets after the redistribution rings. This can only be done if the packing 
is not blocking the view, therefore most experiments are performed 
without packing. The distribution of local velocities of the liquid is an 
important indication for the uniform wetting of the RPB, however, this is 
difficult to measure directly. Therefore, the thickness of the liquid layer 
against the redistribution rings, see Figure 2.3b, is used to calculate the 
local liquid flow as a function of the angular position. To confirm the 
effectiveness of the redistribution rings, a maldistribution is induced in 
the inner redistribution ring and the effect on the local liquid flow in the 
middle redistribution ring is studied.

The visual observations of the liquid film layer are performed from the 
top, focused at a single axial height. Although no axial profile of the film 
thickness is assumed for the derivation of Equation (2.3), in reality this 
might lead to axial variation in the experimentally determined liquid 
layer thickness (and therefore, to an error between experimentally and 
theoretically obtained values). This variation can be quantified as follows. 
For a liquid in a rotating cylinder, neglecting surface tension, the shape of 
the gas-liquid interface can be given as in Equation (2.4), which is based 
on the work of Lubarda et al. [56]. With r the radius, g the gravitational 
acceleration and ω the rotational speed. 
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The axial liquid layer variation (δr), defined as the difference between the 
inner radius of the liquid at the top of the bed (rT) and the bottom of the 
bed (rB), can be calculated when the boundary conditions z(rB ) = 0 and 
z(rT ) = W are used in combination with the assumption that δr << rT (so 
dr

2 ≈ 0), results in Equation (2.5).
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By dividing Equation (2.5) by Equation (2.3) the maximum relative axial 
liquid layer variation is obtained, shown in Figure 2.4a. For 300 L h-1 
(the lowest flow used) the maximum variation in ΔrF is at its highest with 
values around 20%, indicating that there is a large deviation in the water 
layer thickness and thus that the experimental results should have a 
large bias. Increasing the flow substantially lowers the relative variation 
to around 5% for flows of around 600 L h-1. Furthermore, the rotational 
speed has a negligible effect on the maximum relative axial variation 
for rotational speed above 600 RPM. Therefore, the axial liquid flow 
variation as depicted in Figure 2.4b for a rotational speed of 1100 RPM is 
in agreement with results obtained with rotational speeds ranging from 
600 to 1500 RPM.

Figure 2.4: Calculated axial variation assuming that the water layer is vertical with (a) 
the maximum relative axial variation in ΔrF as a function of rotational speed and liquid 
flow and (b) the variation of the local liquid flow as function of overall liquid flow.

2.3 Experimental
The effectiveness of the redistribution rings is tested in a visually 
accessible setup as shown in Figure 2.5. The setup consists of three 
redistribution rings around a central shaft (width of 30 mm and with radii 
of 68, 90 and 110 mm, respectively) covered by a transparent top plate 
held together by 12 bolts. The inner redistribution ring is painted bright 
red at the top, to improve contrast during imaging. Figure 2.6 shows the 
triangular pattern used as mesh in the redistribution rings, the diameter 
of the orifice is 0.53 mm and the pitch is 7.0 mm. The RPB is fed with 
water, colored with methylene blue, in the center by means of a pump 
(Powerplus POW67900, ±20 L h-1) as can be seen in Figure 2.7; the flow 
is adjusted with a manual ball valve and measured with a volumetric 
flow meter (Brooks MT3809, max flow of 1000 L h-1). The liquid enters 
the RPB in the center and is forced radially outwards towards the inner 
redistribution ring, which acts as a liquid distributor. The rotational 
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speed is regulated by a motor with a motor control unit (Janke & Kunkel 
RE 162, ±10%), while visual data is obtained with a high speed camera 
(AOS L-PRI 1000) with a macro lens (Canon EFS 60mm) placed directly 
above the middle redistribution ring in combination with a high intensity 
LED light (Veritas Constellation 120E15) placed direct above the center 
axis. The rotational speed was varied between 500 and 1200 RPM, while 
the liquid flow was varied between 300 and 1000 L h-1. Pictures were 
taken with a frequency of 1000 Hz and a shutter time of 25 μs for a whole 
number (2-4) of rotations.

Figure 2.5:  Schematic overview of the experimental reactor.

Figure 2.6: Overview of the mesh pattern of the redistribution rings (not to scale).
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Figure 2.7: Overview of the experimental set-up.

The testing of the redistribution rings based on an induced maldistribution 
was performed with 4 different systems as can be seen in Figure 2.8, where 
the yellow bands indicate the blocking of the inner rings. The different 
systems are 3x 1/16th of the circumference of the ring (top left in the 
picture) with a blockage before a bolt, between two bolts and over one bolt. 
Exactly the same configuration, but with 1/8th blocked per position was 
also used (top right). In the bottom two different configurations with 1/4th 
induced maldistribution can be found, bottom left shows blockage over a 
bolt (non-partitioned) and bottom right between two bolts (partitioned).
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Finally the effect of the presence of packing was also tested by filling the 
volume between the inner and middle redistribution rings with random 
blocks of structured foam packing, see Figure 2.9. It should be noted that 
due to the presence of the redistribution rings the total available space 
for packing is decreased by 3.5%. The blocks of foam had a pore size of 
0.42 mm, a solid hold up of 0.06 ms

3 mf
-3, an area of 2830 mi

2 mf
-3, and 

dimensions of 9.6 x 10.0 x 2.9 mm. Experiments were performed without 
an induced maldistribution and with an induced maldistribution of a 
non-partitioned quarter of the ring (Figure 2.8c).

Figure 2.8: Experimental blocking (yellow) of the rings to induce maldistribution with (a) 
3x 1/16th blocked (i.e. 3x 22.5°), (b) 3x 1/8th blocked (i.e. 3x 45°), (c) 1/4th blocked non-
partitioned (i.e. 90°) and (d) 1/4th blocked partitioned (i.e. 90°).
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Figure 2.9: Close-up picture of the solid foam packing used during the experiments.

2.3.1 Data analysis
Obtaining the values of the liquid layer thickness from the high speed 
images is automated with a Matlab (R2017a) script. The script first uses 
the bright red marker on top of the inner redistribution ring to determine 
the location and shapes of the redistribution rings as well as the scale 
of the picture (mm/pixel). Subsequently, it determines the RGB-values 
(red, green and blue color intensities) along the radius for 5 different 
angles with a focus between the inner and middle redistribution ring. 
Figure 2.10 shows that the product of the RGB-values has a minimum 
with a sharp transition when liquid is present due to the predominant 
dark colors, as is shown in Figure 2.11. When comparing a system with a 
small liquid hold-up (Figure 2.10a) to a system with a large liquid hold-
up (Figure 2.10b) the transition of the latter is less sharp, due to the 
presence of dark liquid droplets and shadow formation. A threshold value 
for the product of the RGB-values of 23000 was used for all operating 
conditions, as this value prevents the incorrect inclusion of arbitrary 
peaks. Due to the logarithmic scale and the steep changes, the absolute 
value for this threshold does not influence the obtained results. Examples 
of the resulting liquid layer thicknesses are drawn in the original image 
in Figure 2.11; the liquid layer thicknesses are shown as the green lines, 
while the redistribution rings, as detected by the script, are shown as 
white solid lines.
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Figure 2.10: Product of the RGB-values along the radius of the RPB with the used threshold 
for comparison. Visible are (a) a small liquid hold-up and (b) a large liquid hold-up.

Figure 2.11: Results of the automatization script with the redistribution rings (white lines) 
and the obtained thicknesses (green lines).

For each set of experiments, with a fixed rotational speed and liquid 
flow, the experimentally obtained values of the liquid film thickness were 
combined and fitted to a normal distribution for experiments without an 
induced maldistribution, a trimodal distribution for experiments with 
one fourth partitioned induced maldistribution, or a bimodal distribution 
for all other induced maldistributions, to obtain the average liquid layer 
thickness as well as its standard deviation. A typical result can be found 
in Figure 2.12, clearly showing the obtained data points and normal 
distribution for experiments without induced maldistribution (black) 
and with an induced maldistribution (red). Furthermore, the discharge 
coefficient (CD) was calculated for each set of experiments by fitting the 
data with Equation (2.3) based on a non-linear least square method.
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Figure 2.12: Typical results for the fitting of a normal distribution (black) and bimodal 
distribution (red) to experimental data. Experiments were performed with a flow of 900 L 
h-1 and a rotational speed of 1100 RPM.

2.4 Results and discussion
Figure 2.13 shows an example image of the liquid flow through a 
redistribution ring for a flow of 400 L h-1 and a rotational speed of 500 
RPM, with (a) top view and (b) side view. The liquid is observed to build 
up against the redistribution ring (arrow 1), forming a liquid layer visible 
by a dark part and a lighter part. The darker part is the liquid layer at 
the top of the RPB and the lighter part is the liquid layer at the bottom 
of the RPB. This liquid layer is subsequently distributed through the 
orifices as liquid jets (arrow 2).
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Figure 2.13: Examples of the formation of a liquid layer against the redistribution ring 
and the subsequent formation of jets from a top view (a) and from a side view (b) at 400 L 
h-1 and 500 RPM, with (1) the liquid layer and (2) the liquid jets.

An example of the measured values of the liquid layer thickness (ΔrF ) is 
shown in Figure 2.14 for a rotational speed of 900 RPM and a liquid flow of 
800 L h-1, the fitted normal distribution is indicated by the solid line. The 
corresponding results for the flow distribution, calculated using Equation 
(2.3) are given in Figure 2.14b. The spread in ΔrF occurs partly due to the 
bolts on the redistribution ring that block the angular flow. The angular 
acceleration pushes the liquid towards this obstruction and buildup of 
liquid towards the bolt is observed, see Figure 2.15. This buildup towards 
a bolt can be visualized not only by the difference between the liquid layer 
on both sides of a bolt, but also by measuring the liquid layer thickness 
as a function of the angle, shown in Figure 2.16. This shows that the 
distribution in ΔrF occurs partly due to the buildup of liquid towards an 
obstruction, i.e. a bolt, visible as a virtually linear increase from 0.5 to 
2.5 mm in Figure 2.16a, and partly due to distribution effects, visible 
by the 0.5 mm bandwidth. Figure 2.16a also shows the presence of the 
four bolts at angles of 36°, 126°, 216° and 306° with an observed width of 
around 5 mm. These results clearly show that obstruction of the liquid 
flow over the inside of the redistribution ring should be avoided, as it has 
a relatively big effect on the liquid layer thickness distribution and as 
such on the local velocity. Figure 2.16b also shows the angle based liquid 
layer thickness, but for a liquid layer thicker than the bolt (11 mm and 
6.5 mm respectively). This data shows that even when the liquid can flow 
over the obstructing object, the object still affects the angular distribution 
of the liquid, and should therefore be avoided as much as possible.
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Figure 2.14: Liquid layer thickness distribution (a) and local liquid flow distribution (b) 
at 900 RPM and 800 L h-1.

Figure 2.15: A visual example of the effect of the bolt on the distribution of the liquid.
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Figure 2.16: Liquid layer thickness as a function of the angle for a thin liquid layer (a) and 
a thick liquid layer (b).

Figure 2.17 shows the obtained values of ΔrF as a function of the 
rotational speed (a) and the liquid flow rate (b), the predicted values from 
Equation (2.3) are indicated by the dotted lines. The standard deviation 
for a set of measurements is indicated by the vertical error bars; the 
replicates are shown as separate data points. Note that in most cases 
the replicates fully overlap, except for liquid flows of 1000 L h-1. A liquid 
flow of 1000 L h-1 corresponds to the maximum range of the employed 
flow meter, hence an accurate measurement at this value is not possible. 
Therefore, these values will not be taken into consideration for further 
calculations. The value of ΔrF decreases with rotational speed, due to the 
increased centrifugal pressure, and increases with increasing liquid flow. 
The experimental values for ΔrF show a good agreement with the ones 
calculated with Equation (2.3), the error is around 10% up to a ΔrF of 
10 mm, as can be seen in Figure 2.18. However, at thicknesses above 10 
mm the error is much larger (around 20%), this error could be the result 
of the wavy flow of liquid, or possibly the formation of gas bubbles by 
the impinging water jets, which both introduces a bias in the measured 
ΔrF. These gas bubbles would increase the liquid layer thickness without 
increasing the centrifugal pressure that drives the liquid flow. The 
formation of gas bubbles can be seen Figure 2.19, where a large gas 
bubble escapes at the surface of the liquid layer.
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Figure 2.17: Effect of rotational speed (a) and liquid flow (b) on ΔrF.

Figure 2.18: Parity plot of the experimental and calculated liquid layer thicknesses with 
the dotted lines indicating a 10% deviation.
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Figure 2.19: Entrainment of a bubble by the liquid flow.

Figure 2.20 shows the fitted discharge coefficient as a function of the liquid 
layer thickness.  No clear correlation is present, although it seems that 
with increasing liquid flow the dependency of the discharge coefficient 
changes from increasing with ΔrF (or decreasing rotational speed) at 
300-400 L h-1, via constant at 500-600 L h-1, to decreasing with ΔrF (or 
increasing rotational speed) at 700-900 L h-1. This is possibly caused by 
a change in hydrodynamic regime, as is observed for perforated plates in 
tubes [57]. Further detailed analysis of the three dimensional flow in the 
liquid film and through the orifices is required to establish an accurate 
description of the hydrodynamic regime; this is outside the scope of the 
current work.
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Figure 2.20: Deviation in the discharge coefficient based on the liquid layer thickness.

From the visualization of the liquid flow in the RPB, the operating 
window can be established. Since in the setup no gas flow is present, 
this operating window represents the limiting case for a negligible 
low gas pressure drop, which would normally increase the liquid layer 
thickness. The limits of the operating window are determined by: a 
minimal liquid layer thickness at which gas cannot flow radially through 
the redistribution ring (to prevent gas bypassing), a maximal liquid layer 
thickness at which gas can still flow through the RPB angularly without 
flooding, and a minimal rotational speed at which the change in the 
liquid layer thickness over the width of the RPB is less than 10%. It is 
important to note that the presence of a thick liquid layer decreases the 
effective packing volume used, since there is no gas-liquid contact in the 
layer. The balance between the beneficial effect of the redistribution and 
the negative effect of increased liquid hold-up on the mass transfer rate 
needs to be determined by mass transfer measurements. The current 
work focusses on the hydrodynamic operating window. 

The minimal liquid layer thickness depends on the gas pressure difference 
between the gas conducts on both sides of the ring, see the design in Figure 
2.2, the maximum liquid layer thickness depends on a combination of the 
gas pressure difference and the gas flow interaction with the liquid layer, 
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and the minimum rotational speed depends on the liquid layer thickness 
and thus the liquid flow. Further design parameters, which are fixed in 
the setup, are: the radius of the distribution rings, the distance between 
two redistribution rings, the width of the redistribution rings, the size 
and shape of an orifice, the number of orifices, and the pattern and pitch 
of the orifices.

The minimal liquid layer thickness is determined by the relative axial 
variation over the width of the reactor, which in turn is based on the 
rotational speed and the liquid flow, and the maximal liquid layer 
thickness is determined by the location of the inner redistribution ring. 
When using the constraint that the maximal relative axial variation can 
vary by a maximum of 10% over the width of the RPB, this leads to the 
operating window as found in Figure 2.21 indicated by the grey area. In 
case of a significant gas pressure drop (more than 1000 Pa), the lower 
boundary shifts upwards and the upper boundary shifts downwards, 
effectively moving the operating window to higher rotational speeds and 
liquid flows in order to overcome the additional back-pressure from the 
gas phase. 

Figure 2.21: Operating window for the visual RPB with a maximal relative axial variation 
of 10% over the width of the RPB.
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2.4.1 Induced maldistribution
Figures 2.22 and 2.23 show examples of the obtained liquid layer 
thickness distribution for the induced maldistribution experiments 
(indicated in red) for a low average ΔrF (around 4 mm) and a high ΔrF 
(around 12 mm), respectively. There are two extremes of redistribution 
efficiency: a perfect redistribution with all liquid distributed evenly 
over the total circumference of the ring, yielding one exact liquid layer 
thickness (indicated by the black dotted lines), and no redistribution, 
with no liquid behind the induced maldistribution (ΔrF = 0) and all liquid 
spread evenly over the remaining accessible circumference of the ring 
(indicated by the red dotted line). The redistribution mentioned per 
experiment is the ratio between these two extremes, with 0% meaning 
no redistribution and 100% meaning perfect redistribution. This value 
is calculated according to Equation 2.6, with μ1 and μ2 as the calculated 
means from the bimodal distribution and μno redistriubution as the theoretical 
mean when no redistribution occurs.

Redistribution efficiency
no redistriubution

� �
�

1
1 2
� �

�
(2.6) 

Figure 2.22a and 2.23a show the results for an induced maldistribution 
of 3x 1/16th (corresponding to Figure 2.8a), with overall a slightly broader 
distribution but the same average ΔrF compared with the default scenario. 
The redistribution efficiency for other process conditions, as found in 
Table 2.1, show a high efficiency for higher liquid flows (around 88%) and 
a mediocre efficiency for low liquid flows (around 60%). The low values 
for the redistribution efficiencies at small liquid layer thicknesses can 
be attributed to scattering in the experimental data which prevents a 
proper fitting of a bimodal distribution, as shown in Figure 2.24. This 
is therefore considered an artifact of the current method in determining 
the redistribution efficiency for low liquid layer thickness conditions and 
does not necessarily reflect a low redistribution efficiency, as can be seen 
in Figure 2.24. Figures 2.22b and 2.23b show the results for an induced 
maldistribution of 3x 1/8th (corresponding to Figure 2.8b), where again 
the overall fit is comparable, but the distribution in ΔrF is broader than 
the case without induced maldistribution. When looking at different 
process conditions, again in Table 2.1, the redistribution efficiency is 
high (around 88%) except for the efficiency at 800 RPM and 300 L h-1, 
where the data analysis yields a very small peak at a high ΔrF (3 mm, 
normal peak at 1.4 mm) which according to Equation 2.6 results in a low 
redistribution efficiency.
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For the more extreme case of an induced maldistribution of a quarter 
of the ring, the two different configurations (corresponding to Figure 
2.8c and Figure 2.8d) show very different results depending on whether 
or not the maldistribution coincides with the partitioning of the RPB. 
Due to the presence of bolts in the measured layer, the liquid is blocked 
from freely flowing in the angular direction, as was shown in Figure 
2.16. This causes partitioning of the reactor in quarters when the liquid 
layer thickness is below 7.6 mm, which is the diameter of the bolts. The 
area behind the maldistribution for the partitioned quarter receives 
only a very small amount of liquid from the previous redistribution ring. 
Therefore the liquid layer can only be formed when the liquid flows over 
the bolts, which only occurs at ΔrF values above 7.6 mm. Figures 2.22c and 
2.23c show examples for when the induced 1/4th maldistribution does not 
coincide with a partitioned quarter of the redistribution ring (Figure 2.8c). 
In this case, the results are comparable to the induced maldistribution 
of 3x 1/16th and 3x 1/8th of the redistribution ring, with similar average 
ΔrF values but a larger spread. At different operating conditions, found 
in Table 2.1, the redistribution efficiency range varies between around 
60% to 100%, indicating that even with a maldistribution of a quarter 
of the reactor the redistribution rings are capable of redistributing the 
liquid rather well. Finally, Figures 2.22d and 2.23d show results when 
the induced 1/4th maldistribution coincides with the partitioned quarter 
of the redistribution ring. For lower ΔrF three different layers are formed, 
one in the quarter behind the induced maldistribution (lowest average 
ΔrF), one in the two quarters before the induced maldistribution, and 
one in the quarter after the induced maldistribution (in the rotational 
direction). The first layer is very thin because no liquid enters from the 
previous redistribution ring (due to the induced maldistribution), nor 
from the angular direction (due to the bolts). The liquid layer thickness 
in the quarter after the induced maldistribution is higher because all the 
flow that is not introduced in the first quarter flows in here. For higher 
average values of ΔrF the effect of partitioning is much less severe, due to 
the liquid being able to flow over the bolts. This is demonstrated in Table 
2.1, where for low ΔrF values the redistribution efficiency is extremely 
low with values around 10%, while these values increases to around 80% 
for higher values, indicating that at those values the redistribution rings 
work as intended.



32 Visual  analysis

Figure 2.22: Comparison of ΔrF for the four different induced maldistribution 
configurations, including the redistribution for a low value of ΔrF.

Figure 2.23: Comparison of ΔrF for the four different induced maldistribution 
configurations, including the redistribution for a high value of ΔrF.
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Figure 2.24: Example of scattering of the data.
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Table 2.1: Comparison of the redistribution efficiency of (1/16th) 3 times a sixteenth, (1/8th) 
3 times an eighth, (1/4th P) a partitioned fourth induced maldistribution and (1/4th NP) 
no maldistribution configurations.

Rotational speed [RPM]
500 600 700 800 900 1000 1100 1200

Li
qu

id
 fl

ow
 [L

 h
-1
]

1/
16

th

300 92.62% 96.22% 41.88% 60.07% 67.03% 44.75% 20.53% 47.84%

700 97.27% 99.22% 88.25% 98.42% 96.90% 67.82%

1000 89.67% 89.14% 77.89%

1/
8th

300 71.54% 72.96% 100% 38.36% 96.26% 71.25% 66.42% 73.97%

700 97.60% 95.11% 100% 94.11% 92.66% 94.35%

1000 95.03% 96.20% 97.24%

1/
4th

 N
P

300 90.77% 81.59% 58.53% 69.23% 66.18% 81.64% 80.88% 96.67%

700 94.93% 97.96% 90.63% 100% 99.62% 98.69%

1000 90.17% 83.20% 52.47%

1/
4th

 P

300 24.53% 1.46% 14.96% 12.46% 50.70% 31.86% 11.96% 65.49%

700 97.42% 69.23% 35.27% 26.26% 22.71% 14.37%

1000 18.09% 85.63% 89.99%

2.4.2 Effect of packing
Figure 2.25a shows an example of the comparison of the distribution in 
ΔrF between the packed RPB (black) with the unpacked RPB (red); the 
mean value of ΔrF for the packed situation is 4.82% smaller than the 
unpacked situation. For different operating conditions the difference in 
mean ΔrF can be found in Table 2.2. For practically all operating conditions 
the change in the liquid layer thickness is negative, indicating that the 
values for ΔrF are lower when packing is present. This can be explained 
by looking at Figure 2.26, which shows the comparison between an 
unpacked (a) and a packed (b) RPB at a rotational speed of 700 RPM and 
a liquid flow of 700 L h-1. Only the top part of the liquid layer is visible 
in the image of the packed RPB, due to the presence of packing, while 
in the image of the unpacked RPB the liquid layer over the whole width 
of the bed is visible, which introduces a positive bias in the automatic 
determination of ΔrF for the unpacked RPB. The top part of the liquid 
layer has the lowest liquid layer thickness (due to gravity) and therefore 
the visible part, which is the top part, will always be thinner than that 
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for the unpacked bed (where the entire width of the RPB is visible). Some 
outliers are present in Table 2.2, but they occur due to the bias at small 
ΔrF as discussed in the previous paragraph.

Figure 2.25b shows an example of the comparison of the distribution in 
ΔrF between the packed RPB with no induced maldistribution (black) and 
the packed RPB with an induced maldistribution of a non-partitioned 
quarter of the ring (red, Figure 2.8c). The redistribution efficiency was 
again calculated based on Equation (2.6), and the results can be found in 
Table 2.3. The values for the rotational speeds of 1100 and 1200 RPM in 
combination with the flow of 300 L h-1 are distorted by scattering of data, 
similar to Figure 2.24. The remaining redistribution efficiencies are all 
high (75% - 97%), indicating that the presence of packing does not inhibit 
the function of the redistribution rings and thus the found correlations 
hold for both the unpacked and the packed RPB’s.

Figure 2.25: Distribution graph and comparison of the ΔrF for (a) an unpacked and packed 
RPB without an induced maldistribution and (b) for a packed bed without and with an 
induced maldistribution of an non-partitioned quarter of the redistribution ring  at 700 L 
h-1 and 1100 RPM.

Table 2.2: Change in ΔrF between unpacked and packed RPB at different operating 
conditions. 

Rotational speed [RPM]
500 600 700 800 900 1000 1100 1200

θ L
 [L

 h
-1
] 300 -3.01% -0.46% -8.77% -5.21% -27.13% -16.74% -29.80% -18.76%

700 -21.30% -7.58% -11.39% -9.82% -4.82% -4.25%

1000 -20.78% -7.07% 2.11%
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Figure 2.26: Comparison of the liquid layer thickness without (a) and with (a) packing 
present at 700 L h-1 and 700 RPM

Table 2.3: Overview of the redistribution efficiency of a non-partitioned quarter of the 
redistribution ring at different operating conditions.

Rotational speed [RPM]
500 600 700 800 900 1000 1100 1200

θ L
 [L

 h
-1
] 300 92.76% 87.14% 77.41% 80.54% 77.41% 79.95% 6.51% -26.76%

700 86.81% 90.95% 84.37% 83.06% 94.62% 88.71%

1000 90.76% 95.85% 97.23%

2.5 Conclusions
A novel design rotating packed bed is presented, aiming at mitigation 
of liquid maldistribution commonly encountered in RPBs. The design 
consists of several concentric, perforated rings placed in the packing, 
which act as liquid redistribution rings. The effectiveness of these 
redistribution rings in an RPB was experimentally established based on 
the angular and axial distribution of liquid against the redistribution 
rings. Visual analysis of the thickness of the liquid layer on the inside 
of the redistribution ring was performed. The distribution of the liquid 
layer thickness is a measure for the local liquid flowrate, and thus for the 
uniformity of the liquid flow. 

A design equation for the liquid film thickness, based on a simplified 
flow field, was developed. A good fit (deviations smaller than 10% up 
to a ΔrF of 10 mm) between the experimental data and the predicted 
values was found, making the design equation a useful tool for designing 
redistribution rings for rotating packed beds. The angular variation in 
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ΔrF that occurs is mainly caused by the buildup of liquid towards an 
obstruction in the angular direction, i.e. a bolt, and only partially due to 
actual variations in the liquid layer. Equation (2.3) can therefore be used 
in the design of RPBs with larger diameters. Note that the scale-up in 
the axial direction is limited by the axial variation in ΔrF, which can be 
estimated by Equations (2.3) and (2.5).

Experiments with induced liquid maldistributions were performed to 
confirm that the redistribution rings work as intended. The results show 
that the redistribution rings are capable of largely mitigating induced 
maldistributions up to 1/4th of the ring, as long as the liquid can freely 
flow around the redistribution ring. Due to the design in the current 
prototype, partitioning of the liquid in the RPB in angular direction 
can occur, which should clearly be avoided in future designs. Further, 
it was experimentally established that the presence of packing does not 
significantly influence the liquid layer or the redistribution effect.

Therefore, the proposed redistribution rings for RPBs result in a more 
uniform wetting of the bed, enable a more effective use of the entire 
volume of the packing, and allow for stacking of RPB rotor units. The 
presented correlations enable an effective design and scale-up of rotating 
packed beds.
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Chapter 3 – Mass transfer in the 
redistributor

The mass transfer characterization of a novel design rotating liquid 
redistributor is presented, where the redistributor has three concentric, 
perforated rings which act as liquid redistribution rings. Oxygen stripping 
from water is used to obtain values for the overall mass transfer coefficient 
of the redistributor. It was found that the main contribution to the overall 
mass transfer is the impingement of droplets on the redistribution rings, 
while the mass transfer of suspended droplets in the gas phase was 
almost negligible. Furthermore, it was shown that the experimentally 
determined contribution to mass transfer of the droplet impingement 
correlated strongly to the mean momentum flux of the droplets. Lastly, 
the energy dissipation rate was compared to a rotating zig-zag bed, where 
at lower liquid flow rates and rotational speed the energy dissipation 
rate in the redistributor was lower, while at higher liquid flow rates and 
rotational speeds it was lower in the rotating zig-zag bed.
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3.1 Introduction
Many gas-liquid processes are limited by mass transfer between the gas 
and liquid phases. As such, traditional packed beds are typically rather 
large in order to allow for sufficient time and space for the gas and liquid 
to interact [1]. Although space is often not a constraint for large plants, 
it potentially is for smaller productions sites, such as FPSO’s (floating 
production storage and offloading) [2]. Furthermore, when dangerous or 
hazardous chemicals are being used, it is often important to limit the 
total reactor volume as much as possible. Finally, a smaller reactor could 
also decrease the CAPEX costs. A relatively mature technique that limits 
the size of packed beds, albeit at the cost of increased power consumption, 
is the rotating packed bed (RPB) [3], [4], [13], [5]–[12]. The centrifugal 
acceleration originating from the rotating bed replaces gravity as the 
driving force for the liquid flow, which makes it possible to decrease the 
reactor volume by up to a factor 3 [14]. At the same time, the increased 
force ensures a better gas-liquid mass transfer[11], [15], [16].

One disadvantage of RPBs is the inherent angular (and radial) liquid 
maldistribution, due to the increased cross-sectional area at larger radii. 
It has been shown repeatedly that the fluid tends to follow through 
preferential paths, effectively reducing the efficiency of the RPB and 
lowering the overall mass transfer performance [4], [8], [13], [17]. To 
overcome this problem, multiple solutions have been proposed, mainly 
by improving the packing [18]–[25] but also by introducing intermediate 
stages in the bed [26]–[28]. In Chapter 2 a novel rotating packed bed 
that uses redistribution rings in the bed to overcome the inherent 
maldistribution occurring at larger radii is described [27]. The visual 
study showed that the redistribution rings behave as intended by 
redistributing the liquid over the rings. Is has been demonstrated that 
the liquid is effectively redistributed both axially and angularly, with 
mitigations of 90% and 70% for induced maldistributions of 3x 1/16th and 
1/4th of the RPB respectively.

In the current chapter, a three stage RPB with redistribution rings is 
presented, based on the visually accessible prototype presented in [27]. 
In each stage, liquid is fed from the central axis, forms a liquid film on 
each distribution ring and is ejected as jets or droplets from the orifices in 
the rings, see Figure 3.1, to the next stage. The gas is fed to the liquid in 
counter-current mode on equipment scale, although the local gas-liquid 
contact is in crossflow mode. The direction of rotation will ensure that 
gas is forced towards the center of the bed. A three-stage RPB is formed 
by stacking three rotors on top of each other. Liquid from the upper disc 
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will flow down the casing and, with the aid of baffles on the partition disc, 
collect in the middle to flow to the disc directly below. Gas follows the 
same route, but vice versa (from the bottom to the top). Figure 3.2 shows 
the gas and liquid streams through the reactor schematically.

This work presents the gas-liquid mass transfer characteristics for a 
three-stage RPB with redistribution rings, obtained by stripping of 
oxygen from water. Typically, in normal gas-liquid contactors a packing is 
used to increase the gas-liquid interface. However, because in the current 
work a significant interfacial area is created by the redistribution rings, 
the performance was evaluated without packing present. 

Figure 3.1: Schematic overview of the liquid and gas flows through a rotor from a top-
down perspective.
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Figure 3.2: Schematic overview of the liquid (white arrows) and gas flows (red arrows) 
through the reactor from a side view.

3.2 Theory
The performance of gas-liquid reactors is characterized by the volumetric 
gas-liquid mass transfer coefficient, kGLaGL. This is the product of the gas-
liquid mass transfer coefficient (kGL), which is a diffusion rate constant 
that relates the mass transfer rate by a concentration driving force 
through an interfacial area, and aGL, which is the gas-liquid interfacial 
area per unit reactor volume.

3.2.1 Experimental mass transfer coefficient
Experimental values of kGLaGL can be obtained from the counter-current 
stripping of oxygen from water using a nitrogen flow. Although locally 
the gas and liquid are in crossflow (see Figure 3.1), overall, they are in 
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counter-current contact with each other. Furthermore, it is assumed that 
kGLaGL is constant throughout the bed. Although different mass transfer 
zones are expected to exist, see the section Mass transfer model, this 
assumption yields an average mass transfer performance of the reactor. 
Lastly, steady state operation is assumed. With these assumptions, 
kGLaGL can be obtained from the measured outlet concentration of oxygen 
by Equation (3.1), the derivation of which is given in Appendix B:
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Where θL is the liquid flow, θG the gas flow, ro and ri the outer and inner 
radii of the bed respectively, h the height of the bed, HCC the Henry 
solubility of oxygen, CL,in the oxygen concentration in the incoming liquid 
stream, and CL,out the oxygen concentration in the outgoing liquid stream.

3.2.2 Mass transfer model
In order to understand the observed experimental trends and quantify 
the different contributions to mass transfer in the current reactor, a semi-
empirical model is presented. The RPB with redistribution rings used in 
the current work does not incorporate packing. Therefore, the two main 
contributors to the gas-liquid interfacial area are the droplets, created 
after each redistribution ring by ejection of liquid through numerous 
small orifices, and the impingement of those droplets on the next ring.

For the current conditions the jet Weber number is relatively small, see 
Equation (3.2). Moreover, the Bond number, with gravity replaced by the 
centrifugal acceleration, is low as well, see Equation (3.3). It is therefore 
safe to assume that the liquid flow through the orifices is in the dripping 
regime, where equally sized droplets are formed at a constant frequency 
[29].
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Estimation of the volumetric mass transfer coefficient between droplets 
and gas phase (kGLaGL)p requires the droplets size (dp), the average number 
of droplets in the reactor (np) which yields the total gas-liquid interfacial 
area) and (kGL)p for droplets dispersed in a gas phase. dp can be estimated 
from a force balance on a single droplet, formed at a radius R of each 
redistribution ring, at the moment of detachment, see Equation (3.4):

�F m a F F F F m ap z C S P D p z� � � � � � � 0 (3.4) 

Where F are the different forces acting on the droplet with at least a 
component in the radial direction z, mp= ρL π/6 dp

3 is the mass of the droplet 
and az the acceleration of the droplet at the moment of detachment. In the 
current analysis, detaching forces act in the positive z-direction, while 
attaching forces act in the negative z-direction.

FC is the centrifugal force, which acts in the positive z-direction (in a 
rotating reference frame) and is given Equation (3.5). FS is the surface 
tension force, which is an attaching force, given by Equation (3.6). FP 
is the pressure force, which acts in the positive z-direction and reduces 
the effect of FS. FP comprises of two components. The first is attributed 
to the difference in pressure between the droplet at the orifice and the 
surrounding gas phase (i.e. Laplace pressure), the second is attributed to 
the contact pressure at the orifice [30]. FP is therefore given by Equation 
(3.7). FD is the drag force, caused by the rotating motion of the droplet 
attached to the redistribution ring, relative to the surrounding gas phase. 
Although this force acts in the tangential direction (i.e. perpendicular to 
the z-direction), its effect is detaching. Hence, as a worst-case scenario, it 
is considered to act completely in the positive z-direction. It is obtained 
from Equation (3.8).
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Where ρL is the liquid density, ρG the gas phase density, ω the rotational 
speed, ro the orifice radius, σ the water-air surface tension and Θ the 
three-phase contact angle. Since the droplet emerging from the orifice 
is likely to form a neck, Θ ≈ 90°. Furthermore, CD is the drag coefficient 
which is estimated with the Schiller-Naumann correlation [31], Equation 
(3.9), which is valid when Equation (3.10) is true:
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Where νG is the kinematic viscosity of the gas phase. The value of az 
is estimated from the velocity the center of mass of the droplets has to 
obtain in the timespan of droplet formation, hence Equation (3.11):
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Where fp,d is the frequency in which droplets are formed and dp/2 is the 
distance the center of mass of the droplets travels with this frequency. It 
should be noted that the inertia force originating from the displacement 
of air when a droplet is formed is neglected, since ρG << ρL.

Simultaneous solution of Equations (3.4) to (3.11), results in the droplet 
diameter dp. The average number of droplets at any given time in the 
reactor is then given by Equation (3.12).
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Where τp is the average contact time of the liquid droplets with the gas 
phase (i.e. the residence time of a particle from detachment until collision 
with the liquid film on the next redistribution ring) and Vp the volume 
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of a droplet. The value of τp can be estimated from the approximate 
length a droplet travels through the gas phase and its initial velocity 
at detachment. At detachment, the droplet has momentum in both 
the rotational and tangential direction of the ring it was attached to. 
Neglecting gas phase drag and gravity, it will travel in a straight line of 
distance Lpath until it hits the next ring, hence Equation (3.13):
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It should be noted that this estimation of τp does not include the effect 
of mutually hindering droplets. However, since the diameter of a hole is 
0.57 mm and the distance between holes is 1.09 mm it can be envisioned 
that liquid flowing from a hole does not interact with liquid flowing from 
a different hole. Furthermore, calculation of the theoretical maximum 
liquid hold-up when every hole forms a jet flowing from redistribution 
ring to redistribution ring yields a value below 1.5 V%, indicating that 
this estimation of τp is valid for this work. 

Lpath follows from the radii of the ring from which the droplet emerges 
(rn), the ring on which it collides (rn+1), and the angle at which the droplet 
detaches from the ring (α) as can be seen in Figure (3.3). The value of 
α is calculated based on the radial velocity (vL,rad, Equation (3.14)) and 
the tangential velocity vL,tang, Equation (3.15)), while the values of β and 
Lpath can be calculated with the sine rule as done in Equation (3.16). A 
more detailed explanation of this calculation can be found in Appendix 
C. Furthermore, the droplet velocity (vp) is also calculated based on those 
velocities, see Equation 3.17.
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Figure 3.3: Schematic overview of the path a droplet follows from departure from ring n to 
arrival at ring n+1 via path Lpath.

To be able to determine the Reynolds number for the droplet flying 
through the gas phase, it is important to calculate the slip velocity of the 
droplet compared to the gas phase (vslip). The size and direction of vslip 
depend on the location of the droplet along the radius of the rotor (rz). 
Gas flows through the rotor at a speed of vgas,flow = θG AG

-1, with AG the area 
in the rotor through which the gas flows. Furthermore, due to friction at 
the rotor, the gas obtains a speed of approximately vgas,rotor ≈ ω rz. Both 
these speeds are in opposing tangential direction compared to the rotor, 
which gives an overall speed of the gas medium of vgas = vgas,rotor - vgas,flow. 
The velocity of the droplet (vp) can be described by the radial part of the 
velocity (vp,rad = cos(δ) vp) and the tangential part of the velocity (vp,tang = 
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sin(δ) vp), where δ = sin-1(sin(α) rN rz
-1) is the angle between rz and Lpath. The 

tangential slip velocity (vslip,tang) is then given by the difference between 
vgas,tang and vp,tang, while the net radial velocity is equal to the droplet radial 
velocity as the gas medium doesn’t have a radial component. Calculating 
the slip velocity is now possible: vslip = (vp,rad

2 + vslip,tang
2)1/2. An overview of 

the important parameters is given in Figure (3.4).

Figure 3.4: Overview of some of the important velocities used during the calculation of vslip.

The gas-liquid interfacial area (aGL)p can be calculated using the average 
number of particles as done in Equation (3.18).
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Where AGL is the total gas-liquid interfacial area and VR the total reactor 
volume. 

Based on the two-film theory, kGL is defined as in Equation (3.19):
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Where kL is the liquid-side mass transfer coefficient, kG the gas-side mass 
transfer and H the Henry coefficient. Since for oxygen in water H ≈ 0.025 
[32], and kG ~ 100 × kL, the gas-side mass transfer resistance is usually 
negligible. Hence, kGL ≈ kL.
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Table 3.1: Overview of a number of important parameters and their values.

Parameter Value Unit
fp,d 10 - 200 droplets per second per orifice
vp 2 - 10 m s-1

vslip 0.1 - 3 m s-1

Red (vslip dp vL
-1) 100 - 2500 -

Wed (vslip
2 ρG dp σL

-1) 1∙10-4 - 1∙10-1 -

A number of important parameters and their values are tabulated in 
Table 3.1. Based on these values the usage of the empirical formula 
for recirculating droplets as given by Skelland et al. can be used to 
calculate kGL, see Equation (3.20) [33], [34]. Where Tm ≡ 4 D τ dp

-2 is the 
dimensionless time group, Scd ≡ vL D-1 the Schmidt number, Wed ≡ vslip

2 ρG 
dp σL

-1 the Weber number, and ShL the Sherwood number.
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Equations (3.4) - (3.20) together are used to model (kGLaGL)p, while the 
contribution of the impingement of droplets on the next ring can be 
calculated based on mass transfer measurements of falling droplets on a 
stagnant free surface [35], [36]. The volumetric mass transfer coefficient 
for the rings, (kGLaGL)r, can be estimated based on the gas-liquid interfacial 
area at the ring (aGL)r and the mass transfer coefficient at the ring (kGL)r. 
The value for (aGL)r is derived from the area of a ring, see Equation (3.21).
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The value of (kGL)r is estimated as a function of the mean vertical 
momentum flux of the droplets impinging on the surface (Equation (3.22)).
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Where fp,r is the frequency of droplet impacts per unit area and v┴ is the 
vertical component of the droplet impact velocity, fp,r is calculated with 
Equation (3.23). While for the current work, where droplets impact the 
subsequent redistribution ring under an angle β (see also Figure 3.3), v┴ 
can be calculated using Equation (3.24).
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Subsequently, (kGL)r is calculated using Equation (3.25).
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It should be noted, however, that there is a high degree of uncertainty 
applying this empirical correlation. The hydrodynamic system on which 
Equation (3.25) is based, is a deep pool of stagnant liquid, while in the 
current system, the droplets impinge on an extremely thin, possibly 
even discontinuous, liquid film. Furthermore, the range of MF for which 
Equation (3.25) is obtained, is up to MF ≈ 1 kg m-1 s-2. In the current work, 
however, due to the very high frequency of droplet collisions (fp,r), MF = 
5 - 50 kg m-1 s-2. Even in the range MF < 0.01, the theoretically derived 
prediction of kL is a factor 10 lower compared to the experimentally 
obtained values [35], which is not fully understood. This indicates that, 
at best, an order of magnitude prediction of (kGLaGL)r can be expected.

3.2.3 Comparison with conventional RPBs
In order to compare the performance of the current reactor with available 
RPBs, the split packing RPB appears to be most similar to our current 
configuration. Therefore, the correlation as described by Chen et al. is 
used [18] to estimate kGLaGL, see Equation (3.26). Although this empirical 
correlation is developed for a single block RPB, it is found to be also valid 
for split packing RPBs [7], [37].
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Where Vi is the volume inside the inner radius of the bed, Vo the volume 
between the outside of the bed and the stationary housing, Vt the total 
volume of the RPB, dsp the spherical equivalent diameter of the packing 
(6(1-ε)/atΨ), D the diffusion coefficient, at the surface area of the packing, 
ap΄ the surface area of a 2-mm diameter bead per unit volume of the bead, 
μ the viscosity of the liquid, ρ the density of the liquid, σc the critical 
surface tension of the liquid, and σw the surface tension of water at 25°C.

Since there is no packing present in the reactor used for this paper, 
the calculation of the mass transfer coefficient and the comparison to 
literature are only possible with some assumptions. First, the inner 
and outer radius of the packing, as used in Equation (3.1), are set at 
the radii of the inner and outer redistribution rings respectively. This 
is the effective radius of the bed if packing would be present. Secondly, 
although no packing is present, it is assumed for Equation (3.26) that a 
ceramic Raschig ring packing is present with a porosity of 0.573 ms

3 mf
-3, 

an interfacial area of 789 m2 mf
-3 and a critical surface tension of 0.055 

kg s-2, these values are taken directly from the work of Chen et al. [18].

3.2.4 Energy dissipation rate
Apart from the mass transfer performance, the energy dissipation rate 
is an important parameter when comparing rotating packed beds. RPBs 
should use their energy as efficiently as possible to make them competitive 
with packed columns for processes where space is not a design criterium. 
For a simple rotating packed bed, Singh et al. present a simple formula 
[38], which was improved on by Agarwal et al. [37]. The latter of which 
is valid for a RPB with split packing, which comes closest to the current 
work and is therefore used to model the energy dissipation rate, see 
Equation (3.27).
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Where ri is the radius of the inside of the rotor, r3 the radius of the outer 
redistribution ring, s the number of packing splits, Δ the distance between 
two redistribution rings, and l the radial distance travelled by the liquid 
into the packing ring to attain its angular velocity (set at 1 mm, which is 
the thickness of a redistribution ring).
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3.3 Experimental
The gas-liquid mass transfer experiments are performed by stripping 
oxygen from air-saturated water with nitrogen. A schematic overview 
of the setup can be found in Figure 3.5. Water is fed, using a pump 
(Powerplus POW67900, ±20 L h-1), from a storage vessel (1000 L) to the 
top of the reactor. The flow is adjusted with an automatic ball valve based 
on measurements of a coriolis flow meter (Rheonik RHE08). The water is 
aerated by bubbling air through the storage vessel. Nitrogen is fed to the 
bottom of the reactor; the ingoing gas flow is controlled with a mass flow 
controller (Bronkhorst EL-FLOW Select F-201 AV) and the outgoing gas 
flow is measured by a mass flow meter (Bronkhorst IN-FLOW CTA T13). 
Rotation of the reactor is driven by a motor (SEW CMPZ71L) controlled 
by a regulator (SEW MDX61B0075). The pressure inside the reactor 
is regulated with a back-pressure regulator (Equilibar GSD6) on the 
outgoing gas line. The temperatures of the in- and outgoing gas and liquid 
flows, as well as the temperatures between the stages is measured with 
thermocouples (TC Direct PT-100). Pressures of the in- and outgoing gas 
as well as the pressure between the stages are measured by piezoresistive 
pressure transmitter (Keller PAA-21Y 6 bar ±1.5% full scale). Finally, 
the oxygen concentrations of in- and outgoing liquid flows are measured 
by oxygen probes (Mettler Toledo InPro6860i ±(1% + 8 ppb) and Mettler 
Toledo InPro6790i ±(1% + 2 ppb) respectively).

Figure 3.5: Schematic overview of the setup used in this work.
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The dimensions of the rotor are given in Figure 3.6; note that the image 
is top-down and not to scale. The height of a stage is 30 mm. Liquid flows 
in from the top and enters the disc in the middle where it is distributed 
by the liquid distributor due to the rotational acceleration. Thereafter, 
the liquid hits the first redistribution ring and is distributed axially and 
angularly. This happens twice more at the second and third redistribution 
rings. Finally, the liquid leaves the rotating disc and is collected on the 
inside of the, stationary, reactor casing where it falls downwards and 
flows to the center. Gas flows in from the bottom and enters the disc 
through one of the two gas entrances in the disc and flows angularly, in 
cross-flow with the liquid, through the disc, also moving stepwise towards 
the center. It exits the disc in the center upwards to the next disc.

Figure 3.6: Schematic overview including dimensions of one rotor.

Liquid flows between 0 and 1000 kg h-1 are used with gas flows between 
0 and 0.5 Nm³ h-1. The back-pressure regulator is set at 1 bar for all 
experiments. Experiments are performed with rotational speeds between 
0 and 1200 RPM. Typical oxygen concentrations for the ingoing liquid 
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flow lie in the range 7-9 ppm, while for the outgoing liquid flow they 
range between 10 ppb – 2 ppm. The latter being heavily dependent on 
liquid flow rate and rotational speeds.

Steady state for each operation condition is determined by a constant 
outlet concentration (variation < 1%) and is typically reached after 
10-120 minutes for a rotational speed of 1200-400 RPM respectively. 
Average values for the operating conditions (rotational speed, liquid 
flow and gas flow) as well as the results (oxygen concentrations, motor 
power, pressures and temperatures) in steady-state are used to obtain 
the values for the overall mass transfer coefficient, energy input and 
stripping efficiency. Experiments where the oxygen concentration of the 
outgoing liquid stream was below 10 PPB fall in the uncertainty regime 
of the oxygen probe and they are therefore not included in the results.

The energy dissipation from the motor into the liquid can be calculated 
with the rotational speed and the torque used by the motor. The motor 
has a maximum allowable torque (τmax) of 21 Nm, resulting in Equation 
(3.28), where P is the energy dissipation in W, η the motor efficiency in 
%, ω the rotational speed in rad/s, and P0 the power required when there 
is no liquid flow.

P Pmax� �
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3.4 Results and discussion
3.4.1 Influence of gas flow
In order to characterize the liquid-side mass transfer in the reactor, the 
mass transfer process should not be influenced by the gas side mass 
transfer resistance. For rotational speed of 300 to 1200 RPM the influence 
of the gas flow on kGLaGL has been studied, all experiments showing similar 
results. An example of the influence of the gas flow rate is shown in Figure 
3.7, which shows kGLaGL as function of gas flow at 500 RPM for different 
liquid flows. At low gas flows (θG ≤ 0.15 Nm3 h-1), kGLaGL increases with 
increasing gas flow, while at gas flows of 0.4 Nm3 h-1 and higher, kGLaGL 
is almost constant with increasing gas flow. This indicates that operation 
at θG > 0.4 Nm3 h-1 results in a negligible gas side resistance and thus it 
can be assumed that only kL determines the overall kGLaGL. Estimation 
of kGaGL based on a mass transfer correlation for flow perpendicular to a 
cylinder, shows that kGaGL ranges from 1 - 1.5 s-1 to 3 - 3.5 s-1 for gas flows 
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of 0.05 and 0.50 Nm3 h-1 respectively; a detailed calculation can be found 
in Appendix D. With the experimentally determined values of kGLaGL of 
0.05 - 0.3 s-1, it is clear that at low gas flow rates, kG potentially influences 
the overall mass transfer. Hence, to ensure accurate determination 
of the liquid side mass transfer coefficient, all further mass transfer 
measurements are performed at θG ≥ 0.4 Nm3 h-1.

Figure 3.7: kGLaGL as function of gas flow at 500 RPM.

3.4.2 Mass transfer coefficient
Figure 3.8 shows kGLaGL as a function of liquid flow rate at different 
rotational speeds (with θG ≥ 0.4 Nm3 h-1), with experimental data as markers 
and the model for (kGLaGL)p + (kGLaGL)r as dashed lines. The experimental 
values of kGLaGL increase almost linearly with both increasing liquid flow 
and increasing rotational speed, up to kGLaGL = 0.34 s-1 at ω = 700 RPM and 
θL = 800 kg h-1. The model kGLaGL values are qualitatively in relatively good 
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agreement with the experimental values, but quantitatively they differ 
from the experimental values. At rotational speeds of 300 and 400 RPM 
the model predicts slightly higher (5 – 25%) values for kGLaGL, at 500 RPM 
the model overpredicts the values at θL < 800 kg h-1 and underpredicts 
them at θL > 800 kg h-1, and finally at 700 RPM the model underpredicts 
the experimental values consequently (10 - 30%). The qualitative 
agreement suggests the model can be used to gain understanding in the 
observed trends.

Figure 3.9 shows the contribution of (kGLaGL)p and (kGLaGL)r as function of 
liquid flow rate at different rotational speeds, the models are obtained 
from Equations (3.4) - (3.20) and Equations (3.21) - (3.25) respectively. 
It is immediately clear that the models predict almost no contribution to 
kGLaGL based on droplets flying through the reactor (solid lines). This is 
most likely an effect of the combination of a very low suspended residence 
time in the reactor (in the order of 1∙10-2 s) and low values of (kGL)p 
(between 1∙10-4 and 5∙10-4 m s-1) . The value of (kGLaGL)r (dashed line) on 
the other hand has a much larger contribution. The fit between modelled 
and experimental data is very similar to that seen in Figure 3.8a, as 
the contribution of (kGLaGL)p is negligible. It can therefore be concluded, 
based on the modelled data, that the main contribution to mass transfer 
in this reactor is the impingement of droplets on the next ring, while the 
contribution of droplets in flight is negligible.

As the major contribution to kGLaGL is (kGLaGL)r, where (kGL)r is based 
on MF, the fitting between the experimental and modelled data could 
be improved by finding the correlation between MF and (kGL)r for this 
reactor. Calculated values for MF for this reactor fall outside the range 
of Equation (3.25), therefore the experimental value of (kGL)r, which is 
obtained from [kGLaGL - (kGLaGL)p] (aGL)r

-1, is plotted as a function of MF, see 
Figure 3.10. There appears to be a strong correlation between (kGL)r and 
MF, described by the empirical formula (kGL)r = 7.09∙10-5 MF1.19. Although 
this strongly differs from Equation (3.25), it does indicate that correlating 
the contribution to mass transfer on the redistribution rings to the mean 
momentum flux of the droplets is sensible.
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Figure 3.8: kGLaGL as function of liquid flow at different rotational speeds with experimental 
data as markers and the model based on both (kGLaGL)p and (kGLaGL)r as dotted lines. 
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Figure 3.9: kGLaGL as function of liquid flow at different rotational speeds with experimental 
data as markers and models based on (kGLaGL)p (solid line) as calculated with Equations 
(3.4) - (3.20) and (kGLaGL)r (dashed line) as calculated with Equations (3.21) - (3.25).
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Figure 3.10: Comparison of the calculated value of (kGL)r to MF including the fitted slope.

Figure 3.11 shows the comparison between the experimentally obtained 
values of kGLaGL and values estimated for an equally sized RPB (Equation 
(3.26)) equipped with Raschig rings. In the current reactor without 
packing, the mass transfer performance is approximately half of what 
would be obtained in an RPB with a standard packing. At higher values 
of kGLaGL (e.g. > 0.2 s-1) the relative difference between the current unit 
and the RPB values becomes smaller, which indicates that the current 
reactor performs better at higher rotational speeds and liquid flows 
compared to an RPB. The effect of liquid flow rate and rotational speed 
on kGLaGL in the current reactor is similar to what is observed in an RPB. 
Since, the mass transfer mechanism in packings in a split-packing RPB 
is also based on droplet formation and impingement, it is reasonable 
that the results are qualitatively comparable. The main difference is 
that in this reactor there are three rings at which droplet formation and 
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impingement occurs, while in a high porosity packing the frequency of 
impingement is higher. This likely explains the higher absolute values 
of kGLaGL estimated for the RPB. Nevertheless, the results show that the 
incorporation of redistribution rings already leads to relatively efficient 
mass transfer, even without packing.

Figure 3.11: Comparison of the experimentally determined kGLaGL and the calculated 
kGLaGL according to Equation (3.26).

3.4.3 Energy dissipation
In Figure 3.12 the overall energy dissipation rate is plotted as a function 
of the liquid flow rate with markers, compared to calculated data for a 
split-packing RPB based on the equation of Agarwal et al. [37] (Equation 
(3.27)), plotted with dashed lines. With increasing rotational speed 
and liquid flow rate, the energy dissipation rate increases. Both the 
experimental values and the literature correlation for a split-packing RPB 



67Results and discussion

show a quadratic dependency on the liquid flow and a linear dependency 
on the rotational speed. Furthermore, there are distinct points where the 
energy dissipation rate suddenly increases more rapidly (i.e. at 500RPM 
from 650 to 675 kg h-1), which indicates some form of regime change. This 
observation could be caused by an increased friction due to liquid entering 
the narrow cavity between the casing and the rotor. The contribution of 
this effect can be estimated from correlations for rotor-stator spinning 
discs [39], where exactly this phenomenon occurs. The energy dissipation 
rate for a spinning disc is given by Equation (3.29), where G is the axial 
gap ratio (gap distance divided by the radius) and Reω is the rotational 
Reynolds number (ω r2 ν-1).
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� �
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. .

� (3.29) 

With the current setup the values for PSD at a rotational speed of 300 RPM 
is around 20 W per stage. For 400 RPM this value increases to around 
40 W per stage, for 500 RPM it is around 60 W per stage, and finally for 
700 RPM it is around 120 W per stage. This value is in the same order of 
magnitude as the found experimental values for the energy dissipation 
rate, showing that the friction due to liquid spreading between rotor and 
casing can have a tremendous impact on the energy demand. In future 
designs, the presence of such narrow cavities should therefore be avoided.

The energy dissipation in the current setup is comparable to the data 
calculated for a split-packing RPB for relatively low liquid flow rates and 
low rotational speeds (up to rotational speeds of 500 RPM and a liquid 
flow rate of 700 kg h-1). At higher liquid flow rates and rotational speeds, 
the experimental data is up to a factor 2 higher than the values predicted 
for the split-packing RPB. This is most likely explained by flooding of the 
narrow cavity between the rotor and the casing, as is explained above.
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Figure 3.12: Energy dissipation per stage as function of liquid flow at different rotational 
speeds (markers) compared to calculated values as found with Equation (3.27) (dotted 
lines).

Most crucial for optimal operation of the reactor is the mass transfer 
performance as a function of the energy input since this balances the 
size reduction of an RPB with its energy increase. Figure 3.13 shows 
the kGLaGL as function of power input (energy dissipation rate divided 
by the liquid flow rate), where the improvement of kGLaGL with increased 
power input is immediately visible. The value for kGLaGL rapidly increases 
for an energy input value between 0 and 300 W/kg, whereas at energy 
input values above 300 W/kg the change in kGLaGL is relatively small. 
When comparing the relative increase for an energy input value from 50 
to 250 W kg-1 (500% increase), the corresponding values for kGLaGL also 
increase by 500% (from 0.05 to 0.25 s-1), whereas for energy input values 
between 300 and 900 W kg-1 (300% increase) the difference in kGLaGL is 
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only 16% (0.30 to 0.35 s-1). Based on the figure, it is possible to establish 
the most energy-efficient operation of the reactor (corresponding to a 
rotational speed of around 500 RPM). Care should be taken however, as 
this does not necessarily correspond to the most economical operation of 
the reactor, which is determined by balancing the cost of the size of the 
reactor (capex) with the costs of the energy (opex). Note that the opex of 
this reactor can be reduced by removing the small gap between rotor and 
static housing as mentioned before.

Besides the experimental data, the literature values from the correlations 
of Chen et al. and Agarwal et al. (Equation (3.26) and Equation (3.27) 
respectively) are plotted with dashed lines. For 300 to 500 RPM the 
experimental values and literature values show a qualitatively good 
agreement up to a kGLaGL value of 0.25 s-1, whereas the values for 700 
RPM are not in agreement at all. The flattening of the curve found for 
the experimental values is not predicted by the calculations. When 
comparing these results to those found in Figures 3.8 and 3.12, it seems 
that this disagreement between experiments and calculations is largely 
based on the difference in energy dissipation rate (Figure 3.12), at higher 
rotational speeds and liquid flows the difference between experimental 
and calculated values increase almost exponential.
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Figure 3.13: kGLaGL as a function of the energy input at different rotational speeds (markers) 
compared to the literature values obtained from Equations (3.26) and (3.27) (dotted lines).

3.5 Conclusion
The mass transfer characteristics of a novel rotating reactor, fitted with 
redistribution rings within the rotors, were experimentally determined 
and modelled. 

For liquid flow rates from 300 to 1000 kg/h and rotational speeds of 300, 
400, 500 and 700 RPM it was found that the value for kGLaGL increased 
linearly with both increasing liquid flow rate and increasing rotational 
speed with values ranging between 0.05 and 0.35 s-1. It was found that for 
gas flow rates of 0.40 Nm3/h and higher the value for kGLaGL was almost 
independent of gas flow, proving that the reactor works with negligible 
gas side resistances at those gas flows.
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The contribution to mass transfer due to suspended droplets in contact 
with the gas phase and their subsequent impingement was estimated. 
The contribution of the flying droplets from redistribution ring to 
redistribution ring was found to have an almost negligible effect on the 
overall mass transfer performance of the reactor, mainly due to very short 
residence times and relatively low friction between the liquid and gas 
phases. On the other hand, the predicted mass transfer coefficient due to 
the impingement of droplets on the next ring was in fair agreement with 
the experimental data, considering the large uncertainty in applicability 
of the employed correlation. Therefore, it is concluded that the model that 
combines the contribution of (kGLaGL)p and (kGLaGL)r qualitatively describes 
the experimental data relatively well. In order to obtain a quantitative 
model, the contribution of (kGLaGL)r needs to be empirically determined. 
It was shown that the experimentally determined contribution to mass 
transfer of the droplet impingement correlated strongly to the mean 
momentum flux of the droplets. Although correlation of (kGLaGL)r with MF 
appears promising, more data is required to establish the generality of 
this correlation.

Comparison with literature values for split-packing RPBs show that, 
even without packing present, the reactor used in this works can achieve 
mass transfer performances of 50% to 75% of a single block RPB. This 
shows the profound effect the redistribution rings have on the overall 
mass transfer performance and suggests that the main contribution to 
mass transfer is the impingement of droplets.

The energy dissipation rate increases with both increasing liquid flow 
rate and increasing rotational speed. Compared to a model for a split 
packing RPB the energy dissipation rate is lower than expected for 
liquid flow rates below 900 kg h-1 for 400 RPM and 700 kg h-1 for 500 
RPM. Experimentally obtained energy dissipation rates at 700 RPM 
are all higher than the model suggests. The most logical explanation for 
the latter observation is extra friction created by a liquid layer between 
rotor and stationary housing, which can have a tremendous effect on the 
energy dissipation rate.

When comparing the value of kGLaGL to the energy input (the energy 
dissipation rate per liquid flow rate), there is a major increase in the 
value of kGLaGL at values below 0.25 s-1. Where an 500% increase in energy 
input (from 50 to 250 W kg-1) results in an increase of 500% in kGLaGL 
(0.05 to 0.25 s-1), while at higher values these values change to 16% (0.30 
to 0.35 s-1) and 300% (300 to 900 W kg-1) respectively. This indicates that 
energy efficient operation of the reactor does not necessarily occur at the 
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highest rotational speed. Furthermore, comparison to literature values 
of split-packing RPBs show a decent agreement at low values of kGLaGL (< 
0.25 s-1), but no agreement at higher values.

In conclusion, this chapter shows that a rotating reactor with incorporated 
redistribution rings already shows a relatively high mass transfer 
performance without packing. Application of such redistribution rings in 
RPB’s is therefore expected to increase the packing efficacy.
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Chapter 4 – The effect of packing

The gas-liquid mass transfer performance of a packed rotating liquid 
redistributor is experimentally determined. For the current operating 
conditions, addition of redistribution rings to a rotating random packing 
offered no improvement, most likely due to operation at very low liquid 
flow rates and small rotor radius. Compared to the configuration with 
only redistribution rings present, the addition of random packing slightly 
increased the mass transfer performance. The mass transfer performance 
of the packed rotation liquid redistributor is 25 – 50% lower than the 
estimated mass transfer for conventional RPB’s of an equal size, which is 
attributed to the absence of a liquid inlet nozzle. The absence of a liquid 
nozzle in the current reactor, however, facilitates the straightforward 
inclusion of multiple stages. This greatly enhances the scope for 
increasing residence time and hence, for the application of the rotating 
liquid distributor to reaction systems.
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4.1 Introduction
Process intensification, which according to Stankiewicz and Moulijn 
can be defined as ‘any chemical engineering development that leads to a 
substantially smaller, cleaner, safer, and more energy-efficient technology’ 
[1], is an important consideration in the design of many chemical 
processes and chemical reactors. An example of intensified equipment for 
mass transfer processes is the rotating packed bed reactor (RPB), which 
replaces gravity with centrifugal acceleration as driving force. In an RPB, 
liquid is fed to the inside of an annular shaped, rotating packing. The 
resulting centrifugal acceleration of the liquid enables high gas-liquid 
mass transfer rates, leading to decreased equipment size [2]–[5]. Since 
the original idea for the RPB was conceived in 1906 [6], a large amount of 
research has been dedicated to improving the mass transfer performance 
and efficacy of scaling up. One of the most challenging aspects to 
overcome when scaling up an RPB is the increasing cross-sectional area 
at increasing radii, which results in incomplete usage of the packing 
due to liquid path formation and dry spots [7]–[13]. When using a solid 
catalyst packing these dry spots have a profound impact on the overall 
reaction performance of the reactor. There have been multiple attempts 
at overcoming this efficiency decrease, mainly by either changing the 
direction of the liquid and/or gas flows or by changing the internal design 
of the RPB [14]. Examples of the first include RPBs with counter-current 
flow [15]–[18] and cross-current flow [19]–[21]. Alternative designs of 
the RPB generally include a means to enhance contacting of the fluids. 
For instance, the RPB with split packing incorporates two rotors (either 
rotating in the same direction or in opposite directions) in order to improve 
the gas slip velocity and therefore the gas-side mass transfer coefficient  
[22]–[28]. These reactors, however, are much more complex than the 
traditional single block RPB due to using two rotors instead of one, which 
makes stacking of multiple RPB units very challenging. Furthermore, due 
to the constant acceleration and deceleration of liquid (in the tangential 
direction), they have a rather high energy dissipation rate [29]. A 
second example of an alternate design is the rotating zigzag bed (RZB), 
originally patented by Kapitza [30] in 1952, which uses baffles attached 
alternately to the (stationary) casing and the rotor to force the liquid and 
gas flows to zigzag through the reactor [4], [10], [31]. Unfortunately, this 
type of reactor doesn’t easily allow the incorporation of packing, making 
it challenging to use in heterogeneous catalytic reactions. Furthermore, 
like the rotating split packing RPB the RZB has a rather high energy 
consumption rate [31]. A final example of an alternative RPB design is 
the blade packing RPB. It incorporates a concentric array of blade like 
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shafts on which flying droplets are impinging and split up  [32]–[34]. 
Its mass transfer performance is lower than that of conventional RPB’s, 
mainly due the limited surface area.

Based on these variations in RPB  concepts it can be concluded that 
the main limitation for efficient scale-up of the RPB, i.e. the incomplete 
usage of the packing/reactor volume, could be overcome if the liquid was 
better distributed over the available volume. Incorporation of liquid 
redistribution inside the packing at regular radial intervals therefore 
seems a promising solution. Using perforated liquid redistribution rings 
without installing packing it was shown that it is possible to redistribute 
the liquid efficiently, overcoming artificially induced maldistributions up 
to one quarter of the ring [35]. Figure 4.1 shows a schematic overview 
of these redistribution rings including the liquid and gas flows for this 
rotating liquid redistributor. Furthermore, its mass transfer performance 
was around half that of an RPB of similar size without packing present, 
showing promising results [36]. In order to accommodate heterogeneous 
catalytic reactions, the space between the redistribution rings can be 
filled with packing, either randomly packed or structured. This chapter 
presents the effect of the redistribution rings on the gas-liquid mass 
transfer performance of packing inside this novel reactor. To that end, a 
configuration of the reactor only filled with random packing is compared 
to a configuration with both random packing and redistribution rings.
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Figure 4.1: Overview of the liquid and gas flows inside the rotating liquid distributor.

4.1.1 Experimental mass transfer coefficient
The mass transfer performance of different reactor configurations is 
compared by using the volumetric gas-liquid mass transfer coefficient, 
kGLaGL, which is the combination of the gas-liquid mass transfer coefficient 
(kGL ) and the gas-liquid interfacial area per unit reactor volume (aGL). 
The experimental value of kGLaGL can be calculated using Equation (4.1) 
when the reactor is operated at steady state using nitrogen to strip oxygen 
from water using a counter-current flow. The reactor as described in this 
chapter locally exhibits cross-current gas-liquid flow, but overall, the gas 
and the liquid phases are in counter-current contact. Furthermore, it is 
assumed that kGLaGL is constant for the whole reactor volume and that 
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the whole rotor, from distributor to stationary casing, is used for mass 
transfer. This amounts to kGLaGL representing a reactor-average mass 
transfer rate.
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Where θL is the liquid flow, θG the gas flow, ro and ri the outer and inner 
radii of the bed respectively, h the height of the bed, HCC the Henry 
solubility of oxygen, CL,in the oxygen concentration in the incoming liquid 
stream, and CL,out the oxygen concentration in the outgoing liquid stream.

4.1.2 Comparison with conventional RPB’s
The comparison of the kGLaGL obtained in the rotating liquid distributor 
with that obtained in conventional RPBs is possible with Equation 4.2, 
presented by Chen et al. [37]. The equation describes the mass transfer 
performance for a single block RPB, but it is also valid for split packing 
RPBs [28], [29].
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Where Vi is the volume inside the inner radius of the bed, Vo the volume 
between the outside of the bed and the stationary housing, Vt the total 
volume of the RPB, dsp the spherical equivalent diameter of the packing 
(6(1-ε)/at Ψ), D the diffusion coefficient, at the surface area of the packing, 
a’p the surface area of a 2-mm diameter bead per unit volume of the bead, 
μ the viscosity of the liquid, ρ the density of the liquid, σc the critical 
surface tension of the liquid, and σw the surface tension of water at 25 °C.

4.2 Experimental
The reactor is fitted with two rotors that can be operated in three different 
configurations to enable the study of the relative contributions of each 
to the overall mass transfer coefficient: one where only redistribution 
rings are present (equal to the setup presented in [36]), one where only 
packing is present, and one where both redistribution rings and packing 
are present. Details, including dimensions, of the rotor can be found in 
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Figure 4.2, where the inner and outer limits of the packing volume are 
drawn by black striped lines and the redistribution rings are shown as 
grey uninterrupted lines. Note that the image is top-down and not to scale. 
The liquid enters the 30mm high rotor in the middle and is distributed 
over the rotor by the liquid distributor, which is a closed ring with half the 
height of the rotor that is fixed to the bottom of the rotor. The liquid builds 
up against this ring and is subsequently forced outwards approximately 
in the middle of the rotor due to the centrifugal forces and, depending 
on the configuration, encounters packing, redistributions rings or both. 
The liquid is eventually forced against the stationary reactor casing at 
which point it flows downwards due to gravity and is collected towards 
the center to repeat this pattern in the second rotor. The gas phase enters 
the rotor from the outside and flows through the rotor towards the center. 
When redistribution rings are present, it is forced to spiral inwards, 
creating cross-current flow, due to the design of the redistribution rings. 
Otherwise it flows counter-currently inwards. It leaves the rotor in the 
middle towards either the next rotor or the vent. 

Figure 4.2: Schematic, top-down, overview of the reactor including dimensions showing 
the casing (solid black outer circle), liquid distributor (solid black inner circle), removable 
redistribution rings (solid gray lines), and boundary area for packing (between the dashed 
black circles).
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The schematic overview of the counter-current setup can be found in 
Figure 4.3, showing the two rotors present in the reactor, with on the 
left side the gas flow and on the right side the liquid flow circuit. The 
distance between the top of the rotor and the stationary casing is around 
1 mm with a liquid seal in place, disallowing the gas from bypassing the 
rotor. Furthermore, the distance between the bottom of the rotor and the 
stationary casing is approximately 20 mm, enabling both gas and liquid 
to flow to their respective next stages. The nitrogen flow is controlled 
with a mass flow controller (Bronkhorst EL-FLOW Select F-201 AV) 
before it enters the reactor. The outgoing flow is controlled by a back-
pressure regulator (Equilibar GSD6) and measured by a mass flow meter 
(Bronkhorst IN-FLOW CTA T13) before being vented. The liquid is stored 
in an aerated tank (1000 L, bubbled with air) and pumped (Powerplus 
POW67900, ±20 L h-1) through an automatic ball valve controlled by 
measurement of a Coriolis flow meter (Rheonik RHE08). The oxygen 
concentrations of the in- and outgoing liquid flows are measured with 
oxygen probes (Mettler Toledo InPro6860i ±(1% + 8 ppb) and Mettler 
Toledo InPro6790i ±(1% + 2 ppb) respectively). The rotational speed 
of the rotors is driven by a motor (SEW CMPZ71L) which is controlled 
with a regulator (SEW MDX61B0075). Temperatures and pressures of 
ingoing and outgoing streams, as well as the volumes between the rotors 
are measured as well (TC Direct PT-100 and Keller PAA-21Y 6 bar ±1.5% 
full scale respectively).

The packing consists of randomly packed foam blocks (Alantum) with 
dimensions of 9.6 x 10.0 x 2.9 mm. Furthermore, the pore size of the 
foam blocks is 0.42 mm, the solid holdup is 0.06 ms

3 mf
-3 and the specific 

interfacial area is 2830 mi
2 mf

-3. A close-up picture of one foam block is 
shown in Figure 4.4. Due to the random dumping of the packing there are 
voids between foam blocks, which results in slightly lower values for the 
total solid hold-up and the specific interfacial area. Since estimating this 
effect is far from trivial, the packing values as given are used in Equation 
4.2 for the comparison of the current reactor to the conventional RPB. 
The estimated mass-transfer performance of the conventional RPB will 
be slightly overestimated.
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Figure 4.3: Schematic overview of the reactor showing on the left side the gas flows and 
on the right side the liquid flows. For clarification sake only the mass and oxygen sensors 
are shown.
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Figure 4.4: Close-up picture of a solid foam packing block used in the experiments.

The liquid flow rate was varied between 300 and 1000 kg h-1, the 
rotational speed was varied between 300 and 1200 RPM, the gas flow 
rate was varied between 0.5 and 2 Nm3 h-1, and the back pressure was 
set at 1 bar. The superficial liquid flow rate, therefore, ranged from 
approximately 3.5·10-3 to 22·10-3 m s-1 and the superficial gas velocity 
ranged from approximately 0.11 to 0.46 m s-1, assuming all gas follows 
the intended pathway as indicated in Figure 4.1. Experimental data 
was collected and analyzed for steady state operation (determined by 
a constant oxygen outlet concentration; variations < 1%), which was 
generally reached within 10 minutes and held for at least 15 minutes. 
Thereafter, average values for the operating conditions (rotational speed, 
liquid flow and gas flow) as well as the results (oxygen concentrations, 
motor power, pressures and temperatures) over the steady state interval 
were calculated. The resulting experimental kGLaGL value could then by 
calculated with those average values using Equation 4.1. To ensure the 
data was relevant, measurements with an outgoing oxygen concentration 
below 10 PPB were not taken into consideration, in order to eliminate 
effects of measurement inaccuracies of the oxygen probe.
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4.3 Results and discussion
Figure 4.5 shows kGLaGL as a function of liquid flow rate at different 
rotational speeds for the configuration with both packing and 
redistribution rings present (solid markers) and for the configuration 
with only packing present (black open markers). kGLaGL increases with 
increasing rotational speed and with increasing liquid flow, which is in 
line with previous results in RPBs [16], [37], [38]. The values range from 
kGLaGL = 0.09 s-1 at a rotational speed of 300 RPM and a liquid flow rate 
of 300 kg h-1 to kGLaGL = 0.47 s-1 for a rotational speed of 900 RPM and a 
liquid flow rate of 900 kg h-1. When fitting a power law equation to the 
data for each rotational speed the resulting values for the exponent are 
approximately 0.88, 0.99, 1.0 and 0.95 for rotational speeds of 300 to 900 
RPM respectively. This is slightly different from the literature where the 
value for the exponent is typically around 0.77 [37]. Figure 4.5 shows 
that there is no significant difference in the mass transfer performance 
for the configuration with only packing present and the configuration 
with both packing and redistribution rings present. Hence, for the 
current operating conditions, the addition of redistribution rings does 
not enhance the mass transfer performance. It should be noted, however, 
that due to limitations in the current prototype design of the reactor, 
see the Section Operating Window and [35], the results presented in 
Figure 4.5 were obtained at a very low liquid flow rate. When operating 
at a low liquid flow rate, the holdup of the liquid against the inside of 
the redistribution rings is not large enough to form a continuous liquid 
film over the entire surface of the ring. As shown in our earlier work, 
this results in droplet formation with no jet formation occurring [35]. 
Therefore, there is insufficient liquid for the liquid redistribution rings 
to properly function as there is not enough liquid to have any form of 
channeling maldistribution. As a result, the mass transfer occurs mostly 
in the film flowing over the packing and the contribution of the surface 
of the flying droplets is negligible. Furthermore, the liquid film is used to 
force the gas to spiral inwards instead of flowing counter-currently with 
the liquid through the rotor. When this liquid film is discontinuous the 
reactor does not operate as intended: the gas flow through the distributor 
holes will be significant, creating a by-pass in the gas flow. It is therefore 
also important to look at the effect the redistribution rings themselves 
have on kGLaGL. The effect of the gas flow rate on the mass transfer is 
negligible at the current operating conditions, as shown in the previous 
chapter [36].
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Figure 4.5: kGLaGL as function of liquid flow at different rotational speeds for configurations 
with only packing (black open markers) and both redistribution rings and packing (solid 
markers).

Figure 4.6 shows kGLaGL as a function of liquid flow rate at different rotational 
speeds for the configuration with both packing and redistribution rings 
present (solid markers) and for the system with only redistribution rings 
present (black open markers). The data for the latter is obtained from our 
previous work [36]. Similar to the results with only packing, the values 
for kGLaGL increase with both increasing liquid flow rate and increasing 
rotational speed. The configuration with both packing and redistribution 
rings consistently shows higher values for kGLaGL than the configuration 
with only redistribution rings present. Fitting of a power law equation to 
the results of the experiments with only redistribution rings present gave 
values for the exponent of 0.97, 1.2 and 0.46 for rotational speeds of 300, 
500 and 700 kg h-1 respectively. At a rotational speed of 500 RPM, kGLaGL 
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ranges from 0.11 s-1 to 0.33 s-1 for liquid flow rates from 300 kg h-1 to 900 kg 
h-1 respectively for the configuration with both packing and redistribution 
rings present. While for the configuration with only redistribution rings 
present kGLaGL ranges from 0.08 s-1 to 0.29 s-1 for liquid flow rates from 
300 kg h-1 to 900 kg h-1 respectively at a rotational speed of 500 RPM. 
The increase in kGLaGL when adding packing to redistribution rings at 
a rotational speed of 500 RPM is 45% at 300 kg h-1, 46% at 500 kg h-1, 
35% at 700 kg h-1 and 11% at 900 kg h-1. This shows that the presence 
of packing increases the mass transfer performance quite substantial 
compared to the configuration with only redistribution rings especially 
at lower liquid flow rates, while Figure 4.5 shows that the effectiveness 
of packing is not improved by introduction of the redistribution rings for 
the current operating conditions. It can therefore be concluded that there 
are two competing contributions to the mass transfer: the impingement 
of droplets on redistribution rings (when only the redistribution rings are 
present) and film flow over the packing (when packing is present) which 
confirms our findings from the previous chapter [36]. When looking at 
gas-liquid systems, the incorporation of packing seems to have a small 
beneficial effect on the mass transfer performance when redistribution 
rings are already present. Furthermore, when working at larger scales 
(larger radius of the rotor, higher liquid flow rate, etc.) the mass transfer 
performance could improve even more. For reactions where a solid catalyst 
is needed, packing has to be incorporated in the reactor. Based on the 
results presented, the addition of redistribution rings to the packing has 
no added benefit at the operating conditions as used in this work.
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Figure 4.6: kGLaGL as function of liquid flow at different rotational speeds for configurations 
with only redistribution rings (black open markers) and both redistribution rings and 
packing (solid markers).

4.3.1 Comparison with conventional RPBs
Figure 4.7 shows the experimentally obtained values for kGLaGL of 
the rotating liquid redistributor compared to predicted values for a 
conventional RPB with similar packing characteristics, calculated with 
Equation 4.2. The kGLaGL values of the rotating liquid redistributor are up 
to 50% lower than the predicted values for a conventional RPB. However, 
what is important to note is that there is no liquid distributor nozzle 
present in the rotating liquid redistributor. Therefore, the values for kGLaGL 
for the rotating liquid redistributor are based purely on the interactions 
with rings and packing while the values for kGLaGL for a conventional RPB 
have the contribution of the liquid distributor added to the mass transfer 
performance of the packing. The contribution of the liquid distributor to 
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the mass transfer performance varies with liquid flow rate and rotational 
speed as well as on the design of the liquid distributor nozzle. Qammar 
et al., for instance, found that at least 30% of the mass transfer happens 
outside of the packing [39] and de Beer et al. found similar values in their 
recent study [40]. Therefore, although the overall values for kGLaGL are 
lower by 25 – 50% compared to the conventional RPB, the mass transfer 
occurring purely inside the packing is most likely comparable. Although 
these liquid distributors increase the overall mass transfer performance 
of the RPB, it severely limits the practical application of multiple stages 
in such RPBs, e.g. in order to increase residence time and contacting 
stages. In order to be distributed by a nozzle at every stage, the liquid 
has to be repressurized for every stage. The rotating liquid redistributor 
distributes the liquid by the rotational motion of the rotor alone and 
multiple stages can therefore be easily accommodated (e.g. in the current 
chapter two stages were employed, while in the previous chapter three 
stages were used).This greatly enhances the potential of application of 
the current reactor to reaction systems.
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Figure 4.7: Comparison of the experimentally determined kGLaGL for the rotating liquid 
redistributor and the calculated kGLaGL for conventional RPBs according to Equation 4.2.

4.3.2 Operating window
It appears that the packing can handle liquid flow rates much higher 
than the one tested in this work, which would expectedly increase kGLaGL 
values (based on extrapolation of the data as found in Figures 4.5 and 
4.6). This finding is backed up by our earlier work where the packing did 
not inhibit the liquid from flowing at all, even at liquid flow rates of 1000 
kg h-1 [35]. However, due to constraints in the design of this prototype, a 
higher liquid flow is not possible due to flooding occurring in the reactor, 
outside the main rotor volume. Figure 4.8 shows the ratio between the gas 
flow rate exiting via the main gas outlet and the gas flow rate at the inlet 
(black triangles), and the power fed to motor (red circles) as a function 
of the liquid flow at a rotational speed of 500 RPM (Figure 4.8a) and 800 
RPM (Figure 4.8b). At a rotational speed of 500 RPM the gas throughflow 



94 The effect of packing

ratio is approximately constant at 0.95 and the motor power increases 
linearly with increasing liquid flow from 11.0 kW to 12.5 kW at 300 and 
1000 kg h-1 respectively. This indicates that the reactor operates within 
its operating window, although a small amount of gas is entrained in the 
bottom liquid flow. This is caused by the high gas flow rate in combination 
with the small volume in the device for gas-liquid separation. In this 
situation the gas and liquid phases are in unhindered counter-current 
contact. However, operating at 800 RPM shows a sudden decrease in 
the gas throughflow ratio and a sudden increase in motor power at a 
liquid flow of 700 kg h-1. At exactly the same operating conditions the gas 
pressure of the incoming gas flow increases rapidly. It can therefore be 
concluded that for this condition the reactor is operated at the boundary 
of its operating window, most likely due to flooding between the stages. 
Flooding occurs when the liquid is inhibited in flowing to the next stage 
and collects at the bottom of a stage below the rotor: the main limitation 
being the area available for flow in the connecting pipes between stages. 
This flooding behavior is schematically shown in Figure 4.9 with on the 
left side the normal unflooded behavior and on the right side the flooded 
behavior, showing the stationary casing (black lines), the rotor (orange 
lines), the flowing liquid (blue with white arrows) and the flowing gas 
(white with red arrows). Note that the image is not to scale. It is clear 
that gas can no longer freely flow between rotors, explaining the sudden 
drop in gas flow and rise in gas pressure, and the liquid now forms a layer 
between stationary casing and rotating rotor, explaining the sudden 
rise in motor power as the reactor has to overcome extra friction. The 
gas phase, therefore, has to force itself through the liquid layer, given 
rise to the increase in pressure that was measured. The observation of 
this flooding behavior gives a strong indication where the design of the 
reactor needs to be improved before it can be applied at scale. A better 
liquid withdrawal after each rotor, for instance, can potentially increase 
the operating window of the reactor. This could be achieved by enlarging 
the cross-sectional area of the connectors between the stages.
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Figure 4.8: Gas fraction flowing through the reactor (black triangles) and motor power (red 
circles) as function of liquid flow for a rotational speed of (a) 500 RPM and (b) 800 RPM.

Figure 4.9: Schematic overview of the difference between unflooded (left) and flooded (right) 
operation of the reactor with the rotor (orange lines), the stationary casing (black lines), the 
liquid flow (blue background with white arrows), and the gas flow (white background with 
red arrows). Note that the image is not to scale.

For the range of operating conditions studied in the current work, 
the operating window is graphically shown in Figure 4.10. The points 
indicate the rotational speed and liquid flow at which flooding occurs. 
The gas flow rate was found to have a negligible influence on the 
resulting operating window, which supports the expectation of a liquid 
flow limitation between the stages in the center of the rotor. Operation 
of the reactor is only possible below and/or to the left of these points 
without flooding occurring, indicated by the light background-color in the 
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figure. At a rotational speed of 1100 RPM the flooding limit seems to level 
off, perhaps due to an increased pressure resulting in an increased flow 
towards the next stage.

Figure 4.10: Overview of the limit in rotational speed and liquid flows at which the reactor 
is flooded, i.e. the operating window.

4.4 Conclusion
The mass transfer characteristics of the packed rotating liquid 
redistributor are experimentally determined for configurations with both 
packing and redistribution rings present and only packing present in the 
rotors.

For liquid flow rates between 300 and 900 kg h-1 and rotational speed 
between 300 and 900 RPM it is found that the values for kGLaGL increase 
with increasing rotational speed and that they increase linearly with 
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increasing liquid flow. Values for kGLaGL range between 0.09 s-1 and 0.47 
s-1 for rotational speeds and liquid flows of 300 RPM & 300 kg h-1 and 
900 RPM & 900 kg h-1 respectively for gas flows between 0.5 and 1 Nm3 
h-1. No significant difference in mass transfer performance between the 
configuration with only packing and with packing and redistribution 
rings is observed. This can most likely be attributed to current operating 
conditions: at very low liquid flow rates and small rotor radius, little 
maldistribution is expected. Hence, it is concluded that for the current 
operating conditions, the addition of redistribution rings is not required. 
It should be noted that for larger radius rotors and higher liquid flow 
rates, a different conclusion might be reached.

The effect of the addition of packing to the redistribution rings is analyzed 
as well, by comparison with the performance of the redistribution rings 
without packing from the previous chapter. It is found that the mass 
transfer performance with packing added to the redistribution rings is 
consequently higher for all measured operating conditions. As such, the 
presence of packing improves the overall mass transfer performance of 
the rotating liquid redistributor. As the addition of redistribution rings 
to packing does not have any effect on the mass transfer performance, 
while the addition of packing to redistribution rings does improve the 
overall mass transfer performance, it can be concluded that, for the 
operating conditions as used in this work, the redistribution rings offer 
no additional improvement on the mass transfer performance.

The mass transfer performance of the reactor described in this work is 
25 – 50% lower than the mass transfer for conventional RPBs of a similar 
size and with similar packing characteristics (based on the correlation 
developed by Chen et al. [37]). However, due to the absence of a liquid 
distributing nozzle in the rotating liquid redistributor, this work excludes 
the significant contribution to mass transfer of the liquid distributor nozzle 
which is included in the correlation for conventional RPBs. Literature 
suggest that this contribution of the nozzle to the overall mass transfer 
performance is at least 25%, which potentially explains the difference 
between this work and literature. Furthermore, scaling of the RPB by 
introducing more rotor stages is complex when a liquid distributing nozzle 
is present, since the liquid has to be pressurized before each rotor. Since 
the rotating liquid redistributor distributes the liquid by the rotation 
of the rotor, including multiple stages is straightforward. This greatly 
enhances the potential of applying the rotating liquid redistributor to 
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reaction systems, where longer residence times are generally required, 
obviously at the expense of part of the mass transfer advantage gained 
by using a RPB system.

Finally, the operating window for the rotating liquid redistributor is 
established, which is mainly limited by flooding of the tubes connecting the 
stages. This observation shows that in order for the reactor to operate at 
its optimal working point, design improvement of the staging mechanism 
is required. The operating limits of the rotor design itself could therefore 
not be determined in the current work. It is expected that enabling higher 
liquid flow rates in the rotating liquid redistributor will further improve 
the mass transfer performance when packing and redistribution rings 
are both present.
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Chapter 5 – Heat transfer 
characterization

The heat transfer performance of a rotating liquid redistributor, equipped 
with heat exchange tubes and redistribution rings, is determined. 
The logarithmic temperature difference over the reactor at different 
operating conditions showed that the contact area between reactor fluid 
and heat exchange fluid is a function of the liquid flow rate, indicating 
that wet spots are present within the reactor. The heat flow is highest 
for the upper rotor and lowest for the lower rotor, which agrees with the 
temperature profile: liquid is heated up from top to bottom. Results show 
that the heat exchange performance is independent of gas flow rate and 
practically independent of rotational speed, especially at higher liquid 
flow rates. The heat exchange performance is dependent on the liquid 
flow rate, showing an asymptotic relationship. Calculations on the heat 
exchange coefficient through the wall of the tubes indicate that at normal 
operating conditions, where flooding does not occur, the overall heat 
transfer performance is limited by the heat transfer rate through the 
walls of the tube.
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5.1 Introduction
The rotating packed bed reactor (RPB) is a relatively mature technology 
that increases the productivity of mass-transfer limited processes 
including absorption [1]–[10], desorption [10]–[17], distillation [1], [18]–
[22], reactive crystallizations [23], [24] and bromination reactions [25]. 
Application of a centrifugal force results in high mass transfer rates, which 
leads to increased productivity per volume of reactor [14], [17], [22], [26]–
[28]. The application of RPBs to endothermic or exothermic processes is, 
however, limited due to the absence of integrated heat exchange. Since 
the heat is generated or consumed at an equally intensified rate inside 
the packing, while heat exchange can only occur at the stationary casing 
of the reactor, the energy removal or supply is rapidly insufficient. For 
exothermic reactions this leads to decreased selectivity and thermal 
runaway reactions, while for endothermic reactions the lack of proper 
energy supply limits the reaction rate [29]–[32]. Unfortunately, there is 
very limited published research about heat transfer inside RPB’s [33].

To enable heat exchange with an RPB, there are a couple of potential 
options. The simplest option is external heat transfer, where the heat 
of the process stream is exchanged outside of the RPB. With the low 
residence times in RPBs, typically below 0.1 s [26], [34]–[37], heat could 
be exchanged efficiently when using a high recycle rate for the external 
heat exchange fluid. However, this will result in a temperature gradient 
over the rotor, which in turn has a negative effect on the selectivity. 
Furthermore, the intensification of the reaction rate would demand for a 
large recycle system, which in turn is expensive and generally inefficient. 
Finally, placing multiple rotors in series is only possible when heat is 
exchanged in between rotors, which is impractical, if not impossible, 
when using only external heat transfer. 

A second option is heat exchange through the stationary reactor casing. 
Unfortunately, the heat is exchanged outside of the packing while the 
reactions are performed inside the packing, resulting a temperature 
gradient over the rotor with a corresponding, negative, effect on the 
selectivity of reactions performed. Furthermore, the surface area is 
limited, as the specific surface area per volume is inversely related to 
the radius, which drastically limits the effectiveness of this option. A 
third option is direct heat exchange, possibly by using an evaporative 
solvent similar to reactive distillation. However, this is only an option 
when the reaction is not influenced, severely limiting the possibilities. 
Furthermore, dilution of the reaction mixture decreases the mass transfer 
rate, lowering the overall effectiveness of the RPB.
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A final option would be incorporation of the heat exchange surface within 
the rotor, for instance by using the top and bottom of the rotor for heat 
exchange or, alternatively, incorporate some form of heat exchange 
method inside the packing volume. Incorporation of a heat exchange 
method inside the packing volume would be ideal, as impingement of 
jets or droplets on a heat exchanging surface area generally results in 
high convective heat transfer coefficients [38]–[45]. The evaporation of 
the process stream can be an important contributor to the heat exchange 
performance, when dealing with exothermic reactions the heat exchange 
fluid is evaporated, resulting in a very high heat transfer rate inside the 
packing. With endothermic reactions the same holds only on the process 
stream side. However, Soriano et al. have shown that “forced convection 
is the main heat transfer mechanism inside the impact crater” [40], which 
is applicable for the rotating liquid distributor.

Incorporation of heat exchange inside the rotor of an RPB therefore 
appears to be the most desirable option. Unfortunately, it is not 
straightforward to implement this in a conventional RPB, mainly since 
heat exchange tubes would somehow need to be fitted throughout the 
(fixed) packing. In the rotating liquid distributor [46], [47], however, heat 
exchange functionality inside the rotors is incorporated. The rotating 
liquid distributor is an RPB with integrated liquid redistribution rings 
that redistribute the liquid process stream both axially and angularly 
inside the packing volume [46], [47]. By using redistribution rings, 
artificially induced liquid maldistributions of up to a quarter of the rotor 
could be overcome [46]. Use of random packing, in the form of small 
packing blocks in between the redistribution rings, is possible without 
any changes to the reactor [47]. Furthermore, relatively high gas-liquid 
mass transfer rates were obtained (kGLaGL up to 0.35 s-1), to which the 
redistribution rings contributed substantially. Additionally, the stacking 
of multiple rotors is possible without the need to repressurize the liquid 
in between rotors. In the proof-of-concept reactor, heat exchange tubes 
are placed inside the packing, next to the redistribution rings, see Figure 
5.1. The top and bottom of the rotors, where the heat exchange fluid 
is distributed to and collected from the heat exchange tubes, provide 
additional surface for heat exchange, see Figure 5.3. Placement of these 
tubes inside the packing volume enables energy exchange directly inside 
the reaction zone.
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Figure 5.1: 3D rendered image showing the location of the redistribution rings and the 
heat exchange tubes.

In the current work, the heat transfer performance of a rotating liquid 
redistributor with incorporated heat exchange inside the rotors is 
characterized.

5.2 Experimental
A rotating liquid redistributor with three rotors inside a steel casing was 
used for the experiments. The area available for heat exchange depends 
on the amount and size of tubes and can be changed if needed. In Figure 
5.2, a rotor is schematically shown including dimensions, where the heat 
exchange tubes are shown as small grey circles and the redistribution 
rings as thick grey lines. Note that the image is not to scale. The liquid 
enters the rotor (height 30mm) from the middle and the liquid distributor 
forces the liquid outwards due to the rotation of the rotor. On its way to 
the stationary casing it encounters three circles of redistribution rings 
each fitted with heat exchange tubes of which details can be found in 
Figure 5.2 and Table 5.1. After reaching the casing it flows downwards 
and is collected in the center of the casing to flow to the center of the 
next rotor. The gas enters the rotor from the sides and is forced to spiral 
towards the center due to the redistribution rings in place, resulting in a 
cross-current contact between gas and liquid. The gap between the top of 
the rotors and the casing was around 1mm and a water lock was used to 
disallow the gas from bypassing a rotor via the top.
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Table 5.1: Overview of important parameters for the hollow heat exchange tubes.

Parameter Value Unit
Number per rotor 60
Length 30∙10-3 m
Inner diameter 4∙10-3 m
Outer diameter 6∙10-3 m
Thickness wall of tube 1∙10-3 m
Thickness wall of bottom plate 4∙10-3 m
Inner cross-sectional area per tube 13∙10-6 m2

Outer surface area per tube 56.5∙10-3 m2

Total outer surface area tubes per rotor 33.9∙10-3 m2

Total outer surface area bottom plate 62.7∙10-3 m2

Figure 5.2: Schematic, top-down, overview of the reactor including dimensions showing 
the heat exchange tubes.
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The flows through the reactor are schematically shown in Figure 5.3, with 
in red the flow of heat exchange fluid and in blue the reactor side liquid 
phase. Note that the images are not to scale and that the redistribution 
rings are not shown for the sake of clarity. On the left side of Figure 
5.3 a cross-sectional image is shown where the heat exchange fluid flow 
direction through all three rotors is shown; the heat exchange fluid enters 
the reactor from the bottom and is distributed over each of the three 
rotors where it is subsequently distributed over the three circles of heat 
exchange tubes. An isometric schematic cutout is shown on the top right 
side of Figure 5.3, showing the approximate configuration of the 60 heat 
tubes inside a rotor including the direction of flow of the heat exchange 
fluid. In the bottom right side of Figure 5.3 the relevant dimensions of the 
heat exchange tubes and the bottom plate are given.

Figure 5.3: Schematic overview of heat exchange fluid flows (red solid background with 
white arrows) and liquid reactor flows (blue background with black arrows) with a) a side 
view of the reactor, b) an isometric cutout view of a rotor showing only the heat exchange 
tubes and c) a cutout of the rotor with three heat exchange tubes including relevant 
dimensions.

The energy transfer experiments are performed by heating a liquid 
process stream (water, kept at room temperature) with a heat exchange 
fluid (water, kept at 60°C) in the presence of an air flow to mimic normal 
operating conditions. A schematic overview of the setup can be found in 
Figure 5.4. The heat exchange fluid is heated by a circulation cooling 
unit (Lauda UKS 6000) which has a build in pump. The flow of the heat 
exchange fluid is measured using a variable area flow meter (Brooks MT 
3809), which was manually calibrated. The flow ranges between 600 and 
650 L h-1. The temperatures of the in- and outgoing heat exchange fluid 
flows, as well as the temperatures of the in- and outgoing liquid flows 
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and the temperatures above each rotor is measured by thermocouples 
(TC Direct PT-100). The process liquid stream, water, is kept in a storage 
vessel (1000 L) at room temperature and is pumped into the top of the 
reactor using a pump (Powerplus POW67900, ±20 L h-1). The flow of the 
liquid is adjusted with an automatic ball valve based on measurements 
of a coriolis flow meter (Rheonik RHE08). The experiments are performed 
with a liquid flow rate ranging between 300 and 900 kg h-1. The whole 
reactor including the in- and outgoing flows is insulated up to and 
including the thermocouples. Air enters the reactor at the bottom after 
flowing through a mass flow controller (Bronkhorst EL-FLOW Select 
F-201 AV) and exits the reactor from the top where it is measured by a 
mass flow meter (Bronkhorst IN-FLOW CTA T13) after flowing through 
the back-pressure regulator (Equilibar GSD6). The rotational speed of 
the reactor is controlled by a regulator (SEW MDX61B0075) that drives a 
motor (SEW CMPZ71L). The experiments are performed with rotational 
speeds from 300 to 900 RPM. Pressures of the in- and outgoing gas flows 
as well as the pressure above each rotor is measured by piezoresistive 
pressure transmitter (Keller PAA-21Y 6 bar ±1.5% full scale). 
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Figure 5.4: Schematic overview of the set-up with on the left side the heat exchange fluid 
loop and on the right side the liquid process stream loop.

5.3 Theory
The overall heat exchange performance can be characterized by the heat 
exchange coefficient (U), which can be calculated using Equation 5.1 
using the overall heat flow (Q), the area available for heat exchange (A), 
and the logarithmic mean temperature difference (ΔTLN ). The ΔTLN is 
calculated with Equation 5.2, using the temperature difference between 
the incoming heat exchange fluid and the outgoing liquid (ΔTA ) and 
between the outgoing heat exchange fluid and the incoming liquid (ΔTB ). 
The value for A is the combination of the total outer area of the 60 heat 
exchange tubes and the area that can contact the liquid at the bottom of 
the rotor (i.e. the total bottom area of the rotor minus the space occupied 
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by the tubes) and equals 9.66·10-2 m-3. The bottom area of the rotor was 
included, because due to gravity it is highly likely that liquid will contact 
that area and therefore heat exchange occurs there as well as at the tubes.
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The heat exchange coefficient was calculated for each rotor separately 
with Equations 5.1 and 5.2 and the resulting values where averaged to 
obtain the overall heat exchange coefficient. For the upper rotor ΔTA = T2 - 
T4 and ΔTB = T1 - T3, for the middle rotor ΔTA = T2 - T5 and ΔTB = T1 - T4, and 
for the lower rotor ΔTA = T2 - T6 and ΔTB = T1 - T5. Based on the location of 
the temperature sensors as shown in Figure 5.4. 

The value of Q is calculated using Equation 5.3, based on the liquid flow 
(φL ), the temperature difference between in- and outgoing liquid flow (ΔTL) 
and the heat capacity of the liquid (CP,L). It is checked for accuracy based 
on the overall energy balance at steady state as found in Equation 5.4, 
which correlates Q to the energy inputs in the form of the heat flow from 
the heat exchange fluid (QHEF) and energy generated by the motor (Pmotor), 
as well as the energy loss to the surroundings (QLoss) and evaporation of 
the liquid (QEvap). QHEF is calculated with Equation 5.5, which is based on 
Equation 5.3. Pmotor is calculated with Equation 5.6 using the maximum 
allowable torque (τmax = 21 Nm), the motor efficiency in % (η) and the 
rotational speed (ω). QLoss is estimated based on experiments where the 
reactor is filled with liquid and heated using the heat exchange fluid 
without a liquid flow present. Finally, QEvap is calculated with Equation 
5.7, using the heat of vaporization (ΔHvap) and the relative humidity (RH). 
It was found that the accuracy of the measurements as per Equation 5.3 
was 95 % or higher.

Q T CL L P L� � � , (5.3) 

Q Q W Q QHEF Motor Loss Evap� � � � (5.4) 

Q T CHEF HEF HEF P HEF� � � , (5.5) 
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5.3.1 Heat exchange area
It should be expected that all three rotors show similar heat transfer 
coefficients, as they are identical. However, the main assumption regarding 
the area for heat exchange is that heat exchange is only possible inside 
the rotor. This has been illustrated in Figure 5.5 with the heat exchange 
through the tubes denoted with 1 and the heat exchange through the 
bottom of the rotor denoted with 2. At low rotational speeds it is expected 
that the effect of gravity is considerable [46] and therefore that liquid 
can contact both the tubes and the bottom of the rotor. Increasing the 
rotational speed lowers the relative effect of gravity, thereby increasing 
the amount of liquid contacting the heat exchange tubes and decreasing 
the amount of liquid on the bottom of the rotor. 

Furthermore, two more possible heat exchange areas are labelled in 
Figure 5.5: the heat exchange through the bottom of the rotor on the 
outside of the rotor with 3 denoting heat exchange before encountering 
the temperature sensor and 4 denoting heat exchange after encountering 
the temperature sensor. As shown in our previous work the possibility of 
liquid flooding the volume below the rotor is high [Article in preparation] 
especially at higher liquid flow rates. When flooding does occur the 
contribution to the heat exchange denoted with 3 and 4 in Figure 5.5 
is not negligible. Due to the location of the temperature sensor the heat 
exchange at points 4 is measured as being part of the heat exchange from 
the next rotor. This means that values for the upper rotor are slightly 
lowered as part of the heat exchange is contributed to the middle rotor. 
While the values for the middle rotor are slightly different as extra heat 
exchange below the upper rotor is included, but part of the heat exchange 
on the bottom is contributed to the lower rotor. Consequently, the values 
for the lower rotor are slightly heightened due the inclusion of heat 
exchange from the middle rotor.
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Figure 5.5: Schematic overview of the different places heat exchange occurs where a red 
background denotes heat exchange fluid with 1) heat exchange through the heat exchange 
tubes, 2) heat exchange inside the rotor through the bottom of the rotor, 3) heat exchange 
outside the rotor through the bottom of the rotor before the temperature sensor (T) and 
4) heat exchange outside the rotor through the bottom of the rotor after the temperature 
sensor. The liquid process stream flows from right to left.

The overall heat transfer coefficient values for the reactor are calculated 
based on the average of the values for the three stages; therefore, the 
effect of contributing part of the heat exchange to a different stage does 
not influence the overall values. However, since it is currently not possible 
to determine the contribution to the total heat exchange of areas 3 and 
4, only area 1 and 2 are considered as heat exchange area. As a result, 
under flooding conditions the calculated U will be overestimated by a 
factor 1.4.

5.3.2 Relative contributions to the heat transfer performance
The rotor dimensions, as given in Figure 5.2 and Table 5.1, make it 
possible to calculate the relative contributions of the different areas to the 
overall heat transfer performance. The two main factors determining the 
heat flow through the areas, as mentioned in Figure 5.5, are the thermal 
resistance and the surface area. As the whole rotor is made from the 
same material, stainless steel, the thermal conductivity of the material 
is equal. Therefore, the difference in thermal resistances only depends on 
the wall thickness, which is 1 mm for the heat exchange tubes and 4 mm 
for the inner side of the bottom plate. As the total heat exchange area 
of the plate on the inside of the rotor is 1.85 times larger than the total 
heat exchange area of the heat exchange tubes this means that, if both 
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areas are completely used for heat transfer and the temperature gradient 
is the same everywhere, 69% of the heat exchanges occurs through the 
tubes and 31% of the heat exchange occurs through the plate. When also 
taking the outside bottom of the rotor into account, in case of flooding, see 
Section Heat exchange area, which has a thickness of 2 mm, the relative 
contributions to the overall heat transfer performance, when all areas 
are completely wetted and have the same temperature gradient, are: 42% 
through the tubes, 39% through the bottom on the outside of the rotor 
and 19% through the bottom on the inside of the rotor.

5.3.3 Heat transfer coefficient on the tube wall
As the heat exchange tubes are the main way of transferring heat between 
reactor and heat exchange fluid, calculating the heat transfer coefficient 
of the pipe wall can help in understanding the system and improve on 
future designs. Equation 5.8 shows the general equation for the overall 
heat transfer coefficient, with three resistances in series. In Equation 
5.8, hLiq and hHEF are the heat transfer coefficients of the reactor fluid 
and heat exchange fluid, ALiq and AHEF are the respective contact areas of 
those fluids, k is the thermal conductivity of the wall, and do and di are 
the outside and inside diameters of the wall respectively.

The value for the heat transfer coefficient can be calculated using 
Equation 5.9, which uses the Nusselt number for fully developed laminar 
flow in combination with the entrance effects of the liquid flowing into the 
tubes as delivered by Mills, see equation 5.10 [48].
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With Nutube as the Nusselt number, di as the inner diameter of the tube, 
Re as the Reynolds number through the tube, Pr as the Prandtl number 
and L as the length of the tube.
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5.4 Results and discussion
5.4.1 Logarithmic mean temperature difference
Figure 5.6 shows the values of ΔTLN at a rotational speed of 700 RPM, 
for each rotor as a function of liquid flow rate. With increasing liquid 
flow rate, the value of ΔTLN decreases, especially at the lower range of 
liquid flow rates. As can be seen, the decrease in ΔTLN is not linear with 
increasing liquid flow rate. As the temperature difference depends not 
only on the liquid flow rate and the heat exchange fluid flow rate, but also 
on the contact area and the overall heat exchange coefficient, the most 
logical explanation is that the contact area increases at higher liquid flow 
rates thereby increasing the amount of heat transferred. As shown in 
chapter 2 the liquid hold-up in the reactor volume is maximum 1.5V%, 
so the outside of the heat exchange tubes is definitely not completely 
wetted, allowing for an increase in contact area at higher liquid flow rates. 
Furthermore, as explained in the Theory, flooding of the liquid phase 
also increase the interfacial area slightly. The values of ΔTLN decrease 
from the upper rotor to the lower rotor, which is expected: the incoming 
heat exchange fluid has the same temperature at each rotor while the 
liquid on the reactor side is warming up due to the heat exchange. As the 
liquid enters from the top, the temperature difference is highest there 
and lowest at the bottom. This change in ΔTLN per stage is approximately 
constant with a decrease of 20% from the upper to the middle rotor and 
10% from the middle to the lower rotor.

 
Figure 5.6: Overview of ∆TLN at a rotational speed of 700 RPM as function of liquid flow 
rate for the three different rotors.
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5.4.2 Overall heat flow
In Figure 5.7 the values for Q at a rotational speed of 700 RPM per rotor 
as a function of liquid flow rate are plotted. The value of Q increases 
for increasing liquid flow rate for all three rotors, although there are 
substantial differences between the three rotors. Especially the upper 
rotor shows a large spread in Q values. Values for Q increase by 30% 
for the liquid flow rate change from 300 to 500 kg h-1 for all three rotors, 
while the increase in Q for the lower two rotors is 15% for the flow rate 
change from 500 to 700 kg h-1 and approximately constant for the flow 
rate change from 700 to 900 kg h-1. The values for the lower rotor are 
constantly 33% lower compared to the values for the middle rotor, which 
can be explained based on the change in difference of temperature. The 
heat flow is related to the temperature difference and, as shown in the 
previous paragraph, the temperature difference between the two streams 
decreases from middle rotor to lower rotor. It is unclear where the 
uncertainty in Q for the upper rotor stems from.

Figure 5.7: Experimentally obtained values of Q at a rotational speed of 700 RPM as 
function of liquid flow rate for the three different rotors.

5.4.3 Heat exchange coefficient
In Figure 5.8 the heat exchange coefficient for the three rotors is given 
at a rotational speed of 700 RPM as a function of the liquid flow rate. 
The values are based on Equation 5.1. The value of U increases with 
increasing liquid flow rate with all three rotors showing similar trends 
except for the highest liquid flow rate for the top rotor. For the upper 
rotor, the value of U increases from 0.61 to 1.28 kW K-1 m-2 for liquid flow 
rates of 300 to 700 kg h-1 respectively, for the middle rotor the value of U 
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increases from 0.71 to 1.59 kW K-1 m-2 and for the lower rotor the value 
of U increase from 0.51 to 1.15 kW K-1 m-2  for the same liquid flow rates. 
The values of U at the highest liquid flow rate (900 kg h-1), however, show 
a greater spread; for the upper rotor the value is 1.20 kW K-1 m-2, for the 
middle rotor the value is 2.08 kW K-1 m-2 and for the lower rotor the value 
is 1.36 kW K-1 m-2. As described in the Theory section there is a high 
likelihood of flooding at a liquid flow rate of 900 kg h-1. In this scenario, 
the value of U for the upper rotor is underestimated, while the value of 
U for the middle and lower rotor is overestimated. Considering this effect 
of flooding, the values as seen in Figure 5.8 all follow the same trend 
and they are also very similar to each other. It should be noted that, 
the heat exchange area used to determine U is likely an overestimation 
(see Section 5.3.1). Therefore, the reported values of U are likely to be 
underestimated and higher values of U can be expected when more of the 
interfacial area is used.

 
Figure 5.8: Experimentally obtained values of U per rotor as function of liquid flow rate for 
(a) the top rotor, (b) the middle rotor, and (c) the bottom rotor.

5.4.4 Influence of the gas flow
Figure 5.9 shows the overall heat transfer coefficient as function of gas 
flow for different liquid flow rates. In order to properly characterize the 
heat transfer in the reactor, the heat transfer should not be influenced 
by the evaporation of liquid. With a maximum gas flow rate of 0.5 Nm3 
h-1 and a possible maximum temperature of 60°C, the absolute maximum 
expected heat loss due to evaporation of the liquid is 0.064 kW, which is 
negligible compared to the found values of Q above 1 kW (see Figure 5.7). 
It is immediately clear from the experimental data that the influence 
of the gas flow rate on U is extremely limited, for liquid flow rates of 
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300, 500, 700 and 900 kg h-1 the average and standard deviations of U 
are 0.67 (± 0.03), 1.12 (± 0.05), 1.27 (± 0.02) and 1.45 (±0.02) kW K-1 m-2 
respectively. As the influence of the gas flow results in a change in U of 
less than 5%, it can be confirmed that the gas flow rate has a negligible 
effect on U.

Figure 5.9: Overall heat transfer coefficient as function of gas flow rate at different liquid 
flow rates.

5.4.5 Influence of the rotational speed
In Figure 5.10 the overall heat exchange coefficient is plotted as a 
function of rotational speed at different liquid flow rates. The rotational 
speed doesn’t affect the liquid flow rate or the heat exchange fluid flow 
rate and therefore it has a very limited influence on the overall heat 
exchange area. However, increasing the rotational speed does increase 
the velocity of the flying droplets and therefore it decreases the contact 
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time of the liquid impinging on the heat exchange tubes. For liquid 
flow rates of 300 and 500 kg h-1 there is an influence of the rotational 
speed on the overall heat exchange coefficient. The means and standard 
deviations for these liquid flow rates are 0.67 (± 0.07) and 1.12 (± 0.09) 
kW K-1 m-2 respectively, corresponding to a change in U of 10% and 9%. 
Interestingly, for a liquid flow rate of 300 kg h-1 there is a downward 
trend in U with increasing rotational speed up to 700 RPM, while for 
a liquid flow rate of 500 kg h-1 this trend appears to be upwards. For 
liquid flow rates of 700 and 900 kg h-1 the effect of rotational speed is very 
small (less than 2% deviation), with values for the mean and standard 
deviations at 1.27 (± 0.03) and 1.45 (± 0.02) kW K-1 m-2 respectively. It 
could be that at higher rotational speeds the contact between liquid and 
heat exchange tubing is more intense, but also shorter, resulting in no 
net benefit. Alternatively, one possible explanation could be that at low 
liquid flow rates the liquid is spread more over the bottom of the rotors at 
low rotational speeds and moves more towards the heat exchange tubing 
for higher rotational speeds, this decreases the effective heat exchange 
area. Unfortunately, it only explains the value for a liquid flow rate of 300 
kg h-1. A final consideration is the change in density of the heat exchange 
fluid as a result of the change in temperature. Colder liquid, with a higher 
density is forced radially outwards harder than warmer liquid, as heat is 
exchanged towards the core of the reactor this could result in turbulent 
behavior of the heat exchange fluid inside the tubes, especially at higher 
rotational speeds. In conclusion, the effect of rotational speed on U is 
negligible for liquid flow rates of 700 and 900 kg h-1, but it has a small 
influence on U at liquid flow rates of 300 and 500 kg h-1.
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Figure 5.10: Heat transfer coefficient as function of rotational speed at different liquid flow 
rates.

5.4.6 Overall heat exchange coefficient
In Figure 5.11 the overall heat exchange coefficient is plotted as function 
of the liquid flow rate. It is clear that U increases with increasing liquid 
flow rate with values ranging between 0.67 and 1.45 kW K-1 m-2 for liquid 
flow rates of 300 to 900 kg h-1 respectively. Literature values of a shell 
and tube heat exchanger transferring heat between two water streams 
are around 0.8-1.5 kW K-1 m-2, proving its heat exchange performance 
[49]. The most likely explanation for this large spread in U is that, due to 
the limited liquid flow rate, not all of the available heat exchange area is 
used. The wetted heat exchange area inside the reactor is smaller than 
the area as used in Equation 5.1, resulting in a smaller value for U. This 
possibility is further strengthened by the observation that the value for U 
steadily increases, with a possible maximum value around 2 kW K-1 m-2. 
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Figure 5.11: Experimentally obtained values of U as function of liquid flow rate.

The area used for heat exchange increases with increasing liquid flow 
(Figure 5.10), mainly due to the better usage of the heat exchange tubes. 
By increasing the rotational speed, the liquid is forced harder against 
the redistribution rings and moves upwards inside the rotor, covering 
more of the heat exchange tubes. For low liquid flow rates, there is not 
enough liquid present to cover both the bottom of the rotor and the heat 
exchange tubes. Therefore, the location where the heat exchange occurs 
changes from the bottom of the rotor (for low rotational speeds) to the 
heat exchange tubes (for high rotational speeds). For the liquid flow rate 
of 500 kg h-1, the heat exchange tubes are wetted sufficiently to enable 
proper heat exchange as the faster flow speed of the heat exchange fluid 
inside the heat exchange tubes (compared to the bottom of the rotor the 
velocity is 6 to 15 times higher) allows for a larger temperature gradient 
through the walls. Finally, for liquid flow rates above 500 kg h-1 this 
difference in heat exchange area does not occur, as there is enough liquid 
present to cover both the bottom of the rotor and the heat exchange tubes 
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sufficiently. Small differences in U at different rotational speed can be 
explained by the relative contributions of the bottom of the rotor and the 
heat exchange tubes.  

5.4.7 Heat transfer coefficient on the tube wall
Calculations on the heat transfer coefficient of the tube wall, per Equation 
5.9 using all available experimental data, yields a value for htube of 1.64 
(±0.007)  kW K-1 m-2). Based on Equation 5.8, this would mean that this 
is also the maximum obtainable value for U. Based on Figure 5.10 it can 
be concluded that this is likely the case as values above the theoretical 
maximum value for htube are generally only found when flooding occurs. 
Therefore, it can be concluded that the heat exchange performance of 
the rotating liquid distributor is limited based on the heat exchange 
coefficient for the heat exchange tubes. 

5.5 Conclusion
The heat exchange characteristics of a rotating liquid redistributor, 
equipped with heat exchange tubes and redistribution rings, are 
experimentally determined for different rotational speeds, liquid flow 
rates and gas flow rates. The reactor features three stacked rotors 
through which the fluid flows sequential from upper rotor to lower rotor. 
The overall heat exchange coefficient, U, is calculated with the average 
values of the heat exchange coefficient of the three rotors in the reactor.

The results of the logarithmic mean temperature difference show expected 
trends: with increasing liquid flow rate the values of ΔTLN drops and as 
the fluid heats up through the rotors the values of ΔTLN drop as well. 
However, the limited downward trend at higher liquid flow indicates that 
the contact area increases, confirming our earlier observations that the 
reactor can operate at much higher liquid flow rates.

Results for the heat flow per stage show that Q increases with increasing 
liquid flow rate, reaching an apparent maximum at a liquid flow rate of 
900 kg h-1 Based on the observation that flooding occurs below the rotors, 
the values of Q follow a logical trend with similar results for all three 
rotors.

The heat exchange coefficient per rotor is, with exception of the value for 
a liquid flow rate of 900 kg h-1 in the middle rotor, in good agreement with 
each other. With increasing liquid flow rate, the value of U increases. As 
such the overall heat exchange coefficient of the reactor can be calculated 
as the average value for U per stage.
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The effect of the gas flow rate on the overall heat transfer performance is 
analyzed. For liquid flow rates of 300, 500, 700 and 900 kg h-1 the value 
of U is 0.67 (± 0.03), 1.12 (± 0.05), 1.27 (± 0.02) and 1.45 (±0.02) kW K-1 
m-2 respectively. This translates to a change in U of less than 5%, which 
is considered to be negligible and in line with the expected heat loss due 
to evaporation.

When looking at the value of U as function of rotational speed, there is a 
small change in U at liquid flow rates of 300 and 500 kg h-1 (around 10% 
change), while for liquid flow rates of 700 and 900 kg/h there is hardly 
any effect (less than 2% difference). Corresponding values for U are 0.67 
(± 0.07), 1.12 (± 0.09), 1.27 (± 0.03) and 1.45 (± 0.02) kW K-1 m-2 for liquid 
flow rates of 300, 500, 700 and 900 kg h-1 respectively. It is expected 
that the rotational speed does have an influence on the value for U as it 
increases the speed of the liquid droplets impinging on the heat exchange 
tubes and thus it is unclear why no such dependency is found. There are 
three possible reasons that this behavior is found. Firstly, the contact 
time between liquid and heat exchange tube decreases with increasing 
rotation speed negating the increase based on the impingement velocity. 
Secondly, the contact area changes from the bottom of the rotor to the 
heat exchange tubes, thereby decreasing the overall heat exchange area. 
Thirdly, the change in density of the heat exchange fluid due to the 
change in temperature, in combination with the higher rotational speed, 
changes the laminar behavior of the heat exchange fluid inside the tubes 
to turbulent behavior.

The theoretical maximum heat transfer coefficient for the tubing, based 
on the correlation for fully developed laminar flow, is 1.64 (±0.007)  kW 
K-1 m-2. As the values of U obtained for the reactor are higher this means 
that this calculated value is not limiting.

Finally, the effect of liquid flow rate on U was established. With increasing 
liquid flow rate, the value of U also increased from 0.67 to 1.45 kW K-1 m-2 
for liquid flow rates of 300 to 900 kg h-1 respectively. This is in line with 
results for traditional shell and tube heat exchangers, showing the heat 
exchange capabilities of this proof-of-concept reactor. It was found that 
the reactor heat exchange performance is limited by the heat exchange 
through the inner wall of the heat exchange tubes. As such, improvement 
of the overall heat exchange coefficient can be achieved if the tube heat 
exchange capabilities are improved. This can be achieved by using a 
condensing or boiling heat exchange fluid or, alternatively, increase the 
flow rate of the heat exchange fluid.
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This thesis describes the research on a novel RPB reactor that incorporates 
redistribution rings and heat exchange tubing inside the packing of 
the rotor. The reactor is named the rotating liquid redistributor and it 
features three stacked rotors inside a stainless-steel casing, which enables 
liquid flow rates up to 10 m3 h-1, rotational speeds up to 1500 RPM and 
pressures up to 8 bar with integrated heat exchange capabilities. The 
effectiveness of the redistribution rings, which should improve the overall 
wetting of the packing by redistribution of the liquid in axial and angular 
directions, is determined as well as the heat transfer performance of 
the proof-of-principle reactor. The driving force for this new design is to 
resolve a number of outstanding issues in conventional RPBs. The first 
outstanding issue is the inherent liquid maldistribution at larger bed 
radii due to an increase of the cross-sectional flow area, which limits the 
radial scaling of the bed. The second issue is the inability to easily stack 
multiple rotors due to the presence of an initial liquid distributor nozzle 
that ensures a proper initial wetting of the packing, which forces the 
liquid to be pressurized before each rotor. The third outstanding issue 
is the inability to enter random packing inside an RPB as the packing is 
fixed to the rotor in conventional RPBs. The fourth and final outstanding 
issue is the inability to exchange heat inside the packing of conventional 
RPBs, which disallows the intensification of endothermic and exothermic 
reactions.

In Chapter 2 of this work the effectiveness of the redistribution rings is 
experimentally determined via visual analysis of the liquid layer thickness 
on the inside of the redistribution rings. The liquid layer thickness is a 
measure for the local liquid flowrate and thus for the uniformity of the 
liquid flow. A design equation is developed, based on a simplified flow 
field, that relates the liquid layer thickness to the rotational speed, the 
liquid flow rate, and the open area of the rings. With deviations between 
experimental and predicted value less than 10%, this equation can be used 

Chapter 6 – Conclusion and outlook
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in the design of new RPBs with incorporated liquid redistribution rings. 
Experiments with induced liquid maldistributions proof the redistribution 
capacity of the rings by overcoming induced maldistributions of 1/4th of 
the ring with and without packing present.

Chapter 3 investigates the mass transfer performance of the three-
stage reactor without packing present, including a model to describe the 
mass transfer processes and comparison to traditional RPBs. The values 
for kGLaGL are measured and they show a gas flow independent linear 
increase with both increasing liquid flow rate and increasing rotational 
speed from 0.05 to 0.35 s-1 at gas flows above 0.40 Nm3 h-1, proving the 
absence of gas side resistances at those gas flows. The contribution of 
suspended droplets within the gas phase and their impingement on the 
next redistribution ring is estimated based on literature values, with the 
suspended droplets having a negligible contribution to the overall mass 
transfer performance. Consequently, the contribution of the impingement 
of the droplets on the next redistribution ring describes the mass transfer 
coefficient well. This experimentally determined contribution is strongly 
related to the mean momentum flux of the droplets. Comparison of the 
obtained values for kGLaGL with literature values for conventional RPBs 
show that the rotating liquid redistributor can achieve mass transfer 
performances of 50% to 75% of a single block RPB with the absence of 
packing. Furthermore, the energy dissipation rate is lower than modelled 
values for a split packing RPB at rotational speeds up to 500 RPM, but 
higher at rotational speeds above 700 RPM. This is most likely due to 
liquid flooding that increase the friction within the reactor substantially. 
Outside of the flooding regime, the mass transfer performance can be 
linearly improved, i.e. a 500% increase in the energy dissipation rate also 
enables a 500% increase in kGLaGL.

The effect of the addition of packing to the reactor is investigated in 
Chapter 4, where the mass transfer performance of rotor configurations 
with only packing, only redistributions rings, and both packing and 
redistribution rings are experimentally determined and compared. For 
all configurations the value of kGLaGL increases with increasing rotational 
speed and the value also increases linearly with increasing liquid flow 
rates. The experiments show that the addition of redistribution rings 
to packing doesn’t change the overall mass transfer rate, while the 
addition of packing to redistribution rings does improve the overall mass 
transfer rate. As the two mass transfer mechanisms are incompatible, 
the redistribution rings use impingement of droplets and the packing 
uses film flow, this behavior is understandable. Due to the low liquid flow 
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rates the redistribution rings are not needed for optimal distribution of 
the liquid, there is simply not enough liquid to properly wet the packing. 
Consequently, higher liquid flow rates are needed to properly test the 
liquid redistribution effectiveness of the rings. Unfortunately, this is not 
a possibility in the current proof-of-principle reactor. The mass transfer 
performance when packing is present inside the rotors is approximately 
50% - 75% that of a conventional RPB with comparable packing and 
dimensions. As this reactor doesn’t use an initial liquid distribution 
nozzle the obtained values are purely based on the contribution of the 
bed, while in conventional RPBs the nozzle accounts for at least 25% of 
the mass transfer performance of the reactors. Furthermore, this reactor 
uses three connected rotors, something not possible with conventional 
RPBs.

In the final chapter, Chapter 5, the heat exchange performance of the 
reactor is tested. Due to the presence of heat exchange tubes inside the 
packing, heat exchange is possible at the location of the reaction. In 
conventional RPBs there are a number of ways to exchange heat, all with 
their drawbacks. External heat exchange, either with a heat exchanger 
or with a heat exchange jacket around the reactor, enables hot spots 
inside the reactor that in turn lead to a decrease in reaction selectivity. 
An internal heat exchange fluid dilutes the reaction mixture, inhibiting 
the reaction intensification. This new way of handling heat exchange 
inside the rotor is tested by heating a liquid process stream with a 
heat exchange fluid in the presence of an air flow, mimicking normal 
operating conditions. As expected, the process stream is heated and a 
larger liquid flow rate results in a lower temperature difference between 
incoming and outgoing stream. Interestingly enough results show that 
the reactor is not yet operated at full capacity, not all of the available 
heat exchange area is used, and further improvement is possible. The 
overall heat exchange coefficient is independent of gas flow rate (which 
is expected), increases with increasing liquid flow rate (due to the better 
usage of the heat exchange area), and is independent of rotational speed 
(which is unexpected). An increasing rotational speed would result in 
better impingement of droplets on the heat exchange tubes, which in 
turn would increase the overall heat exchange coefficient. Based on the 
observations, there are three possible explanations: the contact time 
of the droplets decreases substantially, the contact area decreases, the 
density of the heat exchange fluid changes which results in a turbulent 
stream through the tubes. More experiments are needed to confirm 
the origin of this behavior. The overall heat exchange coefficient of the 
reactor ranges between 0.67 and 1.45 kW K-1 m-2 for liquid flow rates of 
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300 kg h-1 and 900 kg h-1 respectively, which are identical to the values of 
a conventional shell and tube heat exchanger. The calculated values are 
based on the complete usage of the heat exchange area and they are in 
line with the heat exchange coefficient of the tube wall, indicating that 
the heat transfer performance of the reactor is limited by the tube wall.

In conclusion, the rotating liquid redistributor tackles four of the 
outstanding issues in conventional RPBs. It improves the radial liquid 
distribution, enabling better radial scaling, it allows multiple rotors to 
stack without extra equipment, enabling axial scaling, it can incorporate 
different kinds of (random) packing, and it can efficiently exchange heat 
inside the packing. Therefore, it is a major improvement to the field of 
rotating equipment.

6.1 Outlook
The proof-of-principle reactor presented in this work shows the capability 
of overcoming four of the outstanding issues in conventional packed bed 
reactors: the radial scaling, stacking of multiple rotors, introduction of 
random packing, and integrated heat exchange capabilities. However, 
there are some important improvements possible that allow the reactor 
to perform even better. As flooding has limited the reactor to operate 
with both a gas flow and liquid flow present at liquid flow rates higher 
than 1000 kg h-1, improvement on that aspect opens up a lot of research 
opportunities. Without a gas flow present the reactor can achieve liquid 
flow rates of 10,000 kg h-1 (almost 3 L s-1), which is in line with reactors 
used in industry. By improving the liquid flow from one rotor to the next, 
for instance by allowing a larger space below the rotor or enlarging the 
liquid drainage pipes, the liquid flow rate could be substantially improved. 
Which in turn improves the wetting of both the packing and the heat 
exchange tubing, increase the mass transfer performance and the heat 
exchange performance respectively.

Alternatively, the reduction of the open area in the redistribution rings 
can enable a more proper liquid layer on the insides of the redistribution 
rings, which has been done for the visual experiments. This ensures a 
local cross-current flow between gas and liquid streams. Furthermore, 
it would improve the wetting of the packing and the wetting of the heat 
exchange tubes, possiblely increasing the found values for the mass 
transfer coefficient and the heat exchange coefficient.
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The placement of more than three redistribution rings inside the rotor 
can also improve the mass transfer performance. This is especially useful 
for gas liquid processes using highly viscous fluids: not only does the 
rotational acceleration help with the throughput, the absence of packing 
also takes away a major blocking element.

Similarly, the placement of more heat exchange tubes inside the rotor 
can potentially increase the heat exchange performance even further. 
Enabling highly exothermic or endothermic processes to be performed at 
high volumetric flow rates, but in a small volume at a relatively constant 
temperature. 

The heat exchange experiments were performed by heating of the process 
stream, it would also be interesting to see the cooling of the process 
stream. For instance, by using an evaporative heat exchange fluid.

Once these adaptations have been tested the reactor can be used in current 
processes in industry. With a small volume with excellent heat exchange 
performance combined with a capacity for a high liquid throughput, the 
reactor would be extremely useful in dangerous or highly exothermic 
reactions. 
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Appendix A – The liquid layer thickness
Starting from the Navier-Stokes equation in cylindrical coordinates:
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Simplification by assuming: steady state, gravity only in z-direction, no 
speed in z-direction and a constant speed in the θ-direction:
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The velocity in the radial direction should follow from the flow and the 
area, furthermore the assumption is made of no slip in the θ-direction:
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By integrating over points 1 and 2 from Figure 2.3, this results in:
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The second part, based on the formula for a flow through a hole from the 
Navier-Stokes equation:
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With the two areas and the velocity given by:
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Resulting in the final formula:
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Appendix B – The liquid side mass transfer 
coefficient
The overall mass balance of oxygen in the liquid phase for a plug flow 
reactor operating at steady state conditions rewritten to concentrations:
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With CL as the oxygen concentration in the bulk of the liquid and C’L as 
the oxygen concentration at the boundary between gas and liquid phase. 
Using the Henry coefficient (HCC), it is possible to calculate C’L based on 
the gas concentration (CG):
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The gas concentration can be determined with the overall mass balance 
at steady state:
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When looking at a counter-current process, with a volume V, the 
concentrations at different points inside the bed are:

Liquid → V  ← Gas
Liquid in (CL,in) CL Liquid out (CL,out)
Gas out (CG,out) CG Gas in (CG,in)

Rewriting the mass balance for the gas side results in:
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Combining the Equations (B.3) and (B.6) with the boundary conditions 
CL = CL,in at V = Vi and CL = CL,out at V = Vo yields:
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Which can be solved and simplified, using the knowledge that the total 
volume (V) equals (ro

2 - ri
2) π z:

k a

V H

H C H C

L GL
L

CC L

G

CC L

G

L in

CC L

G

L o

�

�

� �

�
�
�

�
�
�

�
�
�

�
�
��

�

�

�

�

�

�

1

1

ln

, , uut G in

L

G

L out

CC

G in

C

C H C

�

�

�
�
�

�
�
�

�
�
�

�
�
�

�

�

�
�
�
�

�

�

�
�
�
�

,

, ,

�

�

(B.8) 

k a

r r z H
L GL

L

o i

CC L

G

�

� �� � �
�
�

�
�
�

� ��

�
�

�
3 1

2 2

ln ...

(B.9) 

The experiments performed used nitrogen as incoming gas, as such the 
concentration of oxygen in the incoming gas is zero. Which results in the 
equation used to calculate the gas liquid mass transfer coefficient:
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Appendix C – The droplet path length
For the triangle of rn, rn+1 and Lpath with angles α, β and γ it is known that 
according to the sine rule:
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One angle is needed to solve this equation, where α can be calculated 
based on the velocity of a droplet leaving the ring at rn. The ratio between 
the radial part of the velocity (vrad, see Equation (C.2)) and the tangential 
part (vtang, see Equation (C.2)) gives the angle α:
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Which makes it possible to calculate β with Equation (C.1) and γ with 
Equation (C.5) and thus the path length Lpath.
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Appendix D – The gas side mass transfer coefficient
For a flow perpendicular to a cylinder, the Sherwood number is defined 
as:

Sh
k d

D
ARe ScG s= =

1

2

1

3 (D.1) 

With kG as the gas transfer coefficient, ds as the characteristic length, 
D as the mass diffusivity, A as a factor based on Re, Re as the Reynolds 
number, and Sc as the Schmidt number. An overview of the most 
important variables is given in Table D.1.

Table D.1: An overview of the variables used in the calculation for kG

Parameter Symbol Value Unit
Density air ρ 1.225 kg m-3

Viscosity air μ 18.46∙10-6 kg m-1 s-2

Diffusivity oxygen in air D 17.6∙10-6 m2 s-1

Characteristic length ds 5.7∙10-4 m
Factor A 0.82

The interfacial area between gas and liquid is needed in combination with 
the value for kG as obtained with Equation (D.1). The interfacial area can 
be found with Equation (3.18) assuming all gas flows as intended and no 
gas bypassing occurs. 
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Appendix E – Nomenclature
Latin symbols Unit
A Area m2

AO Ratio between open and closed area -
a Interfacial area per unit volume m2 m-3

a’p
Surface area of a 2-mm diameter bead per unit 
volume of the bead m2 m-3

at Surface area of the packing per unit volume m2 m-3

az
Acceleration of a droplet at moment of 
detachment m s-2

C Concentration mol m-3

CD Drag coefficient -
CP,L Heat capacity of the fluid J kg-1 K-1

D Diffusion coefficient m2 s
d Diameter m
dsp Spherical equivalent diameter of the packing m
f Frequency of formation per unit area m-2 s-1

H Henry coefficient -
h Height m
h Heat transfer coefficient kW K-1 m-2

HCC Henry solubility -
FC Centrifugal force N
FD Drag force N
FP Pressure force N
FS Surface tension force N
k Mass transfer coefficient m s-1

k Thermal conductivity W K-1 m-1

kGLaGL Volumetric gas-liquid mass transfer coefficient s-1

L Length of the tube m
Lpath Path length m
l Characteristic length m
MF Mean vertical momentum flux kg m-1 s-2

m Mass kg
n Amount -
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P Energy dissipation W
p Pressure bar
P0 Power required without liquid flow W
Pmotor Energy generated by the motor kW
Q Heat flow kW
r Radius m
U Overall heat exchange coefficient kW K-1 m-2

V Volume m3

v Velocity m s-1

W Width m

v┴
Vertical component of the droplet impact 
velocity m s-1

 

Greek symbols Unit
α Angle between rn and Lpath rad
β Angle between rn+1 and Lpath rad
γ Angle between rn and rn+1 rad
δ Angle between rz and Lpath rad
ΔrF Liquid layer thickness m

ΔTA

Temperature difference beteen the incoming 
heat exchange fluid and the outgoing reactor 
fluid

K

ΔTB

Temperature difference between the outgoing 
heat exchange fluid and the incoming reactor 
fluid

K

ΔTL
Temperature difference between in- and 
outgoing reactor fluid K

ΔTLN Logarithmic mean temperature difference K
ε Axial liquid layer variation m
Θ Three-phase contact angle rad
μ Dynamic viscosity kg m-1 s-1

ν Kinematic viscosity m2 s-1

ρ Density kg m-3

σ Surface tension kg s-2
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σc Critical surface tension kg s-2

σw Surface tension of water at 25 °C kg s-2

τ Contact time s
τmax Maximum allowable torque N m
φ Flow rate m3 s-1

ω Rotational speed rad s-1

Dimensionless groups
Bo Bond number
Gr Grashof number
Nu Nusselt number
Pr Prandtl number
Re Reynolds number
Sc Schmidt number
Sh Sherwood number
Tm Time group
We Weber number

Subscripts
1 At the gas-liquid interface
2 At the liquid-ring interface
3 At the ring-gas interface
B At W = 0 (bottom)
Evap Evaporation
f Foam
G Gas
GL Gas-liquid
HEF Heat exchange fluid
i Inner
in Ingoing
L Liquid
Liq Reactor liquid
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Loss Energy loss to surroundings
o Outer
or Orifice
out Outgoing
p Droplet
r Ring
s Solid
rad In radial direction
T At W = Wbed (top)
tube Tube
tang In tangential direction





 

Acknowledgements



156 Acknowledgements

This thesis would have never been finished if it was not for the support 
of a number of people who I want to thank for all their help. Some I have 
met during my time at the university in Eindhoven, some I have met in 
Groningen and a couple I know already for pretty much my entire life. 

Allereest, voor pap, jouw opvoeding heeft mij gemaakt tot de mens die ik 
nu ben en daar wil ik je hartelijk voor bedanken. Ik weet dat ik altijd op je 
kan rekenen en je ondersteuning de afgelopen vijf jaar hebben mij meer 
geholpen dan je waarschijnlijk zelf door hebt gehad. 

Daarnaast natuurlijk ook de rest van de familie bedankt. Tim, Bas en 
Renée, ik ben er enorm trots op jullie mijn familie te mogen noemen en te 
zien hoe jullie genieten van het leven. Ook jullie ondersteuning heeft me 
waanzinnig geholpen tijdens het promoveren.

Michiel; ik wil je graag vanuit de grond van mijn hart bedanken voor 
je inzet de afgelopen vijf jaar. Zonder jou had ik zeer waarschijnlijk het 
bijltje er al tijden bij neergegooid. De dank voor de hoeveelheid advies 
en terugkoppeling die je mij gegeven hebt, zijn niet in woorden uit te 
drukken. Ik hoop dat jij net zo genoten hebt van onze samenwerking als 
ik. 

Uiteraard ook een woord van dank aan jou, John. Alhoewel we het niet 
altijd over alles eens waren, ben ik je er enorm dankbaar voor dat ik mijn 
promotie onder jouw toezicht heb uit kunnen voeren.

To my graduation committee, Prof.dr.ir. R. Tuinier, Prof.dr.ir. F. Gallucci, 
Prof.dr.dipl.-ing. A. Gorak, prof.dr.ir. A.A. Kiss, prof.dr. E. Rebrov, prof.
dr.ir. M. van Sint Annaland: thank you for your willingness and effort in 
reviewing my thesis. A special word of thanks to Prof.dr.dipl.-ing. Andrzej 
Górak, who told me in my first year of research that he would be part of 
my committee, for keeping his promise.

Verder natuurlijk ook enorme dank aan de rest van de vaste groep: Denise, 
omdat ik me door jou meteen helemaal thuis voelde en alles waarbij je mij 
geholpen hebt. Erik, voor alle hulp bij het in elkaar knutselen van mijn 
opstelling en het beantwoorden van technische vraagjes. Madan, voor de 
ondersteuning bij het installeren van mijn reactor en alle terugkoppeling 
tijdens het ombouwen. Peter, voor de tienduizend kleine dingetjes die je 
tegenkomt als je aan het knutselen bent en natuurlijk de gezelligheid 
tijdens het borrelen en pubquizen. Carlo, voor alle ondersteuning en 
de controle op de veiligheid. Marlies, voor alle gezellige gesprekjes en 
hulp bij de analyses die ik heb uit moeten voeren. Joris, voor de kleine 
handigheidjes bij het knutselen en het meedenken. Saskia, voor het 



157 

helpen bij de laatste fase van mijn promotie en alle ondersteuning die 
je me daarbij gegeven hebt. En Jaap, alhoewel je alleen in het begin 
betrokken was bij mijn onderzoek ben ik je zeer erkentelijk voor alle hulp 
die je me gegeven hebt.

Furthermore, I really enjoined my time in the group. Thanks to my 
officemates for the great atmosphere in STW1.26. Shamayita and Teresa, 
although you are both out of the office for a while, I really enjoyed the 
conversations we had. You made me feel welcome and for that I’m very 
grateful. Amin, I know that you confiscated my chair for your coat and 
you’re more than welcome to do so. I really enjoyed sharing the office with 
you, even though our working regimes weren’t always overlapping. We 
need more nice music and terrible jokes in our life. 

Leander and Vince, thank you for helping me survive the Corona 
lockdown and the fun times we had before that. Also, thank you, Pia, 
as you made the time at the university so much more fun; I hope you 
survived all the terrible jokes I made. Ria, for your serious feedback and 
the addition of a little purple into my life. Koen, Robin, Cecilia, Erik and 
Jolanda, I really enjoyed all the pubquizes we did as “nothing is cooler 
than absolute zero”. Alexei, for your boundaryless enthusiasm. Carola, 
Alparen, Brandon, Vishnu, Arash and Serena, for all the nice activities 
and drinks. And of course, the rest of the group: Anke, Arnab, Arturo, 
German, Harith, Kostas, Maurillio, Myrto, Rodrigo, Roel, Roy, Stephane, 
Thijs and Vladan. Thanks for the all the nice things we did together.

Also, I greatly enjoyed my time in the PhD council as well as the faculty 
council and the organization of all the events related to them. Thank 
you, Tim, Gilles, Bernette, Pieter, Annelore, Joeri, Pascal, Machiel, 
Christiaan, Kim and everyone I’m forgetting.

Natuurlijk ook nog bedankt aan mijn bestuursgenoten; Lianne, Renée, 
Bart en Lotte. Het is ondertussen alweer een tijdje geleden dat we “echt” 
bestuur waren, maar dat neemt niet weg dat we nog steeds op elkaar 
kunnen steunen. Dank voor alles wat jullie gedaan hebben en jullie 
vertrouwen in mij.

Uiteraard ook bedankt, Hans en Daan, voor alles wat we samen hebben 
meegemaakt. Alhoewel we nu wat verder van elkaar weg wonen, blijft het 
altijd gezellig als we elkaar zien. Grappig eigenlijk dat sommige dingen 
nooit veranderen. 



158 Acknowledgements

Jarne, Willem, Sammie, Sietse en Jordi; het is altijd gezellig om met 
jullie te kletsen onder het genot van een klein spelletjes. Hetzelfde geldt 
uiteraard ook voor Peter, Sanne, LJ en Kasper. Ver weg, maar toch zo 
bereikbaar.

Ook mijn hockeyteam heeft me enorm geholpen de afgelopen jaren, zo 
blijkt maar weer dat sporten gezond voor je is. Over de derde helft hebben 
we het verder niet. 

Verder ook bedankt aan alle mensen die ik vergeet, want daar ontkom je 
helaas nooit aan.

Als laatste nog dit. Mam, ik vind het heel erg jammer dat je nooit hebt 
kunnen meemaken wat wij van ons leven hebben gemaakt. Ik weet zeker 
dat je onwijs trots op ons geweest zou zijn en ik ben je eeuwig dankbaar 
voor de waanzinnig leuke jeugd die ik gehad heb. Ik mis je.



159About the author

About the author
Jasper Anton Hacking was born on the 4th of July 1991 in Amsterdam, 
The Netherlands. After finishing high school in 2009 at the municipal 
gymnasium in Hilversum, The Netherlands, he studied Chemical 
Engineering at the University of Groningen in The Netherlands. In 
2016 he graduated after defending his master thesis titled “Kinetic 
study on the acid catalysed dehydration of fructose/glucose mixtures 
in water-MIBK biphasic systems” within the Green Chemical Reaction 
Engineering group of Prof.dr.ir H.J. Heeres. He started his PhD project 
in June 2016 in the Laboratory of Chemical Reaction Engineering, now 
Sustainable Process Engineering, at the TU/e under the supervision of 
Prof.dr.ir. J.C. Schouten and Prof.dr.ir. J. van der Schaaf in collaboration 
with Nouryon, formerly AkzoNobel specialty chemicals. This resulted in 
this PhD thesis titled “Hydrodynamics and heat transfer in a rotating 
liquid redistributor”.




	Thesis cover
	Thesis paginas

