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Summary
In the production of fine chemicals and pharmaceuticals, three-phase batch reactors
using slurry catalysts are mostly applied due to their high flexibility. Nevertheless, the
catalyst particles need to be filtered from the liquid which is a costly and time
consuming operation. Moreover, attrition and agglomeration of the catalyst often
occur and the reusability of the catalyst is not always possible. These drawbacks can
be overcome by fixing the catalyst to a stirrer. An example of this concept is the
rotating foam stirrer reactor, where highly porous open-celled materials, solid foams,
are used both as a catalyst support and as stirrer. The main advantages of solid foams
as catalyst support are their high geometric surface area and their low pressure
drops. They are characterized usually by an average pore size of the cells making up
the structure, commonly referred to as the pores per linear inch or ppi number. In
this study metallic foams are used due to their high mechanical stability which is an
important property for a stirrer. The foam surface area is further increased by
deposition of a catalyst washcoat layer.
This work presents the catalytic application of rotating foam stirrer reactors for
typical hydrogenation reactions. By varying the geometrical surface area of the foam
(foam ppi), the coating characteristics (thickness, porosity, location of active sites),
and the foam stirrer geometry (blade stirrer, donut-shaped block stirrer), it is possible
to optimize the reactor performance in cases where mass transfer is affecting the
overall reaction rate and selectivity of the process. This work also demonstrates that
compared to a conventional slurry reactor at same power input, the rotating foam
stirrer reactor exhibits a better performance due to enhanced mass transfer
characteristics.
A recipe for the preparation of palladium on alumina coated foams is presented in
chapter 2. A stable and homogeneous alumina layer was deposited on aluminum
foams by a combination of anodization and washcoating. The deposition of the active
phase was carried out by the ion-exchange method. Catalytic coatings were produced
having a thickness between 10 and 40 μm, a porosity of around 50%, a specific
surface area up to 28.5 m2/gfoam, and a palladium dispersion up to 48%. The foam
catalysts were tested in the hydrogenation of 3-methyl-1-pentyn-3-ol. This reaction
was chosen as a model reaction for the selective hydrogenation of functionalized
alkynes to alkenes, an important process in the fine chemicals industry. The effect of
the catalyst coating characteristics on the reactor performance was investigated. The
foam stirrer design was a 2-blade foam stirrer. Internal and external mass transfer
limited the reaction rate of this fast reaction. Coating thickness of less than 5 µm
ix
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needs to be applied in order to avoid internal mass transfer limitations. An optimum
reaction rate was observed when using a 20 ppi foam stirrer. This foam pore size
combines a high geometrical surface area with a fast refreshment of the catalyst
surface. This chapter also demonstrates the stability of the foam catalyst during the
hydrogenation reaction. A drop of 50% in reaction rate was observed after the
seventh run. A 70% of the initial foam activity was recovered by a
calcination/reduction treatment.
Chapter 3 discusses the modeling of external and internal mass transfer rates for the
rotating foam reactor having the blade stirrer configuration. The gas-liquid mass
transfer, kGLaGL, was measured by the physical absorption method. The internal mass
transfer and the liquid-solid mass transfer, kLSaLS, were estimated using the
hydrogenation reaction data presented in chapter 1. A kGLaGL value of 0.6 s-1 was
measured, which is 6 times higher than that obtained in the slurry reactor equipped
with a Rushton stirrer. This is explained by the larger amount of finer dispersed gas
bubbles created with the foam stirrer. The highest kLSaLS value of 0.2 s-1 was
estimated for the 20 ppi foam. This is 17 times higher than that estimated for the
Rushton stirrer. The enhanced liquid-solid mass transfer in the foam stirrer is
attributed to the higher liquid-solid interfacial area, aLS, as well as the faster liquid
flow over the foam catalyst surface which leads to higher liquid-solid mass transfer
coefficients, kLS. The use of smaller foam pore sizes is not feasible. Although the aLS
increases with the foam ppi, the kLS is drastically decreased due to higher frictional
pressure drop. Compared to the slurry catalyst, the selectivity of the solid foams was
higher because the effective diffusion length, i.e., the coating thickness, can be
chosen thinner than the radius of the slurry particles. The effective diffusion
coefficients estimated from the experimental data were in the same order of
magnitude as in the bulk liquid. This suggests that the reaction mainly took place at
the outer shell of the washcoat, meaning that the preparation method presented in
chapter 1 lead to an egg-shell type catalyst, which was confirmed by EDX. In the
kinetically limited regime, the production rate was increased by mounting more
active blades on the stirrer shaft.
In order to increase the foam surface area per reactor volume, which can be used for
catalyst deposition, a donut-shaped foam block stirrer was developed. The liquidsolid mass transfer of such foam stirrer design is studied in chapter 4. The
hydrogenation of styrene was used as a model reaction. Compared to the foam blade
stirrer, the kLS is 5 times lower. This is explained by the reduced liquid circulation
through the foam packing caused by a higher frictional pressure drop. The pore
Reynolds number indicates that the flow is in the laminar regime for the foam block
stirrer while it is turbulent for the blade stirrer. Local measurements of kLS along the
x
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height of the foam block structure indicate that efficient liquid circulation is found
only in the upper reactor part. By changing the shape of the center section to a
conical one, an improvement of 20% was obtained. Further optimization of the baffle
design should be considered to enhance the reactor performance. However, the
foam block stirrer offers a higher aLS than the blade stirrer, resulting in higher liquidsolid mass transfer rates. kLSaLS values up to 0.5 s-1 were obtained. Because of the
excellent mass transfer characteristics of the foam block stirrer, the same production
rate as in the slurry reactor was achieved using 62% less catalyst at similar power
input.
In chapter 5 the horizontal rotating foam stirrer reactor is introduced with the aim of
enhancing the transport of the reactants from the liquid phase to the catalyst
surface, which is often the rate limiting step in heterogeneous catalyzed reactions. A
donut-shaped block is mounted in a horizontally oriented stirrer shaft and the reactor
is partially filled with liquid. The advantage of this configuration is the alternating
contact of the solid foam with the gas and the liquid phases, which enhances the
foam surface refreshment and thus the mass transfer coefficients. The gas-liquid
mass transfer measured spectrometrically and the gas-liquid flow distribution studied
by γ–ray tomography are discussed for the systems water/air and glycerol/air.
Depending on the stirring speed and the liquid holdup, three flow sates could be
distinguished for an unbaffled reactor: the trickle state, the slosh state and the ring
state. In the trickle state the liquid flows in a thin stream over the foam while in the
slosh state the liquid is pushed up by the foam and sprayed. In the ring state a
cylindrical liquid layer on the reactor and a central void near the axis appeared. From
the standpoint of gas-liquid contact, the slosh state is desirable due to a higher gasliquid interface. kGLaGL values up to 0.32 s-1 were measured, which is comparable to
gas-liquid mass transfer rates in slurry reactors.
However, tomographic images demonstrated that the slosh state lead to dried
sections in the outer ring of the foam structure and near the stirrer shaft because of
the centrifugal force. This effect was more pronounced for thicker foam structures.
The dried section in the outer ring of the foam block is favorable since it is quickly
being in contact with the liquid phase and refreshed. This enhances the mass transfer
coefficients kGL and kLS. In contrast, the dried section near the shaft remains dry and
becomes larger as the power input is increased. This foam section does not
contribute to mass transfer, meaning that the interfacial areas aLS is reduced. The
overall result is a reduced mass transfer rate. This is illustrated in chapter 6 where
the liquid-solid mass transfer rate in the horizontal foam stirrer is discussed. The
dissolution of copper by potassium dichromate is chosen as a model reaction. The
use of baffles is investigated to enhance the reactor performance. Baffles
xi
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perpendicular to the reactor wall are placed at the top with the purpose of reducing
the amount of liquid that is sprayed by the foam and direct the liquid to the bottom
of the reactor. Baffles with a tilted angle are placed on the reactor lids to force the
liquid to flow into the center of the foam packing. With this baffles design, a
significantly improvement of the liquid-solid mass transfer rate in the slosh state was
observed. Compared to an unbaffled reactor, the mass transfer rate is more than
doubled. A maximum kLSaLS value of 0.9 s-1 was obtained in the horizontal foam stirrer
which is 50% higher than that achieved in the vertically oriented foam configuration.
A disadvantage is the increased power consumption. An optimization of the number
of baffles should be considered. Nevertheless, a clear advantage of the horizontal
foam stirrer design is the enhanced liquid circulation through the foam block packing.
Unlike the vertical foam stirrer, this allows the use of smaller foam pore sizes (ppi >
40) and thus the increase of surface area for catalyst deposition.
Chapter 7 covers the catalytic application of the horizontal rotating foam stirrer
reactor in the selective hydrogenation of a functionalized alkyne (3-methyl-1pentyn3ol) to alkene. Since plug flow conditions along with high intensity mixing are desired
for achieving high conversion and selectivity, a multistage horizontal rotating foam
stirrer reactor is used in semi-continuous operation. This consists of a horizontal
vessel compartmentalized by vertical baffles and equipped with an impeller in each
compartment. The impeller is a donut-shaped foam block, which is also used as
catalyst support. A reactor model consisting of stirred tanks in series with backflow
and dead volume is developed based on single phase residence time distribution
measurements. Under the conditions used in this study, the foam reactor exhibited a
dead volume of 23% and a backflow ratio between 1 and 2. Both parameters were
independent or slightly influenced by the stirring speed and liquid flow rate. It is
shown that for long residence times (e.g. tm = 800 s), near plug flow behavior can be
achieved in the horizontal rotating foam stirrer when 6 ideal stages are used. This
results in higher selectivity towards the desired product. However, the reactor
performance is reduced in the presence of dead volume and backmixing. As a result,
10 stages are needed. For shorter residence times (e.g. tm = 800 s), the nonideal
behavior in the horizontal foam stirrer reactor is overcome and 2 well-mixed
compartments are sufficient to achieve plug flow conditions. However, the reactor
productivity is limited. Short residence time leads to high selectivity but low
conversion.
In general, this thesis shows promising applications of rotating foam stirrer reactors
for fast catalytic reactions that would suffer from mass transfer limitations if carried
out in conventional slurry reactors. In chapter 8 some recommendations are
discussed for further reactor optimization.
xii

1 Introduction
In the last decades, green chemistry has gained a strong foothold in the areas of
research and development in both industry and academia. The successful
implementation of greener chemical processes relies not only on the development of
more efficient catalysts for synthetic chemistry but also, and as importantly, on the
development of reactor and separation technologies which can deliver enhanced
processing performance in a safe, cost-effective and energy efficient manner. Process
intensification has emerged as a promising field which can effectively tackle the
challenges of significant process enhancement, whilst also offering the potential to
diminish the environmental impact presented by the chemical industry. Through
process intensification, chemical companies strive to enhance production of chemical
products by decreasing energy consumption, increasing reaction rates, reducing
wasted energy and costs associated with waste products, improving purification
steps, reducing equipment size, increasing safety and operational simplicity, etc [1].
Concerning multiphase catalytic processes, it has become clear that multifunctional
and structured reactors will play a key role in the near future. Structured reactor
packings such as monoliths, fibers and foams have the advantage that they show
improved hydrodynamic properties when compared with conventional reactor
packings (e.g. spherical particles, Rasching rings, Berl saddles) in terms of pressure
drop, flow distribution and contact between the phases. As a result, enhanced mass
transfer rates are obtained leading to higher reactor productivity [2-5]. This chapter
describes basic issues in the selection, design and operation of structured multiphase
reactors. Industrial applications and current research in this field are discussed.

1.1 Multiphase catalytic processes and conventional reactors
Among the various chemical reactions occurring in broad range of industrial
application areas, catalytic gas-liquid-solid reactions are widespread. Some examples
are oxidation, hydrogenation, hydro-desulfurization, and the Fischer-Tropsch
synthesis. In three-phase catalytic reactions, gas and liquid phase reactants are in
contact with a solid phase catalyst. The reacting components must be efficiently
mixed and also conditions have to be created to transport those components
efficiently across the interfaces between the phases, such as the surface of a gas
bubble and the surface of a solid catalyst particle.
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The so-called “film theory” is generally used to model the transport process. This
theory describes the barrier to mass transfer across the interface by a thin film, in
which the concentration of the transported components drops due to diffusional
resistance. In the film theory, the rate at which component “i” is transported from
the bulk of one phase to another is proportional to the mass transfer coefficient, k,
the specific interfacial area, a, and the concentration difference, ∆Ci.
The mass transfer coefficient depends primarily on the hydrodynamics conditions and
the physico-chemical properties of the phases involved. The engineering formulas
correlating the mass transfer coefficients with system hydrodynamics and physicochemical properties are usually expressed by the Sherwood number. In gas-liquid or
liquid-liquid systems the specific interfacial area also depends on system
hydrodynamics and physic-chemical properties. The interfacial area between fluid
and solid is obviously dependent on the size and geometrical form of the solid phase.
When a porous catalyst is used, both dissolved gas reactant and liquid reactant
diffuse into the porous of the catalyst where they react at the active sites. This
resistance depends on the diffusion path length within the catalyst (e.g. plate
thickness or particle diameter) [6-7].
If the reaction kinetics is fast compared to the rate at which one or more components
are transported from the given phase to the reacting phase, one speaks about a mass
transfer limited reaction regime. In this situation, the reaction rate is increased by
increasing the rate of mass transfer. For externally mass transfer limited reactions
(gas-liquid or liquid-solid mass transfer), this can be done by intensifying the
hydrodynamics of the system in order to increase the mass transfer coefficient and
the specific interfacial area, or by increasing the concentration difference (for
instance by increasing the partial pressure of the component “i” in the gaseous phase
if the transport is to take place from gas to liquid). For internally mass transfer limited
reactions, the diffusion path needs to be reduced by using smaller catalyst particles
or egg-shell type catalysts.
Often used term to describe de degree of mass transfer limitation in a multiphase
reacting system is the so called effectiveness factor, η. This represents the ratio
between the observed reaction rate and the reaction rate at external surface
conditions (maximum mass transfer rate). Hence, small values for η correspond to
the mass transfer limited regime, whereas values of η close to one correspond to the
kinetic regime. For enhancing the reactor performance, it is of fundamental
important to identify the rate determining step in a multiphase process [6-7].
Different types of reactors have been used for heterogeneous catalytic reactions. The
major ones are the stirred tank slurry reactor, the slurry bubble column reactor and
2
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the packed bed reactor. The first is generally operated in (semi) batch mode, while
the last is applied in continuous mode. The choice of a suitable reactor is strictly
connected with the requirements and characteristics of the process and the
engineering aspects. Each reactor type has its own advantages and drawbacks.
In slurry reactors, the catalyst is in the form of small particles with a size of the order
of 10 – 100 µm, suspended in the liquid by the fluid motion. In fixed bed reactors
such as trickle bed reactors, the catalyst is usually in the form of porous pellets (3 – 6
mm) or extrudes (1-2 x 3-6 mm), poured randomly into the reactor, and the liquid
flows downward over the catalyst. Slurry type reactors offer high heat removal
(favorable in case of highly exothermic reactions), flexibility in operation (convenient
when the catalyst life span is rather short), and a high internal effectiveness factor
because of the very small particle size. The major disadvantage of these reactors is
the required separation of product and catalyst, necessitating a filtration step which
is a costly and time consuming operation. Moreover, reusability of the catalyst is
often not possible due to catalyst attrition. When applied in continuous mode,
backmixing lowers the conversion and usually the selectivity.
Fixed bed reactors suffer from ineffective catalyst use since large particle must be
used to limit the pressure drop. These reactors are typically applied for processes
involving slow reactions because of their advantage of high catalyst loading and
longer residence time. Because of the low and tortuous porosity of the packed bed,
liquid flow rates are limited to low values in order to avoid the development of
pockets of stagnant liquid, which can lead to an undesired high pressure drop and
eventually flooding, when in counter-current operation. Due to the limitations
imposed on the flow rates, packed beds show incomplete catalyst wetting and poor
mass transfer rates. Liquid mal distribution may give rise to hot spots and cause
runaways and sintering of the catalyst. Another major drawback of conventional
reactors for multiphase reactions is the difficulty of scale-up to industrial size units [34, 8-11].

1.2 Structured multiphase reactors
To overcome the above mentioned difficulties for the conventional multiphase
reactors, research has led to the use of structured packing. A structured reactor
contains a structured internal which can be made out of ceramics, metals or carbon,
situated inside a reactor. The most important kinds of structured catalysts for gasliquid-solid reactions are the following:

3
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• Monoliths: composed of a large number of straight and parallel channels that

extend throughout the body (Figure 1.1.I). The geometry of the channels can be
varied and the cell density is usually expressed in cells per square inch (cpsi).
The geometric surface area of the monoliths ranges from 600 to 6000 m2/m3,
with a void fraction of 70 to 85% [2, 6].
• Sandwich structures: formed by embedding catalyst particles between two

(permeable) screens (perforated plates, web of microfibers, gauze). Sandwiches
are then stacked typically in a circular or rectangular configuration (Figure
1.1.II). The geometric surface area of the sandwich structures ranges from 150
to 500 m2/m3, with a void fraction of 85 to 95% [2, 12].
•

Fibrous structured catalysts: consisting of structures of threads that are ordered
by knitting or weaving and rolled up before being packed into a tubular reactor
(Figure 1.1.III). Because of the small fibre size (in the order of µm) a very high
geometric surface area can be achieved (> 10000 m2/m2) [12-13].

•

Solid foams: made of interconnected solid struts forming a network. The unit
cell in foams resembles a polyhedron with pentagonal or hexagonal faces that
limit a spherical-like inner space. Each cell, defined by the hollow volume of the
polyhedron, constitutes a pore (Figure 1.1.IV). The cell size is commonly
expressed in terms of pores per linear inch (ppi) and it can vary from 5 to 100
ppi. Typical geometric surface area and porosity values range from 200 to 8500
m2/m3 and from 80% to 97%, respectively [14-15].

The main advantages of using these porous structures are the high contact surface
between the fluid and the solid phase (for generation of mass transfer area) and the
high voidage suitable for low pressure drop applications. However, the external
surface is by far not sufficient for a catalyst support and a layer of a porous catalytic
support needs to be added. The washcoating method using the slurry technique or
sol-gel deposition is often used for this purpose [16-21]. The resulted layer is
mechanically stable and allows for a high dispersion of the active phase. The
thickness of the washcoat layer can be easily tuned to prevent internal mass transfer
limitations which results in higher catalyst utilization and improved selectivity. In
addition, structured reactors do not require the filtration of small catalyst particles
leading to an easier catalyst handling.

4
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(I)

(II)

(III)

(IV)

Figure 1.1 Structured packings. I) monoliths with different channel geometries: a) square 25
cpsi, b) square finned 25 cpsi [22]. II) sandwich packing Multipak [23]. III) woven carbon
fibers: a) general view, b) SEM showing elemental fibers [24]. IV) solid foams with different
cell densities: a) 10 ppi, b) 40 ppi. The graduated markings below are in mm [5].

1.2.1

Structured column beds

Structured bed reactors can be seen as an intensified form of a randomly packed bed
reactor. The structured packings are designed to snugly fit into a reactor column. The
advantage of a structured bed reactor is that it may be designed in full detail up to
the local surrounding of the catalyst, allowing ultimate precision. Moreover, the
structured bed reactors effectively allow the decoupling of intrinsic kinetics, transport
phenomena and hydrodynamics. This decoupling is extremely valuable because it
allows independent optimization of all these three aspect each of which has a
significant influence on the reactor performance.

5

Chapter 1. Introduction

The best example where decoupling between hydrodynamics and reaction rates is
needed is the requirement of small particles for high catalyst effectiveness whereas
hydrodynamics is demanding a low pressure drop and as a consequence, the particles
should be large. These two are the classical conflicting demands in a conventional
packed bed.
By coating the structured packing with catalysts, short diffusion distances can be
obtained which allows maximum catalyst effectiveness at minimal pressure drop [3].
The added value, in comparison to egg-shell type catalysts, is that the structured
catalyst also helps to improve the external mass transfer [25]. Due to the structured
nature of the packing, the effect of liquid maldistribution is significantly reduced.
Therefore, there is a narrow residence time distribution (close to plug flow) and a
reduced risk of hot sport formation. Furthermore, in structured reactors, the
geometry typically consists of many repeats of a simple building block. Repeating the
exact same geometry over and over suggests that a design for that single building
block is sufficient to describe the entire reactor. As a result, the scale-up to industrial
relevant size is considerably easier [10].
The idea of moving from the traditional packed bed to the structured bed, i.e.
monolith, wire or foam either made of stainless steel or ceramic, is becoming more
and more popular during the last decade. The main difference between the
monolithic catalyst and the structured catalysts distinguished in section 2 is in the
rates of radial mixing in the reactor: from zero radial mass transfer in monolithic
reactors to a very intense radial mass transfer in reactors with foam, fibre or
sandwich structures. Due to the relatively twisting path of reactants in these latter,
the pressure drop is obviously higher than in monoliths of the same voidage [2, 5,
26].
Monoliths have drawn the most interest from industry as slurry replacement. AkzoNobel commercially uses monoliths in the anthraquinone process for peroxide
synthesis, which is a fast reaction that is normally carried out in a slurry process.
AirProducts and Chemicals, Inc. have used monoliths in loop configurations for
nitroaromatic hydrogenations. In both of these applications, the monolith
outperforms slurry systems and adds additional advantages: for the Akzo-Nobel
process, the fixed-bed character of monoliths eliminates the critical filtration step,
whilst for the Air products process, the low pressure drop of the monoliths allows the
high recycle ratio needed to prevent excessive temperature rise in the column [25].
Some examples of catalytic applications of monolithic reactors that have been
discussed in literature include hydrogenation [27-31] and oxidation [32] reactions as
well as Fischer-Tropsch synthesis [33-34]. For fibrous structured beds mainly
6
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hydrogenation reactions have been considered [35-38]. Regarding the use of solid
foams as catalyst support, mostly single-phase applications have been reported in
literature [39-46]. Foam reactors have been successfully applied in the hydrogenation
of nitrite [47]. Modeling studies on the performance of solid foam as structured
catalyst support for multiphase processes can be found in [48-49].
1.2.2

Rotating backed beds

A rotating packed bed (RPB) has been developed as a counter-current gas-liquid
contactor which replaces gravity with centrifugal force. This technology is named
“Higee” (an abbreviation for high gravity). The device consists of a rotating doughnutshaped packing element contained in a static housing. The liquid is sprayed on the
inside edge of the packed bed and is thrown outwards by the centrifugal force. The
gas is introduced from the outside and, due to the imposed pressure gradient, flows
inward (counter-current) to the liquid.
Owing to the larger centrifugal acceleration, thin liquid films and tiny liquid droplets
are produced to interact strongly with the gas stream. Hence, a significant increase in
the gas-liquid interfacial area and mixing efficiency can be achieved in a RPB.
Moreover, such a system can be operated at high gas and liquid flow rates because
the likelihood of flooding is decreased. Therefore, mass transfer enhancement of one
or two order of magnitude is frequently achieved in a RPB, and its size is reduced
markedly when compared with that of a conventional packed column. This leads to
reductions in both capital and operating costs [50-51].
The RPB improves mass transfer in many processes, such as absorption, stripping,
distillation, and reactive precipitation [52-56]. However, visual observations reported
by Burns et al. [57] indicate that the liquid travels through the packing in rivulets and
droplets rather than as an even film flow. The aggregation of liquid into rivulets
causes a maldistribution of liquid and gas within the packing, reducing the area for
mass transfer. Due to the insufficient wetting of the solid surface, rotating packed
beds have not been yet applied for heterogeneous catalyzed reactions.
Boodhoo et al. [58] performed fermentation studies in a Higee bioreactor for the
production of polyhydroxyalkanoate (PHA). The yield of PHA obtained was lower than
the corresponding values achieved in a conventional slurry reactor. The authors
attributed the reduced performance of the Higee bioreactor to an inadequate
temperature control in the reactor due to a large amount of heat being transferred to
the fermentation medium from the rotary union.
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1.2.3

Catalytic stirrers

Recently, some research groups have developed a structured reactor that combines
the mixing and the catalytic function by fixing the catalyst to a stirrer. Structured
catalysts such as monoliths, fibers and foams are mounted on the stirrer shaft as
blades [59-61]. The main advantage of such catalytic stirrer is that the reaction
mixture can be drained off easily, without the need to filter the catalyst particles. The
easy recovery of the catalyst allows performing as many reuses as necessary.
Attrition and agglomeration of the catalyst are also prevented. In addition, the safety
is improved when compared to a conventional slurry reactor. In case of a runaway,
fast shutting down is possible by stopping the impeller.
This type of structured reactor is similar to the rotating catalytic basket reactor
developed by Carberry [62], in which a basket filled with catalyst particles of any
dimension and shape is stirred at high speed. The rotating catalytic basket reactor
was introduced as a laboratory reactor for the measurement of kinetics under
minimal mass transfer limitations [62-63]. However, internal diffusion limitations and
insufficient flow rates through the catalyst packing are a concern [64-66], which can
be solved by the use of highly permeable packing.
The distinct advantage of catalytic stirrer reactors over Carberry reactors is the
possibility of fixing the geometry of the structured catalyst to ensure the absence of
mass transfer limitations. Fine chemicals synthesis is often conducted under time
constraints that do not allow elaborate scale-up studies. Overdesign of mass transfer
which is feasible with structured packings, is most welcome to minimize surprises
during the batch campaigns [25].
A disadvantage of catalytic stirrers is the lower catalyst loading when compared to
slurry reactors. The amount of catalyst can be tuned by increasing the geometrical
surface area of the structured packing or by increasing the number of blades
attached to the stirrer. An interesting proposition is the rotation of donut-shaped
packing similar to that in rotating packed beds [61, 67].
So far no known industrial-scale application of this technology is being considered.
However, several researches have demonstrated the potential application of catalytic
stirrer reactors for liquid phase processes. Due to their enhanced mass transfer
characteristics, the catalyst is used effectively. The monolithic stirred reactor has
been applied in hydrogenation [68-70], oxidation [71], acylation [72] and alcoholysis
[73] reactions, whilst the rotation of catalytic fibrous mats or knitted wire mesh have
been applied in fermentation processes [67] an hydrogenation reactions [74].
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The concept of rotating foam stirrer reactor was first implemented in the
biotechnology for the conversion of glucose into ethanol. Immobilized biomass units
with Z.mobilis cells attached into polyurethane foam discs were fixed along a rotating
shaft inside the bioreactor. Enhanced performance was observed compared to
packed-bed immobilized cell reactors. The open structure of the foam and its high
geometrical surface area allow a simple and direct contact between the immobilized
biomass and the fermentative substrate and hence a rapid conversion of glucose into
ethanol [75].
Later, Shell Chemicals investigated the use of solid foams as catalyst support for the
hydrogenation of polymers such as SBS rubbers and polystyrene. Cylindrical foams
were mounted on an autoclave stirrer and impregnated with an active metal. The
catalytic foams enabled the upgrading of polymeric materials and two key
advantages over slurry reactors were distinguished: 1) the foam catalyst was easily
recovered without contaminating the polymeric product and 2) the foam catalyst was
reused several times without significant sign of deactivation [76].
Most recently, Tschentscher et al. [61] have studied single phase rates of mass
transfer in a rotating foam stirrer reactor and compared it to a reactor equipped with
a Rushton turbine. The better performance of the foam stirrer was ascribed to a
higher mass transfer coefficient and a higher interfacial area. When the oxidation of
glucose was carried out in the rotating foam stirrer reactor under external mass
transfer control, the catalyst loading was strongly reduced to loadings less than 0.4
wt%, while the conversion remained comparable to slurry particles with loadings of 1
wt%.
Furthermore, Ordomsky et al. [77] have applied the rotating foam stirrer reactor in
the fructose dehydration. A foam supported sulfonated polystyrene was used as
catalyst, which showed similar activity and selectivity to the conventional Amberlyst15 slurry catalyst. The foam catalyst offered advantages in catalyst separation and
reusage.

1.3 Objective and thesis outline
In this work, three-phase reactor designs based on rotating solid foams are
investigated for the application in the fine chemical industry. The foam structure is
used as a catalyst support and stirrer. General design rules for catalytic foam stirrers
are developed to optimize the activity and selectivity of the catalyst. For a specific
reaction, this will help in the selection of the foam material (ppi), catalyst coating
(thickness, porosity) and the stirrer geometry. This study also aims to demonstrate
9
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the catalytic application of rotating foam stirrer reactors for important industrial
batch processes, e.g. various hydrogenations, and to extend the usage of the foam
stirrer reactors to continuous processes. A comparison of reactor performance
between the foam stirrer and the standard slurry system equipped with a Rushton
turbine is presented.
The thesis outline is as follows:
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•

Chapter 2 discusses a method to deposit a stable and homogenous catalyst
layer on solid foams. The catalytic performance of such foam catalysts in terms
of activity, selectivity and stability is investigated in the selective hydrogenation
of a functionalized alkyne.

•

Chapter 3 presents a reactor model to estimate the external and the internal
mass transfer rates in rotating foam stirrer reactors based on hydrogenation
reaction data. The effect of the foam ppi and catalyst coating characteristics on
reactor performance is discussed.

•

Chapter 4 studies the effect of the foam stirrer design on the catalytic
performance of foam stirrers. The mass transfer and reaction rates obtained
with a foam blade stirrer and a donut-shaped foam block stirrer are compared
during the hydrogenation of styrene.

•

Chapters 5 and 6 present a new foam stirrer design in order to further improve
the mass transfer rate in rotating foam stirrer reactors. A donut-shaped foam
block is mounted on a horizontal stirrer shaft and the reactor is partially filled
with liquid. Based on hydrodynamics study and single phase mass transfer
measurements at different operational conditions, the reactor design is
optimized for the use in heterogeneous catalyzed reactions.

•

Chapter 7 covers the application of the horizontal rotating foam stirrer reactor
for continuous processes. Based on RTD measurements a reactor model is built
to estimate the reactor performance during the selective hydrogenation of a
functionalized alkyne. A multistage horizontal rotating foam stirrer reactor is
developed with the aim of achieving a narrower residence time and thus
enhancing the reactor selectivity.

•

Finally, in chapter 8 the work is summarized and recommendations for further
studies and optimization are given.

2 Preparation and catalytic testing of
palladium on alumina coated foams
This chapter has been published as:
Leon, M.A., Tschentscher, R., Nijhuis, T.A., van der Schaaf, J., Schouten, J.C.
Rotating foam stirrer reactor: Effect of catalyst coating characteristics on
reactor performance. Ind. Eng. Chem. Res. 2011, 50, 3184.

Abstract:
Rotating foam stirrer reactors have a promising application in multi-phase reactions.
In this reactor, highly porous open-celled materials, solid foams, are used both as a
catalyst support and as stirrer blades. One of the advantages of such foam stirrer is
the easy catalyst handling. This paper presents a preparation method for catalysts on
solid foam supports. The performance of the alumina foam catalysts was tested in
the hydrogenation of a functionalized alkyne. A stable and homogeneous catalytic
coating was deposited on aluminums foams by a combination of anodization and
washcoating using the slurry method. Anodization produced a rough and porous
material that improves the adhesion of the catalytic coating. The use of a slurry with
a bimodal particle size distribution increased the catalytic coating stability. The mass
loss of the catalytic coating after applying ultrasonic vibrations was less than 10 wt.%,
which indicates a good adhesion. A high specific surface area was achieved by
increasing the foam cell density, that is to say, the number of pores per linear inch
(ppi), and the catalytic coating thickness. With the washcoating method, catalytic
coatings were produced having a thickness between 10 and 40 μm, a porosity of
around 50% and a specific surface area up to 28.5 m2/gfoam. The hydrogenation of 3methyl-1-pentyl-3-ol was chosen as the test reaction. Internal and external mass
transfers limited the reaction rate of this fast reaction. High activity and selectivity
were reached by combining a high specific surface area with a thin catalytic coating
on the foam. Increasing the foam cell density up to 20 ppi led to enhanced liquidsolid mass transfer because of the high specific surface area combined with the fast
refreshment of the catalyst surface. Coating thicknesses of less than 20 μm led to
improved internal mass transfer due to shorter diffusion paths.
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2.1 Introduction
Structured supports are widely used in the chemical industry in order to disperse the
catalytically active material and ensure its accessibility for reacting components. In
the last decades several structures such as monoliths [2],
[2], Sulzer packings [78],
[78], fibers
and cloths [13] have been
been applied as catalyst supports in three
three-phase
phase reactors. Their
main advantage compared to pellets is the high porosity leading to a lower pressure
drop while still having
having a high specific surface area.
Another type of structured support is the solid foam (Fi
(Figure
gure 2.1).
2.1). Solid foams are
highly porous materials which consist of a reticulated structure of struts. The cell size
of solid foam is expressed in number of pores per linear inch (ppi) and can vary from
5 to 100 ppi. As catalyst supports, solid foams have a promising application due to
their high geometric surface area (160 – 8500 m2/m3), which provides good
accessibility to the catalyst, and due to their high voidage (83 – 97%) which leads to
low pressure drops. Additionally, they are available in different type of materials like
carbon, metal, plastic and ceramic [79-80]
[79 80]..

Figure 2.
2.1
1 Cell structure of aluminium foam from ERG Aerospace, pore count 10 ppi,
porosity 0.93 [81].
[81]

As an alternative for slurry reactors, which are widely used for the production of fine
chemicals and pharmaceuticals, solid foam structures can be mounted on a stirrer
shaft, thus creating a novel type of catalytic stirrer. The slurry reactor has the
disadvantage
disadvantage that the catalyst particles need to be filtered from the liquid which is a
costly and time consuming operation. Furthermore, shear between the moving
particles results in abrasion and rere-usage
usage of the filtered catalyst is often not possible.
These drawbacks can be overcome by immobilizing the catalyst on a solid foam.
Moreover, these foams strongly increase the mixing, especially in directions
perpendicular to the flow, due to the continuous disruption of the flow pattern. Fluid
12
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streams split and re-combine when passing the pores and small turbulences behind
the struts contribute to the mixing [82]. Rotating foam reactors also exhibit high rate
of gas-liquid mass transfer due to the formation of finely dispersed bubbles and high
rate of liquid-solid mass transfer because of the fast refreshment of the catalyst
surface [81, 83]. For these reasons, the foam stirrer reactor represents a good
alternative for the conventional slurry reactor.
Figure 2.2 shows the standard configuration of a rotating foam reactor as used in this
study. Aluminum foam was employed since it offers higher mechanical strength with
respect to ceramic or carbon foams, which is an important property for a stirrer.

Figure 2.2 Example of a rotating foam reactor with two aluminium foam blades washcoated
with alumina [61].

The absence of micropores in most of the solid foams results in a low specific surface
area for catalyst deposition. Solid foam structures therefore need to be coated with a
catalytic support layer to increase the surface area and hence to improve and
stabilize the dispersion of the active catalytic phase. This coating is usually obtained
by a washcoating technique [18]. Another method for increasing the surface area of
solid foams is the growth of carbon nanofibres [80]. In this work, the washcoating
technique is used.
The preparation of a catalytic solid foam by washcoating has a critical step, the
adhesion of the catalytic layer to the metallic substrate. The pretreatment of the
substrate by surface oxidation is often used to increase the adherence of the catalytic
layer. When applying a direct current to an electrolyte in contact with an aluminum
surface, there is a competitive formation of an oxide layer and dissolution of the
substrate, generating a porous layer. The properties of the alumina layer grown by
oxidizing the aluminum struts surface can be controlled by tuning up the anodization
13
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parameters such as time, current density, temperature, electrolyte nature and
electrolyte concentration [19, 84-86].
Adhesion of the washcoat to the support takes place both by a mechanical
mechanism such as anchoring and interlocking of the washcoat particles among them
as well as with the surface irregularities of the support, and via strong interfacial
forces among the powder particles [20, 87-89]. Both of these mechanisms are
affected by the size of the deposited particles. The wet treatment of powders in a ball
mill is one of the more widely used ways to reduce the size of the washcoat particles
and thus obtaining a uniform slurry suspension [16, 90].
The objectives of this work are to deposit a stable catalyst layer on aluminum foams
by washcoating and to demonstrate the capabilities of the rotating foam reactor in a
heterogeneously catalyzed gas-liquid reaction. The hydrogenation of 3-methyl-1pentyn-3-ol, shown in Figure 2.3, was used as a model reaction for the typical
hydrogenation of a functionalized alkyne, an important process in the fine chemicals
industry. This reaction was chosen since it allows studying the performance of the
foam catalytic stirrer in a process in which mass transfer effects are important and in
which high activity and selectivity are both desired. The reaction is catalyzed by
palladium on alumina. Th influence of the foam cell density and the catalyst coating
characteristics (thickness, porosity) on the catalyst activity and selectivity is studied.

Figure 2.3 Hydrogenation of 3-methyl-1-pentyn-3-ol.

2.2 Experimental
2.2.1

Foam catalyst preparation

2.2.1.1 Anodization
Commercial aluminum foam panels (10, 20, 40 ppi, alloy AA6101, ERG Materials and
Aerospace) were cut into pieces of 50x50x20 mm. Anodization was carried out in 10 L
anodization tank containing 0.08 M oxalic acid and 0.5 M phosphoric acid. The
aluminum foams were fixed at the anode (working electrode) using an aluminum
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clamp (alloy AA6101). Prior to anodization the foam pieces were shaken in 1 M NaOH
solution at 60 °C for 15 min and washed three times with water in order to remove
the oxide layer on the surface and to ensure good electrical contact between foam
and clamp. After this pre-treatment the pieces were immediately placed into the
anodization tank between two cathode plates (alloy AA6101). Vigorous nitrogen
bubbling assured the agitation inside the bath. The temperature was controlled using
a cooling copper coil connected to an external chillier. The electrodes were
connected to a Delta Elektronika SM 3004-D power supply that can operate between
0 – 300 V and 0 – 4 A allowing current or voltage control.
All experiments were carried out at a constant current density. After anodizing the
foam pieces were washed in water to take out the acid, dried at 120 °C overnight and
calcined at 600 °C for 4 h. The effect of the anodization conditions on the properties
of the alumina grown by oxidizing the aluminum struts surface (specific surface area,
pore size and pore density) was studied. The anodization time was varied between 60
and 100 min, the bath temperature between 5 and 20 °C, and the current density in
the range of 2 – 20 mA/cm2.
2.2.1.2 Slurry powder preparation and washcoating
A variation on the recipe for preparation of an alumina coating on monoliths
developed by Nijhuis et al. was used [16]. The raw alumina material employed was a
powder of γ-alumina (dp = 108.5 µm, Aldrich) with a specific surface area of 190 m2/g.
The powder was wet ball-milled for 20 h in order to reduce the particle size. Then,
the dispersion was dried at 120 °C overnight in order to prepare a suspension at the
desired solid content.
An aqueous slurry of the ball milled powder was prepared with solid content of 20
wt.%. As binder 10 wt.% of a colloidal boehmite suspension (20 wt.%, Aldrich) was
added. The slurry was stabilized by adjusting the pH at 7 with 1M nitric acid to avoid
the flocculating of the particles and then it was conditioned by stirring for 2 hours. A
viscosity of 100 mPa·s was achieved. The anodized foam pieces were immersed into
the slurry for 1 min. The excess of liquid was shaken out and blocked pores were
cleaned gently by applying an air stream.
In order to ensure a homogeneous coating, the foam pieces were fixed on a stirrer
and rotated vertically with a speed of 20 rpm at room temperature for 3 h.
Afterwards, they were dried at 120 °C overnight and finally calcined at 600 °C for 4 h
with a heating rate of 2 K/min and a cooling rate of 5 K/min. Powder diffractograms
revealed that the alumina particles milled to the micrometer size consist of γ-alumina
as major phase and around 25 wt.% gibbsite. During the calcinations, boehmite and
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gibbsite dissociate at around 350 – 400 °C to form amorphous alumina, which
crystallizes to alumina at 550 °C [91-92]. The chosen calcination temperature of 600
°C therefore leads to complete formation of γ-alumina.
2.2.1.3 Deposition of the active phase
Palladium was deposited on the washcoated foam by means of an ion-exchange
procedure [93]. The palladium deposition was carried out in a water and oxygen free
atmosphere (water < 0.1 ppm, oxygen < 0.6 ppm) since the palladium complex can be
decomposed by water. The palladium precursor used was palladium acetate (SigmaAldrich) and the palladium loading was kept constant and equals to 2 wt.% of the
washcoat alumina layer.
The required amount of palladium was dissolved in 100 ml of toluene and slowly
added (30 min) to the washcoated foam immersed in 200 ml of toluene. This yellow
solution was stirred for 24 h, during which the solution slowly discolored and the
foam piece gains a brown color. The foam was calcined at 300 °C for 4 h with a
heating rate of 2 K/min and a cooling rate of 5 K/min followed by a liquid reduction
using sodium borohydride (Aldrich, 98%), 50 mol of NaBH4 per mol of Pd.
2.2.2

Slurry catalyst preparation

A slurry catalyst was prepared in order to compare the performance of the rotating
foam reactor. The raw alumina powder employed for washcoating was sieved and
the alumina particles between 50 to 100 µm were used as catalyst support. The
alumina was calcined at 600 °C for 4 h with a heating rate of 2 K/min and a cooling
rate of 5 K/min. Then, palladium was deposited on the alumina by the same
procedure described for the foam in section 2.1.3. The palladium loading was also 2
wt.%.
2.2.3

Characterization

The viscosity of the slurry was measured in a rotating cylinder Viscometer DV II from
Brookfield equipped with an ULV-adapter to measure low viscosities (typically lower
than 1000 m·Pas). The alumina particle size distribution was measured using the
Coulter LS130 particle size analyzer. The particle size distribution of the colloidal
boehmite was measured with the Coulter N4 Plus particle sizer.
The washcoat loading was measured from the weight gained after the impregnation.
Stability tests of the coating were performed by immersing the foams in water,
applying ultrasound for 30 min and measuring the weight loss. The ultrasound bath
Haver USC 200-78 from Haver & Broecker with a power of 200 W was used. The
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washcoat thickness was measured using a Philips XL 30 ESEM-FEG scanning electron
microscope (SEM). For this purpose, the sample was scratched at different locations
and the cross-sectional view of the washcoat was achieved by rotating and tilting the
table where the sample lies on. The specific surface area was measured by nitrogen
adsorption with the Micromeritics ASAP 2020.
Mercury porosimetry was performed using the Micromeritics AutoPore IV. X-ray
diffraction data were obtained using a Rigaku Geigerflex Max/B diffractometer (40
kV, 40 mA) with Cu-Kα radiation. Transmission electron microscope (TEM) images
were recorded with a FEI Tecnai G2 Sphera transmission electron microscope at an
acceleration voltage of 200 kV for determining the palladium particle size. Inductively
coupled plasma optical emission spectrometry (ICP-OES) was performed using a
SPECTRO CIROSCCD for determining the palladium loading.
2.2.4

Catalyst testing

The foam catalysts were tested in the hydrogenation of 3-methyl-1-pentyn-3-ol. The
reaction was carried out in ethanol as a solvent in a 5 L glass reactor with an inner
diameter of 200 mm and a height of 200 mm. The foam blade stirrer, as shown in
Figure 2.2, had a diameter of 150 mm and a blade size of 50x50x20 mm mounted on
a hollow shaft for gas induction through the blades. The distance from the bottom of
the blades to the reactor bottom was 25 mm and the distance from the top of the
blades to the gas-liquid interface was 55 mm. Five baffles were placed in the reactor
at equally spaced distances with dimensions of 15 mm x 1.5 mm. The reactor was
equipped with a thermocouple and a cooling system to keep the reaction
temperature constant at 25 °C. The pressure was kept constant at 1.2 bar by
controlling the hydrogen flow using a forward pressure controller.
A reactant concentration of 30 mol/m3 and 3 liters of solvent were used. One
catalytic foam blade was used together with a bare piece of aluminum foam as the
second blade since in this manner less catalyst needed to be prepared during the
catalyst development phase. Liquid samples were taken and analyzed on a GC to
monitor the course of the reaction. This was done with a Varian 430 gas
chromatograph equipped with an 1177 FI detector, Varian 8400 auto sampler, and a
CP-SIL-8 column (length 60 m, internal diameter 0.25 mm, and film thickness 1 μm).
The slurry catalyst was tested in the 5 L glass reactor described above using a 6-blade
Rushton stirrer mounted on a hollow shaft in order to allow gas induction. The
Rushton stirrer had a diameter of 100 mm and a blade size of 35 x 25 mm. The
distance to the reactor bottom was 35 mm. The reaction conditions used for the
foam catalyst testing were also used for the slurry catalyst testing.
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The performance of the catalysts is expressed in terms of both activity and selectivity.
The activity is calculated by determining the initial alkyne hydrogenation rate, i.e.,
from the initial slope of the alkyne concentration against time (transformation up to
50% of conversion). To determine the intrinsic selectivity, the initial rate of alkene
formation is divided by the sum of the alkene and alkane formation rates. To check
reproducibility, the reactions were duplicated. The standard deviations were ±0.1% in
initial activity and ±0.7% in selectivity. A mean value between replica experiments
was reported for the initial activity and selectivity.

2.3 Results and discussion
2.3.1

Catalyst characterization

2.3.1.1 Anodization
During the anodization an even porous oxide layer was found on the foam structure.
Variations in the anodization process produced changes in the properties of the
alumina layers generated. Anodization for 60 minutes at 5 °C and at a current density
of 2 mA/cm2 caused low alumina dissolution rates and led therefore to a very dense
oxide layer with pores of 30 nm in diameter and a specific surface area of 2.5
m2/gfoam. Higher anodization temperatures (20 °C) or larger anodization times (100
min) favored the dissolution of alumina. As a result, an increase in the porosity of the
oxide layer was obtained due to the formation of more pores with larger diameters
(pore size of 50 nm, specific surface area of 1.0 m2/gfoam). This was further enhanced
by an additional increase of the anodization current up to 20 mA/cm2 due to the low
thermal conductivity of the oxide layer. However, the specific surface area was
strongly decreased (pore size of 250 nm, specific surface area of 0.12 m2/gfoam). These
observations are in a good agreement with those reported by other workers [19, 8486].
Consequently, anodization conditions were chosen in order to obtain an oxide layer
on the foam with adequate pore diameter to be used as anchoring layer for the
alumina washcoat. Pores should be larger than the washcoat particles to ensure a
good mechanical interaction between the foam and the washcoat [87-88], as well as
to allow a fast diffusion of reactants through the alumina layer and to make thus the
inner particle pore system accessible for the reaction components. However, a
constraint is the loss in surface area. Therefore, the anodization time chosen was 60
min, the bath temperature 10 °C, and the current density of 2 mA/cm2. Under these
conditions, a rough and porous layer was obtained as shown in Figure 2.4.
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(a)

(b)

Figure 2.4 SEM pictures of 10 ppi aluminium foam surface: a) clean foam; b) anodized for 60
min at 10 °C, 2 mA/cm2 using 0.08 M oxalic acid and 0.5 M phosphoric acid

Table 2.1 Properties of the washcoated aluminium foams.

Washcoat Foam
layers
ppi

1

2

3

Specific surface area
Washcoat Calculated Thickness
Mass
loss
by SEM
loading
thickness
(wt%)
(m2/gfoam) (m2/gcoating)
(wt%)
(µm)
(µm)

10

3.8 ± 1.0

11.4 ± 2.8

12 – 32

9.9 ± 1.5

2.6

72.9

20

4.7 ± 0.6

5.8 ± 0.7

8 – 23

6.9 ± 1.1

7.7

80.4

40

6.2 ± 0.7

5.6 ± 0.4

6 – 19

3.9 ± 2.0

14.6

100.3

10

9.7 ± 0.9

28.2 ± 3.4

24 – 39

5.1 ± 1.5

3.2

86.5

20

13.9 ± 0.5

18.6 ± 1.1

17 – 35

2.7 ± 0.7

11.9

99.8

40

16.4 ± 0.6

15.4 ± 1.0

13 – 30

0.9 ± 0.1

23.3

128.1

10

13.4 ± 0.8

39.3 ± 2.4

33 – 47

1.9 ± 0.6

5.2

104.5

20

19.0 ± 1.2

26.3 ± 1.9

23 – 43

1.4 ± 1.1

15.8

127.7

40

23.4 ± 0.6

25.3 ± 0.8

21 – 40

0.9 ± 0.2

28.5

142.5
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The anodization layer consists of straight and parallel pores perpendicular to the
surface having a diameter between 120 and 140 nm. From electron microscopy a
pore density of 109 – 1010 pores per cm2 was calculated. BET measurement resulted
in a specific surface area of 0.35 m2/gfoam for 10 ppi foam. The anodized foam surface
is covered by scratches with sizes of 5 – 10 µm. This morphology improved the
adhesion of the catalytic coating to the foam. Ultrasonic bath tests indicated mass
losses of coating between 2 and 10 wt.%, while for the foam without anodization
treatment 60 wt.% of mass loss was found (Table 2.1).
Sanz et al. reported similar results for the washcoating of Pt-ZSM5 onto aluminum
foams [19] The adhesion of the washcoating showed a clear difference as a function
of the surface roughness. The smooth foam lost 80-85% of the catalyst loaded, and
the rough ones only 40-48%. No anodized foam lost almost all the coating. It was
concluded by Agrafiotis et al.[87] that adhesion of the washcoat layer on the support
takes place primarily by a mechanical mechanism such as anchoring and interlocking
of the washcoat particles among them as well as with the surface irregularities of the
support. The adhesion of the washcoat layer on the foam is also enhanced during the
calcination step after washcoating due to sintering and neck-formation [16]. It should
be remarked that if a piece of foam exposed to the ultrasonic test was treated again
in the ultrasonic bath, no additional mass losses occurred.
2.3.1.2 Slurry powder preparation
The particle size distribution of the powder used for dip-coating is shown in Figure
2.5. The alumina particles have diameters between 53 and 175 µm. Direct application
of these relatively large particles for washcoating would result in inhomogeneous
coverage and low mechanical stability due to the insufficient interactions between
the particles. Certainly, the adhesion of the coating depends primarily on the particle
size of the deposited powders. It has been reported that the size of the washcoat
particles has to be smaller than the pores of the support surface in order to ensure a
good adhesion of the washcoat [19-20, 85-88]. Ball milling for 20 hours increases the
specific surface area from 190 to 270 m2/g and reduces the size of the aluminum
particles to 0.5 – 5 µm. These washcoat particles are able to penetrate into the
surface cavities of the support (5 – 10 µm) with which they get interlocked and
mechanically anchored.
Coatings prepared in this work exhibit a good mechanical stability (Table 2.1), not
only because of the anodization treatment explained in section 2.3.1.1, but also
because of the usage of alumina dispersions having a bimodal particle size
distribution as shown in Figure 2.5. Colloidal particles with diameters between 20 and
200 nm were added as a binder to increase the stability. The basic principle of the
20

2.3 Results and discussion

effect of a binder during slurry coating is described by Nijhuis et al [16]. As the liquid
evaporates during the drying step, the colloidal particles settle at the intersections
between the alumina particles due to capillary forces. During the calcination they
sinter and form covalent bonds between the larger particles and the foam, thus
favoring the anchorage process.

Figure 2.5 Particle size distributions of alumina powders and boehmite colloids used for
washcoating

2.3.1.3 Washcoating
SEM images of the washcoated 10 ppi foam are presented in Figure 2.6. The coating
is applied homogeneously and no cells of the foam structure are blocked. At higher
magnification the surface exhibits few microcracks, probably due to the thermal
cycles to which the system is exposed.
The properties of the washcoat layer are presented in Table 2.1. Washcoating by the
slurry method proved to be reproducible as similar loadings (experimental error less
than 1 wt.%) were obtained with different samples coated either with the same or
with new prepared slurry dispersions. The highest washcoat loading obtained was 23
wt.% for 40 ppi foam with three consecutive washcoating steps. The washcoat
loading increases with the ppi number since there is more surface area available for
catalyst deposition. Adding an extra coating layer to the foam approximately triples
the loading of alumina. Giani et al. [18] reported similar observations for the
washcoating of alumina on metallic foams. This can be explained by a slip casting
effect. As a washcoated piece of foam is dipped in the coating slurry for a second
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time, the dried alumina layer sucks up the coating slurry, drawing particles against
the existing layer.

(a)

(b)

(c)

Figure 2.6 SEM pictures of 10 ppi aluminium foam dip-coated one time with 20 wt.% Al2O3
slurry. a) Homogeneous coating of strut, b) Washcoat thickness, c) Accumulation of
washcoat at the ends of the foam strut

Based on the alumina loading, the geometrical surface area of the foam and a coating
density of 1.11 g/cm3 (calculated using the alumina density of 3700 kg/m3alumina and
an estimated value for the coating porosity of 0.3 [16]), a mean coating thickness was
estimated (Table 2.1). This result was confirmed by direct measurement of the
coating thickness from SEM pictures at five different locations.
As shown in Table 2.1, a coating thickness of 12 µm was found by SEM for 10 ppi
foam with one impregnation, which is in agreement with the estimated value.
However, the coating was found to be thicker (32 µm) at the ends of the foam struts
(Figure 2.6). The same trend was observed for the other foam catalysts. Since the
viscosity of the slurry was kept constant, a constant coating thickness was expected
for the different ppi foams. Nevertheless, the coating thickness decreased with the
foam cell density. A possible explanation for the difference in coating thickness can
be the foam cleaning step after washcoating. With increasing foam cell density the
pores can be blocked more easily due to the decrease of the pore size. More air was
applied in order to remove the excess slurry and to clean the blocked pores leading to
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a lower alumina loading than expected and consequently, a lower washcoat
thickness.
BET analysis of the washcoat surface gives a surface area 2.6 m2/gfoam for 10 ppi foam
with one alumina layer, which is eight times higher than the specific surface area of
the anodized foam. As expected, the specific surface area of the foam can be
increased by increasing either the number of alumina layers or the ppi number (Table
2.1). A specific surface area comparable with the slurry catalyst (160 m2/g) was
obtained with 40 ppi foam and three alumina layers. The porosity of the washcoat
layer was between 0.52 and 0.56 m3/m3washcoat.
2.3.1.4 Deposition of the active phase
ICP analysis showed palladium loadings of 1.7-1.9 wt.% which corresponds nicely to
the target (2 wt.%). Figure 2.7 shows a TEM micrograph from a 10 ppi foam. Few
areas of the alumina contained clusters of metal particles. Therefore, a good
palladium dispersion was obtained. A decrease in the palladium particle size was
expected when the foam specific surface area was increased. However, a uniform
palladium particle size was obtained for all foam catalysts. TEM analysis showed all
catalysts had a palladium particle size distribution in the range of 1 – 7 nm. This can
be explained by the fact that foams with higher specific surface area, achieved by
increasing either the washcoat thickness or the foam ppi, have higher alumina
loadings and thus higher palladium loadings. With high loading it is always difficult to
bind all the precursor molecules strongly and well dispersed to the support leading to
similar particle size distributions as the foams with lower specific surface area.

Figure 2.7 TEM micrograph of palladium on alumina washcoated foam: 10 ppi with 1
catalytic layer
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TEM analysis showed that the slurry catalyst had a palladium particle size distribution
in the range of 1 – 4 nm. On the basis of the palladium particle size observed by TEM,
the palladium bulk density and the palladium atomic radius, a metal dispersion (the
ratio of surface metal atoms to the total number of metal atoms) of 19% and 29%
were estimated for the foam catalyst and the slurry catalyst, respectively.
2.3.2

Catalyst testing

The reaction rate, in the kinetically controlled regime, is directly proportional to the
concentration of the active material. The concentration of catalytically active material
may be defined as a) the weight fraction of the active material in the catalyst, b) the
surface area of the active material per unit weight of catalyst, or c) the surface moles
of active material per unit weight of the catalyst. In this work, the concentration of
active material was kept constant and equals to 2 wt% of the washcoat alumina layer
(see section 2.2.1.3). This was confirmed by ICP analysis (see section 2.3.1.4).
Moreover, the same metal dispersion was found in all samples since a uniform
palladium particle size was determined by TEM for all foam catalysts (see section
2.3.1.4). Therefore, it can be ensured that the intrinsic activities of the foam catalysts
are identical. Hence, the difference in reaction rates observed between the foam
catalysts is attributed to mass transfer effects.
2.3.2.1 Influence of the foam cell density
In Figure 2.8 the activity for the hydrogenation of 3-methyl-1-pentyn-3-ol of the
different foam catalysts is presented. The activity per foam volume clearly increases
with increasing foam cell density. The increase in surface area with the increase in ppi
number makes the catalyst more easily accessible. When the activity is normalized by
the amount of catalyst available, there appears to be an optimum regarding foam cell
density. The lower activity obtained with 40 ppi foam could be explained by the lower
refreshment of the catalyst surface which decreases the rate of liquid-solid mass
transfer. The use of smaller pores leads to more restrictions to the flow which
decreases the local velocity of the liquid flowing though the foam blade resulting in a
lower turbulence and hence a lower liquid to solid mass transfer coefficient, kLS, also
observed by an increase in the pressure drop [5].
In order to verify if the measurements are indeed liquid-solid mass transfer
influenced, the Carberry number is used as a criterion [7, 94-95]. As described by eq
2.1, the Carberry number represents the ratio of the observed reaction rate, rvobs ,
and the maximum mass transfer rate. The results are expressed in terms of the
effectiveness factor, ηLS. Experiments are performed in the kinetic region if ηLS is close
to unity, eq 2.2.
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rvobs
=
k LS ⋅ a LS ⋅ C bulk
H2

(2.1)

ηLS = 1 − Ca LS ≥ 0.95

(2.2)

Ca LS

The liquid-solid mass transfer kLSaLS for solid foams in a stirrer configuration was
measured using the dissolution of copper by potassium dichromate as a model
reaction. This study is described in detail by Tschentscher et al [83]. The
concentration of hydrogen in the bulk liquid bulk was obtained from the IUPAC
solubility data series [96]. Figure 2.9 indicates that the effectiveness factor ηLS for
hydrogen is lower than 0.95 for all foam catalysts. The same trend is observed for the
alkyne component but in less extent. This indicates that the transport of hydrogen
from the liquid to the catalyst surface is limiting the reaction rate. The lower rate of
liquid-solid mass transfer suggested for the 40 ppi foam, is confirmed by the lowest
ηLS values reported in Figure 2.9, leading thus to lower catalyst activity.
Figure 2.10 shows that the selectivity increases with foam cell density since as
described in section 2.3.1.3, the coating thickness becomes smaller as the ppi number
of the solid foam increases. This results in shorter diffusion paths which prevents the
overhydrogenation of the alkene product, explaining the increased selectivity.

Figure 2.8 Effect of the foam cell density and catalytic coating thickness on the foam catalyst
activity.
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(a)

(b)

Figure 2.9 Effect of foam ppi on external mass transfer: a) gas-liquid mass transfer, b) liquidsolid mass transfer. Solid lines, foam catalyst. Dotted lines, slurry catalyst. Gray, hydrogen.
Black, alkyne. Markers: circles: 1 washcoat layer (max. 30 µm), squares: 2 washcoat layers
(max. 40 µm), triangles: 3 washcoat layers (max. 50 µm).

Figure 2.10 Effect of the foam cell density and catalytic coating thickness on the foam
catalyst selectivity.

2.3.2.2 Influence of the coating thickness
As shown in Figure 2.8, the catalyst activity per foam volume increases with the
coating thickness since there is more catalyst available in the reactor. However, when
the activity is normalized by the amount of catalyst that is present, it can be seen that
the thinner coating layers are used more efficiently. Diffusion limitations within the
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pores of the washcoat may cause concentration gradients within the solid, reducing
the efficiency of the catalyst.
The catalysts efficiency ηcat was calculated by means of the Thiele modulus φ. If the
value of φ is less than 0.4 (ηcat > 0.95), no diffusion limitation is encountered within
the washcoat. The reaction is pore diffusion limited for φ greater than 0.4 [7, 97]. The
Thiele modulus was calculated on the assumption of an intrinsic rate of 8.33
mmol/gPd·s at 298 K and 1 bar H2, with a reactant concentration of 30 mol/m3 [98].
For the interparticle diffusion coefficient the estimation method by Wilke and Chang
was used [99]. The diffusion path was taken as the mean value of the coating
thickness observed by SEM. The Thiele modulus was found between 0.4 and 4 for
both components indicating that intermediate pore diffusion limitation is
encountered. As shown in Figure 2.11, alkyne is the most limiting component and
stronger internal mass transfer is observed for 10 ppi foams coated with two or three
alumina layers. Thus, high foam catalyst activity is achieved with catalytic coating
thickness of less than 20 μm.

Figure 2.11 Effect of foam ppi and coating thickness on internal mass transfer. Solid lines,
foam catalyst. Dotted lines, slurry catalyst. Gray, hydrogen. Black, alkyne. Markers: circles: 1
washcoat layer (max. 30 µm), squares: 2 washcoat layers (max. 40 µm), triangles: 3 washcoat
layers (max. 50 µm).

Figure 2.10 shows that the selectivity of the foam coated with one alumina layer is
much lower than the one obtained with two or three alumina layers. This could be
explained by a shortage of hydrogen inside the catalyst caused by gas-liquid mass
transfer limitations which prevents the overhydrogenation of the alkene product.
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However, from Figure 2.11 it can be learned that in all cases, the effectiveness factor
ηG-L (calculated as described in section 2.3.2.1 using the physical absorption method
[100-102] to determine the kGLaGL) is above 0.95 indicating that gas-liquid mass
transfer limitations can be neglected. Therefore, it is more likely that the absence of
hydrogen inside the catalyst is due to internal diffusion limitations or by the lower
hydrogen concentration at the catalyst surface caused by liquid-solid mass transfer
limitations as shown in Figure 2.11.
The selectivity drops with the coating thickness because of internal mass transfer
limitations. Due to long diffusion path, i.e., thick coating, the transport of the alkene
product through the pores towards the external surface is slow, hence
overhydrogenation occurs and the selectivity decreases. This can be confirmed by
modeling the concentration profile of the organic species and hydrogen inside the
washcoat as it has been done by Nijhuis et al. [98] for the same hydrogenation
reaction using slurry catalyst. However, this is beyond the scope of this paper.
2.3.2.3 Stability of the palladium on alumina coated foams
The stability of the palladium on alumina coated foams in the hydrogenation of 3methyl-1-pentyn-3-ol was investigated by performing up to 10 runs with the same
foam blade. Between the experiments the foam structure was washed in 1.5 liters of
ethanol for approximately one hour. The results are presented in Figure 2.12.
A drop of 50% in hydrogenation activity was observed after the 7th run. SEM picture
of the foam catalyst used 10 times (Figure 2.13) shows different surface morphology
compared to the fresh catalyst, confirming the formation of strongly adsorbing
oligomeric/carbonaceous deposits from reactants or products due to undesired side
reactions, leading to loss of activity by blocking the active sites [103].
The foam catalyst was regenerated by calcining at 400 °C for 4 h followed by a liquid
reduction using sodium borohydride. SEM analysis shows that this treatment is able
to remove the deposited carbon. Hence, the initial activity was recovered 70% (Figure
2.12). TEM studies on spent catalyst revealed palladium crystallite growth which
explains the partial recovery of the initial activity (Figure 2.13).
2.3.2.4 Comparison between the rotating foam reactor and the slurry reactor
The performance of the coated foam in the hydrogenation of a functionalized alkyne
is compared with the slurry catalyst. Figure 2.14 shows that the reactor volume is
used more efficient with the foam catalyst since there is 50% more catalyst present.
However, when the activity is normalized by the amount of palladium available, the
performance of the foam catalyst is three times lower while the selectivity is the
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Figure 2.12 Foam catalyst activity for multiple runs. Catalyst: 40 ppi foam with 2 catalytic
layers (15 μm coating thickness).

(a)

(b)

Figure 2.13 SEM pictures and palladium particle size distribution for 40 ppi foam with 2
catalytic layers (15 – 30 μm coating thickness). a) fresh catalyst, b) spent catalyst
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same. The lower activity achieved with the foam catalyst can be explained by the
influence of liquid-solid and internal mass transfer on the reaction rate as discussed
in section 2.3.2.

Figure 2.14 Comparison of the foam catalyst performance with the slurry catalyst. Foam
catalyst: 40 ppi with 2 catalytic layers (15 – 30 μm of coating thickness), 0.70 g/l of catalyst.
Slurry catalyst: dp = 50 – 100 μm, 0.14 g/l of catalyst.

As shown in Figures 2.9, the slurry catalyst exhibits an approximately five times
higher rate of liquid-solid mass transfer for the limiting component, hydrogen, when
compared with the foam catalyst. Likewise, Figure 2.11 shows that in the slurry
catalyst internal diffusion limitations are less strong than in the foam catalyst due to
shorter diffusion paths. Besides the mass transfer effects on the catalyst activity, the
difference between the slurry and the foam catalyst performance could also be
explained by the difference in specific surface area which is found to be 128
m2/gcoating for the foam catalyst, while for the slurry catalyst 160 m2/g. Hence, a better
dispersion of the active material was obtained with the slurry catalyst (see section
2.3.1.4).
The selection of the reactor configuration for a multiphase reaction system depends
on the desired production capacity, product quality, safety, flexibility in operation
and the amount of waste products. The necessary catalyst filtration step in slurry
reactors, favors the use of a three-phase packed bed reactor in terms of flexibility of
operation and reduction of costs. However, when the catalyst life span is rather
short, a slurry reactor is more flexible in operation. In many cases, the final choice is
determined by the required selectivity. When the reaction product tends to undergo
a consecutive reaction in the liquid phase, a packed bed is preferred because of its
low liquid holdup. When the side reaction occurs inside the catalyst, like the
hydrogenation of the functionalized alkyne presented in this work, small particles are
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desirable to avoid internal mass transfer limitations and consequently the slurry
reactor may be the final choice. A three-phase packed bed is unlikely to be applied
since small particles result in a high pressure drop.
As shown in Figure 2.14, the selectivity obtained with the rotating foam reactor was
comparable with the slurry reactor. In addition, the rotating foam reactor has the
advantage of easier separation of the catalyst from the liquid since the catalyst is
immobilized on the reactor, thus preventing the need for a costly catalyst filtering.
This is very convenient for reactions like fat hardening (food industry) in which
filtering the catalyst particles from the viscous mixture is technically difficult and the
residual catalyst requirements in the final product are very demanding. Moreover,
removing catalyst by filtering is a slow process and then, the consecutive reaction can
proceed. Although the foam catalyst activity was lower than the slurry catalyst,
higher conversions can be achieved by staging of several rotating foam reactors at
expense of higher cost. However, another advantage of rotating foam reactor is the
catalyst reusability as shown in section 2.3.2.3 which is often not possible in slurry
reactors. In addition, safety is improved. It has been found that the reaction is easily
stopped by stopping the stirrer. This is very important for a highly exothermic
reaction in which the reaction could runaway.
It is furthermore believed that the rotation of a donut-shaped foam block will lead to
higher productivity compared to a foam blade configuration, since significantly more
surface area is available which allows higher catalyst loading. Approximately, 15 to 20
g of catalyst can be deposited on the foam block (diameter 150 mm, height 20 mm)
which is ten times higher than the loading achieved with a blade configuration.
Besides, it has been demonstrated in our group that the foam block stirrer gives two
times higher gas – liquid mass transfer rate and ten times higher liquid-solid mass
transfer rate when compared with the foam blade stirrer for two-phase reactions [81,
83]. Therefore, the performance of the foam block design in terms of activity in a
three-phase reaction system is expected to be approximately four times higher than
the blade configuration, which would be comparable to the slurry catalyst
performance. This is currently under research.
Hence, the high mass transfer rates combined with the immobilized catalyst makes
the rotating foam reactor a promising alternative to slurry reactors. The reason of
developing such a semi-continuous stirred tank instead of a continuous tubular
reactor depends certainly on the production capacity. Above a certain amount, e.g.,
10.000 tons per year, it is better to do continuous operation. However, small
amounts, like in the fine chemical industry, are better produced batch-wise. The
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reason is the flexibility of operation. It is easier to replace the catalytic foam blades in
a rotating foam reactor than the whole foam bed inside a tubular reactor. This also
applies when the catalyst life span is rather short.

2.4 Concluding remarks
Palladium on alumina coated foams for the selective hydrogenation of alkynes to
alkenes were prepared successfully. A stable alumina layer was deposited on
aluminum foams by a combination of anodization and washcoating using the slurry
method. The conditions used in this work produced coatings having a thickness
between 10 and 40 μm, a porosity of around 50% and a specific surface area up to
28.5 m2/gfoam.
The foam catalysts were tested in the hydrogenation of 3-methyl-1-pentyn-3-ol. Mass
transfer plays an important role in this fast reaction. The thinner catalytic coating
obtained with increasing foam cell density resulted in better internal mass transfer
characteristics. The 40 ppi foams with coating thickness up to 25 µm led to higher
selectivity due to the shorter diffusion paths which prevent the overhydrogenation of
the alkene product. However, the activity of the 40 ppi foams was lower because of
liquid-solid mass transfer limitations caused by the higher resistance to throughflow
that decreases the liquid velocity inside the foam blade.
Increasing the catalyst loading by increasing the number of washcoat layers, i.e., the
coating thickness, did not increase significantly the activity due to internal mass
transfer limitations. Nevertheless, foams with two washcoat layers showed better
performance in terms of selectivity. The lower hydrogen concentration at the catalyst
surface caused by liquid-solid mass transfer limitations prevents the
overhydrogenation of the alkene product.
Therefore, when high productivity (conversion) and selectivity are both desired for a
specific reaction in which mass transfer effects are important, the foam catalyst has
to combine a high specific surface area with a thin coat layer on the foam. The 40 ppi
foam with two washcoat layers, i.e., coating thickness of about 15 – 20 µm combines
these two requirements. The selectivity of the foam supported palladium catalyst
was similar to that of a slurry catalyst. The activity was lower which is explained by
the lower specific surface area and/or by mass transfer limitations
.
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3 Mass transfer modeling of a consecutive
reaction in a rotating foam stirrer reactor
This chapter has been published as:
Leon, M.A., Nijhuis, T.A., van der Schaaf, J., Schouten, J.C. Mass transfer
modeling of a consecutive reaction in rotating foam stirrer reactors: Selective
hydrogenation of a functionalized alkyne. Chem. Eng. Sci. 2012, 73, 412.

Abstract:
The external and internal mass transfer for a rotating foam stirrer reactor has been
studied using the hydrogenation of 3-methyl-1-pentyn-3-ol as a model reaction.
Catalytic foam stirrers with different number of pores per linear inch (ppi) and
washcoating thicknesses were used and their performance were described in terms
of activity and selectivity. The liquid-solid mass transfer did not limit the overall
reaction rate when a 20 ppi foam was used. For this catalytic foam stirrer, a kLSaLS
value of 0.2 s-1 was estimated at 300 rpm. The use of finer pore foam structures was
not convenient due to a drastic decrease of catalyst surface refreshment. As a result,
the lower kLS value negated the benefit of a larger area (aLS) resulting in a lower
liquid-solid mass transfer. The catalyst accessibility was a controlling factor in this fast
reaction. The optimal washcoat thickness to avoid diffusion limitations was 5 µm.
Gas-liquid mass transfer rate was not a limiting factor. A kGLaGL of 0.6 s-1 was
measured at 300 rpm by the physical adsorption method. When compared to the
conventional slurry reactor, the liquid-solid and the gas-liquid mass transfer rates
were 17 and 6 times higher, respectively. However, the intrinsic activity of the foam
catalyst was 4.6 times less than the slurry catalyst prepared with the same palladium
loading. This was explained by a difference in palladium dispersion caused by a non
homogenous concentration of active sites along the washcoat layer. On the other
hand, the less active foam catalyst led to higher selectivity. The production rate was
then increased by mounting more active blades on the stirrer shaft, thus creating
more surface area for catalyst deposition while still keeping the high accessibility of a
4 µm washcoat layer. Hence, rotating foam reactors have promising applications for
multiphase processes. High mass transfer rates can be easily achieved, catalyst
filtering is not longer needed and reusability of the foam catalyst is possible.
.
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3.1 Introduction
Three-phase catalytic hydrogenations of functionalized alkynes have become one of
the key processes for manufacturing fine chemicals. In such process it is desired to
achieve full selectivity to the olefinic compound. Thus, the further hydrogenation of
the olefin to the alkane product should be avoided. Pd-based catalysts are known for
their high selectivity and yield. The efficiency of the process is strongly dependent not
only on the catalyst’s intrinsic activity and selectivity, but also on the interaction of
mass transfer with the kinetics as well as the reactor design [68, 74, 98, 104-111].
Batch reactors using slurry catalysts are mostly applied for this type of selective
hydrogenation reactions due to their high flexibility. The rate of reaction will be
affected by different process variables, depending on which step is rate-limiting. A
reaction controlled by gas-liquid mass transfer, i.e. the rate of mass transport of the
gaseous reactant into the liquid, will be influenced mainly by the reactor design,
hydrogen pressure and agitation rate. High pressure and high stirring speed are often
employed in order to increase the solubility of the gas. A reaction controlled by
liquid-solid mass transfer, i.e. the rate of mass transport of either gaseous reactant or
substrate from the bulk liquid to the external surface of the catalyst, will be
influenced mainly by gas or substrate concentration, weight of catalyst in reactor,
degree of agitation and catalyst particle size distribution. High catalyst loading or
small catalyst particles are often used to increase the liquid-solid interfacial area. A
reaction controlled by pore diffusion-chemical reaction, i.e. the rate of reactant
diffusion and chemical reaction within the catalyst particle, will be influenced mainly
by temperature, reactant concentration, percent metal on the support, number and
location of active sites, catalyst particle size distribution and pore structure. To
overcome diffusion limitations, a less active catalyst is often used to tilt the balance
of diffusion and reaction in favor of the latter, or a smaller catalyst particle or an eggshell catalyst type is used to have a shorter diffusion path [7, 48, 68, 98, 107, 112113].
In slurry reactors, the catalyst needs to be separated from the reaction mixture and
final product by filtration. The catalyst filtration time should be minimized to ensure
maximum product throughput and production rates. Cycle time advantages gained
from a high activity catalyst can be lost if catalyst filtration becomes an extended and
time consuming step. A catalyst should exhibit high attrition resistance to reduce
catalyst losses resulting from generation and loss of catalyst fines. The generation of
fines will also decrease the rate of filtration. To overcome this drawback, the catalyst
can be fixed to a stirrer. An example of this concept is the rotating foam stirrer
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reactor (Figure 1), where highly porous open-celled materials, solid foams, are used
both as a catalyst support and as stirrer blades [114]. Clear advantages of solid foams
as catalyst supports are their high geometric surface area and their low pressure
drops [80-82, 115]. In previous work, a preparation method for coating aluminum
foams with an alumina layer was presented [114] and the capability of a rotating
foam stirrer reactor to achieve higher mass transfer rates than in a slurry reactor in
two-phase systems was demonstrated [81, 115].
To evaluate and rank catalysts in order of intrinsic activity and selectivity, it is
necessary to understand and quantify mass transfer resistances. This work aims to
describe the performance of different catalytic stirrers by modeling the external and
the internal mass transfer. The hydrogenation of 3-methyl-1-pentyn-3-ol is used as a
model reaction. The influence of the external surface area (varied by the foam ppi,
pores per linear inch) and the catalytic coating characteristics (thickness, porosity) are
studied. The performance of the rotating foam reactor is compared with the slurry
reactor. General design rules for catalytic foam stirrers are developed to be able to
optimize the activity and selectivity of the catalyst. For a specific reaction, this will
help in the selection of the foam material (ppi), catalyst coating (thickness, porosity)
and the stirrer geometry.
(a)

(b)

Figure 3.1 Example of a blade foam stirrer: a) 2 blades, b) 4 blades [61].

3.2 Experimental
3.2.1

Catalyst preparation and characterization

Aluminum foam sheets from ERG Aerospace (10, 20 and 40 ppi) were cut into pieces
of 50 x 50 x 20 mm. In order to enhance the adhesion of the washcoat layer to the
foam, the pieces were first anodized at 10 °C and 2 mA/cm2 for 60 min. After
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anodization, the pieces were washed in water, dried at 120 °C overnight and calcined
at 600 °C for 4 h with a heating rate of 2 K/min and a cooling rate of 5 K/min. For
washcoating, a slurry method was used. An aqueous slurry of a ball-milled γ-alumina
powder (dp = 0.5 – 5 µm, Aldrich) was prepared with a solid content of 20 wt %. As
binder 10 wt % of colloidal boehmite suspension (20 wt %, Aldrich) was added. To
avoid that the slurry particles would settle or agglomerate, the slurry was stabilized
by adjusting the pH between 6 and 7 with 1 M nitric acid. The anodized pieces were
immersed into the slurry for 1 min. The excess of liquid was shaken out and blocked
pores were cleared using pressurized air. The foams were dried at room temperature
for 3 h and finally calcined at 600 °C for 4 h with a heating rate of 2 K/min and a
cooling rate of 5 K/min. Activation of the foams was obtained by impregnation of
palladium on the γ-alumina layer using an ion exchange technique. The palladium
precursor used was palladium acetate (Sigma-Aldrich) and the palladium loading was
kept constant and equal to 2 wt % of the washcoat alumina layer. Following the
impregnation, the foams were calcined for 4 h at 300 °C with a heating rate of 2
K/min and a cooling rate of 5 K/min. Finally, the foams were reduced with a solution
of sodium borohydride (Aldrich, 98%) containing 50 mol of NaBH4 per mole of Pd. The
catalysts characterization was performed as described in chapter 2 (section 2.2.3).
A slurry catalyst was prepared in order to compare the performance of the rotating
foam reactor. The same alumina powder employed for washcoating was sieved, and
alumina particles with the following particles sizes were used as catalyst support: <
32 µm, 56 – 71 µm, 100 – 150 µm. The alumina was calcined at 600 °C for 4 h with a
heating rate of 2 K/min and a cooling rate of 5 K/min. After that, palladium was
deposited on the alumina by the ion exchange method with a palladium loading of 2
wt %.
3.2.2

Catalyst testing

The foam catalysts were tested in the hydrogenation of 3-methyl-1-pentyn-3-ol.
Hydrogenation experiments were carried out in a 5 L glass reactor with an inner
diameter of 200 mm and a height of 200 mm. The foam blade stirrer had a diameter
of 150 mm and a blade size of 50 x 50 x 20 mm mounted on a hollow shaft for gas
induction through the blades. The reactor was equipped with 5 baffles, a
thermocouple and a cooling system to keep the temperature constant. By controlling
the hydrogen flow, the pressure in the reactor was also kept constant. The reaction
was performed at 25 °C, 1.2 bar of hydrogen, with an initial reactant concentration of
30 or 300 mol/m3 and 3 L of solvent. One catalytic blade was used together with a
bare piece of aluminum foam as the second blade limiting the number of catalyst
blades that needed to be prepared during the washcoating optimization. Liquid
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samples were taken during the experiments and analyzed by means of gas
chromatography to follow the reaction progress (using a Varian 430 gas
chromatograph equipped with an 1177 FI detector, Varian 8400 autosampler, and a
CP-SIL-8 column). From the GC analysis, no side products were identified. The slurry
catalysts were tested in the 5 L glass reactor described above using a six-blade
Rushton stirrer mounted on a hollow shaft in order to allow gas induction. The
Rushton stirrer had a diameter of 100 mm and a blade size of 35 x 25 mm. The same
reaction conditions as in the rotating foam reactor were used.

3.3 Results and discussion
3.3.1

Reactor model

3.3.1.1 Rotating foam stirrer reactor
The model includes the different physical and chemical steps that occur in a
heterogeneous catalyzed reaction: 1) transport of the gaseous reactant into the liquid
phase, 2) transport of the dissolved gaseous reactant and the dissolved substrate
though the bulk liquid to the external catalyst surface, 3) diffusion of the reactants
into the pore structure of the catalyst, 4) chemisorption of reactants, chemical
reaction, desorption of products, 5) diffusion of the products out of the pore
structure of the catalyst, and 6) transport of the products from the external catalyst
surface to the bulk liquid. The reactor is assumed to be an ideally mixed batch reactor
operating under isothermal conditions.
The external mass transfer, steps 1, 2 and 6, was described by the so-called film
model. The concentration of the organic species and hydrogen in the bulk liquid were
calculated using eqs 3.1 and 3.2, respectively. The liquid-solid interfacial area, aLS, was
calculated using eq 3.3. The specific geometric surface area, Sgeo, was calculated from
the foam porosity (ppi) and the strut thickness using the correlation proposed by
[79]. The gas-liquid mass transfer, kGLaGL, was measured using the physical absorption
method [101-102]. The saturation concentration of hydrogen was obtained from the
IUPAC solubility data series [96].

∂Cbulk
i
= kLS,i ·aLS
∂t

Cbulk
- Ccat
i
i

∂Cbulk
H2
bulk
- Ccat
= kGL aGL · Csat
- kLS,H2 · a · Cbulk
H2
H2 - CH2
H
2
LS
∂t

(3.1)

(3.2)
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LS

geo ·εs

(3.3)

The internal mass transfer, steps 3 and 5, and the hydrogenation reaction taking
place in the porous catalyst layer, step 4, were described by the following set of mass
balance equations:

Deff,org ∂2 Ccat
∂Ccat
Y
Y
=
·
- rY ·Ccat
2
2
∂t
∂x
L

(3.4)

Deff,org ∂2 Ccat
∂Ccat
E
E
=
·
+ rY - rE ·Ccat
2
2
∂x
∂t
L

(3.5)

Deff,org ∂2 Ccat
∂Ccat
A
A
=
·
+ rE ·Ccat
2
2
∂t
∂x
L

(3.6)

∂Ccat
Deff,H2 ∂2 Ccat
H2
H2
=
·
- rY + rE ·Ccat
2
2
∂t
∂x
L

(3.7)

with the boundary conditions:

x=0

∂Ccat
i
=0
∂x

(3.8)

x=1

Dei
∂Ccat
i
·aLS ·
= kLSi ·aLS · Cbulk
- Ccat
i
i
∂x
L

(3.9)

Based on the washcoat loading, the coating density (calculated using a washcoat
porosity of εcat = 0.55 m3pore m3washcoat measured by mercury porosimetry), the foam
volume and the foam specific geometric surface area, a coating thickness, L, was
estimated [18]. SEM analysis was done to evaluate the accuracy of the thickness
estimation. The effective diffusion coefficient, Deff, and the intrinsic reaction rate
were fitted to the experimentally determined reaction rates with different washcoat
thicknesses similar to in reference [98].
A Langmuir-Hinshelwood mechanism was used for the kinetic reaction rate
expressions, eqs 3.10 and 3.11, assuming a competitive adsorption of the reactants
on one type of active site, bimolecular reactions between the adsorbed species and
dissociative adsorption of hydrogen [37, 74, 98, 105, 107-111, 116]. The reaction rate
constant, k, was assumed to be the same for the alkyne-alkene hydrogenation and for
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the alkene-alkane hydrogenation, assuming both reactions have a similar ratedetermining step [98]. The catalyst concentration per pore volume was calculated
assuming a homogeneous dispersion, eq 3.12

rY =

rE =

cat
k·Ccat
Y ·KY ·CH2

(3.10)

cat
cat
1+Ccat
Y KY + CE KE + CA KA

2

cat
k·Ccat
E ·KE ·CH2

(3.11)

cat
cat
1+Ccat
Y KY + CE KE + CA KA

Ccat,p = wPd ·ρAl

2 O3

·

2

1- εcat
εcat

(3.12)

The model was fitted simultaneously to a collection of five different experiments with
one set of kinetics parameters (Table 3.1). These experiments had different foam
specific surface areas and washcoat thicknesses. The kinetic parameters, k, KY, KE, KA,
and the liquid-solid mass transfer coefficient, kLS, were estimated. According to the
difference in diffusivities between hydrogen and alkyne, the kLS of hydrogen was
modeled as 7.4 times the kLS of the alkyne. The software package Athena Visual
Studio was used for the discrimination and parameter estimation procedure. For all
results shown, Bayesian estimation for multiple responds was applied [116]. Table 3.2
summarizes the properties of the foam catalysts used in the modeling.
3.3.1.2 Slurry catalyst
The modeling of the slurry reactor was similar to the foam stirrer reactor, only eqs
3.4 – 3.7 were modified for a spherical geometry. The liquid-solid mass transfer
coefficient, kLS, was estimated using the Sh correlation developed by Armenante and
Kirwan, eq 13 [117].

1
Sh = 2 +
π

4/3
P1/3
m · dp
ν

3/4

· Sc1/2

(3.13)

A porosity of εp = 0.50 m3pore m3washcoat was measured by mercury porosimetry. The
model was fitted simultaneously to a collection of six different experiments (Table
3.3). These experiments had different catalyst loadings, catalyst particle sizes and
initial reactant concentrations. The kinetic parameters, k, KY, KE, KA, were estimated.
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Table 3.1 Performance of the different catalytic foam stirrers. Hydrogenation reactions
performed at 30 mol/m3 of alkyne, 300 rpm, 1.2 bar H2 and 25 °C.
Pore size
(ppi)

Coating thickness
(µm)

Activity
(mmol/gPd/s)

Activity
(mol/m3L /min)

Max. yield

10
20

19
4

4.1
8.4

1.9
2.1

69.4
78.6

12
17

6.1
4.6

4.1
4.3

66.2
61.0

9

4.5

3.9

74.8

40

(%)

Table 3.2 Foam catalysts characteristics.
Pore
size
(ppi)

Coating
thickness
(µm)

Geometric
surface area
(m2i ⁄m3f )

Liquid-solid
interfacial
area
(m2i ⁄m3L )

10
20

19
4
12
17
9

747
1559

12.6
26.5

2592

44.3

40

Specific
surface area
(m2/gcoating)

Pd
dispersion
(%)

86.5
80.4
99.8
127.7
128.1

17.6
19.0

Pore size
(nm)
Bimodal
dp= 610 15 nm

18.1

Table 3.3 Performance of the different slurry catalysts. Hydrogenation reactions performed
at 30 mol/m3 of alkyne, 300 rpm, 1.2 bar H2 and 25 °C.
Slurry
particle

Alkyne
concentration

Catalyst
Activity

Activity

(mmol/gPd/s)

(mol/m3L /min)

loading

Max.
yield

size (µm)

(mol/m3)

(g/l)

< 32

30

0.04

38.3

1.8

72.0

0.06

39.1

3.1

71.2

0.10

36.6

4.5

72.5

0.10

12.7

1.6

64.2

0.10

5.4

0.7

58.1

0.10

32.4

3.2

88.9

56 – 71

30

100 – 150
< 32

40

300

(%)
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3.3.2

Modeling results for the foam catalyst

3.3.2.1 Kinetics
Figure 3.2 presents an example of one of the experimental sets together with the
model simulation results. The model is consistent with the experimental data. The
parameters obtained, along with their confidence intervals are given in Table 3.4.
The high selectivity towards the alkene can be explained by a stronger adsorption of
the alkyne compared to that of the alkene, namely that the reaction is
thermodynamically selective. This means that the alkyne either displaces the alkene
from the surface or blocks its adsorption. As a consequence, hydrogenation of the
alkene starts occurring at a high rate when nearly all the alkyne is converted. The
KY/KE ratio of 30 observed in this study is close to that obtained in the hydrogenation
of the same alkyne over Pd/SiO2 [98, 107]. Usually, this ratio is 100 for Pd catalyst [37,
108-110, 118]. From the observed reaction rates with different washcoat thicknesses,
an intrinsic activity of 8.8 mmol/gPd/s was estimated for the 2 wt% Pd alumina
washcoated foam with a Pd dispersion of 19% (mean Pd particle size of 7 nm).

Figure 3.2 Kinetics and mass transfer model fitted to experiment. Markers: experiment,
(diamonds) alkyne, (squares) alkene, (triangles) alkane. Lines, results of fitting. Catalyst: 20
ppi foam with 4 µm of washcoating. Hydrogenation reaction performed at 30 mol/m3 of
alkyne, 300 rpm, 1.2 bar H2 and 25 °C.
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Table 3.4. Parameters fitted to experiments together with their 95% confidence interval.
Foam catalyst.
Parameter

units

value

95% confidence interval

k

m3/gPd/s

8.4·10-3

± 4.8·10-4

KY

m3/mol

1.8·10-1

± 2.4·10-2

KE

m3/mol

5.8·10-3

± 6.5·10-4

KA

m3/mol

1.6·10-2

± 5.8·10-3

3.3.2.2 External mass transfer
An optimum of liquid-solid mass transfer with respect to foam ppi was observed in
Figure 3.3. Although the geometric surface area for the 20 ppi foam was almost two
times higher than for the 10 ppi foam (Table 2), the liquid-solid mass transfer was
slightly increased. This can be explained by the increased frictional pressure drop of
the liquid flow through the foam blades. The use of smaller pores leads to more
restrictions to the flow which decreases the liquid velocity at the liquid-solid
interface. This results in a lower refreshment of the catalyst surface and thus, lower
kLS. Figure 3.3 shows that the kLS decreases almost linearly with the foam ppi. The
decrease in kLS was very significant for the 40 ppi foam, thus the increase in surface
area did not lead to a higher mass transfer rate. On the contrary, the mass transfer
was reduced by a factor of 3.5 with respect to the 20 ppi foam. This trend is in a good
agreement with that observed by other workers [82, 115].
In order to verify the accuracy of the fitted values of kLS reported in this work, the
dissolution of copper by potassium dichromate was used as a model reaction to
estimate the kLS in the foam blade stirrer (see chapter 4). In this redox reaction, the
chromate ions react directly with the surface of the copper catalyst; therefore, pore
diffusion is absent. The difference between the kLS estimated by the dissolution
model and the kLS estimated by the hydrogenation model was between 10 – 25 %.
Hence, the model proposed in this work to estimate the liquid-solid mass transfer on
solid foams is reliable.
The highest liquid-solid mass transfer rate with a kLSaLS value of 0.2 s-1 (for hydrogen)
was achieved using the 20 ppi foam blade at 300 rpm (1086 W/m3). This is quite
promising for industrial applications, where commonly kLSaLS values of the order of 1
s-1 are desired. Figure 3.4 demonstrates the absence of liquid-solid mass transfer
limitations for the 20 ppi foam since there is no significant concentration gradient
between the bulk liquid and the catalyst surface. In contrast, the performance of the
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10 and 40 ppi foams was limited by the transport of both, hydrogen and alkyne, from
the bulk liquid to the catalyst surface. The most limiting component is the hydrogen.
The low diffusivity of the alkyne is compensated by a much higher concentration.
These observations are also confirmed by the Carberry number criteria (external
effectiveness factor, ηLS, of 0.93, 0.96 and 0.82 for the 10, 20 and 40 ppi foam,
respectively [7, 95]). The absence of liquid-solid mass transfer limitations for the 20
ppi foam with a 4 µm washcoat layer was further verified when varying the stirring
speed to 500 rpm (4150 W/m3) which did not lead to a significant increase in reaction
rate.
(a)

(b)

Figure 3.3 Effect of foam ppi on a) hydrogen liquid-solid mass transfer coefficient, b)
hydrogen liquid-solid mass transfer rate. Hydrogenation reactions performed at 30 mol/m3
of alkyne, 300 rpm, 1.2 bar H2 and 25 °C. Power input 1086 W/m3.

The maximum yield of the desired product was influenced by the foam ppi (Table
3.1). In chapter 2 it was shown that the coating thickness became smaller as the ppi
number of the solid foam increases. This resulted in shorter diffusion paths which
prevented the overhydrogenation of the alkene product (see section 3.3.4). However,
the liquid-solid mass transfer has also an influence on the selectivity. In case of 40 ppi
foam, the low liquid-solid mass transfer rate limited the supply of the hydrogen to
the catalyst. The drastic fall of the hydrogen concentration towards the catalyst
surface in this case, favored the selectivity towards the desired product. As it can be
seen in Figure 3.4, the concentration of hydrogen at 50% of conversion was 1.4 times
less than that for the 20 ppi foam. Since for 10 and 20 ppi foams, the rate of liquidsolid mass transfer did not differ significantly, the selectivity was mainly affected by
the difference in coating thickness, being thicker for the 10 ppi foam. Thus, a lower
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(b)

(c)

Figure 3.4 Concentration profiles at the bulk liquid (closed symbols) and at the catalyst surface (open symbols) for alkyne (diamonds)
and hydrogen (circles). Foam catalyst: a) 10 ppi foam and 19 µm washcoating, b) 20 ppi foam and 4 µm washcoating, c) 40 pi foam
and 9 µm washcoating. Hydrogenation reactions performed at 30 mol/m3 of alkyne, 300 rpm, 1.2 bar H2 and 25 °C. Power input 1086
W/m3.

(a)
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selectivity was obtained with the 10 ppi foam. Similar results were also reported by
Wenmakers et al. [48].
3.3.2.3 Internal mass transfer
Although there was approximately 3 times more catalyst available in the case of the
double-coated foam, the activity per liquid volume was only doubled compared to
the activity of the single coated foam (Table 3.1). When the activity is normalized by
the amount of catalyst that is available, it can be seen that the activity decreases with
the coating thickness. This indicates that the efficiency of the catalyst was reduced
due to diffusion limitation within the pores of the washcoat. Figure 3.5 shows the
observed and the calculated catalyst efficiencies for a 20 ppi foam. The thinner coat
layer of the single coated foam (4 µm) was used more efficiently, resulting in a
catalyst efficiency of 0.95. This is also demonstrated in Figure 3.6 where the
concentration profiles inside the washcoat layer are shown. Internal mass transfer
limitations can be neglected since concentration gradients within the washcoat are
not significant. However, when the coating thickness is increased, the accessibility of
the active sites is less, resulting in a lower activity.
(a)

(b)

Figure 3.5 Comparison between observed catalyst effectiveness factors (symbols) and
theoretical effectiveness factors (lines): a) 20 ppi foam catalyst, b) slurry catalyst. Power
input: foam catalyst 1086 W/m3, slurry catalyst 4150 W/m3.

The selectivity, and therefore, the maximum yield of the alkene strongly depended
on the extent of diffusion limitation (Table 3.1). Due to a long diffusion path, i.e.,
thick coating, the reactants have a longer residence time inside the washcoat layer.
As a result, the alkene concentration inside the thicker washcoat layer is higher (and
the alkyne concentration is lower) (Figure 3.6), causing more overhydrogenation to
occur and hence a drop in selectivity.
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For an industrial process these data are of high value because they enable an
estimate of what loss of yield one should expect on increasing the coating thickness
of the catalyst in order to increase the productivity of the reactor. Therefore, if the
kinetics and the mass transport properties of the reaction system are known, it is
possible to calculate the optimum thickness of the active layer and to prepare the
respective optimized catalyst. For the selective hydrogenation studied in this work,
significant loss in activity and selectivity occurred when the coating thickness was
higher than 5 µm. Highly porous washcoats have the recognized tendency to increase
chemical reaction efficiency in cases where accessibility is a controlling factor in a
rate limiting reaction step [107]. In this work, washcoats with a bimodal pore size
distribution were used. The advantage of such washcoats is that the macropores,
which are the voids between the washcoat particles, allow a fast diffusion of
reactants, while the mesopores, which are the intraparticle pores, provide the
specific surface area needed to disperse the catalyst.
The effective diffusion coefficients estimated from Figure 3.5 are in the same order of
magnitude as in the bulk liquid (9.2·10-10 m2/s and 6.8·10-9 m2/s for the alkyne and
hydrogen, respectively). This suggests that the reaction mainly took place at the
outer shell of the washcoat, meaning that the palladium distribution along the
washcoat layer was not uniform. This was confirmed qualitatively by EDX. A sample
of 40 µm was scratched at different locations and the cross-sectional view of the
washcoat was achieved by rotating and tilting the table where the sample lies on. The
concentration of active sites decreased with the coating depth. The following
palladium concentrations were found: coating top 1.8 ± 0.3 wt %, coating center 1.1 ±
0.2 wt % and coating bottom 0.5 ± 0.3 wt %. The soluble catalyst precursor was fixed
to the alumina either by exchange with surface OH groups and/or by adsorption.
Adsorption is a fast process and in general an egg-shell catalyst is formed [7]. Hence,
the high values of effective diffusion coefficients used in the modeling account for the
non homogeneous palladium distribution.
3.3.3

Comparison between the foam catalyst and the slurry catalyst

When the slurry particle size was increased, as expected, the rate of liquid-solid mass
transfer decreased. The reduction in mass transfer for larger particles was due to loss
in surface area as well as a decrease in kLS (Figure 3.7). For the 16 µm slurry particle, a
liquid-solid mass transfer kLSaLS of 0.013 s-1 was obtained. This is 17 times lower than
for the 20 ppi foam. The higher mass transfer of the foam is attributed to both higher
liquid-solid interfacial area as well as faster liquid flow over the foam catalyst surface.
In the slurry reactor, when small particles are used, they move with the liquid and the
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(b)

(c)

Figure 3.6 Concentration profiles inside the washcoat layer at 50% of conversion. (diamonds) alkyne, (squares) alkene, (triangles) alkane,
(circles) hydrogen. 20 ppi foam: a) 4 µm, b) 12 µm, c) 17 µm. Hydrogenation reactions performed at 30 mol/m3 of alkyne, 300 rpm, 1.2 bar
H2 and 25 °C. Power input 1086 W/m3.

(a)
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(a)

(b)

Figure 3.7 Effect of slurry catalyst particle on a) hydrogen liquid-solid mass transfer
coefficient, b) hydrogen liquid-solid mass transfer rate. Hydrogenation reactions performed
at 30 mol/m3 of alkyne, 1.2 bar H2 and 25 °C. Power input 4150 W/m3.

Figure 3.8 Concentration profiles at the bulk liquid (closed symbols) and at the catalyst
surface (open symbols) for alkyne (diamonds) and hydrogen (circles). 16 µm slurry catalyst.
Hydrogenation reaction performed at 30 mol/m3 of alkyne, 1.2 bar H2 and 25 °C. Power
input 4150 W/m3.
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catalyst surface is hardly refreshed. When bigger particles are used, they are poorly
suspended and the globally averaged slip velocity decreases [115, 117, 119]. In both
cases, this results in a kLS 4.8 times lower than the one obtained with the foam
catalyst. The concentration profiles of hydrogen and alkyne at the bulk liquid and the
catalyst surface are shown in Figure 3.8. It can be seen that the liquid-solid mass
transfer of both components limited the reaction rate of the slurry catalyst, being
hydrogen the most limiting component. At a similar conversion, the concentration
gradient using the slurry catalyst was 6.7 times lower than that of the foam.
Moreover, the gas-liquid mass transfer was enhanced in the rotating foam reactor
(Figure 3.9). At a similar power input, the kGLaGL with the foam stirrer was 0.6 s-1,
which is 6 times higher than in the slurry reactor. This can be explained by the
formation of finer dispersed bubbles with the foam stirrer. Gas induction, turbulence
at the gas-liquid interface and bubble breakup by the foam blade are the mechanisms
of bubble formation in the foam stirrer. Tschentscher et al. [81] reported similar
results for the system oxygen/water. Both the Rushton stirrer and the foam stirrer
showed a linear dependency of mass transfer with power input in the low power
range. Above 1500 W/m3, the slope of the kGLaGL – curve was reduced for the Rushton
stirrer. Bubbles move with the liquid and higher rotational speeds mainly increase the
energy dissipation by turbulence but do not significantly lead to increased bubble
breakup and therefore, higher mass transfer. In contrast, the gas-liquid mass transfer
rate was still increasing at higher power input for the foam stirrer. At identical power
input, the kGLaGL was 30% higher than the Rushton stirrer.

Figure 3.9 Gas-liquid mass transfer in a rotating foam reactor. (diamonds) 2 blades foam
stirrer, (squares) 4 blades foam stirrer.

49

Chapter 3. Mass transfer modeling of a consecutive reaction

Concerning the internal mass transfer, Figure 3.5 shows that the foam catalyst
efficiency was higher than that of the slurry catalyst when compared at the same
diffusion length. Since the slurry catalyst was more active, the concentration
gradients within the slurry particles became more significant. The intrinsic activity of
the slurry catalyst was 45 mmol/gPd/s, while for the foam catalyst it was 8.8
mmol/gPd/s (the reaction rate constant of the slurry is 33 times higher than that of
the foam, Table 3.5). This can be explained by a difference in palladium dispersion. By
TEM Pd dispersion of 29% for the slurry catalyst was measured while for the 20 ppi
foam 19%. This can be attributed to a difference in the specific surface areas. By BET
it was found 160 m2/g for the slurry while for the foam 128 m2/gcoating. A way of
avoiding difference in palladium dispersion between the slurry catalyst and the foam
catalyst is to use the same catalyst powder as the slurry reaction to coat the foam.
For the slurry catalyst, the commercial alumina powder was sieved and the desired
particle size obtained was then impregnated with palladium. For washcoating of the
foams, the commercial alumina powder was ball-milled prior to the washcoating
step. In addition, the aqueous slurry of the ball-milled alumina powder used for
washcoating contains colloidal alumina precursor as a binder. These facts may lead to
different palladium dispersion in the wash coat layer.
Overall, the performance of the rotating foam reactor in terms of activity was 4.6
times lower than the slurry reactor (comparison Tables 3.1 and 3.3). The rate limiting
step was the kinetics. In order to increase the production rate, the catalyst holdup
should be increased. This can be done, for instance, by adding more active blades to
the shaft (Figure 3.1b). As it can be seen in Table 3.6, the reaction rate increased
proportionally to the catalyst loading, being higher than the slurry catalyst when 4
active blades were used. Although more catalyst was employed, the advantage of the
rotating foam reactor was the catalyst reusability, which is not often possible in slurry
reactors.
Moreover, catalyst filtering is not needed since the catalyst is fixed on the shaft and
safety is improved because the reaction was easily stopped by stopping the stirrer. In
addition, the maximum yield of the desired product (which is often the parameter
that determines the final choice of the reactor configuration) was higher with the
foam stirrer (comparison Tables 3.1 and 3.3). This is mainly because of shorter
diffusion paths within the washcoated foam. A coating layer thinner than the radius
of the slurry particles can be chosen. Besides that more surface area for catalyst
deposition can be used with a 4-blade stirrer, the gas-liquid and the liquid-solid mass
transfer rates were both enhanced. The former due to a higher turbulence at the gasliquid interface and the latter because of an increased liquid-solid interfacial area.
This is convenient for reactions which are externally mass transfer limited.
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Table 3.5 Parameters fitted to experiments together with their 95% confidence interval.
Slurry catalyst.
Parameter

units

value

95% confidence interval

k

m3/gPd/s

2.8·10-1

± 4.2·10-2

KY

m3/mol

2.0·10-1

± 3.4·10-2

KE

m3/mol

1.0·10-3

± 1.8·10-4

KA

m3/mol

1.8·10-2

± 2.9·10-3

Table 3.6 Comparison of production capacity between the slurry reactor and the blade foam
stirrer using 20 ppi foam with 4 µm of washcoating in each blade. Hydrogenation reactions
performed at 30 mol/m3 of alkyne, 1.2 bar H2 and 25 °C. Foam catalyst 300 rpm (1086
W/m3), slurry catalyst 1050 rpm (4150 W/m3).
Activity

Stirrer

Catalyst
loading (g/l)

(mol/m3L /min)

Rushton

0.10

4.5

72.5

1 foam blade active

0.19

1.9

78.6

2 foam blades active

0.38

3.7

78.8

4 foam blades active

0.76

7.2

79.0

Max. yield (%)
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3.4 Concluding remarks
The hydrogenation of 3-methyl-1-pentyn-3-ol showed fast kinetics and was certainly
mass transfer limited. Rotating foam reactors showed higher mass transfer rates
compared to the conventional slurry reactor. Liquid-solid mass transfer was
enhanced in the foam stirrer due to higher liquid-solid interfacial area as well as
faster liquid flow over the foam catalyst surface. Although the use of finer pore foam
structures increased the geometrical surface area, this was counterbalanced by the
frictional pressure drop which decreased kLS and therefore the liquid-solid mass
transfer was not sufficiently increased. Hence, an optimum regarding foam ppi
number was found. The highest kLSaLS value of 0.2 s-1 was estimated for the 20 ppi
foam. This was 17 times higher than that estimated for the Rushton stirrer.
The gas-liquid mass transfer in a rotating foam reactor was also enhanced due to the
formation of finer dispersed bubbles. Using the foam blade stirrer, gas bubbles are
mainly created by turbulence at the gas-liquid interface and large bubbles are broken
up by the foam blades. A kGLaGL value of 0.6 s-1 was measured, which was 6 times
higher than the Rushton stirrer. The hydrogenation of 3-methyl-1-pentyn-3-ol was
very sensitive to the thickness of the washcoat layer. Both activity and selectivity
dropped when a coating thicker than 5 µm was used due to internal mass transfer
limitations. The use of a coating with a bimodal pore size distribution was an effective
way to increase catalyst efficiency. The large pores allow a fast diffusion of reactants
while the small pores provide the interfacial area needed to disperse the catalyst. The
lower reaction rate obtained with the rotating foam reactor was mainly caused by
difference in kinetics. However, the selectivity of the solid foams was higher because
the effective diffusion length, i.e., the coating thickness, could be chosen thinner than
the radius of the slurry particles.
An alternative to increase the production rate of the rotating foam reactor was to
occupy larger part of the reactor volume by the foam. For this purpose, more blades
were mounted on the shaft to have more surface area for catalyst deposition. This
also proved to be beneficial for external mass transfer since more turbulence was
created, for instance, with a 4 blade stirrer, thus enhancing the gas-liquid mass
transfer. Moreover, since more liquid-solid interfacial area was available, the liquidsolid mass transfer was also increased. Overall, when high activity and selectivity are
both desired for a specific reaction in which mass transfer effects are important, the
foam catalyst has to combine a high specific surface area with a thin coat layer on the
foam.
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4 Effect of the foam stirrer design on the
catalytic performance of rotating foam
stirrer reactors
This chapter has been published as:
Leon, M.A., Geers, P., Nijhuis, T.A., van der Schaaf, J., Schouten, J.C. Effect of
the foam stirrer design on the catalytic performance of rotating foam stirrer
reactors. Chem. Eng. J. 2012, 207-208, 209.

Abstract:
The liquid-solid mass transfer rate in a rotating foam stirrer reactor and in a slurry
reactor was studied using the hydrogenation of styrene as a model reaction. The
rotating foam stirrer reactor is a novel type of multi-phase reactor where highly
open-celled materials, solid foams, are used as a catalyst support and as a stirrer. The
design of the foam stirrer had a strong influence on the liquid-solid mass transfer
rate. Using a donut-shaped foam block configuration, the liquid solid mass transfer
coefficient, kLS, was 5 times lower than in a blade configuration. The reduced liquid
circulation through the foam block structure was explained by a higher frictional
pressure drop. The pore Reynolds number indicated that the flow was in the laminar
regime for the foam block stirrer while it was turbulent for the blade stirrer. Local
measurements of kLS indicated a mass transfer profile along the height of the foam
block structure, allowing a pertinent choice of the catalyst location within the foam
block and/or suggesting changes of the foam block design to avoid the bottom
effects, for instance, using a conical foam block shape. However, the foam block
stirrer offered higher liquid-solid interfacial area than a blade stirrer, resulting in
higher kLSaLS. At a power input above 1000 W m3L and using a 20 ppi foam block with
the top part catalytically active, the reaction rate was not liquid-solid mass transfer
limited. Compared to a Rushton stirrer, the liquid-solid mass transfer rate was
enhanced because of a high liquid-solid interfacial area and a fast refreshment of the
catalyst surface. kLSaLS values of 0.5 s-1 were obtained compared to 0.04 s-1 for the
slurry system. The same production rate as in the slurry reactor was achieved using
62% less catalyst.
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4.1 Introduction
Heterogeneously catalyzed liquid phase reactions are often limited by external mass
transfer and/or intraparticle diffusion instead of intrinsic kinetics. In that case
increasing the catalyst loading does not result in a higher overall conversion. The
effects of mass transfer can be reduced by using a structured packing as a catalyst
support [8, 13, 31, 36, 80]. The structured packing increases the interfacial surface
area and increases local turbulence in the liquid phase, thus improving the external
mass transfer rates. The surface area of the structured packing for catalyst deposition
is usually increased by washcoating [16-18, 120]. Short diffusion distance in the
catalytic active layer can be easily achieved by tuning the thickness of the washcoat
layer, thus enhancing the internal mass transfer rate. The use of structured packing
also overcomes the catalyst separation step and the catalyst attrition often
encountered in slurry reactors. In addition, their high porosity leads to low pressure
drop. Examples of reactor types based on structured packings are monolithic stirrers
and mixers based on fiber structures [59-60, 94]. The structured packing is used as
catalyst support as well as to mix the phases and disperse the gas reactant into fine
bubbles.
Likewise, we have developed a new type of catalytic stirrer based on solid foams [81,
83, 120-124]. Solid foams are highly open-celled materials which consist of a
reticulated structure of struts. The struts act as static mixers for the fluid streams,
which split and recombine passing the struts. This results in a good mixing of the
phases and similar axial dispersion coefficients compared to conventional packings
[125-126]. The rotating foam stirrer reactor was first developed as a two blade stirrer
(Figure 4.1a). Strong turbulence at the gas-liquid interface creates bubbles which are
broken up by the foam blades. This leads to the formation of finely dispersed bubbles
which enhances the gas-liquid mass transfer rate.
In order to increase the specific surface area per reactor volume, which can be used
for catalyst deposition, a foam block stirrer was developed (Figure 4.2b). The rotation
of the donut-shaped foam block structure also leads to a fast liquid circulation. Gas
bubbles are trapped in the center section close to the stirrer shaft. Liquid passing
these bubbles is saturated and flows throughout the foam block driven by the
centrifugal forces. Thereby, a high gas-liquid mass transfer is achieved. kGLaGL values
more than 50% higher than the Rushton stirrer have been reported for both foam
stirrer designs [81, 121-122, 124]. As a result, the transport of the gaseous reactant
into the liquid phase does not limit the overall reaction rate when hydrogenation or
oxidation reactions have been carried out in a rotating foam stirrer reactor [123-124].
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The limiting step in heterogeneously catalyzed reactions often is the transport of the
reactants from the liquid phase to the catalyst surface. To increase the mass transfer
rate, the liquid-solid interfacial area, aLS, and/or the liquid-solid mass transfer
coefficient, kLS, could be increased. In chapter 3 and in reference [83], we have shown
that the liquid-solid mass transfer for solid foams can be optimized by varying the
foam ppi (pores per linear inch). Increasing the foam ppi has two counterbalancing
effects: the aLS is increased, however, the liquid circulation is reduced due to the
higher frictional pressure drop resulting in lower kLS. When compared with a slurry
catalyst, the liquid-solid mass transfer is significantly enhanced owing to the better
refreshment of the catalyst surface.
(a)

(b)

Figure 4.1. Rotating foam stirrer reactors: (a) blade stirrer and (b) block stirrer [61].

This work studies the effect of the foam stirrer design on the liquid-solid mass
transfer and how this relates to the hydrodynamics of the system. Previously, the kLS
for the foam blade design was estimated using the selective hydrogenation of 3methyl-1-pentyn-3-ol as a model reaction (chapter 3) while the kLS for the foam block
design was measured using the dissolution of copper by potassium dichromate as a
model reaction [83]. In this chapter, the performance of both foam stirrer designs are
compared under the same reaction conditions and the kLS was determined using the
three-phase reaction data. The hydrogenation of styrene catalyzed by Pd-alumina
was chosen as a model reaction. This fast heterogeneous catalytic reaction has been
successfully used in other type of multi-phase reactors to point out the influence of
mass transfer on the observed reaction rate [30, 127-131]. Since the kinetics is known
and the hydrogenation reaction yields only one product, ethyl-benzene, the reactor
modeling is straightforward. The kLS values obtained by the hydrogenation reaction
are compared with those obtained by the solid dissolution reaction. A comparison
with the conventional slurry reactor is also presented.
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4.2 Experimental
4.2.1

Hydrogenation reaction

Hydrogenation tests were performed in a 2 L batch-autoclave reactor (2543 Premex
reactor ag) with an inner diameter of 150 mm and a height of 150 mm. The aluminum
solid foams (10, 20 and 40 ppi) were purchased from ERG Aerospace. The foam blade
stirrer, as shown in Figure 4.1a, consisted of two aluminum foam blades with an area
of 30 x 45 mm and a thickness of 10 mm. The foam blade stirrer had a diameter of
100 mm and it was placed at a distance of 40 mm to the reactor bottom. The foam
block stirrer, as shown in Figure 4.1b, consisted of an aluminum block with a
diameter of 100 mm and a height of 30 mm. The center section of the foam block
was removed leading to a donut-shaped block with an inner diameter of 30 mm. An
alternative modification was to use a conical shape in the middle section with top
diameter 30 mm and bottom diameter 70 mm. The foam block was fixed on a steel
frame at a distance of 35 mm to the reactor bottom. The reactor contained 4 baffles
with a width of 12 mm and a thickness of 1.5 mm. For the foam block stirrer, a lid was
inserted at a height of 20 mm from the top in order to reduce the vortex formation.
The lid in form of a ring shape had a thickness of 1 mm. As comparison a 6-blade
Rushton stirrer with a diameter of 75 mm and a blade size of 18 x 25 mm was used.
The distance to the reactor bottom was 25 mm. The autoclave was electrically heated
using a heating jacket. To better control the temperature of the reactor a continuous
stream of cooling water was fed through a coil in the wall of the autoclave. The
pressure in the autoclave was controlled using an electronic forward-pressure
controller.
Catalytic tests were carried out using 2 wt% palladium on alumina wash coated
foams. The detailed preparation of the foam catalysts was described in chapter 2 The
foam catalyst reduction with sodium borohydride (Aldrich, 98%) was performed using
100 mol of NaBH4 per mol of Pd instead of 50 mol reported in chapter 2. A slurry
catalyst was prepared in order to compare the performance of the rotating foam
stirrer reactor. The same alumina powder employed for washcoating was
impregnated with palladium (2 wt%) by the ion exchange method. The slurry particle
size chosen was 50 µm. The foam catalysts characterization was performed as
described in chapter 2 (section 2.2.3). The properties of the foam catalysts are listed
in Table 4.1.
The experiments were performed at 60 °C and 5 bar of hydrogen with an initial
styrene concentration of 600 mol/m3 (Sigma-Aldrich, 99.9%). Toluene (VWR) was
used as a solvent. The stirring speed was set between 250 rpm and 1000 rpm. The
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applied torque was measured using a Viscoklick VK 600.1 torque meter from IKA. The
autoclave containing the foam catalyst or the slurry catalyst was filled with 1.7 L of
toluene and heated up to the desired temperature. The unit was then first flushed
with nitrogen to remove all air from the system and thereafter flushed three times
with hydrogen to remove all nitrogen from the system. The styrene feed (of which
the t-butylcatechol inhibitor was removed by distillation under reduced pressure)
was added from a liquid feed vessel. Liquid samples were taken at regular intervals
and analyzed by means of gas chromatography to follow the reaction progress (using
a Varian 430 gas chromatograph equipped with an 1177 FI detector, Varian 8400
autosampler, and a CP-SIL-8 column).
4.2.2

Dissolution reaction

Copper dissolution experiments were carried out in a 5 L glass reactor with an inner
diameter of 200 mm and a height of 200 mm. Five baffles were placed in the reactor
at equally spaced distances with dimensions of 15 mm x 1.5 mm. Experiments were
only performed using the foam blade stirrer since the foam block stirrer was studied
in earlier work [83]. The foam copper blade stirrer had a diameter of 150 mm and a
blade size of 50 x 50 x 20 mm. The distance from the bottom of the blades to the
reactor bottom was 30 mm. The copper foams (10 and 20 ppi) were purchased from
M-Pore. All experiments were performed at 30oC. The experimental procedure and
the method of analysis are described in chapter 6.

Table 4.1 Foam catalysts characteristics.
Stirrer
design

Pore size
(ppi)

Coating
thickness (µm)

Pd dispersion (%)

Geometric surface
area (m2i ⁄m3f )

Foam blade

10

10.5

42.6

747

20

53.8

1559

40

49.7

2592

10

45.3

747

20

48.1

1559

40

47.9

2592

Foam block
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4.3 Results and discussion
4.3.1

Mass transfer modeling

The hydrogenation of styrene over Pd-alumina, known to be first order in hydrogen
and zero order in styrene [118, 127, 131], was used as a model reaction for the
determination of liquid-solid mass transfer coefficients on solid foams. Based on the
so-called film theory, the overall reaction rate of a heterogeneously catalyzed
reaction was described as resistances in series of the mass transfer steps and the
intrinsic kinetics. As a result of the low solubility of gases in liquids, hydrogen was
assumed as the mass transfer limiting component (Dsty Csty DH2 CH2 >10). For a firstorder reaction, the overall reaction rate is described as follows:
-1
obs
GL

GL

LS,H2

LS

r

cat

H2

(4.1)
H2

The first term describes the gas-liquid mass transfer, the second term describes the
liquid-solid mass transfer, and the third term is the intrinsic kinetics together with
diffusion limitation in the catalyst support layer, expressed by the effectiveness
factor. When the reaction is liquid-solid mass transfer limited, the reaction rate can
be increased by increasing the liquid-solid mass transfer coefficient, kLS, and by
increasing the liquid-solid interfacial area, aLS. For a foam stirrer, the kLS depends on
the hydrodynamics of the system which is influenced by the foam stirrer geometry
and by the stirring speed, while the aLS is varied with the foam geometrical surface
area or with the foam catalyst hold-up.
Assuming the rotating foam stirrer reactor as an ideally mixed batch reactor
operating under isothermal conditions, the mass balances for styrene and hydrogen
at the bulk liquid and at the catalyst surface are given by the following differential
equations:
bulk
sty

bulk
H2
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For the intrinsic reaction rate, the Langmuir-Hinshelwood expression proposed by
Nijhuis et al. [127], which implies adsorption of styrene on one type of site with noncompetitive hydrogen adsorption on other sites, eq. 4.6., was used. The adsorption
equilibrium constant for styrene, Ksty, is 13.3·10-3 m3/mol [127]. The catalyst
effectiveness factor was defined as the observed reaction rate divided by the reaction
rate if the whole catalyst volume would have the same concentration as at the
catalyst surface, eq. 4.7. For a flat-plate geometry and first-order reaction, the Thiele
modulus, θ, is given by eq. 4.8. The catalyst wash coat thickness, L, was measured by
SEM. A similar average coating thickness of 10.5 µm was found for the 10, 20 and 40
ppi foam stirrers. The effective diffusion coefficient, De, was estimated as described in
chapter 3 using a tortuosity factor of τ = 3 and a washcoat porosity of εcat = 0.55
m3pore m3wash coat .

r
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cat
sty H2
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(4.7)
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H2
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Regarding the external mass transfer, the liquid-solid interfacial area, aLS, was
calculated using eq. 4.9. The specific geometric surface area, Sgeo, was calculated from
the foam porosity (ppi) and the strut thickness using the correlation proposed by
Fourie and DuPlessis [79]. The gas-liquid mass transfer, kGLaGL, was measured using
the physical absorption method [101-102]. The saturation concentration of hydrogen
in toluene at the desired pressure was obtained using the Henry constant. The
concentration of styrene at the bulk liquid was measured by gas chromatography.
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(4.9)
LS

geo

s

The model was fitted to the experimental data with the liquid-solid mass transfer
coefficient, kLS, and the reaction rate constant, kr, as parameters to be fitted.
According to the difference in diffusivities between hydrogen and styrene, the kLS of
hydrogen was modeled as 6 times the kLS of the styrene to make the data fitting more
facile. A collection of experiments with different foam geometrical surface areas
(ppi), stirring speeds and foam stirrer designs was used for the modeling fitting. The
values of kLS,H2 were determined for each foam stirrer and rotational speed while the
value of kr was kept constant. ICP analysis showed palladium loadings of 1.8 wt.% for
all foam catalysts which corresponds nicely to the target (2 wt.%). In addition, TEM
analysis showed all foam catalysts had a similar palladium particle size distribution in
the range of 1 – 3 nm. Based on the palladium particle size observed by TEM, the
palladium bulk density and the palladium atomic radius, an average metal dispersion
(the ratio of surface metal atoms to the total number of metal atoms) of 48% was
estimated. Therefore, it can be ensured that the intrinsic activities of the different
foam catalysts were identical. The software package Athena Visual Studio was used
for the discrimination and parameter estimation procedure. For all results shown,
Bayesian estimation for multiple responses was applied [116].
For comparison, a reaction was performed using a slurry catalyst. The modeling of
the slurry reactor was similar to the foam stirrer reactor, only eqs 4.8 and 4.9 were
modified for a spherical geometry. TEM images indicated a similar palladium
dispersion as in the foam catalysts. Therefore, the reaction rate constant obtained
from the foam stirrer reactor modeling was kept the same for the slurry catalyst. The
model was fitted to the experimental data with only the liquid-solid mass transfer
coefficient, kLS, as parameter to be fitted. Table 4.1 summarizes the properties of the
foam catalysts used in the modeling.
4.3.2

Results from reactor modeling

Figure 4.2 presents an example of a typical styrene hydrogenation experiment
together with the model simulation results. The model described the experimental
data well. The reaction was zero order in styrene until the concentration became too
low, indicating strong adsorption of styrene on the catalyst. 100% selectivity towards
ethyl-benzene was observed. From the slope of the concentration vs. time curve, the
observed initial reaction rate, robs, was determined. The calculation was done at 50%
of conversion. Figure 4.3a shows the observed reaction rates per liquid volume as a
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function of the foam ppi and foam stirrer design. Increasing the geometrical surface
area of the foam (ppi) or increasing the volume of foam per reactor volume clearly
led to higher reaction rates since there was more catalyst available in the reactor.
However, the increase in rate was not proportional to the increase in the amount of
catalyst, especially when a 40 foam ppi and a foam block stirrer were used. When the
reaction rate is expressed per grams of palladium, it can be seen from Figure 4.3b
that the catalyst on these foam stirrers was used less efficiently. Since the intrinsic
activities of the different foam catalysts are identical (see section 4.3.1), the
difference in reaction rates observed can be attributed to mass transfer limitations.
The reaction rate constant, kr, obtained from the model fitting was 6.97⋅10-3
m3L,pore gPd ·s. Using the Carberry criteria [7, 120], it was found that gas-liquid mass
transfer did not limit the overall reaction rate under the conditions used in this study
(Table 4.2). Moreover, diffusion limitations within the porous wash coat layer
assessed by the Thiele modulus were similar for the different foam catalysts because
similar coating thicknesses, and thus similar diffusion paths, were measured by SEM
(see section 4.3.1). Hence, the difference in foam stirrer performance can be
attributed to liquid-solid mass transfer limitations.

Figure 4.2 Example of a typical styrene hydrogenation experiment using a 20 ppi
foam block stirrer at 800 W m3L . Markers: experiment. Line, results of fitting.
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(a)

(b)

Figure 4.3 Performance of the different catalytic foam stirrers during the hydrogenation of
styrene. Experiments performed at 800 W⁄m3L . Diamonds: foam blade stirrer. Circles: foam
block stirrer.

Table 4.2. Comparison of reactor performance between a rotating foam stirrer
reactor and a slurry reactor. Experiments performed at 800 W m3L
catalyst

20 ppi

kLS x 10-2

kLSaLS

(m3L ⁄m2i ·s)

(s-1)

0.98

1.38

0.37

0.97

0.69

0.96

0.29

0.54

0.95

0.04

0.01

0.15

0.21

0.01

0.15

0.13

0.01

0.15

0.21

0.04

0.19

Ccat

kGLaGL

(wt%)

(s-1)

0.02

0.71

0.05

ηGL

ηLS

ηcat

robs
(mol/m3/s)

0.76

0.19

foam blade
20 ppi

0.41

foam block
Slurry
particles

0.76

0.13

dp 50 µm
Slurry
particles
dp 50 µm

62

0.43
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4.3.2.1 Effect of foam stirrer design and stirring speed on the liquid-solid mass
transfer
The liquid-solid mass transfer rate depends on the geometric surface area of the
foam stirrer and on the relative velocity between liquid and solid. In chapter 3 and in
reference [83], we have discussed the effect of the foam ppi on the liquid-solid mass
transfer rate. A smaller pore size resulted in a higher liquid-solid interfacial area.
However, this was counterbalanced by the reduced liquid circulation through the
foam structure which was caused by higher frictional pressure drop. Hence, an
optimum value of kLSaLS was found for a 20 ppi foam. This trend has been also
observed in this work for the hydrogenation of styrene. The results are shown in
Figure 4.4. For both foam stirrers, the kLSaLS value was around 1.2 times higher for a
20 ppi foam compared to a 10 ppi foam. The higher pressure drop did not completely
counterbalance the interfacial area and a smaller pore size was beneficial. On the
other hand, the use of a 40 ppi foam resulted in a drastic decrease of liquid
circulation. This negated the benefits of a higher surface area leading to lower liquidsolid mass transfer rates.
This section focuses on the comparison of mass transfer rates between two foam
stirrer configurations. Although there was 6 times more liquid-solid interfacial area
when the foam block stirrer of which the top (one third) was catalytically active, only
a slightly increase of kLSaLS was observed compared to the foam blade stirrer (Figure
4.4b). Like the effect of the foam ppi, the increase in surface area with the foam block
design was counterbalanced by a reduced catalyst refreshment. Figure 4.4a shows
that the liquid-solid mass transfer coefficient, kLS, for the foam block stirrer is around
5 times lower than for the foam blade stirrer.
The centrifugal forces applied by the rotation of the foam structure induce a flow
inside this porous material. A drag force is imposed to the fluid by the foam structure
obstructing the flow path. This causes a fraction of the oncoming stream to deflect
around the porous material. The drag force is the sum of the viscous drag and the
inertial drag. The first is linked to the foam permeability and the fluid viscosity while
the latter is linked to the foam drag coefficient and the fluid density [60, 79, 132133]. If the comparison between the foam blade stirrer and the foam block stirrer is
done at equal foam pore size (ppi), i.e., equal permeability and equal drag coefficient,
the difference in performance clearly comes from the difference in cross-sectional
area. The block stirrer had 30 times more cross-sectional area than the blade stirrer
leading to higher form and friction drag forces. This resulted in a lower interstitial
velocity and thus lower kLS.
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Figure 4.4 Effect of the foam ppi and foam stirrer design on (a) liquid-solid mass transfer coefficient, (b) and (c) liquid-solid mass
transfer rate (for hydrogen). Experiments performed at 800 W⁄m3L . Diamonds: foam blade stirrer. Circles: foam block stirrer.

(a)
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Using the (Sh)-(Re) correlation proposed in reference [134], the interstitial velocity
was estimated for the optimum foam pore size, i.e., 20 ppi. The values found at a
stirrer power input of 800 W m3L were 3.4 m/s and 0.1 m/s for the blade and for the
block stirrer, respectively. Consequently, the Reynolds number inside the foam
structures based on the foam strut diameter was 2225 for the blade stirrer and 91 for
the block stirrer. The flow can be described as turbulent for the blade stirrer while it
was laminar for the block stirrer [135-137]. When the mass transfer rate was
expressed per volume of foam, it can be seen from Figure 4.4c that the foam blade
stirrer exhibited better mass transfer characteristics due to the development of a
turbulent flow.
In order to improve the catalyst surface refreshment, the stirring speed was varied.
Figure 4.5 shows a linear dependency of kLS with the power input for both stirrer
configurations. As the stirring speed increased, the influences of inertia and
turbulence became more significant leading to higher kLS. Above 1000 W m3L , the
liquid-solid mass transfer coefficient leveled off. Figure 4.6 demonstrates that the
reaction rate was not liquid-solid mass transfer limited since there was no significant
concentration gradient between the bulk liquid and the catalyst surface. These
results agree well with those reported in chapter 3.

Figure 4.5 Effect of the stirring speed on the liquid-solid mass transfer coefficient (for
hydrogen). Experiments performed using a 20 ppi foam. Diamonds: foam blade stirrer.
Circles: foam block stirrer.
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Figure 4.6 Calculated concentration profiles for the reactants at the bulk liquid (solid line:
styrene, dashed line: hydrogen) and at the catalyst surface (diamonds: styrene, circles:
hydrogen). Experiments performed using a 20 ppi foam block, 1650 W⁄m3L .

4.3.2.2 Foam block stirrer optimization
The foam block structure as catalyst support occupies a large amount of the reactor
volume and is, therefore, of special interest. In the previous section it was
demonstrated that the use of a 20 ppi foam block stirrer with only the top part
catalytically active led to efficient mass transfer rates. Hence, it is expected that by
washcoating the rest of the foam block, the reaction rate should considerably
increase. As a first approach, the reaction rate was measured at different heights of
the foam block structure. This was done by changing the catalytic disk from the top to
the middle and to the bottom part.
Figure 4.7 shows a significantly decrease of reaction rate along the height of the foam
packing. This can be explained by a lower gas-liquid and/or liquid-solid mass transfer
rate. Tschentscher et al. measured the gas holdup in a 20 ppi foam block stirrer by γ–
tomography [121-122]. They found a significant gas holdup only in the upper reactor
part. The gas holdup at the reactor bottom differs 30% from the top. This certainly
leads to a lower gas-liquid mass transfer rate. However, using the Carberry criteria [7,
120], it was found that gas-liquid mass transfer did not limit the overall reaction rate
even if the value of kGLaGL was 30% reduced. The high rotational speed applied in this
study led to a more homogeneous gas holdup over the foam block height.
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Figure 4.7 Reaction rate at different positions in the foam block stirrer. Experiments
performed at 800 W⁄m3L . Diamonds: cylindrical shape in the center section. Circles: conical
shape in the center section.

It is more likely that the profile in reaction rates shown in Figure 4.7 is linked to the
low liquid inflow velocity observed for the foam block stirrer. The liquid flow through
the foam block is driven outwards by radial forces. The baffles then direct the liquid
flow back to the center section producing two circulating loops, one above and one
below the foam structure. Mixing occurs between the two loops but less intensely
than between each loop. This leads to a compartmentalization of the reactor. In
addition, the pressure drop increases with the foam block height. As a result, lower
liquid circulation is present at the reactor bottom. Therefore, the mixing and the
mass transfer coefficients are reduced. The model described in section 4.3.1 was
fitted to the experimental data with the liquid-solid mass transfer coefficient, kLS, as
parameters to be fitted. Table 4.3 shows that the rate of liquid-solid mass transfer
decreases with foam block height.
To use the entire reactor volume efficiently, adjustments can be done on the design
of the foam block. As the bottom section does not sufficiently take part in the mass
transfer process, the foam block thickness in this zone can be reduced, for example,
using a conical foam block shape. This would increase the liquid inflow and therewith
the mass transfer coefficient since the pressure drop is decreased. Moreover, the
bubble entrapment and therefore, the creation of small bubbles are increased
leading to high gas-liquid mass transfer rates [81]. For this reason, the catalytic
performance of the conical foam block stirrer was investigated. As explained above,
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the reaction rate was measured at the lower part of the reactor. The results are
presented in Figure 4.7.
Using a conical center section, the reaction rate was significantly increased.
Compared to a cylindrical shape, the reaction rate was 1.1 and 1.3 times higher at the
middle and the bottom of the foam block structure, respectively. When the liquidsolid mass transfer coefficient was estimated using the reaction data, it can be seen
from Table 4.3 that the values of kLS are more uniform in this foam block section but
still around 4.5 times lower than at the upper part. Therefore, it can be concluded
that the center section of the foam block has a strong influence on the liquid inflow.
Although the surface area for catalyst deposition was decreased by using a conical
foam block shape, the use of the catalyst was more efficient. To further improve the
catalytic performance of the foam block stirrer, the baffles can be optimized in order
to direct the liquid into the center section and facilitate a fast circulation.
Table 4.3 Liquid-solid mass transfer coefficient of hydrogen at different positions in the foam
block stirrer. Experiments performed at 333 K, 5 bar, 20ppi, 800 W⁄m3L
kLS x 10-3

Foam block height

(m3L ⁄m2i ·s)

(cm)
cylindrical

4.3.3

conical

0.4

2.80

1

2.87

2

0.26

0.62

3

0.15

0.74

Accuracy of data

In order to verify the accuracy of the kLS values obtained by the hydrogenation
reaction, the dissolution of copper by potassium dichromate was used as a model
reaction to estimate the kLS in the foam blade stirrer. Like any solid-liquid
heterogeneous reaction, dissolution of copper in acidified dichromate involves two
2steps, namely: 1) diffusion of Cr2 O7 from the liquid phase to the solid copper surface
2across the diffusion layer, and 2) chemical reaction between Cr2 O7 and Cu2+ ions. The
overall rate of the reaction is controlled by the first step which is the slowest step
[138]. This technique has been widely used to study liquid/solid mass transfer in view
of its accuracy and simplicity [83, 139-141]. Moreover, since the chromate ions react
directly with the surface of the copper catalyst, pore diffusion can be neglected.
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Figure 4.8 presents the liquid-solid mass transfer coefficient estimated from the
hydrogenation and dissolution experiments as a function of the foam ppi. In order to
account for the different diffusivities of the two systems, it was necessary to plot
kLS/Di rather than the mass transfer coefficient. For a better comparison, the results
reported in chapter 3 are also included.
A good agreement between the two different methods for determining the liquidsolid mass transfer coefficient was found. The relative standard deviation for 10 and
20 ppi foam was 22% while for the 40 ppi foam it was 31%. It is more appropriate to
determine kLS under reaction conditions using the three-phase reactor data.
However, it is not always easy to operate the system exclusively in the liquid-solid
mass transfer regime. Therefore, the accuracy of the kLS values depends on the error
involved in estimating the reaction kinetics and the effective diffusivity [131, 142143].

Figure 4.8 Comparison of liquid-solid mass transfer coefficients estimated by different model
reactions. Diamonds: styrene hydrogenation. Triangles: alkyne hydrogenation. Circles:
dissolution experiment.
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4.3.4

Comparison with the slurry reactor

The styrene hydrogenation was also performed using a slurry catalyst in order to
compare the performance of the rotating foam stirrer reactor. A catalyst particle size
of 50 µm was chosen to obtain the same internal mass transfer resistance as in the
foam catalyst. Table 4.2 demonstrates that the production rate was 3 times higher
using a foam block stirrer. As expected, this results from a faster liquid flow over the
foam catalyst surface. In the slurry reactor, the catalyst particles move with the liquid
and the catalyst surface is hardly refreshed. Hence, the kLS of the foam block catalyst
was 1.4 times higher.
Pangarkar et al. gave a review on liquid-solid mass transfer measurements [144].
They reported mass transfer coefficient values of lower than 1·10-3 m/s for lab-scale
slurry reactors. An increase of the turbulence by the rotational speed can improve
this only to a certain extent. The liquid-solid mass transfer can further be improved
by increasing the liquid-solid interfacial area. This can be achieved by reducing the
particle size. However, this is limited by downstream filter requirements to a minimal
particle size of 10 µm. Commonly, particle diameters of 50 µm are used. The catalyst
loading can also be increased. Industrial three-phase slurry reactors usually use
loadings of around 1wt% [144].
Hence, the slurry reaction was modeled using a catalyst loading of 1118 g/m3 (0.13
wt%) and the kLS value reported in Table 4.2. The model showed a comparable
production rate when compared to the foam stirrer. However, this can result in
problems with catalyst particle suspension and in an increase of the slurry viscosity
resulting in lower mass transfer coefficient. Consequently, the catalyst loading was
reduced to 0.05 wt% using a rotating foam stirrer. An additional advantage of the
rotating foam stirrer reactor is that the reaction mixture can be drained off easily,
without the need to filter the catalyst particles. Agglomeration and attrition do not
occur and the catalyst can simply be reused.
From the effectiveness factor reported in Table 4.2, it can be concluded that the foam
stirrer had efficient external mass transfer rates. For a washcoat thickness of 10.5
µm, a Thiele modulus of 1.95 (η = 0.76) was found. This indicates that the reaction
rate was limited by diffusion limitations. As reported in chapter 3, a washcoat
thickness of 5 µm should be applied in order to reduce the internal mass transfer
resistance taking place in the porous catalyst layer.
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4.4 Concluding remarks
The hydrogenation of styrene catalyzed by Pd/Al2O3 provided a simple and
convenient means for evaluating the mass transfer performance of multi-phase
reactors. Rotating foam stirrer reactors are remarkably suited for fast catalytic
reactions that would suffer from liquid-solid mass transfer limitations if carried out in
conventional slurry reactors. Due to the high liquid-solid interfacial area as well as the
fast liquid flow over the foam catalyst surface, kLSaLS values up to 0.5 s-1 were
achieved. The catalyst loading was significantly reduced to 0.05 wt% while the
production rate remained comparable to slurry particles with loadings of 0.13 wt%.
The design of the foam stirrer had a strong influence on the liquid-solid mass transfer
rate. The foam block stirrer with a cylindrical center section exhibited lower liquid
circulation than a foam blade stirrer due to higher frictional pressure drop, resulting
in lower kLS values. In addition, local measurements of kLS along the height of the
foam block structure indicated that efficient liquid circulation was found only in the
upper reactor part. By changing the shape of the center section to a conical one, a
more homogeneous liquid-solid mass transfer coefficient over the height of the foam
block was obtained. This resulted in an improvement of 20%. Further optimization of
the baffles design should be considered to enhance the liquid circulation into the
center section. On the other hand, the foam block stirrer offered a higher liquid-solid
interfacial area than the blade stirrer, resulting in a higher kLSaLS.
Above 1000 W m3L and using a 20 ppi foam block with the top part catalytically
active, the reaction rate was not liquid-solid mass transfer limited. Moreover, the
gas-liquid mass transfer rate was also enhanced when compared to a Rushton stirrer
as a result of the formation of finer dispersed bubbles. Overall, rotating foam stirrer
reactors have promising applications for multiphase processes. Efficient external
mass transfer rates can be achieved. In addition, catalyst filtering is not longer
needed and reusability of the foam catalyst is possible.
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5 Hydrodynamics and gas-liquid mass
transfer in a horizontal rotating foam
stirrer reactor
This chapter has been published as:
Leon, M.A., Maas, R.J., Nijhuis, T.A., van der Schaaf, J., Schouten, J.C.
Hydrodynamics and gas-liquid mass transfer in a horizontal rotating foam
stirrer reactor. Chem. Eng. J. 2013, 10, 21.

Abstract:
This study describes a new multiphase reactor, the horizontal rotating foam stirrer
reactor, which uses a donut-shaped foam block mounted on a horizontal shaft
functioning as a stirrer and as a catalyst support. The effect of different operational
conditions such as stirring speed, reactor length, foam porosity, foam thickness and
the presence of baffles on the gas-liquid mass transfer and the gas-liquid flow
distribution is discussed for the systems water/air and glycerol/air. The rate of gasliquid mass transfer was measured spectrometrically while the hydrodynamics of the
reactor was studied by γ-ray tomography. For a partially filled reactor, three flow
states could be distinguished: the trickle state, the slosh state and the ring state. In
the trickle state the liquid flows in a thin stream over the foam while in the slosh
state the liquid is pushed upward by the stirrer and sprayed, leading to the formation
of fine liquid droplets and fine gas bubbles. The transition between the trickle state
and the slosh state occurred at 200 rpm. This was drastically affected by the liquid
viscosity and in some extent by the reactor length and the foam thickness. When the
stirring speed was constant, the ring state, which results in a cylindrical liquid layer on
the inside wall, appeared with increasing the liquid content in the reactor (above
70%). Due to a large gas-liquid interface in the slosh state, a high gas-liquid mass
transfer was achieved. kGLaGL values up to 0.32 s-1 were found. This was comparable
to gas-liquid mass transfer rates in slurry reactors. However, in case of the foam
stirrer a higher power input per liquid volume was needed in order to achieve the
minimum stirrer speed required for complete dispersion of the gas. Conclusions on
the optimal reactor configuration are drawn for the application in the fine chemical
industry
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5.1 Introduction
Several novel types of multiphase reactors have been developed to address some of
the problems associated with the use of conventional reactors such as packed
columns, bubble columns and stirred tanks. High gravity rotating packed bed reactors
(HIGEE) have been developed for absorption, distillation, stripping, extraction and
other separation processes [51, 53, 56, 145-148]. In these reactors a donut-shaped
foam block is rotated at rotational speeds up to several thousand rotations per
minute. From the stirrer shaft, liquid is sprayed onto the foam structure and driven
outward due to the centrifugal forces. By superimposing gravity by centrifugal force,
the tendency of flooding is reduced and the mass transfer efficiency is greatly
intensified. Because of the mass transfer enhancement, the size of the equipment for
mass transfer limited reactions is considerably reduced as compared with the
conventional packed bed. However, these reactors show a high flow maldistribution
and insufficient wetting of the solid phase. Therefore, these reactors have been only
used as gas-liquid contactors [57].
With a design comparable to HIGEE-reactors, rotating foam stirrer reactors have been
developed in our group for application in the fine chemical industry [81, 83, 120-124].
In these reactors solid foam structures are used as stirrers in order to mix the
reaction components and disperse the gas phase as fine bubbles but act also as
catalyst support. The solid foam is completely immersed into the liquid which ensures
a good wetting of the catalyst surface. In addition, the reaction mixture can be
drained off easily without any need of a catalyst separation step. Other problems
related to the use of slurry catalysts such as particle agglomeration or attrition do not
occur, which allows a simple re-use of the catalyst.
Rotating foam stirrer reactors have been developed as a blade stirrer and as a foam
block stirrer. Previous works [81, 83, 120-124] have shown that both stirrer
configurations have better mass transfer characteristics compared to a slurry reactor
equipped with a conventional Rushton stirrer. The enhanced mass transfer rates are
attributed to a higher interfacial area as well as to a higher mass transfer coefficient.
Likewise, other reactor types based on highly porous materials have been developed
for enhancing mass transfer. Examples are monolithic stirrers and mixers based on
fiber structures [59-60, 68, 149]. Compared to monolithic stirrers, some difficulties
can be overcome by using solid foams. Typically the distribution problem of gas and
liquid can easier be solved since the foams have a random structure. Moreover,
better mixing of the phases is achieved due to the radial flow through the foam
rather than the axial flow through the monoliths. Overall, rotating foam stirrer
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reactors have promising applications for multiphase processes as substitute for
stirred tank reactors.
In order to further improve the mass transfer in rotating foam stirrer reactors, a new
stirrer design is developed. A donut-shaped foam block is mounted on a horizontal
shaft and the reactor is partially filled with liquid (Figure 5.1). The advantage of this
configuration is the alternating contact of the solid foam with the gas and liquid
phases. Due to the centrifugal force at high rotational speeds, the gas is separated
from the catalyst only by a very thin liquid film. This enhances the gas to catalyst
mass transfer which is often the rate determining step in hydrogenation or oxidation
reactions. Furthermore, near-plug flow conditions along with high intensity mixing
can be achieved if a multistage horizontal rotating foam stirrer reactor is used. In this
case, the horizontal vessel is divided in several compartments by donut-shaped
baffles and several foam block structures are mounted on the same stirrer shaft. The
plug flow behavior in this reactor is expected to result in higher selectivity towards
the desired product in selective reactions with unwanted consecutive reactions.
(a)

(b)

Figure 5.1 a) The horizontal rotating foam stirrer reactor, b) Gray-value coded and stretched
radiography of the horizontal rotating foam stirred reactor with the measuring planes
positions (dark lines).

Based on these expected benefits, the feasibility of applying such type of reactor for
multiphase processes was studied. The focus of this work was to determine the
hydrodynamics and the gas-liquid mass transfer in the horizontal rotating foam stirrer
reactor with one compartment. For studying the hydrodynamics of the horizontal
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rotating foam stirrer reactor, the liquid and gas holdups were measured by γ-ray
tomography. Tomographic imaging techniques are noninvasive methods that do not
alter the flow patterns [150-152]. The effect of different operational conditions on
the gas-liquid distribution and gas-liquid mass transfer rate was studied. The
parameters varied are stirring speed, liquid volume in the reactor, foam porosity,
foam thickness, the reactor length, the liquid viscosity and the presence of baffles.
The aim was to determine the optimal reactor configuration for enhancing gas to
liquid mass transfer.

5.2 Experimental
5.2.1

Horizontal rotating foam stirrer reactor

A glass reactor having an inner diameter of 200 mm was used for the gas-liquid mass
transfer measurements. The length of the reactor was varied as follows: 45 mm, 90
mm, 180 mm and 270 mm, resulting in a reactor volume of 1.4 L, 2.8 L, 5.7 L and 8.5
L, respectively. For the tomographic measurements, the reactor was built entirely of
nonmetallic materials to ensure good ray transparency and thus, to reduce the
measurement times. Hence, the top and bottom plates of the reactor as well as the
reactor vessel were made of poly-methyl metacrylate (PMMA) while the stirrer shaft
was made of polyvinyl chloride (PVC). The PMMA cylinder had an inner diameter of
200 mm and a length of 90 mm. For some experiments, four equidistant baffles were
placed inside the reactor wall. The baffles had a thickness of 2 mm and a width of 10
mm. As foam block stirrer, cylindrical shaped aluminum foams with an inner diameter
of 13 mm and an outer diameter of 150 mm were used in both set-ups. The thickness
of the foam block was varied: 14 mm, 28 mm and 53 mm. The aluminum solid foams
were purchased from ERG Aerospace. The foam pore sizes were 10, 20 and 40 ppi. As
liquid phase water and pure glycerol (supplied by VWR, 97% purity) were
investigated. The power consumption was calculated using the voltage and the
current measured by an ES300-series power supply (Delta Elektronika B.V). An
illustration of the horizontal rotating foam stirrer reactor is shown in Figure 5.1.
5.2.2

Gas-liquid mass transfer measurements

The gas-liquid mass transfer was measured spectrometrically using the system
oxygen-water and oxygen-glycerol [81]. An AVS-OXYProbe 1.5 oxygen sensor from
Avantes was used to measure the concentration of the dissolved oxygen. This fiber
optic probe contained a fluorescing Ruthenium complex coated on the sensor tip. The
intensity of the fluorescing peak at a wavelength of 600 nm depended on the oxygen
concentration. The light with a maximum at 465 nm was supplied by an AvaLight LED.
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The reflected and fluorescent light was measured using the AvaSpec-2048
spectrometer from Avantes. The baseline intensity was measured by switching off the
light source. After subtracting the baseline intensity, the intensity of the fluorescent
light was normalized by the intensity of the reflected light. The oxygen concentration
was calculated using the Stern-Volmer equation. All experiments were performed at
20°C. The reactor was first flushed three times with nitrogen in order to remove any
oxygen. Afterwards, the reactor was flushed three times with pure oxygen and the
pressure was increased to 1.2 bar. The measurement started when the stirrer was
switched on. The absorption of oxygen was recorded every second till no more
changes in the intensities at 465 and 600 nm were observed. The gas-liquid mass
transfer was calculated as:
bulk
O2

CO2,bulk
CO2,start

O2,i

O2,bulk

(5.1)
L GL

where O2,bulk is the oxygen concentration in the bulk liquid (mol/m3), O2,start is the
initial oxygen concentration (mol/m3), O2,i is the oxygen concentration at the gasliquid interface, i.e. the saturation concentration, (mol/m3), kL is the liquid side mass
transfer coefficient (m3L m2i ·s), aGL is the gas-liquid interfacial area (m2i m3L ), and t is
the time (s). The oxygen concentration was calculated using the Stern-Volmer
equation [81]. The mass transfer rates calculated in this work concern the mass
transfer inside and outside the foam, i.e., they are average values of what happens
inside and outside the foam. Repeated measurements showed a relative error of less
than 8%.
5.2.3

Tomography measurements

In Figure 5.2 a sketch of the applied γ-ray computer tomography (CT) system onto the
horizontal rotation foam stirrer reactor is shown. Technical details of the CT system
are described in [153-154]. The CT setup comprised an isotopic source, a stationary
radiation detector arc, a rotating and lifting table and an external signal processing
unit. As isotopic source Cs-137 with an activity of about 180 GBq was used. The
source was collimated to a 44 wide and 5 mm thick fan beam and was directed to the
radiation detector arc measuring the gamma photon intensities behind the rotating
foam stirrer reactor at 320 single scintillation detectors having an active area of 2 mm
in width and 8 mm in height. To increase the measurement accuracy as well as to
distinguish exact volume sections of the reactor the front of the detector arc was
additionally collimated 3 mm in height by using a lead collimator. The reactor itself
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was placed on the top of the rotating table that was located in the very center
between the isotopic source and the radiation detector arc.

Figure 5.2 Schematic representation of the computer tomography setup.

To define the measuring planes radiographic line scans have been taken from the
bottom to the top of the gas filled reactor at 100 rpm in height steps of 2 mm. In
Figure 5.1b the complete radiographic scan is shown as well as the 13 defined
measuring planes that were evenly distributed over the complete reactor to obtain a
maximum of phase information. Afterwards, CT scans at different rotational speeds in
a plane, where foam was mainly presented, were performed by continuous rotation
of the reactor system for 10 minutes and acquisition of 900 equidistant radiation
projection over a full circle. A differential comparison between 100 rpm, 200 rpm and
300 rpm scans showed an identical radiation transmission signal, what proves a
sufficient foam material averaging and implies that a single CT data set with a gas
filled reactor at one rotational speed can be used as reference for various rotational
gas
speed conditions. Thus, a gas filled reactor calibration CT data set d,p with d
detectors and p projections was acquired for each measuring plane and foam
geometry and was then used together with the CT scan data set of the rotating foam
f
stirrer reactor at operational conditions d,p
to calculate the fraction of liquid
attenuation:
f
d,p
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d,p
gas
d,p

(5.2)

5.3 Results and discussion

From this data set the non-superimposed cross-sectional attenuation coefficient
distribution fi,j was reconstructed applying algebraic reconstruction technique [155]
with a quadratic pixel size of 1 mm, an iteration number of 10 and a relaxation factor
of 0.01. To determine the pure attenuation coefficient of the current operational
liquid, an additional CT scan at the lowermost defined measuring plane of a fully filled
rotating foam stirrer reactor (see Figure 5.1b) had to be accomplished and finally the
averaged attenuation value liquid was calculated from the reconstructed foam-free
area. In this case, the attenuation coefficient of water was determined to be 0.0067
mm-1, of glycerol 0.0084 mm-1, and of gas 0.0 mm-1. Finally, the liquid holdup εL can
be calculated as follows:

L

f
i,j
liquid

(5.2)

Afterwards, a set of 13 cross-sectional images was available with a spatial resolution
of about 1 mm. Because of the definition of the measuring planes, different areas can
be selected, i.e. only the foam inner or outer regions, in the cross-sectional images
and by using a spline interpolation algorithm in MATLAB© the liquid holdup
distribution can be constructed in the vertical direction. As an example in Figure 5.3
the reconstructed cross-sectional images data set of an experiment performed using
a 20 ppi foam, 14 mm foam thickness, 50% water, no baffles and 300 rpm is shown as
well as the result of the interpolation of the selected foam inner region in vertical
direction.

5.3 Results and discussion
5.3.1

Hydrodynamics

The typical patterns of the flow behavior in a horizontal rotating foam stirrer reactor
are shown in Figure 5.4. When the reactor (with a reactor length of 90 mm and a
foam thickness of 14 mm) was 50% filled with water, the trickle state and the slosh
state were observed. The trickle state (Figure 5.4a) was obtained at rotational speeds
lower than 200 rpm. The liquid flowed in a thin stream over the foam and only a
small number of gas bubbles were formed due to the low liquid circulation. At a
rotational speed of 200 rpm, the slosh state appeared (Figure 5.4b). The liquid was
pushed up by the foam to a considerable height and sprayed to both sides of the
foam. At rotational speeds higher than 250 rpm (Figure 5.4c), the sprayed liquid hit
the inside wall and more turbulence was created at the gas-liquid interface. This led
to the formation of fine liquid droplets and fine gas bubbles. Moreover, the liquid
79

Chapter 5. Hydrodynamics and gas-liquid mass transfer in a horizontal foam stirrer

Figure 5.3 a) Example of a reconstructed liquid holdup distribution at different scanning
heights. Operational conditions: 20 ppi foam, 14 mm foam thickness, 90 mm reactor length,
50% water, 300 rpm, no baffles. b) description of the methods to derive these pattern from
tomographic scans (same experimental conditions as in Fig. 5.3a). Blue dashed line: foam,
green dashed line: shaft.
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(b)

(c)

Figure 5.4 Effect of stirring speed on the liquid holdup distribution: a) 120 rpm, trickle flow state; b) 200 rpm, starting of slosh
state; c) 300 rpm, fully developed slosh state. Operational conditions: 20 ppi foam, 14 mm foam thickness, 90 mm reactor
length, 50% water, no baffles. The rotation is clockwise. Blue dashed line: foam, green dashed line: shaft.

outside
foam
plane

foam
center
plane

(a)
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along the wall flowed downward and accelerated through the center of the foam
structure, which was pushed upward by the centrifugal forces. Thus, a fast liquid
circulation was obtained at both sides of the foam packing. The transition between
the trickle and the slosh state was drastically affected by the liquid viscosity (see
section 5.3.2.5) and in some extend by the reactor length and the foam thickness. For
a reactor length of 180 mm, the slosh state appeared at 220 rpm while for a 28 mm
foam thickness it appeared at 190 rpm.
Similar flow behaviors have been reported for an unbaffled partially filled horizontal
stirred reactor with Rushton turbine impellers [156-158]. The slosh state, as
described in this work, was obtained at low stirring speed. The ring state, which was
obtained at high stirrer speeds, resulted in a ring of fluid along the inside wall. Under
the rotational speeds used in this work (up to 500 rpm) and for a liquid content of
50%, we did not observe the ring state. However, for liquid contents over 50% at high
sitting speeds, the ring state appeared. For 300 rpm, the transition between the slosh
state and the ring state occurred at a liquid content of 70%. As shown in Figure 5.5, a
cylindrical liquid layer on the reactor wall and close to the periphery of the foam was
developed and a central void existed near the axis. From the standpoint of gas-liquid
contact, the slosh state was more desirable than the ring state due to a higher gasliquid interface. More details about the different flow regimes and their relation with
gas-liquid mass transfer are discussed in the next section. Figure 5.6 presents an
operating regime map sketched for a 90 mm reactor using a 14 mm foam thickness
and Table 5.1 summarizes the main characteristics of the flow regimes observed.
5.3.2

Gas-liquid holdup and gas-liquid mass transfer

5.3.2.1 Effect of stirring speed
Figure 5.7 shows that the gas-liquid mass transfer rate in a partially filled horizontal
rotating foam stirrer reactor (50% liquid content) increases almost linearly with the
stirring speed. The increase of mass transfer with the stirring speed is a result of the
combination of increased amount of bubbles and higher relative velocity between
bubbles and liquid. Visual observations showed that the bubbles are mainly created
by the turbulence at the gas-liquid interface. At a stirring speed of 120 rpm, only large
bubbles of sizes between 5 and 10 mm were formed. A further increase of the stirrer
speed resulted in the breakup of these large gas bubbles and the dispersion of these
smaller bubbles in the liquid phase [159]. The minimum stirrer speed for complete
dispersion of the gas was approximately 250 rpm. This corresponds to the stirrer
speed at which the slosh regime was fully developed.
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Figure 5.5 Liquid holdup distribution for a 75% filled reactor: a) 200 rpm; b) 300 rpm.
Operational conditions: 20 ppi foam, 14 mm foam thickness, 90 mm reactor length, no
baffles. The rotation is clockwise. Blue dashed line: foam, green dashed line: shaft.

Figure 5.6 Operating regime map for an unbaffled horizontal rotating foam stirrer reactor.
Foam thickness 14 mm, reactor length 90 mm, system oxygen/water.
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At a rotational speed of 300 rpm, higher turbulence was created by the sprayed
liquid, thereby enhancing the formation of finely dispersed bubbles. When stopping
the stirrer, a significant amount of bubbles leaving the foam block was observed. This
indicates that the penetration of bubbles through the pores of the foam was not
hindered. Due to the high liquid circulation, bubbles settling on the foam struts were
easily sheared off or broken up by collision with the struts. Consequently, a large
number of bubbles with sizes less than 1 mm were formed. These small bubbles have
high interfacial area which results in a high gas-liquid mass transfer rate [160].
Table 5.1 Main characteristics of the flow regimes observed in an unbaffled horizontal
rotating foam stirrer reactor. Foam thickness 14 mm, reactor length 90 mm, system
oxygen/water.
State
Characteristics

Trickle
•

Liquid flows in a thin
stream over the foam

•

Foam entirely wet by
the liquid

•

•

Picture

Tomography
picture
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Slosh
•

Liquid is sprayed to
both sides of the
foam

•

Liquid flows as a ring
of fluid along the
reactor wall

•

Foam is alternately
being in contact with
the gas and the liquid

•

Central void exits
near the axis

•

•

High gas-liquid
interfacial area

Low gas-liquid
interfacial area

•

•

Fast liquid circulation
over the foam

Reduced liquid
circulation over the
foam

Low gas-liquid
interfacial area
Reduced liquid
circulation over the
foam

Ring

(b)

(c)

#

Figure 5.7 Gas-liquid mass transfer rate for different reactor lengths as a function of: a) rotational speed; b) and c) power input. Mass
transfer rate expressed in: a) and b) seconds; c) foam volume per liquid volume. Operational conditions: 20 ppi foam, 14 mm foam
thickness, 50% water, no baffles.Reactor length: 45 mm (diamonds), 90 mm (squares), 180 mm (triangles).

(a)
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Tomographic images in Figure 5.4 demonstrate that the gas holdup in the outer
reactor section between the foam block and the reactor wall was increased with
increasing rotational speed. Higher gas holdup with the same bubble size in the liquid
leads to higher gas-liquid mass transfer rates. Moreover, the liquid fraction inside the
foam decreases with rotational speed. At 120 rpm the foam was filled with liquid
while at 300 rpm the liquid was mainly located at the edge of the foam due to the
centrifugal forces. On the outer ring of the foam, the right side was almost dry at 300
rpm. This dried section was quickly being in contact with the liquid phase (five times
per second) and refreshed. The continuous removal of liquid from the foam surface
enhances the gas-liquid mass transfer coefficient, kGL, and thus the overall gas-liquid
mass transfer rate.
Likewise, both the direct mass transfer from the gas bubbles through the thin liquid
film to the catalyst surface and indirect mass transfer from the gas bubbles via the
bulk liquid to the catalyst surface are expected to be similarly increased. Figure 5.4
also shows that an insufficient flow of liquid into the center of the foam block
occurred. An average liquid holdup of approximately 10% was observed. This resulted
in a dry section of the foam structure which did not contribute to the mass transfer
and reaction rate. This can be attributed to the centrifugal force but also to the
design of the foam holder used in this work (Figure 5.1), which reduced the crosssectional area available for liquid flow through the foam block and thus should be
optimized further. Other alternatives to improve the liquid circulation to the core of
the foam block are the use of baffles or the increase of the liquid content in the
reactor. These aspects are discussed in section 5.3.2.4.
5.3.2.2 Effect of the foam thickness and reactor length
The effect of the foam thickness on the gas-liquid mass transfer is shown in Figure 5.8
for a partially filled horizontal rotating foam stirrer reactor. It was expected that the
turbulence intensity increases proportionally with the thickness of the foam. Since
turbulence is one of the main mechanisms for mass transfer, an increase in the mass
transfer rate is expected with thicker foam blocks.
However, Figure 5.8b shows that at a similar power input the rate of gas-liquid mass
transfer did not vary with the foam block thickness. If the mass transfer rate is
expressed in terms of liquid volume per foam volume, it can be seen in Figure 5.8c
that a higher gas-liquid mass transfer rate was achieved with a thinner foam block,
suggesting that the mass transfer inside the foam structure was less significant. This
was confirmed by comparing the tomography measurements shown in Figures 5.4
and 5.9. The amount of liquid per foam volume decreased when a thicker foam was
used. The foam block with 28 mm of thickness was almost completely dried at 300
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Figure 5.8 Gas-liquid mass transfer rate for different foam thicknesses as a function of: a) rotational speed; b) and c) power input. Mass
transfer rate expressed in: a) and b) seconds; c) liquid volume per foam volume per. Operational conditions: 20 ppi foam, 90 mm reactor
lenght, 50% water, no baffles. Foam thickness: 14 mm (diamonds), 28 mm (squares), 50 mm (triangles).

(a)
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rpm. The liquid flowed into the foam from the outside while at the same time it was
accelerated out of the foam due to the centrifugal force. Since the amount of liquid
that was accelerated out is higher for a thicker foam (Figure 5.9), a lower holdup was
obtained. The reduced liquid flow through the foam block resulted in a poor surface
renewal between the gas bubbles and the liquid film on the foam. The low liquid
circulation also facilitated the entrapment of bubbles in the foam pores increasing
the bubble coalescence. As a result, both kGL and aGL were reduced.
Comparing Figures 5.4 and 5.9 it can be seen that the liquid circulation inside the
thick and the thin foam were comparable at 200 rpm. This explains the higher mass
transfer rate values shown in Figure 5.8 for the thicker foam at low rotational speed.
The alternatives to improve the liquid circulation inside the thick foam block are
discussed in section 5.3.2.4.
(b)

outside foam plane

foam center plane

(a)

Figure 5.9 Liquid holdup distribution for a 28 mm foam thickness: a) 200 rpm; b) 300 rpm.
Operational conditions: 20 ppi foam, 90 mm reactor length, 50% water, no baffles. The
rotation is clockwise. Blue dashed line: foam, green dashed line: shaft.
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Figure 5.7 shows the effect of the reactor length on the gas-liquid mass transfer rate.
By decreasing the length of the reactor, the volume of foam per volume of liquid
increases which leads to a higher gas-liquid mass transfer rate. The sprayed liquid
created strong turbulence in the entire volume of the 90 mm vessel while it only
induced turbulence near the inside walls in the 270 mm vessel. Hence, a larger part of
the liquid was filled with gas bubbles in the smaller reactor. These results
demonstrate that the mass transfer occurred mainly in the area outside the foam.
5.3.2.3 Effect of the foam ppi
The foam cell size is commonly expressed in terms of pores per linear inch (ppi) and it
is linked with the geometrical surface area of the foam. If a first simplification is made
in which it is assumed that the area for gas-liquid mass transfer is proportional to the
geometric surface area of the solid foam, aP, covered with a liquid film exposed to the
gas, εG, i.e. aGL ≈ aP·εG, an increase in mass transfer rate is expected when increasing
the foam porosity. Nevertheless, comparing the gas-liquid mass transfer rate
between 10, 20 and 40 ppi foam, no difference were found (Figure 5.10).
Previous works [82-83, 122, 124] demonstrated that the increase of foam porosity
has two counterbalancing effects: the interfacial surface area is increased, on the
other hand, the mass transfer coefficient is reduced due to higher frictional pressure
drop. As the liquid flows through the foam, it experiences more restrictions to the
flow with smaller foam pore sizes. As a result, the local velocity of the liquid flowing
over the solid foam packing is reduced and hence, a lower kGL is obtained.
Tomographic measurement shows that the liquid distribution inside a 20 ppi and a 40
ppi foam are comparable at two different stirring speeds (compare Figures 5.4 and
5.11). This indicates that in a horizontal rotating foam stirrer reactor, the contribution
of bubble breakup by collisions through the foam structure and the turbulence
created inside the foam are negligible for gas-liquid mass transfer.
5.3.2.4 Effect of liquid holdup and baffles
The effect of the liquid holdup on the gas-liquid mass transfer is shown in Figure 5.12.
At 300 rpm, there is an optimum of mass transfer at εL equals to 60%. Below 60% of
liquid content, the mass transfer rate increases linearly with the liquid holdup since at
a high degree of turbulence more gas bubbles can be formed per volume of liquid.
The larger amount of bubbles leads to a higher gas-liquid interfacial area and thus to
a higher mass transfer rate. Above 60% of liquid content, the ring state was formed
(Figure 5.5b). Because of the poor gas-liquid contact in this flow regime, a lower rate
of gas-liquid mass transfer was obtained. Comparing Figures 5.4b and 5.5a at 200
rpm, the increase of liquid holdup led to a better flow distribution inside the foam.
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Figure 5.10 Effect of foam ppi on the gas-liquid mass transfer rate. Operational conditions:
14 mm foam thickness, 90 mm reactor length, 50% water, 500 rpm (35 kW/m3), no baffles.

(b)

outside foam plane

foam center plane

(a)

Figure 5.11 Liquid holdup distribution for a 40 ppi foam block: a) 200 rpm; b) 300 rpm.
Operational conditions: 14 mm foam thickness, 90 mm reactor length, 50% water, no
baffles. The rotation is clockwise. Blue dashed line: foam, green dashed line: shaft.
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The dried section in the core of the foam disappeared. This represents a quasioptimal situation for the mass transfer. The foam is fully filled with saturated liquid
and due to the centrifugal forces the liquid is accelerated outwards leading to a fast
refreshment of the foam surface.

Figure 5.12 Effect of liquid content in the reactor and the use of baffles on the gas-liquid
mass transfer rate. Operational conditions: 20 ppi foam, 14 mm foam thickness, 90 mm
reactor length, 300 rpm. Triangles: no baffles. Circles: with baffles.

In order to improve the liquid circulation to the center of the foam block, the use of
baffles was investigated. Figure 5.12 shows also that the incorporation of baffles in
the partially filled reactor did not lead to a significant increase in mass transfer. This
can be explained by the results of tomography measurements shown in Figure 5.13.
The baffles at the bottom of the reactor create extra turbulence in this zone
increasing the formation of fine gas bubbles. Especially at high rotational speed the
gas dispersion in the liquid is a little more homogeneous. However, the baffles at the
top of the reactor reduce the amount of liquid that is sprayed by the foam and direct
the liquid to the bottom of the reactor. When the liquid reaches the edge of the
foam, it is accelerated out and does not flow through the foam block. As a result, the
liquid holdup at the upper part of the foam is less compared to the situation without
baffles. Therefore, the design of the baffles at the top of the reactor should be
improved in order to force the liquid to flow into the center of the foam block.
Nevertheless, the use of baffles allowed the operation at higher liquid holdup in the
reactor. As it can be seen in Figure 5.12, the gas-liquid mass transfer rate at 75% of
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liquid content was higher when baffles were used. Visual observations showed that
the ring state is suppressed with the incorporation of baffles.
(b)

outside foam plane

foam center plane

(a)

Figure 5.13 Liquid holdup distribution for a reactor equipped with baffles: a) 200 rpm; b) 300
rpm. Operational conditions: 20 ppi foam, 14 mm foam thickness, 90 mm reactor length,
50% water. The rotation is clockwise. Blue dashed line: foam, green dashed line: shaft.

5.3.2.5 Effect of liquid viscosity
If the reactor was partially filled with glycerol (97%, viscosity 714 mPa·s), no slosh
regime was formed at stirring speeds below 500 rpm. Viscous forces were too high to
obtain a sprayed liquid as in water. Rotational speeds higher than 500 rpm were
required to achieve a fully developed slosh state. The gas phase was finely dispersed
in the liquid, providing a milky fluid with small gas bubbles. Figure 5.14 shows that
the liquid was distributed as a ring of fluid around the foam structure at a stirring
speed of 300 rpm (32 kW/m3). It has been reported that increasing the liquid viscosity
increases the wetting of the packing in a packed column and thus the geometric area
of the packing used for gas-liquid mass transfer [161-162]. However, Figure 5.14
reveals a dried zone in the center of the foam block indicating a reduced flow of
liquid through the foam structure.
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outside foam plane

foam center plane

At 32 kW/m3, a kGLaGL value of 0.01 s-1 was measured for glycerol while a value of 0.2
s-1 was obtained for water (reactor length 90 mm, 20 ppi foam, 14 mm foam
thickness). An increase in liquid viscosity leads to a slower flow of the liquid, a smaller
degree of liquid mixing and thicker liquid films, which cause the decrease in mass
transfer efficiency. Comparing the diffusion coefficient of oxygen in water (2.0·10-9
m2/s) and oxygen in glycerol (4.8·10-11 m2/s) [163], it can be inferred that the lower
rate of mass transfer with higher liquid viscosity is primarily due to the drastically
reduction in mass diffusivity and thus in kGL. This trend is similar to that obtained in a
packed column and in a rotating packed bed [149, 162, 164-165]. If the stirring speed
was increased to 500 rpm (71 kW/m3), a kGLaGL value of 0.09 s-1 was measured. This
shows that centrifugal force intensifies mass transfer in viscous media.

Figure 5.14 Liquid holdup distribution for a reactor filled with glycerol. Operational
conditions: 20 ppi foam, 14 mm foam thickness, 90 mm reactor length, 50% glycerol, with
baffles, 300 rpm (32 kW/m3). The rotation is clockwise. Blue dashed line: foam, green
dashed line: shaft.
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5.3.3

Comparison with other reactor types

Considering the system oxygen and water, the highest gas-liquid mass transfer rate
measured in the horizontal rotating foam stirrer reactor with a reactor length of 45
mm and using a 14 mm foam thickness was 0.25 s-1 at 500 rpm (33 kW/m3). This is
comparable with rotating packed beds and slurry bubble column reactors. Depending
on the operational conditions (rotational speed or gas and liquid flow rates), kGLaGL
values between 0.1 and 1 s-1 were obtained in this type of reactors [52, 166]. The
disadvantage of rotating packed beds is the maldistribution and insufficient wetting
of the solid phase, making them industrially only suitable for stripping and absorption
processes. The drawback of slurry bubble column reactors, likewise slurry reactors, is
the need of a catalyst separation step, which is a costly and time consuming
operation. In addition, slurry bubble column reactors are not appropriate for high
viscosity systems.
Rotating foam stirrer reactors have been developed as an alternative for
conventional slurry reactors. A kGLaGL value of 0.12 s-1 has been measured in a slurry
reactor equipped with a Rushton stirrer at 6 kW/m3 (1000 rpm) [81]. At similar power
input, the horizontal rotating foam stirrer reactor showed a lower mass transfer rate
(kGLaGL = 0.07 s-1). At 6 kW/m3 the horizontal rotating foam stirrer reactor operates in
the trickle regime (150 rpm) and hence less turbulence is created which leads to a
low mass transfer rate. Higher power input per liquid volume is needed in the
partially filled horizontal rotating foam stirrer reactor to achieve the minimum stirrer
speed required for complete dispersion of the gas (19 kW/m3, 250 rpm). In contrast
to slurry reactors, the mass transfer rate in rotating foam stirrer reactors can be
further increased by increasing the power input. Above 2 kW/m3, the slurry reactor
shows the same mass transfer rate. Bubbles move with the liquid and higher
rotational speeds mainly increase the energy dissipation by turbulence, but do not
lead to increased bubble breakup and therefore, higher mass transfer [81].
When compared to previous foam stirrer configurations (at 6 kW/m3 of power input),
i.e., the foam blade stirrer and the foam block stirrer, the horizontal rotating foam
stirrer reactor showed a lower gas-liquid mass transfer rate (kGLaGL,blade = 0.17 s-1 ,
kGLaGL,block = 0.19 s-1). As explained before, the creation of a slosh regime is needed for
the formation of fine dispersed bubbles. However, an improvement on the liquid
circulation through the foam structure was achieved. Tschentscher et al. measured
the gas holdup of a rotating foam block stirrer reactor by γ–tomography [122]. They
found that the reduction of the foam ppi results in a strong increase of gas holdup
inside the foam block due to bubble entrapment. The insufficient liquid flow rate
through the 20 ppi foam block reduces the mass transfer coefficient and lead to dry
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sections of the foam block which do not contribute to mass transfer and reaction
rate. This trend has been also reported in chapter 4. However, in the horizontal foam
stirrer configuration an improved liquid circulation through the foam block was
achieved because of the smaller cross-sectional area. This allows the use of small
foam pore sizes and thus the increase of surface area for catalyst deposition as well
as the increase of liquid-solid interfacial area. It is furthermore believed that the gascatalyst mass transfer, which is often the rate-determining step in hydrogenation or
oxidation reactions, is increased compared to a slurry reactor and previous rotating
foam stirrer configurations. Due to the centrifugal forces at high rotational speeds,
the gas is separated from the catalyst only by a very thin liquid film. This aspect of the
horizontal rotating foam stirrer reactor is discussed in chapter 6.

5.4 Concluding remarks
The hydrodynamics of a horizontal rotating foam stirrer reactor was successfully
studied by γ-ray tomography. This technique gave a detailed view of the gas-liquid
flow distribution from which conclusions can be drawn on the gas-liquid mass
transfer.
When varying the stirring speed in a partially filled horizontal rotating foam stirrer
reactor, two flow states were distinguished: the trickle state and the slosh state. The
trickle state was obtained at stirring speeds below 200 rpm. The liquid flowed in a
thin stream over the foam. The slosh state was obtained at stirring speeds above 200
rpm. The liquid was pushed upward by the stirrer and sprayed, leading to the
formation of fine liquid droplets and fine gas bubbles. When the stirring speed was
constant, the ring state, which resulted in a cylindrical liquid layer on the inside wall,
appeared with increasing liquid content in the reactor. The transition between the
slosh state and the ring state occurred at a liquid content higher than 70%. Due to a
large gas-liquid interface in the slosh state, a high gas-liquid mass transfer was
achieved. kGLaGL values up to 0.32 s-1 were found. This is comparable to other types of
multiphase reactors such as bubble columns, rotating packed beds and slurry
reactors. However, a higher power input per liquid volume is needed in the partially
filled horizontal rotating foam stirrer reactor to achieve the minimum stirrer speed
required for complete dispersion of the gas.
The gas-liquid mass transfer in a partially filled horizontal rotating foam stirrer
reactor mainly occurred in the outer section between the foam block and the reactor
wall. The rate of gas-liquid mass transfer decreased with increasing the reactor length
and the foam thickness. The increase in reactor length resulted in a low degree of
turbulence at the gas-liquid interface which is the main mechanism for mass transfer.
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The increase in the foam thickness led to a poor liquid circulation through the foam
structure and thus reduced the foam surface refreshment. If the reactor is mainly
used as a gas-liquid contactor, the optimal reactor design involves a small vessel with
a thin foam. If a reaction takes place, a thick foam is desirable in order to increase the
surface area for catalyst deposition. In this case baffles should be included, especially
at the top of the reactor, to direct the liquid flow to the center of the foam structure.
Another option is to use a thin foam with a higher geometrical surface area (ppi). In
contrast with previous rotating foam stirrer reactor configurations, a good liquid
circulation was observed with a 40 ppi foam.
Horizontal rotating foam stirrer reactors have potential applications in viscous media.
It is known that the mass transfer rate decreases with increasing liquid viscosity.
However, an enhancement of mass transfer was observed when high centrifugal
forces are applied.
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6 Liquid solid mass transfer in a horizontal
rotating foam stirrer reactor

Abstract:
Rotating foam reactors are a new type of structured multiphase reactor which uses
solid foams as catalyst support and as stirrer. For the sake of enhancing the mass
transfer in such type of reactor, a new stirrer design is presented. A donut-shaped
foam block is mounted on a horizontally oriented shaft and the reactor is partially
filled with liquid. The alternating contact of the solid foam with the gas and liquid
phases enhances the rate of liquid-solid mass transfer. The foam surface is easily
refreshed leading to higher rates of liquid-solid mass transfer. By performing
dissolution reactions, the rate of liquid-solid mass transfer was measured and the
effect of power input, foam porosity and the use of baffles are discussed. A
comparison with the foam stirrer configurations developed in previous chapters is
presented. The results show promising applications of the horizontal rotating foam
stirrer reactors for fast catalytic reactions that would suffer from liquid-solid mass
transfer limitations if carried out in conventional slurry reactors.
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6.1 Introduction
Solid foam packing represents a generation of materials combining high specific
surface area with low pressure drop. This is largely due to the open-celled structure
with high voidages (up to 97%) of small dimensions. These features make them
interesting as catalyst support. Solid foams are produced in a variety of materials
(metal, ceramics, carbon, SiC, polymers, etc) and they are characterized usually by
the average pore size of the cells making up the structure, commonly referred to the
pores per linear inch or ppi number. The pore size and solid holdup can be varied to
achieve a suitable material in terms of the pressure drop and available geometric
surface area. The structure of interconnected struts influences the liquid flow by
splitting and recombination of the fluid streams which leads to the formation of
eddies and improves the mass transfer in foams [3, 79-80, 82].
The high mechanical strength of metallic foams allows them to be used as a stirrer,
resulting in the so called rotating foam stirrer reactor, where the solid foam packing
also acts as a support for the catalyst (applied using wash-coating, ion-exchange or
other techniques typically used for packed beds). The catalytic foam stirrer has been
developed first as foam blades or donut-shaped foam blocks mounted in a vertical
shaft. Both configurations have shown excellent mass transfer characteristics when
applied to multiphase processes such as hydrogenation or oxidation reactions.
Consequently, a better performance in terms of reactor productivity has been
reported when compared to slurry reactors. Furthermore, there is no need for
downstream filtration due to the fixation of the catalyst [75, 81, 83, 120-124, 167].
For the sake of enhancing the mass transfer in rotating foam reactors, which certainly
leads to a reduction of equipment size and thereby a reduction in the capital and
operating costs, the horizontal rotating foam stirrer reactor has been developed. In
this configuration, a donut-shaped foam block is mounted on a horizontal shaft and
the reactor is partially filled with liquid (Figure 6.1). Due to the centrifugal force at
high rotational speeds, the gas is separated from the catalyst surface only by a very
thin liquid film. The alternating contact of the solid foam with the gas and liquid
phases enhances the rate of external mass transfer, which is often the rate
determining step in hydrogenation or oxidation reactions. This concept has been
previously applied in biotechnology [168-170].
Chapter 5 has shown that for a horizontal rotating foam stirrer reactor three flow
regimes are observed depending on the rotational speed and liquid holdup: trickle,
slosh and ring regimes. From the standpoint of gas-liquid contact, the slosh state is
desired due to the higher gas-liquid interfacial area. The gas-liquid mass transfer rate
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in the horizontal rotating foam stirrer reactor has been measured and the optimal
operational conditions have been discussed. This chapter focuses on determining the
liquid-solid mass transfer in this new foam stirrer design and to demonstrate that this
configuration exhibits better liquid circulation over the foam when compared to the
vertically oriented foam stirrer. This leads to an enhanced liquid-solid mass transfer
coefficient and thus, to a higher liquid-solid mass transfer rate. By performing
dissolution reactions the liquid-solid mass transfer in the horizontal foam stirrer was
measured. The effects of the power input, foam ppi and baffles on the liquid-solid
mass transfer are discussed.
Baffles on
reactor wall

Baffles on
reactor lids

Figure 6.1 Horizontal rotating foam stirrer reactor with baffles.

6.2 Experimental
6.2.1

Horizontal rotating foam stirrer reactor

The horizontal rotating foam stirrer reactor consisted of a 1.4 L glass reactor with an
inner diameter of 200 mm and a length of 45 mm. A copper donut-shaped foam block
with an inner diameter of 13 mm, an outer diameter of 150 mm and a thickness of 10
mm, was mounted on a horizontal shaft. The copper solid foams were purchased
from M-Pore. The foam pore sizes used were 10 and 20 ppi. The reactor was
equipped with four equidistant baffles placed inside the reactor wall (baffle
dimensions: 2 mm of thickness, 10 mm of width) as well as four tilted baffles placed
on each reactor lid as shown in Figure 6.1 (baffle dimensions: 1 mm of thickness, 13
mm of width, 72 mm length, tilted angle 35°). The power consumption was
calculated using the voltage and the current measured by an ES300-series power
supply (Delta Elektronika B.V.).
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6.2.2

Liquid-solid mass transfer measurements

The dissolution of copper by potassium dichromate was used as a model reaction to
estimate the kLS in the foam stirrer. Like any solid-liquid heterogeneous reaction,
dissolution of copper in acidified dichromate involves two steps, namely: 1) diffusion
2of Cr2 O7 from the liquid phase to the solid copper surface across the diffusion layer,
2and 2) chemical reaction between Cr2 O7 and Cu2+ ions. The overall rate of the
reaction is controlled by the first step which is the slowest step [138]. This technique
has been widely used to study liquid/solid mass transfer in view of its accuracy and
simplicity [83, 139-141]. Moreover, since the chromate ions react directly with the
surface of the copper catalyst, pore diffusion can be neglected.
All experiments were performed at 30oC. The experimental procedure and the
method of analysis are described in detail by Tschentscher et al. [83]. The reduction
of Cr(VI) was measured by UV/vis spectroscopy using a transmission-dip probe from
Avantes. Cr(VI) absorbs strongly at 350 nm. The light was supplied using an AvaLightD(H)-S light source. The intensity of the reflected light was recorded using the
AvaSpec-2048 spectrometer from Avantes.
The rate of mass transfer from the bulk liquid to the copper foam surface is described
by eq 1. The concentration of Cr(VI) ions in the bulk liquid was obtained using the
Lambert-Beer law. The reaction rate is solely limited by the ion transport between
bulk liquid and the copper surface. The concentration of Cr(VI) ions at the copper
surface is, therefore, assumed to be zero. Integrating eq 6.1 leads to eq 6.2. The value
of kLS⋅aLS averaged over the reactor volume can simply be estimated by the slope of
the curve.
Cr(VI)bulk

(6.1)
LS

LS

Cr(VI)bulk

Cr(VI)bulk,t
Cr(VI),o

Cr(VI)surface

(6.2)
LS

LS

6.3 Results and discussion
6.3.1

Effect of the power input

Figure 6.2a shows the liquid-solid mass transfer, kLS⋅aLS, as a function of the power
input, PL, for an unbaffled partially filled horizontal rotating foam stirrer reactor (60%
of liquid content).
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Below 10 kW/m3, the rate of liquid-solid mass transfer increases linearly with the
power input. This corresponds to the trickle state, where the liquid flows in a thin
stream over the foam (section 5.3.1). Increasing the power input leads to a higher
refreshment of the liquid film covering the foam surface and hence, to a higher
liquid-solid mass transfer coefficient, kLS (Figure 6.2b). In contrast, above 10 kW/m3
the rate of liquid-solid mass transfer decreases with the power input.
Although the results of the reactor modeling suggest that the kLS decreases with the
power input (Figure 6.2b), it is believed that the reduced mass transfer rate is caused
by a lower liquid-solid interfacial area, aLS. For the reactor modeling, aLS was kept
constant and the fitted parameter was kLS. This was done since these two parameters
are highly correlated and cannot be determined independently from our
experiments. For this reason, we therefore assume aLS to be equal to the foam
geometric surface area.
However, tomography measurements have revealed that increasing the power input
decreases the liquid fraction inside the foam block. Due to the centrifugal force at
high rotational speeds, the liquid is accelerated out of the foam and sprayed (slosh
state). This results in dried sections in the outer ring of the foam structure and near
the shaft (section 5.3.2). The dried section in the outer ring of the foam block is
favorable for mass transfer since it is quickly being in contact with the liquid phase
and refreshed. The dried section near the shaft remains dry and becomes larger as
the power input is increased. This foam section certainly does not contribute to the
mass transfer. Hence, the benefits of the continuous removal of liquid from the foam
surface which enhances kLS, is counterbalanced by the lost of foam wetability which
reduces aLS. The net result is a reduced liquid-solid mass transfer rate.
6.3.2

Effect of baffles

In order to improve the reactor performance, the use of baffles was investigated.
Baffles perpendicular to the reactor wall were placed at the top with the purpose of
reducing the amount of liquid that is sprayed by the foam. The liquid is directed to
the bottom of the reactor. Baffles with a tilted angle were placed on the reactor lids
to force the liquid to flow into the center of the foam packing. Details of the baffles
design can be found in section 6.2.1.
Figure 6.3a shows that the liquid-solid mass transfer increases with the power input
for the horizontal rotating foam stirrer reactor equipped with baffles. Compared to
the unbaffled reactor, the mass transfer rate was significantly enhanced when the
reactor was operated in the slosh state. Above 25 kW/m3, the liquid-solid mass
transfer was more than doubled. This indicates that the use of baffles improved the
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a)

(b)

Figure 6.2 Effect of power input and foam ppi on a) liquid-solid mass transfer rate, b) liquidsolid mass transfer coefficient, for an unbaffled horizontal rotating foam stirrer reactor.
Diamonds: 10 ppi, circles: 20 ppi.

(a)

(b)

Figure 6.3 Effect of power input and foam ppi on a) liquid-solid mass transfer rate, b) liquidsolid mass transfer coefficient, for a baffled horizontal rotating foam stirrer reactor.
Diamonds: 10 ppi, circles: 20 ppi.

102

6.3 Results and discussion

liquid circulation through the foam block and hence, the dried sections previously
observed by tomography measurements were eliminated. A disadvantage is the
increased power consumption. Optimization of the number of baffles allows for a
reduction of the power input. In this study, four equidistant baffles were placed on
the reactor wall and on the reactor lids. However, mainly the baffles located at the
top of the reactor are critical to achieve a high mass transfer rate since they have a
strong impact on the foam wetability. The baffles placed at the bottom of the reactor
only cause extra turbulence in the system and hence could be eliminated.
The maximum liquid-solid mass transfer rate reported for the vertically oriented
rotating foam block reactor was 0.6 s-1, achieved with a 20 ppi foam block (aLS = 340
m2i m3L ) at 5 kW/m3. This is two times higher than that obtained in the horizontal
foam stirrer at the same power input and using the same foam ppi. The reason is the
difference in aLS which is lower in the horizontal foam stirrer (230 m2i m3L ) due to the
use of a thinner foam block structure. In addition, at 5 kW/m3 the horizontal foam
stirrer operates in the trickle state and hence the level of turbulence is not
comparable with that in the vertical stirrer configuration.
Nevertheless, it should be noted that in the horizontal foam stirrer kLS⋅aLS is
0.3
proportional to P0.5
L , while in the vertical foam stirrer kLSaLS is proportional to PL (for a
20 ppi foam). This indicates that the horizontal foam stirrer offers more benefits in
terms of mass transfer with increasing the power input. The highest liquid-solid mass
transfer rate achieved in the horizontal rotating foam stirrer reactor was 0.9 s-1 at 50
kW/m3 using a 20 ppi foam block.
6.3.3

Effect of foam ppi

The foam ppi (pores per linear inch) is linked to the geometrical surface area of the
foam, Sgeo. The higher the ppi number, the higher the geometrical surface area of the
foam. Since the liquid-solid interfacial area, aLS, is proportional to Sgeo (aLS = Sgeo⋅εfoam),
it is expected that the rate of liquid-solid mass transfer increases with the foam ppi.
In this work, foams of 10 and 20 ppi were used, having an aLS of 130 and 230 m2i m3L ,
respectively. Figure 6.3a shows that the liquid-solid mass transfer measured for a 20
ppi foam block is between 1.4 and 1.6 times higher than that obtained with a 10 ppi
foam block. The rate of mass transfer does not increase in the same proportion as the
aLS does (aLS,20ppi/aLS,10ppi = 1.8) because kLS decreases with the foam ppi (Figure 6.3b).
This trend has been observed in previous works and explained by the reduced liquid
circulation through the foam structure. The use of finer pores causes a higher
frictional pressure. This reduces the local velocity of the liquid flowing over the foam
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packing resulting in a lower refreshment of the catalyst surface and hence in a lower
kLS [82-83, 120, 122, 124, 167].
However, the horizontal foam stirrer shows better performance regarding kLS when
compared to the vertically oriented foam block stirrer. At 5 kW/m3, the difference in
kLS between the 10 and the 20 ppi foam block is 1.7 in the vertical configuration while
in the horizontal design is 1.2. Hence, a clear enhancement of the liquid circulation
through the foam packing is achieved with the horizontal foam stirrer. This
improvement is attributed not only to the better refreshment of the foam surface by
the alternating contact of the foam with the gas and liquid, but also by the smaller
cross-sectional area of the foam block which reduces the frictional pressure drop.
This allows the use of small foam pore sizes and thus the increase of surface area for
catalyst deposition. A feasible horizontal foam stirrer design may comprise multiple
thin foam block structures attached to the same stirrer shaft to increase production
rates. A maximum kLS value of 5⋅10-3 m/s is obtained in the horizontal foam stirrer
which is 2 times higher than that achieved in the vertical foam stirrer.

6.4 Concluding remarks
Rotating foam stirrer reactors use solid foams as catalyst support and as a stirrer. By
mounting a donut-shaped foam block on a horizontally oriented shaft, the liquid
circulation though the foam packing is significantly enhanced when compared to the
vertically oriented foam stirrer configuration. This leads to higher liquid-solid mass
transfer coefficients and therefore, to higher liquid-solid mass transfer rates. As a
result, the reduction of the foam pore size, which was a constraint in the vertical
foam stirrer design, leads to a suitable geometric surface area for mass transfer and
catalyst deposition. A maximum kLSaLS value of 0.9 s-1 was obtained in the horizontal
foam stirrer which is 50% higher than that achieved in the vertical foam stirrer. A key
parameter to obtain such a high mass transfer rate was the baffle design presented in
this work. The excellent mass transfer characteristics of the horizontal rotating foam
stirrer reactor make it suitable for fast catalytic reactions which are very common in
the fine chemical industry.
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7 Residence time distribution and reaction
rate in a horizontal rotating foam stirrer
reactor

This chapter is submitted for publication as:
Leon, M.A., Nijhuis, T.A., van der Schaaf, J., Schouten, J.C. Residence time
distribution and reaction rate in a horizontal rotating foam stirrer reactor Ind.
Eng. Chem. Res., 2013.

Abstract:
The performance of a multistage horizontal rotating foam stirrer reactor in semicontinuous operation was studied for the selective hydrogenation of functionalized
alkynes to alkenes, an important process in the fine chemicals industry. This new type
of multiphase reactor consists of a horizontal vessel compartmentalized by vertical
baffles and equipped with an impeller in each compartment. The impeller is a donutshaped foam block, which is also used as catalyst support. The advantage of this
reactor configuration compared to batch slurry reactors is the better catalyst
handling, since the catalyst is fixed on the stirrer. In addition, a higher selectivity
towards the desired product is achieved as a result of a narrower residence time
distribution. A reactor model consisting of stirred tanks in series with backflow and
dead volume was used to describe the liquid flow behaviour. The effects of liquid
flow rate, backmixing and number of stages for the hydrogenation reaction are
discussed, and optimal operation conditions are suggested.
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7.1 Introduction
Catalytic gas-liquid-solid reactions occur in a broad range of industrial application
areas and constitute the basis for the manufacturing of a large variety of
intermediate and consumer-end products. These reactions are often carried out in
stirred tank slurry reactors where small catalyst particles (typically < 50 µm) are
suspended in the liquid medium through which gas is dispersed. The small
dimensions of the catalyst particles provide catalyst utilization factors that approach
unity. However, additional cost for catalyst separation and loss of active phase from
the catalyst due to attrition are the main drawbacks [2].
Reactor designs using structured catalysts have been considered as potential
replacement for the traditional slurry reactors. Examples are the monolithic stirrer
reactor [59, 68-72] and the rotating foam stirrer reactor [81, 83, 120-124, 167] in
which monolithic and solid foam structures are mounted on the stirrer shaft as
impeller blades, respectively. These structured catalysts provide a large liquid-solid
interfacial area and short diffusion paths within the catalyst, while at the same time
avoiding the necessity of filtration of small catalyst particles. As a result of the
application of the regular structure, the scale-up to industrial relevant size is
considered to be easier [10]. Compared to monoliths, the mixing in solid foams is
strongly increased, especially in directions perpendicular to the flow, due to the
continuous disruption of the flow pattern by the tortuous three-dimensional
structure of the foam [171].
The rotation of a donut-shaped foam block has shown enhanced mass transfer rates
compared to the foam blade stirrer, resulting in a more efficient use of the catalyst.
Moreover, the surface area available for catalyst deposition is significantly increased
[81, 83]. Examples of applications where the foam block stirrer have been proposed
for use in heterogeneous catalysis include hydrogenation [167] and oxidation [123]
reactions as well as fermentation reactions [75]. Although for this vertically oriented
foam stirrer reactor higher productivities have been achieved when compared to the
conventional slurry reactor, the horizontal rotating foam stirrer reactor has been
proposed to further increase the supply of the gas reactant to the foam catalyst
surface, which is often the rate limiting step in the above mentioned reactions.
In this configuration, a donut-shaped foam block is mounted on a horizontal shaft
and the reactor is partially filled with liquid (Figure 7.1a). Due to the centrifugal force
at high rotational speeds, the gas is separated from the catalyst surface only by a very
thin liquid film. The alternating contact of the solid foam with the gas and liquid
phases enhances the rate of gas-solid mass transfer. This concept has been previously
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applied in the biotechnology area [168]. A horizontal axially rotated packed bed, the
so-called rotating biological contactor, has been used as a gas-liquid contact device
for the biological treatment of wastewater either from food production plants [169]
or from oil and chemical facilities [170]. The rotating bed is partially immersed in
liquid, while the rest is exposed to the atmosphere. Air is trapped in the packing, thus
facilitating liquid aeration and bio-oxidation. The results showed that the organic
removal efficiency of the horizontal axially rotated packed bed is well placed in
comparison to most efficient aerobic processes.
(a)

(b)

Figure 6.3 Horizontal rotating foam stirrer reactor: a) single stage, b) multiple stages.

In chapters 5 and 6, we have presented the hydrodynamics and the external mass
transfer characteristics of the horizontal rotating foam stirrer reactor. This chapter
aims to demonstrate the catalytic application of such foam stirrer configuration in the
fine chemical industry. The selective hydrogenation of a functionalized alkyne (3methyl-1-pentyn-3-ol) to alkene was chosen as a model reaction. Since plug flow
conditions along with high intensity mixing are desired for achieving high conversion,
selectivity and mass transfer rates, a multistage horizontal rotating foam stirrer
reactor was used in semi-continuous operation. The horizontal reactor vessel was
divided in several compartments by vertical donut-shaped baffles and multiple foam
block structures were mounted on the same stirrer shaft (Figure 7.1b).
Key issues in designing multistage mixing tanks include tank volume, length/diameter
ratio, interstage baffle opening size, and inlet-outlet locations. The reactor volume is
based on the desired mean residence time. The aspect ratio is determined on the
basis of the desired number of stages. The interstage baffle opening must be sized
based on acceptable level of exchange flows between stages. A larger opening
increases the exchange flow and thus, the backmixing. Increasing the backmixing
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brings the multiple stages close to a single CSTR. 15% lower efficiency has been
reported for a backflow ratio of 10 in hydrogenation reactions performed in
multistage agitated contactors [172-174]. The inlet and outlet should be located at
opposite ends of the mixing tank for best plug flow conditions [175].
This chapter presents the residence time distribution in the horizontal rotating foam
stirrer reactor as a function of the rotational speed, liquid flow rate and the number
of compartments. Based on the RTD data, the macromixing behavior of the reactor is
described and a model to estimate the properties of the effluent during the selective
hydrogenation of 3-methyl-1-pentyn-3-ol is presented.

7.2 Experimental
7.2.1

Horizontal rotating foam stirrer reactor

Experiments in a single stage horizontal rotating foam stirrer reactor were performed
in a 1.4 L glass reactor with an inner diameter of 200 mm and a length of 45 mm. As
foam block stirrer, cylindrical shaped aluminum foams with an inner diameter of 13
mm, an outer diameter of 150 mm and a thickness of 10 mm were used. The
aluminum solid foams were purchased from ERG Aerospace (for RTD measurements)
and from Alantum (for hydrogenation reactions). The foam pore size used was 20 ppi.
The reactor was equipped with four equidistant baffles placed inside the reactor wall
(baffle dimensions: 2 mm of thickness, 10 mm of width) as well as four tilted baffles
placed on each reactor lid as shown in chapter 6 (Figure 6.1) (baffle dimensions: 1
mm of thickness, 13 mm of width, 72 mm length, tilted angle 35°). The tilted baffles
reduce the dry sections observed previously by tomography studies by forcing the
liquid to flow into the center of the foam packing, leading to high mass transfer rates.
The multistage horizontal rotating foam stirrer reactor was built by repeating two or
four times the single stage above described (Figure 7.1b). The stages were separated
by vertical donut-shaped baffles with a central circular opening of 25 mm inner
diameter and a thickness of 2 mm. The interstage baffle opening size was chosen in
order to minimize the backmixing. In multistage agitated gas-liquid contactors
equipped with Rushton turbines, low backmixing is typically achieved when the baffle
central opening area is less than 2% of the cross section area of the reactor column
[176-182]. The tilted baffles described above on the reactor lids were also placed on
the vertical donut-shaped baffles. Each compartment was provided with a foam block
stirrer mounted on the same shaft. The power consumption was calculated using the
voltage and the current measured by an ES300-series power supply (Delta Elektronika
B.V.)
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7.2.2

RTD measurements

The RTD was determined from tracer injection experiments. Water was used as liquid
phase and Pelikan Royal Blue fountain pen ink (BETO Schoolartikelen) was used as a
tracer. In a typical RTD experiment, a known liquid flow rate was allowed into the
reactor by a diaphragm pump (KNF lab liquiport). After the flow rate was steady, a
pulse input of a tracer (1 ml of ink in the single stage reactor, 2 ml of ink in the two
stage reactor and 4 ml of ink in the four stage reactor) was injected in the inlet of the
liquid flow by means of a syringe. The injection time was usually less than 3% of the
mean residence time of the reactor. Therefore, the influence of the injection period
on the measurement of the RTD curves could be ignored. The tracer concentration at
the outlet was measured by UV-VIS spectroscopy. At 120 mm after the reactor outlet,
a 1/2” stainless steel in-line UV-VIS flow cell from Avantes was connected. A dual
channel AvaSpec-2048-USB2 UV-VIS spectrophotometer equipped with an AvaLight
DH-S light source was used. Lamp, spectrometer and flow cell were connected by
optical fibers with a solar resistance coating. The absorbance of the ink was measured
at 311 nm. In order to exclude the noise on the signal caused by the dispersed air gas
bubbles in the liquid, a reference absorbance was measured at 600 nm at which ink
absorbance is nearly zero. This was subtracted to the absorbance recorded at 311
nm.
The experimental procedure was repeated for various liquid flow rates and stirring
speeds, ranged from 3 to 20 ml/s and 120 to 500 rpm, respectively. Flow rates were
visually monitored with a rotameter (Brooks MT3809) and kept constant at the
desired value by controlling the flow rate at the bypass line located in the inlet of the
reactor using a ball type valve. Flow rates were continuously verified by noting the
times required to collect 100 ml of effluent in a volumetric cylinder. The liquid level
inside the reactor was kept at 60% of the reactor volume by controlling the flow rate
at the outlet of the reactor using a ball type valve. After an experiment was finished,
the inlet and outlet valves were closed and the reactor was emptied to measure the
liquid volume inside the reactor. All the experiments were performed at ambient lab
temperature 292 ± 2 K and 1.2 bar. The mean residence time, tm, was calculated from
the tracer concentration at the reactor outlet following the procedure described in
literature [183].
7.2.3

Hydrogenation reactions

Catalytic tests of the horizontal rotating foam stirrer reactor were carried out using 2
wt.% palladium on alumina washcoated foams. The detailed preparation and
characterization of the foam catalysts is described in chapter 2. The 20 ppi foams
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purchased from Alantum were provided with an anchoring alumina layer. Hence, the
anodization step described in chapter 1 was not used. Foam catalysts with an average
washcoat thickness of 4 µm and an average palladium dispersion of 45% were
obtained. The selective hydrogenation of 3-methyl-1-pentyn-3-ol was chosen as a
model reaction. Experiments were performed at 25 °C, 1.2 bar of hydrogen, with an
initial reactant concentration of 24.5 mol/m3. Ethanol (96% VWR) was used as a
solvent. The reactor was equipped with a thermocouple and a cooling system to keep
the temperature constant. By controlling the hydrogen flow, the pressure in the
reactor was also kept constant. The liquid level inside the reactor was kept at 60% of
the reactor volume as described in section 7.2.2. Liquid samples were taken
periodically and analyzed by means of gas chromatography to follow the reaction
progress (using a Varian 430 gas chromatograph equipped with an 1177 FI detector,
Varian 8400 autosampler, and CP-SIL-8 column).
The software package Athena Visual Studio was used for the parameter estimation
procedure in the RTD and the hydrogenation modeling. For all results shown,
Bayesian estimation for multiple responds was applied.

7.3 Results and discussion
7.3.1

Reactor modeling from RTD data

7.3.1.1 Single stage horizontal rotating foam stirrer reactor
As a first approach the single stage horizontal rotating foam stirrer reactor was
modeled as an ideal CSTR. Figure 7.2 compares the C(t) curve of an ideal CSTR with
the experimental data. Clearly the foam reactor deviates from ideal mixing. The
experimental curve is initially higher than expected and it decays more rapidly than
that for ideal operation. This suggests a smaller system volume [183-184]. Hence, two
models are proposed to describe the nonideal behavior in the foam reactor.
The first model consists of two consecutive perfectly mixed compartments of equal
volume. The impeller, i.e., the foam block, acts as separator and an exchange rate of
liquid, ν1, across the two adjacent compartments controls the overall mixing. This
model was developed based on acid-base visualization experiments performed on
the horizontal foam stirrer. For this type of visualization, a pH indicator,
Bromothymol blue, was added to the working fluid 1M NaOH. The indicator changes
from blue (above pH = 8.2) to yellow (below pH = 6.5). A pulse injection of 1M HCl
allows for the observation of the evolution of reactive mixing patterns and the
presence of well-mixed (chaotic) regions and segregated regions in the flow domain
[185-187].
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(a)

(b)

Figure 7.2 The C(t) curve of the horizontal rotating foam stirrer reactor for different models:
ideal CSTR (red line), two CSTRs in series with interchange (blue line), CSTR with dead
volume (purple line), experiments (black line). Operating conditions: liquid holdup 60%,
stirring speed 250 rpm, flow rate 5 ml/s (a) or 20 ml/s (b).

(a)

(b)

(c)

Figure 7.3 Experimental visualization of mixing in the horizontal rotating foam stirrer
reactor by acid/base reaction technique. The pH indicator turns blue (a) when the
solution is alkaline and yellow when the solution is acidic (c). Operating conditions:
liquid holdup 50%, stirring speed 250 rpm, batch mode, reactor length 180 mm.
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Figure 7.3 shows that few seconds after injection, only the right side of the tank has
become acid, while the left side of the tank is not yet affected by the acid pulse. A
well-established separation plane demarks the sharp transition of pH zones. This
compartmentalization can be described by two ideal CSTRs in series with an exchange
flow. This model is the same as that described by Ando et al. [188] for a horizontal
stirred vessel equipped with a Rushton turbine. Figure 7.4a shows a schematic
diagram of the mixing model and Table 7.1 presents the material balances. It can be
seen from Figure 7.2 that the model does not fit the experimental data. The fitted
parameter, ν1, was two orders of magnitudes higher than the liquid flow rate, νo, for
different operational conditions. As a result, the same C(t) curve as one ideal CSTR
was obtained.
(a)

(b)

Figure 7.4 RTD models for the horizontal rotating foam stirrer reactor with one
compartment: a) two CSTRs in series with interchange; b) CSTR with an exchange volume
(dead zone or low agitation zone).

Figure 7.5 shows that the experimental mean residence time is lower than that
calculated as tm = VL/νo at different liquid flow rates. This indicates the presence of
stagnancy or dead volume. In any process unit with corners, baffles, or obstructions
to flow, stagnant regions occur. When a tracer is injected into a unit where such a
zone exits, some of the tracer diffuses into the zone and is slowly washed out. As a
result, a long shallow tail in the response appears [183-184, 189].
Hence, the second model proposed consists of two compartments with different
volume and agitation. There is a highly agitated region, V1, most likely in the vicinity
of the foam block, and a region with less agitation, V2. The highly agitated region is
modeled as one CSTR and the quieter region as another CSTR, with an exchange rate
of liquid, ν1, between the two. Both inlet and outlet flow channels connect to the
highly agitated region. The fitted parameters are ν1 and V2. Figure 7.4b shows a
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schematic diagram of the mixing model and Table 7.1 presents the material balances.
A good agreement between the model and the experimental data is shown in Figure
7.2. In the following section the effect of operational conditions such as stirring speed
and liquid flow rate on ν1 and V2 are discussed.

Figure 7.5 Mean residence time in the horizontal rotating foam stirrer reactor. Operating
conditions: liquid holdup 60%, stirring speed 250 rpm. Black points: experiments; gray
points: theoretical values.

Table 7.1 Material balances for the horizontal rotating foam stirrer reactor RTD models.
Model 2
two CSTRs in series with
interchange

Model 1
Ideal CSTR

CSTR 1:

CSTR 1:

V1

dC1
= − νo C1
dt

V1

dC1
= ν1 C2 − (νo +ν1 )C1
dt

CSTR 2:
V2

Model 3
CSTR with an exchange volume
(dead zone)

dC2
= (νo +ν1 )C1 − ν1 C2 − νo C2
dt

V1

dC1
= ν1 C2 − νo C1
dt

CSTR 2:
V2

dC2
= ν1 C1 − ν1 C2
dt
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7.3.1.1.1 Effect of the stirring speed and liquid flow rate on the dead volume
In order to improve the mixing in the horizontal rotating foam stirrer reactor, the
stirring speed is varied. Figure 7.6 shows that the dead volume is 150 ml when the
foam stirrer is operated at a flow rate of 15 ml/s and a stirring speed of 150 rpm. This
is 19% of the total liquid volume, VL. There is no significant material transfer between
the active and the stagnant region. ν1 is 0.8 ml/s, namely, 8% of the liquid flow rate,
νo.
By increasing the stirrer speed it is expected that the dead volume decreases as a
result of the increased rate of exchange flow between the active and the stagnant
region. However, Figure 7.6 reveals that both ν1 and V2 remain constant up to 450
rpm. The same C(t) curve and hence, the same tm, was obtained at different stirrer
speeds. Visual observations of the tracer wash out were not sufficient to identify the
stagnant regions in the foam reactor. It is presumed that the dead volume is
manifested by internal circulation at the entrance/exit of the reactor or at the vicinity
of baffles placed along the reactor wall and on the reactor lids. By modifying the
design of the baffles or relocating the inlet and outlet ports, the degree of stagnancy
in the horizontal rotating foam stirrer reactor could be reduced [189].
It was confirmed that with an increase in liquid flow rate the residence time
decreases as expected (Figure 7.2) and the spread of the residence time distribution
becomes narrower. Surprising the modeling results revealed that the liquid flow rate
has a positive effect on the dead volume. Figure 7.7 shows that with an increase of
liquid flow rate the dead volume slightly decreases. The exchange flow rate, ν1,
remains constant though. However, increasing liquid flow rate is not a practical way
for suppressing the dead volume as the liquid flow rate is given by the required
productivity of the reactor.
7.3.1.2 Multistage horizontal rotating foam stirrer reactor
The model described in section 7.3.1.1 comprising a CSTR with dead volume is
assumed to apply to a reactor with multiple stirrers. A schematic diagram of the
mixing model is shown in Figure 7.8. The fitted parameter in this model is ν2, the
exchange rate of liquid across two adjacent compartments, known as backflow. ν1
and V2 are fixed according to the results obtained from Figures 7.6 and 7.7.
The model fits well the experimental data obtained for a two and four stages foam
reactor (Figure 7.9). This confirms that the flow and mixing behavior in each
compartment is the same and equivalent to that observed in a single compartment.
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(a)

(b)

Figure 7.6 Effect of stirring speed on (a) exchange flow rate ν1 and (b) dead volume V2.
Operating conditions: liquid holdup 60%, flow rate 15 ml/s.

(a)

(b)

Figure 7.7 Effect of flow rate νo on (a) exchange flow rate ν1 and (b) dead volume V2.
Operating conditions: liquid holdup 60%, stirring speed 250 rpm.
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Figure 7.10 shows that the backflow is approximately 14 ml/s, leading to backflow
ratios (ν2 νo ) between 1 and 2. In vertical multistage agitated gas-liquid contactors,
backflow ratios below 1 are preferred in order to achieve reasonable stage efficiency
[176]. Low backmixing is typically achieved when the baffle central opening area, Ab,
is less than 2% of the cross section area of the reactor column, Ar [176-181]. In this
study, Ab is 3% of Ar, which can explain the high values of backflow shown in Figure
10. It should be mentioned that the baffle central opening area is restricted by the
stirrer shaft diameter. In addition, visual observations indicated that the gap existing
between the donut-shaped baffles and the reactor wall also contributes to
backmixing. The effect of the backmixing on the catalytic performance of the
horizontal rotating foam stirrer reactor is discussed in section 7.3.2.3.
In vertical multistage agitated gas-liquid contactors, the backmixing decreases with
the liquid flow rate due to the suppression effect of the bulk liquid flow at the central
opening between stages [178-181, 190]. However, in this study the backflow is
constant at different liquid flow rates (Figure 7.10). It is believed that for partially
filled horizontal reactors the backmixing depends mainly on the design of the stagedivider opening.

Figure 7.8 RTD model for the multistage horizontal rotating foam stirrer reactor.

116

7.3 Results and discussion

Figure 7.9 The C curve of the horizontal rotating foam stirrer reactor with 1, 2 or 4
compartments. Color lines: experiments; black lines: modeling results as a CSTR with dead
volume. Operating conditions: liquid holdup 60%, stirring speed 250 rpm, flow rate 7 ml/s.

Figure 7.10 The C curve of the horizontal rotating foam stirrer reactor with 1, 2 or 4
compartments. Color lines: experiments; black lines: modeling results as a CSTR with dead
volume. Operating conditions: liquid holdup 60%, stirring speed 250 rpm, flow rate 7 ml/s.
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7.3.2

Catalytic performance of the horizontal rotating foam stirrer reactor

7.3.2.1 Hydrogenation reaction kinetics
This section discusses the potential application of the horizontal rotating foam stirrer
reactor for the selective hydrogenation of functionalized alkynes to alkenes, an
important process in the fine chemicals industry. The hydrogenation of 3-methyl-1pentyn-3-ol was chosen as a model reaction. The kinetics of this reaction was
investigated in a semi-batch foam reactor. Experiments performed with different
stirring speeds resulted in similar reaction rates and yields. It was concluded that
external mass transfer limitations on the catalyst activity were absent. Internal mass
transfer limitations were not present since the catalyst washcoat thickness used was
less than 5 µm. These conclusions were confirmed by the Carberry number criteria
and the Thiele modulus [7]. A Langmuir-Hinshelwood mechanism as described in
reference [124] was used for the kinetic rate expressions (Eqs. 1 and 2). By fitting the
kinetic model simultaneously to a collection of three experiments with different
stirring speeds, the kinetic parameters k, Key, and Kay, were estimated. Figure 7.11
presents an example of a typical hydrogenation experiment together with the model
simulation results. The model describes well the experimental data. Table 7.2
presents the fitted parameters obtained from the kinetic modelling. These results
were used later for the foam reactor modelling in continuous operation.

Figure 7.11 Kinetics fitted to experiment. Markers: experiment (diamonds) alkyne , (circles)
alkene, (triangles) alkane. Lines: results of fitting. Catalyst: 20 ppi foam with 4 µm of
washcoating, 22 kW/m3.
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Kinetic expressions:
(7.1)

Y H2

Y

Y

E EY

A AY

2

(7.2)

E EY H2

E

Y

E EY

A AY

2

Mass balances:
(7.3)

Y

Y

cat

(7.4)

E

Y

A

E

cat

(7.5)
E

cat

Table 7.2 Parameters fitted to experiments together with their 95% confidence interval.
Parameter

Units

Value

95% confidence interval

k

m3L - gPd · s

1.64 x 10-2

± 7.7 x 10-4

KEY

-

0.2

± 2.1 x 10-2

KAY

-

1.5

± 1.3 x 10-1
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7.3.2.2 Reactor modeling
For the hydrogenation of a functionalized alkyne in the horizontal rotating foam
stirrer reactor, the models presented in sections 7.3.1.1 and 7.3.1.2 are used to
describe the reactor performance with one and multiple stages, respectively. As an
illustration, the model for a two stages horizontal foam stirrer reactor is presented
below. The parameters ν1, ν2, and Vd were fixed according to the results shown in
previous sections. The catalyst concentration, Ccat, is calculated taking into account
the active volume present in the reactor, Vr.
First stage:
(7.6)

Y1

r1

o Yo

2 Y3

d2

2 E3

1 E2

d2

2

Y1

1 Y1

Y1 cat r1

(7.7)
1 Y1

1 Y2

o

E2

2

E1

1 E1

Y1

E1

cat r1

(7.9)
1 E1

1 E2

(7.10)

A1

r1

Y2

o

(7.8)

E1

r1

1 Y2

2 A3

1 A2

d2

A2

o

2

A1

1 A1

E1 cat r1

(7.11)
1 A1

1 A2

2 Y3

1 Y3

1 Y3

1 Y4

Second stage:

r3

Y3

(7.12)
o

2

Y1

d4
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1 Y4

Y4

o Y3

Y3 cat r3
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Vr3 ∙

dCE3
1 (νo +ν2 )CE1 +ν1 CE4 − ν2 CE3 − ν1 CE3 − νo CE3 + (rY3 − rE3 )Ccat Vr3
dt

d4

r3

A3

E4

(7.14)

(7.15)
1 E3

1 E4

2 A3

1 A3

1 A3

1 A4

(7.16)
o

2

A1

d4

1 A4

A4

o A3

E3 cat r3

(7.17)

Figure 7.12 shows an example of a typical hydrogenation experiment together with
the model simulation results. The model describes well the experimental data. This
was also found for experiments performed at different liquid flow rates and different
number of stages (Figure 7.13). Hence, the hydrogenation experiments confirm the
presence of a dead volume in the horizontal rotating foam stirrer reactor.

Figure 7.12 Models fitted to experiment for a continuous operation of the horizontal
rotating foam stirrer reactor. Solid lines: CSTR model with dead volume. Markers:
experiment (diamonds) alkyne , (circles) alkene, (triangles) alkane. Catalyst: 20 ppi foam with
4 µm of washcoating, 22 kW/m3.
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(a)

(b)

Figure 7.13 Effect of flow rate νo on conversion (diamonds), selectivity (triangles) and yield
(circles) in the horizontal rotating foam stirrer reactor with (a) 1 compartment and (b) 2
compartments. Markers: experiments. Lines: results of modeling as a CSTR with dead
volume. Catalyst: 20 ppi foam with 4 µm of washcoating, 22 kW/m3.

7.3.2.3 Effect of the liquid flow rate, number of stages, dead volume and
backmixing on conversion, selectivity and yield
In order to obtain the desired alkene product in high yield, both the conversion and
the selectivity need to be maximized. A key parameter for reaching the high
selectivity is the residence time. Short residence times prevent overhydrogenation of
the alkene product. Figure 7.13a shows that a liquid flow rate higher than 5 ml/s is
needed to achieve a selectivity above 90% in a single stage reactor. However, short
residence time also implies low conversion. As a result, less than 27% of alkene is
produced. At equal space time, it is known that a higher a conversion is obtained in a
PFR than in a CSTR for irreversible first-order kinetics. Hence, the tanks-in-series
reactor configuration is used in order to approach a plug flow reactor behavior.
The effect of the number of stages on the reactor performance was studied by
performing simulations at different values of n and changing the space time. The
liquid flow rate in the reactor with n stages was varied such that the space time was
the same as in the reactor with a single stage. The results, as regards conversion,
selectivity and yield are reported in Figure 7.14. The advantage of a multistage
reactor configuration is clearly evident. Operating at a space time of 800 s and
assuming ideal behavior, the alkene yield increases from 47 to 60% when the stages
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(b)

(c)

Figure 7.14 Effect of number of stages on conversion (a), selectivity (b) and yield (c) in the horizontal rotating foam stirrer reactor. Solid
markers: ideal CSTRs in series, blank markers: CSTRs in series with dead volume and backmixing. Catalyst: 20 ppi foam with 4 µm of
washcoating, 22 kW/m3. Space time: diamonds: 800 s, squares: 267 s, circles: 160 s.

(a)
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increase from 1 to 6. The alkyne conversion as a function of the number of stages
levels off. This corresponds to alkyne conversion at which ideal plug flow conditions
are assumed in the horizontal rotating foam stirrer reactor.
Figure 7.14 shows that there are no significant benefits from the reactor staging
beyond 6. Therefore, for the design of the multistage horizontal rotating foam stirrer
reactor, six well-mixed compartments are sufficient. However, it can be seen from
Figure 7.14 that ten stages are needed to approach plug flow conditions when the
reactor is modeled with a dead volume of 23% and a backmixing of 14 ml/s (backflow
ratio = 14). The effects of the dead volume and backmixing on the reactor
performance are difficult to distinguish since they have opposite effects. The dead
volume leads to a shorter residence time resulting in lower conversion and thus,
higher selectivity. On the other hand, the backmixing leads to longer residence time
resulting in higher conversion and hence, lower selectivity. Nevertheless, the overall
result is a reduced reactor performance. Hence, the design of the baffles, i.e. baffles
to direct the flow to the center of the foam and the baffles to divide the reactor in
multiple compartments, should be improved in order to overcome the nonideal
behavior of the multistage horizontal rotating foam stirrer reactor.

7.4 Concluding remarks
This chapter describes a reactor model based on single phase residence time
distribution measurements in a multistage horizontal rotating foam stirrer reactor.
Measurements are based on the pulse tracer injection method. The resulting reactor
model consists of stirred tanks in series with backflow and dead volume. Under the
conditions used in this work, the foam reactor exhibits a dead volume of 23% and a
backflow ratio between 1 and 2. Both parameters were independent or slightly
influenced by the stirring speed and liquid flow rate. The multistage horizontal
rotating foam stirrer reactor can be employed to conduct the continuous process for
the selective hydrogenation of alkynes to alkenes. The conversion and yield predicted
by the proposed model agrees well with the experimental data. It is shown that near
plug flow behavior can be achieved in the horizontal rotating foam stirrer reactor
when six stages are used. This results in a higher selectivity towards the desired
product. An improvement of the baffle design should be made in order to reduce the
dead volume and the backmixing in the reactor, and thus enhance the reactor
performance
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8.1 Design of catalytic foam stirrers
This study demonstrated the promising application of rotating foam stirrer reactors in
multi-phase processes, e.g. some hydrogenation reactions. The foam stirrer offers
several advantages over the conventional slurry reactor:
• Excellent mass transfer characteristics (c.a. one or two order of magnitudes

higher than that in a slurry reactor). As a result, the catalyst is used effectively.
• Easier separation of the catalyst from the reaction mixture, thus preventing the

need of catalyst filtering. This is very convenient for reactions like fat hardening
(food industry) in which filtering the catalyst particles from the viscous mixture
is technically difficult and the residual catalyst requirements in the final product
are very demanding.
• No attrition and agglomeration of the catalyst. Consequently, the foam catalyst

can be reused several times.
• Safety is improved. In case of a runaway, fast shutting down is possible by
stopping the impeller.
Below the main conclusions of this research are presented along with general design
rules for catalytic foam stirrers to optimize the reactor performance in cases where
the catalyst activity and selectivity are affected by mass transfer limitations.
8.1.1

Catalyst coating characteristics

Palladium on alumina coated foams were prepared successfully by combining
anodization, washcoating and the ion exchange method. In our experiments no
catalyst removal was observed even though the rotation of the foam structures
creates strong shear forces. This shows that the foam catalyst preparation method
presented in this study produces stable coatings, which were also very reproducible.
Heterogeneous catalyzed reactions are often internal mass transfer limited. By means
of the Thiele modulus the maximum coating thickness for avoiding diffusion
limitations within the porous of the catalyst layer can be determined. The desired
coating thickness can be easily achieved by tuning the number of the catalyst layers
deposited on the solid foam or by tuning the viscosity of the slurry used for
washcoating. For the hydrogenation reactions studied in this work, an optimal
coating thickness of 5 µm was observed.
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The prepared coated foams showed a bimodal pore size distribution. The advantage
of such coatings is that the macropores allow a fast diffusion of reactants while the
mesopores provide the specific surface area needed to disperse the active phase. The
results of internal mass transfer modeling and EDX analysis suggested that the
preparation method used in this study lead to an egg-shell catalyst type. These
washcoating characteristics are favorable for improving the catalyst accessibility.
A disadvantage of the foam stirrer is the lower catalyst loading when compared to
slurry reactors. The foam catalyst holdup can be increased by increasing the
geometrical surface area of the foam (ppi number), by adding more blades to the
stirrer or by changing the stirrer geometry design. The choice will depend on the
external mass transfer requirements for a specific reaction as these parameters are
linked (see below).
8.1.2

Foam ppi

Comparing the gas-liquid mass transfer rate between 10, 20 and 40 ppi foam, no
difference was found. This suggests that bubble breakup by collisions through the
foam structure is negligible and the main mechanisms for mass transfer are
turbulence and gas induction.
The increase of the foam ppi has two counterbalancing effects on the liquid-solid
mass transfer rate. The liquid solid interfacial area is increased. However, the liquid
circulation through the foam packing is reduced due to the higher frictional pressure
drop. This leads to a reduced liquid-solid mass transfer coefficient. An optimum rate
of liquid-solid mass transfer was observed using a 20 ppi foam.
8.1.3

Stirrer geometry

Solid foam structures were mounted on a stirrer shaft as blades or donut-shaped
foam block. The latter was mounted either in a vertically or horizontally oriented
stirrer shaft. The foam block configuration significantly increases the surface area for
catalyst deposition. Catalyst loading similar to that in slurry reactors were achieved
(c.a. 1 – 1.5 wt %).
Comparable rates of gas-liquid mass transfer were observed between the blade and
the vertical foam block stirrer at similar power input. However, the horizontal foam
stirrer showed reduced performance. Higher power input per liquid volume is
required in order to achieve the same degree of turbulence as in the vertical stirrer
design.
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The stirrer geometry had a strong influence on the liquid circulation through the
foam packing. The highest liquid-solid mass transfer coefficient was observed with
the horizontal foam block stirrer. This is ascribed to the smaller cross sectional area
when compared to e.g. the vertical foam block stirrer, which leads to a lower
frictional pressure drop. In addition, the alternating contact of the solid foam with
the gas and the liquid phases in the horizontal stirrer configuration enhances the
foam catalyst refreshment.
An important design parameter in the horizontal foam stirrer is the use of tilted
baffles on the reactor lids with the aim of forcing the liquid to flow to the center of
the foam packing. Otherwise, due to the centrifugal force, dried sections are
developed which do not contribute to mass transfer and reaction rate. In order to
ensure good mass transfer rates, the horizontal foam stirrer should be operated in
the slosh state. Moreover, the ratio of foam volume per reactor volume should be as
high as possible by using a thin foam block and a small reactor volume.
The vertical foam stirrer showed a liquid-solid mass transfer coefficient profile along
the height of the foam block structure, being the highest at the upper part. By
changing the shape of the center section from a cylindrical to a conical, a slight
improvement of the liquid-solid mass transfer coefficient was obtained.
According to the mass transfer characteristics described above for each foam stirrer
geometry, one can consider the blade stirrer and the horizontal foam block stirrer for
fast reactions that may suffer from external mass transfer limitations, whilst the
vertical foam block stirrer is more suitable for slow reactions that require high
catalyst loadings.
8.1.4

Operational mode

Batch, semi-batch or continuous operation can be used in any of the foam reactor
designs developed in this work. The choice depends on the process requirement for a
specific reaction. As an overall rule, large-scale processes generally are more
profitable for a continuous process, while small scale processes tend to be more
profitable for a batch process.
If the selectivity of the process needs to be improved, a continuous operation is more
attractive. The semi-continuous operation of the horizontal foam stirrer showed near
plug flow conditions when using a multistage reactor. The shorter residence time
significantly increased the yield of the desired product.
RTD measurements showed the presence of a dead volume and backmixing in the
multistage horizontal rotating foam stirrer reactor. These parameters reduced the
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reactor performance in terms of conversion and selectivity. As a result, more stages
were required to achieve plug flow conditions than in the case of ideally CSTRs in
series. The non-ideal behavior was overcome by increasing the liquid flow rate.
However, the reactor productivity was limited.

8.2 Recommendations and outlook
The rotating foam stirrer reactor show great potential for further optimization. The
main concern is to improve the liquid circulation through the foam packing in order
to ensure good refreshment of the catalyst surface. This can be done by modifying
the foam block design and specially the baffle design.
For the vertical foam stirrer design, the main amount of liquid circulates in the top
part of the reactor. Liquid flow through the bottom section of the foam block
experiences a larger overall pressure drop. Once can increase the inner diameter of
the foam block to enhance the liquid inflow, however, the ratio of foam block volume
to reactor volume is reduced. An alternative is to optimize the height and pore size of
the foam block stirrer.
The foam block could be structured having a smaller pore size in the top and inner
part allowing only small bubbles to pass the structure. With increasing diameter and
height the pore size could enlarge, reducing the pressure drop over the bed. The use
of baffles in the reactor top lid could also enhance the liquid circulation by directing
the liquid to the center of the foam block.
Alternatively, the height of the foam block could be reduced while keeping sufficient
volume above and below the foam block for the liquid to circulate. The rotor-stator
spinning disc reactor concept developed in Eindhoven University could be applied for
this purpose. The reactor consists of a rotating disc in a cylindrical housing. The
distance between the rotor and the stator is small, commonly 1 mm [191]. The
spinning disc could be replaced by a foam disc. A fast radial liquid flow through the
entire foam block could be achieved.
For the horizontal foam stirrer, the liquid circulation through the center of the foam
block was improved by placing tilted baffles on the reactor lids and baffles along the
reactor wall. However, this resulted in a drastically increase of power consumption.
Therefore, the number of baffles should be optimized. Mainly baffles at the top of
the reactor contribute for the mass transfer enhancing. On the other hand, the liquid
could be sprayed from the shaft, similarly as in rotating packed beds, in order to
reduce the dry section observed along the axis.
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When the horizontal foam stirrer was operated in a continuous mode, a significant
dead volume was found. It is recommended to perform a CFD study in order to
identify the dead zones in the reactor. This will help for the optimization of the
baffles design and/or location of inlet/outlet.
A further study on the work presented in this thesis may focus on the catalytic
application of the multistage horizontal foam stirrer reactor for multi-step reaction
systems by stacking solid foam blocks with different catalysts on the same stirrer
shaft. The industrial process for the synthesis of ibuprofen is an example of a multistep process, which involves acylation of isobutylbenzene using conventional FriedelCrafts catalysts (e.g. beta zeolite) as a first step, and the liquid phase hydrogenation
of the formed aromatic ketone using supported noble metal catalysts (e.g. Pd/SiO2)
as a second step [192]. Both catalysts can be easily deposited on solid foams by
conventional washcoating methods. The one-pot synthesis of the intermediate
alcohol for the production of ibuprofen via combined acylation and hydrogenation is
a novel example of process intensification in rotating foam stirrer reactors.
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Nomenclature
aGL

Specific gas-liquid interfacial area, m2i m3L

aLS

Specific liquid-solid interfacial area, m2i m3L

Ab

Baffle central opening area, m2

Ar

Cross section area of the reactor, m2

C

Conversion, %

Ccat,L

Catalyst concentration per liquid volume,

Ccat,p

Catalyst concentration per catalyst pore volume, gPd m3pore

CCr(VI)bulk

Concentration of Cr(VI) ions in the bulk liquid, mol/m3

Pd

m3L

CCr(VI)surface Concentration of Cr(VI) ions in the foam surface, mol/m3
CCr(VI)0

Initial dichromate concentration (= 0.36), mol/m3

Cbulk
i

Concentration of component i in the bulk liquid, mol m3L

Ccat
i

Concentration of component i in the catalyst, mol m3L,pore

Csat
H2

Saturation concentration of hydrogen, mol m3L

dp

Slurry particle diameter, m

ds

Strut diameter, m

Deff

Effective diffusion coefficient, m2/s

Di

Diffusion coefficient of component i, m2/s

E(t)

Residence time function, -

kr

Reaction rate constant, m3L gPd ·s

kGL

Gas-liquid mass transfer coefficient, m3L m2i ·s

kLS

Liquid-solid mass transfer coefficient, m3L m2i ·s
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Nomenclature

KA

Adsorption equilibrium constant of alkane, m3/mol

KE

Adsorption equilibrium constant of alkene, m3/mol

KY

Adsorption equilibrium constant of alkyne, m3/mol

KEY

Adsorption equilibrium constant ratio alkene-alkyne (KE/KY), -

KAY

Adsorption equilibrium constant ratio alkane-alkyne (KA/KY), -

Ksty

Adsorption equilibrium constant of styrene, m3/mol

L

Washcoat thickness, m

n

Number of tanks in series with equal volume, -

PL

Power input per liquid volume, W/m3

Pm

Power input per liquid mass, m2/s3

rE

Reaction rate of alkene-alkane hydrogenation, mol/

rint

Intrinsic reaction rate, mol/

robs

Observed reaction rate, mol/

rY

Reaction rate of alkyne-alkene hydrogenation, mol/

Rep

Pore Reynolds number, Re = ρ⋅ds⋅ν/µ

S

Selectivity, %

Sc

Schmidt number, Sc = ν/Di

Sh

Sherwood number, Sh = kLS ·dp Di or Sh = kLS ·ds Di

Sgeo

Geometric surface area of the foam, m2i m3foam

t

Time, s

tm

Mean residence time, s

Vd

Dead volume, m3L

VL

Total liquid volume (Vr + Vd), m3L
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L /s

Pd /s
3
L /s
3
L /s

Nomenclature

Vr

Active liquid volume, m3L

wPd

Catalyst weight mass, gPd gAl2O3

x

Length, m

Y

Yield, %

Greek letters
εL

Liquid holdup, m3L m3R

εfoam

Foam holdup, m3f m3L

εp

Catalyst porosity, m3pore m3cat

εs

Catalyst holdup, m3cat m3L

ηcat

Catalyst efficiency, -

ηGL
e

External effectiveness factor for gas-liquid mass transfer, -

ηLS
e

External effectiveness factor for liquid-solid mass transfer, -

µ

Kinematic viscosity, m2/s

ν

Interstitial velocity, m/s

νo

Liquid flow rate, m3L s

ν1

Exchange liquid flow rate with the dead volume, m3L s

ν2

Exchange liquid flow rate between stages, m3L s

ρ

Density, g/m3

τ

Tortuosity factor, -

φ

Thiele modulus, -
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Nomenclature

Subscripts
A

alkane

CSTR

Continuous stirred-tank reactor

E

alkene

org

Organic reactant

PFR

Plug flow reactor

Y

alkyne
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