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Summary
as-solid multiphase flows are often encountered in industrial processes. Fluidized beds are used for gas-solid contacting processes
primarily due to their favourable heat and mass transfer characteristics. Some of the prominent applications include coating, granulation, drying, and synthesis of fuels, base chemicals and polymers.
In this work a computational fluid dynamics discrete element method
(CFD-DEM) based model was developed and extended with heat transfer. First, the correctness of the implemented model was assessed by
comparing the CFD-DEM predictions with analytical solutions for nonisothermal flow through a structured fixed bed. Next, the heat transfer
process was studied with the newly developed model using two different
approaches.
In the first approach the extended CFD-DEM model predictions
were validated with theoretical results obtained from the DavidsonHarrison bubble model. In our study hot gas was injected into a colder
bed operating slightly above the minimum fluidization condition to create an isolated single bubble. The heat exchange between the single
bubble and emulsion phase was studied for pseudo 2-D and 3-D fluidized beds. In this study monodisperse beds of different particle sizes
and gas injection temperatures were simulated. It was observed that for
pseudo 2-D beds the heat transfer coefficients from simulations match
well with theoretical models. However for 3-D beds the simulations
showed higher heat transfer coefficients compared to theoretical models. This was due to a higher through flow of gas in the 3-D bubble
caused by the breakdown of the underlying potential flow assumption
of the Davidson and Harrison model inducing enhanced recirculation of
gas through the bubble.
In the second approach a novel experimental measuring technique
combining a visual and infrared cameras was utilized. The established techniques of digital image analysis (DIA) and particle image
velocimetry (PIV) were combined with infrared thermography (IR) to
obtain simultaneous hydrodynamic and thermal data. The combined
DIA/PIV/IR technique provided insightful information like mean particle temperature and spatial distributions of the thermal data.
To enable a comparison between data obtained with this new exper-
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imental technique, the CFD-DEM with heat transfer was extended with
a number of mechanisms of heat transfer like gas-wall, particle-wall and
particle-particle based heat exchange. With these extensions the CFDDEM results could be compared with the DIA/PIV/IR measurements
of the spatial thermal data.
The CFD-DEM method was further used to study heat transfer in
spouted fluidized beds operating in the continuous bubbling regime. In
this study hot gas was injected from spouts supplemented with feeding
of cold background gas at minimum fluidization velocity for 3 different particle sizes. Using the simulation data a detailed analysis of the
particle temperature statistics like standard deviation and distribution
profiles of thermal variations was performed. Further, a tracer particle
analysis was conducted to study the evolution of the particle temperature from a Lagrangian perspective.
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Samenvatting
as-vast meerfase stromingen komen veel voor in industriële processen. Wervelbedden (gefluïdiseerde bedden) worden gebruikt
voor processen waar gassen in contact moeten worden gebracht
met vast stoffen omdat ze goede stof- en warmteoverdracht karakteristieken hebben. Enkele van de belangrijkste toepassingen zijn coating,
granulatie, drogen en synthese van brandstoffen, basischemicaliën en
polymeren.
In dit werk werd een computationale vloeistofdynamica discrete
elementen methode (CFD-DEM) model ontwikkeld en uitgebreid met
warmteoverdracht. Als eerste werd de juistheid van de implementatie beoordeeld door de CFD-DEM voorspellingen te vergelijken met
analytische oplossingen voor niet-isotherme stroming door een gestructureerd vast bed. Daarna werd het warmteoverdrachtsproces van het
nieuwe model bestudeerd door gebruik te maken van twee verschillende
benaderingen.
In de eerste benadering werden de CFD-DEM model-voorspellingen
gevalideerd met theoretische resultaten verkregen m.b.v. het DavidsonHarrison model voor bellen. In onze studie werd heet gas geïnjecteerd in
een kouder bed, dat iets boven de minimum fluïdisatie voorwaarde opereerde, om een geïsoleerde enkele bel creëren. De warmte-uitwisseling
tussen de enkele bel en emulsie fase werd onderzocht voor pseudo 2-D
en 3-D wervelbedden. In deze studie werden monodisperse bedden met
verschillende deeltjesgrootte en gas injectie temperaturen gesimuleerd.
Waargenomen werd dat voor pseudo 2-D bedden de warmteoverdrachtscoëfficiënten uit de simulaties goed overeenkomen met theoretische modellen. Echter, voor de 3-D bedden vonden de simulaties hogere warmteoverdrachtscoëfficiënten in vergelijking met theoretische voorspellingen.
Dit werd veroorzaakt door een hogere doorstroming met gas van de 3-D
bel, doordat de onderliggende aanname van potentiaalstroming in het
Davidson-Harrison model niet geldig bleek, met als gevolg de verhoogde
recirculatie van gas door de bel.
In de tweede benadering werd een nieuwe experimentele meettechniek gebruikt die een visuele en infrarood camera combineert. De gevestigde technieken van digitale beeldanalyse (DIA) en ‘particle image velocimetry’ (PIV) werden gecombineerd met infrarood thermografie (IR)
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om gelijktijdig hydrodynamische en thermische gegevens te verkrijgen.
De gecombineerde DIA/PIV/IR techniek geeft inzichtelijke informatie
zoals gemiddelde deeltjes-temperatuur en de ruimtelijke verdeling van
de temperatuur.
Om een vergelijking met resultaten verkregen m.b.v. deze nieuwe
experimentele techniek mogelijk te maken, werd de CFD-DEM simulatie
uitgebreid met met een aantal mechanismen van warmteoverdracht zoals
gas-wand, deeltje-wand en deeltje-deeltje warmte-uitwisseling. Met deze
uitbreidingen konden de CFD-DEM resultaten worden vergeleken met
de DIA/PIV/IR metingen van de plaatsafhankelijke thermische data.
De CFD-DEM-methode werd verder gebruikt voor het bestuderen
van de warmte-overdracht in ‘spout’ wervelbedden die actief zijn in het
continue bubbelende regime. In deze studie werd, voor 3 verschillende
deeltjesgrootte, heet gas toegevoerd in een injectiepunt en aangevuld
met koud achtergrond gas dat de minimale fluïdisatiesnelheid had. Gebruikmakend van de simulatie data werd een gedetailleerde analyse uitgevoerd van het deeltjes temperatuur statistieken zoals de standaarddeviatie en distributieprofielen van temperatuur variaties. Verder werd
een tracer-deeltje analyse uitgevoerd om de temperatuur evolutie van
het deeltje vanuit Lagrangiaans perspectief te bestuderen.
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Chapter 1

Introduction
Abstract
his chapter gives a general background on industrial fluidization and its research. This is followed by a section on
the multiscale modeling strategy for heat transfer in gas
solid fluidized beds. This modeling strategy forms the basis of
the European Research Council (ERC) Advanced Grant awarded
to prof. J.A.M. Kuipers, of which the PhD project reported in
this thesis is a part. Next, the new experimental infrared measuring technique is introduced which is also an essential part of this
grant allowing validation of higher scale modeling approaches.
The last section of this chapter provides a summary of the various aspects of gas-solid fluidized bed modeling covered in this
thesis. Further, it describes how the chapters fit into meeting the
larger goal of contributing to the overall grant.

T

1.1

Fluidized beds

Fluidization is the operation by which solid particles are transformed
into a fluidlike state through suspension by a gas or liquid. Fluidized
beds are systems with a bed of granular particles initially resting on a
perforated bottom plate. The particles cannot pass through the perforated plate due to the small size of the perforation holes.
When inlet gas is passed through the bottom plate at very low velocity the particles remain in a fixed state. However, as the inlet velocity
(also called the fluidization velocity or background velocity) is increased
to a critical velocity of inlet gas, called minimum fluidization velocity,
the particles start to move apart and vibrate. A further increase of the
fluidization velocity leads to particles getting suspended by the upward
flowing gas.
Depending on the excess velocity various regimes of fluidization are
encountered. Some of the common regimes are smooth fluidization,
bubbling fluidization, slugging fluidization, turbulent (fast) fluidization, lean phase fluidization, etc. The hydrodynamics of these regimes
has been studied and presented extensively in the fluidization literature Davidson and Harrison (1963); Kunii and Levenspiel (1991); Yang
1
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(2003). The occurrence of the various regimes also depends on particle
properties, gas-particle and particle-particle interaction during fluidization Geldart (1973).
The fluidization regimes at lower superficial gas velocities like
smooth fluidization or incipient fluidization produce a dense particle
phase throughout the bed. These regimes are the smoothest among all
regimes and have a very uniform behaviour. However, as a bed changes
to a bubbling fluidized bed at slightly higher superficial velocities the
bed contains gas bubbles rising chaotically in the bed. This kind of bed
has the appearance of a boiling liquid. Here the bubbles can be well
discerned from the so-called emulsion phase. The emulsion phase is very
dense with a sharp bubble-emulsion interface. The gas bubbles rise and
coalesce with each other to form bigger bubbles.
In this bubbling regime momentum, heat and mass exchange between bubbles and emulsion phase is of paramount importance as it
determines the efficiency of the contacting process for heat and mass
exchange. Thus bubble dynamics has been extensively studied in the
past by Davidson and Harrison (1963); Kato and Wen (1969); Chiba
and Kobayashi (1970); Mori and Wen (1975) and Collins et al. (1978).
This thesis focuses on this aspect of fluidized beds by studying heat
transfer between gas bubbles and emulsion phase.
The bubbling regime transforms to slug fluidization when the bubbles (through coalescence) become large enough to create slugs that
cover the entire cross section of the bed. This behaviour is more prominent in beds of smaller cross sections. A further increase in superficial gas velocity takes the bed into the turbulent regime where a clear
bubble-emulsion structure cannot be discerned. Turbulent fluidization
is typically encountered in the regeneration of a FCC unit. Further increase in background velocity leads to lean phase fluidization which has
very small particle fractions. This thesis focuses on dense fluidization
which is predominantly encountered in the bubbling regime.
Fluidization behaviour is mostly affected by particle properties like
particle size and density. This was first quantified by the work of Geldart
(1973) who laid the foundation for particle type with a classification
diagram for gas fluidization. For treating different types of particles
different configurations of fluidized beds are used for optimal operation.
Some of these variations in configurations are circulating fluidized beds
and spout fluidized beds. Circulating beds are used for smaller Geldart
A and B type particles which are aeratable or sand-like while spout
fluidized beds are used for Geldart D type of particles which are also
called spoutable particles. These various fluidized bed configurations are
seen as different types of fluidized beds with varying column or body
shapes, mechanical parts, accessories, etc used extensively in industries.
Fig. 1.1 shows diagrams of typical circulating and spout fluidized beds.
2
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(a) Circulating fluidized beds with internal and external dipleg (courtesy: Kunii and Levenspiel (1991)).

(b) Spout fluidized beds.

Figure 1.1. Schematic diagram showing some different variations of industrial fluidized beds.

In circulating fluidized beds, as the name itself implies, the particles
reaching the top part of the fluidization column are recirculated with
a cyclone and dipleg arrangement. This type of fluidized bed mostly
operates in the fast fluidization regime giving a smooth and steady recirculation of solids through the dipleg or other solid trapping devices.
Applications of these circulating fluidized beds are in the field of coal
gasification, hydrocracking, scrubbing, CO2 capture, etc Yang (2003);
Kunii and Levenspiel (1991). These energy intensive processes generally

3

CHAPTER1I
NTRODUCTI
ON

operate with small particles (coal or catalysts) that are Geldart A or B
in type Geldart (1973).
The spouted fluidized bed has a high velocity gas jet issued through
a nozzle alongside the background fluidization which is mostly maintained at minimum fluidization gas velocity. This configuration avoids
creation of slugs and thus improves particle circulation. Spouted fluidized beds are widely used in processes such as granulation, drying and
coating. Some of the products produced by granulation processes are
detergents, pharmaceuticals, food and fertilizers. These products need
to be produced with specific particle properties such as size, mechanical
strength (to ease of handling) and chemical composition (purity) Lim
et al. (1988); Sutanto et al. (1985); Fayed and Otten (1997).

1.2

Multiscale modeling strategy

The fundamental understanding of mass, momentum and heat exchange
is crucial for designing and operating fluidized bed systems. Gas-solid
interaction has been studied extensively since the first drag correlations
between gas and spherical particles for dense system was proposed by
Ergun (1952); Wen and Yu (1966). With the development of highly
resolved (Lattice-Boltzmann and Direct numerical simulations (DNS))
simulation methods these drag correlations have been improved significantly by Beetstra et al. (2007); Tenneti et al. (2011) and Tang et al.
(2014). In these methods fluid flow is resolved around the particles
where the computational grid size is very small compared to particles.
Using such refined simulations highly accurate correlations for gas particle drag correlations have been developed.
Within the multiscale modeling strategy these drag correlations are
being used as closure relations in unresolved simulation approaches such
as computational fluid dynamics-discrete element method (CFD-DEM)
and the two fluid model (TFM). CFD-DEM is a Euler-Lagrange modeling method where the Eulerian grid spacing is much larger than the size
of the Lagrangian particles. The gas-particle interactions are treated using closures produced by DNS simulations.
In the TFM a continuous description is adopted for both the gas and
solids phase Kuipers et al. (1992a); Enwald et al. (1996). The TFM can
in principle be used for large industrial scale simulations, because no
tracking of individual particles is performed. However the TFM, even
more than CFD-DEM, requires closures to capture the sub-grid phenomena (fluid-particle and particle-particle interaction). So, these large
scale models require input from highly resolved models thereby following a multiscale modeling strategy. The large scale models subsequently
can be validated experimentally. Such a strategy was the basis of the
4
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Fully Resolved
DNS

E-E modeling

Figure 1.2. Multiscale modeling strategy for heat transfer closure modeling
in gas-solid fluidized beds.

ERC advanced grant proposal for modeling heat transfer in fluidized
beds which will be described in the next subsection.
With the strongly developed knowledge of gas-solid momentum interaction in place, the focus of research has shifted towards heat and
mass transfer. Theoretical and experimental studies probing heat transfer in dense gas-solid fluidized beds have led to a few gas-particle heat
exchange correlations in early literature, see Ranz (1952) and Gunn
(1978). Now with the advent of detailed modeling tools for gas solid
flows the gas-solid heat transfer research is going through a dynamic
change. One of the current frontiers of research for gas fluidized beds is
the extension of DNS, DEM and TFM with gas particle heat exchange.
With the extensions of DNS with energy transfer, improved correlations to model gas-solid heat exchange have been developed by Tavassoli et al. (2013). Similar to the multiscale modeling strategy that was
adopted for momentum exchange a strategy for modeling heat transfer
is envisioned. Improved heat transfer correlations could be obtained
from DNS which can be used as closures for heat transfer modeling in
large scale modeling tools like DEM and TFM. This proposal has been
summarized in Fig. 1.2.
As can be seen in Fig. 1.2 the implementation of heat transfer at
DNS, DEM and TFM levels form the building blocks for a multiscale
modeling strategy. The focus of this thesis is to extend the CFD-DEM
for gas-solid fluidized beds with heat transfer. The current work does
not address any closure relation incorporation for heat transfer derived
from DNS, which is still ongoing research. Instead this work focuses

5
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on the validation of the extended CFD-DEM using a novel experimental measuring technique. CFD-DEM essentially being a medium scale
level modeling method has been primarily subjected to experimental
validation. This thesis uses a newly developed spatial measurement
method for temperature distributions to compare with CFD-DEM including heat transfer. In the following section we provide a small discussion on the non-invasive technique that has been developed in this
thesis.

1.3

Non-invasive measuring techniques

There exists a large body of literature dealing with the non-invasive
monitoring of multiphase flows. Some of the well-known measuring
techniques include electrical capacitance tomography (ECT), positron
emission particle tracking (PEPT), particle image velocimetry (PIV),
particle tracking velocimetry (PTV), X-ray tomography and infrared
thermography (IRT). These techniques have been proven instrumental
in fluidized bed research and enhanced the understanding of the underlying complex phase interactions. Lab scale pseudo 2-D fluidized beds
have been studied primarily using optical methods like presented in this
thesis, which are well suited for CFD-DEM validation.
Pseudo 2-D fluidized beds have been mainly studied using optical
techniques like high speed visual cameras. Some of the early works
with high speed cameras were aimed at developing techniques to study
bubble and solids motion in pseudo 2-D fluidized beds, see Goldschmidt
et al. (2003). These techniques were extended in later research with
digital image analysis (DIA) combined with particle image velocimetry
(PIV) based technique by van Buijtenen et al. (2011a) and de Jong
et al. (2012). This combined DIA/PIV technique offers the capability
to measure hydrodynamic properties like particulate mass flux inside a
fluidized bed.
In recent works the development of infrared thermography techniques has created a platform for visual infrared coupling that could
produce simultaneous hydrodynamic and thermal data, see Dang et al.
(2013). This thesis presents a coupling of DIA/PIV with infrared thermography (IR) giving rise to the so-called DIA/PIV/IR technique. This
technique is capable of measuring both heat and mass flux distributions
in a fluidized bed. This thesis further shows how this technique has
been used to compare with CFD-DEM data to give a complete hydrodynamic and thermal characterization. In the next section we outline
the research topics presented in this thesis.
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1.4

Scope and outline of the thesis

Spatial particulate
temperature
distribution

Theoretical
methods

Experimental techniques
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PIV/IR)

Davidson bubble model

Bubble temperature

Scale up study

Computational
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Thermocouple inserted
Tracer particles

Highly-resolved Direct
Numerical Simulations

DPM validation

Two Fluid model

Scope of this
thesis

Figure 1.3. Studies possible with CFD-DEM as the modeling tool and the
scope of this thesis.

The fourth chapter reports the development of a new experimental
measuring technique which is the DIA/PIV/IR measuring technique for
CFD-DEM validation. Furthermore chapter 5 studies the validation of
CFD-DEM by means of the new measuring technique of DIA/PIV/IR.
Chapter 6 reports on the distribution of particle temperatures in
spouted fluidized beds operating in the continuous bubbling regime.
This chapter also presents a tracer particle study of particle temperature
variations and circulation patterns for varying sizes of particles. In
7
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The field of research on heat transfer in fluidized beds using CFD-DEM
is wide and can be approached in 3 different ways, namely, using experimental measurements, theoretical models and multiscale modeling
strategy using closures from DNS. Fig. 1.3 summarizes these forms of
heat transfer studies that are possible with CFD-DEM as the central
modeling method. The red dotted square shows the studies that this
thesis covers.
The next two chapters of this thesis present validations and comparisons with the well-known classical theoretical model of Davidson and
Harrison (1963). Chapter 2 validates the CFD-DEM with the Davidson
and Harrison (1963) bubble model for a pseudo 2-D fluidized bed. This
chapter also introduces the heat transfer implementation and its validation. The third chapter is a follow up of the previous chapter with a 3-D
bubble injection into a fluidized bed. This chapter highlights differences
between the simulations and the Davidson and Harrison (1963) bubble
model and explains the reasons for these differences.

CHAPTER1I
NTRODUCTI
ON

the last chapter the conclusions that can be drawn from this thesis are
presented. This is followed by a brief recommendation on possible future
work to carry this line of research forward.
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Modeling bubble heat
transfer in pseudo 2-D
beds
Abstract
iscrete element method (DEM) simulations of a pseudo
2-D fluidized bed at non-isothermal conditions are presented. First implementation details are discussed. This
is followed by a validation study where heating of a packed column by a flow of heated fluid is considered. Next hot gas injected
into a colder bed that is slightly above minimum fluidization conditions is modeled. In this study bubbles formed in monodisperse
beds of different glass particle sizes (1 mm, 2 mm and 3 mm) and
with a range of injection temperatures (300 to 900 K) are analyzed. Bubble heat transfer coefficients in fluidized beds are
reported and compared with values produced by the Davidson
and Harrison model. †

D

2.1

Introduction

Fluidized beds with gas-solid flows are used in a variety of industries due
to their favorable mass and heat transfer characteristics. Some of the
prominent processing applications include coating, granulation, drying,
and synthesis of fuels, base chemicals and polymers.
Industrial scale fluidized beds working in the bubbling regime have
many gas bubbles forming and rising inside the emulsion phase. Many
of such gas bubbles collectively affect the overall heat and mass transfer
rate and thus affect the overall performance of these contactors. Depending on the nature of reactions, i.e., whether they are exothermic
or endothermic, fluidized particles heat exchange takes place from the
emulsion to bubble phase or vice versa.
† This

chapter is based on Amit V. Patil, E.A.J.F. Peters, T. Kolkman, J.A.M.
Kuipers., Modeling bubble heat transfer in gas-solid fluidized beds using DEM,
Chem. Engg. Sci., 105 (2014), pp:121-131.
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Hot gas, such as air or steam, is often injected using spouts in fluidized beds for processes such as coal gasification, see Xiao et al. (2006),
Weber et al. (2000) and Ye et al. (1992). Since inlet gas temperatures are
different from the bed temperatures of fluidized beds, the bubble phase
is at a different temperature compared to gas-solid emulsion phase in
fluidized beds.
Until recently computational research for fluidized beds was limited
to hydrodynamics of the bed. Now, with the proper understanding of
the hydrodynamics, the frontier has moved towards heat transfer in
fluidized beds. This work focuses on modeling of this heat transfer in
fluidized beds using the discrete element model approach (DEM). One
reason to choose a computational approach instead of an experimental
one is that techniques for obtaining energy profiles in fluidized beds
without perturbing the system, e.g., by inserting probes are nor readily
available. However DEM has the capability to provide all hydrodynamic
and thermal properties with ease and reasonable accuracy.
The hydrodynamics of gas-solid flow in DEM is modeled by treating the gas phase as a continuum (Eulerian) and particulate phase as
discrete (Lagrangian). Through two-way-coupling both the continuum
and particulate phase interact with each other through momentum exchange. The particulate mechanics for collision used in this study is
based on the soft sphere model first proposed by Cundall and Strack
(1979). To the DEM hydrodynamic model developed by Hoomans et al.
(1996), the energy balance for modeling heat transfer is added where
the continuous phase is modeled by a convection-conduction equation
and the discrete phase is treated using an average temperature for each
particle.
A DEM with heat transport implementation has been reported in
previous studies Zhou et al. (2009) and Zhou et al. (2010). These studies
focus on the overall heating of beds which includes evaluation of overall
heat transfer coefficient of the beds. The current work, however, focuses on the heat transfer of rising bubbles in fluidized beds. Although
isothermal bubble formation and rise in fluidized beds have been studied by Caram and Hsu (1986), Nieuwland et al. (1996) and Davidson
and Harrison (1966), non-isothermal effects were not considered in these
studies.
Previously, mainly experiments have been performed to study heat
transfer in rising bubbles in fluidized beds, e.g., by Wu and Agrawal
(2004). These experiments have proposed heat transfer coefficients for
rising bubbles in fluidized beds for smaller particles in the range 250 to
500 µm. However, no DEM or other simulation-based study has been
performed on such systems until now. In the current work also heat
transfer coefficients of bubbles in fluidized beds are predicted. The obtained heat transfer coefficient values compare well with the theoretical
10

2.2
2.2.1

Governing Equations
Gas phase modeling

In our model the gas phase is described by volume averaged conservation
equations for mass and momentum given by;
∂
(εf ρf ) + ∇ · (εf ρf u) = 0,
∂t

(2.1)

∂
(εf ρf u) + ∇ · (εf ρf uu) = −εf ∇p − ∇ · (εf τ f ) + Sp + εf ρf g,
∂t
(2.2)

11

CHAPTER2MODELI
NGBUBBLEHEATTRANS
FERI
NPS
EUDO2
DBEDS

Davidson bubble model given in literature Kunii and Levenspiel (1991)
and Davidson and Harrison (1963) for smaller particles with deviations
for larger particles. An analogous experimental work looking at masstransfer has been performed Dang et al. (2013), but the current work is
the first of its kind concerning heat transfer.
Heat transfer in fluidized beds can be studied by three main modeling
methods. They are the direct numerical simulations, discrete element
method and the two fluid model. The direct numerical simulation (DNS)
which is a highly resolved gas-solid flow study is suited for small scale
where studies like bubble injection is not feasible because of expensive
computations. The two fluid model has a lower flow resolution and
needs many closure relations from DNS. Thus we choose DEM which is
best suited for a pseudo 2-D bed study and has adequate scale for single
bubble injection.
We will start with stating the governing equations in §2.2 and provide details of their implementation in §2.3. The developed heat transport implementation is verified by comparison with analytical solutions
before being put to use for the fluidized bed study in §2.4. The system used for this verification is a packed bed being heated up by a hot
stream. Using the developed DEM model bubble injection simulations
of a 2-D bed were performed. The bubble injection is performed by
specifying the proper boundary conditions at a nozzle or spout at the
bottom of the bed. In the simulations different injection temperature
and particle sizes are used. This work presents a study of the formation
and rise of hot gas bubbles in beds. The bubble injection mass flux
through the nozzle is fixed to observe the changes in the formed bubble
due to temperature. Heat transfer coefficient are determined from the
simulations and compared with theoretical predictions.

where Sp represents the source term for momentum from the particulate phase and is given by
X βVa
Sp =
(va − u) δ(r − ra ) ≡ α − β u.
(2.3)
1 − εf
a
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In the right-most equation only β remains as a factor in front of the gas
velocity due to the definition of the solid-volume fraction (that equals
1 − εf ) and α collects all momentum creation per unit volume due
to the velocities of the particles. After discretization smoothed Diracdelta functions are used to distribute particle properties over nearby
grid-points. The drag coefficient, β, is evaluated by the Ergun (1952)
equation for dense regime and Wen and Yu (1966) equation for dilute
regimes
(
1−ε
β d2p
150 εf f + 1.75 εs Rep
if εf < 0.8
= 3
Fdrag =
(2.4)
−2.65
µ
if εf > 0.8
4 CD Rep (1 − εf ) εf
The viscous stress in Eq. (2.2) is taken to be the usual Newtonian stress
expression,

τ f = −µ ∇u + (∇u)T − (λ − 23 µ)(∇ · u)I, with ∇ · (εf τ f ) ≡ −Q u.
(2.5)
Here the operator Q is introduced for notational convenience, later,
when the numerical scheme is discussed.
The thermal energy equation for the fluid is given by,

∂ (ϵf ρf Cp,f T )
+ ∇ · (ϵf ρf uCp,f T ) = ∇ · ϵf kfeff ∇T + Qp ,
(2.6)
∂t
where Qp represents the source term from interphase energy transport
and kfeff is the effective thermal conductivity of the fluid phase that can
be expressed in terms of fluid thermal conductivity as
p
1 − 1 − ϵf
eff
(2.7)
kf .
kf =
ϵf
This equation was first proposed by Syamlal and Gidaspow (1985) and
later used in many works such as Kuipers et al. (1992b) and Patil et al.
(2006). The source term due to the the heat-transfer of the particles to
the fluid can be obtained by summing the contributions of all particles
using a (smoothed) delta-function as,
X
X
Qp = −
Qa δ(r − ra ) =
hf p Aa (Ta − Tf ) δ(r − ra ).
(2.8)
a

a

Here Qa is the heat transferred from the fluid to particle a. It can be
expressed using a temperature difference and a heat-transfer coefficient
(see next section).
12
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Discrete particle phase

ma

βVa
d2 ra
= −Va ▽ p +
(u − va ) + ma g + Fcontact,a
2
dt
1 − εf

(2.9)

d2 Θa
= τa
(2.10)
dt2
where ra is the position. The forces on the right-hand side of Eq. (2.9)
are due to the pressure gradient, drag, gravity and contact forces due
to collisions, τ a is the torque, and Θa the angular displacement.
The heat transfer to the particles from the fluid is modeled for DEM
by interpolation of the gas temperatures given at grid-points to obtain a
temperature, Tf , at the particle position. The heat balance for particle
a gives an evolution-equation for its temperature, Ta ,
Ia

dTa
= hf p Aa (Tf − Ta )
(2.11)
dt
where hf p is the particulate interfacial heat transfer coefficient for
which we use which the empirical correlation given by Gunn (1978),


Nup = (7 − 10 ϵf + 5 ϵ2f ) 1 + 0.7 Rep0.2 Pr0.33
Qa = ρa Va Cp,p

+ (1.33 − 2.40 ϵf + 1.20 ϵ2f ) Re0.7 Pr0.33

(2.12)

where,
Nup =

2.3
2.3.1

hf p dp
dp εf ρf |u − v|
µf Cp,f
, Rep =
and Pr =
.
kf
µf
kf

(2.13)

Numerical solution methods
Gas phase

Firstly we apply time discretization to the gas-phase equations (2.1, 2.2)
to obtain,
[εf ρf ]n+1 − [εf ρf ]n
= −[∇ · (εf ρf u)]n+1
(2.14)
∆t
[εf ρf u]n+1 − [εf ρf u]n
= −[∇ · (εf ρf uu)]n − εnf ∇pn+1 + Qnd un+1
∆t
(2.15)
+ [Qo u]n − β n un+1 + α n + [εf ρf g]n
13
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The solid phase is considered to be discrete. The modeling of the particle phase flow is based on tracking the motion of individual spherical
particles. The motion of a single spherical particle a with mass ma and
moment of inertia Ia can be described by Newton’s equations:

In this scheme the operator Q of the viscous stress term as defined in
Eq. (2.5) is split into two parts. The part Qd contains the diagonal part
of the operator needed to compute the shear stress, i.e.,
Qd = ∇ · [εf µ ∇] + diag(∇ [εf µ ∇·])

(2.16)
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and the remainder is put into Qo = Q − Qd . Taking part of the viscous
stress implicitly gives extra stabilization to the scheme allowing for the
use of larger time steps.
Eq. (2.15) is solved by means of the two-step projection algorithm
originally developed by Chorin (1968). First an ‘intermediate’ velocity,
u∗ , is computed as

([εf ρf ]n − Qnd ) u∗ = [εf ρf u]n + ∆t −[∇ · (εf ρf uu)]n

+ [Qo u]n + α n + [εf ρf g]n
(2.17)
This requires the solution of a linear matrix-vector equation. Using this
velocity the second equation in Eq. (2.15) can be written as


[εf ρf u]n+1 = [εf ρf ]n u∗ + ∆t −εnf ∇pn+1 + Qnd (u∗ − un+1 ) − β n un+1
(2.18)
The equation that is solved is this one, but with the term ∆t Qnd (u∗ −
un+1 ) neglected. Inserting that expression into the continuity equation
we obtain a equation for the pressure, where the density is computed
by the ideal gas law: ρf = (M/RT ) p. Then we solve un+1 and pn+1
iteratively by
un+1,k+1 =

[εf ρf ]n u∗ − ∆t εnf ∇pn+1,k
εn+1
ρn+1,k
+ βn
f
f

(2.19)

εn+1
M
f

pn+1,k+1 =
RT n+1 ∆t2
 [ε ρ ]n
 [ε ρ ]n u∗
f f
f f
− β n un+1,k+1 +
−∇·
∆t
∆t2
(2.20)

−∇ · (εnf ∇pn+1,k+1 ) +

Here superscript k indicates the iteration step and initial values are
un+1,0 = u∗ and pn+1,0 = pn .
Similarly to the evolution equations of the hydrodynamic fields
convection-conduction equation for the temperature, Eq. (2.6), is solved
using a semi-implicit scheme,

n
ϵf ρf Cp,f − ∇ · εf kfef f ∇ Tfn+1 = εf ρf Cp,f Tf

− ∆t ∇ · (ϵf ρf un Hf ) − Qp
(2.21)
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Figure 2.1. The thick solid line is the boundary. The cell with the dotted
perimeter to the left is a boundary cell and to the right are
internal cells. Due to the use of a staggered grid quantities are
defined at different positions.

Because here the gas-velocities at the old time are used and in Eq. (2.20)
the temperature at the new time is required, first Eq. (2.21) and next
Eqs. (2.19, 2.20) are solved.
For the spatial discretization a uniform Cartesian staggered grid is
used. The second order dissipative terms, such as the viscous terms
and heat conduction, are approximated using central differences. For
the convective terms the min-mod total variation diminishing (TVD)
scheme is used Roe (1986).
To complete the set of equations boundary conditions are enforced
on the velocities (normal and tangential directions), pressure and temperature. In the implementation of these boundary conditions the value
of the quantity at a ‘boundary cell’ is used. Fig. 2.1 shows where the
different quantities inside the cell are defined. A boundary cell quantity, φb , is represented as a linear combination of at most 2 neighbouring
relevant inner cells (φ1 and φ2 ),
φb = aφ1 + bφ2 + c.

(2.22)

In the case of first order boundary conditions, as presently used, b = 0.
For influx boundaries the value in the boundary cell is set equal to the
incoming value (a = 0, b = 0, c = φin ). For boundaries where the value
is set, but there is no influx we use linear interpolation. This gives
a = −1, b = 0 and c = 2 φwall , for a cell-centered quantity. The method
of evaluation of coefficients has been discussed in more detail in Deen
et al. (2012).
For some of the steps in the numerical scheme a linear set of equations needs to be solved, namely, for Eqns. (2.17,2.20,2.21). In all
these cases the matrices involved are positive definite symmetric. Furthermore, due to the Cartesian grid used they have a simple banded
structure. A highly efficient solver that applies the conjugate gradient
method with an incomplete Cholesky preconditioner (ICCG) is used to
solve these equations. A similar implementation as applied here for the
fluid phase in DEM has been presented by Deen and Kuipers (2014) for
DNS immersed boundary simulations.
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As mentioned earlier the particle collision mechanism treated here comes
from the Cundall and Strack (1979) spring dashpot model for particle
collision. Along with collision forces all remaining contributions of forces
coming from drag, gravity and pressure gradient are summed up to get
the total force acting on each particle. Using the total force, parameters of particles acceleration, velocity and position are evaluated and
updated every DEM time steps.
The integration method used for this operation is the first order explicit integration which has been described earlier in literature Hoomans
et al. (1996). This is one of the simplest of integration methods compared to many number of methods that have been developed like the
Gear and Verlet family of algorithms Ye et al. (2004). The normal and
tangential spring stiffness for each of the particle sizes are chosen such
that under the given conditions the maximum particle overlap is always
less than 1 % of the particle diameter.
Details of these calculations are provided in Cundall and Strack
(1979) which also gives the maximum contact time of particles during collision. The DEM time step size is set such that it is not less than
1/5th the contact time. The value chosen in these simulation is 1/10th
the contact time. Thus the Eulerian time step size can be evaluated
which here is taken to be 10 times the Lagrangian time step size.

2.4

Implementation test and verification

In this section a verification of the heat transfer coupling implementation is provided. Tests for the hydrodynamics have also been performed,
but are not presented because they are very similar to verifications found
in literature, such as van Sint Annaland. et al. (2005). The system that
is considered is a fixed bed of initially cold liquid and cold particles that
is heated up by a flow of hot fluid. The hot fluid passes through the
fixed bed from the channel inlet. Thus the temperature of the fluid in
the bed rises causing the fixed particles to heat up too.
For the heat transfer test we choose water as fluid and copper as
solid particles. The domain size, particle size, particle arrangements
and water properties assumed for the test are the same as the Ergun
equation test in van Sint Annaland. et al. (2005). The arrangement
of particles here is a primitive cubic system with particle spacing of
0.05mm with a bed porosity of 0.4935. The hydrodynamic and thermal
properties used are tabulated in Table 2.1.
The model verification is done by using a one dimensional convection
equation with heat-exchange between the fluid and the particle phase.
Thermal conduction terms are neglected as they are bound to be small at
16
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Figure 2.2. Unsteady state evolution of the temperature in a bed filled with
cold liquid and particles that is heated up by a liquid flow. The
graphs show the temperature profile along the bed length of
the copper particles at several instances in time. Good correspondence is found between the DEM simulation results and
the solutions (numerical and analytical) of a 1-D approximate
model.

Table 2.1. Properties and grid settings used in the fixed bed verification
study.

stationary particle array
channel diameter
channel length
particle diameter
liquid density
liquid viscosity
liquid inlet velocity
particle density
liquid thermal conductivity
liquid heat capacity
particle heat capacity
particle thermal conductivity

25 × 25 × 125
0.1 m
1.0 m
3.95 mm
1000 kg/m3
0.001 Pa·s
0.1 m/s
8400 kg/m3
0.5 W/mK
4187 J/kgK
385 J/kgK
0.025 W/mK
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Dimensionless temperature (Tin−Tf)/(Tin−T0)

1

high enough Péclet number. For the chosen settings the Péclet number
equals Pé=83740. The characteristic length for calculating the Péclet
number here is equal to particle diameter. For the 1-dimensional model
the gas phase energy and particle phase energy balance, respectively,
are given by
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∂Tz
∂Tz
= −εf ρuz Cp,f
− h a (Tz − Tzp ),
∂t
∂z
∂Tzp
εp (1 − ρf ) Cp,p
= h a (Tz − Tzp ),
∂t
εf ρf Cp,f

(2.23)
(2.24)

where a is the specific interfacial area given by a = 6(1 − εf )/dp . By
integrating the Eqns. (2.23,2.24) with appropriate initial and boundary
conditions we can get the analytical equations for the given system. The
details of the analytical solution method for heat transfer can be found
in references Anzelius (1926), Bateman (1932), Hougen and Watson
(1947) and Bird et al. (2001). Figure 2.2 shows the evolution of the
temperature profile through the bed of the particle phase at several
instances in time. In the plot the simulation results are compared with
the analytical solution. Also the results of a highly refined grid 1-D
discretized simulation of the model Eqns. (2.23,2.24) are shown. The
agreement between the DEM heat-transfer code and the solutions of the
1-D approximation is very close, as is to be expected in this case. For the
profiles of the fluid temperature, not shown here, we found an equally
good correspondence. From this test (among others not reported here)
we conclude that the code contains no major errors and is well verified.

2.5

Bubble formation and rise by hot gas injection

The main results presented in this section concern single bubble injections in a pseudo-2-D fluidized bed. Hot gas is injected through an
incipiently fluidized bed. For the incipient fluidization the background
gas is maintained slightly above the minimum fluidization velocity and
the temperature of this background gas is kept at 300 K in all the simulations. The boundary conditions used are shown in Fig. 2.3. A central
injection nozzle with a set inlet mass flux (see Table 2.2(b)) is used to
generate a gas bubble in the bed. After a time of about 0.18 s the bubble necks and pinches of. At that time the hot-gas injection is stopped.
Cold gas with the same background velocity as elsewhere now flows from
the nozzle and the bubble rises in the fluidized bed.
Table 2.2(a) summarizes the properties of the gas and particles that
were used in the simulation. There were 3 sizes of glass particles used:
1 mm, 2 mm and 3 mm. These particles are of type D in the Geldart classification. For each of the particle sizes a range of injected gas
18

(b) heat-transfer.

Figure 2.3. The computational domain divided into grid cells with cell flag
(as in the simulation code) that indicate the used boundary
conditions. Flags: 1: internal, 2/3: no-slip / adiabatic, 4: prescribed fixed influx, 5: prescribed pressure / zero normal temperature gradient, 7: corner cell, 12: prescribed nozzle influx.

temperature were considered, all at the same mass flux. The particle
collision parameters and fluidization velocities used for these simulations are shown in Table 2.2(c). Cundall and Strack (1979) gives details
of how the spring stiffness parameters given in the Table 2.2(c) are used
and implemented in the collision model. Table 2.2(b) gives the respective gas densities and background velocities used for the simulations at
each temperature.
The pseudo 2-D-bed has a width of 21 cm and a depth that is different for different particle sizes (see Table 2.2(c)). Through the central
injection nozzle, with width 1.4 cm (and depth equal to the bed depth)
air at different temperatures and ambient pressure is injected. The
temperatures considered are 300 to 900 K. The mass density and inlet
velocities directly follow from the ideal gas-law (see Table 2.2(b)).
Figure 2.4 shows snapshots of a dynamic bubble formation and rise
through the incipiently fluidized bed. The injection temperature is
700 K here. This figure shows how the temperature profile develops
inside a rising gas bubble. As can be observed after the injection stops
at 0.18 s the bubble rises though the fluidized bed with hot spots forming on the sides of the bubble. As the temperature of gas in the bubble
reduces quickly a new temperature scale is used for each snapshot.
The gas that is in contact with the emulsion phase is quickly cools
down to 300 K due to the efficient heat-transfer to the particles. Since
the glass particles have a high heat capacity per unit volume relative to
19
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(a) hydrodynamics.

Table 2.2. Settings used for bubble-injection DEM simulations.
(a) global.
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particle type
ρp
norm. coeff. of restit.
tang. coeff. of restit.
Cp,f
Cp,p
∆t (Eulerian)
∆t (Lagrangian)

glass
2526 kg/m3
0.97
0.33
1010 J/kgK
840 J/kgK
2.5 × 10−5 s
2.5 × 10−6 s

(b) different for each particle size.

mass flux
(kg/m2 s)
17.55

11.7

T
(K)
300
500
700
900
300
500
700
900

ρf
(kg/m3 )
1.1700
0.7020
0.5014
0.3901
1.1700
0.7020
0.5014
0.3901

uinj
(m/s)
15.0
25.0
35.0
45.0
10.0
16.67
23.33
30.0

(c) different for each particle size.

dp

ubg

(mm)
1
2
3

(m/s)
0.6
1.1
1.45

norm. spring
stiffness
(N/m)
7000
10000
19000

tang. spring
stiffness
(N/m)
2248.9
3212.7
6104.1

bed size

grid size

(m×m×m)
0.21×0.010×0.6
0.21×0.015×0.6
0.21×0.018×0.6

30×2×80
30×2×80
15×2×80

the air, their temperature does not rise much.
After injection has stopped the hottest part of the gas is near the
sides of the bubble. The hot gas tends to accumulate here because the
low background temperature gas moves up through the center of the
bubble. Part of the gas moves down along the perimeter of the bubble.
The particles that are heated at the top of the bubble also move down
along the perimeter. They end up in the wake of the bubble where they
will heat up the gas passing through the middle creating a plume as
seen at t = 0.3 s and more clearly at t = 0.4 s in Fig. 2.4.
The temperature field along with the gas velocity field at t = 0.3 s
that is shown in figure 2.5(a) gives a better understanding of the temperature distribution in a bubble. It shows how the background gas, that is
used to keep the bed fluidized, flows through the bubble creating a nat20

ural tendency for the hot pockets to move to the sides. In figure 2.5(b)
the theoretical streamlines according to the model of Pyle and Rose
(1965) are shown (see also Davidson and Harrison (1963)). For bubble velocities, Ub , smaller than the interstitial velocities, u0 = umf /εmf ,
there are small circulation zones near the side. The (hot) gas in these
zones remains there. The heat can only escape by conduction. This is
qualitatively consistent with what is seen in the simulations Fig. 2.5(a).
In our simulations the background gas velocity is slightly larger than
the minimum fluidization velocity. Therefore we can estimate u0 ≈ ubg /
εmf , where we take the porosity εmf of emulsion phase at minimum
fluidization to be 0.5. The mean bubble rise velocity, Ub , was calculated
for the simulation presented here by monitoring the displacement of the
centre of the bubble area with time. Table 2.3 gives the ratio obtained
for different particle size from the present simulation. It is seen that all
our simulations fall inside the regimes corresponding to Fig. 2.5(b).
Figure 2.6 shows the effect of particle size on the formation of the
bubbles. It can be observed in this figure that, as particle size changes
for the same injection temperature and injection mass flux, the bubble
size is different. For smaller particles the permeability of the emulsion
phase is less causing a lower leakage of gas and heat thus forming a
21
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Figure 2.4. Snapshots at different times of gas injected at 700 K in a 300 K
incipiently fluidized bed of 2 mm particles. The injection mass
flux is 11.7 kg/m2 s. At 1.8 s the injection is stopped. Note that
the temperature scales are different for particles and gas and
also change for each snapshot. Due to the high heat capacity
per unit volume of the solids, the gas quickly cools down and
the particles only warm up several degrees. For t = 0.2 s and
0.3 s hotter side pockets are seen in the bubbles. For t = 0.3 s
and 0.4 s particles in the bottom zone heat the gas that passes
through it, which gives rise to the hotter plume in the middle.
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(a) simulation.

(b) theory.

Figure 2.5. A detailed view of a bubble at time t = 0.3 s for a 700 K
injection temperature in a 2 mm size particle bed. The injection
mass flux is 11.7 kg/m2 s. The left picture in ((a)) shows the
temperature fields of gas and particles. The right picture shows
the porosity field and the flow field. The background gas flows
through the middle of the bubble. At the sides one sees a small
circulation zone. This explains the two side pockets of hotter
air. These circulation zones are predicted by the classic theories
from Pyle and Rose (1965) and Davidson and Harrison (1963).
The streamlines, in the reference frame moving with the bubble,
are shown in ((b)) which is adopted from Pyle and Rose (1965).

larger bubble and more heat remaining within the bubble. Also, for the
smaller particle size the hot size pockets in the bubble are larger. This
is consistent with the values reported in Table 2.3 and the theoretical
streamlines in Fig. 2.5(b). For smaller particles the circulation zones
are larger.
In Fig. 2.7 snapshots of bubbles at the same (i.e. t = 0.2 s, 0.3 s and
0.4 s) created with air injected at different temperatures are depicted.
The particle size in each of these simulation snapshots is the same,
namely, 2 mm. The amount of gas injected in terms of mass is the same,
so this corresponds to the same volume once cooled down to 300 K. The
fact that the observed bubble is bigger for the higher temperatures can
be explained by the fact that the injection velocity is higher. This
means that the amount of momentum and kinetic energy supplied by
22

Table 2.3. The interstitial velocity, u0 , in emulsion phase compared to the
bubble rise velocity, Ub .

u0
1.16
2.2
2.8

Ub
0.8
0.5
0.4

(a) time t = 0.1 s.

u0 /Ub
1.45
4.4
7
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dp (mm)
1
2
3

(b) time t = 0.3 s.

(c) time t = 0.4 s.

Figure 2.6. Gas bubble formation and rise with 900 K injection temperature and different particle sizes. The injection mass flux is 11.7
kg/m2 s. With increasing particle size the hot side pockets decrease in size and the hot plume in the middle becomes more
pronounced.

the injection is larger for higher temperatures. When comparing the
different bubbles at the same time it is noticed that the bottom positions
are the same. The difference is in the raining down of the particles from
23

the ceiling. The gas temperature distribution is similar, mainly the
magnitude differs.
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(a) time t = 0.2 s.

(b) time t = 0.3 s.

(c) time t = 0.4 s.

Figure 2.7. Gas bubble rise with varying injection temperature and same
particle size of 2 mm and with the same injection mass flow of
11.7 kg/m2 s.
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0.3
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Figure 2.8. Effective bubble diameter varying with time for several injection
temperature with inlet mass flux 17.55 kg/m2 s. The injection
is stopped at t = 0.18 s but the bubbles still grow for some time
until a plateau region is reached. Bubbles become larger for
smaller particle size and larger gas injection temperatures.

In Fig. 2.8 the time-evolution of an effective bubble diameter for
several injection temperatures and particle sizes is shown. This diameter
is computed from the bubble volume expressed as a cylinder (quasi-2D) with this diameter. To compute the volume the bubble was traced
using the average porosity in a grid cell. A threshold of 0.75 was used
for this.
The graphs initially show a linear growth. Note that the gas injection
is stopped at t = 0.18 s, but the bubbles still grow somewhat after that
time. Beyond, say, t = 0.25 s the bubble sizes are nearly constant.
Note, however, that the data-points at later times are less trustworthy
because of the difficulty of defining the bubble volume when particles
are raining down from the roof of the bubble. The bubble size for
isothermal injection at 300 K in the plot of Fig. 2.8 matches well with
results previously published in literature Olaofe et al. (2011).
Bubbles are larger for higher injection temperatures and smaller particle sizes. For larger particles the resistance of the air flowing in and
out of a bubble is less. Therefore the gas-leakage out of the bubble is
larger for systems with larger particles and bubble sizes will be smaller.
The graphs in Fig. 2.8 also show that the bubble size increases with
injection temperature. The reason is that for equal mass flux, higher
temperatures mean higher volume flux and thus larger gas velocities.
This gives a higher gas momentum, which is partly transferred to the
particle moving outward and thus forming a larger bubble.
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Bubble averaged temperature T, K
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(a) mass flux 17.55 kg/m2 s.
Bubble averaged temperature T, K
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dp 1mm Tinj 500K

800

dp 1mm Tinj 700K
dp 1mm Tinj 900K
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(b) mass flux 11.7 kg/m2 s.

Figure 2.9. Bubble mean temperature as a function of with time for varying
injection temperatures and particle sizes. Two injection mass
flows are considered. The injection is stopped at t = 0.18 s.

The mean temperature of the bubble with respect to time is shown
in Fig. 2.9. Let’s focus on the 900 K case in Fig. 2.9(a) for different
particle sizes. It is seen that initially the temperature at t = 0.1 s in
the 1 mm particle bed is smallest. The reason is that for these small
particles the gas leakage out of the bubble is least. This means that
hot gas, that is cooled down by the particles, remains (partially) in the
bubble. It will circulate downward past the sides of the bubble where
it is cooled by the particles. This decreases the temperature almost
immediately. For the larger particles, initially, most of the gas inside
the bubble is the hot gas directly injected into it. Therefore, initially,
26

ρf Vb Cp,f

dTb
= −hb Ab (Tb − Te ) ,
dt

(2.25)

where Te is the temperature of the emulsion phase. Here it is assumed
that the heat transfer from the bubble to the emulsion phase can be
described well by a constant heat-transfer coefficient. Furthermore it is
assumed that the size of the bubble does not change much, which seems
to be valid after t = 0.25 s as seen from Fig. 2.8. The analytical solution
of this equation gives exponential decay according to


Tb (t) − Te
−hb Ab (t − t0 )
= exp
.
(2.26)
Tb (t0 ) − Te
ρf Vb Cp,f
In Fig. 2.10 the measured temperature decay, after injection has stopped
(t0 = 0.2), is fitted to exponentials. The decays for all temperatures
are fitted simultaneously. For the mass flux of 11.7 kg/m2 s we have
considered only the two smaller particle sizes, because for the 3 mm
case the decay is so fast we could not obtain accurate numbers. The
reason is that in that case Tb (t0 ) − Te is too small and dominated by
fluctuations.
The mean bubble dimensionless temperatures does not fully decay
to zero for the 2 and 3 mm particles in Fig. 2.10. This is because the
hot particles from the side boundary are continuously collecting in the
wake of the bubble and heat the cold gas-stream entering the bubble
from below. This causes a small re-supply of heat to the bubble though
it is loosing heat from the top thus reducing the decay rate of the mean
temperature of the bubble. So data points of this later stage of slower
decay are not considered for model fitting.
27
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the bubble temperature is nearly equal to the injection temperature for
the larger, 3 mm, particle system.
After this initial stage, while still injecting hot gas, there is much
more leakage in and out of the bubble in case of the larger particles. In
fact there is a flow that transports cold background gas into the bubble.
This mixing in of cold gas causes the temperature inside the bubble to
decrease quicker for the large particles. For the smaller particles hot
gas partly circulates and less background gas enters in the bubble such
that more of the heat is retained.
When the injection is stopped the temperature initially drops very
fast. This drop is largest for the large particle systems. The reason is
that the hot gas (at the top) leaks out quickly and cold background gas
enters. Due to the stagnant character of the remaining warm zones the
cooling down after the initial quick drop is much slower.
A simple energy balance for the gas inside the bubble, after the
injection has stopped, is

In our fitting this phenomena of reheating of bubble was not taken
into account because we explicitly assume a decay to zero. It might,
however, explain the relatively poor quality of the fit for the larger
particle sizes.

(Tb−Te)/(Tb0−Te)
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(a) mass flux 17.55 kg/m2 s.
1

0.8

(Tb−Te)/(Tb0−Te)

CHAPTER2MODELI
NGBUBBLEHEATTRANS
FERI
NPS
EUDO2
DBEDS

1
0.9

dp 1mm Tinj 500K
dp 1mm Tinj 700K

0.6

dp 1mm Tinj 900K
dp 2mm Tinj 900K

0.4

1mm particle bed fit
2mm particle bed fit

0.2

0.2
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(b) mass flux 11.7 kg/m2 s.

Figure 2.10. Gas temperature decay as function of time after injection fitted with an exponential function to estimate the heat transfer
coefficient.

From the values of the exponential decay we can find a heat-transfer
coefficient. All the needed quantities can be obtained form the DEM
simulation. For the bubble area Ab we used the area of a cylinder cor28

Table 2.4. Heat transfer coefficient calculation for several particle sizes and
injection mass fluxes

mass flux
(kg/m2 s)
17.55
17.55
17.55
11.7
11.7

Ab hb /ρf Vb Cp,f
(s−1 )
6.19 ± 3.4%
10.51 ± 2.5%
41.18 ± 6.8%
8.69 ± 5.4%
24.1 ± 15.9%

hb,sim
(W/m2 K)
3.7 × 102
5.5 × 102
17.5 × 102
3.9 × 102
9.0 × 102

hb,DH
( W/m2 K)
3.1 × 102
3.7 × 102
4.8 × 102
4.5 × 102
5.6 × 102

responding to the diameter in the plateau regime of Fig. 2.8. The value
obtained for the heat-transfer coefficients can be compared to models.
When performing the fit the data obtained for different temperatures,
made dimensionless as in the right-hand-side of Eq. (2.26), was lumped
together. Besides this also an average bubble diameter was taken to
convert the decay time to a interfacial heat-transfer coefficient. The
values obtained are reported in Table 2.4.
For our comparison we use the model of Davidson and Harrison
(1963) and also presented in Kunii and Levenspiel (1991). In this
model transfer from the bubble to the emulsion phase takes place by
two mechanisms which are convective flux due to inlet background gas
flow and heat conduction from the bubble to emulsion due to temperature gradients. The latter term is expected to be weak in our case
and convective transport is the dominant mechanism determining the
heat transfer coefficient. The detailed derivation of the convective and
conduction terms are provided in Davidson and Harrison (1963) and is
discussed separately in detail later in 3.B.
For a cylindrical bubble Davidson and Harrison (1963) find that
the flow rate through the bubble is 2 ubg dp times the bed depth. This
means that the average velocity through the projected area of the bubble
is twice ubg . (For a 3D bubble the factor is 3.) Assuming ideal mixing
inside the bubble gives the convective part of the heat-transfer coefficient
in this model. The full heat-transfer coefficient including the conductive
part according to Davidson and Harrison (1963) is,
hb,DH =

2
(kg ρg Cpg )0.5 g 0.25
ubg ρf Cp,f + 0.6
π
d0.25
b

(2.27)

for a cylindrical bubble.
In Table 2.4 the heat-transfer coefficient obtained from simulations
are compared to the Davidson-Harrison model given by Eq. (2.27). Especially for the smaller particle size the comparison is good. For the
larger particle sizes the agreement is much less. This is to be expected
29
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since the model is simplified. In the snapshots shown earlier it can be
clearly seen that the bubbles are still evolving and not stationary also
after injection has stopped. In the model of Davidson and Harrison
(1963) the complicated flow field, especially its effect on the residence
of gas in the bubble, is not accounted for. What is not modeled either
in their model is the role of the particles in the heat transfer.

2.6

Conclusion

A proper incorporation of heat transfer in a DEM code has been
achieved. This has been verified by a transient simulation of a fixed
bed that is heated up by inflow of hot fluid. These simulations give a
good match with the analytical solution and numerical solutions of a
1-D model.
The model has been successfully used for a bubble-injection study
where the temperature of the gas is varied. At a fixed mass flux it has
been observed that the size of a bubble in a fluidized bed is affected by
both the injection gas temperature and particle size. This first study
shows a complex interplay of conductive and convective heat transport.
From the simulation grid data the mean bubble diameter and mean bubble temperature was successfully evaluated and used for estimations of
the bubble heat transfer coefficient. It was thus found that bubble heat
transfer coefficient matches well with the theoretical value of Davidson
and Harrison (1963) for small particles (1mm) and deviation increase
with increasing particle size.
In fluidized bed literature models for mass and heat transfer are usually treated analogues (see Kunii and Levenspiel (1991)). However, in
mass transfer particles can be passive where they do not absorb species
from the gas phase or are catalytic. In heat transfer particles are never
passive. They always have a heat capacity. These effects are not taken
into account in the classic models. We believe that a large part of
the mismatch found between computed heat-transfer coefficients and
the ones from models is this. One phenomena we visually observed in
the simulations was reheating of cold gas entering the bubble by hotter
particles present in the wake.
Besides this critical remark on the models we have shown that the
DEM simulation and models agree reasonable well. DEM can, however, provide more mechanistic insight into the heat-transfer and nonisothermal effect on bubble dynamics. Using information from DEM
simulations and knowing the bubbling rate in a fluidized beds, predictions on heat transfer coefficient of beds can be made. The data
generated in this work can be used as input to large scale simulations
involving discrete bubble model for gas-solid fluidized beds.
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Modeling bubble heat
transfer in 3-D beds
Abstract
omputational fluid dynamics - discrete element method
(CFD–DEM) simulations of a 3-D fluidized bed at nonisothermal conditions are presented. Hot gas injection
into a colder bed that is slightly above minimum fluidization conditions is modeled in a 3-D square bed containing up to 8 million
particles. In this study bubbles formed in monodisperse beds
of different glass particle sizes (0.25 mm, 0.5 mm, 0.75 mm and
1 mm) and using hot gas injection temperatures ranging from
700 to 1100 K are analyzed. Bubble heat transfer coefficients in
3-D fluidized beds are reported and compared with theoretical
predictions on basis of the Davidson and Harrison model. †

C

3.1

Introduction

Gas-solid fluidized beds are used in a variety of industries because of
their unique properties such as solid mobility and excellent mass and
heat transfer characteristics. Important applications include manufacturing of polymers, pharmaceuticals, fertilizers, etc, where efficient gassolid contacting is desired.
Many gas-solid fluidized bed operations involve energy intensive operations which demand for a better understanding. For instance in
energy transfer processes such as coal gasification hot air or steam is
injected using spouts in fluidized beds, see Lee et al. (1998); Xiao et al.
(2006); Weber et al. (2000); Ye et al. (1992). In some other processes
such as gas phase polymerizations energy produced by reactions are absorbed by cold inlet gas entering the system Floyd et al. (1986). Thus
a complex interplay between hydrodynamics and mass and heat transfer processes occurs during fluidized bed operation. In processes like
† This

chapter is based on Amit V. Patil, E.A.J.F. Peters, Y.M. Lau, J.A.M.
Kuipers., Modeling 3-D bubble heat transfer in gas-solid fluidized beds using DEM,
Submitted to I&ECR.
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these consisting of gas-particle flow, mass and heat exchange between
gas bubbles and the emulsion phase are important.
Hydrodynamics of gas-solid fluidized beds has been studied extensively using both experimental and computational approaches Foka
et al. (1996); Goldschmidt et al. (2001); Huilin et al. (2003); Bokkers
et al. (2004); Taghipour et al. (2005); Laverman et al. (2008b). However
in many processes (combined) mass and heat transfer between the gas
and solid phase prevails and needs to be accounted for as well. Constructive research on hydrodynamics combined with heat and mass transfer
have been shown previously using CFD-DEM Zhou et al. (2003, 2004);
Limtrakul et al. (2004). However only in recent times heat transfer extensions to CFD-DEM have been used for bubble to emulsion transfer
studies in pseudo 2-D beds, see Patil et al. (2014).
These standard bubble to emulsion heat transfer for a singel bubble
have been done primarily to validate CFD-DEM models with the Davidson bubble model Davidson and Harrison (1963). These kind of studies
can be seen as methods to compare and validate CFD models and theoretical models with each other. These comparison studies for single
bubble have also been done experimentally using novel infrared measuring techniques for mass transfer Dang et al. (2013). However these
non-invasive radiative techniques are limited to pseudo 2-D bed studies
and cannot be used for 3-D beds. In this work we extend the CFDDEM simulation study on bubble to emulsion heat transfer of chapter
§2 to 3-D systems. Further comparison with the standard theoretical
Davidson bubble model in 3-D have been made.
Fluidized bed hydrodynamics in 3-D has been studied experimentally using ECT and X-ray tomography techniques Mudde (2011);
Verma et al. (2013). However, the measurement of spatial thermal fields
have been primarily limited to pseudo-2D systems Patil et al. (2015). A
DEM study is capable of providing full spatial and temporal information
on all hydrodynamic and thermal properties with ease and reasonable
accuracy.
In the CFD-DEM approach the gas phase is treated as a continuum
(Eulerian) and the particulate phase as a discrete phase (Lagrangian).
Through two-way-coupling the mass, momentum and energy exchange
has been accounted for. Eulerian grids in CFD-DEM are about only
2 to 5 times larger than lagrangian particles which gives a right scale
for accurate fluidized bed single bubble studies. With recent advances
CFD-DEM studies have got extended with parallelisation that has led
to studies of large 3-D fluidized beds Chu and Yu (2008); Chu et al.
(2011); Yang et al. (2014). However such 3-D fluidized bed systems
have never been used to study single bubble injection in fluidized bed
to obtain bubble to emulsion heat transfer coefficients.
This is the first of its kind bubble to emulsion research in 3-D flu32

3.2
3.2.1

Governing equations
Gas phase

The gas phase mass and momentum conservation equations are given
by;
∂
(εf ρf ) + ∇ · (εf ρf u) = 0,
∂t

(3.1)

∂
(εf ρf u) + ∇ · (εf ρf uu) = −εf ∇p − ∇ · (εf τ f ) + Sp + εf ρf g,
∂t
(3.2)
where Sp represents the source term for momentum exchange with the
particulate phase and is given by
X βVa
Sp =
(va − u) δ(r − ra ) ≡ α − β u.
(3.3)
1 − εf
a
The fluid-particle drag is obtained from the Ergun (1952) equation for
the dense regime and Wen and Yu (1966) equation for dilute regimes:
33

CHAPTER3MODELI
NGBUBBLEHEATTRANS
FERI
N3
DBEDS

idizsed bed where prior to this only a few experimental studies have
been made. Previously, measurements utilising probes have been performed to study heat transfer in rising bubbles in 3-D fluidized beds,
e.g., by Wu and Agrawal (2004). In their study heat transfer coefficients
for rising bubbles in fluidized beds of smaller particles in the range 250
to 500 µm were reported. However, no DEM or other simulation-based
study has been performed on bubble heat transfer in 3-D systems until
now.
In this paper simulations have been performed with 8 million particles which made 3-D simulations possible. In order to achieve this
an efficient particulate modeling technique was implemented which was
not used in pseudo 2-D bed simulations in chapter §2. The details of
this particle sorting algorithm has been discussed in detail in a separate
appendix in the end. Further a short discussion on the davidson and
harrison bubble model has also been included in the appendix to make
some content analysis in the paper more lucid.
We will start with stating the governing equations in section §3.2.
In our simulations different injection temperatures and particle sizes
are used. This work presents a study of the formation and rise of hot
gas bubbles in a 3-D beds. The bubble injection mass flux through the
nozzle, nozzle size and domain size is scaled based on particle size being
used. The temperature of the injection is set at values 300 K, 700 K and
1100 K. Heat transfer coefficients are determined from the simulations
and compared with theoretical and experimental predictions.

Fdrag

β d2p
=
=
µ

(

150

1−εf
εf

3
4 CD

+ 1.75 (1 − εf ) Rep

if εf < 0.8

εf ) εf−2.65

if εf > 0.8

Rep (1 −

(3.4)
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The solution of the mass and momentum conservation equations is
based on a semi-implicit projection method detailed in chapter §2. The
thermal energy equation for the fluid phase is given by (Cp,f is constant),

∂ (ϵf ρf Cp,f T )
+ ∇ · (ϵf ρf uCp,f T ) = ∇ · ϵf kfeff ∇T + Qp ,
∂t

(3.5)

where Qp represents the source term to account for the interphase heat
transport whereas kfeff is the effective thermal conductivity of the fluid
phase that can be expressed in terms of the intrinsic fluid thermal conductivity as
p
1 − 1 − ϵf
eff
(3.6)
kf =
kf .
ϵf
This equation has been used previously in literature by Syamlal and Gidaspow (1985); Kuipers et al. (1992b); Patil et al. (2006, 2014). Similar
to momentum transfer the heat coupling between the fluid phase and
particulate phase is treated using a (smoothed) delta-function as,
X
X
Qp = −
Qa δ(r − ra ) =
hf p Aa (Ta − Tf ) δ(r − ra ).
(3.7)
a

a

Here Qa is the heat transferred from the fluid to particle a. It can
be expressed in terms of a temperature difference and a gas-particle
heat-transfer coefficient.

3.2.2

Discrete phase

The modeling of the particulate flow is based on discrete tracking of
individual spherical particles. The motion of a single spherical particle
a with mass ma and moment of inertia Ia can be described by Newton’s
equations:
ma
Ia

βVa
d2 ra
= −Va ▽ p +
(u − va ) + ma g + Fcontact,a
2
dt
1 − εf

d2 Θa
= τa
dt2

(3.8)
(3.9)

where ra is the position of the discrete particle. The forces on the righthand side of Eq. (3.8) are due to the pressure gradient, drag, gravity
34

and contact forces due to collisions. The angular particles motion is
represented by Eq. (3.9) where, τ a is the torque, and Θa the angular
displacement.
The particulate phase temperature is described by following thermal
energy equation
Qa = ρa Va Cp,p

dTa
= hf p Aa (Tf − Ta )
dt

(3.10)



Nup = (7 − 10 ϵf + 5 ϵ2f ) 1 + 0.7 Rep0.2 Pr0.33
+ (1.33 − 2.40 ϵf + 1.20 ϵ2f ) Re0.7 Pr0.33

(3.11)

where,
Nup =

3.3
3.3.1

dp εf ρf |u − v|
µf Cp,f
hf p dp
, Rep =
and Pr =
.
kf
µf
kf

(3.12)

Results and discussion
Gas injection setting

Hot gas injection into an incipiently fluidized 3-D bed was simulated
using a CFD-DEM approach. For the simulations a square channel was
considered with no slip wall boundary conditions on all the horizontal sides, inlet at the bottom and outlet boundary condition at the top.
The Eulerian grid consists of structured block mesh whereas the particulate motion was described by unstructured Lagrangian grid points. For
the incipient fluidization the background gas was maintained slightly
above the minimum fluidization velocity and the temperature of the
background gas was kept at 300 K in all the simulations.
A central injection nozzle with a set inlet mass flux (see table 3.1(c))
was used to generate a gas bubble in the bed. A square nozzle of size
(2 × 2 cells) or (3 × 3 cells) was used to inject the bubble. Depending
on the time needed for necking of the bubble for each particle size the
injection time was set. Cold gas with the same background velocity as
elsewhere flows from the nozzle after bubble injection is complete. After
detachment the bubble rose in the fluidized bed exchanging heat with
the surrounding emulsion phase.
Table 3.1(a) summarizes the basic settings of the gas and particles
and time step sizes that were used in the simulation. There were 4 sizes
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where Tf is the local fluid temperature and hf p the gas-particle heat
transfer coefficient for which we use the empirical correlation given by
Gunn (1978).
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of glass particles used: 1 mm, 0.75 mm, 0.5 mm and 0.25 mm. These
particles were of various type in the Geldart classification. The particle
collision parameters and fluidization velocities used for these simulations
are given in Table 3.1(b). Cundall and Strack (1979) provide details of
how the spring stiffness parameters given in the Table 3.1(b) should be
implemented in the collision model. The spring stiffness are selected
such that at maximum asssumed relative velocity of particles ( 1 m/s)
the particle overlap is less than 1 % of particle diameter.
The injection mass flux through the central nozzle used was
17.55 kg/m2 s for 1 mm and 0.75 mm particles and 11.7 kg/m2 s for
0.5 mm and 0.25 mm particles. For each of the particle sizes three
injection gas temperatures were considered namely; 300 K, 700 K and
1100 K, all at the same mass flux. In order to keep the injection mass
flux the same the injection velocity was varied. Table 3.1(c) gives the
respective gas densities and injection velocities used for the simulations
at each injection temperature and injection mass flux.
The size of the bed was varied according to the varying sizes of the
particles. Thus system settings like bed size, grid size, nozzle size and
injection time were adjusted for each of the particle sizes. These data
have been summarized in Table 3.2.

3.3.2

Bubble injection and rise description

A sample bubble injection and rise captured in 3-D using the Paraview
imaging tool is shown in Fig. 3.1. This is a single bubble injection example for particle size 0.25 mm and injection gas temperature of 1100 K.
This figure shows snapshots at time 0.4 s, 0.7 s and 0.8 s where the
injection time is 0.6 s. As the injection of gas is stopped the bubble
necks or detaches from the nozzle and rises through the particulate bed
(at incepient fluidization).
The images in Fig. 3.1 show the particulate phase where almost 2-3
million particles of the CFD-DEM simulation can be visualized. The
domain of the bed is cut or sliced half so that the gas bubble in the
interior of the bed can be seen. The gas phase is visualized only for the
high temperature region on the sliced gas grid. The low temperature
region of the sliced grid was made transparent so that the internal shape
of the bubble can be seen as well. From the scale of the gas temperature
the temperature profiles in the internal of the bubble can be visualized
on the sliced gas grid.
The injected hot gas starts to cool as it moves up in the bubble
due to mixing with the cold gas coming from the background. As the
bubble size increases hot gas leaks into the emulsion phase during and
after the injection replacing it with the cold background gas. During the
injection the high temperature hot gas jet strikes the roof of the bubble
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Table 3.1. Settings used for bubble-injection simulations
(a) Basic simulation settings.

glass
2526 kg/m3
0.97
0.33
1010 J/(kg.K)
840 J/(kg.K)
2.5 × 10−5 s
2.5 × 10−6 s
8 × 106
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particle type
ρp
norm. coeff. of restit.
tang. coeff. of restit.
Cp,f
Cp,p
∆t (Eulerian)
∆t (Lagrangian)
Number of particles

(b) Particle collision properties.

dp
(mm)
0.25
0.5
0.75
1.0

norm. spring
stiffness
(N/m)
3200
7000
10000
19000

tang. spring
stiffness
(N/m)
1025
2249
3212
6104

(c) Quantities different for each temperature.

mass flux
(kg/(m2 .s))
17.55

11.7

T
(K)
300
700
1100
300
700
1100

ρf
(kg/m3 )
1.1700
0.5014
0.319
1.1700
0.5014
0.319

uinj
(m/s)
15.0
35.0
45.0
10.0
23.33
30.0

Table 3.2. Summary of bubble injection data.

dp

type ubg

(mm)
0.25
0.5
0.75
1.0

B
B
D
D

Nozzle
size
(m/s) (mm2 )
0.05 19.5
0.22 39
0.42 56.25
0.58 100

Injection time
(s)
0.06
0.08
0.1
0.1

bed size

grid size

(m×m×m)
0.05×0.05×0.15 24×24×70
0.10×0.10×0.3 48×48×140
0.15×0.15×0.525 40×40×140
0.2×0.2×0.7
40×40×140
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Figure 3.1. Hot gas injection and rise of a bubble for particle size 0.25 mm
with injection mass flux of 11.7 kg/m2 s and injection gas temperature of 1100 K.

facilitating the expansion of the bubble. The hot gas after impinging
on the roof either penetrates into the emulsion phase or moves to the
sides in radial direction which is shown in Fig. 3.1 at time t=0.4 s. As
the injection stops the hot gas initially rises and accumulates at the top
of the bubble as can be seen at time t=0.7 s of Fig. 3.1.
Now the cold background gas rises through the centre of the bubble
which convects the hot gases to the stagnant sides of the bubble leading
to a formation of ring shaped high temperature zone. This ring shaped
high temperature zone is similar to the high temperature pockets forming on the sides of the bubble in pseudo 2-D fluidized beds, see chapter
§2. With further rising of the bubble the hot pocket zones slowly cool
and disappear with the raining of particles from the roof of the bubble.
Fig. 3.2 shows the contour of the high temperature zones for the
bubble injection in a 0.5 mm particle bed with an injection temperature
of 1100 K. The boundary of the contour is represented by a temperature
38

3.3.3

Bubble diameter and velocity

The gas injection into the fluidized bed creates a single gas bubble that
rises through the dense particulate phase. This void bubble region consisting of primarily gas and a very small amount of particles was traced
39
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threshold of 350 K. The color scheme on the contour represents the
pressure field. During the time of injection (t=0.8 s), as can be seen
in Fig. 3.2, a high pressure zone exists at the top of the bubble. This
high pressure zone in the centre top of the bubble reduces in size as the
bubble gets detached from the nozzle (t=1.2 s Fig. 3.2). The pressure
reduces because the high pressure gas convects out from the roof of the
bubble into the emulsion phase as the bubble rises through the bed.
Thus a flow pattern in the bubble is developed where the background
gas from the bottom gets sucked towards the centre of the bubble and
moves out from the top roof of the bubble.
Fig. 3.3 shows the top view of the bubble shown in Fig. 3.1 for time
t = 0.8 s. The porosity field can be observed in Fig. 3.3(a). Fig. 3.3(b)
shows the temperature profile forming in the bubble where the white
line marks the contour boundary for 80 % porosity of the bubble. From
this figure it can be seen that 80 % porosity boundary marks not just
the bubble area but also the high temperature ring that is formed in the
bubble stays within its limits. The velocity field of the gas in the bubble
is shown in Fig. 3.3(c). By comparing the set of figures in Fig. 3.3 it
can be seen how the high temperature ring tries to accommodate itself
between the central high gas velocity zone (z direction) and surrounding
emulsion phase of the bubble.
The cross sectional front view of this profile formulation can be seen
in Fig. 3.4. This figure shows the porosity profile to the left where
the rising bubble can be seen and to the right of it the corresponding
temperature distribution profile is shown. This profile looks very similar
to the pseudo 2-D fluidized bed profiles that were shown elarlier in
previous chapter §2.
The particles initially at the top of the bubble receive the strongest
supply of heat from the hot gas jet. These hot particles move downwards
along the circumference of the spherical bubble. The hot particles are
only present in the fine layer of particles at the interface due to their high
heat capacity. This has also been observed in the pseudo 2-D fluidized
bed case in chapter §2. As the bubble rises, the hot particles collect in
the wake of the bubble. The cold gas moving through the bubble next
starts to gain heat from these particles before flowing into the bubble.
This effect was also observed for pseudo 2-D beds for larger particles in
chapter §2. Similarly here also for 1 mm particles it can be observed as
shown in Fig. 3.4.
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Figure 3.2. Hot gas injection and rise of a bubble for particle size 0.5 mm
with injection mass flux of 11.7 kg/(m2 .s) and injection gas temperature of 1100 K with high temperature contour. The contour
boundary is represented by gas temperature of 350 K threshold.
The color scheme on the contour represents the pressure field
along this interface.

later during post processing. The bubble region was traced using a
threshold porosity value of 80 % for defining the bubble region on the
Eulerian grid. Previously Olaofe et al. (2011); Patil et al. (2014) used
the same value (threshold) in pseudo 2-D bed DEM studies. Using the
computed bubble volume the equivalent diameter of the bubble was obtained assuming a spherical shape. The traced bubble region was used
to obtain the size of the bubble, mean temperature of the bubble and gas
velocity in the bubble from the Eulerian grid data. Thus the variation
of these parameters could be tracked with respect to time.
During the gas injection stage the growth of the bubble with time is
governed by the bubble dynamics. There are many theoretical models
which give the rate of change of bubble size with time like the Caram
and Hsu (1986) model. Previously Olaofe et al. (2011) matched pseudo
2-D DEM and TFM simulations with this model to validate them under isothermal conditions. Here we demonstrate a similar validation
with the Caram and Hsu (1986) model for 3-D bubble injection. These
models are for isothermal condition and hence for this hydrodynamic
validation purpose normal temperature (300 K) bubble injection simulation data are used.
The model proposed by Caram and Hsu (1986) uses a uniform exchange velocity Uex between the bubble and the emulsion phase interface
as the bubble grows in size. A simple mass balance on the developing
bubble is given by;
dV
= Q − Uex A
dt
40

(3.13)

(b) Cross sectional top view of a bubble
rising through the bed at time t=0.8 s
showing the temperature profile. This
profile is taken for particle size 0.25 mm
at a height 0.03 m above the bottom
which is approximately at the middle of
this given bubble.

(c) Cross sectional top view of a bubble
rising through the bed at time t=0.8 s
showing the z direction gas velocity profile. This profile is taken for particle size
0.25 mm at a height 0.03 m above the bottom which is approximately at the middle
of this given bubble.

Figure 3.3. Cross sectional top view of the bubble at a height 0.03 m above
the bottom showing porosity field, gas temperature field and
gas velocity field.

41

CHAPTER3MODELI
NGBUBBLEHEATTRANS
FERI
N3
DBEDS

(a) Cross sectional top view of a bubble
rising through the bed at time t=0.8 s
showing the porosity profile. This profile is
taken for particle size 0.25 mm at a height
0.03 m above the bottom which is approximately at the middle of this given bubble.
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Figure 3.4. Cross sectional front view of bubble with temperature profile for
particle size 1 mm with injection mass flux of 23.4 kg/(m2 .s) and
injection temperature 1100K

where, the exchange velocity Uex for a 3-D bubble is given as;
#
"

2
dR
d2 R
Umf
3
+ 2
(3.14)
Uex =
gz
2R dt
dt
The theoretical values of bubble sizes with time were obtained by
solving Eq. (3.13) and (3.14) using Matlab ODE solvers. Fig. 3.5 shows
the bubble diameter versus time obtained from simulations and the
comparison with the theoretical Caram and Hsu (1986) model. This plot
clearly shows that the hydrodynamics at isothermal conditions match
well with theoretical models.
In the non-isothermal case, as the mass flux is fixed and gas is injected at an elevated temperature, the resulting bubble size is slightly
larger depending on injection temperature. This can be observed from
Fig. 3.6 which shows gas injection at isothermal temperature of 300 K
and elevated temperatures of 700 K and 1100 K at the same fixed mass
flux of 11.7 kg/m2 s for varying particle size of 0.5 mm. This is due to
the higher momentum provided by hot gas injection which is given by
the kinetic energy 12 ρu2g,n .
From the Eulerian data, cells belonging to the bubble area can be
identified and thus the centre of mass can be calculated. Using this
procedure the rate of change of position of centre of mass with respect to
time was calculated and plotted against time to give the bubble velocity
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dp 0.25 mm Qinj 1.7x10−4 m3/s Caram Hsu

0.08

dp 0.5 mm Qinj 1.6x10−3 m3/s Caram Hsu
dp 0.75 mm Qinj 4.5x10−3 m3/s Caram Hsu
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dp 1 mm Qinj 8.0x10−3 m3/s Caram Hsu
dp 0.25 mm Qinj 1.7x10−4 m3/s DEM
dp 0.5 mm Qinj 1.6x10−3 m3/s DEM
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−3

dp 0.75 mm Qinj 4.5x10
−3

dp 1 mm Qinj 8.0x10

0.02

0
0
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0.1

time t, s

Figure 3.5. Bubble diameter plot verses time for several particle sizes during
gas injection at isothermal conditions. The simulation results
are compared with results obtained from the Caram and Hsu
(1986) model.

plot. This plot is shown in Fig. 3.7 for particle sizes 0.5 mm and 1 mm.
The detachment time is 0.08 s for 0.5 mm particle and 0.1 s for 1 mm
particle. The plot thus shows the rise velocity starting from 0.1 s when
the bubble in the 1 mm particle bed is detached. After detachment the
bubble shape at the bottom changes quickly from convex to concave
which causes a slight fluctuation in bubble velocity before stabilizing.
Once completely detached and stabilized the bubble rises with a nearly
constant velocity. The mean velocity of the bubble after detachment is
used later from the calculation of the theoretical bubble heat transfer
coefficients from the Davidson bubble model.

3.3.4

Bubble temperature of gas phase

The non-isothermal bubble injected possesses an internal temperature
profile which can be seen in Fig. 3.4. Knowing the traced bubble area
from the Eulerian data, the mean temperature of the gas phase in the
bubble was also calculated. A sample plot of the mean bubble temperature with respect to time is shown in Fig. 3.8 for particle size 0.5 mm.
The mean temperature of the bubble as expected reduces with time.
This cooling of the bubble is due to convective transport of gas phase
originating from the background that carries the hot gas into the emulsion phase.
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Figure 3.6. Bubble diameter verses time for several injection temperatures
and constant particle size of 0.5 mm.
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Figure 3.7. Bubble rise velocity verses time for particle sizes of 0.5 mm and
1 mm.
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Figure 3.8. Bubble mean temperature versus time for particle size of 0.5 mm
and injection mass flux of 11.7 kg/m2 s.

A simple energy balance for the gas inside the bubble, after the
injection has stopped, is given by;
ρf Vb Cp,f

dTb
= −hb Ab (Tb − Te ) ,
dt

(3.15)

where Te represents the temperature of the emulsion phase. Here it is
assumed that the heat transfer from the bubble to the emulsion phase
can be described by a constant heat transfer coefficient.
The analytical solution of this equation gives exponential decay according to


Tb (t) − Te
−hb Ab (t − t0 )
= exp
.
(3.16)
Tb (t0 ) − Te
ρf Vb Cp,f
The mean bubble temperature was thus non-dimensionalized and
plotted against time to give the data plot which can be fitted with
Eq. (3.16) to obtain the heat transfer coefficient. The series of fits that
were obtained are shown in Fig. 3.9 for all the particle sizes (0.25 mm,
0.5 mm, 0.75 mm and 1 mm). This computed heat transfer coefficient
will be compared to the theoretical expression of the Davidson and
Harrison (1963) model given by;
hb,DH =

(kg ρg Cpg )0.5 g 0.25
4.5
umf ρf Cp,f + 5.85
db
db0.25

(3.17)

for a spherical bubble. In Table 3.3 the heat transfer coefficient obtained
from simulations are compared with the Davidson-Harrison model given
by Eq. (3.17). It can be observed that the simulations give much higher
values approximately twice in comparison with the values obtained from
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the Davidson and Harrison (1963) bubble model. The experiments done
by Wu and Agrawal (2004) for 0.25 mm and 0.5 mm sand particles
have been included in Table 3.3. Hence a further investigation was
undertaken to find out what was the reason for this difference and will
be presented subsequently.
The bubble heat transfer coefficient is a function of the gas velocity
inside the bubble. The Davidson and Harrison (1963) bubble model
predicts that the mean velocity of gas inside an isolated 3D bubble in
a fluidized bed is 3 times umf . This theoretical result is used to obtain
the expression for the HTC given by Eq. (3.17). To check if in the simulations also a value of 3 umf is found the mean velocity of gas inside
the bubble was calculated using the crossectional Eulerian data of the
gas velocity field. As an example for 0.25 mm particle it was observed
that the mean gas velocity was 0.63 m/s. From these numbers we can
obtain the the gas velocity relative to the bubble rise velocity by subtracting the bubble rise velocity. This relative mean gas velocity in the
rising bubble was divided with the minimum fluidization velocity umf
to give the needed factor. These numbers are tabulated in table 3.4.
u −u
Here it can be seen that the factor gumf rv is much higher than 3 (about
a factor 2 higher). This explains the deviation between the computed
heat transfer coefficient and the Davidson and Harrison (1963) model
heat transfer coefficient.As a further check on the simulation results the
bubble rise velocity urv obtained from the simulations was compared
with that provided by Davidson and Harrison (1963) as given below.
urv = 0.711(gdb )0.5

(3.18)

The values of the bubble rise velocities computed from this theoretical expression are included in the table. 3.4 and match quite well with
the simulation results. This indicates that the simulations are producing correct bubble rise velocities but a higher gas velocity in the bubble
compared to the theoretical prediction.
These differences are unexpected as a similar comparison made earlier in chapter §2 showed good agreement for the pseudo 2-D case. For
2-D bubbles the Davidson and Harrison (1963) predicts that the mean
gas velocity inside the bubble is twice umf . This was checked for from
the data reported in chapter §2. Our calculations revealed that the gas
velocity inside the bubble matched well with that predicted from the
Davidson and Harrison (1963) model for the earlier reported 2-D case.
What remains to be elucidated is why nevertheless the computed
heat transfer coefficents deviate from the results given by Davidson and
Harrison (1963). In 3.B we summarized the details of their model.
The basic assumptions of the Davidson-Harrison model are that the
particle velocity field obeys potential flow and the gas flow relative to
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Figure 3.9. Model fit for all particle sizes of non-dimensionalized bubble
mean temperature with respect to time. Fig. 3.9(a) is for
particle size 0.25 mm and injection mass flux of 11.7kg/m2 s,
fig. 3.9(b) is for particle size 0.5 mm and injection mass flux
of 11.7kg/m2 s, fig. 3.9(c) for particle size 0.75 mm and injection mass flux of 23.4kg/m2 s and fig. 3.9(d) is for particle size
1.0 mm and injection mass flux of 23.4kg/m2 s.
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Table 3.3. Bubble heat transfer coefficient calculation for several particle
sizes.
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dp
(mm)
1.0
0.75
0.5
0.25

mass flux
(kg/m2 s)
23.4
23.4
11.7
11.7

Ab hb /ρf Vb Cp,f
(s−1 )
48.8
34.4
33.1
57.0

hb,sim
(W/m2 K)
931
510
403
267

hb,DH
( W/m2 K)
468
344
189
61

hExpt,W A
( W/m2 K)
60 - 200
80 - 300

Table 3.4. Bubble characteristics for different particle sizes.

dp

minimum
fluidization
velocity
(mm) (m/s)
1.0
0.58
0.75 0.42
0.5
0.18
0.25 0.05

Bubble rise
velocity
(sim)
(m/s)
0.9
0.75
0.6
0.35

Bubble rise
velocity
(DH)
(m/s)
0.83
0.73
0.59
0.36

Mean gas
velocity
ug
(m/s)
4.1
3.3
1.7
0.63

ug −urv
umf

(m/s)
5.5
6.1
6.2
6.6

the particle phase is governed by Darcy’s flow. As shown there, from
these assumptions it follows that for a spherical bubble in an unbounded
emulsion phase the relative mean gas velocity is 3 umf . An interesting
observation is that this result is found irrespective of weather the bubble
is in motion or stationary.
To investigate where the assumptions of the Davidson-Harrison
model are too restrictive, and thus to explain the deviation from the
simulation results, several tests were performed. We will now discuss
these tests one by one. We will first focus on the effect of wall confinement on gas dynamics because the Davidson-Harrison model assumes
the bubble to be in an infinite domain. In this test Lagrangian particles
are not used. Instead the Eulerian cells in the emulsion are given a
porosity value of 0.38. The spherical cavity or bubble is fixed at the
centre of the domain. To investigate possible wall-confinement effects
two geometries were considered.
For the first geometry we considered a very large domain of
0.2 m × 0.2 m and a spherical cavity of size of 0.027 m at the centre
of the bed. This was the same size as that of injected bubbles while rising through the bed for 0.25 mm particles. So, here the geometry closely
approximates the case of an isolated bubble in an infinite domain. Thus
it can be assumed that there are no wall effects in this particular case.
Fig. 3.10(a) shows a top view of the gas velocity profile at the central

48

CHAPTER3MODELI
NGBUBBLEHEATTRANS
FERI
N3
DBEDS

(a) Particle motion with respect to stationary bubble.

(b) Top view for a fixed void or bubble in a confined domain area
velocity field.

Figure 3.10. Comparison between velocity fields at the centre of a fixed void
or bubble for confined and unconfined domain systems.
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plane. The gas velocity sharply rises near the centre of the bubble giving
a maximum velocity of 0.29 m/s in the bubble. The mean gas velocity in
the bubble here also turned out to be 0.16 m/s which equals in very good
approximation 3 times the minimum fluidization velocity of 0.05 m/s.
This agrees, as expected, with the Davidson-Harrison prediction. With
this test we can see the difference in the velocity field inside the bubble
when the bubble is stationary Fig. 3.10(a) compared to that for the
rising bubble that was shown earlier in Fig. 3.3(c).
For the second geometry the same domain size and bed height was
used as that of the simulations reported earlier for bubble injection in a
0.25 mm particle bed. So obviously confinement effects exist here. The
same spherical cavity of size of 0.027 m as in the first geometry was
placed at the center.
Fig. 3.10(b) shows the top view flow velocity profile for the confined
domain bubble at its centre. It can be seen that in this case the maximum velocity of gas inside the bubble amounts 0.23 m/s. The mean
gas velocity in this fixed bubble was also found to be 3 umf . When
comparing the profiles in Fig. 3.10(a) and Fig. 3.10(b) they reveal small
differences indicating influences of confinements. However, in both cases
the mean velocity is nearly the same. Therefore we conclude that, if the
particles are kept fixed, the mean gas flow is not influenced much by
wall confinement.
In the work of Collins (1965) a stream function derivation for a
bubble rising in confinement has been made. This equation is limited
to 2-D systems and a derivation for a 3-D bubble rising in a square duct
has not been made. However the results for the pseudo 2-D bed from
Collins (1965) model was compared with simulation results of chapter
§2 and it was observed that it also matched well with the simulation as
the Davidson and Harrison (1963) model did.
An ideal test would be to consider a much bigger fluidized bed domain and the same bubble size injection as before. However, due to the
limitation on the maximum number of particles (i.e. size of the domain)
we decided to inject a smaller bubble and check the mean velocity of
gas in the bubble. So we used an injection mass flux 2.9 kg/m2 s for the
simulations of 0.25 mm particles, where originally we had injected gas
with a mass flux of 11.7 kg/m2 s. Now the bubble formed was of the
size one fourth that has been shown in Fig. 3.3. With a substantially
smaller bubble injected the bubble interface was relatively far away from
confined wall and hence any confinement effect would be expected to be
much less. The mean velocity of gas relative to the bubble calculated
for the smaller bubble equals that of the larger bubble. So these tests
ascertains that the wall confinement did not change the through-flow in
the bubble much. We conclude that confinement effects are small and
can not explain the deviation from the Davidson-Harrison prediction.
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Figure 3.11. Axial pressure profile for a rising bubble plot for particle size
0.25mm indicating pressure profile above, below and inside the
bubble

Since wall-confinement can not explain the unexpectedly high gas
through-flow we anticipate deviations in motion of the particulate phase
could be the reason. We now present some of the findings we made on
the particulate motion in simulations in comparison to the theoretical
models. Davidson-Harrison model assumes that the particulate phase
velocity field obeys potential flow.
As outlined in Appendix 3.B, according to the Davidson-Harrison
model, the pressure field around a bubble is given by the same equation, Eq. (3.22) irrespective of the motion of the bubble. This pressure
profile as found in the simulations of the rising bubbles is shown in
Fig. 3.11 together with the theoretical expression. This plot clearly
shows a difference in shape of the pressure curve in the wake of the
bubble. So here the Davidson-Harrison model seems to break down.
To more clearly see what the velocity field of the solids look like
we compare the velocity field obtained from simulation to that of predicted by Davidson and Harrison, i.e., potential flow around a sphere.
Fig. 3.12(a) shows the flow field of particles with respect to a stationary bubble obtained from the theoretical model. In this figure smooth
stream lines can be seen of particle flow around the bubble. Similar
stream lines were obtained for the rising bubble from the simulations as
shown in Fig. 3.12(c) and Fig. 3.12(d) representing a high (11.7 kg/m2 s
) and a low (2.9 kg/m2 s) mass flux for bubble injection respectively. In
both these figures a red dotted line has been used to indicate the bubble
boundary.
Here a black dotted line has also been used which defines a region
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outside of which the flow is potential flow just like in the theoretical
model. But the region between the red dotted line and black dotted
line shows a different flow pattern where the assumptions of potential
flow breaks down. This shows there is something different in the 3D bed
geometry due to which the particle flow pattern is different compared
to theoretcial potential flow
This difference in particulate flow pattern was not observed in
the pseudo 2D bed study in chapter §2. We have presented here in
Fig. 3.12(b) stream lines for the pseudo 2D simulations that were shown
in chapter §2. Stream lines in this figure match quite well with the potential flow shown in Fig. 3.12(a), except that in this figure stream lines
end abruptly near the roof of the bubble. This is because of the phenomena of relatively higher raining of particle in the bubble for pseudo
2D beds. If we ignore this small effect we can conclusively say pseudo
2D bubble particulate motion profile matches well with the potential
flow results.
The fact that the potential flow assumption breaks down in the
inner shell region around the 3D bubble seems to be the reason for HTC
differences between simulations and Davidson and Harrison model. This
particulate flow pattern around the bubble causes a drag force on the gas
moving out of the roof of the bubble. Due to this the gas in the emulsion
phase close to the bubble boundary experiences a higher downward drag
causing a higher recirculation of gas back into the bubble.
The reason why the potential flow assumption failed for 3-D beds was
not understood that well. Since in 3-D system the bulk particle-particle
interaction and shear is higher this could be causing varied flow pattern.
This could be something that does not get accounted in Davidson and
Harrison model. In pseuod 2-D bed this feature does not show up due
to thin layer of particle-particle interaction but does show up in 3-D
beds.

3.4

Conclusion

The DEM technique was successfully used to study heat transfer
through a hot gas bubble injection in a 3-D fluidized bed system. The
large 3-D system based study was made possible through an improved
collision monitoring technique that has been proposed as the best possible for DEM using a single core CPU. The formation of bubble under
isothermal condition were compared with Caram and Hsu (1986) model.
The heat transfer coefficient for the single bubble rise simulation was
found to be twice that of the Davidson and Harrison (1963) model.
Therefore the reasons for this difference was probed in detail. The rise
velocity of the single bubble matched well with the Davidson and Har52
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(a) Particle motion with respect to sta- (b) Particle motion with respect to
tionary bubble for idealized Davison stationary bubble for a pseudo 2-D
bubble model.
bed simulation with injection mass flux
of 11.7 kg/m2 s.

(c) Particle motion with respect to sta- (d) Particle motion with respect to stationary bubble with injection mass flux tionary bubble with injection mass flux
of 11.7 kg/m2 s.
of 2.9 kg/m2 s.

Figure 3.12. Particle velocity profile around the bubble considering a stationary bubble with simulations and Davidson bubble model.
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rison (1963) model. However, the through flow of gas in the bubble
was found to be twice that predicted by Davidson and Harrison (1963)
model. A detailed study attributes this difference to the particulate
velocity field in the inner shell region around the bubble between simulation and theoretical model. This flow pattern of particles causes drag
on the gas which leads to higher recirculation of gas through the bubble.
Thus producing a higher heat transfer coefficient for the bubble rising
through the fluidized bed.
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Appendices
3.A

Particulate modeling technique

Many of the key ideas in particulate flow modeling were obtained from
the field of molecular dynamics (MD). A key aspect is the incorporation
of energy dissipation due to non-ideal particle-particle collisions. The
particle flow mechanics computation with dissipation of energy was pioneered with the development of Cundall and Strack (1979) model that
first introduced the soft sphere approach.
Particle flow modeling or Lagrangian modeling in DEM is comprised
of tracking individual particle movement based on the evaluation of the
total force acting on them. Some of the common forces are drag, collision
and gravity forces. Among these important forces, the collision force is a
force type that depends on neighbouring particles that come in contact
with the reference particle. Thus tracking the contribution of this force
requires tracking the neighbouring particles which are coming in contact
with the reference particle. However, these are short range forces and
is restricted to particles in some small region around them.
Originally finding neighbors in MD was done by an idea proposed
by Verlet (1967) now known as Verlet technique. After many refinements of this technique over the years by many different researchers a 2
step algorithm called the combined method was developed by the MD
simulation community and described by Brown et al. (2011). The two
steps are: making a cell list and using it to make a neighbour list. The
neighbour list is used to detect and perform collision operations. The
cell list making technique was changed to a linked list technique which
has a bin head and bin list that was first proposed by Hockney et al.
(1974). This technique uses a very small memory relative to the Verlet
technique and can be used efficiently for simulation purposes.
Since MD study does not need to keep track of tangential quantities
as in DEM, they directly use the neighbour list. However this is not
the case with DEM where the history of collision is maintained in the
soft sphere model. This is needed because in DEM the instantaneous
54

rc = 2rp,max + 2Vp,max ∆tN BL + γ

(3.19)

Thus
the
maximum
reach
for
any
particle
is rp,max + Vp,max ∆tNBL + γ/2 which is represented by the red
dotted line (circle shape) in Fig 3.13(a). The bin head and bin list
containing the linked list has also been shown in the figure where -1
represents the end of the link (or particles in given cell.
After construction of the linked cell list a sweep search algorithm is
used on the cell list to make the neighbour list. In the sweep search for
each particle the current cell (cell to which the particle belongs) and one
half of the surrounding cells (14 in 3-D) are searched for particles within
the cut-off radius range rc . All particles within this range are added to
the neighbour list. As an example of sweep search in Fig. 3.13(a) for
a particle belonging to the green cell the search is performed only in
the 4 yellow cells in the neighbourhood. Particle 1 is one such particle
in this figure where the blue dotted line represents the cut off radius.
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tangential forces are a function of time since the particle is in collision.
So another record or list of particles in collision mode is needed to
be maintained which is the collision list. In the DEM community the
collision list is made by different processes that have been developed
and used by many developers Tsuji et al. (1993); Zhou et al. (2009);
Kloss and Goniva (2011); Fries et al. (2011).
In the current work many of these methods and steps of sorting were
studied and an optimal method with respect to efficiency was adopted.
Here we shortly present the method implemented. It is well known
that efficiency of DEM depends on two important aspects and they
are; the particle sorting method and parallelization of particle sorting
and processing. Here we donot discuss anything about parallelization
which has been one of the major development area in this field since last
many years Tsuji et al. (2008); Xu et al. (2012); Jajcevic et al. (2013);
Wu et al. (2014). Instead only sorting technique developed is discussed
using which we could simulate 8 million particles on a single core.
In this method, as a first step of sorting, a new linked cell list is made.
This method utilising a bin head and bin list for a sample distributed
particles is shown in Fig. 3.13(a). The domain is first divided into cells
of size dc (representing cell sizes) that is equal to or greater than the
cut off radius rc . The cutoff radius is defined as the sum of 2 times
the distance that would be traveled by the fastest moving particle in
the domain (in time ∆tNBL ), 2 times radius of the largest particle in
the domain and a small safety error γ. This distance is larger than the
relative displacement in the extreme situation where 2 largest particles
with the highest velocity in the domain are in a head on collision given
hereby in Eq. (3.19).

dc
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(a) Linked cell list making technique showing the distribution
of particles in there respective cell. This figure also shows the
sweep searching mechanism where for the central cell in green
color possible collision partners are checked in itself and cells
in yellow.

(b) The neighbour list derived from the above linked cell list
in fig 3.13(a) is shown here. It can be seen that the sweep
search used gives an ordered listing with no double counting
of particle pairs.

Figure 3.13. The sorting procedure for the DEM from the linked cell list to
the neighbour list is shown here.
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3.B

Davidson-Harrison bubble model

In this appendix we briefly derive one of the key results (i.e. the throughflow velocity) of the Davidson-Harrison bubble model because we want
to highlight the main assumptions made in this model.
The main assumptions are that the particle velocities obey the equations for potential flow and that the interstitial gas velocity relative to
the solid phase can be described with Darcy’s law,
k
v = −∇φ, and u − v = − ∇p.
µ

(3.20)

The permeability, k, can be expressed in terms of the minimum fluidization velocity because at minimum fluidization the pressure equals the
hydrostatic pressure (of the heavy particle phase), such that,
k
umf
= (1 − εg )ρp g.
εg
µ

(3.21)

Let’s consider a spherical bubble (i.e. a region with εg ≈ 1) surrounded by emulsion phase of constant εg . In the emulsion phase we
have to good approximation a divergence free gas velocity: ∇ · u = 0. A
similar continuity equation holds for the solid phase (constant porosity):
∇ · v = 0. So, from Darcy’s law combined with potential flow we find
(by taking the divergence) that Laplace’s equation ∆p = 0 holds in the
emulsion phase. For a bubble in a incipient fluidized bed we know that
far from the bubble p−p0 = −(1−εg ) ρp gz. Inside the bubble, and thus
also on the bubble’s boundary the pressure is constant. The solution of
the Laplace equation obeying this boundary condition and the far-field
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Particles within this range like particle 2 become listed in the neighbour
list of particle 1 as shown in Fig. 3.13(b). The advantage of using sweep
search is that no check for double counting of possible particle pairs (for
collision) is needed.
The linked list is made after every neighbour list time ∆tNBL which is
generally chosen to be about 5 to 15 times the DEM time step ∆tDEM .
So at each DEM time step the neighbour list is used to update the
collision list. This means all particles belonging to the neighbour list
of a given particle are checked for overlap. If an overlap occurs it is
transfered to the collision list of the given particle. Similarly, when the
collision process finishes the particle is transfered back to the neighbourlist.

pressure is,
R3
p − p0 = −(1 − εg )ρp g 1 − 3
r





z = −(1 − εg ) ρp g

R3
r− 2
r


cos θ,

CHAPTER3MODELI
NGBUBBLEHEATTRANS
FERI
N3
DBEDS

(3.22)
with r the distance to the center of the bubble. Note that this equation
holds irrespective of the fact whether the bubble is moving or not. So,
from the Davidson-Harrison model it follows that the pressure distribution around the bubble is always the same, independent of the bubble’s
motion.
Next, we would like to compute the gas flow into the bubble. To
compute this we need the normal component of the gas velocity relative
to the bubble,
(u − v) · n = −

k ∂p
µ ∂r

=3
r=R

k
3 umf
(1 − εg )ρp g cos θ =
cos θ, (3.23)
µ
εg

where Eq. (3.21) was substituted. According to this expression, below
the equator of the sphere (cos θ < 0) gas flows into the bubble and above
the equator (cos θ > 0) gas flows out. If we want to compute the total
flow rate through the bubble we can integrate over the top hemisphere
and get,
Φg = εg 2π R

2

Z

π/2

(u − v) · n sin θ dθ = 3π R2 umf

(3.24)

0

The average velocity of the gas flowing through the bubble at the equator can be computed by division by the area, i.e., ⟨ug ⟩ = Φg /(πR2 ) =
3umf .
An important observation for the discussion in the main body of the
paper is, again, that this result is independent of the bubble motion.
Note that this is true for the relative velocity of the gas in the normal
direction at the bubble-emulsion interface. Clearly, for a moving bubble
the particles have a tangential velocity and drag the gas along. Therefore the full gas velocity field does depend on the bubble motion, only
the normal component at the interface and thus the in- and outflow
does not.
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Abstract
new measuring technique for studying heat transfer in
gas-solid fluidized beds is proposed using infrared (IR)
thermography. An infrared camera is coupled with a visual camera to simultaneously record images to give instantaneous thermal and hydrodynamic data of a pseudo 2-D fluidized
bed. The established techniques: digital image analysis (DIA)
and particle image velocimetry (PIV) are combined with IR thermography to obtain combined quantitative (i.e. hydrodynamic
and thermal) data sets. In this work, the calibration procedure
and the methods that are used to combine the data obtained by
the different techniques are discussed. The combined technique
provides insightful information on the heat transfer in a fluidized
bed for varying particle size, aspect ratio and background (or
fluidization) gas velocity. †

A

4.1

Introduction

Fluidized beds are encountered in a variety of industries because of their
favorable mass and heat transfer characteristics. Some of the prominent
processing applications include coating, granulation, drying, and synthesis of fuels, base chemicals and polymers. Many of the important
applications of fluidized beds involve highly exothermic or endothermic
reactions which give rise to a high rate of heat removal or supply to the
system. Fluidized catalytic cracking, fluidized bed coal combustion and
polymerisation for production of polyethylene (UNIPOL) are some of
the well known processes. Under such conditions formation of hot spots
† This

chapter is based on Amit V. Patil, E.A.J.F. Peters, Vinayak S. Sutkar, N.G.
Deen, J.A.M. Kuipers., A study of heat transfer in fluidized beds using an integrated DIA/PIV/IR technique, Chem. Engg. J., 259 (2015), pp:90-106.
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or zones is a phenomenon which can severely effect the overall performance of the reactor. Hence in depth knowledge of the heat transfer
processes in fluidized beds is highly relevant.
The hydrodynamics of fluidized beds has been investigated by many
researchers. Moreover extensive studies of heat transfer in fluidized beds
have been reported with many supporting theories proposed on the prevailing heat transfer mechanism Davidson and Harrison (1963); Kunii
and Levenspiel (1991); Gunn (1978); Ganzha et al. (1982); Zhou et al.
(2009, 2010); Basu and Nag (1987). Most of the previous heat transfer
research on fluidized beds involved the use of temperature probes placed
inside or on the walls of fluidized beds Heerden et al. (1953); Borodulya
et al. (1985); Valenzuela and Glicksman (1984).
In recent years, infrared (IR) technique, a new noninvasive method
for measuring temperature in fluidized beds has been developed Tsuji
et al. (2010); Brown and Lattimer (2013). Tsuji et al. (2010) proposed
an idea of combining IR with PIV to study heat transfer in fluidized
beds. Infrared thermography has been used frequently in process engineering research for heat transfer measurements and studies Findlay
et al. (2005); Astarita and Carlomagno (2012); Vollmer and Mollmann
(2011); Kaplan (2007). This measuring technique is quite well known
to be reliable for non-insitu measurements. Recent work by Dang et al.
(2013) demonstrated the suitability of an infrared camera (fitted with
spectral filters) for CO2 concentration measurement in gas voids inside
pseudo 2-D fluidized beds. This work builds on the measuring method
proposed by Tsuji et al. (2010) using improved experimental and post
processing techniques.
Some of the common techniques known for hydrodynamic studies are
electrical capacitance tomography, X-ray tomography, magnetic resonance particle tracking or positron emission particle tracking and particle image velocimetry (PIV). Among these the PIV technique is specifically used for pseudo 2-D beds and has the advantage of being nonintrusive, low cost compared to other techniques and, for our purposes,
can be easily coupled with the infrared camera measuring technique for
thermographic study. In studies of pseudo 2-D fluidized beds digital
image analysis (DIA) can be used to determine local solid volume fractions. A combined PIV/DIA analysis as developed by van Buijtenen
et al. (2011a) and de Jong et al. (2012) can be used to determine the
spatial distribution of the solids mass fluxes.
In our study the infrared technique is coupled with this PIV/DIA
method. PIV is performed with a high speed visual camera using two
close consecutive instantaneous images. Cross-correlation analysis on
such image pairs give velocity field data. DIA on one of the same image
pairs provides the solid volume fraction field data in the system. The
coupling of DIA and PIV results gives the solids mass fluxes. In this
60

4.2
4.2.1

Experimental set-up and procedures
Fluidized bed equipment

The experimental study is carried out on a small pseudo 2-D fluidized
bed. A schematic view of the set up is shown in Fig. 4.1. The fluidized
bed is 8 cm wide, 20 cm high and 1.5 cm in depth. The front wall of
the fluidized bed is made up of sapphire glass specifically chosen to give
a high transmittance to the infrared light.
The back and side walls consist of aluminium, coated from the inside,
with matt finish black paint to reduce reflection. The aluminium frame
was anodized to give the material better adhesion for paints and glue
used to attach the sapphire mirror and other accessories to the frame.
It also provides corrosion and wear resistance to the whole frame and
helps to reduce charging of the particles. The back aluminium frame was
fitted with thermocouples to measure its temperature at two different
heights.
The polished aluminium has a low emmisivity of 0.09. This helps in
reducing any interference that may arise due to heating of the frame.
The emmissivity of anodized aluminium is 0.77. Hence the internal
walls made of anodized aluminum reduces reflection of radiation from
hot particles in the system. This gave a good contrast and clarity in observing the particles during fluidization which will be further discussed
in the following subsection on the experimental procedure.
In the current set of experiments nitrogen at room temperature is
supplied at the bottom through a porous plate gas distributor. The mass
flow controller was calibrated to adjust the flow rate to a predefined
value. The control of the setup is done using Labview.
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work the IR measurements are coupled with the DIA and PIV measurements of the visual camera to obtain spatial and instantaneous information on both solids motion and solids temperature field in fluidized
beds.
The objective of this paper is twofold. First, the technical details
such as calibration and data-processing related to combining the three
methods: DIA, PIV and IR are communicated. Second, it is shown that
this combination of measuring techniques can produce useful data sets
to characterize heat-transfer in pseudo-2-D fluidized beds. The effects
of particle size and fluidization or background gas velocity on the heat
transfer characteristics are presented. The generated data sets can be
used later for validating CFD models.
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Figure 4.1. Top view of the experimental setup illustrating the arrangement
of the visual and infrared camera with respect to the pseudo 2-D
fluidized bed.

4.2.2

Experimental procedure

The fluidization experiments were performed with glass particles of sizes
0.5 mm and 1 mm. The particle properties are provided in Table 4.1.
Hot particles heated in an oven at 120 ◦ C were charged into the empty
bed at room temperature, after which a constant gas stream at 20 ◦ C
is supplied through the bottom plate.
Along with fluidizing the particles, the cold gas cools them in time.
This was recorded by the two cameras. The recording of the cameras
was started before charging of the particles and was continued for about
2-3 minutes. This was approximately the time required by the fluidizing
gas to cool the particles in the system. We choose to cool the particles
instead of heating them up, because in this case the contrast between
hot particles and cold background is large initially. It was observed
that the background effects could be easily filtered and a high quality
measurement was possible. This will be discussed in detail later.
The glass particles used in the experiments were properly washed
with water and dried in order to make use of well-cleaned particles. To
remove any charging of particles during fluidization the particles were
rinsed with a catanac solution. The catanac solution was prepared by
dissolving 1 ml of catanac SP antistatic agent into 100 ml of ethanol.
The particles were subsequently dried for one day producing glass particles with a coating of catanac. Some rinsed particles in this solution
were also fluidized in the set up so that small amount of catanac coated
the interior of the fluidized bed.
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Table 4.1. Particle properties and settings used in the experiments.
(a)

Particle material
Particle density ρp
Norm. coeff. of restit.
Tang. coeff. of restit.
Fluid heat capacity Cp,f
particle heat capacity Cp,p

Glass
2500 kg/m3
0.97
0.33
1010 J/kgK
840 J/kgK

(b)

(mm)
0.5
0.5
1.0
1.0
1.0

Geldart
type
B
B
D
D
D

ubg

umf

Bed mass

(m/s)
0.51
0.86
1.20
1.54
1.71

(m/s)
0.18
0.18
0.58
0.58
0.58

(g)
75
75
75 & 125
75 & 125
75 & 125

For this work 2 different particle sizes of 0.5 mm and 1 mm were
used, which are Geldart B and Geldart D type particles respectively.
For the 1 mm particles two bed-heights corresponding to a bed mass of
75 g and 125 g were considered. Three background gas velocities were
used. The properties and settings for the fluidization experiments are
summarized in Table 4.1.

4.2.3

Camera setup

The fluidization was recorded by a high speed visual camera (La Vision
ImagePro, 560×1280 resolution) and an infrared camera (FLIR SC7600,
250 × 512 resolution). The IR camera was sensitive in the 1.5 - 5.1 µm
spectral range. The cameras were placed on a tripod in front of the
fluidized bed. To minimise the difference in views the cameras were
placed as close as possible. The set up was illuminated using a pair
of white LED lamps. White LED have blue and yellow peaks in the
spectrum, but have very low intensity in the infrared band. Therefore
the lights do not interfere with the IR thermography. The lamps were
placed at an angle of 45◦ with respect to the normal of the fluidized bed.
This reduces effects like reflection and shining on the fluidized bed. See
Fig. 4.1 for details.
The visual camera had an exact front view of the sapphire window,
but the IR camera was placed at a small angle. The reason for placing
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the IR camera at an angle is that the IR camera is internally cooled
and its lens is obviously transparent to infrared radiation. Due to its
low temperature the radiation leaving the camera through its lens was
quite different from the radiation of the surroundings that roughly corresponds to room temperature black-body radiation. A small part of
the radiation that the IR camera detects was due to reflections of radiation of the surroundings. Combining these facts means that, when
placing the camera fully perpendicular to the sapphire window, a cold
spot would be visible.
The visual and infrared cameras were connected to the computer
system via a trigger box system. During the high signal the cameras
were in capture mode. The trigger box sends simultaneous (or with a
small preset delay) pulses to both the visual camera and the IR camera,
which ensures that the two cameras record images at the same instant
in time. In this way we can map the thermographic data (heat transfer)
on the hydrodynamic data and perform a complete coupled study of
heat transfer and concurrent gas-solid flow.
An example of the captured frames alongside a signal diagram representing the trigger based capture mechanism is shown in Fig. 4.2. The
images were recorded at a 10 Hz frequency, so the time for one cycle
was 100 ms. During one cycle the IR camera makes one recording using
an integration time of 600 µs and the visual camera two recordings of
an exposure time of 700 µs with 100 µs delay in between. The two
consecutive visual images were needed for the PIV measurements. The
time difference between the two images used in the velocity calculation
is the sum of the exposure time and the delay time, i.e. 800 µs.
The term ‘integration time’ is commonly used for the exposure time
of the thermal imaging detector inside the IR camera to produce a single
frame. A large integration time increases the contrast, and therefore
the temperature difference that can be detected, but it should not be so
large that pixels get saturated. By using an integration time of 600 µs
the temperature range of 30 - 100 ◦ C was well represented. The raw
output of the IR camera is represented by a digital level (DL) signal,
which is a 14 bit number (so the maximum is 16383) for each pixel.

4.3
4.3.1

Measuring techniques
Particle image velocimetry (PIV)

The PIV method used here was fairly standard and for example extensively described in literature van Buijtenen et al. (2011a); de Jong et al.
(2012). The visual image has a size of 560 × 1168 pixels. The PIV performed here uses a multi-pass algorithm using an interrogation window
of 32 × 32 with 50 % overlap for computing the cross correlations. This
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(b) visual image.

(c) infrared image

Figure 4.2. Trigger signal mechanism and example of raw synchronized visual and infrared snapshots with 1 mm particles, 1.2 m/s background velocity and 125 g bed mass.

results in a post processed velocity field on a 35 × 73 grid for the pseudo
2-D bed. A standard median filter was used to remove outliers from the
vector field.

4.3.2

Digital image analysis (DIA)

The DIA involved a series of processing steps that was aimed at computing the 3-D solids volume fractions. The DIA procedure used was
similar to that described by de Jong et al. (2012). The raw visual 2D digital image consisted of pixels with different intensities. During
DIA this image was subjected to a set of preprocessing steps, namely:
background substraction, elimination of overexposed and underexposed
pixels. A raw preprocessed image is shown in Fig. 4.3(a).
This digital image was then corrected for inhomogeneity and normalized between 0 and 1. Here 1 is representative of the brightest particle
and 0 of the background or no particle. The normalized values of the
2-D image were then averaged over an interrogation window (of 32 × 32)
to get the apparent 2-D volume fraction of the particles (represented by
ε2−D ). This 2-D solid volume fraction was translated to the 3-D volume
fraction using the correlation,
(
A ε2−D (1 − ε2−D /B)−1 for ε3−D < ε3−D,max
ε3−D =
(4.1)
ε3−D,max
for ε3−D > ε3−D,max
This correlation was proposed by de Jong et al. (2012) using results
from discrete element method simulations. In this equation we take
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Figure 4.3. DIA processing of visual images showing the 3 major steps of the
analysis: preprocessing, determining ε2−D , converting ε2−D →
ε3−D . The images shown are from a fluidization run of particle
size 1 mm, background gas velocity 1.2 m/s and bed mass 75 g.

ε3−D,max = 0.6, to be the maximum solids volume fraction. According
to de Jong et al. (2012) the parameter A is related to the bed depth
∆z and the particle diameter dp , as A = 1.028∆z/dp . This relation was
obtained by using DEM (discrete element method) simulation results to
generate images and perform DIA on them. The remaining fitting parameter B is determined such that the deviation between the computed
bed mass and the experimental bed mass is minimal. The computed
bed mass was calculated from ε3−D by multiplication with the solids
density and subsequent integration over the bed volume.

4.3.3

Thermography and IR camera calibration

The fate of incident radiation on an object is determined by three wavelength dependent fractions, namely, absorptance, reflectivity and transmittance. For example, the amount of adsorbed radiation equals the
absorptance times the intensity of the incoming radiation at that wavelength. For emitted radiation we have a fourth factor that is of importance, namely, the emissivity. The amount of emitted radiation at a
specific wavelength is equal to the emissivity times the black-body radiation intensity corresponding to that wavelength. Kirchhoff’s thermal
law of radiation states that emissivity equals absorptance.
Since either the radiation is absorbed or reflected or transmitted we
have a(λ) + r(λ) + τ (λ) = 1. For the use of thermography objects of
which one wants to determine the temperature should have an emissivity
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close to 1 in the IR regime. For example for glass we have an emissivity
of 0.8 − 0.95 in the full IR spectrum of our camera. This means that,
for these IR wavelengths, already after a few interactions with matter
most of this radiation has been absorbed and re-emitted as thermal (i.e.
black-body) radiation. If, as in our case, we have hot glass beads then
the major part of the radiation coming from these particles is due to
the emission of these particles, i.e., the emissivity times the black-body
intensity corresponding to the particle temperature.
The remaining radiation coming from a particle is due to reflections
of radiation from other sources. Part of this reflected radiation originates from neighboring particles that are similarly hot, and another
part comes from the room temperature surroundings. On its way from
a glass bead of which we want to measure the temperature to the IR
camera the radiation might interact with other matter.
For an object that should be transparent for the IR radiation, like the
window of the bed, the transmittance should be close to 1. Clearly using
a glass window, with its high absorptance, would ruin the measurement.
Therefore we used a sapphire window which has a transmittance of
about 0.9. The distance between the fluidized bed and the camera was
so small that the air in between was fully IR transparent to very good
approximation. In the end, the radiation that enters the IR camera
apparently coming from a glass bead is composed of thermal radiation
coming directly from a particle (say 80 %) and the remainder of the
radiation is a complicated mixture of radiative contribution from either
reflected or emitted by another object.
The used FLIR SC7600 camera was calibrated using perfect blackbody radiation. So for black-body objects it can correlate radiation
and temperature in a very accurate way. For ‘real’ objects the manufacturer supplied software can perform a correction assuming a value of
the emissivity of the objects plus the assumption that all other radiation
is black-body radiation at room temperature. For both the emissivity
and the room temperature the user needs to supply values.
Because the model used by the FLIR software was not a perfect
representation of reality we chose to perform our own calibration for our
specific situation. For this calibration a glass particle was fitted at the
tip of a thermocouple probe. This particle was placed inside the bed very
close to the sapphire glass so that it was visible for the IR camera. The
calibration started by pouring hot particles into the bed. Immediately
after the pouring the colder tracer particle could be easily distinguished
from the other hotter particle as seen in the infrared image of the bed.
Fig. 4.4(a) shows the recorded infrared image where the tracer particle
can be easily seen. This image helps us in locating the particle. In a few
seconds, however, the tracer particle thermally equilibrated with other
surrounding particles and could not be distinguished anymore form the

(b) IR image during calibration: tracer
particle invisible.

Figure 4.4. IR images demonstrating the calibration procedure

110
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Temperature of thermocouple, K
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(a) IR snapshot during pouring of hot
particles showing: tracer particle visible.
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Figure 4.5. Calibration curve of IR camera showing the fitted plot of the
digital level (DL) against the temperature of the thermocouple.
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Figure 4.6. Image recording of the tracer particle being moved quickly from
1.5 cm above the bed to the surface of the bed.

others (see Fig. 4.4(b)). Since we already knew the position of the tracer
particle the radiation recorded from the pixels representing the tracer
particle position were used to calibrate the digital level signal (DL) of
the camera with the standard thermocouple temperature. In this way
an accurate calibration is possible.
Fig. 4.5 shows the calibration curve. The shown solid curve is a third
order polynomial fit with a least square error of 0.5 ◦ C. This calibration
curve is used in the subsequent data processing procedure to convert
DL to temperatures.

4.3.4

Error estimation of the calibration

The calibration method discussed in the previous section was done with
the IR camera measuring a fixed bed of particles. However, for the fluidization experiments that were performed the density of the bed varies
throughout the pseudo 2-D fluidized bed. The current IR camera calibration did not take into account the possible effect on the temperature
measurement due to particulate density variation.
To make a rough estimation of this effect a test was performed. In
the test a sample glass particle of 2 mm in size was attached to the tip
of a straight wire and immersed in a bed of hot particles already poured
in the pseudo 2-D bed. Once the tracer particle equilibrated with the
inside temperature of the bed the tracer particle was quickly pulled out
of the bed (with the help of attached wire) to about 1.5 cm above the
surface of the bed. Now the particle was lowered quickly back towards
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Figure 4.7. Plot of tracer particle temperature against its distance from the
surface of the fixed bed.

the top surface of the bed till it came in contact with the bed. This
process was recorded with the IR camera at a high frequency of 100 Hz.
A small background gas velocity of 0.1 m/s was maintained so that when
the particle is lifted above the bed it is in a gas environment that has a
temperature equal to the bulk temperature of the bed. Fig. 4.6 shows
three images that were recorded while lowering the tracer particle. The
temperature recorded at the centre of the particle was extracted using
the calibration curve. With this data a plot of temperature of the tracer
particle against the distance of the particle from the top surface of the
bed was made, Fig. 4.7.
Due to the short duration of the test the change in temperature
of the particle is negligible when it moves from an isolated position to
the top of the bed. Therefore, the variation in the measurement of
the temperature by the IR camera is observed. The plot indicates that
the temperature of the particle measured by the camera increased by
about 1 ◦ C. This gives a quantification of the error in the temperature
measurement of a particle when it moves between dense and isolated
regions of the bed.

4.4

Image processing and data analysis

Here we will focus primarily on the processing of IR images and their
coupling with DIA and PIV. For DIA and PIV the reader is referred to
the short discussion in section 4.3 and the standard references provided
there. For the coupling of the DIA with infrared a synchronization
validation was needed which is discussed here in this section. Once
70

validated the coupling of the images is described where particle fraction
and velocimetry data on coarse grid (interrogation area) is coupled with
temperature data translated at the same level.

4.4.1

Infrared image and visual image mapping
validation

4.4.2

Infrared image preprocessing and filtering

A sample of an image obtained from the infrared camera is shown in
Fig. 4.9(a). In this image the particle phase is clearly distinguishable
from the background. This is because the experiments were conducted
with a cold background wall. The temperature of the anodized aluminium back wall does not rise much and can therefore be easily differentiated from the hot particles for almost the full run of an experiment.
In the snapshots the background wall seems to glow in areas closer to
the particle interface. This is due to the reflection of the infrared radiation coming from hot particles. However, this disturbance is not much
and is easily distinguishable.
This background effect can be filtered by choosing a suitable threshold temperature. As can be seen in Fig. 4.9(a) the hot particles give
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The visual camera and infrared camera were synchronized with respect
to each other using a trigger system, such that images are captured with
equal frequencies at the same time instants. To the naked eye the corresponding images seem to match, i.e., depict same particle distribution
pattern. This can be said of the normalised 2-D image of Fig. 4.3(b)
and raw infrared image in Fig. 4.9(a) which seemingly correspond well.
However, a superimposition of both these images was needed to see
how accurately they map atop of each other. This synchronization test
was also necessary for proper functioning and reliability of the coupling
between DIA, PIV and IR data which will be discussed later.
The validation of the synchronisation was done using high resolution visual and infrared images. The images recorded are at a high
resolution for both visual (560x1280) and infrared (250x512) images.
At this high resolution small individual particles in the free board were
resolved and well observed in both types of images. So, for establishing
superimposition the visual image was interpolated and resized to the
size of infrared image. The two images were imported into Matlab software and features of the Matlab image processing tool box were used
for resizing and superimposition of images. A flowsheet describing the
process steps is shown in Fig. 4.8. The visual imaging processing has
already been extensively discussed in literature and in section §4.3.2.
We now show some preprocessing done on infrared images.
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Figure 4.8. Processing procedure to map and match visual image with infrared image at high resolution pixel level of infrared image.

temperatures well above 65 ◦ C and the cold background is below 45 ◦ C.
Thus a filter threshold of about 50 ◦ C should do a good job in this case.
By means of the filtering we determined for a pixel at position (i, j)
if it is either part of the particulate phase, where 1(i, j ∈ part) = 1, or
of the background for which 1(i, j ∈ part) = 0. Using this notation a
pixel averages were computed as
P
i,j 1(i, j ∈ part) Tp (i, j)
P
⟨Tp ⟩pix =
(4.2)
i,j 1(i, j ∈ part)
We find that the temperature distribution in the particulate phase is
quite narrow. Therefore a threshold closer to the average temperature
than to the background temperature, Tbg was used, namely,
Tthr = 0.25 Tbg + 0.75 ⟨Tp ⟩pix .

(4.3)

This relation was found to be suited by trial and error experimentation. The background subtraction was found to be insensitive to the
precise choice of the parameters for defining the threshold temperature.
For example, the combinations of weights: (0.2, 0.8) and (0.3, 0.7) gave
nearly the same results.
Since we use the threshold to compute the pixel-averaged temperature Eq. (4.3) is an implicit definition. However, this average temperature only changes slowly from one snapshot to the next. Therefore we
used the average value, ⟨Tp ⟩pix , from the previous time step to compute
the threshold temperature.
Fig. 4.9(b) shows the filtered image corresponding to Fig. 4.9(a) using Eq. (4.3). Clearly, many of the shades that are present in Fig. 4.9(a)
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Figure 4.9. IR image processing steps showing the raw image (a) which was
processed by direct filtering (b) using the threshold Eq. (4.3).
The filter used corrects for wrong temperature readings at particle edges, that in fact are due to partly covered pixels, by
filtering these pixels off. The images shown here are from a fluidization run of glass particle size 1 mm, background gas velocity
1.2 m/s and bed mass 75 g.
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at the interface of the particle phase are filtered off. This is due to edge
filtering induced by Eq. (4.3) and is desirable.
This is more clearly illustrated in the following two figures Fig. 4.9(c)
and Fig. 4.9(d) where some particles in flight are shown. The centers of
the particles show a high temperature and can be easily differentiated
from the background which has a faint glow because of the particles in
its vicinity. At the edges of particles, however, there is a signal intensity
in between that of the core of a particles and the background. By using
the calibration curve this digital level erroneously translated into an
in-between temperature. The real cause of the in-between signal was
that pixels representing the edges of particles were only partly covered
by particles. Since the lower signal does not translate into the correct
temperature it was better to filter partly covered pixels off. This was
done to a large extent by choosing the threshold relatively close to the
average particle temperature as done in Eq. (4.3).

4.4.3

Visual masking of infrared images

In the DIA procedure the visual image undergoes a series of preprocessing steps to get a normalized 2-D image which is shown in Fig. 4.3(b).
This normalized 2-D image has a value between 0 and 1 where 0 is representative of the background and anything above 0 is representative
of the particulate phase. This image is converted into a binary image
where the particulate phase i.e. greater than 0 is changed to 1 to represent the 2-D particulate phase. An example of such a binary converted
image is shown in Fig. 4.10(b). This binary image was used in two ways
as shown in Fig. 4.8 for mapping images which showed synchronization
validation. The first method involved a binary mapping and the second
involved visual masking method. Next we describe both these related
methods which help us understand the quality of mapping. This will
also help us proving that when the DIA and IR data will be coupled it
will give reliable results.
In the first binary mapping method the infrared image was also converted into a binary image using the filtered image in Fig. 4.9(b). We
know this image also has background which has been filtered to 0. The
remaining pixels which represent particulate phase temperature is all
converted to 2. Now we have a binary visual image of 0 and 1 and
binary infrared image of 0 and 2. The binary image pixels of the two
images were added together to give a superimposed image. This way we
have an image with combination of 0-1-2-3 where 3 represents the superimposed particulate region pixels for both images, 2 represents infrared
particulate region pixels and background pixels for visual, 1 represents
visual particulate region pixels and background pixels for infrared and
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(d)

Figure 4.10. Superimposition process of DIA and IR images where the Visual and IR image are made binary images and combined.

0 represents background for both. This superimposed image is shown
in Fig. 4.10(c).
A perfect mapping would not give 1 and 2 levels in the superimposed
images. However a slight mismatch persists because of many collective
reasons. One of the primary reason is that the infrared image recorded
is not from the exact same direction as visual image. Since the infrared
camera records image, from an angle the positional depth of the particles
in the image has an effect on the recording. Inspite of the fact that the
bed depth is only 1.5 mm small shift in the depth position of the particle
causes a slight shift in the infrared recording of the particles. This effect
is not observed for visual camera as it records images exactly frontal to
the bed. This small shift effect can be observed for some particles in
the free board region of Fig. 4.10(c).
However, this slight mapping mismatch has negligible effect on the
effective coupling of the two images. This can be proved by quantifying
the slight mismatch to be negligibly small. This is done by choosing
a different method for mapping which is the visual masking method
and comparing it with directly filtered method. In this visual masking
method the binary visual image in Fig. 4.10(b) is used to mask the particulate region of raw infrared image in Fig. 4.9(a). In other words the
background of raw IR image Fig. 4.9(a) will be filtered out using the
visual image of Fig. 4.10(b). Such a filtered raw IR image is shown in
Fig. 4.11. As can be anticipated because of the slight mismatch some
of the background pixels of the IR image get filtered out as particulate phase and some of the particulate phase pixels get filtered out as
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Figure 4.11. Sample IR image masked by binary converted visual image.

A histogram of temperature distribution pixels was made for the direct filtered image of Fig. 4.9(b) and visually masked image of Fig. 4.11.
This histogram plot is shown in Fig. 4.12. Here it can be seen that the
temperature cut off for this particular image using Eq. (4.3) gave a cut
off of about 52 ◦ C. So the histogram for direct IR filtering does not
go below this temperature. But the histogram of visually masked image continues up to 30 ◦ C. This is because of a few mismatched pixels
of masking of the raw IR image by visual image. The two histogram
curves however have a good overlapping match for large number of high
temperature pixels which are more important. We can also conclude
from this plot in Fig. 4.12 that the number of mismatching pixels is not
much.
The mean temperature of pixels was calculated for both the forms of
data, i.e., directly filtered IR image and visually masked IR image. This
has been plotted together with respect to time in Fig. 4.13. It can be
seen that both filtering mechanisms produce pixel mean temperatures
which match quite well for the entire cooling process.
As discussed earlier the direct filtering mechanism uses a changing
threshold on successive raw IR image which is obtained from Eq. (4.3).
When the particulate temperatures approaches the background temperature it can be anticipated that this method would not work properly
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because of a poor distinction between particles and background. This
can be observed in Fig. 4.13 where at low temperature of about 35 ◦ C
the direct filtering mechanism curve does not follow a smooth profile
because of background pixels getting filtered in as particulate phase.
However the visual masking method continues to follow a smooth curve
as it is not affected by this.
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Figure 4.12. Temperature histogram using different filtering mechanism for
a sample image. This sample image was taken from a fluidization run of particle size 1 mm, background gas velocity 1.2 m/s
and bed mass 75 g.
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Figure 4.13. Filtering mechanism from 2 techniques namely; direct filtering
with moving threshold and DIA filtering using the binary 2-D
image
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Figure 4.14. Mean pixel temperature as defined in Eq. (4.2) with respect to
time. Cooling curves for bed with bed mass equal to 75 g and
1 mm sized particles for different background gas velocities are
shown.

The mean temperature of pixels calculated and plotted with respect
to time shown in Fig. 4.13 was for a fluidized bed run of 1 mm particle size, background velocity 1.2 m/s and bed aspect ratio of 0.5 (or
bed mass 75 g) . This experimental run was repeated multiple times to
check for repeatability of the run and validations. Similarly the experiments were repeated for different background gas velocities (1.54 m/s
and 1.71 m/s), same particle size of 1 mm and bed mass of 75 g. The
mean pixel temperatures here was obtained using the direct filtering
technique with moving threshold.
In Fig. 4.14 the mean pixel temperatures is plotted against time to
give the cooling profile for fluidized bed runs with 1 mm particle size
and bed mass 75 g for different background gas velocities. The starting
point for the recording was taken to be the point in time where the
mean pixel temperature falls below 100 ◦ C. The figure gives a closeup
view of the region of the temperature interval between 70 to 40 ◦ C.
For each velocity the experiment was repeated 4 times. The repetitions are shown using different symbols but the same color. The
fluctuations between the repeated experiments at the same background
velocity are less than the separation of curves corresponding to different background velocities. This plot clearly shows that experiments are
reproducible and that the cooling curves for each of the background
velocities are distinguishably different and characterized.
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4.4.4

DIA / IR coupling

The mean pixel temperature calculated in the previous section was not
a useful quantity for studying heat transfer. Changes in enthalpy are
proportional to the mass times heat capacity times temperature difference. Considering that heat capacities and specific densities are nearly
constant a mean temperature that is calculated by a weighted-averaging
using solids volume fractions is more appropriate.This quantity can be
computed by coupling IR temperature fields with the DIA 3-D volume
fraction data of the bed.
The DIA process described earlier uses a high resolution 2-D image
(560×1168) (size = 0.143 mm/pixel) shown in Fig. 4.3(b) to get the 3-D
particle fraction data at a coarse grid (35×73) (size 2.29 mm/pixel) also
called interrogation grid. In order to couple the 3-D particle-fraction
data of DIA with IR the high resolution filtered IR image (250 × 512)
(size = 0.312 mm/pixel) of Fig. 4.9(b) was also divided into interrogation areas such that they produce grids of the same size as that of DIA.
So, each IR interrogation window has a size of (250/35 × 512/73) pixels.
The mean particulate pixel temperature in each of these interrogation
grid areas is calculated by using the pixel averaging described in the
previous section. This means only the non filtered pixels which represent the particle temperature in interrogation areas are included in the
averaging. On performing such an operation the filtered IR image of
Fig. 4.9(b) transforms to Fig. 4.16(b) which has coarse grid data thus
producing a less sharp image. This image gives the particle temperature profile data for the 3-D particle fraction DIA data of Fig 4.3(b)
and hence can be coupled with it. The full image processing scheme is
given in Fig. 4.15. A series of such coupled 3-D particle fraction and
processed temperature fields are shown in Fig. 4.16.
The mean particulate pixel temperature in each of these interroga79
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Figure 4.15. Schematic of the processing procedure used to couple DIA images with IR images at the interrogation area level.
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tion grid areas was calculated by using the pixel averaging described
in the previous section. This means that only the non filtered pixels
which represent the particle temperature in interrogation areas are included in the averaging. Not that, as a consequence, even if there are a
small number of particles present in an interrogation window that the
corresponding coarse pixel gets the temperature corresponding to the
average temperature of these particles. This explains why in, e.g., the
visual image Fig. 4.16(e) a region that contains very little particles still
has a high temperature in Fig. 4.16(f).
The temperature distribution obtained from the pseudo 2-D bed
from the IR images were that of the particles of the few front layers
closest to the sapphire window. Since this was a fluidized bed in operation it was expected that in the depth direction the mixing was effective
and the temperature was nearly uniform. We know however that the
particle distribution within the fluidized bed was not uniform. Throughout the bed the particle fractions will vary in time and space. As said, a
temperature that was weighted with the solids volume fraction was essential to understand heat transport phenomena in fluidized beds. The
solids-volume-fraction weighted spatial average was computed as
P
i,j εp (i, j) Tp (i, j)
P
.
(4.4)
⟨Tp ⟩ε =
i,j εp (i, j)
Because of correlations between voidage and temperature it can be
markedly different from a pixel-averaged temperature. In fact the mean
temperature of particles computed by Eq. (4.4) mostly produces a higher
value compared to mean pixel temperature of Eq. (4.2) as the dense
regions of the bed are generally at a higher temperature compared to
bubble regions or sparse particulate region. This can be observed in the
corresponding DIA and IR images of Fig. 4.16.
Fig. 4.17 shows the mean temperature plot using both methods for
a fluidization experiment where this phenomenon can be clearly seen.
Due to the constant expansion and contraction of the bed the mean
pixel temperature curve has much more fluctuation compared to solidsfraction weighted mean temperature, which is more stable and smooth
. Note also that for low temperatures (below 35 ◦ C in the graph) the
mean pixel temperature curve is not smooth and is deviated slightly
compared to the DIA coupled mean temperature. The reason is that at
low temperatures the particle and background pixels become difficult to
distinguish due to which filtering method failed.

4.4.5

DIA / PIV / IR coupling

Instantaneous spatial mass flux fields, Φ p (t, i, j), can be computed by
coupling DIA and PIV. This gives useful information on the solids mo80
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Figure 4.16. Examples of corresponding pairs of 3-D particle fraction and
IR temperature data on a course grid. The images shown here
are from a fluidization run of particle size 1 mm, background
gas velocity 1.2 m/s and bed mass 75 g.
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Figure 4.17. Mean temperature obtained by direct pixel filtering with the
moving threshold method giving the mean pixel temperature
and 3-D solids volume fraction DIA coupled mean temperature. This plot data is from fluidization run with particle size
1 mm, background gas velocity 1.2 m/s and bed mass 75 g.

tion in a fluidized bed. For analyzing heat transport problems we are
also interested in the solid phase convective heat flux.
This quantity can be obtained by complete coupling of the DIA data
(particle fraction), PIV data (particle velocity) and IR data (particle
temperature). The enthalpy change of a particle when its temperature
changes equals mp Cp,p ∆Tp . So, when analysing heat transport the convective transport of Tp can provide valuable information. We define an
instantaneous ‘heat’ flux for each course grid position (i.e., interrogation
window) as
Hp (t, i, j) = εp (t, i, j) ρp Cp,p vp (t, i, j) Tp (t, i, j).

4.4.6

(4.5)

Temperature distribution of particles

The infrared image observations that were made during a sample run
are shown in Fig. 4.18 together with temperature histograms. These
distributions have a well defined single peak. It was observed that the
distribution spread tended to become narrow as the cooling proceeded.
This is expected because at higher particle temperatures the difference
between particles and inlet gas is larger, which causes the temperature
differences between mixing particles to be also larger.
Besides the mean temperature, Eq. (4.4), the width of the distributions can be characterized from the standard deviation, σp , which
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Figure 4.18. Raw IR images and their corresponding temperature distribution of a cooling bed with particle size 1 mm, background gas
velocity 1.2 m/s and bed mass 75 g.
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equals the square root of the variance,
P
2
D
2 E
i,j εp (i, j) (Tp (i, j) − ⟨Tp ⟩ε )
2
P
σp = Tp − ⟨Tp ⟩ε
=
ε
i,j εp (i, j)

(4.6)
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To obtain an impression of the relation between the bed temperature
and the width of the temperature distribution σp was plotted against the
mean particle temperature in Fig. 4.19(a) in an absolute and a relative
way. These plots clearly demonstrate the decreasing standard deviation
as the bed cools down.
In the relative plot the standard deviation is normalized by the thermal ‘driving force’ for the cooling process: ⟨Tp ⟩ε − Tg,in . Fig. 4.19(b)
shows that this normalized standard deviation is more or less constant.
These results also show a large fluctuation in standard deviation when
the standard deviation when the driving force is high.

4.4.7

Time-averaging

Besides spatial averaging also time-averages per pixel give valuable
information. We will use an overbar-notation to distinguish timeaveraging from spatial averaging,
1 X
εp (t, i, j)
(4.7)
εp (i, j) =
Nt t
1 X
Φ p (i, j) =
εp (t, i, j) vp (t, i, j)
(4.8)
Nt t
P
εp (t, i, j) vp (t, i, j)
vp (i, j) = t P
(4.9)
t εp (t, i, j)
Here Eq. (4.8) gives the time-averaged mass flux. To obtain this quantity solids-volume-fraction data from DIA needs to be combined with
velocity data from PIV. This is similar to the hydrodynamic data processing previously presented in van Buijtenen et al. (2011a); de Jong
et al. (2012). From the mass flux a mass-averaged particle velocity can
by computed using Eq. (4.8).
Since the bed is cooling down it does not make much sense to timeaverage the temperature. The analysis of the standard deviation in the
previous section suggests that the thermal driving, ⟨Tp ⟩−Tg,in , is a good
quantifier for the internal temperature differences. It therefore makes
sense to look at temperature differences that are made dimensionless
using this thermal driving force. This leads to the definition of a timeaveraged dimensionless temperature difference,
X
1
Tp (t, i, j) − ⟨Tp (t)⟩ε
Γp (i, j) = P
εp (t, i, j)
(4.10)
ε
(t,
i,
j)
⟨Tp (t)⟩ε − Tg,in (t)
p
t
t
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Figure 4.19. Plots showing standard deviation of particle temperature distribution against mean particle temperature with and without
non-dimensionalization This is obtained from the processing of
data from bed mass 75 g, particle size 1 mm and background
gas velocity 1.2 m/s.
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This quantity is analyzed for runs of varying particle sizes, background velocity and bed mass in the next section. The number of images
used for each of the time averaging was 150.

4.5

Results and Discussion
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The visual/IR coupling has led to various kinds of processing possibilities that give a wide range of result output types. We have tried to
classify and present these in three separate subsections as individual
achievements of the developed technique. First, we present data on individual time instant images of DIA and IR giving instantaneous mass
and heat flux profiles and instantaneous axial temperature profiles. In
the second subsection we show time-averaged spatial distribution profiles that were obtained for a series of standard runs. Finally we show
the DIA/IR coupled mean temperature plot with respect to time for
different conditions. With these sets of results we summarize a new
development in the field of non-invasive hydrodynamic/thermal monitoring in gas fluidized beds.

4.5.1

Instantaneous image profiles

In Figs. 4.20 and 4.21 instantaneous DIA/PIV and DIA/PIV/IR results
are shown for two bed masses (125 g and 75 g). By coupling the visual
images with IR data for each of the snapshots the solids volume fractions and temperature fields can be observed along with the instantaneous solids mass and convective heat fluxes. Because the temperatures
within the domain does not vary too much the heat flux vector plots (see
Figs. 4.20(d) and 4.21(d)) look quite similar to the mass flux plots (see
Figs. 4.20(c) and 4.21(c)). The mean difference is in the bottom section
where the cold gas enters. In this region the temperature changes are
most significant.
To investigate the temperature profile in the bottom section more
thoroughly we have used the high resolution IR data. In Fig. 4.22 axial
temperature profiles along the central axis of the pseudo 2-D fluidized
bed are shown for several instants in time and for three flow conditions.
It can be seen that close to z = 0 m, where the gas enters the bed, the
temperature increases sharply. After moving along the height for, say,
5 mm the temperature of the bed remains constant with only minor
variation.
It is observed from these plots that at higher mean temperatures of
the bed the temperature profile increases more sharply at the inlet. As
the background gas velocity increases the temperature gradient at the
inlet also increases. This is expected because the heat transfer coefficient
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Figure 4.20. Instantaneous DIA, PIV and IR processed results giving the
particle fraction field, temperature field, mass flux field and
heat flux field. This data is for an instantaneous image from a
fluidized bed run of particle size 1 mm, background gas velocity
1.2 m/s and bed mass 125 g.
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Figure 4.21. Instantaneous DIA, PIV and IR processed results giving the
particle fraction field, temperature field, mass flux field and
heat flux field. This data is for an instantaneous image from a
fluidized bed run of particle size 1 mm, background gas velocity
1.2 m/s and bed mass 75 g.
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increases as the gas velocity increases. By comparing Fig. 4.22(c), which
shows 0.5 mm particle data, with plots in Fig. 4.22(a)-(b), which show
1 mm data, it is seen that the temperature profile at the inlet is sharper
for the smaller particle size. As 0.5 mm particles are smaller they have
a larger specific area causing a higher bed heat transfer coefficient even
for background velocities that are smaller than in case of the 1 mm
particles.

4.5.2

Time-averaged data results
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The temperature distribution of particles in the fluidized bed depends
on the solidity density distribution and the flow pattern that exists in
the beds. Figs. 4.23 and Fig. 4.24 show time-averaged fields of the solidsvolume fractions, mass flux and dimensionless temperature. Fig. 4.23 is
for a bed mass of 75 g with a particle size of 1 mm, which corresponds
to a bed aspect ratio of 0.5, and Fig. 4.24 is for a bed mass of 125 g with
the same particle size of 1 mm, which corresponds to an aspect ratio of
0.8.
Let us first consider the time-averaged results of 1 mm particle size
and 75 g bed mass. The DIA analysis provides the time-averaged particle density distribution of the bed. These data are given in Figs. 4.23(a)(c) for background gas velocities 1.2 m/s, 1.54 m/s and 1.71 m/s respectively.
The DIA/PIV coupling provides mass fluxes that are plotted in
Figs. 4.23(d) - (f) for the same three gas velocities. The influence of the
background gas velocity is noticeable in the circulation pattern of the
particulate phase. The increase in the background gas velocity causes
a more pronounced circulation and back mixing of particles in the bed.
This can be observed more closely in the Fig. 4.25(a) that shows the
cross-sectional profile of the mass flux for these three background gas
velocities at a height of 2.3 mm above the bottom plate.
A typical instantaneous IR image was shown earlier in Fig. 4.2.
Here one sees a small jet of cold particles issuing into the bed from
the bottom-centre of the bed. This is a typical narrow cold zone created along the axial direction from the bottom that tends to diminish as
it propagates into the bed. This narrow cold zone (‘jet’) of particles is
created due to the circulation pattern of the particles which moves from
the sides of the bed to centre from the bottom. During this process the
particles come into contact with fresh cold gas and exchange more heat
before moving upward from the centre. During fluidization runs, the jet
oscillates in the bed with a relatively stable base.
It was observed that at the lower background gas velocity of 1.2 m/s
the narrow cold zone is more stable compared to higher background gas
velocity. Thus when a time-average of the dimensionless temperature
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(c) ubg = 0.51 m/s, bed mass 75 g, dp = 0.5 mm.

Figure 4.22. Axial temperature profiles along the centreline of the bed.
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4.5.3

Position averaged data results

The DIA/IR image processing detailed in the section 4.4.4 was applied
to all the fluidized bed runs listed in Table 4.1. By means of these
procedures the mean particle temperature was calculated as function of
time and plotted together for comparison. Fig. 4.26 shows a plot of the
mean particle temperature change with respect to time for the bed mass
of 75 g and particle sizes 1 mm and 0.5 mm. There are two important
observations that can be made from this plot. For one particle size of
1 mm or 0.5 mm, as the background gas velocity is increased the cooling
rate of the bed also increases. Furthermore, as the particle size decreases
the cooling rate of the bed increases. The background gas velocity for
1 mm particle are 1.2 m/s, 1.54 m/s and 1.71 m/s which are 2.06,
2.66 and 2.95 times minimum fluidization velocity (umf = 0.58 m/s).
91

CHAPTER4DEVELOPMENTOFI
NTEGRATEDDI
A/
PI
V/
I
RTECHNI
QUE

distribution is computed, using Eq. (4.10), we obtain a distribution as
shown in Fig. 4.23(g). In this figure at the centre bottom the narrow
cold zone leaves its mark. This causes relatively hotter zones to appear
on the sides of the bed.
At higher background gas velocities the narrow cold zone tends to
oscillate more as well as move around the bottom of the bed. Thus
when a time-averaging is performed the resulting field is more uniform.
This can be observed for background gas velocities 1.54 and 1.71 m/s
in Fig. 4.23(h) and Fig. 4.23(i), respectively. Also the hotter zones
forming at the sides of the pseudo 2-D bed tend to diminish at higher
background gas velocity.
Now let us consider and analyse the distribution profiles for higher
bed mass of 125 g and bed aspect ratio of 0.33 with the same particle size
of 1 mm. Here background gas velocities of 1.2 m/s and 1.54 m/s are
considered for which various plots and profiles are shown in Fig. 4.24.
The time-averaged particle fraction data are shown in Figs. 4.24(a)-(b)
for runs at background gas velocities of 1.2 m/s and 1.54 m/s respectively. Following this the mass flux profile giving the flow pattern is
shown in Figs. 4.24(c)- 4.24(d). The axial component of the mass flux
at a bed height of 2.3 mm is shown in Fig. 4.25(b). Here it can be seen
that, as the background gas velocity increases from 1.2 m/s to 1.54 m/s,
the mass flux also increase causing greater circulation of particles.
The narrow cold zone created in the 75 g bed for background gas
velocity 1.2 m/s is not that pronounced in the system with bed mass
125 g. Therefore the hot zone tend to stay in the centre as shown
in Fig. 4.24(e). However, for the higher background gas velocity of
1.54 m/s the hot zone formation is again towards to the sides with cold
zones forming at the centre bottom. This indicate that the narrow cold
zone forming at the bottom is affected by the bed aspect ratio as well.
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Figure 4.23. Time-averaged fields for particle size dp = 1 mm and bed mass
75 g. The three columns present data for different background
gas velocities, namely, ubg = 1.2 m/s, 1.54 m/s and 1.74 m/s.
The first row of plots, (a)-(c), shows the solids volume fraction
in the bed obtained from DIA. The second row shows mass flux
fields obtained by DIA/PIV coupling. The third row shows the
time-averaged dimensionless particle temperature, Eq. (4.10),
obtained by DIA/IR coupling.
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Figure 4.24. Time-averaged fields for particle size dp = 1 mm and bed mass
125 g. The two columns present data for different background
gas velocities, namely, ubg = 1.2 m/s and 1.54 m/s. The first
row of plots shows the solids volume fraction in the bed obtained from DIA. The second row shows mass flux fields obtained by DIA/PIV coupling. The third row shows the timeaveraged dimensionless particle temperature, Eq. (4.10), obtained by DIA/IR coupling.
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Figure 4.25. The axial component of the mass flux at height 2.3 mm above
the bottom of the fluidized bed for two systems with 1 mm
particles.
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Figure 4.26. Mean temperature of particles plot against time in a cooling
bed for different background gas velocity and particle sizes
with constant bed mass of 75 g.

Similarly, the background gas velocity for 0.5 mm particles is 0.51 m/s
and 0.86 m/s, which are 2.83 and 4.78 times the minimum fluidization
velocity (umf = 0.18 m/s).
All curves in Fig. 4.26 are for the same bed mass of 75 g. In Fig. 4.27
we present a comparison between the cooling rate for two bed masses,
namely, 75 g and 125 g with otherwise the same 1 mm particle size and
two background velocities. The higher bed mass gives a slower rate of
cooling of the bed as expected.
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Figure 4.27. Mean temperature of particles plotted against time for a particle size of 1 mm and two bed masses: 75 g and 125 g, respectively.
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These plots accurately give the rate of heat loss of the particles. This
heat loss is the sum of heat exchange between particles and gas due to
multiphase flow, heat radiating from the particles to the surrounding
and heat exchange between the gas phase and surrounding walls by
means of heat conduction. In this paper we do not try to quantify these
quantities but using DEM some of these heat exchange types have been
quantified in the literature Zhou et al. (2010, 2009). Using some direct
measurements shown in this work these quantities can be validated. The
plot in Fig. 4.27 can quantify gas particle convective heat transfer as
it is a plot for the same particle size and background gas velocity but
different bed mass. As the gas flowing through the particles becomes
thermally saturated the remaining heat will be lost due to other transfer
mechanisms like radiation.

4.6

Conclusion

A measuring technique involving the use of visual and infrared images
has been developed. The visual and IR recordings were successfully
synchronized and combined by a high resolution image mapping. The
mean temperature of particles in the bed was calculated with respect to
time for different particle sizes, background gas velocity and bed mass
(aspect ratio). With these plots the varying exchange rate between
particles and gas can be calculated. Time averaged temperature distribution fields of the fluidised bed were calculated and presented for
various configurations. They were compared and analysed with their
respective particle volume fraction and also mass and heat flux data
was computed.
With this work processed measurements of four important synchronized parameters of multiphase flow in non-isothermal pseudo 2-D fluidized beds are made available, namely, solids volume fractions, temperature fields and mass- and heat-flux fields. This has produced a data
sets that can be used to analyze the heat transfer mechanisms inside a
fluidized bed in more detail, e.g., by comparison with CFD computations.
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Chapter 5

Comparison of CFD-DEM
with the developed
DIA/PIV/IR technique
Abstract

A

5.1

Introduction

Fluidized beds are frequently used in a variety of processes because of
their favorable mass and heat transfer characteristics. Fluidized catalytic cracking, fluidized bed coal combustion and polymerization for
production of polyethylene (UNIPOL) are some of the well-known processes where heat transfer plays an important role. In such processes
formation of hot spots is a phenomenon which can severely effect the
overall performance of a reactor. Thus the study of heat transfer in
fluidized beds is of high relevance.
† This

chapter is based on Amit V. Patil, E.A.J.F. Peters, J.A.M. Kuipers., Comparison of CFD-DEM heat transfer simulations with infrared/visual measurements,
Submitted to Chem. Engg. J..
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new combined infrared/ particle image velocimetry /
digital image analysis (IR/PIV/DIA) measuring technique for investigating heat transfer in gas-solid fluidized
bed has been recently developed. This new technique gives insightful information and quantitative data on particle volume
fractions, particle volume fluxes and temperature distributions in
fluidized beds for CFD validations. The current paper compares
simultaneous thermal and hydrodynamic data of a pseudo 2-D
fluidized bed obtained using this new technique with results from
CFD-DEM simulations. An extensive series of time-averaged volume fractions, volume fluxes and temperature distributions as
well as instantaneous profiles are presented. This detailed comparison between the experimental and simulated profiles shows
the capabilities of state-of-the-art CFD-DEM simulations, and
pinpoints where simulation (and also measurement) techniques
still can be improved. †
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Computational fluid dynamics - discrete element method (CFDDEM) is an Euler-Lagrangian method that is suited for modeling fluidized beds at the lab scale. CFD-DEM modeling of dense gas-solid
flow is based on continuum fixed-grid (Eulerian) modeling of the gas
phase and discrete (Lagrangian) modeling of the particulate phase. A
drag law is used to account for the momentum exchange between the
continuum and particulate phase in a two-way coupled manner Deen
et al. (2007); Zhu et al. (2007). This CFD-DEM model was extended
previously with gas-solid two-way-coupling for heat transfer. Details on
this can be found in Patil et al. (2014).
In the current paper additional mechanisms of heat exchange are introduced in the CFD-DEM code in order to further improve the description of non-isothermal systems. These new mechanisms are particleparticle direct contact conduction, particle-wall direct contact conduction and gas-wall convective heat transfer. The implementations of
particle-particle and particle-wall heat transfer are based on theoretical
developments proposed by Sun and Chen (1988); Zhang and Whiten
(1998). These theoretical expressions have been used before by others
to model heat-transfer in multiphase flow Hsiau (2000); Lathouwers and
Bellan (2001); Mansoori et al. (2005). Some of these adaptations have
also been used for CFD-DEM implementations, e.g., Zhou et al. (2009).
Although the theoretical concepts used are similar, our implementation
differs markedly from the one used in that paper. This will be discussed
extensively in section 5.2.3.
A few CFD-DEM simulation studies on heat transfer in gas-solid fluidized beds can be found in literature Kaneko et al. (1999); Zhou et al.
(2009, 2010). However, this is the first time (as far as the authors are
aware) that a direct comparison is presented of CFD-DEM simulation
results with detailed infrared/visual measurements. This was not possible until recently due to the limitations on experimental techniques
available.
Some of the commonly known techniques used for fluidized bed studies are electrical capacitance tomography, X-ray tomography, magnetic
resonance particle tracking or positron emission particle tracking and
particle image velocimetry (PIV) which were all limited to hydrodynamic investigations Saayman et al. (2013); Laverman et al. (2008a);
Liu et al. (2005); Laverman et al. (2012); Buist et al. (2014). The
technique we used extends the PIV/DIA technique of van Buijtenen
et al. (2011a); de Jong et al. (2012), to investigate the hydrodynamics
of pseudo-2D fluidized beds, with spatial infrared thermography. Infrared thermography is a mature measurement technique (see Kaplan
(2007)). However, the combination of thermography with PIV/DIA was
introduced only recently in Patil et al. (2015). This technique provides
integrated data consisting of spatially resolved mass, velocity and tem98

perature distributions in a pseudo 2-D fluidized bed. Similar data-sets
can be obtained from CFD-DEM simulations and used to perform a
direct comparison with the experiment.
We will start with describing the CFD-DEM modeling method that
has been used for non-isothermal dense gas-particle flows. The various
other mechanisms of heat transfer are also described in this section
§5.2. A brief description on the experimental technique that was used
is discussed in section §5.3. Detailed information on the technique can
be found in chapter §4. This will be followed by comparisons between
experimental and simulation data of the hydrodynamic and thermal
data in section §5.4 for the case of a cooling pseudo-2D fluidized bed.

5.2

Modeling method
Gas phase modeling

The volume-averaged conservation equations for gas phase mass and
momentum are given by;
∂
(εf ρf ) + ∇ · (εf ρf u) = 0,
∂t

(5.1)

∂
(εf ρf u) + ∇ · (εf ρf uu) = −εf ∇p − ∇ · (εf τ f ) + Sp + εf ρf g,
∂t
(5.2)
where Sp represents the source term for momentum originating from
the particulate phase and is given by
X βVa
Sp =
(va − u) δ(r − ra ) ≡ α − β u.
(5.3)
1 − εf
a
In the above expression, β represent the gas particle drag coefficient
and α represents all momentum creation per unit volume due to the
pressure of the moving particles. The drag coefficient, β, is evaluated
by the Beetstra et al. (2007) equation for gas-particle drag,
β=

10(1 − εf )
+ ε2f (1 + 1.5(1 − εf )0.5 )
ε2f


−0.343
−1
ε
+
3ε
(1
−
ε
)
+
8.4Re
f
f
0.413 Rep  f
p
 , (5.4)
+
1+4(1−εf )
24ε2f
−
2
3(1−ε
)
f
1 + 10
Rep

The thermal energy equation for the fluid is given by,

∂ (ϵf ρf Cp,f T )
+ ∇ · (ϵf ρf uCp,f T ) = ∇ · ϵf kfeff ∇T + Qp ,
∂t

(5.5)
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5.2.1

where Qp represents the source term originating from interphase energy
transport whereas kfeff is the effective thermal conductivity of the fluid
phase that can be expressed in terms of the microscopic fluid thermal
conductivity, kf , as
p
1 − 1 − ϵf
eff
(5.6)
kf =
kf .
ϵf
This equation was originally proposed by Syamlal and Gidaspow (1985).
The source term due to the heat transfer of the particles to the fluid
can be obtained by summing the contributions of all particles using a
(smoothed) delta-function as,
X
X
Qp = −
Qa δ(r − ra ) =
hf p Aa (Ta − Tf ) δ(r − ra ).
(5.7)
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a

a

Where Qa is the heat transferred from the fluid to particle a. It is
expressed by a temperature difference and a heat transfer coefficient
hf p . For this parameter we use the empirical correlation given by Gunn
(1978),


0.33
Nup = (7 − 10 ϵf + 5 ϵ2f ) 1 + 0.7 Re0.2
p Pr
+ (1.33 − 2.40 ϵf + 1.20 ϵ2f ) Re0.7 Pr0.33

(5.8)

where,
Nup =

hf p dp
dp εf ρf |u − v|
µf Cp,f
, Rep =
and Pr =
.
kf
µf
kf

(5.9)

Note that the fluid density is obtained using ideal gas law closure
equation since the fluid here is non-isothermal. But the fluid viscosity
is assumed to be constant as it does not vary much over the small
temperature range of our system (20 to 100 ◦ C).

5.2.2

Discrete particle phase

The particle phase modeling is based on tracking individual particles.
The motion of a single spherical particle a with mass ma and moment
of inertia Ia can be described by Newton’s equations:
βVa
d2 ra
= −Va ▽ p +
(u − va ) + ma g + Fcontact,a
2
dt
1 − εf
ωa
dω
Ia
= τa
dt

ma

100

(5.10)
(5.11)

where ra is the particle position. The forces on the right-hand side of
Eq. (5.10) are due to the pressure gradient, drag, gravity and contact
forces due to collisions, τ a is the torque, and ω a the angular velocity.
To evaluate the heat transfer from the fluid to the particles the gas
temperature is interpolated from the surrounding grid points to the
particle center of mass position. This interpolated gas temperature is
represented as Tf . The heat balance on particle a gives an evolutionequation for its temperature, Ta ,
dTa
= hf p Aa (Tf − Ta )
(5.12)
Qa = ρa Va Cp,a
dt

5.2.3

Particle-particle and particle-wall heat transfer
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When particles collide with each other or with the wall heat is conducted
through the contact area. Since collision contacts last for a very short
time (10−6 s) the amount of heat transferred during a single collision
is very small. However, thousands of such collisions take place for each
of the individual particles in dense particulate flows. Thus over longer
time scales the amount of heat transferred may become significant.
An implementation accounting for this type of heat transfer is now
presented, which differs from some of the previous works, such as Zhou
et al. (2009, 2010); Hou et al. (2012). The CFD-DEM implementation
of Zhou et al. (2009) uses the Hertzian model for collision dynamics
whereas in our case Cundall and Strack (1979) model is used. Let us
first emphasize that the collision time and ‘contact’ area as determined
from the soft sphere model has no physical meaning. In the soft sphere
model of DEM the simulation spring stiffness is much less than the real
spring stiffness of real particles, so that bigger DEM time steps can
be taken for simulations, while keeping the overlap within acceptable
bounds. The overlap is kept under 0.1% of the particle diameter for a
particle relative velocity that is twice the fluidization velocity. Due to
the reduced spring stiffness the contact area calculated in a soft-sphere
simulation is higher than the contact area prevailing in a ‘real’ collision
leading to an exaggerated heat transfer between particles. Thus in the
proposal made by Zhou et al. (2009, 2010); Hou et al. (2012) a correction factor was used to obtain the corrected contact area and hence
a corrected heat transfer rate for each of the DEM time steps. This
correction is based on the theoretical calculation of the contact area
proposed by Sun and Chen (1988); Zhang and Whiten (1998). This
method of discrete energy transfer at each DEM time step is computationally expensive.
In our modeling methodology for particle mechanics we use a simpler
method. Instead of a correction we calculate the correct total heat or
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Figure 5.1. A schematic view diagram showing the mechanisms by which
the fluidized bed looses heat to the surrounding walls.

energy transfer during one collision and directly transfer it as a packet
of energy at the beginning of the collision. This calculation is based on
the Sun and Chen (1988) model where the integral amount of energy
transferred during a collision has been theoretically derived. This integral is calculated from the ‘real’ particle properties, relative velocity,
etc. as primary parameters. These primary parameters also give the
maximum contact area and contact time which are both required in the
expression for the amount of transferred heat given below in Eq. 5.13.
Note that this approach can easily be implemented in DEM because
here a contact list is maintained and the first encounter of two particles is
explicitly detected. Furthermore the amount of heat transferred during
one particle-collision is so small that it does not give rise to numerical
issues if it is transferred instantaneously, instead of smearing it out over
the full duration of a collision. The total amount of heat transferred
during one collision equals
1/2

qc =

102

0.87(T1 − T2 )Ac tc
,
(ρ1 Cp,1 k1 )(−1/2) + (ρ2 Cp,2 k2 )(−1/2)

(5.13)

Table 5.1. Material properties needed to compute particle-particle and
particle-wall heat transfer

Properties ()
Poisson ratio (−)
Young’s modulus (GPa)
Thermal conductivity (W/m K)
Heat capacity (J/kg K)

Glass
0.22
60
1.4
840

Aluminum
0.34
69
30
2700

Saffire glass
0.25
35
30
3980

where, Ac , is the maximum contact area,
Ac = πrc2 = π



5m
4E

 52

(R vrel )4/5 ,

(5.14)


tc = 2.94

5m
4E

 25

(R vrel )−1/5 ,

(5.15)

The parameters in the above equations, for 2 particles (1 and 2) involved
in a collision, are: R = R1 R2 /(R1 + R2 ), m = m1 m2 /(m1 + m2 ) where
E is an overall elastic modulus which is a function of Young’s moduli
(E1 and E2 ) and Poisson’s ratios (ν1 and ν2 ),
4
E=
3



1 − ν12
1 − ν22
+
E1
E2

−1
.

(5.16)

The same expression can be used for a particle wall collision, when a
wall is considered to be a sphere with infinite radius (R2 = Rw → ∞),
such that R = R1 , and an infinite mass, such that m = m1 . In this case,
clearly, T2 = Tw and for the properties of ‘particle 2’ the properties of
the material of the wall need to be used. The wall temperature, Tw ,
is the bulk wall temperature which is 20 ◦ C in our case. The relevant
material properties are tabulated in Table 5.1.

5.2.4

Gas-wall heat transfer

The gas-wall heat loss is accounted for in the CFD-DEM by a boundary
condition imposed on the gas phase thermal energy equation. Due to
the vigorous mixing and tortuous motion of gas in fluidized beds it
can be said that most of the temperature gradient and heat transfer
resistance lies very close to the wall, see Fig. 5.1. An alternative way of
observing this is that the resistance to heat transfer lies within a thin
film layer smaller than the size of a particles. Within CFD-DEM the
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while the total contact duration equals,

grid size used to solve the gas dynamics is much larger than the width
of this film. Therefore the film is unresolved and the heat-transfer from
gas to wall should be modeled using a heat transfer coefficient. This
heat transfer coefficient is represented by
hw = kg /δl ,

(5.17)

where, δl is the thickness of the thin film layer across which most of the
resistance to heat transfer is concentrated. There might also be some
resistance to heat transfer in the wall itself, but this will be a minor
contribution compared to the gas layer. The external temperature, or
the temperature deep in the wall, is assumed to be the environment
temperature that is Text = 20 ◦ C. A typical boundary condition for the
gas temperature (for a wall in the zy-plane) is
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dTg
= hw (Tw − Tg )
(5.18)
dx
Boundary cells are shown in Fig. 5.2 where the temperature, being
a scalar quantity, is defined cell centered in a staggered grid system.
Discretization of Eq. 5.18 leads to
−kgeff

Tg,0 =

2 kfeff − hw ∆x
2 kfeff

+ hw ∆x

Tg,1 +

2 hw ∆x
Tw .
+ hw ∆x

2 kfeff

(5.19)

It should be noted that this heat transfer coefficient does not accommodate for direct particle-wall collision contact heat transfer. This contribution is accounted for separately in the way discussed in the previous
subsection.
The gas-wall heat transfer coefficient term, hw , is unknown. It
should follow from more detailed simulations, like DNS, that resolve
the film layer or from correlations. The heat transfer coefficient between
the gas and the wall is hard to determine experimentally. Previously,
wall to emulsion phase heat transfer coefficient correlations have been
proposed. In Kunii and Levenspiel (1991) the proposed equation by
Glicksman, Decker and Baskakov is given,
(
5.0 + 0.05 P r Rep if Rep < 150
hw dp
Nu =
=
(5.20)
kg
0.18 P r0.33 Re0.8
if Rep > 150
p
This correlation gives a value between 200 to 350 W/m2 K for our systems. Since gas to wall heat transfer only contributes partly to the full
emulsion to wall heat transfer, hw is expected to be of this magnitude
or smaller. In our comparison of simulations with experiments hw will
be used as a fitting parameter to match the two data sets. This fitting
of simulations with experiments using wall heat loss coefficient hw will
be discussed in section §5.4.
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5.2.5

Other mechanisms of heat transfer

Though most of the known important mechanisms of heat transfer have
been included in the model some complex forms of heat transfer that
are difficult to model have been left out. One of these forms is radiation.
However, for our relative low temperatures this mechanism will only be
of minor importance.
During fluidization particles are constantly colliding with the walls.
The heat transfer during collision has been accounted for and described
earlier in this section. However, this is not the only form of particle
wall interaction that occurs. Clusters of particles are flowing along the
wall. These particles roll and brush against the wall. Unlike collision
where contact times are low (< 10−5 s) particles brushing against the
wall remain at the wall for a much longer time (> 10−5 s). Though the
contact time in the later form of contact is higher it cannot be said that
this is a stronger mechanism of heat transfer. This is because though
collision times are small they take place large in number (say per sec)
in comparison to rolling against the wall.
Another form of unaccounted heat transfer in the model is due to
clusters of particles coming to momentary rest near the bottom distributor plate of the bed or against the wall while fluidizing. This momentary
stagnation prevails for circulating particles after coming down along a
wall. It leads to longer contact time for such a particle in the region near
the bottom compared to collisions. Heat transfer of particle assemblies
with low mobility are treated in current CFD-DEM as collisions where
a very small contact time would be considered and a smaller packet of
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Figure 5.2. Eulerian grid and relevant temperatures for the treatment of
the boundary condition.
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energy is transferred. However, the contacts are not really collisions but
of a more lasting nature.
The modeling of heat transfer in this less mobile dense particle regions near the wall and bottom is difficult. Especially its incorporation
into the CFD-DEM, because temperature gradients on the scale of particles are not available. One might consider to add a solids contribution
to the effective conductivity k eff , where we now only consider a gas contribution (see Eq. (5.6)). In CFD-DEM it is a bit unnatural to model the
solids phase in an effective way because the particle phase is unresolved.
Since we do not currently know how to treat the heat transfer
through less mobile regions we neglected this form of heat transfer.
Earlier we mentioned that gas-wall heat transfer coefficient hw will be
used as a fitting parameter. So, the heat loss due to non-modeled mechanisms will eventually be lumped into an overall gas-wall heat transfer
coefficient. From the fact whether the fitting gives reasonable numbers
(or is possible at all) we will evaluate the significance of non-modeled
mechanisms.

5.3
5.3.1

Experimental imaging method and simulation
data
Experimental and simulation setup

A series of fluidization experiments using the visual/infrared imaging
technique were performed on a pseudo 2-D fluidized bed setup. The
details of the recently developed experimental image analysis can be
found in chapter § 4. Here, in this section, we will only briefly discuss
the experimental set up and the data analysis of the measurements.
The fluidization runs were carried out with glass particle of size 1 mm
which can be classified as Geldart D type glass particle. The particle
properties are provided in Table 5.2. Hot particles, heated in an oven
at 120 ◦ C, were charged into the empty bed at room temperature, after
which a constant nitrogen gas stream at 20 ◦ C is supplied through the
bottom plate. The used bed consisted of aluminum back and side walls
and a front window made of sapphire glass.
The size of the experimental pseudo 2-D bed was (width × height
× depth) 8 cm × 25 cm × 1.5 cm. The fluidization gas enters from the
bottom perforated support. The setup had a small circular nozzle of
size 1.2 cm in size shown in Fig. 5.3. No gas entered from this nozzle
during the experiments.
For the fluidization of the 1 mm particles two bed-heights corresponding to bed masses of 75 g and 125 g were considered and three
background gas velocities were used. The properties and settings for

106

8cm
1.5cm

25cm

Tp0 = 90 C

1.3cm

ubg Nozzle

ubg

Tbg =20 C

the fluidization experiments are summarized in Table 5.2. The background velocity given in that table is actually the total volumetric flow
rate divided by the cross sectional area of the bed. Note that this does
not equal the velocity that is supplied through the porous plate because
of the presence of the nozzle where there is no gas flow. The nozzle
occupies 10% of the bottom plate area. So, e.g., for ubg = 1.2 m/s
in Table 5.2 the actual superficial velocity through the bottom porous
plate equals (1.2/0.9) i.e. 1.33 m/s.
The CFD-DEM simulations were performed for the same setup dimensions, material properties and experimental settings. The gas phase
flow was modeled on a Eulerian grid (NX × NY × NZ) of 35 × 110 ×
6. So the size of individual block mesh was (DX × DZ × DY) 2.28 mm
× 2.28 mm × 2.5 mm. The fact that no gas entered from the nozzle
needed to be incorporated in the simulations so that the computed spatial gas distribution is identical to that in the experiments. However,
the CFD-DEM simulations were performed with a block mesh Eulerian
grid while the real nozzle was circular. To mimic the nozzle a no-flow
boundary condition was set for 5 × 4 grid cells which was 1.14 cm ×
1 cm in size (i.e. nearly the same area as the nozzle). For the boundary
condition at the other bottom cells a velocity corresponding to the corrected background velocity as discussed in the previous paragraph was
set.
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Figure 5.3. Experimental set up showing the dimensions of the fluidized
bed. This set up had a circular nozzle at the bottom centre of
the perforated inlet which has been shown by red circle.

Table 5.2. Properties and settings used in the experiments and simulations.
(a) Constant particle and fluid properties.

Particle material
Particle density ρp
Norm. coeff. of restit.
Tang. coeff. of restit.
Fluid heat capacity Cp,f
particle heat capacity Cp,a
Fluid viscosity µf

Glass
2500 kg/m3
0.97
0.33
1010 J/kg K
840 J/kg K
2.0 × 10−5 kg/m s

(b) Settings used in experiments.
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dp
(mm)
1.0
1.0
1.0

5.3.2

Geldart
type
D
D
D

ubg
(m/s)
1.20
1.54
1.71

Bed mass
(g)
75 & 125
75 & 125
75 & 125

Data acquisition and analysis

The fluidizing bed was recorded by both a visual camera (La Vision ImagePro, 560 × 1280 resolution) and an infrared camera (FLIR SC7600,
250 × 512 resolution) placed in front. The two cameras were synchronized using a trigger system. Fig. 5.4 shows 2 samples of images that
were captured simultaneously by both cameras.
Using the high resolution infrared and visual images the
IR/DIA/PIV processing technique obtains temperature distributions,
solids volume fractions and velocities. This process involves image filtration, normalization, interrogation, cross correlation etc. using the
method discussed in chapter 4. The resulting coarse grid data of size
(35 × 68) was used for evaluating time-averaged particle volume fractions, fluxes and temperature distributions.
The simulation results were visualized using the Paraview software.
The temperature fields from the simulations can be directly compared to
the measured IR temperature fields. Fig. 5.5 shows a series of simulation
snapshots along with the IR images corresponding to the same instances
in time (1 s, 4 s and 12 s). Due to the flow pattern of particles and gas a
narrow cold zone of particles is seen at the centre bottom of the pseudo 2D fluidized bed in the IR experiments (Figs. 5.4 and 5.5). These narrow
channels of cold particles swivel around at the base during fluidization.
This phenomena is faithfully reproduced in the simulations, see Fig. 5.5.
In order to compare the experimental profiles of volume fractions
and fluxes with the simulation data, the grid size in the simulations
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Figure 5.4. Instantaneous synchronized visual and infrared images of the
pseudo 2-D fluidized bed. These images are for a fluidization
run of the bed with 1 mm particles and mass 125 g.
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C

time, t=4s
C

time, t=12s
Figure 5.5. Instantaneous simulation images visualized by Paraview and infrared images recorded by IR camera at various time instants
of fluidization. These images are for fluidization run of 1 mm
particle bed and bed mass 75 g.
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Table 5.3. Fitted gas-wall heat transfer coefficients and their respective thermal resistance layer thinckness.

heat loss coefficient hw , (W/m2 K)
50
100
250
350

thickness δl , (mm)
0.5
0.25
0.01
0.007

5.4
5.4.1

Results and discussion
Matching cooling curves

The CFD-DEM simulation results were obtained with a code that implemented the heat transfer mechanisms discussed in section §5.2. As
stated in that section, the gas-wall heat transfer coefficient, hw , was
used as an adjustable parameter. This was achieved by using a range
of reasonable wall heat transfer coefficient values.
Starting from an adiabatic wall the wall heat loss coefficient was
increased (0, 50, 100, 250, 350 W/m2 K). These varying heat loss coefficients determine the resistance to gas-wall heat transfer near the wall.
From the thermal conductivity kg = 0.025 W/m K the thickness of the
thermal resistance layer can be estimated, using Eq. (5.17), and has
been tabulated here in Table 5.3.
It is observed that the temperature decline is faster with increasing
wall heat loss coefficient. This can be seen in Fig. 5.6. When closely
observed, the cooling-rate change is sharper for low heat transfer coefficients (e.g. 0-50 W/m2 K). For larger heat transfer coefficients a further
increase does not significantly affect the cooling rate anymore (e.g. 250350 W/m2 K). This limiting behaviour indicates that the heat trans111
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was chosen to correspond with the experimental coarse ‘interrogationwindow’ grid (i.e. 35×68). The data processing for both the experiments
and simulations was performed using Matlab script where the solids volume fraction, velocity and temporal distribution were obtained on the
interrogation-window grid. For the experimental data the DIA procedure as described in section §4.3 was used to obtain volume fractions.
These instantaneous solids volume fraction fields are coupled with PIV
data and/or temperature fields form the IR camera to obtain (timeaveraged) fields and fluxes. For the simulations the same processing
was used, except that in this case some properties like solids volume
fractions can be directly extracted from the data. The comparison of
the resulting processed images will be shown in the next section.
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fer from the hot gas in the fluidized bed to the environment reaches
a saturation. In this case the resistance of the gas-wall heat-transfer
mechanism is negligible compared to other resistances.
When these curves are compared to fluidization experiments with
fluidization velocity 1.2 m/s as shown in Fig. 5.6(a) the temperature
decay is slightly faster in experiments than in the simulations (at saturated hw ). However, for the case of fluidization velocity 1.54 m/s
it is observed that the experiments and simulations match well for
hw = 350 W/m2 K, see Fig. 5.6(b). Similarly, for a higher fluidization
velocity of 1.71 m/s also the experiments matched well with simulations at this saturated value of hw . Fig. 5.7 shows the profiles of mean
particle temperature profiles for experiments and CFD-DEM simulations at wall hw = 350 W/m2 K for fluidization velocities: 1.2, 1.54
and 1.71 m/s (particle size 1 mm and bed mass 75 g). CFD-DEM simulations that were done for bed mass size of 125 g and particle size
1 mm also match reasonably well with experiments. Here, once again,
the saturation in mean particle temperature profile slope was reached
at hw = 350 W/m2 K. Fig. 5.8 shows these profiles for fluidization
velocities 1.2 m/s and 1.54 m/s.
In the combined DIA/PIV/IR measuring system that was developed
and shown in chapter 4, experiments were also conducted on Geldart B
0.5 mm particles. Comparison results for these particle sizes have not
been included here in this paper because the simulated cooling profile
slopes were much smaller compared to experiments. This is an indication that for 0.5 mm particles there are certain mechanisms of heat
loss to the wall which are not getting accounted for in the CFD-DEM.
We speculate that the mechanisms discussed in section §5.2.5 plays an
important role in reality while it is not incorporated in the model. As
discussed earlier these mechanisms due to longer contacts of particles
with wall could be a stronger contributor to heat loss for smaller Geldart
B type of particles. Unaccounted mechanism like longer contact times
due to momentary stagnation of particles must be playing a stronger
role at lower background gas velocities. This is consistent with the deviation found for 1 mm particles at low gas velocity (see Figs. 5.6(a) and
5.7) and for 0.5 mm particles which were fluidized at relatively lower
velocities of 0.51 m/s and 0.86 m/s.

5.4.2

Energy balances

From the CFD-DEM simulations we can obtain information on the relative importance of the several heat-transfer mechanisms at play. From
the results shown in Fig. 5.6(a) and Fig. 5.6(b) the energy loss through
the walls could be estimated as the difference in energy lost by the particles in the adiabatic temperature profile and fitted temperature profile.
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(a) Mean particle temperature profiles with varying wall heat loss coefficient for
fluidized bed with 1 mm particles, ubg = 1.2 m/s and bed mass 75 g with
comparisons to experiments.
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(b) Mean particle temperature profiles with varying wall heat loss coefficient for
fluidized bed with 1mm particles, ubg = 1.54 m/s and bed mass 75 g with
comparisons to experiments.

Figure 5.6. Plots showing effect of varying wall heat loss coefficient on mean
particle temperature profiles during CFD-DEM simulations and
their comparison with experiments.
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Figure 5.7. Comparison between experiments and simulation between cooling profile for fluidized bed with 1 mm particles and bed mass
75 g and hw = 350 W/m2 K.
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Figure 5.8. Comparison between experiments and simulation between cooling profile for fluidized bed with 1 mm particles and bed mass
125 g with the wall heat loss coefficient of 350 W/m2 K.
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Table 5.4. Energy analysis from simulation data

Particle
size dp ,
mm
1
1
1
1
1

ubg ,
m/s
1.2
1.54
1.71
1.2
1.54

Bed
mass,
g
75
75
75
125
125

Heat lost
through
outlet, W
101,750
153.091
175.77
138.048
171.234

Heat lost by
gas to wall
contact, W
46.648
49.427
59.250
82.024
103.638

Heat lost by
particle-wall
collision, W
0.286
0.343
0.348
0.716
0.732

5.4.3

Instantaneous fields and distributions

In this section the instantaneous experimental images obtained with the
DIA/IR technique and simulation data is compared. The DIA images
of instantaneous solids volume fields are shown in Fig. 5.9(a) and simulation results in Fig. 5.9(b). Similarly, both measured and computed
temperature fields are depicted in Fig. 5.9(c) and Fig. 5.9(d), respectively.
From the instantaneous 2-D field measurements and simulations particle temperature distributions over the bed can be obtained. These
temperature distributions have been plotted, at 4 different times,
namely: 1 s, 5 s, 10 s and 13 s, in Fig. 5.9(e) and Fig. 5.9(f). From
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Energy lost by particle collision with the wall was recorded and maintained in the non-adiabatic simulations itself. So, the heat lost through
the 3 mechanisms in the CFD-DEM simulations could be obtained and
have been summarized hereby in Table. 5.4.
From the results in Table 5.4 it is seen that heat loss through the
exit has the highest contribution to the heat loss followed by gas-towall heat transfer. Heat transfer due to particle collisions with the wall
is very small or negligible. It is further observed that with increasing
background gas velocity the heat loss through all of the mechanisms
increased. Also with increase in bed mass the heat transfer by all of the
mechanisms increases. This is expected as an increase in the velocity
of background gas increases the gas flow and gas particle heat interaction thus increasing the heat moving out of the outlet. The higher
background velocity also means that the particles are more vigorously
fluidized leading to a enhanced mixing in the bed. This decreases δl
the thickness of the film layer of heat resistance near the wall causing a
higher wall heat loss as well. This same phenomena is also responsible
for the increase in particle-wall collision heat loss as vigorous fluidization
increase collision rate.
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these distributions it is clear that the simulations produce sharper profiles compared to the experiments. This could be due to unaccounted
forms of heat transfer mechanisms that was discussed earlier in section
§5.2.5. However, in the next subsections some other analysis on timeaveraged spatial distribution inconsistencies will be presented. There
some limitations in the current IR technique will be discussed. The
less sharper temperature distribution for experiments could at least be
partly attributed to these measurement issues.
In section §4.4.6 it was shown that the standard deviation of the particle temperature distribution profile decreased with decreasing temperature of the particles. This was due to the reducing driving force which
is the temperature difference between inlet gas and fluidizing particles.
This can also be seen here in the experimental and simulation results of
Fig. 5.9(e) and Fig. 5.9(f). The spread of the temperature distribution
decreases as the temperature of particles decreases for both experiments
and simulations reaffirming the trend of decreasing standard deviation
as the bed cools.

5.4.4

Time-averaged spatial data

The newly developed IR/DIA/PIV experimental technique facilitates
the comparison between spatial distributions from experiments and simulation. Using this non-invasive visual and infrared measurements detailed information on solids volume fraction fields, volume fluxes vector
plots and temperature fields were obtained. These fields were compared
with the simulation results obtained. The solid volume fraction field
and volume flux vector plots are based on previous works that have
been done by de Jong et al. (2012).
With the incorporation of infrared the temperature distribution profiles have been added. These ‘temperature fields’ that are time-averages
are actually the relative deviation from the spatially-averaged mean
temperature, ⟨Tp ⟩ε . Since the driving force of the heat transfer changes
as the particles are getting colder the deviation of the temperature from
the mean is non-dimensionalized by dividing it by the temperature difference between mean particle temperature and inlet gas temperature,
X
1
Tp (t, i, j) − ⟨Tp (t)⟩ε
εp (t, i, j)
ε
(t,
i,
j)
⟨Tp (t)⟩ε − Tg,in (t)
t p
t

Γp (i, j) = P

(5.21)

The reason for defining this quantity is the fact that when the bed is
as at the inlet-gas temperature there will be no inhomogeneities in the
particle temperatures. When the bed is cooling it is expected that the
variation of particle temperatures in the bed will be proportional to the
thermal driving force, ⟨Tp (t)⟩ε − Tg,in . Therefore this non-dimensional
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Figure 5.9. The depicted data is for a fluidization run at ubg = 1.2 m/s, bed
mass 75 g and dp = 1 mm. The first row shows comparisons of
instantaneous solids volume fraction and temperature fields as
measured and simulated. Fig. 5.9(e) and Fig. 5.9(f) show instantaneous temperature distributions obtained from interrogation
grid sized data of experiments and simulations respectively. The
black distribution curves in both these plots correspond to the
fields shown in Fig. 5.9(c) and Fig. 5.9(d).
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temperature is expected to be a time independent good approximation
and time-averaging of this quantity makes sense. A more in-depth discussion of this quantity is provided in chapter 4.
Here we focus on time-averaged results for the bed filled with
1 mm particles and bed masses 75 g and 125 g. Figs. 5.10 and
5.11 show time-averaged fields for fluidization velocities 1.2 m/s and
1.71 m/s, respectively, and bed mass 75 g. Fig. 5.12 shows the fields for
ubg = 1.54 m/s and bed mass 125 g. All 3 figures each compare three
properties, namely, time-averaged: solids volume fractions, mass fluxes
and particle-temperatures differences with respect to the spatial mean.
It can be seen that the solids volume fraction fields and solids volume flux vector-fields match well for experiments and simulations (see
Figs. 5.10(a), 5.10(b)) and see (5.10(c), 5.10(d), respectively). The
solids volume fluxes of particles that were experimentally recorded by
DIA/PIV and computed by simulations were compared at a height of
2.3 cm above the bottom of the bed in Fig. 5.13(a) and Fig. 5.13(b)
for fluidization velocities 1.2 m/s and 1.71 m/s. This quantitative comparison of the z-component of the solids-volume fluxes is very good. In
both cases there is a slight asymmetry. This can be explained by the
finite time interval used to perform the averaging. In Fig. 5.13(a) the
experimental asymmetry seems bigger than the simulated one. Note,
however, that at lower gas velocity non-homogeneities due to the distributer plate are more significant in experiments. The most notable
difference between the experimental and simulation profiles is the behavior very near the walls.
With respect to temperature fields there are some noticeable differences between experiments and simulations in Figs. 5.10(e) and 5.10(f).
The spatial variation of the time-averaged Γp lies in the range of
-0.1 to 0.04, for example, see Fig. 5.10(e). For example, if the inlet
temperature is 20 ◦ C and mean particle temperature is 80 ◦ C) the spread
of the particle temperature distribution is in the range of 74 ◦ C to
82.4 ◦ C. This magnitude of variations is also clear from Fig. 5.9(e).
Since the cold inlet gas enters from the bottom in Fig. 5.10(e) and
Fig. 5.10(f) it can be seen that at the bottom the non-dimensionalized
temperature deviation Γp is close to -0.1. Due to the high back mixing
rate in fluidized beds this deviation sharply rises from -0.1 as we move
upwards in the bed. In the centre of the bed the temperature is higher
than the mean i.e. in the range of (0 to 0.04) with maximal positive
deviations towards the sides. This is common in both experiments and
simulations shown in Fig. 5.10(e) and Fig. 5.10(f). In both cases at the
centre bottom a narrow rise of cold zone (-0.1 to 0) can be observed.
This follows from the flow pattern of the particles which can be observed
from the solids volume flux distributions shown in Figs. 5.10(c) and
5.10(d).
118

5.4.5

Instantaneous temperature profiles

At the the centre bottom of the pseudo 2-D bed the temperature varies
most rapidly. Therefore we will have a closer look at this region. In
Fig. 5.14 the change in temperature along the centre axis of the bed is
shown for different times (dp =1 mm and 75 g bed mass). Note that here,
differently from chapter 4, the axial temperature profiles are considered
at the coarse interrogation grid to be able to compare experiments and
simulations. It is to be noted that these profiles are obtained by averaging the axial temperature profiles over every 20 images. Since images
were recorded at the rate of 0.1 s per image the mean temperature thus
obtained was representative of 1 s, 3 s, 5 s, etc.
In Fig. 5.14 it is observed that in experiments the particles start
out with a lower temperature near the bottom than in the simulations.
Besides the temperature gradient very close to the bottom is sharper
(or higher) for experiments compared to simulations. When calculated
with the data available in this figure, for experiments this gradient varied between 2.4 ◦ C/mm to 1.53 ◦ C/mm and for simulations it was be119
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However, in the upper part of the bed there are some striking differences between experiments and simulations. Starting from the upper
centre of the bed Γp declines in the upward direction from 0 going towards -0.1 for experiments. But in the simulations case the temperature
deviation remains uniform slightly above the mean throughout this region also. There is an observed decline at a much higher height than
in the experiments. This can be observed in the simulation distribution
plots of Fig. 5.11(f) (height 7-8 cm) and Fig. 5.12(f) (height 12 cm).
The upper region of the bed is a sparse region where the bed density
is low. It has been shown previously in chapter 4 that the IR measuring
system measures a temperature of about 1 ◦ C lower when the particles
are in a low density region of the bed. This is one of the reasons contributing to the differences. However, the magnitude of this error in the
IR-measurement is not high enough to explain the full mismatch with
the simulation result. Another factor that might contribute to the deviation is the higher velocities of particles in the upper half of the bed,
i.e., the free board region. The IR integration time for the IR camera
was set at 600 µs in the experiments Patil et al. (2015). If particles
travel at high enough velocities to translate one pixel or more during
this integration time then its image will be blurred. This means that
the image of the particle will be smeared out over more pixels with a
lower intensity per pixel. This lower intensity is next interpreted as a
lower temperature. Thus we expect that in the lower half of the bed the
measurement is most accurate and this accuracy reduces as we move
upward in the bed.
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Figure 5.10. Time-averaged fields for particle size dp = 1 mm and bed mass
75 g. The background velocity ubg = 1.2 m/s. The first row
of plots, (a)-(b), shows the solids volume fraction in the bed
obtained from DIA and simulations, respectively. The second
row shows solids volume flux fields obtained by DIA/PIV coupling. The third row shows the time-averaged dimensionless
particle temperature, Eq.(5.21), obtained by DIA/IR coupling.
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Figure 5.11. Time-averaged fields for particle size dp = 1 mm and bed mass
75 g. The background velocity ubg = 1.71 m/s. The first row
of plots, (a)-(b), shows the solids volume fraction in the bed
obtained from DIA and simulations, respectively. The second
row shows solids volume flux fields obtained by DIA/PIV coupling. The third row shows the time-averaged dimensionless
particle temperature, Eq.(5.21), obtained by DIA/IR coupling.
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Figure 5.12. Time-averaged fields for particle size dp = 1 mm and bed mass
125 g. The background velocity ubg = 1.54 m/s. The first row
of plots, (a)-(b), shows the solids volume fraction in the bed
obtained from DIA and simulations respectively. The second
row shows solids volume flux fields obtained by DIA/PIV coupling. The third row shows the time-averaged dimensionless
particle temperature, Eq.(5.21), obtained by DIA/IR coupling.
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bottom of the fluidized bed for 1 mm particle size and fluidization velocity
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Figure 5.13. The axial component of the solids volume flux at height 2.3 mm
above the bottom of the fluidized bed for 1 mm particle size.
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Figure 5.14. Axial line temperature profile (from the centre) comparison
between experiments and simulation between cooling profile
for fluidized bed with 1 mm particles and bed mass 75 g.

tween 1.01 ◦ C/mm to 0.43 ◦ C/mm. We think that the unaccounted
heat-transfer mechanisms, discussed in section §5.2.5, cause this lower
gradient in simulations compared to experiments.

5.5

Conclusion

This work introduces a CFD-DEM modeling of a gas-solid fluidized
bed which incorporates various mechanisms of heat transfer. These
mechanisms include gas-particle, particle-particle, gas-wall and particle
wall heat transfer. The unknown gas-wall heat transfer coefficient was
used to match experiments and simulations results with respect to the
cooling curves of the beds.
A detailed comparison of experimental and simulation data has been
made and analyzed for Geldart D type 1 mm particles. Solids volume
fractions and solids volume fluxes both compared well. For the temperature fields the comparison was favorable in the lower half of the bed
but less favorable in the upper part. This mismatch is well explained
by experimental deviations: namely the dependence of IR results on local solids volume fraction (lower in the top part) and particle velocities
(higher in the top part). For highly accurate temperature measurements
using IR thermography it therefore might be needed to use calibrations
that take into account the local solids volume fractions and local particulate velocities. Note that this would give a further integration of
the DIA and IR methods. Furthermore the axial temperature profiles
124

in z direction are sharper for experiments compared to the simulations.
The reason for this difference can be mainly attributed to mechanisms
of unaccounted forms of heat transfer.
The comparison of CFD-DEM simulations and IR/PIV/DIA has
provided much insight in both the modeling and the simulations. It indicates several ways to improve both the modeling and the experiments.
For the state-of-the-art CFD-DEM the hydrodynamics is modeled accurately. The heat-transfer is semi-quantitatively correct. The results
suggest that in the modeling an extra heat-transfer mechanism should
be included, probably due to conduction by the solids phase. It will be
challenging to incorporate this in the CFD-DEM methodology which
was not attempted in the current paper.
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Chapter 6

Computational study of
particle temperature in
bubbling spout fluidized
beds
Abstract

C

6.1

Introduction

Spouted fluidized beds are widely used in processes such as granulation,
drying and coating. Some of the products produced by such processes
are detergents, pharmaceuticals, food and fertilizers. These products
need to be produced with specific properties such as size, mechanical
† This

chapter is based on Amit V. Patil, E.A.J.F. Peters, J.A.M. Kuipers., Computational study of particle temperature in a bubbling spout fluidized bed with
hot gas injection, Submitted to Powder Technology.
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FD-DEM simulations of a hot gas jet issuing into a
pseudo 2D gas-solid fluidized bed of glass particles is reported. A novel CFD-DEM model accounting for fluidparticle heat transfer has been developed and used for this particular research. In this work the background gas is maintained
at minimum fluidization velocity and room temperature (300 K)
while a hot gas jet (500 K) is injected from the center of a pseudo
2D bed. Three different particle sizes have been studied (1 mm,
2 mm and 3 mm). The hot gas jet causes continuous bubble
formation and propagation in the bed thus creating a circulation
pattern of particles. Using the detailed simulation data various kinds of analysis are presented on the particle temperature
statistics like standard deviation and distribution profiles of timeaveraged particle density, volume flux and temperature variation
about the mean. Further, a tracer particle analysis is presented
that shows the variation of particle temperatures about the mean
for different particle sizes. †
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strength (for ease of handling) and chemical composition (purity). Fluidization using spouted beds is widely considered to be the most suited
mode of operation to produce granular products. This has resulted in
a large amount of research on spout fluidized bed applications in literature, e.g., Mathur and Epstein (1974); Grace and Matsen (1980); Litster
et al. (2004); Epstein and Grace (2010).
The spout, which has a high speed gas jet compared to the background fluidization gas, avoids creation of slugs and thus facilitates a
well defined particle circulation pattern. This is believed to facilitate optimal and uniform particulate processing making this processing method
one of the most popular and promising methods. A large number of experimental investigations have been carried out on spout fluidization
to understand overall particle flow dynamics and their regimes of operations in spout fluidization; see Alpert and Keairns (1974); Salman
et al. (2006); Sutanto et al. (1985); Berruti et al. (1988); Zhao et al.
(1987); Epstein and Grace (1997). Besides this, the spectral analysis of
pressure drop fluctuations has been exhaustively studied in literature;
Nagarkatti and Chatterjee (1974); Xu et al. (2004); Link et al. (2005).
Hydrodynamics of spouted fluidized beds has been studied extensively
both experimentally and computationally in the past using relatively
simple one dimensional models; Lim et al. (1988); Ye et al. (1992); Passos et al. (1989).
Early modeling works on spout fluidizations involved many kinds of
theoretical and population balance models for size distributions; Hounslow (1998); Morooka et al. (1990). Individual particle flow modeling
first became possible with the advent of the discrete particle modeling
method (DEM) by Tsuji et al. (1993). The application of discrete particle models to study spout fluidized beds was introduced by Kawaguchi
et al. (2000). This further led to many studies using improved gasparticle and particle-particle modeling methods for spout fluidized beds
which is now known as the computational fluid dynamics - discrete particle model (CFD-DEM) technique; Zhong et al. (2006); Limtrakul et al.
(2004); van Buijtenen et al. (2009).
CFD-DEM is an Euler-Lagrange based modeling tool which is best
suited for medium scale studies of gas-solid fluidized bed systems; see
Link (2006). Thus it is often used to assess the impact of closures for
fluid-particle and particle-particle interaction models in various spouting regimes backed up by novel experimental techniques Link et al.
(2007); van Buijtenen-Tiemersma (2011). Some recent works with CFDDEM have focussed on improving particle-particle interaction models
that produce results that better correspond to experimental observations; Goniva et al. (2012); Jajcevic et al. (2013). Experimental validations of spouted fluidized beds have also been extended to multiple and
elevated spout studies; van Buijtenen et al. (2011b).
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In CFD-DEM the gas phase is treated as a continuum (Eulerian) whereas the particulate phase as discrete (Lagrangian) fashion.
Through two-way-coupling both phases experience each other through
momentum exchange. Particle collisions mechanics is accounted for using the soft sphere model first proposed by Cundall and Strack (1979).
CFD-DEM models have been extended with heat transfer descriptions
where the continuous phase is modeled by a convection-diffusion equation whereas the discrete phase is treated using a thermal energy equation for each particle.
Heat transfer to the emulsion phase in spouted fluidized beds is of
great importance as it determines the efficiency of various process operations like drying, coating, etc. With the extension of energy transfer
in DEM heat transfer in spout fluidized bed systems Xiao et al. (2006);
Patil et al. (2014) can be studied in detail. Development of new infrared techniques has lead to possibilities of experimental validations
of these models using detailed temperature distributions Tsuji et al.
(2010); Brown and Lattimer (2013); Patil et al. (2015).
Studies of spout fluidized beds may not necessarily be only limited
to thermal aspects but can be extended to include the motion (mixing) of individual particles. The motion of tracer particles in fluidized
beds have been researched extensively in literature using PEPT measurements Stein et al. (2000); Van de Velden et al. (2008); Depypere
et al. (2009). However these studies are limited to individual particle
motion measurement. So for studying particle temperature variations
during these motions or circulations the CFD-DEM approach can be
used. CFD-DEM with heat transfer brings many possibilities of studies
in spout fluidized beds such as particles size effects on both hydrodynamic and thermal behaviour.
In this work we study heat transfer to the particle emulsion from a
hot gas jet that is injected at the centre bottom of a pseudo 2D fluidized
bed. A typical spouting process has various regimes of operations and
here we study the continuous bubbling regime. In this regime continuous
formation of hot gas bubbles takes place at the nozzle. Once the bubble
reaches a certain size it detaches and rises through the bed. Depending
on the particle size and background gas velocity the injected bubbles
exchange heat with the emulsion phase at different rates.
This paper aims to study variations in particle distribution profiles for spout fluidization in bubbling regime operation as a function
of particle size. Properties of particles like overall particle temperature
standard deviation and spatial distribution have been studied. These
properties in general were observed to increase with increasing particle
size.
Tracer particle study is a novel method that has been previously
employed in experiments and simulations Laverman et al. (2008a);

Mostoufi and Chaouki (2001). Mostly these studies have been limited to tracer particle position study and did not involve properties like
temperature of particles. Here a tracer particle study was performed to
study individual particle behaviour with respect to the mean particle
temperature.
We will start with stating the governing equations in section §6.2
and provide details of the spout injection system used for our study in
section §6.3. In section §6.4 the main results will be presented, the main
conclusions will be summarised in section §6.5

6.2
6.2.1

Governing Equations
Gas phase modeling
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In our CFD-DEM model the gas phase is treated as a continuum. The
volume-averaged conservation equations for mass and momentum are
respectively given by,
∂
(εf ρf ) + ∇ · (εf ρf u) = 0,
∂t

(6.1)

∂
(εf ρf u) + ∇ · (εf ρf uu) = −εf ∇p − ∇ · (εf τ f ) + Sp + εf ρf g,
∂t
(6.2)
where Sp denotes the source term for momentum transfer from the
particulate phase and is given by
Sp =

X βVa
(va − u) δ(r − ra ) ≡ α − β u.
1 − εf
a

(6.3)

Here β represents the volumetric drag coefficient for particles due to
gas flow whereas α is the momentum felt by the gas phase per unit
volume due to the overall particle motion. The particle properties are
distributed on the Eulerian grid using smoothed Dirac-delta functions.
The drag coefficient, β, is obtained from the Ergun (1952) equation for
the dense regime and the Wen and Yu (1966) equation for the dilute
regime;
(
1−ε
β d2p
150 εf f + 1.75 (1 − εf ) Rep if εf < 0.8
= 3
(6.4)
Fdrag =
−2.65
µ
if εf > 0.8
4 CD Rep (1 − εf ) εf
The gas phase flow solver uses the semi-implicit projection method.
The details of this method can be found in Patil et al. (2014) and hence
will not be reported here.
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The thermal energy equation for the gas phase is given by,

∂ (ϵf ρf Cp,f T )
+ ∇ · (ϵf ρf uCp,f T ) = ∇ · ϵf kfeff ∇T + Qp ,
∂t

(6.5)

where Qp represents the source term from heat coupling with the particulate phase and kfeff is the effective thermal conductivity of the gas
phase which is related to the intrinsic fluid thermal conductivity given
by the following equation,
p
1 − 1 − ϵf
eff
(6.6)
kf .
kf =
ϵf

a

a

Where Qa is the heat transferred from the gas to particle a and hf p is
the gas-particle heat transfer coefficient for which we use the empirical
correlation given by Gunn (1978),


0.33
Nup = (7 − 10 ϵf + 5 ϵ2f ) 1 + 0.7 Re0.2
p Pr
+ (1.33 − 2.40 ϵf + 1.20 ϵ2f ) Re0.7 Pr0.33

(6.8)

where,
Nup =

6.2.2

hf p dp
dp εf ρf |u − v|
µf Cp,f
, Rep =
and Pr =
.
kf
µf
kf

(6.9)

Discrete particle phase

The modeling of the particle phase flow is based on the Cundall and
Strack (1979) model of the resultant force acting on individual spherical
particles due to various contributing factors. Any given particle a with
mass ma and moment of inertia Ia is described by Newton’s equations:
ma
Ia

d2 ra
βVa
= −Va ▽ p +
(u − va ) + ma g + Fcontact,a
dt2
1 − εf

d2 Θa
= τa ,
dt2

(6.10)
(6.11)
131

CHAPTER6COMPUTATI
ONALS
TUDYOFP
ARTI
CLETEMPERATUREI
NBUBBLI
NGS
POUTFL
UI
DI
ZEDBEDS

This equation was first proposed by Syamlal and Gidaspow (1985). The
fluid-particle heat transfer can be obtained by summing the contributions of all particles belonging to a particular Eulerian cell using a
(smoothed) delta-function as,
X
X
Qp = −
Qa δ(r − ra ) =
hf p Aa (Ta − Tf ) δ(r − ra ).
(6.7)

where ra is the position. The forces on the right-hand side of Eq. (6.10)
are the pressure gradient, drag, gravity and contact forces due to collisions, τa is the torque, and Θa the angular displacement.
The heat transfer rate from the fluid to the particles is evaluated as
the product of the fluid-particle heat transfer coefficient and the driving
force (Tf − Ta ) where, Tf , is interpolated from the Eulerian grid using
volume weighing. The heat balance for particle a gives an evolutionequation for its temperature, Ta ,
Qa = ρa Va Cp,p

6.3
6.3.1

dTa
= hf p Aa (Tf − Ta ).
dt

(6.12)

Bubble formation and rise
Gas jet injection setting
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The continuous gas jet injection study was performed with particle sizes
of 1 mm, 2 mm and 3 mm. To enable a comparison of relative effects of
particle sizes the cross sectional dimensions of the beds were kept the
same (0.24 m × 0.75 m). The particle and gas properties used for the
simulations are tabulated in Table 6.1 and particle collision properties
are summarized below in Table 6.2.
The size of the injection nozzle size was fixed to 2 cm in width
and equal to the bed thickness in the depth direction. The gas mass
flux through the injection nozzle was maintained at 11.67 kg/m2 s at
a temperature of 500 K. The remainder of the bed was maintained at
minimum fluidization velocity with cold background gas entering with
a temperature of 300 K.
The dimensions of the bed are provided in Table 6.2 where it can
be seen that the depth of the bed is the only changing factor. This was
done in order to give the particles enough space in the depth direction
at changing particle size. The bed depth for the 1, 2 and 3 mm particle
sizes were 1 cm, 1.5 cm and 1.8 cm respectively. The bed mass for each
particle size was adjusted such that the same bed height is generated in a
fixed bed state. Thus the resulting number of particles for 1 mm, 2 mm
and 3 mm particles amounted 700000, 130000 and 60000 respectively.
The choice of domain dimensions used was motivated from similar
earlier simulation conducted by Patil et al. (2014) and Olaofe et al.
(2011). The details of the applied boundary conditions are similar to
those used for the single bubble injection study made in the earlier chapter §2. The surrounding walls are represented as no slip and adiabatic
boundaries. The bottom boundary is defined by a prescribed mass flux
profile at the background gas inlet and the central nozzle. The top
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Table 6.1. Standards for DEM simulations.

particle type
particle diameter
particle density
normal coeff. of restitution
tangential coeff. of restitution
heat capacity of gas
thermal conductivity of gas
heat capacity of particles
time step (flow solver)
time step (particles e.o.m.)

Geldart D glass
1-3 mm
2526 kg/m3
0.97
0.33
1010 J/kgK
0.025 W/mK
840 J/kgK
2.5 × 10−5 s
2.5 × 10−6 s

Table 6.2. Properties and settings for DEM.

Tangential
spring
stiffness
(N/m)
2248.9
3212.7
6104.1

Number grid size
of par- [width×
ticles
depth ×
height]
700000 48×2×150
130000 48×2×150
60000
48×2×150

bed
size
[width× depth
×
height]
(m×m×m)
0.24×0.01×0.75
0.24×0.015×0.75
0.24×0.018×0.75

boundary condition consists of prescribed pressure and constant temperature gradient for the gas flowing out.

6.4
6.4.1

Results and discussion
Bubbling regime operation

The spout injection into a gas-solid fluidized bed generates a distinctive particulate flow pattern. In this kind of operation particles in the
dense emulsion at the sides of the spout are sucked into the wake of
intermittently forming gas bubbles. The particles move fast along the
centre line in the vertical direction. The particles are ejected into the
freeboard once they reach the top of the bed. The particles then slowly
move downwards through the dense emulsion phase from the sides. Due
to the central position of the jet this is the circulation pattern that is
generally observed in such spout fluidized beds.
The hot gas injection causes the temperature of the particles in the
bed to rise. The particles coming close to the jet receive most of the heat
and momentum. These particles thus experience a sharp rise in tem-
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dp
ubg
Normal
(mm) (m/s) spring
stiffness
(N/m)
1
0.6
7000
2
1.1
10000
3
1.45 19000
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perature and (vertical) velocity as they rise quickly through the centre
of the bed. The relatively slow moving particles which descend near the
sides of the spout slowly cool due to the cold percolating background
gas. Particles which manage to reach the bottom of the dense bed at the
sides become the coldest particles in the bed. This is obviously because
of the fresh cold background gas supplied to these particles.
Fig. 6.1 shows a set of instantaneous images at times t=20 s, 100 s
and 800 s of a jet issuing into the bed of particle size 1 mm. At each of
these times 3 different images are shown where the first image shows the
gas temperature profile, the second shows the particle temperature profile and the third shows the superimposed images of gas and particles.
From the images it can be seen that during the early stage of heating
of the bed hot particles settle in layers at the sides of the jet. This
is because of the formation and detachment of bubbles at the nozzle.
However as time proceeds this effect is reduced as the bed temperature
increases and the bed temperature becomes more uniform. As the particles reach a higher temperature, the cold layer of particles at the bottom
of the bed besides the spout are much more clearly visible, which can
be observed in the image at 800 s time.
The particle size also influences the hydrodynamics and hence the
transfer of heat to the emulsion phase. This can be nicely observed
in Fig. 6.2 which shows instantaneous images of the superimposed gas
phase and particle temperature fields for 3 different particle sizes at 2
different times (t=25 s, 35 s and steady state). The hot gas bubbles
generated by the jet exchange heat with the surrounding particles in
the emulsion phase as the bubbles rise through the bed.
It can be seen that in the 1 mm particle size bed the bubbles formed
are bigger in size. Also the bubbles are carrying hotter gas compared to
bubbles for larger particles sizes (2 mm and 3 mm). As an example, in
the images shown in Fig. 6.2 it can be seen that for the 1 mm particle
bed some of the bubbles that have reached the top of the bed contain hot
gas, as compared to 2 mm particles where bubbles are warm only up to
half way the bed height. Similarly, bubbles in the 3 mm particle bed are
cooling faster than in the smaller, two particles sizes. This is happening
because of the increased convective heat exchange between the hot gas
bubble and emulsion phase for large particles. Due to the relatively low
heat exchange between the bubbles and the emulsion phase for smaller
particles the bubbles reaching the top of the bed are relatively warm
leading to less efficient fluid-particle heat transfer.

6.4.2

Unsteady state heat transfer analysis

Our simulations produce detailed information on positions, velocities
and temperatures of all the individual particles in the bed as a function
134

135

CHAPTER6COMPUTATI
ONALS
TUDYOFP
ARTI
CLETEMPERATUREI
NBUBBLI
NGS
POUTFL
UI
DI
ZEDBEDS

Figure 6.1. Instantaneous images showing temperature profiles at time
t=20 s, 100 s and 800 s. For each of the times images shown
are gas temperature field, particle temperature field and the
superimposed temperature field of both gas and particles.

t =25 s

t =35 s

dp =2mm

dp =3mm

Figure 6.2. Instantaneous images showing temperature profiles at time
t=25 s and 35 s. For each of the times the images show the
superimposed gas phase and particle temperature fields where
the same temperature scale has been used for all the images.
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Figure 6.3. Mean particle temperature against time plot for different particle sizes. The nozzle mass flux =11.7 kg/(m2 s).
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Nup = mp Cp,p

dTp,m
= ρg,b Ab ug,b Cp,g Tg,b
dt
+ ρg,N AN ug,N Cp,g Tg,N − ṁg,F Cp,g Tpm , (6.13)

where ṁg,F is the overall mass flow rate of the gas passing through
the fluidized bed which is given by ρg,b Ab ug,b + ρg,N AN ug,N . Upon
integration of this equation, with the initial condition that at t = 0 s,
Tp,m0 = 300 K = Tg,b we obtain Eq. 6.14.
t

Tp,m = Tg,ss + ( Tg,p − Tg,ss )e(− τ ) ,

(6.14)
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of time. Using this detailed data the mean particle temperature was
calculated and is shown in Fig. 6.3 as a function of time.
In this plot it can be observed that the rate of heating of the particles
is different for bubble injections at different particles sizes. This is
because of the different background gas velocity for each of the particle
sizes (0.58 m/s for 1 mm, 1.1 m/s for 2 mm and 1.4 m/s for 3 mm) and
the bed mass which was different for different particle sizes in order to
keep the bed size nearly the same. This also influences the equilibration
temperature of particles which attains steady state at different particle
temperatures (Tp,ss = 401 K for 1 mm particles, Tp,ss = 373 K for 2 mm
particles and Tp,ss = 359 K for 3 mm particles). This temperature
is nearly equal to the cup mixing temperature of inlet gas (including
background and spout injection gas, Tg,ss ) as particles in the bed attain
near thermal equilibrium with the gas.
It can be observed that the time needed to attain steady state is also
different for different particle sizes. For smaller particle sizes it takes
more time to reach steady state. This is also due to the same reasons
as explained above (lower background gas velocity and larger bed mass
for smaller particle size).
A simplified energy balance model on the system was developed in
order to be able to study the profile for a theoretical ideally mixed
system. In the simulations the rate of energy injected into the system
per unit time is known for each of the cases and it is also known that
the exit gas temperature is nearly at equilibrium with the mean particle
temperature in the bed. So for the approximate (thermal) calculation it
was assumed that the injected gas and solids ideally mix and thermally
equilibrate, leading to an exit gas which is at thermal equilibrium with
the particle phase. Thus the energy balance for such a system is given
by Eq. 6.13. Here the rate of change of the temperature of particles
in the bed is equated to the total energy entering the system from the
inlet boundary condition minus the energy leaving the system from the
outlet gas after it has completely equilibrated with the particle phase,

where Tg,ss and τ are constants representing the thermal steady state
temperature and a thermal time constant respectively. These quantities
are respectively given by;
(ρg,b Ab ug,b Tg,b + ρg,N AN ug,N Tg,N )
mp Cp,p
and τ =
.
ṁg,F
ṁg,F Cp,g
(6.15)
It should be noted that at steady state where thermal equilibrium is
attained, the particle mean temperature at steady state Tg,ss is equal to
the exit gas temperature at steady state Tp,ss . So in the above equations
Tg,ss and Tp,ss can be used interchangeably.
Eq. 6.14 gives the particle temperature profile Tp,m versus time for
the assumed assumed ideally mixed system which is included in Fig. 6.3
(represented by dotted line). It reveals that for the 3 mm particle bed
the theoretical data and simulation data match perfectly. This is because the bubbles generated in this case thermally equilibrate with the
bed before leaving the bed. The theoretical profile has a slightly faster
changing profile compared to simulations for 2 mm and 1 mm particle beds. This shows the slight heat transfer resistance that exists for
gas-particle heat exchange for 2 mm and 1 mm particle beds.
The individual particle temperature data saved at every 0.25 s time
steps was used to process and obtain the particle temperature distribution. Fig. 6.4 shows an instantaneous particle temperature distribution
semi-log plot for the 3 particle sizes when the mean particle temperature equals 351 K. The width of the distribution as can be seen here
has a narrow sharp peak close the mean temperature 351 K for all the
3 particle sizes where the normalized density distribution exceeds 0.1.
Outside this range of about 4 to 6 K temperature the normalized density distribution values are very small. It was observed that this peak
for each particle size fluctuates somewhat with respect to spread while
the height of the peaks for all particle sizes varied between 0.5 and 0.8.
However, an interesting observation was made outside of the peak
region of the distribution where a low value of normalized density exists.
As can be seen in Fig. 6.4 for 1 mm particle size the distribution spread
exists between temperatures ranging from 342 K to 368 K. Outside the
narrow peak region here (which is approximately between 348 K and
354 K) the density distribution is very low at times going below 10−3 .
This is obviously because of small number of particles having temperatures outside the peak region.
Similarly for 2 mm particle size the distribution spread ranges from
315 K to 354 K and for 3 mm particle size the distribution spread
stretches further from 302 K to 358 K. It was observed from these distribution spreads that for small particle size (1 mm) the spread stretched
more above the mean particle temperature or temperature distribution
Tg,ss =
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Figure 6.4. Temperature distribution of particles for varying particle size at
the same mean particle temperature of 351 K
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peak, while for larger particle sizes (2 mm and 3 mm) the distribution
spread was more below the mean particle temperature.
This was primarily because we know that heat transport from bubble to emulsion phase is low for small particles. So, particles at the
bubble emulsion interface tend to absorb more heat causing some of
these interfacial particles to reach a high temperature relative to the
mean particle temperature. Due to the high background gas velocity,
for large particle size (2 mm and 3 mm) beds, the particles close to
the gas inlet experience very low temperatures. This causes the density
distribution spread of particle temperatures to stretch more below the
mean particle temperature.
Using this temperature distribution data that was obtained for every
0.25 s the evolution of the standard deviation of the particle temperature distribution was evaluated as well. This standard deviation was
recorded against the mean particle temperature that was obtained at
the given instant of time for all particle sizes. This plot is shown in
Fig. 6.5. As can be seen for small particle size of 1 mm the standard
deviation varied little with increasing mean temperature of particles.
However for larger the particle sizes (2 mm and 3 mm) the standard deviation increased with increasing mean temperature of particles. This
is due to the higher background gas velocity which causes the spread
of particle temperature distribution to extend more below the mean
particle temperature.
The simulations also provide information on instantaneous particle
densities, velocities and temperature distributions. The time-averaged

Standard deviation of particle temperature distribution, K

5
dp = 1mm
4.5

dp = 2mm

4

dp = 3mm

3.5
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2.5
2
1.5
1
0.5
0

300
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360
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Mean Averaged temperature of particles, K
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Figure 6.5. Standard deviation against mean temperature of particles plot
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data for the particle density, solids volume flux and temperature distribution about the mean was calculated from the simulation data. These
averaged quantities are defined respectively in Eqns 6.16, 6.17 and 6.18.
1 X
εp (t, i, j)
Nt t
1 X
εp (t, i, j) vp (t, i, j)
Φ p (i, j) =
Nt t
εp (i, j) =

X
1
εp (t, i, j) (Tp (t, i, j) − ⟨Tp (t)⟩ε )
t εp (t, i, j) t

Γp (i, j) = P

(6.16)
(6.17)

(6.18)

Using these equations distribution plots have been made which are
shown in Fig. 6.6. As discussed earlier larger bubbles are formed for
smaller particles near the nozzle and they grow to become larger bubbles
as they rise through the bed. This can be seen in Fig. 6.6(a) compared
to Fig. 6.6(b) and Fig. 6.6(c). Due to larger bubble formation near the
nozzle for 1 mm particles the exchange of heat between hot gas and
particles is lower. This influences the particle temperature distribution
plot as shown in Fig. 6.6(g). It can be seen as well that above the nozzle
the temperature distribution in the hot zones is uniform for 2 and 3 mm
particles whereas for 1 mm particles the distribution indicates colder
zones above the nozzle and hotter zones at the sides.
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Figure 6.6. Time-averaged data for the 3 different particle sizes. The
columns correspond to results for particle size 1,2 and 3 mm.
The 3 rows show time-averaged solids volume fraction, solids
volume flux and particle temperature deviation about the mean.
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Steady state heat transfer analysis
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The heat transfer process eventually reaches a stage where the mean
particle temperature in the bed becomes more or less constant. Due to
the reduced driving force the rate of change of the mean temperature of
particles becomes less than a certain threshold (0.002 K/s) after which
we consider the system at steady state.
The spatial distribution of the time-averaged particle temperature is
shown in Fig. 6.7. From this figure it can be seen that the temperature
distribution in the central and upper part of the bed is close to uniform,
but there exists a sharp low temperature profile close to the bottom
plate where the cold background gas is entering. Furthermore a specific
narrow zone is formed, starting at the nozzle and moving up along the
central axis. This cold zone is caused by colder particles from the sides
that are being sucked into the gas jet.
As the particles receive high amount of heat from the jet they quickly
heat up as they rise along the direction of the jet. So this narrow jet
zone as can be seen in Fig. 6.7 leaves a trail which has patches created
by the hot particles in the time-averaging. Most of these hot particles
from bubbles tend to percolate into the tail of the bubble creating a trail
of hot particles as the bubble moves up. This narrow jet zone formation
is more pronounced for the larger particles (2 mm and 3 mm particles)
as can be seen in Fig. 6.7(b) and Fig. 6.7(c). But for 1 mm particles
it gets more diffused from a point slightly above the nozzle itself (see
Fig. 6.7(a)).
The reason for this pattern of the smaller 1 mm particles is that the
bubbles forming near the nozzle are larger in size compared to that for
larger particles. This can be observed by comparing the instantaneous
images of Fig. 6.2. Larger bubbles of the 1 mm particle bed disturb the
trail left behind by a previous bubble. However, this does not happen
so much for larger particles which have smaller bubbles that disturb the
trail of hot particle less.
The bubble dynamics has its own unique effect in fluidized beds.
As the bubbles rise in the bed they tend to grow in size. The smaller
particle bed bubbles, due to their lower leakage of gas from the bubbles,
tend to grow faster. For larger particles on the other hand the leakage
is higher which does not allow the bubble to grow much in size as they
rise in the bed. This can be also inferred from the time-averaged solid
density distribution given in Fig. 6.6. This further supports the nozzle
jet pattern formation behaviour in the temperature time-averaging at
steady state as discussed here in this section.
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Figure 6.7. Time-averaged particle temperature distribution at steady
state.

6.4.4

Tracer particle study
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In this section we will study the heat transfer process from a Lagrangian
perspective with the aid of tracer particles which are tracked starting
from several initial positions in the bed. The 3 individual particles that
were chosen from an initial position of bottommost left, centre left and
topmost left of the bed. The initial positions of these particles have
been indicated in Fig. 6.8. The particles are represented with red, blue
and green color where the same colors have been used in the subsequent
plots to visualise the temperature histories experienced by the particles.
Fig. 6.9 shows the behaviour of the tracer particles in each type of
bed with respective particle size. It can be seen that the tracer particle
which was at the bottommost corner shows a very different profile in
comparison with the 2 mm and 3 mm particle size bed. In the case of
2 mm particle size the particle has a much lower initial temperature.
Since this particle did not move from its initial bottom left position and
mix in the bed its temperature did not change. However, as soon as it
was carried into the jet the temperature of this particle increased fast
and approaches the mean temperature of particles. The same behaviour
is observed for the 3 mm particle in case it does not move from its
position throughout the simulation.
The tracer particles 2 and 3 show similar behaviour in all the 3 particle size plots. These tracer particles mostly follow temperatures very
close to the mean temperature of the particles. These particle temperature profiles observe sudden peaks that appear randomly in each of the
plots. Particles during their circulation in the bed are suddenly heated
when they come close to the hot injection gas. These sudden peaks are
representative of the given tracer particle moving in the vicinity of the
hot jet environment of the bed. The particles along with energy also
gain high momentum close to the jet and hence are pushed away from
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Figure 6.8. Schematic representation showing the 3 individual tracer particles in red, blue and green color studied.

the jet in upward direction.
After these tracer particles gain this high momentum the particles
move out into the dense sides of the jet and recirculate back towards
the jet. The particles, when they recirculate, they either take a short
path like the purple curved line or they take a long path represented by
the yellow line in Fig. 6.8. It can be imagined that the close consecutive
peaks are due to the shorter recirculation paths taken by the particles.
Conversely when the particles take a longer path the consecutive peaks
are further apart with a fairly stable temperature profile in between.
Rarely, reverse peaks are observed where the particle temperature
suddenly declines below the mean temperature and then slowly returns
back to the mean temperature of particles. In this case the particles,
while taking longer circulation paths (like the yellow line), are thrown
far away close to the side walls. So, these particles while re-circulating
move very close to the cold gas inlet zone at the bottom of the bed.
When these particles approach the lowermost layer of particles where
the particle comes in direct contact with fresh background gas entering
the system such reverse peaks might be occurring. Since the number
of particles taking this long path is low the reverse peaks are rarely
observed for the tracer particles.
Some characteristic patterns could be observed in these peaks. When
closely examined the peaks in 1 mm particle tracers are sharper compared to others. After attaining their peak the 1 mm particles re144
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Figure 6.9. Comparison plot showing the tracer particles profile alongside
with the mean particle temperature.
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Figure 6.10. Deviation with respect to mean temperature of particles for
tracer particle 2 for the beds with different particle size (i.e.
1 mm, 2 mm, 3 mm).

equilibrated in temperature with other particles more quickly. It can be
observed that comparatively 2 mm and 3 mm take longer times on an
average to re-equilibrate.
Further, the temperature of tracer particle 2’s deviation with respect to the mean particle temperature was evaluated. This is shown
in Fig. 6.10 where deviations for each of the particle sizes can be observed. Here it can be clearly seen shows that the particles mostly tend
to experience positive peaks and a few negative peaks. Smaller particles
fluctuate less compared to larger particles and the peaks re-equilibrate
faster compared to larger particles.
The spacing between the peaks seems random but when more closely
examined for 1 mm particle size it is higher compared to 2 mm and
3 mm. The spacing between peaks with respect to time was evaluated
and plotted as a histogram for each of the particle size. This is shown
in Fig. 6.11 where the time spacing between peaks is plotted against
number of occurrences of the given time spacing. Here in the first
histogram shown in Fig. 6.11(a) it can be seen that the time between
peaks is more evenly spread from lowest time spacing of less than 5 s
to some very high time spacings between peaks at 80 s. However for
2 and 3 mm particle beds time between peaks are more concentrated
below 10 s. Therefore, for smaller particles larger number of peaks are
observed per unit time. Further this is an indication that for larger
particles there is a faster recirculation of particles in the same size bed
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compared to smaller particles.

6.5

Conclusion
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Hot gas jet injection into a particulate bed at minimum fluidization was
studied in detail using DEM with 3 particle sizes (1 mm, 2 mm and
3 mm). The heating and thermal equilibration of particles with the
incoming gas was studied. Due to higher minimum fluidization velocity
and lower bed mass for larger particles a higher standard deviation of
particle temperature and a more pronounced spatial distribution of the
particle temperature was observed. In addition tracer particles data in
each particle size bed were extracted and studied. They were obtained
from 3 different regions of the bed to quantify the temperature dynamics in the bed. The tracer particles showed characteristic behaviour
for each particle size. Mostly the particle temperatures followed the
mean particle temperature closely, however with sudden peaks arising
in between. For smaller particles the peaks were more sharp and they
re-equilibrated with mean particle temperature much faster. Also the
peaks were more densely spaced for larger particles indicating faster
circulation.
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Chapter 7

Conclusion and outlook
his thesis has covered a wide range of numerical and experimental topics on heat transfer in gas-solid fluidized beds. The
numerical research was centered around the Euler-Lagrange
based modeling approach which is commonly known as the CFD-DEM
method. Here particles are treated as discrete elements (Lagrangian)
and the gas phase is treated as a continuum (Eulerian). Through a two
way coupling, the two phases, interacted with each other by momentum
exchange using a drag correlation. This PhD project has contributed
to the development of CFD-DEM by including heat-transfer.
This implementation was tested by comparison to a one dimensional
model for a packed column with heat exchange between the gas and
solids phases. The good agreement between the analytical solution
(for one dimensional convection equation with heat-exchange) and the
simulation results was a first validation for the heat coupling in CFDDEM model. With this new implementation a range of comparisons
and validations were studied. This thesis reported comparisons of the
CFD-DEM results with the theoretical Davidson and Harrison bubble
model and a newly developed visual/infrared technique that we named
DIA/PIV/IR.
The CFD-DEM model was first successfully used to study bubble
to emulsion heat transfer in a pseudo 2-D fluidized bed. This study
was carried out by injecting a hot gas bubble from a central nozzle
with varying injection temperatures and particle size. The bubble rose
through the bed at minimum fluidization velocity exchanging heat with
the surrounding emulsion phase. The variation in mean temperature of
the gas bubble was used to evaluate the bubble-to-emulsion heat transfer
coefficient. The comparison with the theoretical results of the Davidson
and Harrison bubble model in 2-D was good. Only for larger particles
a slight deviation was observed, which was due to the reheating of the
bubble by hot particles collecting at the bottom of a bubble.
The study of bubble-to-emulsion heat transfer was extended to a 3-D
gas-solid fluidized bed. Here the heat transfer coefficient from simulations did not match with the theoretical Davidson and Harrison model.
After a detailed analysis it was concluded that the potential flow assumption for the solids motion made in the Davidson and Harrison
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bubble model does not hold in 3-D.
A novel visual/infrared technique was developed in this thesis. In
this technique, synchronized visual and infrared cameras were used that
recorded images at the same instant of time. A post-processing technique, called the DIA/PIV/IR, was developed. Using DIA/PIV/IR
processed measurements of four important synchronized parameters of
multiphase flow in non-isothermal pseudo 2-D fluidized beds were made
available, namely: solids volume fractions, temperature fields and mass
and heat flux fields. This developed technique has produced distribution
data that can be used for CFD validation.
The CFD-DEM model with heat transfer was extended with various more complex mechanisms of heat transfer (besides the gas-particle
heat exchange), such as: particle-particle, gas-wall and particle-wall
heat transfer. This was done to enable a direct comparison with the
DIA/PIV/IR measurements. The simulation data were processed to
obtain particulate density, mass flux and temperature distributions in a
2-D bed that could be directly compared to the experimental data. In
the dense lower half of the bed good correspondence was found. However, in the upper half of the bed where density of particles is low and
particle velocity is high a significant mismatch was observed between
simulations and experiments. This was because of the relatively poorer
quality of the temperature measurement in this part of the bed.
This thesis has covered various theoretical and experimental comparisons for the CFD-DEM modeling method. Furthermore, in the last
chapter the CFD-DEM method has been put to use to study particle
temperature in a bubbling spout fluidized bed. Here simulation data
for several particle sizes was used to obtain distribution parameters like
standard deviation and spatial particle temperature fields. Also tracer
particle data was extracted in order to characterize particle temperature
characteristics.
This thesis has laid the foundation for the development of a new
measuring technique for gas-solid fluidized beds. There is much scope
for further improvement of this technique after this work. The visual
and infrared cameras in this experimental method were placed side by
side in front of the pseudo 2-D fluidized bed set up. This method of measurement needed image restructuring and there were mapping issues as
the two cameras were not perfectly aligned in front of the fluidized bed.
So it would be good to have a beam splitter (or image doubler) that can
split the radiation beam allowing the cameras to measure from angled
position. This can give accurate mapping of individual particles even at
very high resolution and thus providing more accurate measurements.
The infrared technique produced inaccurate temperature measurement in the upper part of the bed. This was due to the lower particulate density and high particulate velocity in this part of the bed. This
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inaccuracy in measurement can be decreased in future technique developments. The velocity and density distribution from visual images can
be used to calibrate and estimate the error in measurements of infrared
camera. This error estimation of infrared thermography can be done by
measuring with varying integration time of the infrared camera. This
will help in estimating the error due to particulate velocities.
Though an advanced CFD-DEM with heat transfer was developed
in this work there is future scope for further refining and improving the
model. One of the primary areas of improvement is better modeling
of wall heat losses in the model. This can lead to an improved modeling method that will be able to produce results that have a better
correspondence with experimental results.
The DIA/PIV/IR is a novel technique for measuring heat transfer
in fluidized bed. Combing this with the techniques developed for measuring mass transfer (see Dang et al. (2013)) an advanced technique can
be developed that can simultaneously measure heat and mass transfer.
The idea of DIA/PIV/IR combined with CFD-DEM could be extended for use with other configurations like hot gas spout fluidization
with cold background gas flow and with different kinds of industrially
relevant particles like polymers, alumina, etc. This method can further
be used with particles that can generate heat by reaction with the inlet
gas. This kind of measurements can also be performed with liquid injection in spout fluidized beds where temperatures of dry and wet particles
can be measured together.
The CFD-DEM can be introduced with improved heat transfer coefficient closures from DNS simulations. This will help in improving CFDDEM validation with advanced DIA/PIV/IR measuring techniques. All
of these ideas give a wide range of scope for future development where
these simulations and experimental techniques can provide improved
heat transfer closures for large scale TFM simulations.
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